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PREFACE 


It  is  the  object  of  this  text  to  provide  fundamental  instruction  in  heat 
transfer  while  employing  the  methods  and  language  of  industry.  This 
treatment  of  the  subject  has  evolved  from  a  course  given  at  the  Poly¬ 
technic  Institute  of  Brooklyn  over  a  period  of  years.  The  possibilities 
of  collegiate  instruction  patterned  after  the  requirements  of  the  practicing 
process  engineer  were  suggested  and  encouraged  by  Dr.  Donald  F. 
Othmer,  Head  of  the  Department  of  Chemical  Engineering.  The  inclu¬ 
sion  of  the  practical  aspects  of  the  subject  as  an  integral  part  of  the 
pedagogy  was  intended  to  serve  as  a  supplement  rather  than  a  substitute 
for  a  strong  foundation  in  engineering  fundamentals.  These  points  of 
view  have  been  retained  throughout  the  writing  of  the  book. 

To  provide  the  rounded  group  of  heat-transfer  tools  required  in  process 
engineering  it  has  been  necessary  to  present  a  number  of  empirical  calcula¬ 
tion  methods  which  have  not  previously  appeared  in  the  engineering 
literature.  Considerable  thought  has  been  given  to  these  methods,  and 
the  author  has  discussed  them  with  numerous  engineers  before  accepting 
and  including  them  in  the  text.  It  has  been  a  further  desire  that  all  the 
calculations  appearing  in  the  text  shall  have  been  performed  by  an 
experienced  engineer  in  a  conventional  manner.  On  several  occasions  the 
author  has  enlisted  the  aid  of  experienced  colleagues,  and  their  assistance 
is  acknowledged  in  the  text.  In  presenting  several  of  the  methods  some 
degree  of  accuracy  has  been  sacrificed  to  permit  the  broader  application  of 
fe^v  er  methods,  and  it  is  hoped  that  these  simplifications  will  cause  neither 
inconvenience  nor  criticism. 


It  became  apparent  in  the  early  stages  of  writing  this  book  that  it  couh 
readily  become  too  large  for  convenient  use,  and  this  has  affected  the  plar 
of  the  book  in  several  important  respects.  A.  portion  of  the  materia 
which  is  included  in  conventional  texts  is  rarely  if  ever  applied  in  the  solu 
tion  of  run-of-the-mill  engineering  problems.  Such  material,  as  familia 
and  accepted  as  it  may  be,  has  been  omitted  unless  it  qualified  as  impor 
tant  fundamental  information.  Secondly,  it  was  not  possible  to  allocab 
space  for  making  bibliographic  comparisons  and  evaluations  and  at  th, 
same  time  present  industrial  practice.  Where  no  mention  has  beei 

Mosto°f  therrCtentrCOntnfbUti0n  t0  tHe  literature  no  sli6ht  "as  intended 

hlrobta  Ld  !dd  tUre  "I  T11063  Cit6d  C0V6r  meth°ds  °n  Which  the  auth° 

has  obtained  additional  information  from  industrial  application 
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CHAPTER  1 

PROCESS  HEAT  TRANSFER 

Heat  Transfer.  The  science  of  thermodynamics  deals  with  the  quanti¬ 
tative  transitions  and  rearrangements  of  energy  as  heat  in  bodies  of  matter. 
Heat  transfer  is  the  science  which  deals  with  the  rates  of  exchange  of  heat 
between  hot  and  cold  bodies  called  the  source  and  receiver.  When  a 
pound  of  water  is  vaporized  or  condensed,  the  energy  change  in  either 
process  is  identical.  The  rates  at  which  either  process  can  be  made  to 
progress  with  an  independent  source  or  receiver,  however,  are  inherently 
very  different.  Vaporization  is  generally  a  much  more  rapid  phenome¬ 
non  than  condensation. 

Heat  Theories.  The  study  of  heat  transfer  would  be  greatly  enhanced 
by  a  sound  understanding  of  the  nature  of  heat.  Yet  this  is  an  advantage 
which  is  not  readily  available  to  students  of  heat  transfer  or  thermo¬ 
dynamics  because  so  many  manifestations  of  heat  have  been  discovered 
that  no  simple  theory  covers  them  all.  Laws  which  may  apply  to  mass 
transitions  may  be  inapplicable  to  molecular  or  atomic  transitions,  and 
those  which  are  applicable  at  low  temperatures  may  not  apply  at  high 
temperatures.  For  the  purposes  of  engineering  it  is  necessary  to  under¬ 
take  the  study  with  basic  information  on  but  a  few  of  the  many  phe¬ 
nomena.  The  phases  of  a  single  substance,  solid,  liquid,  and  gaseous,  are 
associated  with  its  energy  content.  In  the  solid  phase  the  molecules  or 
atoms  are  close  together,  giving  it  rigidity.  In  the  liquid  phase  sufficient 
thermal  energy  is  present  to  extend  the  distance  of  adjacent  molecules 
such  that  rigidity  is  lost.  In  the  gas  phase  the  presence  of  additional 
thermal  energy  has  resulted  in  a  relatively  complete  separation  of  the 
atoms  or  molecules  so  that  they  may  wander  anywhere  in  a  confined 
space.  It  is  also  recognized  that,  whenever  a  change  of  phase  occurs 
outside  the  critical  region,  a  large  amount  of  energy  is  involved  in  the 
transition. 

For  the  same  substance  in  its  different  phases  the  various  thermal 
properties  have  different  orders  of  magnitude.  As  an  example,  the  spe¬ 
cific  heat  per  unit  mass  is  very  low  for  solids,  high  for  liquids,  and  usually 
intermediate  for  gases.  Similarly  in  any  body  absorbing  or  losing  heat 
special  consideration  must  be  given  whether  the  change  is  one  of  sensible 
or  latent  heat  or  both.  Still  further,  it  is  also  known  that  a  hot  source  is 
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capable  of  such  great  subatomic  excitement  that  it  emits  energy  without 
any  direct  contact  with  the  receiver,  and  this  is  the  underlying  principle 
of  radiation.  Each  type  of  change  exhibits  its  own  peculiarities. 

Mechanisms  of  Heat  Transfer.  There  are  three  distinct  ways  in  which 
heat  may  pass  from  a  source  to  a  receiver,  although  most  engineering 
applications  are  combinations  of  two  or  three.  These  are  conduction, 
convection,  and  radiation. 

Conduction.  Conduction  is  the  transfer  of  heat  through  fixed  material 
such  as  the  stationary  wall  shown  in  Fig.  1.1.  The  direction  of  heat 

flow  will  be  at  right  angles  to  the  wall 
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if  the  wall  surfaces  are  isothermal 
and  the  body  homogeneous  and  iso¬ 
tropic.  Assume  that  .a  source  of 
heat  exists  on  the  left  face  of  the 
wall  and  a  receiver  of  heat  exists  on 
the  right  face.  It  has  been  known 
and  later  it  will  be  confirmed  by 
derivation  that  the  flow  of  heat  per 
hour  is  proportional  to  the  change 
in  temperature  through  the  wall  and 
the  area  of  the  wall  A.  If  t  js  the 
temperature  at  any  point  in  the  wall 
and  x  is  the  thickness  of  the  wall  in  the  direction  of  heat  flow,  the  quantity 
of  heat  flow  dQ  is  given  by 


x=0  x=x  Distance- 


Fig.  1.1.  Heat  flow  through  a  wall. 


dQ  =  kA 

The  term  —dt/dx  is  called  the  temperature  gradient  and  has  a  negative 
sign  if  the  temperature  has  been  assumed  higher  at  the  face  of  the  wall 
where  x  =  0  and  lower  at  the  face  where  x  =  X.  In  other  words,  the 
instantaneous  quantity  of  heat  transfer  is  proportional  to  the  area  and 
temperature  difference  dt,  which  drives  the  heat  through  the  wall  of 
thickness  dx.  The  proportionality  constant  k  is  peculiar  to  conductive 
heat  transfer  and  is  known  as  the  thermal  conductivity.  It  is  evaluated 
experimentally  and  is  basically  defined  by  Eq.  (1.1).  The  thermal  con¬ 
ductivities  of  solids  have  a  wide  range  of  numerical  values  depending 
upon  whether  the  solid  is  a  relatively  good  conductor  of  heat  such  as  a 
metal  or  a  poor  conductor  such  as  asbestos.  The  latter  serve  as  insu¬ 
lators.  Although  heat  conduction  is  usually  associated  with  heat  transfer 
through  solids,  it  is  also  applicable  with  limitations  to  gases  and  liquids. 

Convection.  Convection  is  the  transfer  of  heat  between  relatively  hot 
and  cold  portions  of  a  fluid  by  mixing.  Suppose  a  can  of  liquid  were 


Btu/hr 
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placed  over  a  hot  flame.  The  liquid  at  the  bottom  of  the  can  becomes 
heated  and  less  dense  than  before  owing  to  its  thermal  expansion.  The 
liquid  adjacent  to  the  bottom  is  also  less  dense  than  the  cold  upper  portion 
and  rises  through  it,  transferring  its  heat  by  mixing  as  it  rises.  The 
transfer  of  heat  from  the  hot  liquid  at  the  bottom  of  the  can  to  the 
remainder  is  natural  or  free  convection.  If  any  other  agitation  occurs, 
such  as  that  produced  by  a  stirrer,  it  is  forced  convection.  This  type  of 
heat  transfer  may  be  described  in  an  equation  which  imitates  the  form 
of  the  conduction  equation  and  is  given  by 

dQ  =  hA  dt  (1.2) 

The  proportionality  constant  A  is  a  term  which  is  influenced  by  the  nature 
of  the  fluid  and  the  nature  of  the  agitation  and  must  be  evaluated  experi¬ 
mentally.  It  is  called  the  heat-transfer  coefficient.  When  Eq.  (1.2)  is 
written  in  integrated  form,  Q  =  hA  At,  it  is  called  Newton’s  law  of  cooling. 

Radiation.  Radiation  involves  the  transfer  of  radiant  energy  from  a 
source  to  a  receiver.  When  radiation  issues  from  a  source  to  a  receiver, 
part  of  the  energy  is  absorbed  by  the  receiver  and  part  reflected  by  it. 
Based  on  the  second  law  of  thermodynamics  Boltzmann  established  that 
the  rate  at  which  a  source  gives  off  heat  is 


dQ  =  at  dA  TA 


This  is  known  as  the  fourth-power  law  in  which  T  is  the  absolute  tempera¬ 
ture.  a  is  a  dimensional  constant,  but  e  is  a  factor  peculiar  to  radiation 
and  is  called  the  emissivity.  The  emissivity,  like  the  thermal  conduc¬ 
tivity  k  or  the  heat-transfer  coefficient  h,  must  also  be  determined 
experimentally. 

Process  Heat  Transfer.  Heat  transfer  has  been  described  as  the  study 
of  the  rates  at  which  heat  is  exchanged  between  heat  sources  and  receivers 
usually  treated  independently.  Process  heat  transfer  deals  with  the  rates 
of  heat  exchange  as  they  occur  in  the  heat-transfer  equipment  of  the 
engineeiing  and  chemical  processes.  This  approach  brings  to  better 
focus  the  importance  of  the  temperature  difference  between  the  source 
and  receiver,  which  is,  after  all,  the  driving  force  whereby  the  transfer 
of  heat  is  accomplished.  A  typical  problem  of  process  heat  transfer  is 
concerned  with  the  quantities  of  heats  to  be  transferred,  the  rates  at 
which  they  may  be  transferred  because  of  the  natures  of  the  bodies  the 
driving  potential,  the  extent  and  arrangement  of  the  surface  separating 
the  source  and  receiver,  and  the  amount  of  mechanical  energy  which  may 
be  expended  to  facilitate  the  transfer.  Since  heat  transfer  involves  an 
exchange  m  a  system,  the  loss  of  heat  by  the  one  body  will  equal  the  heat 
absorbed  by  another  within  the  confines  of  the  same  system. 
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In  the  chapters  which  follow  studies  will  first  be  made  of  the  three 
individual  heat-transfer  phenomena  and  later  of  the  way  in  which  their 
combination  with  a  simultaneous  source  and  receiver  influences  an  appa¬ 
ratus  as  a  whole.  A  large  number  of  the  examples  which  follow  have 
been  selected  from  closely  related  processes  to  permit  gradual  com¬ 
parisons.  This  should  not  be  construed  as  limiting  the  broadness  of  the 
underlying  principles. 


Many  of  the  illustrations  and  problems  in  the  succeeding  chapters  refer  to  liquids 
derived  from  petroleum.  This  is  quite  reasonable,  since  petroleum  refining  is  a  major 
industry,  petroleum  products  are  an  important  fuel  for  the  power  industry,  and  petro¬ 
leum  derivatives  are  the  starting  point  for  many  syntheses  in  the  chemical  industry. 

Petroleum  is  a  mixture  of  a  great  many  chemical  compounds.  Some  can  be  isolated 
rather  readily,  and  the  names  of  common  hydrocarbons  present  in  petroleum  may  be 
identified  on  Fig.  7  in  the  Appendix.  But  more  frequently  there  is  no  need  to  obtain 
pure  compounds,  since  the  ultimate  use  of  a  mixture  of  related  compounds  will  serve 
as  well.  Thus  lubricating  oil  is  a  mixture  of  several  compounds  of  high  molecular 
weight,  all  of  which  are  suitable  lubricants.  Similarly,  gasoline  which  will  ultimately 
be  burned  will  be  composed  of  a  number  of  volatile  combustible  compounds.  Both  of 
these  common  petroleum  products  were  present  in  the  crude  oil  when  it  came  from 
the  ground  or  were  formed  by  subsequent  reaction  and  separated  by  distillation. 
When  dealt  with  in  a  process  or  marketed  as  mixtures,  these  products  are  called  frac¬ 
tions  or  cuts.  They  are  given  common  names  or  denote  the  refinery  operation  by 
which  they  were  produced,  and  their  specific  gravities  are  defined  by  a  scale  established 
by  the  American  Petroleum  Institute  and  termed  either  degrees  API  or  °API.  The 
°API  is  related  to  the  specific  gravity  by 


°API 


141.5 

sp  gr  at  60°F/60°F 


131.5 


(1.4) 


Being  mixtures  of  compounds  the  petroleum  fractions  do  not  boil  isothermally  like 
pure  liquids  but  have  boiling  ranges.  At  atmospheric  pressure  the  lowest  temperature 
at  which  a  liquid  starts  to  boil  is  identified  as  the  initial  boiling  point ,  IBP,  °F.  A  list 
of  the  common  petroleum  fractions  derived  from  crude  oil  is  given  below: 


Fractions  from  crude  oil 

Approx 

°API 

Approx 
IBP,  °F 

T.iorVit.  pnHs  and  vases . 

114 

Gasoline  . 

75 

200 

lVa.nhtha . 

60 

300 

ICernsene  . 

45 

350 

Absnmtion  oil  . 

40 

450 

Stra  w  nil ...  .  . 

40 

500 

T~)istilla.t,e .  . 

35 

550 

Gas  oil . 

28 

600 

T /nbe  oil . 

18-30 

Bodnced  crude . 

Paraffin  wax  and  iellv . 

Fuel  oil  (residue) . 

Asphalt . 

25-35 

500 
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A  method  of  defining  the  chemical  character  of  petroleum  and  correlating  the 
properties  of  mixtures  was  introduced  by  Watson,  Nelson,  and  Murphy.1  They 
observed  that,  when  a  crude  oil  of  uniform  distilling  behavior  is  distilled  into  narrow 
cuts,  the  ratio  of  the  cube  root  of  the  absolute  average  boiling  points  to  the  specific 
gravities  of  the  cuts  is  a  constant  or 


K  = 


Tb* 

s 


(1.5) 


where  K  =  characterization  factor 
Tb  =  average  boiling  point,  °R 
s  =  specific  gravity  at  60°/60° 


NOMENCLATURE  FOR  CHAPTER  1 

A  Heat-transfer  surface,  ft2 

h  Individual  heaMransfer  coefficient,  Btu/(hr)(ft2)(°F) 

K  Characterization  factor 

k  Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Q  Heat  flow,  Btu/hr 

$  Specific  gravity,  dimensionless 

T  Temperature,  °R 

TB  Absolute  average  boiling  temperature,  °R 

t  Temperature  in  general,  °F 

x,  X  Distance,  ft 

a  A  constant,  Btu/(hr)(ft2)(°R4) 

e  Emissivity,  dimensionless 

27,"  1460^ 1935)  M’’  E'  F'  NelS°”’  and  B'  Murphy’ Ind ■  En<>-  Chem.,  26,  880  (1933 
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The  Thermal  Conductivity.  The  fundamentals  of  heat  conduction 
were  established  over  a  century  ago  and  are  generally  attributed  to 
Fourier  .\  In  numerous  systems  involving  flow  such  as  heat  flow,  fluid 
flow,  or  electricity  flow,  it  has  been  observed  that  the  flow  quantity  is 
directly  proportional  to  a  driving  potential  and  inversely  proportional  to 
the  resistances  applying  to  the  system,  or 

Flow  «  P°tetntial  (2.1) 

resistance 

In  a  simple  hydraulic  path  the  pressure  along  the  path  is  the  driving 
potential  and  the  roughness  of  the  pipe  is  the  flow  resistance.  In  an 
electric  circuit  the  simplest  applications  are  expressed  by  Ohm’s  law: 
The  voltage  on  the  circuit  is  the  driving  potential,  and  the  difficulty 
with  which  electrons  negotiate  the  wire  is  the  resistance.  In  heat  flow 
through  a  wall,  flow  is  effected  by  a  temperature  difference  between  the 
hot  and  cold  faces.  Conversely,  from  Eq.  (2.1)  when  the  two  faces  of  a 
wall  are  at  different  temperatures,  a  flow  of  heat  and  a  resistance  to  heat 
flow  are  necessarily  present.  The  conductance  is  the  reciprocal  of  the 
resistance  to  heat  flow  and  Eq.  (2.1)  may  be  expressed  by 

Flow  <x  conductance  X  potential  (2.2) 

To  make  Eq.  (2.2)  an  equality  the  conductance  must  be  evaluated  in  such 
a  way  that  both  sides  will  be  dimensionally  and  numerically  correct. 
Suppose  a  measured  quantity  of  heat  Q'  Btu  has  been  transmitted  by  a 
wall  of  unknown  size  in  a  measured  time  interval  6  hr  with  a  measured 
temperature  difference  At  °F.  Rewriting  Eq.  (2.2) 

O' 

Q  =  —  =  conductance  X  At  Btu/hr  (2.3) 

6 

and  the  conductance  has  the  dimensions  of  Btu/(hr)(°F).  The  conduct¬ 
ance  is  a  measured  property  of  the  entire  wall,  although  it  has  also  been 
found  experimentally  that  the  flow  of  heat  is  influenced  independently 
by  the  thickness  and  the  area  of  the  wall.  If  it  is  desired  to  design  a  wall 
to  have  certain  heat-flow  characteristics,  the  conductance  obtained  above 
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is  not  useful,  being  applicable  only  to  the  experimental  wall.  To  enable 
a  broader  use  of  experimental  information,  it  has  become  conventional 
to  report  the  conductance  only  when  all  the  dimensions  are  referred  to 
unit  values.  When  the  conductance  is  reported  for  a  quantity  of  material 
1  ft  thick  with  heat-flow  area  1  ft2,  time  unit  1  hr,  and  temperature  differ¬ 
ence  1°F,  it  is  called  the  thermal  conductivity  k.  The  relationship  between 
the  thermal  conductivity  and  the  ,  ,  ..... 


Water  in 


1 

mi 

1 

C  ha  mber 

±1  A.,  4 

///'"  ;  s  ss////. 

y.o pec  /  men///// 

1 

Chamber 

1 

mmmm 

'Auxiliary 


1 

ence  x  x  ,  ~ 

the  thermal  conductivity  and  the 
conductance  of  an  entire  wall  of 
thickness  L  and  area  A  is  then 
given  by 

A 

Conductance  =  k  ■=- 

Jj 

and 

Q  =  k  £-  At  (2.4) 

where  k  has  the  dimensions 
resulting  from  the  expression 
QL/A  At  or  Btu/(hr)(ft2  of  flow 
area)(°F  of  temperature  differ¬ 
ence) /(ft  of  wall  thickness).1 

Experimental  Determination 
of  k:*  Nonmetal  Solids.  An 
apparatus  for  the  determination 
of  the  thermal  conductivity  of 
nonmetal  solids  is  shown  in  Fig. 

2.1.  It  consists  of  an  electrical 
heating  plate,  two  identical  test 
specimens  through  which  heat  Fig‘  2<1*  Guarded  conductivity  apparatus 

at  Wh  ‘"f°  'Vater  ^acketS  which  remove  heat-  The  temperatures 
at  both  faces  of  the  specimens  and  at  their  sides  are  measured  by  thermo- 

in  TT  SU,aid  nng  1S  provided  t0  assi,re  that  all  the  measured  heal 

from  theirhsidPesate  The868  th]r°Ugh  ^  Specimens  with  a  negligible  loss 

i2  of  !n  r  gUa  rmg  surrounds  the  test  assembly  and  con- 
sists  of  an  auxiliary  heater  sandwiched  between  pieces  of  the 

h»"‘  VM.  the  Wlng  £££ 

(cm2)(°C/cm)^nC  S>StUn  Jt  18  usual  t0  report  thermal  conductivity  as  cal/(sec). 

^“935  'Tt  “  **  Sr~a 

O.  K.,  Ind.  Eng.  Chem.,  26,  432  (1933) -28  104  Later  references  are  Bates 

Bolland,  J.  L.  and  H.  W.  Melville 1  375  (1941^  37*  (1945) 

E.,  Trans.  Faraday  Soc.,  41,  87  (1945)  ^  °C*’  33,  1319  (1937).  Hutchinson 


Heating 
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auxiliary  heater  is  adjusted  until  no  temperature  differences  exist  between 
the  specimens  and  adjacent  points  in  the  guard  ring.  Observations  are 
made  when  the  heat  input  and  the  temperatures  on  both  faces  of  each 
specimen  remain  steady.  Since  half  of  the  measured  electrical  heat 
input  to  the  plate  flows  through  each  specimen  and  the  temperature 
difference  and  dimensions  of  the  specimen  are  known,  k  can  be  computed 
directly  from  Eq.  (2.4). 

Liquids  and  Gases.  There  is  greater  difficulty  in  determining  the 
conductivities  of  liquids  and  gases.  If  the  heat  flows  through  a  thick 

layer  of  liquid  or  gas,  it  causes  free  con¬ 
vection  and  the  conductivity  is  decep¬ 
tively  high.  To  reduce  convection  it  is 
necessary  to  use  very  thin  films  and  small 
temperature  differences  with  attendant 
errors  of  measurement.  A  method  appli¬ 
cable  to  viscous  fluids  consists  of  a  bare 
electric  wire  passing  through  a  horizontal 
tube  filled  with  test  liquid.  The  tube  is 
immersed  in  a  constant-temperature  bath. 
The  resistance  of  the  wire  is  calibrated 
against  its  temperature.  For  a  given  rate 
of  heat  input  and  for  the  temperature  of 
the  wire  obtained  from  resistance  measure¬ 
ments  the  conductivity  can  be  calculated 
by  suitable  equations.  A  more  exact  method,  however,  is  that  of  Bridg¬ 
man  and  Smith,1  consisting  of  a  very  thin  fluid  annulus  between  two 
copper  cylinders  immersed  in  a  constant-temperature  bath  as  shown  in 
Fig.  2.2.  Heat  supplied  to  the  inner  cylinder  by  a  resistance  wire  flows 
through  the  film  to  the  outer  cylinder,  where  it  is  removed  by  the  bath. 
This  apparatus,  through  the  use  of  a  reservoir,  assures  that  the  annulus 
is  full  of  liquid  and  is  adaptable  to  gases.  The  film  is  3^54  in-  thick,  and 
the  temperature  difference  is  kept  very  small. 

Influence  of  Temperature  and  Pressure  on  k.  The  thermal  conductivi¬ 
ties  of  solids  are  greater  than  those  of  liquids,  which  in  turn  are  greater 
than  those  of  gases.  It  is  easier  to  transmit  heat  through  a  solid  than  a 
liquid  and  through  a  liquid  than  a  gas.  Some  solids,  such  as  metals,  have 
high  thermal  conductivities  and  are  called  conductors.  Others  have  low 
conductivities  and  are  poor  conductors  of  heat.  These  are  insulators.  In 
experimental  determinations  of  the  type  described  above  the  thermal 
conductivity  has  been  assumed  independent  of  the  temperature  at  any 
point  in  the  test  material.  The  reported  values  of  k  are  consequently 
i  Smith,  J.  F.  D.,  Ind.  Eng.  Chem.,  22,  1246  (1930);  Trans.  ASME,  68,  719  (1936). 


Vj-  -  Reser  voir 
Insulation 


v Outer 
cylinder 


Fio.  2.2. 
paratus. 


Electric  current 


^  Thermocouples 


Liquid  conductivity  ap- 
(. After  J  F.  D.  Smith.) 
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the  averages  for  the  entire  specimen,  and  the  error  introduced  by  this 
assumption  can  be  estimated  by  an  examination  of  Tables  2  to  5  in  the 
Appendix.  The  conductivities  of  solids  may  either  increase  or  decrease 
with  temperature  and  in  some  instances  may  even  reverse  their  rate 
of  change  from  a  decrease  to  an  increase.  For  the  most  practical  prob¬ 
lems  there  is  no  need  to  introduce  a  correction  for  the  variation  of 
the  thermal  conductivity  with  temperature.  However,  the  variation 
can  usually  be  expressed  by  the  simple  linear  equation 

k  =  k0  +  7 1 


where  k0  is  the  conductivity  at  0°F  and  7  is  a  constant  denoting  the 
change  in  the  conductivity  per  degree  change  in  temperature.  The  con¬ 
ductivities  of  most  liquids  decrease  with  increasing  temperature,  although 
water  is  a  notable  exception.  For  all  the  common  gases  and  vapors 
there  is  an  increase  with  increasing  temperature.  Sutherland1  deduced 
an  equation  from  the  kinetic  theory  which  is  applicable  to  the  variation 
of  the  conductivity  of  gases  with  temperature 


k  =  k 


32 


492  +  Ck 
T  +  Ck 


(—) 

\492/ 


where  C*  =  Sutherland  constant 

T  =  absolute  temperature  of  the  gas,  °R 
kzz  =  conductivity  of  the  gas  at  32°F 
The  influence  of  pressure  on  the  conductivities  of  solids  and  liquids 
appears  to  be  negligible,  and  the  reported  data  on  gases  are  too  inexact 
owing  to  the  effects  of  free  convection  and  radiation  to  permit  generaliza¬ 
tion.  From  the  kinetic  theory  of  gases  it  can  be  concluded  that  the 

influence  of  pressure  should  be  small  except  where  a  very  low  vacuum  is 
encountered. 

Contact  Resistance.  One  of  the  factors  which  causes  error  in  the  deter¬ 
mination  of  the  thermal  conductivity  is  the  nature  of  the  bond  formed 
between  the  heat  source  and  the  fluid  or  solid  specimen  which  contacts 
it  and  transmits  heat.  If  a  solid  receives  heat  by  contacting  a  solid  it  is 

contactlmEven  wh°  rf""  presence  of  air  or  other  fluid  from  the 

contact.  Even  when  a  liquid  contacts  a  metal,  the  presence  of  minute 

trap  infinLimai  bub“ 

xz°2r irstirr  **r  it 

>  Sutherland,  W„  Phil  Mag.,  36,  507  (1893). 
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and  from  which  .other  equations  may  be  deduced  for  special  applications. 
Equation  (2.4)  may  be  written  in  differential  form 

f  = ^  I  w 

In  this  statement  k  is  the  only  property  of  the  matter  and  it  is  assumed 
to  be  independent  of  the  other  variables.  Referring  to  Fig.  2.3,  an  ele¬ 
mental  cube  of  volume  dv  =  dx  dy  dz  receives  a  differential  quantity  of 
heat  dQ[  Btu  through  its  left  yz  face  in  the  time  interval  dd.  Assume  all 

but  the  left  and  right  yz  faces  are 
insulated.  In  the  same  interval 
the  quantity  of  heat  dQ2  leaves  at 
the  right  face.  It  is  apparent  that 
any  of  three  effects  may  occur:  dQ[ 
may  be  greater  than  dQ'2  so  that 
the  elemental  volume  stores  heat, 
increasing  the  average  temperature 
of  the  cube;  dQ2  may  be  greater 
than  dQ[  so  that  the  cube  loses 
heat;  and  lastly,  dQ[  and  dQ2  may 
be  equal  so  that  the  heat  will  simply 
pass  through  the  cube  without  affecting  the  storage  of  heat.  Taking 
either  of  the  first  two  cases  as  being  more  general,  a  storage  or  depletion 
term  dQ'  can  be  defined  as  the  difference  between  the  heat  entering  and 
the  heat  leaving  or 

dQ'  =  dQ[  -  dQ2  (2.6) 

According  to  Eq.  (2.5)  the  heat  entering  on  the  left  face  may  be  given  by 

w  “***(- 1)  (2-7) 


Z 


dt 

The  temperature  gradient  —  —  may  vary  with  both  time  and  position  in 

,  .  .  .  dt  ..  N  ,  d(dt/dx )  _ 

the  cube.  The  variation  of  —  ^  as  f{x)  only  is - — - Over  the 

distance  dx  from  x  to  x  +  dx,  if  dQ2  >  dQ[,  the  total  change  in  the  tem¬ 
perature  gradient  will  be  —  — 1  dx  or  —  dx.  Then  at  x  the 

dt 

gradient  is  —  —  >  and  at  x  +  dx  the  temperature  gradient  is 

(j 

lo^  dt  dH 
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cLQ'i  out  of  the  cube  at  the  right  face  and  in  the  same  form  as  Eq.  (2.7) 
is  given  by 


dQl 

dd 


from  which 


dQ’  dQ[  dQ'2 


dd 


dd  dd 


=  k  dy  dz 


\dx2J 


dx 


(2.8) 


(2.9) 


The  cube  will  have  changed  in  temperature  by  —  dt  deg.  The  change  in 
temperature  per  unit  time  will  be  dt/dd  and  over  the  time  interval  dd  it 
is  given  by  (dt/dd)  dd  deg.  Since  the  analysis  has  been  based  on  an 
elemental  volume,  it  is  now  necessary  to  define  a  volumetric  specific  heat, 
cv  Btu/(ft3)(°F)  obtained  by  multiplying  the  weight  specific  heat  c 
Btu/(lb)(°F)  by  the  density  p.  To  raise  the  volume  dx  dy  dz  by 

dt  , 

Te de  F 


requires  a  heat  change  in  the  cube  of 


dQ'  dt 

He  =  cf>tedydzTd 


(2.10) 


and  combining  Eqs.  (2.9)  and  (2.10) 


from  which 


cp  dxdydz~  =  k  dy  dz  (~\ dx 

dt_  =  k_  (dH\ 
dd  cp  \dx’) 


(2.11) 


(2.12) 


which  is  Fourier’s  general  equation,  and  the  term  k/cp  is  called  the  thermal 

»i  crs-c  ;L”t” rs  ;n,th* 


cH 

dd 


= 

cp  \i 


d2t  |  dH~  dH 
dx 2  dy 2  +  d72 


■) 


(2.13) 

constant  and  BH/dx2  =  0  dO’  =  dfV  ,1  r  „,q'  (ZAZ>-  dt/dx  is  a 

where  dx  dy  =  dA.  Substituting  ^  for  dQVU  b"  Jms^haSg 
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dimensions  of  Btu/hr,  the  steady-state  equation  is 

dQ  =  kdA^-  (2.14) 

Equation  (2.14)  applies  to  many  of  the  common  engineering  problems. 
Thermal  Conductivity  from  Electrical -conductivity  Measurements. 

The  relationship  between  the  thermal  and  electrical  conductivities  of 
metals  demonstrates  an  application  of  Fourier’s  derivation  incorporated 

in  Eq.  (2.9)  and  is  a  useful  method 
of  determining  the  thermal  conduc¬ 
tivities  of  metals.  An  insulated 
bar  of  metal  as  shown  in  Fig.  2.4 
has  its  left  and  right  cross-sect1’ onal 
faces  exposed  to  different  constaot- 
temperature  baths  at  ti  and  t2,  re¬ 
spectively.  By  fastening  electric 
leads  to  the  left  and  right  faces,  re¬ 
spectively,  a  current  of  I  amp  may 
be  passed  in  the  direction  indicated, 
generating  heat  throughout  the 
length  of  the  bar.  The  quantities 
of  heat  leaving  both  ends  of  the  bar  in  the  steady  state  must  be  equal 
to  the  amount  of  heat  received  as  electrical  energy,  I2RU}  where  R "  is  the 
resistance  in  ohms.  From  Ohm’s  law 


Ei  —  E 2  A  dE 

a(L/A )  a  dx 


where  Ei  —  E2  is  the  voltage  difference,  <r  the  resistivity  of  the  wire 
in  ohm-ft  and  K,  the  reciprocal  of  the  resistivity,  is  the  electrical 
conductivity. 


I  = 


KA  7T 
ax 


Ru 


a  dx 
~A~ 


dx 

KA 


(2.15) 

(2.16) 


Substituting  Eqs.  (2.15)  and  (2.16)  for  PRU, 

dQ  _  /,*.  _  K-A  -  (;Q!^  =  KA  (§y  dx  (2.17) 
But  this  is  the  same  as  the  heat  transferred  by  conduction  and  given  by 
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Eq.  (2.9).  When  U  =  U  and  equating  (2.9)  and  (2.17), 


7  dH  , 
k  j-5  dx 
dx 2 


dx  =  0 


But 


Differentiating, 


dt 

dx 


dH 

dx2 


(dEV 

\dx) 


dt  dE 
dE  dx 


dH  dt  / d2E 
dE2  '  dE  \ d^2 


) 


If  I  and  A  are  constant  for  the  bar,  then  K(dE/dx)  is  constant, 
does  not  vary  greatly  with  t  or  x,  dE/dx  is  constant,  d2E/dx2 
from  Eq.  (2.18)  substituting  Eq.  (2.20)  for  d2t/dx2 

k  -£l  -  K  =  0 


dE2 


d2t 

dE2 

kt 


K 

k 

1 


K  —  2  E2  +  C\E  +  C2 


(2.18) 


(2.19) 


(2.20) 

Since  K 
=  0,  and 


(2.21) 

(2.22) 

(2.23) 


where  C i  and  C2  are  integration  constants.  Since  there  are  three  con¬ 
stants  in  Eq.  (2.23),  C i?  C2,  and  k/K,  three  voltages  and  three  tempera¬ 
tures  must  be  measured  along  the  bar  for  their  evaluation.  Ci  and  C2 
are  determined  from  the  end  temperatures  and  k  is  obtained  from  k/K 
using  the  more  simply  determined  value  of  the  electrical  conductivity  K. 

Flow  of  Heat  through  a  Wall.  Equation  (2.14)  was  obtained  from  the 
general  equation  when  the  heat  flow  and  temperatures  into  and  out  of  the 
two  opposite  faces  of  the  partially  insulated  elemental  cube  dx  dv  dz  were 
constant.  Upon  integration  of  Eq.  (2.14)  when  all  of  the  variables  but  Q 
are  independent  the  steady-state  equation  is 


Q  =  *£ai 


(2.24) 


Given  the  temperatures  existing  on  the  hot  and  cold  faces  of  a  wall 
respectively  the  heat  flow  can  be  computed  through  the  use  of  this 
equation  Since  kA/L  is  the  conductance,  its  reciprocal  R  is  the  J  ! 
ance  to  heat  flow,  or  R  =  L/kA  (hr)(°F) /Btu.  *  st' 

ing  12  by  16  ft  win hrmltoain^daTfsoolnd  300^F  f  resnectt  ‘t?  WaU  measur- 

0  .SotoT’t^  Wil!.escaPe  through^the  wrJl?^  m*de 

average  temperature  of  the  wall  will  be  900’F.  From  Table  2  in  the 
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Appendix  the  thermal  conductivity  at  932°F  is  0.15  Btu/(hr)  (ft2)  (°F/ft).  Extrapola¬ 
tion  to  900  F  will  not  change  this  value  appreciably. 


Where  At  =  1500  -  300  =  1200°F 
A  =  16  X  12  =  192  ft2 
L  —  =  0.5  ft 

192 

Q  =  015  X  0J  X  1200  =  69’200  Btu/hr 


Flow  of  Heat  through  a  Composite  Wall :  Resistances  in  Series. 

Equation  (2.24)  is  of  interest  when  a  wall  consists  of  several  materials 
placed  together  in  series  such  as  in  the  construction  of  a  furnace  or 
boiler  firebox.  Several  types  of  refractory  brick  are  usually  employed, 

since  those  capable  of  withstanding  the  higher 
inside  temperatures  are  more  fragile  and 
expensive  than  those  required  near  the  outer 
surface,  where  the  temperatures  are  consider¬ 
ably  lower.  Referring  to  Fig.  2.5,  three 
different  refractory  materials  are  placed 
together  indicated  by  the  subscripts  a,  b,  and 
c.  For  the  entire  wall 


Fig.  2.5.  Heat  flow  through 
a  composite  wall. 


(2.25) 


The  heat  flow  in  Btu  per  hour  through  material  a  must  overcome  the 
resistance  Ra .  But  in  passing  through  material  a  the  heat  must  also 
pass  through  materials  b  and  c  in  series.  The  heat  flow  entering  at  the 
left  face  must  be  equal  to  the  heat  flow  leaving  the  right  face,  since  the 
steady  state  precludes  heat  storage.  If  Ra,  Rb,  and  Rc  are  unequal,  as 
the  result  of  differing  conductivities  and  thicknesses,  the  ratio  of  the 
temperature  difference  across  each  layer  to  its  resistance  must  be  the 
same  as  the  ratio  of  the  total  temperature  difference  is  to  the  total 
resistance  or 


_  At  _  A _  A tb  _  Ate 

Q  ~  R  ~  Ra  Rb  Rc 


(2.26) 


For  any  composite  system  using  actual  temperatures 
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Rearranging  and  substituting, 

s-\  _  At  _  to  1 3 

^  "  R  ”  (. La/kaA )  +  {Lb/khA)  +  (Lc/kcA) 

Example  2.2.  Flow  of  Heat  through  a  Composite  Wall.  The  wall  of  an  oven  con¬ 
sists  of  three  layers  of  brick.  The  inside  is  built  of  8  in.  of  firebrick,  k  =  0.68  Btu/ 
(hr)(ft2)(°F/ft),  surrounded  by  4  in.  of  insulating  brick,  k  =  0.15,  and  an  outside  layer 
of  6  in.  of  building  brick,  k  =  0.40.  The  oven  operates  at  1600°F  and  it  is  anticipated 
that  the  outer  side  of  the  wall  can  be  maintained  at  125°F  by  the  circulation  of  air. 
How  much  heat  will  be  lost  per  square  foot  of  surface  and  what  are  the  temperatures 
at  the  interfaces  of  the  layers? 


(2.28) 


Solution: 


For  the  firebrick,  Ra  =  La/kaA  =  8/12  X  0.68  X  1  =  0.98  (hr)(°F)/(Btu) 
Insulating  brick,  Rb  =  Lb/kbA  =  4/12  X  0.15  X  1  =  2.22 

Building  brick,  Rc  =  Le/kcA  =  6/12  X  0.40  X  1  =  1.25 

R  =  4.45 

Heat  loss /ft2  of  wall,  Q  =  At/R  =  (1600  -  125)/4.45  =  332  Btu /hr 
For  the  individual  layers: 

At  =  QR  and  A ta  =  QRa,  etc. 

Ata  =  332  X  0.98  =  325°F  U  =■■  1600  -  325  =  1275°F 

Atb  =  332  X  2.22  =  738°F  t2  =  1275  -  738  =  537°F 

Example  2.3.  Flow  of  Heat  through  a  Composite  Wall  with  an  Air  Gap.  To 

illustrate  the  poor  conductivity  of  a  gas,  suppose  an  air  gap  of  y4  in.  were  left  between 
the  insulating  brick  and  the  firebrick.  How  much  heat  would  be  lost  through  the 
wall  if  the  inside  and  outside  temperatures  are  kept  constant? 

Solution.  From  Table  5  in  the  Appendix  at  572°F  air  has  a  conductivity  of  0.0265 
Btu/ (hr)  (ft2)  (°F/ft),  and  this  temperature  is  close  to  the  range  of  the  problem. 


R* ir  =  0.25/12  X  0.0265  =  0.79  (hr)(°F)/Btu 


R  =  4.45  +  o.79 
1600  -  125 


Q  = 


5.24 


=  5.24 

=  281  Btu /hr 


It  is  seen  that  in  a  wall  18  in.  thick  a  stagnant  air  gap  only  ^  in.  thick  reduces  the 
heat  loss  by  15  per  cent. 

Heat  Flow  through  a  Pipe  Wall.  In  the  passage  of  heat  through  a  flat 
wall  the  area  through  which  the  heat  flows 
is  constant  throughout  the  entire  distance  of 
the  heat  flow  path.  Referring  to  Fig.  2.6 
showing  a  unit  length  of  pipe,  the  area  of  the 
heat  flow  path  through  the  pipe  wall  increases 

with  the  distance  of  the  path  from  rx  to  r2.  Fig:  2-6*  Heat  flow  through 

The  area  at  any  radius  r  is  given  by  2irr\  piPe,vvah- 

and  if  the  heat  flow,  out  of  the  cylinder  the  temperature  gradient  for  the 
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incremental  length  dr  is  dt/dr.  Equation  (2.14)  becomes 


Integrating, 


Btu/(hr)(lin  ft) 


t  = 


2  irk 


In  r  +  Ci 


(2.29) 

(2.30) 


When  r  —  riy  t  =  U\  and  when  r  =  r0,  t  =  t0\  where  i  and  o  refer  to  the 


- ^ 

inside  and  outside  surfaces,  respectively. 

Then 

2rk(ti  —  to) 

^  2.3  log  r0/rt- 

and  if  D  is  the  diameter, 

(2.31) 

r  o  _  D0 

Ti  ~  Di 

Fig.  2.7.  Cylindrical  re¬ 
sistances  in  series. 

Referring  to  Fig.  2.7  where  there  is  a  composite 
cylindrical  resistance, 

,  2.3g  1  D2 
h  -  U  +  2A  log  Di 

(2.32) 

,  ,  .  2.3 q ,  Dz 

h  =  h  +  2 ,h  °g  D 2 

(2.33) 

Adding, 

ti  - 

3  _  2tt ka  l0g  Di  +  2ir kb  °g  Di 

(2.34) 

Example  2.4.  Heat  Flow  through  a  Pipe  Wall.  A  glass  pipe  has  an  outside  diame¬ 
ter  of  6.0  in.  and  an  inside  diameter  of  5.0  in.  It  will  be  used  to  transport  a  fluid 
which  maintains  the  inner  surface  at  200°F.  It  is  expected  that  the  outside  of  the 
pipe  will  be  maintained  at  175°F.  What  heat  flow  will  occur? 

Solution,  k  =  0.63  Btu/(hr)(ft2)(°F/ft)  (see  Appendix  Table  2). 


2irk(ti  —  t0) 
q  ~  2.3  log  Do/Di 


2  X  3.14  X  0.63(200  -  175) 
2.3  log  6.0/5.0 


=  538  Btu/lin  ft 


If  the  inside  diameter  of  a  cylinder  is  greater  than  0.75  of  the  outside 
diameter,  the  mean  of  the  two  may  be  used.  Then  per  foot  of  length 


At  _  At  _  ti  —  ti 
q  ~R  ~  LJKAm  ~  (P2  -  D  i)/2 

irka(Di  +  D<i)/2 


(2.35) 


where  (Z)2  —  £>i)/2  is  the  thickness  of  the  pipe.  Within  the  stated 
limitations  of  the  ratio  D2/Dh  Eq.  (2.35)  will  differ  from  Eq.  (2.34)  by 
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about  1  per  cent.  Actually  there  are  1.57  ft2  of  external  surface  per  linear 
foot  and  1.31  ft2  of  internal  surface.  The  heat  loss  per  square  foot  is 
343  Btu/hr  based  on  the  outside  surface  and  411  Btu/hr  based  on  the 
inside  surface. 

Heat  Loss  from  a  Pipe.  In  the  preceding  examples  it  was  assumed  that 
the  cold  external  surface  could  be  maintained  at  a  definite  temperature. 
Without  this  assumption  the  examples  would  have  been  indeterminate, 
since  both  Q  and  At  would  be  unknown  and  independent  in  a  single  equa¬ 
tion.  In  reality  the  temperature  assigned  to  the  outer  wall  depends  not 
only  on  the  resistances  between  the  hot  #nd  cold  surfaces  but  also  on  the 
ability  of  the  surrounding  colder  atmosphere  to  remove  the  heat  arriving 
at  the  outer  surface.  Consider  a 
pipe  as  shown  in  Fig.  2.8  covered 
(lagged)  with  rock  wool  insulation 
and  carrying  steam  at  a  tempera¬ 
ture  t,  considerably  above  that  of 
the  atmosphere,  ta.  The  overall 
temperature  difference  driving  heat 
out  of  the  pipe  is  t8  —  ta.  The 
resistances  to  heat  flow  taken 
in  order  are  (1)  the  resistance  of  the  steam  to  condense  upon  and 
give  up  heat  to  the  inner  pipe  surface,  a  resistance  which  has  been 
found  experimentally  to  be  very  small  so  that  t,  and  t'„  are  nearly  the 
same;  (2)  the  resistance  of  the  pipe  metal,  which  is  very  small  except  for 
thick-walled  conduits  so  that  t'.  and  t"  are  nearly  the  same;  (3)  the  resist¬ 
ance  of  the  rock  wool  insulation;  and  (4)  the  resistance  of  the  surrounding 

Tu  uTVe  heat  from  the  outer  surface-  The  last  is  appreciable 
!mh°Ugth  He  re,™°VaI  of  heat  is  effected  by  the  natural  convection  of 

k'w  a'r  ln  addltlon  t0  the  radiation  caused  by  the  temperature  differ- 

msnltsef  en  6  -°Uter  SUJrfaCe  and  COlder  air-  The  nat«ral  convection 
The  w  fr°m  Warmmg  T  ad)acent  to  the  pipe,  thereby  lowering  its  density 
The  warm  air  rises  and  is  replaced  continuously  by  cold  air  The  .m! 

bmed  effects  of  natural  convection  and  radiation TaZt b e  reJSS 
by  a  conventional  resistance  term  Ra  =  L  /K  A  sinr^  T  •  a  n  ^  , 

74  rr 

resistance  of  both  effects  is  obtained  *1,  S  and  At’ the  combined 

of  heat  from  a  pipe  to  iSbL^ii'  “  u"  T ^  °f  A</<3'  Th«  how 

desirable  to  report  the  data  as  a  vUSU  j  ^  &  *oss>  and  *t  is  therefore 
P  data  as  a  wnl  conductance  term  k/L  Btu/(hr)(ft2  of 
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external  surface) (°F  of  temperature  difference).  The  unit  conductance 
is  the  reciprocal  of  the  unit  resistance  L/k  instead  of  the  reciprocal  of  the 
resistance  for  the  entire  surface  L/k  A.  In  other  words,  it  is  the  con¬ 
ductance  per  square  foot  of  heat-flow  surface  rather  than  the  con¬ 
ductance  of  the  total  surface.  The  unit  resistance  has  the  dimensions 


Fig.  2.9.  Heat  transfer  by  convection  and  radiation  from  horizontal  pipes  at  temperature 
ti  to  air  at  70°F. 

(hr)  (ft2)  (°F) /Btu.  The  reciprocal  of  the  unit  resistance,  ha,  has  ,  . 
dimensions  of  Btu/(hr)(ft2)(°F)  and  is  sometimes  designated  the  surface 
coefficient  of  heat  transfer.  Figure  2.9  shows  the  plot  of  the  surface 
coefficient  from  pipes  of  different  diameters  and  surface  temperatures 
to  ambient  air  at  70°F.  It  is  based  upon  the  data  of  Heilman,1  which 
has  been  substantiated  by  the  later  experiments  of  Bailey  and  Lyell.'2 
The  four  resistances  in  terms  of  the  equations  already  discussed  are 

Condensation  of  steam: 

q  =  hsTrD's(ts  —  0 

1  Heilman,  U.  H.,  Ind.  Eng.  Chem.,  16,  445-452  (1924). 

2  Bailey,  A.,  and  N.  C.  Lyell,  Engineering,  147,  69-62  (1939). 


(1.2) 
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The  total  heat  flow  from  BC  thus  requires  n*  =  Qnx/k(h  —  lanes, 
where  Q  is  the  total  heat  flow.  Figure  2.12  was  constructed  in  this 
manner  starting  with  six  isotherms. 

Although  the  individual  portions  of  the  network  are  neither  squares 
nor  rectangles  their  comers  are  at  right  angles  in  accordance  with  the 
steady-state  principle  that  the  flow  of  heat  is  always  at  right  angles  to  the 
isotherms  comprising  the  temperature  difference.  In  Fig.  2.12  it  is  seen 
that  11  lanes  were  obtained  for  each  half  of  a  symmetrical  section.  If 
the  isotherms  were  undisturbed  by  the  rib,  the  portions  abed  would  then 
be  squares  and  the  heat  entering  BC  would  flow  normal  to  it  and  8.3  lanes 
would  be  required.  The  rib  is  therefore  equivalent  to  increasing  the  heat 
removal  by  33  per  cent.  When  the  ribs  are  spaced  more  closely  together, 
the  fractional  heat  removal  increases. 


PROBLEMS 

2.1.  A  furnace  is  enclosed  by  walls  made  (from  inside  out)  of  8  in.  of  kaolin  firebrick, 
6  in.  of  kaolin  insulating  brick,  and  7  in.  of  fireclay  brick.  What  is  the  heat  loss  per 
square  foot  of  wall  when  the  inside  of  the  furnace  is  maintained  at  2200°F  and  the 
outside  at  200°F? 

2.2.  A  furnace  wall  is  to  consist  in  series  of  7  in.  of  kaolin  firebrick,  6  in.  of  kaolin 
insulating  brick,  and  sufficient  fireclay  brick  to  reduce  the  heat  loss  to  100  Btu/(hr)  (ft*) 
when  the  face  temperatures  are  1500  and  100°F,  respectively.  What  thickness  of 
fireclay  brick  should  be  used?  If  an  effective  air  gap  of  in.  can  be  incorporated 
between  the  fireclay  and  insulating  brick  when  erecting  the  wall  without  impairing 
its  structural  support,  what  thickness  of  insulating  brick  will  be  required? 

2.3.  A  furnace  wall  consists  of  three  insulating  materials  in  series.  32  per  cent 
chrome  brick,  magnesite  bricks,  and  low-grade  refractory  bricks  ( k  =  0.5).  The 
magnesite  bricks  cannot  withstand  a  face  temperature  above  1500°F,  and  the  low- 
grade  bricks  cannot  exceed  600°F.  What  thickness  of  the  wall  will  give  a  heat  loss 

not  in  excess  of  1500  Btu/(hr)(ft*)  when  the  extreme  face  temperatures  are  2500  and 
200  F,  respectively? 

2.4.  A  6-in.  IPS  pipe  is  covered  with  three  resistances  in  series  consisting  from  the 
ms.de  outward  of  M  in.  of  kapok,  1  in.  of  rock  wool,  and  H  in.  of  powdered  magnesite 

mSd  “n  t  P  a.lte^  If,‘he  mS‘de  SUrfaC®  13  maintained  at  500°F  and  the  outside  at 
luo  t,  what  is  the  heat  loss  per  square  foot  of  outside  pipe  surface? 

25  ^Nact  brin?^^10  !,  rfigf ated  pr0cess  covered  wi<*  H  in.  of  kapok  carries 
25%  NaCl  brine  at  0  F  and  at  a  flow  rate  of  30,000  lb /hr.  The  outer  surface  of  the 

kapok  wdl  be  maintained  at  90°F.  What  is  the  equation  for  the  flow  of  heat?  Calcu 
length  of  p^e  86  ^  ^  PiPC  and  the  temPerature  of  the  fluid  for  a  60-ft 

A,  ^ertical  cyJindrical  kiln  22  ft  in  diameter  is  enclosed  at  the  top  by  a  hemi- 
sphenca1  dome  fabricated  from  an  8-in.  layer  of  interlocking  and  self-supporting 

When  the  ch^ome  bn<*s-  Denve  an  expression  for  conduction  through  the  dome 
300°F,  respectively1  whatVthe^  !'e.mispherical  dome  are  maintained  at  1600  and 
How  does  the  Wheat  loss  for  the  dome 

“;almPred  "*  "  ^  whlt^r^eren^ 
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2.7. ’  A  4-in.  steel  pipe  carrying  450°F  steam  is  lagged  with  1  in.  of  kapok  surrounded 
by  1  in.  of  powdered  magnesite  applied  as  a  plaster.  The  surrounding  air  is  at  70°F. 
What  is  the  loss  of  heat  from  the  pipe  per  linear  foot? 

2.8.  A  3-in.  IPS  main  carries  steam  from  the  powerhouse  to  the  process  plants  at  a 
linear  velocity  of  8000  fpm.  The  steam  is  at  300  psi  (gage),  and  the  atmosphere  is 
at  70°F.  What  percentage  of  the  total  heat  flow  is  the  bare-tube  heat  loss  per  1000  ft 
of  pipe?  If  the  pipe  is  lagged  with  half  a  thickness  of  kapok  and  half  a  thickness  of 
asbestos,  what  total  thickness  will  reduce  the  insulated  heat  loss  to  2  per  cent  of  the 
bare-tube  heat  loss? 

2.9.  In  a  6-in.  steam  line  at  400°F  the  unit  resistance  for  the  condensation  of  steam 
at  the  inside  pipe  wall  has  been  found  experimentally  to  be  0.00033  (hr)(ft2)(°F)/Btu. 
The  line  is  lagged  with  %  in.  of  rock  rool  and  in.  of  asbestos.  What  is  the  effect 
of  including  the  condensation  and  metal  pipe-wall  resistances  in  calculating  the  total 
heat  loss  per  linear  foot  to  atmospheric  air  at  70°F? 

NOMENCLATURE  FOR  CHAPTER  2 

A  Heat-flow  area,  ft2 

Ci,  C 2  Constants  of  integration 

Ck  Sutherland  constant 

cv  Volumetric  specific  heat,  Btu/(ft3)(°F) 

c  Specific  heat  at  constant  pressure,  Btu/(lb)(°F) 

D  Diameter,  ft 

E  Voltage  or  electromotive  force 

ha  Surface  coefficient  of  heat  transfer,  Btu/(hr)(ft2)(°F) 

I  Current,  amp 

K  Electrical  conductivity,  1/ohm-ft 

k  Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

L  Thickness  of  wall  or  length  of  pipe,  ft 

m  Number  of  heat-flow  lanes 

nx  Number  of  isotherms 

Q  Heat  flow,  Btu/hr 

Qi  Heat  flow  per  lane,  Btu/hr 

Q'  Heat,  Btu 

q  Heat  flow,  Btu /(hr)  Gin  ft) 

R  Resistance  to  heat  flow,  (hr)(°F)/Btu 

Ru  Resistance  to  electric  flow,  ohms 

r  Radius,  ft 

t  Temperature  at  any  point,  °F 

A t  Temperature  difference  promoting  heat  flow,  °F 

T  Absolute  temperature,  °R 

v  Volume,  ft3 

x,  y,  z  Coordinates  of  distance,  ft 

7  Change  in  thermal  conductivity  per  degree 

6  Time,  hr 

p  Density,  lb /ft 3 

<r  Resistivity,  ohm-ft 


CHAPTER  3 

CONVECTION 


Introduction.  Heat  transfer  by  convection  is  due  to  fluid  motion. 
Cold  fluid  adjacent  to  a  hot  surface  receives  heat  which  it  imparts  to  the 
bulk  of  the  cold  fluid  by  mixing  with  it.  Free  or  natural  convection 
occurs  when  the  fluid  motion  is  not  implemented  by  mechanical  agitation. 
But  when  the  fluid  is  mechanically  agitated,  the  heat  is  transferred  by 
forced  convection.  The  mechanical  agitation  may  be  supplied  by  stir¬ 
ring,  although  in  most  process  applications  it  is  induced  by  circulating 
the  hot  and  cold  fluids  at  rapid  rates  on  the  opposite  sides  of  pipes  or 
tubes.  Free-  and  forced-convection  heat  transfer  occur  at  very  different 
speeds,  the  latter  being  the  more  rapid  and  therefore  the  more  common. 
Factors  which  promote  high  rates  for  forced  convection  do  not  necessarily 
have  the  same  effect  on  free  convection.  It  is  the  purpose  of  this  chapter 
to  establish  a  general  method  for  obtaining  the  rates  of  heat  transfer 
particularly  in  the  presence  of  forced  convection. 

Film  Coefficients.  In  the  flow  of  heat  through  a  pipe  to  air  it  was  seen 
that  the  passage  of  heat  into  the  air  was  not  accomplished  solely  by  con¬ 
duction.  Instead,  it  occurred  partly  by  radiation  and  partly  by  free 
convection.  A  temperature  difference  existed  between  the  pipe  surface 
and  the  average  temperature  of  the  air.  Since  the  distance  from  the  pipe 
surface  to  the  region  of  average  air  temperature  is  indefinite,  the  resist¬ 
ance  cannot  be  computed  from  Ra  =  La/kaA,  using  k  for  air.  Instead 
the  resistance  must  be  determined  experimentally  by  appropriated 
measuring  the  surface  temperature  of  the  pipe,  the  temperature  of  the  air 
and  the  heat  transferred  from  the  pipe  as  evidenced  by  the  quantity  of 

steam  condensed  in  it.  The  resistance  for  the  entire  surface  was  then 
computed  from 

R‘  =  ^  (hr)(°F)/Btu 
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deal  directly  with  the  reciprocal  of  the  unit  resistance  h,  which  has  an 
experimental  origin.  Because  the  use  of  the  unit  resistance  L/k  is  so 
much  more  common  than  the  use  of  the  total  surface  resistance  L/k  A, 
the  letter  R  will  now  be  used  to  designate  L/k  (hr)(ft2)(°F)/Btu  and  it 
will  simply  be  called  the  resistance. 

Not  all  effects  other  than  conduction  are  necessarily  combinations  of 
two  effects.  Particularly  in  the  case  of  free  or  forced  convection  to  liquids 
and,  in  fact,  to  most  gases  at  moderate  temperatures  and  temperature 

differences  the  influence  of  radiation  may  be 
neglected  and  the  experimental  resistance 
corresponds  to  forced  or  free  convection  alone 
as  the  case  may  be. 

Consider  a  pipe  wall  with  forced  convec¬ 
tion  of  different  magnitudes  on  both  sides 
of  the  pipe  as  shown  in  Fig.  3.1.  On  the 
inside,  heat  is  deposited  by  a  hot  flowing 
liquid,  and  on  the  outside,  heat  is  received  by 
a  cold  flowing  liquid.  Either  resistance  can 
be  measured  independently  by  obtaining  the 
temperature  difference  between  the  pipe  sur¬ 
face  and  the  average  temperature  of  the 
liquid.  The  heat  transfer  can  be  determined 
from  the  sensible-heat  change  in  either  fluid 
over  the  length  of  the  pipe  in  which  the  heat 
transfer  occurs.  Designating  the  resistance  on  the  inside  by  R{  and  on 
the  outside  by  R0,  the  inside  and  outside  pipe-wall  temperatures  by  tp 
and  tw,  and  applying  an  expression  for  the  steady  state, 

^  _  Ai(Ti  tp)  _  Ao(ttc  to)  ^  ^ 

Q  ~  Ri  Ro  {6  } 

where  is  the  temperature  of  the  hot  fluid  on  the  inside  and  tQ  the 
temperature  of  the  cold  fluid  on  the  outside.  Replacing  the  resistances 
by  their  reciprocals  hi  and  hQ,  respectively, 

Q  =  hiAiAU  =  hoAoAto  (3.2) 

The  reciprocals  of  the  heat-transfer  resistances  have  the  dimensions  of 
Btu/(hr)(ft2)(°F  of  temperature  difference)  and  are  called  individual  film 
coefficients  or  simply  film  coefficients. 

Inasmuch  as  the  film  coefficient  is  a  measure  of  the  heat  flow  for  unit 
surface  and  unit  temperature  difference,  it  indicates  the  rate  or  speed 
with  which  fluids  having  a  variety  of  physical  properties  and  under 
varying  degrees  of  agitation  transfer  heat.  Other  factors  influence  the 
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Fig.  3.1.  Two  convection 
coefficients. 
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film  coefficient  such  as  the  size  of  the  pipe  and  whether  or  not  the  fluid  is 
considered  to  be  on  the  inside  or  outside  of  the  pipe.  With  so  many 
variables,  each  having  its  own  degree  of  influence  on  the  rate  of  heat 
transfer  (film  coefficient),  it  is  fairly  understandable  why  a  rational 
derivation  is  not  available  for  the  direct  calculation  of  the  film  coefficient. 
On  the  other  hand,  it  is  impractical  to  run  an  experiment  to  determine  the 
coefficient  each  time  heat  is  to  be  added  or  re¬ 
moved  from  a  fluid.  Instead  it  is  desirable  to 
study  some  method  of  correlation  whereby  sev¬ 
eral  basic  experiments  performed  with  a  wide 
range  of  the  variables  can  produce  a  relation¬ 
ship  which  will  hold  for  any  other  combina¬ 
tions  of  the  variables.  The  immediate  problem 
is  to  establish  a  method  of  correlation  and  then 
apply  it  to  some  experimental  data. 

The  Viscosity.  It  is  not  possible  to  proceed 
very  far  in  the  study  of  convection  and  fluid 
flow  without  defining  a  property  which  has 
an  important  bearing  upon  both,  viscosity. 

In  order  to  evaluate  this  property  by  fluid 
dynamics  two  assumptions  are  required:  (1) 

Where  a  solid-liquid  inteiface  exists,  there  is  no  slip  between  the  solid 

and  liquid,  and  (2)  Newton’s  rule:  Shear  stress  is  proportional  to  the  rate 

of  shear  in  the  direction  perpendicular  to  motion.  An  unstressed  particle 

of  liquid  as  shown  in  Fig.  3.2a  will 
assume  the  form  in  Fig.  3.26  when  a 
film  of  liquid  is  subjected  to  shear. 

The  rate  of  shear  is  proportional 
to  the  velocity  gradient  du/dy.  Ap¬ 
plying  Newton’s  rule,  if  r  is  the  shear 
stress, 
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l  iG.  3.2.  Fluid  strain. 


Fig.  3.3.  Fluid  shear. 


where  g  is  the  proportionality  constant  or 


du 

T  ~,ldy 


(3.3) 


v-  = 


du/dy 


In  solids  it  results  in  deformation  and  is  equivalent 
to  the  modulus  of  elasticity 

(In  liquids  it  results  in  deformation  at  a  given  rate. 


- .  wr  rate. 

the  plated  at  d^tance<V>^  “Staining 


28 


PROCESS  HEAT  TRANSFER 


by  u  =  Vy/Y. 


Rate  of  shear  =  -t~  = 

dy 


V 

Y 


(3.3) 

(3.4) 


where  n  is  called  the  viscosity  when  V  and  F  have  unit  values. 

The  actual  force  required  to  move  the  plate  is  tA.  If  F  is  the  pound- 
force,  L  the  length,  and  0  the  time,  the  dimensions  of  the  viscosity  are 

Y  =  F  L  _  Fd 
**  T  V  L2  L/e  L2 

or  using  the  pound-mass  M,  where  F  =  Mg  and  g  =  L/6 2,  the  accelera- 
tion  of  gravity, 

ML  L  M 
**  L262L/6  L9 

When  evaluated  in  cgs  metric  units  n  is  commonly  called  the  absolute 
viscosity. 

gram-mass 

^  centimeter  X  second 

This  unit  has  been  named  the  poise  after  the  French  scientist  Poiseuille. 
This  is  a  large  unit,  and  it  is  customary  to  use  and  speak  of  the  centi- 
poise,  or  one-hundredth  poise.  In  engineering  units  its  equivalent  is 
defined  by 

pound-mass 
M  —  foot  X  hour 

Viscosities  in  centipoises  can  be  converted  to  engineering  units  on  multi¬ 
plying  by  2.42.  This  unit  has  no  name.  Another  unit,  the  kinematic 
viscosity,  is  also  used  because  it  occurs  frequently  in  physical  systems  and 
produces  straighter  graphs  of  viscosity  vs.  temperature  on  logarithmic 
coordinates.  The  kinematic  viscosity  is  the  absolute  viscosity  in  centi¬ 
poises  divided  by  the  specific  gravity. 

absolute  viscosity 

Kinematic  viscosity  =  specific  gravity 

The  unit  of  kinematic  viscosity  is  the  stokes,  after  the  English  mathe¬ 
matician  Stokes,  and  the  hundredth  of  the  stokes  is  the  centistokes. 

The  viscosity  can  be  determined  indirectly  by  measuring  the  time  of 
efflux  from  a  calibrated  flow  device  having  an  orifice  and  a  controlled 
temperature.  The  commonest  is  the  Saybolt  viscometer,  and  the  time 
of  efflux  from  a  standard  cup  into  a  standard  receiver  is  measured  m 
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seconds  and  recorded  as  Saybolt  Seconds  Universal,  SSU.  Conversion 
factors  from  the  time  of  efflux  to  centistokes  for  the  Saybolt  and  other 
viscometers  are  given  in  Fig.  13. 1 

Heat  Transfer  between  Solids  and  Fluids :  Streamline  and  Turbulent 
Flow.  The  Reynolds  Number.  When  a  liquid  flows  in  a  horizontal 
pipe,  it  may  flow  with  a  random  eddying  motion  known  as  turbulent  flow , 
as  shown  in  Fig.  3.4  by  a  plot  of  the  local  velocity  in  the  pipe  vs.  the 
distance  from  its  center.  If  the  linear  velocity  of  the  liquid  is  decreased 
below  some  threshold  value,  the  nature  of  the  flow  changes  and  the 
turbulence  disappears.  The  fluid  particles  flow  in  lines  along  the  axis 
of  the  pipe,  and  this  is  known  as  streamline  flow.  An  experiment  used 
for  the  visual  determination  of  the  type  of  flow  consists  of  a  glass  tube 
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Fig.  3.4.  Turbulent  flow  in  pipes. 
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Fig.  3.5.  Streamline  flow  in  pipes. 


through  which  water  flows.  A  thin  stream  of  ink  is  injected  at  the 
center  of  the  tube,  and  if  the  ink  remains  at  the  center  for  a  reasonable 
distance,  it  is  indicative  of  streamline  flow.  Synonyms  for  streamline 
flow  are  viscous,  laminar,  and  rodlike  flow.  Additional  experimentation 
has  indicated  that  streamline  flow  proceeds  as  if  by  the  sliding  of  con¬ 
centric  thin  cylinders  of  liquid  one  within  the  other  as  shown  in  Fig.  3.5. 
It  appears  that  the  distribution  of  the  velocities  of  the  cylinders  is  para¬ 
bolic  with  the  maximum  at  the  center  and  approaching  zero  at  the  tube 


mixing,  and  while  this  require- 
)w,  it  is  not  fulfilled  by  stream- 

hapter  number  will  be  found  in  the 
Reynolds/’  p.  81,  Cambridge  Uni- 


1  Reynolds,  O.,  “Scientifi< 
versity  Press,  London,  1901. 


’Reynolds,  0.,“ Scientific  Papers  of  Osborne  Reynolds  ”  n  81 

rsitv  Press  or,  10m  ■yumus,  P-  81 
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line  flow.  Streamline  flow  is,  in  fact,  a  form  of  conduction  whose  study- 
will  be  deferred  to  a  later  chapter.  The  speed  with  which  heat  is  trans¬ 
ferred  to  or  from  a  given  liquid  to  a  tube  is  considerably  less  for  stream¬ 
line  than  for  turbulent  flow,  and  in  industrial  practice  it  is  almost  always 
desirable  to  avoid  conditions  such  as  low  liquid  velocity  which  promote 
streamline  flow. 

Dimensional  Analysis.  A  method  of  correlating  a  number  of  variables 
into  a  single  equation  expressing  an  effect  is  known  as  dimensional  analy¬ 
sis.  Certain  equations  describing  physical  phenomena  can  be  obtained 
rationally  from  basic  laws  derived  from  experiments.  An  example  is  the 
time  of  vibration  of  a  pendulum  from  Newton’s  second  law  and  the 
gravitational  constant.  Still  other  effects  can  be  described  by  differ¬ 
ential  equations,  and  the  course  or  extent  of  the  phenomena  deduced  by 
means  of  the  calculus.  Numerous  examples  of  this  type  are  encountered 
in  elementary  physics.  In  still  other  types  of  phenomena  there  is  insuffi¬ 
cient  information  to  permit  the  formulation  of  either  differential  equations 
or  a  clear  picture  by  which  fundamental  laws  may  be  applied.  This  last 
group  must  be  studied  experimentally,  and  the  correlation  of  the  observa¬ 
tions  is  an  empirical  approach  to  the  equation.  Equations  which  can 
be  obtained  theoretically  can  also  be  obtained  empirically,  but  the  reverse 
is  not  true. 

Bridgman1  has  presented  by  far  the  most  extensive  proof  of  the  mathe¬ 
matical  principles  underlying  dimensional  analysis.  Because  it  operates 
only  upon  the  dimensions  of  the  variables,  it  does  not  directly  produce 
numerical  results  from  the  variables  but  instead  yields  a  modulus  by 
which  the  observed  data  can  be  combined  and  the  relative  influence  of 
the  variables  established.  As  such,  it  is  one  of  the  important  cornerstones 
of  empirical  study.  It  recognizes  that  any  combination  of  a  number 
and  a  dimension,  such  as  5  lb  or  5  ft,  possesses  two  identifying  aspects,  one 
of  pure  magnitude  (numerical)  and  the  other  quantitative  (dimensional). 
Fundamental  dimensions  are  quantities  such  as  length,  time,  and  tempera¬ 
ture  which  are  directly  measurable.  Derived  dimensions  are  those 
which  are  expressed  in  terms  of  fundamental  dimensions  such  as  veloc¬ 
ity  =  length/time  or  density  =  mass/length3.  The  end  results  of  a 
dimensional  analysis  may  be  stated  as  follows:  If  a  dependent  variable 
having  given  dimensions  depends  upon  some  relationship  among  a  group 
of  variables,  the  individual  variables  of  the  group  must  be  related  in  such 
a  way  that  the  net  dimensions  of  the  group  are  identical  with  those  of 
the  dependent  variable.  The  independent  variables  may  also  be  related 
in  such  a  way  that  the  dependent  variable  is  defined  by  the  sum  of  several 

i  Bridgman,  P.  W.,  “Dimensional  Analysis,”  Yale  University  Press,  New  Haven, 
1931. 
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different  groups  of  variables,  each  group  having  the  net  dimensions  of 
the  dependent  variable.  As  a  very  simple  illustration  consider  the  con¬ 
tinuity  equation  which  is  frequently  written  in  elementary  physics  and 
thermodynamics  texts  in  the  form 


where  w  =  fluid  flow  rate,  weight/time 

u  =  fluid  velocity  in  conduit,  length/time 
a  =  cross  section  of  the  conduit,  length  X  length  =  length2 
v  =  specific  volume,  length  X  length  X  length /weight  =  length3/ 
weight 

Why  does  Eq.  (3.5)  have  this  particular  form?  u,  a,  and  v  must  be 
related  so  that  their  net  dimensions  are  the  same  as  those  of  the  depend¬ 
ent  variable  w,  namely,  weight/time.  An  equation  involving  both  pure 
numbers  and  dimensions  must  be  correct  with  respect  to  either  and  both. 
Checking  the  dimensions  alone,  writing  for  the  variables  in  Eq.  (3.5) 
their  individual  dimensions, 


W  -  ^  X  X 


1 


time 


length3 

weight 


weight 

time 


(3.6) 


It  is  seen  that  the  dimensions  on  the  left  side  are  identical  with  the  net 
dimensions  of  the  group  only  when  the  variables  of  the  group  are  arranged 
in  the  particular  manner  indicated  by  the  formula.  The  three  inde¬ 
pendent  variables  above  give  an  answer  in  weight/time  only  when 
arranged  in  a  single  way,  ua/v.  Conversely  it  may  be  deduced  that  the  form 
of  an  equation  is  determined  only  by  its  dimensions;  the  form  which  pro¬ 
duces  dimensional  equality  represents  the  necessary  relationship  among 
the  variables.  Any  physical  equation  may  be  written  and  evaluated  in 
terms  of  a  power  series  containing  all  the  variables.  If  the  form  were  not 
known  in  the  illustration  above  and  it  was  desired  to  find  a  relationship 
w  ich  must  exist  between  the  variables  w,  u,  a,  and  v,  it  may  be  expressed 
by  a  power  senes  such  as  p  eu 


u,  a,  v )  =  -f  aVVoV  -f  .  .  .  =  0  (37) 

The  factors  a  and  a'  are  dimensionless  proportionality  constants  Since 
the  dimensions  of  all  the  consecutive  terms  of  the  series  are  identical  it  is 

one  ZnZZ  "  ^  beyond  the  flrst-  Accordingly 

^Vw'flV)  =1  ^  gj 

Where  ♦'  indicates  the  function.  Arbitrarily  setting  6  =  -1  so  that  „ 
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will  not  appear  in  the  final  equation  raised  to  a  fractional  exponent, 

w  =  <xucadve  (3.9) 

Substituting  dimensions, 


Weight  _  /length\ 


/length  3V 


TSr  =  a  \~tlme" /  X  (length2)<'  X 


(3.10) 


If  a  group  of  independent  variables  will  establish  numerical  equality 
with  a  dependent  variable,  the  same  is  true  of  their  dimensions.  Equa¬ 
tion  (3.6)  imposes  this  condition.  The  exponents  c,  d,  and  e  may  then 
assume  such  values  as  are  necessary  to  effect  the  dimensional  equality 
between  the  left  and  right  sides.  The  remainder  of  the  solution  is  merely 
to  evaluate  c,  d,  and  e  by  simple  algebra.  Summing  the  exponents  of  the 
dimensions  on  both  sides  and  recalling  that  an  exponent  of  zero  reduces  a 
number  to  unity, 

2  length,  0  =  c  +  2d  +  3e 
2  weight,  1  =  —  e 
2  time,  —  1  =  —  c 


Solving  for  the  unknown,  d  is  found  to  be  +1.  The  three  exponents  are 
then  c  =  +1,  d  =  4*1,  and  e  =  —  1.  Substituting  these  in  Eq.  (3.9), 

7  j/t 

W  =  aw+1a+1ir1  =  a  —  (3.11) 


Inasmuch  as  this  is  an  exact  relationship,  the  proportionality  constant  a 
is  equal  to  1.0  and 


ua 


Thus  by  purely  algebraic  means  the  correct  form  of  the  equation  has  been 
established.  This  has  been  an  extremely  elementary  illustration  in  which 
all  of  the  exponents  were  integers  and  the  dependent  and  independent 
variables  were  expressed  in  only  three  kinds  of  dimensions:  weight,  length, 
and  time.  In  systems  involving  mechanics  and  heat  it  is  often  necessary 
to  employ  other  dimensions  such  as  temperature  and  a  derived  heat  unit 
H,  the  Btu  or  calorie. 

In  mechanical  and  chemical  engineering  it  is  customary  to  use  a  set  of 
six  dimensions:  force  F,  heat  H,  length  L,  mass  Af,  temperature  T ,  and 
time  0.  One  of  the  important  alternatives,  however,  hinges  about  the 
unit  of  force  and  the  unit  of  mass.  In  the  preceding  illustration  the  weight 
was  employed.  The  relationship  would  hold  whether  the  pound-mass  or 
gram-mass  or  the  pound-force  (poundal)  or  gram-force  (dyne)  were  used 
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Table  3.1.  Dimensions  and  Units 

Dimensions:*  Force  =  F,  heat  =  H,  length  =  L,  mass  =  M,  temperature 
time  =  6.  The  force-pound  is  the  poundal,  the  force-gram  is  the  dyne 


=  T, 


9 

A 

Kh 

Km 

p 

D 

kd 

F 

H 

L 

M 

W 

G 

J 

P 

Po 

r 

c 

v 

T 

a 

T 

k 

a. 

fi 

Rt 

6 

u 

Po 

P 

M 
w  o 


Acceleration  of  gravity,  ft/hr2,  cm/sec2 
Area  or  surface,  ft2,  cm2 
Conversion  from  kinetic  energy  to  heat 
Conversion  from  force  to  mass 
Density,  lb/ft3,  g/cm3 
Diameter,  ft,  cm 

Diffusivity  (volumetric),  ft2/hr,  cm2/sec 
Force,  force-pound  (poundal),  force-gram  (dyne) 

Heat,  Btu,  cal 
Length,  ft,  cm 
Mass,  lb,  g 

Mass  flow,  lb /hr,  g/sec 

Mass  velocity,  lb /(hr)  (ft2),  g/ (sec)  (cm2) 

Mechanical  equivalent  of  heat,  (force-lb)  (ft) /Btu,  (force-g)(cm)/ 
cal 

Pressure,  force-lb /ft2,  force-g/cm2 
Power,  (force-lb)  (ft) /hr,  (force-g)(cm)/sec 
Radius,  ft,  cm 

Specific  heat,  Btu/(lb)(°F),  cal/(g)(°C) 

Specific  volume,  ft3/lb,  cm3/g 
Stress,  force-lb/ft2,  force-g/cm2 
Surface  tension,  force-lb/ft,  force-g/cm 
Temperature,  °F,  °C 

Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft),  cal/(sec)(cm2)(°C/ 
cm) 

Thermal  diffusivity,  ft2/hr,  cm2/sec 
Thermal  coefficient  of  expansion,  1/°F,  1/°C 
Thermal  resistivity,  (°F)  (ft)  (hr) /Btu,  (°C)  (cm)  (sec) /cal 
Time,  hr,  sec 
Velocity,  ft/hr,  cm/sec 

Viscosity  (force-lb)  (hr) /ft2,  (force-g)  (sec) /cm2 
Viscosity  (abs),  lb/(ft)  (hr),  g/ (cm) (sec) 

Mass,  lb,  g 

Work,  (force-lb)  (ft),  (force-g)  (cm) 


L/6 2 
L2 

ML*/H0 2 
ML/Fd 2 
MIL 3 
L 

L2/0 

F 

H 

L 

M 

M/e 

M/OL 2 

FL/H 

F/L 2 
FL/e 
L 

H/MT 
L*/M 
F/L 2 
F/L 
T 

H/LTd 

L*/d 

l/T 

LTd/H 

e 

L/e 
Fd/L 2 
M/Ld 
M 
FL 


For  a  system  without  heat  changes  these  automatically  reduce  to  FLMe. 

as  long  as  the  weight  was  always  treated  in  the  same  way  Consider  a 
system  m  which  the  mass  is  a  fundamental  dimension  «  M^  e 
om  the  acceleration  equation,  force  =  mass  X  acceleration,  ’  ’ 

F  =  ML0~\ 

In  another  set  of  dimensions  it  may  be  more  convenient  to  consider  force 
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the  fundamental  dimension,  in  which  case  mass  is  expressed  by 

M  =  FLr'0\ 

When  some  of  the  variables  are  commonly  expressed  in  units  of  force 
such  as  pressure  FL-2  and  other  variables  by  units  of  mass  such  as  the 
density  ML~Z,  it  is  necessary  to  introduce  a  dimensional  constant  into  the 
series  expression  before  solving  for  the  exponents.  The  constant  relating 
M  and  F  naturally  has  the  dimensions  of  the  gravitational  acceleration 
constant  Ld~~.  A  similar  situation  also  arises  when  describing  a  phe¬ 
nomenon  by  which  a  work  or  kinetic  energy  change  occurs  in  a  system. 
Some  of  the  variables  may  ordinarily  be  expressed  in  terms  of  foot-pounds 
(force-pound  X  foot)  and  others  in  terms  of  heat  energy  such  as  the 
Btu.  A  conversion  factor  which  is  the  heat  equivalent  of  work  must  be 
introduced  to  convert  FL  to  H,  or  vice  versa.  The  constant  is  the  kinetic 
energy  equivalent  of  the  heat  ML2/Hd‘t.  A  number  of  common  variables 
and  dimensional  constants  are  given  in  Table  3.1  together  with  their  net 
dimensions  in  a  six-dimension  system.  Typical  sets  of  engineering  and 
metric  units  are  included. 

Analysis  for  the  Form  of  a  Fluid -flow  Equation.  When  an  incompressi¬ 
ble  fluid  flows  in  a  straight  horizontal  uniform  pipe  with  a  constant  mass 
rate,  the  pressure  of  the  fluid  decreases  along  the  length  of  the  pipe 
owing  to  friction.  This  is  commonly  called  the  pressure  drop  of  the 
system,  A P.  The  pressure  drop  per  unit  length  is  referred  to  as  the 
pressure  gradient,  dP/dL,  which  has  been  found  experimentally  to  be 
influenced  by  the  following  pipe  and  fluid  properties:  diameter  D,  veloc¬ 
ity  u,  fluid  density  p,  and  viscosity  p.  What  relationship  exists  between 
the  pressure  gradient  and  the  variables? 

Solution.  The  pressure  has  dimensions  of  force/area,  whereas  the 
density  is  expressed  by  mass/volume  so  that  a  dimensional  constant 
relating  M  to  F  must  be  included,  KM  =  ML/FO 2.  The  same  result 
may  be  accomplished  by  including  the  acceleration  constant  g  along  with 
the  variables  above.  While  the  viscosity  is  determined  experimentally 
as  a  force  effect  and  has  the  dimensions  Fd/L 2,  it  is  a  very  small  unit,  and 
it  is  more  common  in  the  engineering  sciences  to  use  the  absolute  vis¬ 
cosity  M /Ld  in  which  the  conversion  from  force  to  mass  has  already  been 
made. 

Using  the  same  method  of  notation  as  before, 
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Substituting  dimensions  and  arbitrarily  setting  the  exponent  of  dP/dL 
equal  to  1, 

T-.  /  r  \  b  /  Ti  /r\c  /  71  r\d  /l\JT\e 

(3.14) 


Summing  exponents, 


2E,  1 

2  L,  -3 
2  M,  0 
20,  0 


—  e 

a  +  b  —  3c  —  d  +  e 
c  +  d  +  e 

—  b  —  d  —  2e 


Solving  simultaneously, 


a  = 
b  = 
c  = 
d  = 
e  = 


-1  -  d 
2  -  d 
1  -  d 
d 

-1 


Substituting  back  in  Eq.  (3.13), 


dP 

dL 


=  aD-'-V-V-VA^  =  “ 


(3.15) 


where  a  and  -d  must  be  evaluated  from  experimental  data.  A  con¬ 
venient  term  of  almost  universal  use  in  engineering  is  the  mass  velocity  G, 
which  is  identical  with  up  and  corresponds  to  the  weight  flow  per  square 
foot  of  flow  area.  To  obtain  the  pressure  drop  from  Eq.  (3.15),  replace 

dP  by  A P,  dL  by  the  length  of  pipe  L,  or  A L,  and  substituting  for  KM  its 
equivalent  g , 


A  P  = 


aG2L(DG'  ~d 

Dpg\ 


?) 


(3.16) 


where  Dup / p  or  DG/p  is  the  Reynolds  number. 

Analysis  for  the  Form  of  a  Forced-convection  Equation.  The  rate  of 
heat  transfer  by  forced  convection  to  an  incompressible  fluid  traveling  in 
ur  ulent  flow  in  a  pipe  of  uniform  diameter  at  constant  mass  rate  has 
been  found  to  be  influenced  by  the  velocity  u,  density  p,  specific  heat  c 

tripe/)  CTheUCtlVltf  *’  ViSC°Sity  ?  aS  WeU  aS  the  inside  ^meter  of  the 

r  a  t  TIJ,C  y’  VISC0Slty’  density-  and  diameter  affect  the  thick- 
ness  of  the  fluid  film  at  the  pipe  wall  through  which  the  hpnt  m  +  a 

-  * — - rcssjs 
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tion.  What  relationship  holds  between  the  film  coefficient  or  rate  of 
heat  transfer,  hi  =  H/OUT  [such  as  Btu/(hr)(ft2)(°F)],  and  the  other 
variables? 

Solution.  It  is  not  known  whether  all  energy  terms  will  be  expressed 
mechanically  or  thermally  by  the  dimensions  of  the  variables  so  that  the 
dimensional  constant  Kh  —  ML2 /HO2  must  be  included.  If  all  the  dimen¬ 
sions  combine  to  give  only  thermal  quantities  such  as  the  Btu,  which 
appears  in  the  dimensions  of  hi,  the  exponent  of  Kh  in  the  series  expression 
should  be  zero  and  the  constant  will  reduce  dimensionally  to  1.0,  a  pure 
number. 


H 

OUT 


a 


hi  <x  u,  P,  c,  D,  k,  P,  Kh 
hi  =  auaphcdDekf  p°KiH 


Summing  exponents, 


(3.17) 

(3.18) 


2  H,  1  =  d-\-f-i 

2 L,  —2  =  a  —  3b  -j-  e  —  f  —  g  -\-  2i 

2  TV 1  y  0  =  6  —  d  H-  g  -f-  i 

27\  -1  =  -d-f 

10,  —1  =  —a—f  —  g  —  2i 

Solving  simultaneously, 

a  =  a 
b  =  a 
d  =  1  -f 
e  =  a  —  1 

/=/ 

g  =  1  -  f  -  a 

i  =  0 

Substituting  back, 

hi  =  auapacl~f  Da~lkf  txx-f~aK°H 

or  collecting  terms, 

h{D  ( DupY  ( cp\ l~f 

T"“V^  /  W 


(3.19) 

(3.20) 


where  a,  a,  and  1  —  /  must  be  evaluated  from  a  minimum  of  three  sets  of 
experimental  data.  Substituting  the  mass  velocity  for  up  in  the  above, 


(3.21) 


The  dimensionless  groups  hD/k  and  cp/k,  like  the  Reynolds  number 
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Dup/fi  or  DG/p,  have  been  assigned  names  to  honor  earlier  investigators 
in  the  field  of  fluid  mechanics  and  heat  transfer.  A  list  of  the  common 
groups  and  the  names  assigned  to  them  are  included  in  Table  3.2. 


Table  3.2.  Common  Dimensionless  Groups 


Symbol 

Name 

Group 

Bi 

Biot  number 

hr/k 

Fo 

Fourier  number 

kO/pcr2 

Gz 

Graetz  number 

wc/kL 

Gr 

Grashof  number 

D*p*gP  A t/p2 

Nu 

Nusselt  number 

hD/k 

Pe 

Peclet  number 

DGc/k 

Pr 

Prandtl  number 

cp/k 

Re 

Reynolds  number 

DG/p,  Dup/p 

Sc 

Schmidt  number 

p/pkd 

St 

Stanton  number 

h/cG 

One  of  the  useful  aspects  of  dimensional  analysis  is  its  ability  to  pro¬ 
vide  a  relationship  among  the  variables  when  the  information  about  a 
phenomenon  is  incomplete.  One  may  have  speculated  that  both  fluid 
friction  and  forced  convection  are  influenced  by  the  surface  tension  of  the 
fluid.  The  surface  tension  could  have  been  included  as  a  variable  and 
new  equations  obtained,  although  the  form  of  the  equations  would  have 
been  altered  considerably.  Nevertheless  it  would  have  been  found  that 
the  exponents  for  any  dimensionless  groups  involving  the  surface  tension 
v  ould  be  nearly  zero  when  evaluated  from  experimental  data.  By  the 
same  token,  the  equations  obtained  above  may  be  considered  to  be  predi¬ 
cated  on  incomplete  information.  In  either  case  a  relationship  is 
obtainable  by  dimensional  analysis. 

Consistent  Units.  In  establishing  the  preceding  formulas  the  dimen- 
sions  were  referred  to  in  general  terms  such  as  length,  time,  temperature, 
etc  without  specifying  the  units  of  the  dimensions.  The  dimension  is 
basic  measurable  quantity,  and  convention  has  established  a  number 
of  different  basic  units  such  as  temperature,  °F  and  °C-  area  sauare 
foot,  square  inch,  square  meter,  square  centimeter;  time,  second  or  hour- 
•  In  order  that  the  net  dimensions  of  the  variables  may  be  obtained 

empby  the^SMie^asic  m^sured^nits^ 

itMsva?  rf“  f ^ 

length  such  as  he  foof  H  7  7pI°y  the  same  basic  unit  of 

— .  J'.rsjss*  tztsts  2ZS  £ 
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dimensions  of  some  variables  in  feet,  some  in  inches,  and  still  others  in 
centimeters.  However,  any  unit  of  length  is  acceptable  provided  all 
the  lengths  involved  in  the  variables  are  expressed  in  the  same  unit  of 
length.  The  same  rule  applies  to  the  other  fundamental  and  derived 
dimensions.  When  a  group  of  dimensions  are  expressed  in  this  manner, 
they  are  called  consistent  units.  Any  group  of  consistent  units  will  yield 
the  same  numerical  result  when  the  values  of  the  variables  are  substi¬ 
tuted  into  the  dimensionless  groups. 

The  Pi  Theorem.  One  of  the  important  mathematical  proofs  of  dimen¬ 
sional  analysis  is  attributed  to  Buckingham,1  who  deduced  that  the  num¬ 
ber  of  dimensionless  groups  is  equal  to  the  difference  between  the  number 
of  variables  and  the  number  of  dimensions  used  to  express  them.  Dimen¬ 
sional  constants  are  also  included  as  variables.  The  proof  of  this 
statement  has  been  presented  quite  completely  by  Bridgman.2  Desig¬ 
nating  dimensionless  groups  by  the  letters  tv\,  7t2,  t r3,  the  complete  physical 
statement  of  a  phenomenon  can  be  expressed  by 


</>(7T  1,  TV 2,  7T 3  .  .  .)  —  0  (3.22) 

where  the  total  number  of  tv  terms  or  dimensionless  groups  equals  the 
number  of  variables  minus  the  number  of  dimensions.  In  the  preceding 
example  there  were,  including  hi,  eight  variables.  These  were  expressed 
in  five  dimensions,  and  the  number  of  dimensionless  groups  consequently 
was  three.  There  is  a  notable  exception  which  must  be  considered,  how¬ 
ever,  or  this  method  of  obtaining  the  number  of  dimensionless  groups  by 
inspection  can  lead  to  an  incorrect  result.  When  two  of  the  variables 
are  expressed  by  the  same  dimension  such  as  the  length  and  diameter  of  a 
pipe,  neither  is  a  unique  variable,  since  the  dimensions  of  either  are 
indistinguishable,  and  to  preserve  the  identity  of  both  they  must  be  com¬ 
bined  as  a  dimensionless  constant  ratio,  L/D  or  D/L.  When  treated  in 
this  manner,  the  equation  so  obtained  will  apply  only  to  a  system  which 
is  geometrically  similar  to  the  experimental  arrangement  by  which  the 
coefficients  and  exponents  were  evaluated,  namely,  one  having  the  same 
ratio  of  L/D  or  D/L.  For  this  reason  the  form  of  a  fluid-flow  equation, 
Eq.  (3.15),  was  solved  for  the  pressure  gradient  rather  than  the  pressure 
drop  directly.  Although  the  solution  for  a  forced-convection  equation 
has  already  been  obtained  algebraically,  it  will  be  solved  again  to  demon¬ 
strate  the  Pi  theorem  and  the  extent  to  which  it  differs  from  the  direct 
algebraic  solution.  In  general,  it  is  desirable  to  solve  for  the  dimension¬ 
less  groups  appearing  in  Table  3.2. 

1  Buckingham,  E.,  Phys.  Rev.,  4,  345-376  (1914). 

2  Bridgman,  op.  cit. 
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Analysis  for  a  Forced-convection  Equation  by  the  Pi  Theorem. 


</>(ir  1,  7T 2,  7T3  .  .  .)  —  0 

7T  =  (p'(hfubpdceDfkafjimKiH)  =  1 


(3.23) 

(3.24) 


Summing  exponents, 


2H,  0  =  a  +  e  +  g  —  i 

2L,  0  =  —  2a  -f*  b  —  3 d  -f -  f  —  g  —  tti  -|-  2i 

2  M,  0  =  d  —  e  +  m-{-i 

XT,  0  =  —a  —  e  —  g 

2d,  0  =  —a  —  b  —  g  —  m  —  2i 


7ri,  7r 2,  and  7r 3  may  be  evaluated  by  simple  algebra.  All  the  exponents 
need  not  be  summed  up  in  one  operation,  since  it  has  been  seen  in  Eq. 
(3.20)  that  the  dimensionless  groups  comprising  it  are  only  composed  of 
three  of  four  variables  each.  It  is  requisite  in  summing  for  the  three 
groups  individually  only  that  all  the  exponents  be  included  at  some  time 
and  that  three  summations  be  made  equal  to  the  difference  between 
the  eight  variables  and  five  dimensions  or  three  groups,  Th  tt2,  and  ir3. 

7Ti.  Since  it  is  desired  to  establish  an  expression  for  h{  as  the  dependent 
variable,  it  is  preferable  that  it  be  expressed  raised  to  the  first  power 
or  a  =  1.  This  will  assure  that  in  the  final  equation  the  dependent 
variable  will  not  be  present  raised  to  some  odd  fractional  power.  Since 
all  the  exponents  need  not  be  included  in  evaluating  in,  assume  b  =  0  and 
6  =  °*  Referring  to  Eq.  (3.20)  it  will  be  seen  that  as  a  result  of  these 
assumptions  neither  the  Reynolds  number  nor  the  Prandtl  number  will 
appear  as  solutions  for  in.  When  b  =  0,  uh  =  1  and  Dup/a  =  1  •  and 
when  e  =  0,  c*  =  1  and  cp/k  =  1. 


Assume  o  -  1,  b  -  0,  e  =  0.  Solving  the  simultaneous  equations 
above,  d  =  0,  /  =  +1,  g  =  -1,  m  =  0,  i  =  0, 
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Assume  /  =  1,  a  =  0,  e  =  0.  Solving  the  simultaneous  equations 
above,  b  =  1,  d  =  1,  g  =  0,  m  =  —\,i  =  0, 

'■  -  ♦'  icf) 

7 r3.  To  prevent  the  hi  term  and  the  velocity  or  density  from  appearing 
again,  assume  a  =  0,  e  =  1,  /  =  0.  All  the  exponents  will  have  now 
appeared  in  one  or  more  solutions. 

Assume  a  =  0,  e  =  1,  /  =  0.  Solving  the  simultaneous  equations 
above,  b  —  0,  d  =  0,  g  =  —  1,  m  =  1,  i  =  0, 

-  ♦'  (?) 

The  final  expression  is 

*  (¥’  l) = 0  <3-25) 

or 

¥  -  *  (¥')  »■  (?) 

-(W  (*)■-■(#(?)■  «» 

where  the  proportionality  constant  and  the  exponents  must  be  evaluated 
from  experimental  data. 

Development  of  an  Equation  for  Streamline  Flow.  Since  streamline 
flow  is  a  conduction  phenomenon,  it  is  subject  to  rational  mathematical 
analysis.  On  the  assumption  that  the  distribution  of  velocities  at  any 
cross  section  is  parabolic,  the  inside  surface  of  the  pipe  is  uniform,  and 
the  velocity  at  the  wall  is  zero,  Graetz1  obtained  for  radial  conduction 
to  a  fluid  moving  in  a  pipe  in  rodlike  flow 

- 1  - 8*  fe)  (3-27) 

where  h  and  t2  are  the  inlet  and  outlet  temperatures  of  the  fluid,  tp  is  the 
uniform  inside  pipe  surface  temperature,  tp  t\  the  temperature  differ¬ 
ence  at  the  inlet,  and  <f>(wc/kL)  is  the  numerical  value  of  an  infinite  series 
having  exponents  which  are  multiples  of  wc/kL.  Equation  (3.27)  may 
be  replaced  through  dimensional  analysis  with  an  empirical  expression 
which  must  be  evaluated  from  experiments.  If  h  -  th  the  rise  in  the 
temperature  of  the  fluid  flowing  in  the  pipe,  is  considered  to  be  influenced 

1  Graetz  L.,  Ann.  PhysiJc,  26,  337  (1885).  For  a  review  of  the  treatment  of  conduc¬ 
tion  in  moving  fluids  see  T.  B.  Drew,  Trans.  AIChE,  26,  32  (1931). 
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in  radial  conduction  by  the  length  of  path  L,  the  rate  of  flow  w,  specific 
heat  c,  thermal  conductivity  k,  and  the  temperature  difference  between 
the  pipe  inside  surface  and  the  fluid  temperature  so  that  A U  —  tp  —  t\ , 

t2  —  ti  =  aLav^cdke  A t{  (3.28) 


Solving  by  the  method  of  dimensional  analysis 


(3.29) 

(3.30) 


which  is  similar  to  Eq.  (3.27).  Now  note  that  neither  Eq.  (3.28)  nor 
(3.29)  contains  hi  or  the  viscosity  y.  But  Q  =  hiAi  A U  or 


wc(t2  —  ti)  =  h{TT  DL  A U 


and  substituting  G  =  ^2/4  in  E(b  (3.30), 

hiL  ( D2Gc\d 
DGc  a\kL  ) 

Now  synthetically  introducing  the  viscosity  by  multiplying  the  right  term 
of  Eq.  (3.31)  by  {y/y)d,  one  obtains 


(3.31) 


¥~  Kf)  (?)©]“-( 


wc\ 
kL) 


d+ 1 


(3.32) 


This  is  a  convenient  means  of  representing  streamline  flow  using  the 
dimensionless  groups  incidental  to  turbulent  flow  and  including  the 
dimensionless  ratio  D/L.  It  should  not  be  inferred,  however,  that 
because  of  this  method  of  representation  the  heat-transfer  coefficient  is 
influenced  by  the  viscosity  even  though  the  Reynolds  number,  which  is 
the  criterion  of  streamline  flow,  is  inversely  proportional  to  the  viscosity. 
The  values  of  /i  in  Eq.  (3.32)  actually  cancel  out. 

>  The  Temperature  Difference  between  a  Fluid  and  a  Pipe  Wall 
Before  attempting  to  evaluate  the  constants  of  a  forced-convection  equa- 

SETT*1  “ldi,l“*1  '“•»  »«■<  •»  .ZETo 

account  When  a  liquid  flows  along  the  axis  of  a  tube  and  absorbs  nr 
ransmits  sensible  heat,  the  temperature  of  the  liquid  varies  over  the 

temperature  over'the'entire  are^ o^each  ^^of°^e  flatU^lI^  -^e 

and  the  temperature  difference  was  simply  the  diJ^ct  bTw“ 
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points  on  the  two  faces.  If  the  temperature  of  the  inner  circumference 
of  a  pipe  wall  is  nearly  constant  over  its  entire  length,  as  it  might  be  when 
the  fluid  inside  the  tube  is  heated  by  steam,  there  will  be  two  distinct 
temperature  differences  at  each  end:  one  between  the  pipe  wall  and  the 
inlet  liquid  and  one  at  the  other  end  between  the  pipe  wall  and  the  heated 
liquid.  What  is  the  appropriate  temperature  difference  for  use  in  the 
equation  Q  =  hiAi(tp  —  i)  =  hiAi  A U,  where  tp  is  the  constant  tempera¬ 
ture  of  the  inside  pipe  wall  and  i  is  the  varying  temperature  of  the  liquid 
inside  the  pipe? 

Referring  to  Fig.  3.6,  the  constant  temperature  of  the  inside  pipe  wall 
is  shown  by  the  horizontal  line  tp.  If  the  specific  heat  is  assumed  con- 


Fig.  3.6.  Temperature  difference  between  a  fluid  and  a  pipe  wall. 


stant  for  the  liquid,  the  rise  in  temperature  is  proportional  to  the  total 
heat  received  by  the  liquid  in  passing  from  the  inlet  temperature  ii  to  the 
outlet  temperature  i2  and  if  hi  is  considered  constant 


dQ  =  hi  dAi  Ati 


(3.33) 


The  slope  of  the  lower  line  defining  the  temperature  difference  A U  as  a 
function  of  Q  is 


d  AU  _  At2  ~  Ati 
dQ  Q 


(3.34) 


where  Ai2  =  tp  —  ii  and  Aii  —  tp  —  i2. 
and  (3.34), 

hi  dA.  i  /  a  i  a  i  \ 

„  -  (A i2  —  Aii) 


Eliminating  dQ  from  Eqs.  (3.33) 


(3.35) 


Integrating 

Q  =  hjAi(At2  —  Aii) 
^  ~  In  Ai2/Aii 


(3.36) 


The  expression  — 7—^  is  the  logarithmic  mean  temperature  difference , 

In  Ai2/Aii 

abbreviated  LMTD,  and  the  value  of  hi,  which  has  been  computed  from 
q  =  hiAiAU  when  Ai,-  is  the  logarithmic  mean,  is  a  distinct  value  of 
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hi.  If  the  value  of  A U  were  arbitrarily  taken  as  the  arithmetic  mean  of 
A t2  and  Ati,  the.  value  of  hi  would  have  to  be  designated  to  show  that  it 
does  not  correspond  to  the  logarithmic  mean.  This  is  usually  accom¬ 
plished  by  affixing  the  subscript  a  or  m  for  arithmetic  mean,  as  ha  or  hm. 
When  At2  and  A^i  approach  equality,  the  arithmetic  and  logarithmic 
means  approach  each  other. 

Experimentation  and  Correlation.  Suppose  experimental  apparatus 
was  available  with  known  diameter  and  length  and  through  -which  liquid 
could  be  circulated  at  various  measurable  flow  rates.  Suppose,  further¬ 
more,  that  it  was  equipped  with  suitable  devices  to  permit  measurement 
of  the  inlet  and  outlet  liquid  temperatures  and  the  temperature  of  the 
pipe  wall.  The  heat  absorbed  by  the  liquid  in  flow  through  the  pipe 
would  be  identical  with  the  heat  passing  into  the  pipe  in  directions  at 
right  angles  to  its  longitudinal  axis,  or 

Q  =  wc(t2  —  ti)  =  hiAi  AU  (3.37) 


From  the  observed  values  of  the  experiment  and  the  calculation  of  A tif  as 
given  in  Eq.  (3.36),  hi  can  be  computed  from 


h 


wc(t2  —  1 1) 
Ai  AU 


(3.38) 


The  problem  encountered  in  industry,  as  compared  with  experiment,  is 
not  to  determine  hi  but  to  apply  experimental  values  of  hi  to  obtain  Ai} 
the  heat-transfer  surface.  The  process  flow  sheet  ordinarily  contains 
the  heat  and  material  balances  about  the  various  items  of  equipment 
which  enter  into  a  process.  From  these  balances  are  obtained  the  condi¬ 
tions  which  must  be  fulfilled  by  each  item  if  the  process  is  to  operate  as  a 
unit.  Thus  between  two  points  in  the  process  it  may  be  required  to 
raise  the  temperature  of  a  given  weight  flow  of  liquid  from  h  to  t2  while 
another  fluid  is  cooled  from  Tfi  to  T2.  The  question  in  industrial  prob- 
ems  is  to  determine  how  much  heat-transfer  surface  is  required  to  fulfill 
these  process  conditions.  The  clue  would  appear  to  be  present  in  Eq. 
(3  38),  except  that  not  only  A{  but  also  h{  is  unknown  unless  it  has  been 
established  by  former  experiments  for  identical  conditions. 

In  order  to  prepare  for  the  solution  of  industrial  problems  it  is  not 
practical  to  run  experiments  on  all  liquids  and  under  an  infinite  varietv 
of  experimental  conditions  so  as  to  have  numerical  values  of  h •  availabk 
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such  as  the  velocity  of  the  liquid  and  the  diameter  of  the  tube  through 
which  heat  transfer  occurs.  It  is  here  that  the  importance  of  the  equa¬ 
tions  obtained  through  dimensional  analysis  becomes  apparent.  If  the 
values  of  the  exponents  and  coefficients  of  the  dimensionless  equation 
for  extreme  conditions  of  operation  are  established  from  experiments,  the 
value  of  hi  can  be  calculated  for  any  intermediate  combination  of  velocity 
and  pipe  and  liquid  properties  from  the  equation. 

A  typical  apparatus  for  the  determination  of  the  heat-transfer  coeffi¬ 
cient  to  liquids  flowing  inside  pipes  or  tubes  is  shown  in  Fig.  3.7.  The 
principal  part  is  the  test  exchanger,  which  consists  of  a  test  section  of 
pipe  enclosed  by  a  concentric  pipe.  The  annulus  is  usually  connected 
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Fig.  3.7.  Test  apparatus  for  the  tube  transfer  coefficient. 


to  permit  the  condensation  of  steam  for  liquid-heating  experiments  or  the 
rapid  circulation  of  water  for  liquid-cooling  experiments.  The  auxiliary 
exchanger  is  connected  to  perform  the  opposing  operation  of  the  test 
section  and  cools  when  the  test  section  is  used  for  heating.  For  a  heat¬ 
ing  experiment,  cold  liquid  from  the  reservoir  is  circulated  through  the 
circuit  by  a  centrifugal  pump.  A  by-pass  is  included  on  the  pump  dis¬ 
charge  to  permit  the  regulation  of  flow  through  the  flow  meter.  The 
liquid  then  passes  through  a  temperature-measuring  device,  such  as  a 
calibrated  thermometer  or  thermocouple,  where  t\  is  obtained.  t\  is 
taken  at  some  distance  in  the  pipe  before  the  test  section,  so  that  the 
temperature-measuring  device  does  not  influence  the  convection  eddies 
in  the  test  section  itself.  The  liquid  next  passes  through  the  test  section 
and  another  unheated  length  of  pipe  before  it  is  mixed  and  its  temperature 
U  is  measured.  The  unheated  extensions  of  the  test  pipe  are  referred  to 
as  calming  sections.  Next  the  liquid  passes  through  a  cooler  where  its 
temperature  is  returned  to  t\.  The  annulus  of  the  test  section  is  con- 


CONVECTION 


45 


nected  to  calibrated  condensate  drain  tanks  where  the  heat  balance  can 
be  checked  by  measuring  the  steam,  Dowtherm  (a  fluid  which  permits 
the  attainment  of  high  vapor  temperatures  at  considerably  lower  pres¬ 
sures  than  are  obtained  with  steam),  or  other  vapor  quantity. .  The 
pressure  of  steam  can  be  adjusted  by  a  pressure-reducing  valve,  and  in  the 
event  that  the  heating  vapor  does  not  have  a  well-established  tempera¬ 
ture-pressure  saturation  curve,  thermocouples  or  thermometers  can  also 
be  inserted  in  the  shell.  The  temperature  of  the  outside  surface  of  the 
heated  length  of  the  pipe  is  obtained  by  attaching  a  number  of  thermo¬ 
couples  about  the  pipe  surface  and  obtaining  their  average  temperature. 
The  thermocouples  may  be  calibrated  by  circulating  preheated  oil  through 
the  tube  while  the  annulus  outside  the  test  pipe  is  kept  under  vacuum. 
The  temperature  at  the  outside  of  the  test-pipe  surface  can  then  be 
calculated  from  the  uniform  temperature  of  the  preheated  oil  after 
correcting  for  the  temperature  drop  through  the  pipe  wall  and  calibrating 
temperature  against  emf  by  means  of  a  potentiometer.  The  leads  from 
the  pipe-surface  thermocouples  are  brought  out  through  the  gaskets  at 
the  ends  of  the  test  section. 

The  performance  of  the  experiment  requires  the  selection  of  an  initial 
reservoir  temperature  h  which  may  be  attained  by  recirculating  the 
liquid  through  the  exchanger  at  a  rapid  rate  until  the  liquid  in  the  reser¬ 
voir  reaches  the  desired  temperature.  A  flow  rate  is  selected  and  cooling 
water  is  circulated  through  the  cooler  so  that  the  temperature  of  the  oil 
returning  to  the  reservoir  is  also  at  h.  When  steady  conditions  of  h 
and  U  have  persisted  for  perhaps  5  min  or  more,  the  temperatures  h  and 
h  are  recorded  along  with  the  flow  rate,  readings  of  the  pipe-surface 
thermocouples,  and  gain  in  condensate  level  during  the  test  interval. 
With  \  ersatile  apparatus  using  good  regulating  valves  an  experiment  can 
usually  be  carried  out  in  less  than  an  hour. 


Several  important  points  must  be  safeguarded  in  the  design  of  experi¬ 
mental  apparatus  if  consistent  results  are  expected.  The  covers  at  the 
ends  of  the  test  section  cannot  be  connected  directly  to  the  test  pipe  since 
they  act  as  gatherers  of  heat.  Should  they  touch  the  test  pipe  in  a  metal- 
to-metal  contact,  they  add  large  quantities  of  heat  in  local  sections.  To 
prevent  inaccuracies  from  this  source  the  covers  and  the  test  pipe  should 
e  separated  by  a  nonconducting  packing  gland.  Another  type  of  error 
results  from  the  accumulation  of  air  in  the  annulus,  which  prevents  the 
ree  condensation  of  vapor  on  the  test  pipe.  This  usually  is  apparent 
if  there  is  a  lack  of  uniformity  in  the  readings  of  the  pipe-surface  thermo- 
'  uples  and  annulus  thermocouples  when  the  latter  are  employed  This 
can  be  overcome  by  providing  a  bleed  for  the  removal  of  any  tapped  air 
derns  incidental  to  the  installation  and  calibration  of  thermocouples 
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and  thermometers  appear  elsewhere.1  The  same  is  true  of  equations  to 
correct  for  fluid  flow  through  standard  orifices  when  the  properties  of  the 
liquid  vary. 

Evaluation  of  a  Forced  Convection  Equation  from  Experimental  Data. 

As  an  example  of  correlation,  data  are  given  in  Table  3.3  which  were 
obtained  by  Morris  and  Whitman2  on  heating  gas  oil  and  straw  oil  with 
steam  in  a  ^-in.  IPS  pipe  with  a  heated  length  of  10.125  ft. 

The  viscosity  data  are  given  in  Fig.  3.8  and  are  taken  from  the  original 
publication.  The  thermal  conductivities  may  be  obtained  from  Fig.  1, 
and  the  specific  heats  from  Fig.  4.  Both  are  plotted  in  the  Appendix 


with  °API  as  parameters.  The  thermal  conductivity  of  the  metal  was 
taken  by  Morris  and  Whitman  to  be  35  Btu/(hr)(ft2)(°F/ft)  and  constant, 
although  this  is  higher  than  the  value  given  in  Appendix  Table  3.  Only 
columns  2,  3,  4,  and  5  in  Table  3.3  were  observed  where 
h  =  oil  inlet  temperature,  °F 
f2  =  oil  outlet  temperature,  °F 

tw  =  temperature  of  outer  pipe  surface  averaged  from  thermocouples 
w  =  weight  flow,  lb/hr 

The  first  step  in  correlating  a  forced  convection  equation  is  to  determine 
that  the  data  are  in  turbulent  flow,  otherwise  an  attempted  correlation  by 
Eq.  (3.26)  would  be  incorrect.  In  column  11  the  Reynolds  numbers 
have  been  calculated  using  the  diameter  and  flow  area  of  a  ^-in.  IPS  pipe 
which  may  be  found  in  Table  11.  Fluid  properties  have  been  obtained 
at  the  mean  temperature  (h  +  t2)/ 2.  The  Reynolds  numbers  all  exceed 

1  American  Institute  of  Physics,  “ Temperature:  Its  Measurement  and  Control  in 
Science  and  Industry,”  Reinhold  Publishing  Corporation,  New  York,  1941. 

*  Morris,  F.  H.,  and  W.  G.  Whitman,  Ind.  Eng.  Chem.,  20,  234  (1928). 


Table  3.3.  Data  of  Morris  and  Whitman 
Runs  Heating  36.8°API  Gas  Oil  with  Steam 
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2100  in  substantiation  of  turbulent  flow.  Equation  (3.26)  is  given  as 


and  a,  p,  and  ?  can  be  found  algebraically  by  taking  the  data  for  three 
test  points. 

Algebraic  Solution.  This  method  of  correlation  is  demonstrated  by 
using  the  three  points  £4,  B 12,  and  C 12  in  Table  3.3  which  include  a 
large  range  of  hiD/k,  DG/n,  and  cn/k  as  calculated  presently  from  flow 
and  fluid  properties  and  tabulated  in  columns  9,  11,  and  12. 


C 12:  191  =  a(10,200)p(57.8)3 

£12:  356  =  o:(25,550)p(32.9)« 

£4:  79.5  =  a(4,620)p(41.4)* 


Taking  the  logarithms  of  both  sides, 

C12:  2.2810  =  log  a  +  4.0086p  +  1.7619? 
£12:  2.5514  =  log  a  +  4.4065p  +  1.5172? 
£4:  1.9004  =  log  a  +  3.6646p  +  1.6170? 


Eliminating  the  unknowns  one  by  one  gives  a  =  0.00682,  p  =  0.93,  and 
?  =  0.407,  and  the  final  equation  is 


JuD 

k 


000892  (tTW” 


When  the  equation  is  to  be  used  frequently,  it  can  be  simplified  by  fixing 
?  as  the  cube  root  of  the  Prandtl  number  and  solving  for  new  values  of 
a  and  p.  The  simplified  equation  would  be 


hiD 

k 


( dgY 966 

0.0089  (— ) 


Graphical  Solution.  For  the  correlation  of  a  large  number  of  points  the 
graphical  method  is  preferable.  Rewriting  Eq.  (3.26), 


(3.39) 


which  is  an  equation  of  the  form 


y  =  aXp 


(3.40) 
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Taking  the  logarithms  of  both  sides, 

log  y  =  log  a  +  p  log  x 

which  reduces  on  logarithmic  coordinates  to  an  equation  of  the  form 

y  =  a  +  px  (3.41) 

On  logarithmic  coordinates  the  entire  group  {hj) /k){cn/k)  9  is  the  ordi¬ 
nate  y  in  Eq.  (3.41),  the  Reynolds  number  is  x,  p  is  the  slope  of  the  data 
when  plotted  as  y  vs.  x,  and  a  is  the  value  of  the  intercept  when 

p  log  x  =  0 

which  occurs  when  the  Reynolds  number  is  1.0.  To  plot  values  of 
in  =  ( hiD/k)(cn/k)~q ,  the  exponent  q  must  be  assumed.  The  most 
satisfactory  assumed  value  of  the  exponent  will  be  the  one  which  permits 
the  data  to  be  plotted  with  the  smallest  deviation  from  a  straight  line. 
A  value  of  q  must  be  assumed  for  the  entire  series  of  the  experiments,  and 
jH  computed  accordingly.  This  is  a  more  satisfactory  method  than  an 
algebraic  solution,  particularly  when  a  large  number  of  tests  on  different 
oils  and  pipes  are  being  correlated.  If  q  is  assumed  too  large,  the  data 
will  scatter  when  plotted  as  y  vs.  x.  If  q  is  assumed  too  small,  the  data 
will  not  scatter  but  will  give  a  large  deviation  by  producing  a  curve. 
Preparatory  to  a  graphical  solution,  run  Bl  in  Table  3.3  will  be  computed 
completely  from  observed  data  alone.  Run  Bl  consists  of  a  test  employ¬ 
ing  a  36.8° API  gas  oil  in  a  j^-in.  IPS  pipe. 

Observed  test  data: 

Weight  flow  of  gas  oil,  w  =  722  lb/hr 
Temperature  of  oil  at  pipe  inlet,  t\  =  77.1°F 
Temperature  of  oil  at  pipe  outlet,  U  =  106. 9°F 
Average  temperature  of  outside  pipe  surface,  tw  =  210. 1°F 

Physical  data  and  calculated  results: 

Heat  load,  Btu/hr: 

Average  oil  temperature  =  ---1  \  106,9  =  92.0°F 

Average  specific  heat,  c  =  0.472  Btu/(lb)(°F) 

Q  =  wc(t2  -  U)  =  722  X  0.472(106.9  -  77.1)  =  10,150  Btu/hr 

Temperature  of  pipe  at  inside  surface,  tp : 

I.D.  of  ^£-in.  IPS  =  0.62  in.;  O.D.  =  0.84  in. 

Length,  10.125  ft;  surface,  1.65  ft2 
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Thermal  conductivity  of  steel,  35  Btu/(hr)(ft2)(°F/ft) 
Q  per  lin  ft,  g  =  =  1(X)7  Btu 


tn  tin 


2.3<£  -^2  _  01  n 

2 irk  g  Di  ~  210,1 


2.3  X  1007 
2  X  3.14  X  35 


log 


0.84 

0.62 


=  208.7°F 


A U  in  expression  Q  =  hiA{  A tp. 

At  inlet,  AU  =  208.7  -  77.1  =  131.6°F 
At  outlet,  Ah  =  208.7  -  106.9  =  101. 8°F 


AU  =  LMTD  = 
hi 


Q 


131.6  -  101.8 
2.3  log  (131.6/101.8) 


=  115.7°F 


(3.36) 


Ai  At 


:  =  irai5j  =  53-6Btu/(hr)(ft2)(OF) 


The  thermal  conductivity  of  the  oil  will  be  considered  constant  at 
0.078  Btu/ (hr) (ft2) (°F /ft). 


KD  53.6  X  0.62 


Nusselt  number,  Nu  =  -f_  -  Q  07g  x  12 
Mass  velocity,  G  =  w 


=  35.5,  dimensionless 


7rZ)2/4  (3.14  x  0.622)/(4  X  122) 


342,000 
lb/(hr)  (ft2) 


The  viscosity  from  Fig.  3.8  at  92°F  is  3.22  centipoises  [gram-mass/ 100 
(cm) (sec)]  or  3.22  X  2.42  =  7.80  lb/(ft)(hr). 


Reynolds  number,  Re  =  X  342,000  X 

=  2280,  dimensionless 

_  ■,  n  Cfi  0.472  X  7.80  0  .  , 

Prandtl  number,  Pr  =  -~  =  - -  =  47.2,  dimensionless 

Assume  values  of  q  of  1.0  and  respectively. 

First  trial:  Jh  =  Nu/Pr  =  0.75  plotted  in  Fig.  3.9 
Second  trial:  jH  =  Nu/Pr*  =  9.83  plotted  in  Fig.  3.10 


The  values  of  the  first  trial  in  which  the  ordinate  is  jH  = 

for  an  assumed  value  of  q  =  1  are  plotted  in  Fig.  3.9  where  two  distinct 
lines  result,  one  for  each  of  the  oils.  It  is  the  object  of  a  good  correlation 
to  provide  but  one  equation  for  a  large  number  of  liquids  and  this  can  be 
accomplished  by  adjusting  the  exponent  of  the  Prandtl  number.  By 

h  1 

assuming  a  value  of  q  =  }/s  and  plotting  the  ordinate  jT  = 
it  is  possible  to  obtain  the  single  line  as  shown  in  Fig.  3.10.  By  drawing 
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the  best  straight  line  through  the  points  of  Fig.  3.10,  the  slope  can  be 
measured  in  the  same  way  as  on  rectangular  coordinates,  which  in  this 
particular  case  is  found  to  be  0.90.  By  extrapolating  the  straight  line 
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Fig.  3.9.  Plot  of  Re  vs.  jn  with  Prandtl 
exponent  of  1.0. 


1’  ig.  3.10.  Plot  of  Re  vs.  jh  with  Prandtl 
exponent  of 


until  the  Reynolds  number  is  1.0,  a  value  of  a  =  0.0115  is  obtained  as  the 
intercept.  The  equation  for  all  the  data  is  thus 


KD 


k 


=  0.0115 


(?)"■(¥) 


H 


(3.42) 


Thl  rorrel  t  _  7°"^  CaUS6  ®SS  b°Wing  and  a  Smaller  deviation 

e  correlation  of  data  need  not  be  confined  to  heating  or  cooling  runs  on 

lqui  s  separately.  It  is  entirely  possible  to  combine  both  types  of  data 

in  o  a  single  correlation,  called  the  isothermal  heat-transfer  equation 

Imbl  ChaH  6  inV0lV6S  “  additi°nal  COnsideration  which  ^  deferred 

isothermallv"  if  ^  “  PipeS‘  ^  a  fluid  flows  in  a  pipe 

•  ^  ^  undergoes  a  decrease  in  pressure  From  En  ian  u 

rVv  ° 
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Rewriting  Eq.  (3.16)  in  dimensionless  form, 


A P  gpD  (DG\d 

G2L  a  \  M  ) 


where  /'  is  one  of  the  dimensionless  factors  found  in  the  literature  to 
designate  the  friction  factor  and  A P  is  the  pressure  drop  in  pounds  per 
square  foot.  For  combination  with  other  hydrodynamic  equations  it  is 
more  convenient  to  use  a  friction  factor/  so  that 


A P  2 gpD 
AG2L 


a 

R? 


(3.43) 


When  experimental  data  are  available,  it  is  thus  convenient  to  obtain  a 
correlation  by  plotting  /  as  a  function  of  the  Reynolds  number  and  the 
conventional  Fanning  equation  as  shown  in  Fig.  3.11.  The  Fanning 
equation  comprises  the  first  and  second  terms  of  Eq.  (3.43)  and  is  usually 
written  as  A F  =  A P/p  where  A F  is  the  pressure  drop  expressed  in  feet  of 
liquid,  or 


A  F 


4tfG2L 

2gp2D 


(3.44) 


For  the  portion  of  the  graph  corresponding  to  streamline  flow 

(Re  <  2100  to  2300), 

the  equation  for  the  pressure  drop  may  be  deduced  from  theoretical  con¬ 
siderations  alone  and  has  been  verified  by  experiment.  The  equation  is 


A F  = 


32  pG 
gp2D2 


(3.45) 


By  equating  (3.44)  and  (3.45),  since  each  applies  at  the  transition  point 
from  streamline  to  turbulent  flow,  the  equation  of  this  line,  known  as  the 
Hagen-Poiseuille  equation,  where  /  is  used  with  Eq.  (3.44),  is 

f  =  mr.  (3-46) 

To  the  right  of  the  transition  region  in  turbulent  flow  there  are  two 
lines,  one  for  commercial  pipes  and  the  other  for  tubes.  Tubes  have 
smoother  finishes  than  pipes  and  therefore  give  lower  pressure  drops  when 
all  other  factors  are  the  same.  This  is  not  so  of  streamline  flow  where 
the  fluid  at  the  pipe  or  tube  wall  is  assumed  to  be  stationary  or  nearly 
stationary  and  the  pressure  drop  is  not  influenced  by  roughness.  The 
equation  of  /  in  Eq.  (3.44)  for  fluids  in  tubes  in  turbulent  flow  is  given  by 
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Drew,  Koo,  and  McAdams1  within  ±5  per  cent  by 

/  =  0.00140  +  (3.47a) 

For  clean  commercial  iron  and  steel  pipes  an  equation  given  by  Wilson, 


McAdams,  and  Seltzer2  within  + 10  per  cent  is 


/  =  0.0035  +  — °‘264 
(DO  /  fi)0-42 


(3.47 6) 

It  can  be  seen  that,  if  the  transition  from  streamline  to  turbulent  flow 
given  by  Dup/p  =  2300,  approximately,  then  the  velocity  at  which  a 
fluid  in  a  pipe  changes  from  streamline  to  turbulent  flow  is 


K rit  =  ~~ 

Up 


For  water  flowing  in  a  1-in.  IPS  pipe  at  100*F,  the  viscosity  is  0.72  centi- 

1  H°McAdams  “and  M^dUerTd  ^V8'  56"72  <1932>- 

(1922).  ’  Seltzer,  Ind.  Eng.  Chem .,  14,  105-119 
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poise  or  0.72  gram-mass  X  100  (cm)  (sec)  or  0.72  X  2.42  =  1.74  lb/ (ft) 
(hr),  and  the  inside  diameter  of  the  pipe  is  1.09  in.,  or  1.09/12  =  0.091  ft. 

2300  X  1.74  ™f,/.  nin(1. 

**  =  aogTxoSa  =  707  ft/hr’  or  0196  fps 


For  air  at  100°F  the  viscosity  is  0.0185  X  2.42  =  0.0447  lb/(ft)(hr)  and 
the  density  is  approximately  0.075  lb/ft.3  Then  for  the  same  pipe 


2300  X  0.0447 
0.091  X  0.075 


15,100  ft/hr,  or  4.19  fps 


The  Reynolds  Analogy.  Both  heat  transfer  and  fluid  friction  in 
turbulent  flow  have  been  treated  empirically,  whereas  their  streamline- 


Fig.  3.12. 


Momentum  transfer  between  a  fluid  and  a  boundary  layer. 


flow  equivalents  may  be  studied  theoretically  with  reasonable  accuracy. 
Turbulent  flow  is  of  greater  importance  to  industry,  yet  this  empiricism 
exists  because  of  the  lack  of  simple  mathematics  by  which  derivations 
might  be  obtained.  As  early  as  1874,  however,  Osborne  Reynolds1 
pointed  out  that  there  was  probably  a  relationship  between  the  transfer 
of  heat  and  the  fluid  friction  between  a  hot  fluid  and  a  surface. 

There  are  several  advantages  which  might  accrue  from  an  equation 
relating  heat  transfer  and  fluid  friction.  For  the  most  part  fluid-friction 
experiments  are  simpler  to  perform  than  are  heat-transfer  experiments, 
and  the  understanding  of  both  fields  could  be  increased  by  experimenta¬ 
tion  in  either.  The  fundamentals  of  the  mechanism  of  both  might  also 
be  better  understood  if  they  were  directly  related.  The  analogy  between 
the  two  is  made  possible  by  the  fact  that  the  transfer  of  heat  and  the 
transfer  of  fluid  momentum  can  be  related.  A  simplified  proof  follows. 

Referring  to  Fig.  3.12  a  fluid  in  amount  W  lb/hr  and  specific  heat  C 
flows  through  a  tube  of  radius  r.  In  the  section  of  the  pipe  between  L  and 

1  Reynolds,  op.  cU.f  pp.  81-85. 


CONVECTION 


55 


L  +  dL  the  temperature  of  the  fluid  is  T,  and  the  temperature  at  the 
inside  surface  of  the  pipe  wail  is  tp.  Of  the  total  fluid  flow  along  the  axis 
of  the  pipe,  assume  that  m  lb/ (hr)  (ft2)  impinges  on  the  pipe  wall  where 
its  velocity  falls  to  zero  and  its  temperature  approaches  the  temperature 
of  the  pipe  wall,  tp.  Each  particle  of  fluid  which  thus  contacts  the  wall 
gives  up  its  axial  momentum  and  upon  returning  to  the  main  body  of  the 
fluid  has  its  axial  momentum  renewed  at  the  expense  of  the  energy  of  the 
main  stream.  The  constant  loss  and  renewal  of  momentum  are  the 
cause  of  the  pressure  drop.  The  traction  or  drag  on  unit  area  of  the  pipe 
wall  is  obtained  by  equating  the  drag  on  unit  length  of  pipe  wall  to  the 
product  of  the  pressure  gradient  and  the  cross-sectional  area  of  the  pipe, 
which  reduces  to 


(3.48) 


where  r  is  the  drag.  Since  the  drag  is  assumed  to  be  equal  to  the  loss  of 
momentum  of  the  fluid, 


mu  =  r 


(3.49) 


The  rate  of  heat  transfer  between  the  fluid  and  the  wall  is  given  by 

mC2irrdL(T  -  tp)  =  WC  dT  (3.50) 

or  from  Eqs.  (3.49)  and  (3.50) 

W  dT  T 

m  2t rdL(T  —  tp)  ~  u  (3.51) 

In  simple  terms  the  last  two  members  of  Eq.  (3.51)  state 

Heat  actually  given  up  to  pipe  wall 
Total  heat  available  to  be  given  up 

_  momentum  lost  by  skin  friction  to  pipe  wall 
total  momentum  available  " 

=  a  constant 


Rewriting  Eq.  (3.50)  to  include  the  heat-transfer  coefficien 
WC  dT  =  h&rr  dL(T  -  tp) 


hi  = 


WC  dT 


2irr  dL(T  —  tp) 
or  in  dimensionless  form, 


=  i£  =  / 


u 


puC  = 


(3.52) 

(3.53) 


hi  _f 
CG~  2 
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which  can  be  determined  from  an  experiment  in  which  no  heat  was  trans¬ 
ferred.  Like  most  derivations  which  require  a  number  of  assumptions, 
the  use  of  Eq.  (3.53)  applies  only  to  a  small  range  of  fluids,  particularly 
permanent  gases. 

It  was  Reynolds  as  quoted  by  Stanton1  who  predicted  that  the  coeffi¬ 
cient  of  heat  transfer  obtained  from  Eq.  (3.53)  should  be  affected  by  the 
ratio  of  the  thermal  conductivity  and  viscosity  of  a  specific  fluid.  While 
the  presence  of  the  thermal  conductivity  suggests  the  influence  of  con¬ 
duction,  it  was  observed  experimentally  that  the  entire  cross  section  of  a 
fluid  in  turbulent  flow  is  not  turbulent.  Instead  it  has  been  found  that 
a  laminar  layer  exists  near  the  pipe  wall  through  which  conduction  must 
occur.  Prandtl2  and  Taylor3  independently  included  this  layer.  If  it 
is  assumed  that  the  layer  has  a  thickness  b  and  that  the  temperature 
of  its  inner  circumference  is  t\  the  heat  flow  per  square  foot  of  layer  is 
given  by 


o  k(t  tp) 

*  “  b 

(3.54) 

where  k  is  the  mean  conductivity  for  the  layer.  Assume  that  the  transfer 
of  heat  and  momentum  is  carried  through  this  layer  by  molecular  motion 
without  disturbing  its  laminar  flow.  The  inner  surface  of  the  layer  moves 

with  a  velocity  a'  in  streamline  flow,  and  writing  (a  - 
(3.53), 

-  u ')  for  u  in  Eq. 

tC(T  -  «') 

Q  -  hi(T  t )  - 

(3.55) 

From  the  definition  of  viscosity  given  by  Eq.  (3.4), 

s 

II 

1= 

(3.56) 

where  p  is  the  viscosity  of  the  fluid  in  the  layer.  From  Eq.  (3.54), 

,  Qb  pu'Q 

1  tp  ”  k  rk 

(3.57) 

And  from  Eq.  (3.55), 

Q(u  -  «') 

1  -  1  ~  rC 

(3.58) 

Combining  Eqs.  (3.57)  and  (3.58), 

/ pu'  .  u  u'\ 

T  -  l*  =  Q  \7k  +  7C  ~  75/ 

(3.59) 

i  Stanton,  T.  E.,  Phil.  Trans.  Roy.  Soc.  {London),  A  190,  67-88  (1897). 
*  Prandtl,  L.,  Physik.  Z.,  29,  487-489  (1928). 

3  Taylor,  G.  I.,  Brit.  Adv.  Comm.  Aero.,  Rept.  and  Memo  272  (1917). 
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The  corrected  value  of  hi  becomes 

Q 


hi  = 


(T  -  tp) 


\IU' 

T  +  C  C 


(3.60) 


Substituting  r'  for  the  ratio  a'/ii  and  eliminating  r  by  means  of  Eq.  (3.48), 

fCG 


hi  = 


2  [1  -  r'  +  r'(Cfi/k)] 


(3.61) 


or  in  dimensionless  form  using  c  for  C  and  h  for  hi  as  usually  given  in  the 
literature, 


h_  =  / _ 1 _ 

cG  2  1  —  r'  -j-  r'(cy/k ) 


(3.62) 


Equation  (3.61)  is  the  Prandtl  modification  of  the  Reynolds  analogy, 
which  is  sometimes  called  the  Prandtl  analogy.  The  dimensionless 
Prandtl  group  Cfi/k  has  appeared  earlier  in  this  chapter,  and  when  it  is 
numerically  equal  to  1.0,  Eq.  (3.61)  reduces  to  Eq.  (3.53).  This  is 
approximately  the  case  for  permanent  gases.  While  Eq.  (3.61)  is  a 
notable  extension  of  the  Reynolds  analogy,  it  too  has  definite  limita¬ 
tions.  Modern  theory  now  presumes  that  the  distribution  of  velocities 
no  longer  ends  abruptly  at  the  laminar  layer  but  that  there  is  instead  a 
buffer  layer  within  the  laminar  layer  in  which  the  transition  occurs. 
Other  extensions  of  the  analogies  also  appear  in  the  literature. 

PROBLEMS 

3.1.  The  heat-transfer  coefficient  h  from  a  hot  horizontal  pipe  to  a  gas  by  free  con- 
vec  ion  has  been  found  to  be  influenced  by  the  specific  heat  c,  thermal  conductivity  k 
density  P,  viscosity  M,  thermal  coefficient  of  expansion  0  of  the  gas,  pipe  diameter  D 
gravitational  constant  g,  and  the  temperature  difference  At  between  the  surface  of  the 

fPorthe  heatt“  o effic,™!  ^  ““  f°™  °f  a  di“nless  equation 

coefficient.0  ‘  °  VaP°r'  Establ'Sh  a  dlmensi°nless  expression  for  the  heat-transfer 

th!  »  bT  f°Und  to  *  d  ^ 

length  of  the  solid  l,  and  the  temperatu  1 1  !“ *  '  “d  VisCosity  *  ot  the  8“,  the 

and  the  bulk  temperature  of  the  gas  EstahhlTn  b  T  the  surfa<*  of  the  solid 
of  cooling  h.  8  Establish  a  dimensionless  equation  for  the  rate 

3.4.  When  a  fluid  flows  around  a  sphere,  the  force  exerted  by  the  fluid  has  been 
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found  to  be  a  function  of  the  viscosity  n,  density  p  and  velocity  u  of  the  gas,  and  the 
diameter  D  of  the  sphere.  Establish  an  expression  for  the  pressure  drop  of  the  fluid 
as  a  function  of  the  Reynolds  number  of  the  gas. 

3.5.  The  heating  of  gas  oil  and  straw  oil  in  a  pipe  has  been  found  for  a  ^-in.  IPS 
pipe  to  follow  Eq.  (3.42). 

It  is  desired  to  circulate  5600  lb /hr  of  the  36. 8°  API  gas  oil  through  a  1-in.  IPS  pipe 
while  its  temperature  is  raised  from  110  to  130°F.  In  the  absence  of  any  additional 
heat-transfer  data,  calculate  the  heat-transfer  coefficient  in  the  1-in.  IPS  pipe.  How 
does  this  compare  with  the  value  of  hi  when  the  same  quantity  of  gas  oil  flows  in  a 
J^-in.  IPS  pipe  as  calculated  by  the  same  equation?  The  data  will  be  found  in  the 
illustration  in  the  chapter. 

3.6.  Using  Eq.  (3.42),  it  is  desired  to  circulate  4000  lb/hr  of  amyl  acetate  through 

a  %-in.  IPS  pipe  while  its  temperature  is  raised  from  130  to  150°F.  (o)  From  data 

available  in  the  Appendix  on  the  physical  properties  of  amyl  acetate  calculate  the 
heat-transfer  coefficient.  It  may  be  necessary  to  extrapolate  some  of  the  data.  (« b ) 
Do  the  same  for  6000  lb  /hr  of  ethylene  glycol  in  the  same  pipe  when  heated  from  170 
to  200°F. 

If  only  one  point  is  given  for  a  property,  such  as  the  thermal  conductivity,  and  it  is 
lower  than  the  average  temperature,  its  use  will  actually  introduce  a  slight  factor  of 
safety. 

3.7.  On  a  H-in.  IPS  pipe  10.125  ft  long  Morris  and  Whitman  reported  the  following 
for  heating  water  in  a  pipe  while  steam  is  circulated  on  the  outside.  Note  that  G  , 
the  reported  mass  velocity,  is  not  in  consistent  units. 


G ',  lb /(sec)  (ft2) 

<i,  °F 

U,  °F 

t„,  °F 

58.6 

91.6 

181.5 

198.4 

60.5 

92.7 

180.3 

198.0 

84.3 

102.2 

175.3 

196.5 

115 

103.1 

171.3 

194.5 

118 

103.4 

168.2 

194.9 

145 

105.0 

165.9 

194.0 

168 

107.2 

163.3 

192.4 

171 

106.7 

164.6 

191.1 

200 

108.5 

160.1 

190.0 

214 

106.3 

158.9 

188.3 

216 

1104 

160.2 

190.2 

247 

107.6 

158.2 

186.3 

Viscosities  and  conductivities  can  be  found  in  the  Appendix.  The  specific  heat  and 
gravity  should  be  taken  as  1.0.  Establish  an  equation  of  the  form  of  Eq.  (3.26)  using 
all  the  data.  (Hint.  To  save  time  in  the  selection  of  the  exponent  of  the  Prandtl 
number,  take  three  random  points  such  as  the  first,  last,  and  an  intermediate  one  and 


solve  algebraically.) 

3.8.  On  cooling  a  35.8°API  gas  oil  with  water 
following  for  10.125  ft  of  y2-in.  IPS  pipe: 


Morris  and  Whitman  reported  the 
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G',  lb/(sec)(ft*) 

<t,  °F 

U,  °F 

tw,  °F 

82.6 

150.3 

125.5 

66.0 

115 

138.7 

118.7 

68.0 

164 

130.5 

113.9 

70.0 

234 

141.2 

124.2 

79.2 

253 

210.0 

179.8 

115.4 

316 

197.6 

173.3 

122.9 

334 

132.3 

119.4 

82.1 

335 

191.1 

168.4 

116.3 

413 

194.4 

173.0 

121.6 

492 

132.5 

122.1 

89.5 

562 

200.2 

182.4 

139.4 

587 

188.6 

171.9 

127.7 

672 

190.0 

175.1 

140.7 

682 

191.8 

176.4 

139.5 

739 

132.6 

124.6 

97.2 

The  viscosity  of  the  oil  is  2.75  centipoises  at  100°F  and  1.05  centipoises  at  200°F.  To 
obtain  intermediate  values  of  the  viscosity  plot  temperature  vs.  viscosity  on  loga¬ 
rithmic  paper.  Establish  an  equation  of  the  form  of  Eq.  (3.26)  using  all  the  data. 
(The  hint  given  in  Prob.  3.7  is  applicable.) 

3.9.  On  the  cooling  of  the  29.4° API  straw  oil  with  water  Morris  and  Whitman 
reoorted  the  following  for  10.125  ft  of  ^-in.  IPS  pipe: 
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when  the  exponent  of  the  Prandtl  number  is  and  plot  together  with  the  data  for 
the  illustration  in  the  text  on  heating.  What  conclusion  may  be  drawn? 

3.10.  Sieder  and  Tate1  obtained  data  on  the  cooling  of  a  21°API  oil  flowing  on  the 
inside  of  copper  tube  having  an  inside  diameter  of  0.62  in.  and  5.1  ft  long: 


wy  lb /hr 

fi,  °F 

U,  °F 

tp 

1306 

136.85 

135.15 

73.0 

1330 

138.0 

136.2 

74.0 

1820 

160.45 

158.5 

76.5 

1388 

160.25 

157.9 

75.5 

231 

157.75 

149.5 

77.0 

239 

157.5 

148.45 

78.0 

457 

212.8 

203.2 

89.0 

916 

205.5 

200.4 

86.0 

905 

205.0 

200.0 

85.5 

1348 

206.35 

202.9 

87.5 

1360 

207.6 

204.0 

87.5 

1850 

206.9 

203.7 

88.5 

1860 

207.0 

204.0 

90.0 

229 

141.6 

134.65 

82.5 

885 

140.35 

138.05 

77.0 

1820 

147.5 

146.0 

79.8 

473 

79.6 

84.75 

118.5 

469 

80.2 

86.5 

136.0 

460 

80.0 

82.0 

137.0 

The  temperature  tp  is  for  the  inside  surface  of  the  tube.  Inasmuch  as  these  data  fall 
below  a  Reynolds  number  of  2100,  obtain  an  equation  of  the  form  of  Eq.  (3.32).  The 
viscosity  of  the  oil  is  24.0  centipoises  at  200°F  and  250  centipoises  at  100°F.  Inter¬ 
mediate  viscosities  can  be  obtained  by  drawing  a  straight  line  on  logarithmic  paper  as 
shown  in  Fig.  3.8.  (The  hint  of  Problem  3.7  is  applicable.) 

NOMENCLATURE  FOR  CHAPTER  3 

A  Heat-transfer  surface,  ft2 

a  Fluid  flow  area,  ft2 

b  Thickness  of  laminar  layer,  ft 

C  Specific  heat  of  hot  fluid  in  derivations,  Btu/ (lb)  (°F) 

c  Specific  heat  of  cold  fluid,  Btu/(lb)(  F) 

D  Inside  diameter  of  pipe  or  tube,  ft 
F  Fundamental  dimension  of  force,  force-lb 
A F  Pressure  drop,  ft  of  liquid 

/  Friction  factor  in  the  Fanning  equation,  dimensionless 
f  Friction  factor,  dimensionless 

O  Mass  velocity,  lb/ (hr)  (ft2) 

1  Ind.  Eng.  Chem.,  28,  1429-1435  (1936). 
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9 

H 

k 

hi 

ho 

jn 

Kh 

Km 

k 

L 

M 

m 

A P 

Q 

R% 

R0 

T 

r' 

T 

Ti 

t' 

to 

tp 

t  IP 

tl,  to 
At 
A  U 
A  t0 
u 
u' 

V 

W 

w 

y 

Y 

a 

0 

P 

TV 

P 

T 

<t> 


Acceleration  of  gravity,  ft/hr2 
Heat  unit,  Btu 

Heat-transfer  coefficient  in  general,  Btu/ (hr)  (ft2)  (°F) 

Heat-transfer  coefficient  based  on  the  inside  pipe  surface,  Btu/ (hr)  (ft2)  (°F) 
Heat-transfer  coefficient  based  on  the  outside  pipe  surface,  Btu/(hr)(ft2)(°F) 
Factor  for  heat  transfer,  dimensionless 

Conversion  factor  between  kinetic  energy  and  heat,  (mass-lb)  (ft)  /Btu 
Conversion  factor  between  force  and  mass,  mass-lb /force-lb 
Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Length,  ft 

Fundamental  dimension  of  mass,  mass-lb 

Mass  velocity  perpendicular  to  inside  pipe  surface,  lb/(hr)(ft2) 

Pressure  drop,  lb/ft2 
Heat  flowr,  Btu/hr 

Thermal  resistance  on  inside  of  pipe,  (hr)(ft2)(°F)/Btu 
Thermal  resistance  on  outside  of  pipe,  (hr)(ft2)(°F)/Btu 
Radius,  ft 

Ratio  of  uf/u,  dimensionless 
Temperature  of  hot  fluid,  °F 
Temperature  of  hot  fluid  inside  a  pipe,  °F 
Temperature  of  inner  surface  of  laminar  layer,  °F 
Temperature  of  cold  fluid  outside  a  pipe,  °F 
Temperature  at  inside  surface  of  a  pipe,  °F 
Temperature  at  outside  surface  of  a  pipe,  °F 
Inlet  and  outlet  cold  fluid  temperatures,  °F 
Temperature  difference  for  heat  transfer,  °F 

Temperature  difference  between  inside  pipe  fluid  and  inside  pipe  wall  °F 

Temperature  d1fference  between  outside  pipe  fluid  and  outside  pipe  wall  °F 
V  elocity  in  general,  ft /hr 

Velocity  of  laminar  layer,  ft  /hr 
Specific  volume,  ft3/lb 
Weight  flow  of  hot  fluid,  lb /hr 
Weight  flow  of  cold  fluid,  lb /hr 

Coordinates,  ft  (y  is  also  used  to  indicate  an  ordinate) 

Distance,  ft 

Any  of  several  proportionality  constants,  dimensionless 
lime,  hr 

Viscosity,  lb /(ft)  (hr) 

Dimensionless  group 
Density,  lb /ft3 
Shear  stress,  lb  /ft2 
Function 


Superscripts 

P,  Q  Constants 

Subscripts  (except  as  noted  above) 

*  Inside  a  pipe  or  tube 
0  Outside  a  pipe  or  tube 


CHAPTER  4 

RADIATION 

Introduction.  All  too  often  radiation  is  regarded  as  a  phenomenon 
incidental  only  to  hot,  luminous  bodies.  In  this  chapter  it  will  be  seen 
that  this  is  not  the  case  and  that  radiation,  as  a  third  means  of  trans¬ 
ferring  heat,  differs  greatly  from  conduction  and  convection.  In  heat 
conduction  through  solids  the  mechanism  consists  of  an  energy  transfer 
through  a  body  whose  molecules,  except  for  vibrations,  remain  continu¬ 
ously  in  fixed  positions.  In  convection  the  heat  is  first  absorbed  from  a 
source  by  particles  of  fluid  immediately  adjacent  to  it  and  then  trans¬ 
ferred  to  the  interior  of  the  fluid  by  mixture  with  it.  Both  mechanisms 
require  the  presence  of  a  medium  to  convey  the  heat  from  a  source  to  a 
receiver.  Radiant-heat  transfer  does  not  require  an  intervening  medium, 
and  heat  can  be  transmitted  by  radiation  across  an  absolute  vacuum. 

Wavelength  and  Frequency.  It  is  convenient  to  mention  the  charac¬ 
teristics  of  radiant  energy  in  transit  before  discussing  the  origins  of 
radiant  energy.  Radiant  energy  is  of  the  same  nature  as  ordinary  visible 
light.  It  is  considered,  in  accordance  with  Maxwell's  electromagnetic 
theory,  to  consist  of  an  oscillating  electric  field  accompanied  by  a  mag¬ 
netic  field  oscillating  in  phase  with  it.  College  physics  texts  usually 
treat  the  theory  in  detail. 

The  variation  with  time  of  the  intensity  of  the  electric  field  passing  a 
given  point  can  be  represented  by  a  sine  wave  having  finite  length  from 
crest  to  crest  and  which  is  X,  the  wavelength.  The  number  of  waves 
passing  a  given  point  in  unit  time  is  the  frequency  of  the  radiation,  and 
the  product  of  the  frequency  and  wavelength  is  the  velocity  of  the  wave. 
For  travel  in  a  vacuum  the  velocity  of  propagation  of  radiation  is  very 
nearly  186,000  miles/sec.  For  travel  through  a  medium  the  velocity  is 
somewhat  less,  although  the  deviation  is  generally  neglected. 

The  wavelength  of  radiation  may  be  specified  in  any  units  of  length, 
but  the  micron,  1  X  10"4  cm,  is  common.  All  the  known  waves  included 
in  the  electromagnetic  theory  lie  between  the  short  wavelengths  of  cosmic 
rays,  less  than  1  X  10"6  micron,  and  the  long  wavelength  of  radio  above 
1  X  107  microns.  Of  these,  only  waves  in  the  region  between  the  near 
and  far  infrared  with  wavelengths  of  %  to  400  microns  are  of  importance 
to  radiant-heat  transfer  as  found  in  ordinary  industrial  equipment. 
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The  Origins  of  Radiant  Energy.  Radiant  energy  is  believed  to  origi¬ 
nate  within  th^  molecules  of  the  radiating  body,  the  atoms  of  such  mole¬ 
cules  vibrating  in  a  simple  harmonic  motion  as  linear  oscillators.  The 
emission  of  radiant  energy  is  believed  to  represent  a  decrease  in  the  ampli¬ 
tudes  of  the  vibrations  within  the  molecules,  while  an  absorption  of  energy 
represents  an  increase.  In  its  essence  the  quantum  theory  postulates 
that  for  every  frequency  of  radiation  there  is  a  small  minimum  pulsation 
of  energy  which  may  be  emitted.  This  is  the  quantum,  and  a  smaller 
quantity  cannot  be  emitted  although  many  such  quanta  may  be  emitted. 
The  total  radiation  of  energy  of  a  given  frequency  emitted  by  a  body  is  an 
integral  number  of  quanta  at  that  frequency.  For  different  frequencies, 
the  number  of  quanta  and  thus  the  total  energy  may  be  different.  Planck 
showed  that  the  energy  associated  with  a  quantum  is  proportional  to  the 
frequency  of  the  vibration  or,  if  the  velocity  of  all  radiation  is  considered 
constant,  inversely  proportional  to  the  wavelength.  Thus  radiant  energy 
of  a  given  frequency  may  be  pictured  as  consisting  of  successive  pulses 
of  radiant  energy,  each  pulse  of  which  has  the  value  of  the  quantum 
for  a  given  frequency. 

The  picture  of  the  atom  proposed  by  Bohr  is  helpful  to  a  clearer  under¬ 
standing  of  one  possible  origin  of  radiant  energy.  Electrons  are  pre¬ 
sumed  to  travel  about  the  nucleus  of  an  atom  in  elliptical  orbits  at  vary¬ 
ing  distances  from  the  nucleus.  The  outermost  orbital  electrons  possess 
definite  energies  comprising  their  kinetic  and  potential  energies,  by  virtue 
of  their  rotation  about  the  nucleus.  The  potential  energy  is  the  energy 
required  to  remove  an  electron  from  its  orbit  to  an  infinite  distance  from 
the  nucleus.  A  given  electron  in  an  orbit  at  a  given  distance  from  the 
nucleus  will  have  a  certain  energy.  Should  a  disturbance  occur  such  as 

e  collision  of  the  atom  with  another  atom  or  electron,  the  given  electron 
may  be  displaced  from  its  orbit  and  may  (1)  return  to  its  original  orbit 
(2)  pass  to  another  orbit  whose  electrons  possess  a  different  energv  or  (3) 
entirely  leave  the  system  influenced  by  the  nucleus.  If  the  transition  is 

affected  h'Sh  ener«/  to  one  of  lower  energy,  the  readjustment  is 

affected  by  the  radiation  of  the  excess  energy. 

Another  origin  of  radiant  energy  may  be  attributed  to  the  changes  in 
the  energies  of  atoms  and  molecules  themselves  without  reference  to  their 
individual  electrons.  If  two  or  more  nuclei  of  the  molecub  are  vib°  t 
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in  velocity  corresponds  to  the  emission  of  radiant  energy,  while  an  increase 
corresponds  to  the  absorption  of  radiant  energy. 

Since  temperature  is  a  measure  of  the  average  kinetic  energy  of  mole¬ 
cules,  the  higher  the  temperature  the  higher  the  average  kinetic  energy 
both  of  translation  and  of  vibration.  It  can  therefore  be  expected  that 
the  higher  the  temperature  the  greater  the  quantity  of  radiant  energy 
emitted  from  a  substance.  Since  molecular  movement  ceases  com¬ 
pletely  only  at  the  absolute  zero  of  temperature,  it  may  be  concluded  that 
all  substances  will  emit  or  absorb  radiant  energy  provided  the  tempera¬ 
ture  of  the  substances  is  above  absolute  zero. 

For  radiant  energy  to  be  emitted  from  the  interior  of  a  solid  it  must 
penetrate  the  surface  of  the  solid  without  being  dissipated  by  producing 
other  energy  changes  within  its  molecules.  There  is  little  probability 
that  radiant  energy  generated  in  the  interior  of  a  solid  will  reach  its  sur¬ 
face  without  encountering  other  molecules,  and  therefore  all  radiant 
energy  emitted  from  the  surfaces  of  solid  bodies  is  generated  by  energy- 
level  changes  in  molecules  near  and  on  their  surfaces.  The  quantity 
of  radiant  energy  emitted  by  a  solid  body  is  consequently  a  function  of 
the  surface  of  the  body,  and  conversely,  radiation  incident  on  solid  bodies 
is  absorbed  at  the  surface.  The  probability  that  internally  generated 
radiant  energy  will  reach  the  surface  is  far  greater  for  hot  radiating  gases 
than  for  solids,  and  the  radiant  energy  emitted  by  a  gas  is  a  function  of  the 
gas  volume  rather  than  the  surface  of  the  gas  shape.  In  liquids  the  situ¬ 
ation  is  intermediate  between  gases  and  solids,  and  radiation  may  orig¬ 
inate  somewhat  below  the  surface,  depending  on  the  nature  of  the  liquid. 

The  Distribution  of  Radiant  Energy.  A  body  at  a  given  temperature 
will  emit  radiation  of  a  whole  range  of  wavelengths  and  not  a  single  wave¬ 
length.  This  is  attributed  to  the  existence  of  an  infinite  variety  of  linear 
oscillators.  The  energy  emitted  at  each  wavelength  can  be  determined 
through  the  use  of  a  dispersing  prism  and  thermopiles.  Such  measure¬ 
ments  on  a  given  body  will  produce  curves  as  shown  in  Fig.  4.1  for  each 
given  temperature.  The  curves  are  plots  of  the  intensities  of  the  radiant 
energy  h  Btu/ (hr)  (ft2)  (micron)  against  the  wavelengths  in  microns  X  as 
determined  at  numerous  wavelengths  and  connecting  points.  For  any 
given  temperature  each  curve  possesses  a  wavelength  at  which  the  amount 
of  spectral  energy  given  off  is  a  maximum.  For  the  same  body  at  a  lower 
temperature  the  maximum  intensity  of  radiation  is  obviously  less,  but 
it  is  also  significant  that  the  wavelength  at  which  the  maximum  occurs  is 
longer.  Since  the  curve  for  a  single  temperature  depicts  the  amount  of 
energy  emitted  for  a  single  wavelength,  the  area  under  the  curve  must 
equal  the  sum  of  all  the  energy  radiated  by  the  body  at  all  its  wavelengths 
The  maximum  intensity  falls  between  34  and  400  microns,  indicating  that 
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red  heat  is  a  far  better  source  of  energy  than  white  heat.  Were  it  not 
for  this  fact,  the  near-white  incandescent  lamp  would  require  more 
energy  for  illumination  and  give  off  uncomfortable  quantities  of  heat. 

When  dealing  with  the  properties  of  radiation,  it  is  necessary  to  differ¬ 
entiate  between  two  kinds  of  properties:  monochromatic  and  total.  A 
monochromatic  property,  such  as  the  maximum  values  of  I\  in  Fig.  4.1, 
refers  to  a  single  wavelength.  A  total  property  indicates  that  it  is  the 


algebraic  sum  of  the  monochromatic  values  of  the  property.  Mono- 
c  romatic  radiation  literally  means  “one  color”  or  one  wavelength  but 
experimentally  it  actually  refers  to  a  group  or  band  of  wavelengths,  since 
wavelengths  cannot  be  resolved  individually.  Monochromatic  values 

;!Iln0t  lmport“nt  t0.the.dlrect  solution  of  engineering  problems  but  are 
oeessary  for  the  derivation  of  basic  radiation  relationships. 

The  Emissive  Power.  The  total  quantity  of  radiant  energy  of  all 

Z'  's  *,kZ  “ *1" 

Zi  i'K  ",SSJ lh*  ZT  “  *".v 

cower  is  the  "  8‘  J  .!  Btu  /(hr)  (ft2)  (micron),  the  total  emissive 

power  the  area  under  the  curve  and  may  be  computed  by 


E  = 


(4.1) 
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A  relationship  between  7X  and  X  was  the  subject  of  many  investigations 
both  experimental  and  mathematical  during  the  nineteenth  century. 
Planck  was  the  first  to  recognize  the  quantum  nature  of  radiant  energy 
and  developed  an  equation  which  fits  the  spectral  energy  curve  of  Fig.  4.1 
at  any  temperature.  It  is  given  by 

h  =  ~£ir"l  i  (4-2) 

where  I\  =  monochromatic  intensity  of  emission,  Btu/(hr)(ft2) 
(micron) 

X  =  wavelength,  microns 

Ci  and  C%  =  constants  with  values  1.16  X  108  and  25,740 
T  =  temperature  of  the  body,  °R 

Wien  postulated  another  law  known  as  Wien’s  displacement  law,  which 
states  that  the  product  of  the  wavelength  of  the  maximum  value  of  the 
monochromatic  intensity  of  emission  and  the  absolute  temperature  is  a 
constant,  or 

XT  =  2884  micron  °R  (4.3) 

Equation  (4.3)  may  be  derived  from  Eq.  (4.2)  as  follows, 

dh  =  d  =  0 

(  — 5CiX-6)(ec’/xr  -  1)  +  C,X-s(ec'AT)  =  0 

(~5  +  gC,AT  +  5  =  0 

By  trial  and  error,  the  first  term  equals  —5  when  XT  —  2884. 

Spectral  measurements  of  the  radiation  received  on  the  earth’s  surface 
from  the  sun  and  allowing  for  absorption  by  the  atmosphere  indicate  that 
the  peak  h  lies  approximately  at  0.25  micron,  which  is  well  in  the  ultra¬ 
violet.  This  accounts  for  the  high  ultraviolet  content  of  the  sun’s  rays 
and  the  predominance  of  blue  in  the  visible  portion  of  the  spectrum.  The 
location  of  the  peak  allows  an  estimation  of  the  sun  s  temperature  from 
Eq.  (4.3)  at  11,000°F. 

The  Incidence  of  Radiant  Energy :  The  Black  Body.  The  preceding 
discussion  has  dealt  with  the  generation  of  radiant  energy.  What  hap¬ 
pens  when  radiant  energy  falls  upon  a  body?  In  the  simple  case  of  light 
it  may  be  all  or  partially  absorbed  or  reflected.  If  the  receiving  medium 
is  transparent  to  the  radiation,  it  will  transmit  some  of  the  energy  through 
itself.  The  same  effects  are  applicable  to  radiant  energy,  and  an  energy 
balance  about  a  receiver  on  which  the  total  incident  energy  is  unity  is 


(4.4) 

(4.5) 
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given  by 


fl  +  r+  r  =  1 


(4.6) 


where  the  absorptivity  a  is  the  fraction  absorbed,  the  reflectivity  r  the  frac¬ 
tion  reflected,  and  the  transmissivity  r  the  fraction  transmitted.  The 
majority  of  engineering  materials  are  opaque  substances  having  zero 
transmissivities,  but  there  are  none  which  completely  absorb  or  reflect 
all  the  incident  energy.  The  substances  having  nearly  complete  or  unit 
absorptivities  are  lampblack,  platinum  black,  and  bismuth  black,  absorb¬ 
ing  0.98  to  0.99  of  all  incident  radiation. 

If  an  ordinary  body  emits  radiation  to  another  body,  it  will  have 
some  of  the  emitted  energy  returned  to  itself  by  reflection.  When  Planck 
developed  Eq.  (4.2),  he  assumed  that  none  of  the  emitted  energy  was 
returned,  this  was  equivalent  to  an  assumption  that  bodies  having  zero 
transmissivity  also  had  zero  reflectivity.  This  is  the  concept  of  the 
perfect  black  body  and  for  which  a  =  1.0. 

Relationship  between  Emissivity  and  Absorptivity :  Kirchhoff’s  Law. 
Consider  a  body  of  given  size  and  shape  placed  within  a  hollow  sphere  of 
constant  temperature,  and  assume  that  the  air  has  been  evacuated. 
After  thermal  equilibrium  has  been  reached,  the  temperature  of  the  body 
and  that  of  the  enclosure  will  be  the  same,  inferring  that  the  body  is 
absorbing  and  radiating  heat  at  identical  rates.  Let  the  intensity  of 
radiation  falling  on  the  body  be  I  Btu/(hr)(ft2),  the  fraction  absorbed 
a!,  and  the  total  emissive  power  Ei  Btu/(hr)(ft2).  Then  the  energy 
emitted  by  the  body  of  total  surface  Ax  is  equal  to  that  received,  or 

E\A\  =  Ia\A\  (4.7) 

Ei  =  7m  (4.8) 

If  the  body  is  replaced  by  another  of  identical  shape  and  equilibrium  is 
again  attained, 


E2  =  /a2 

If  a  third  body,  a  black  body,  is  introduced,  then 


(4.9) 


rjb  =  iab 


But  by  definition  the  absorptivity  of  a  black  body  is  1.0. 


Ei 


(4.11) 


or  at  thermal  equilibrium  the  ratio  of  tho  +r>+oi  •  • 

absorptivity  for  all  bodies  is  the  same  n  emissive  Power  to  the 

<“>■  »•  1  “r,y.':rr.r,L°;'0s 
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emissive  power  are  not  obtainable,  but 


E  i  —  d\ Eb 
Ez  =  a2Eh 


Ei 

Eb 

E2 


Ol  =  €i 


(4.12) 

(4.13) 

(4.14) 

(4.15) 


The  use  of  the  ratio  of  the  actual  emissive  power  to  the  black-body  emis¬ 
sive  power  under  identical  conditions  is  the  emissivity  e.  Since  it  is  the 
reference,  the  emissivity  of  the  black  body  is  unity.  The  emissivities  of 
common  materials  cover  a  large  range  and  are  tabulated  in  Table  4.1. 
Emissivities  are  influenced  by  the  finish  or  polish  of  the  surface  and 
increase  with  its  temperature.  Highly  polished  and  white  surfaces 
generally  have  lower  values  than  rough  or  black  surfaces.  From  Eq. 
(4.12)  it  can  be  seen  that  any  body  having  a  high  emissivity  as  a  radiator 
will  have  a  high  absorptivity  when  acting  as  a  receiver.  The  usual  state¬ 
ment  is  as  follows:  Good  radiators  make  good  absorbers. 

Experimental  Determination  of  the  Emissivity.  The  experimental 
determination  of  the  emissivities  of  materials  is  particularly  difficult  at 
high  temperatures.  The  problems  of  maintaining  a  system  free  of  con¬ 
duction,  convection,  and  a  radiation-absorbing  medium  require  careful 
analysis.  A  method  is  given  here  which  is  satisfactory  for  the  measure¬ 
ment  of  emissivities  in  the  range  of  room  temperatures  and  might  be 
applicable  to  the  calculation  of  such  problems  as  the  loss  of  heat  from  a 
pipe  to  air  by  radiation  alone.  A  hollow,  opaque,  internally  blackened 
cylinder  is  maintained  in  a  constant-temperature  bath  as  shown  in  Fig. 
4.2.  A  total  radiation  receiver  is  mounted  by  a  bracket  to  the  wall  of  the 
cylinder.  The  radiation  receiver  consists  of  a  copper  cylinder  a ,  which 
is  blackened  on  the  inside  and  highly  polished  on  the  outside.  Two 
extremely  thin,  blackened,  and  highly  conducting  copper  discs  b  and  b' 
are  mounted  in  the  receiver  for  the  purpose  of  absorbing  radiation.  By 
mounting  the  discs  at  equal  distances  from  the  top  and  bottom  of  the  small 
cylinder,  the  angles  ai  and  a 2  are  equal  and  the  discs  have  equal  areas  for 
receiving  radiation.  The  lower  disc  receives  radiation  from  the  blackened 
constant-temperature  walls  of  the  vessel.  The  upper  disc  receives  radia¬ 
tion  from  a  plate  of  specimen  material  c  which  is  electrically  maintained 
at  a  fixed  temperature.  The  two  discs  are  wired  together  by  a  sensitive 
thermocouple  so  that  they  oppose  each  other,  and  only  net  differences 
in  the  quantity  of  radiation  are  measured  by  the  galvanometer.  By 
wiring  them  to  oppose  each  other,  any  effects  within  the  receiver  itself 
are  also  canceled.  If  the  galvanometer  deflection  for  the  specimen  non- 
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black  body  is  measured  and  then  c  is  replaced  by  a  perfect  black  body,  the 
ratio  of  the  two  galvanometer  deflections  is  the  emissivity  of  the  specimen. 
Data  obtained  in  this  manner  are  the  normal  total  emissivity  as  given 
in  Table  4.1.  They  may  also  be  used  in  the  solution  of  problems 
having  hemispherical  radiation  except  in  the  presence  of  highly  polished 
surfaces. 


Fia.  4.2.  Apparatus  for  measuring  emissivities. 


Influence  of  Temperature  on  the  Emissive  Power :  Stefan -Boltzmann 

Law.  If  a  perfect  black  body  radiates  energy,  the  total  radiation  may  be 

determined  from  Planck’s  law.  Starting  with  the  monochromatic  black- 
body  equation 


h  = 


o  i  A~ 


eCi/\T  _  J 


it  may  be  applied  to  sum  up  all  the  energy  by  integration  of  the  area 
under  a  curve  in  Fig.  4.1  or  at  a  fixed  temperature 


E 


-I. 


C 


d\ 


eCt/\T  _  l 

Let  a  =  cyxr,  X  =  Ct/Tx,  d\  =  (-C,/r*’)  dx,  from  which 

_  CiT* 

~CfJo  *3(e*-D- 


(4.16) 


dx 


(4.17) 
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Table  4.1.  The  Normal  Total  Emissivity  of  Various  Surfaces  (Hottel) 

A.  Metals  and  Their  Oxides 


Surface 

t,  °F* 

Emissivity* 

Aluminum 

Highly  polished  plate,  98.3  %  pure . 

440-1070 

0.039-0.057 

Polished  plate . 

73 

0.040 

Rough  plate . 

78 

0.055 

Oxidized  at  1110°F . 

390-1110 

0.11-0.19 

Al-surfaced  roofing . 

100 

0.216 

Calorized  surfaces,  heated  at  1110°F 

Copper . 

390-1110 

0.18-0.19 

Steel . 

390-1110 

0.52-0.57 

Brass 

^Highly  polished . 

73.2%  Cu,  26.7%  Zn . 

476-674 

0.028-0.031 

62.4%  Cu,  36.8%  Zn,  0.4%  Pb,  0.3%  A1 . 

494-710 

0.033-0.037 

82.9%  Cu,  17.0%  Zn . 

530 

0.030 

Hard  rolled,  polished,  but  direction  of  polishing 

visible . 

70 

0.038 

but  somewhat  attacked.. . . 

73 

0.043 

but  traces  of  stearin  from 

polish  left  on . 

75 

0.053 

Polished . 

100-600 

0.096-0.096 

Rolled  plate,  natural  surface . 

72 

0.06 

Rubbed  with  coarse  emery . 

72 

0.20 

Dull  plate . 

120-660 

0.22 

Oxidized  by  heating  at  1110°F . 

390-1110 

0.61-0.59 

Chromium  (see  Nickel  alloys  for  Ni-Cr  steels) . 

100-1000 

0 . 08-0 . 26 

Copper 

0.018 

^  Carefully  polished  electrolytic  copper . 

Commercial  emeried,  polished,  but  pits  remaining 

176 

66 

0.030 

Commercial,  scraped  shiny  but  not  mirrorlike . 

72 

0.072 

Polished . . . 

242 

0.023 

Plate,  heated  long  time,  covered  with  thick  oxide 

1  Avftr  . 

77 

0.78 

Plate  heated  at  1110°F . 

390-1110 

0.57-0.57 

Cuprous  oxide . 

1470-2010 

0.66-0.54 

Molten  copper . 

Hold  . 

1970-2330 

0.16-0.13 

Pure,  highly  polished . 

440-1160 

0.018-0.035 

Iron  and  steel 

Metallic  surfaces  (or  very  thin  oxide  layer) 

350-440 

0.052-0.064 

Electrolytic  iron,  highly  polished . 

Polished  iron . 

800-1880 

0.144-0.377 

Iron  freshly  emeried . 

68 

0.242 

Cast  iron,  polished . 

392 

0.21 

Wrought  iron,  highly  polished . 

100-480 

0.28 

Cast  iron,  newly  turned . 

72 

0 . 435 

Polished  steel  casting . 

1420-1900 

0.52-0.56 

Ground  sheet  steel . . . 

1720-2010 

0.55-0  61 

1650-1900 

0.55-0.60 

Cast  iron,  turned  on  lathe . 

1620-1810 

0  60-0.70 
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Table  4.1.  The  Normal  Total  Emissivity  of  Various  Surfaces  (Hottel). 

{Continued) 


Surface 


Iron  and  steel — ( Contimied ) 

Oxidized  surfaces 

Iron  plate,  pickled,  then  rusted  red . 

Completely  rusted . 

Rolled  sheet  steel . 

Oxidized  iron . 

Cast  iron,  oxidized  at  1100°F . 

Steel,  oxidized  at  1100°F . 

Smooth  oxidized  electrolytic  iron . 

t — '  Iron  oxide . 

\ —  Rough  ingot  iron . 

Sheet  steel,  strong,  rough  oxide  layer . 

Dense,  shiny  oxide  layer . 

Cast  plate,  smooth . 

Rough . 

i —  Cast  iron,  rough,  strongly  oxidized . 

Wrought  iron,  dull  oxidized . 

Steel  plate,  rough . 

High-temperature  alloy  steels  (see  Nickel  alloys) 
Molten  metal 

Cast  iron . 

Mild  steel . 

Lead 

Pure  (99.96%),  unoxidized . 

Gray  oxidized . 

Oxidized  at  390°F . 

Mercury . 

Molybdenum  filament . 

Monel  metal,  oxidized  at  1110°F . 

Nickel 

Electroplated  on  polished  iron,  then  polished . 

Technically  pure  (98.9  %  Ni,  +  Mn),  polished .  *.  *  * 

Electroplated  on  pickled  iron,  not  polished . 

Wire . 

PJnte,  oxidized  by  heating  at  1110°F. 

Nickel  oxide . 

Nickel  alloys 
Chromnickel . 

“SfW*2  Ni; 55-68  Cu:  20  Zn>-  gray  oxidized 

KA-2S  al  oy  steel  (8  %  Ni ;  18  %  Cr),  light  silvery, 

rough,  brown,  after  heating . 

after  42  hr.  heating  at  980°F . 

NCT-3  alloy  (20  Ni;  25  Cr).  Brown,  splotched, 
oxidized  from  service . 

NCT-6  alloy  (60  Ni;  12  Cr)'. '  Smooth  ' 

firm  adhesive  oxide  coat  from  service 
Platinum 

Pure,  polished  plate .... 

Strip . 

Filament . 

Wire . 


black, 


t,  °F* 

Emissivity  * 

68 

0.612 

67 

0.685 

70 

0.657 

212 

0.736 

390-1110 

0.64-0.78 

390-1110 

0.79-0.79 

260-980 

0.78-0.82 

930-2190 

0.85-0.89 

1700-2040 

0.87-0.95 

75 

0.80 

75 

0.82 

73 

0.80 

73 

0.82 

100-480 

0.95 

70-680 

0.94 

100-700 

0.94-0.97 

2370-2550 

0.29-0.29 

2910-3270 

0.28-0.28 

260-440 

0.057-0.075 

75 

0.281 

390 

0.G3 

32-212 

0.09-0.12 

1340-4700 

0.096-0.292 

390-1110 

0.41-0.46 

74 

0.045 

440-710 

0.07-0.087 

68 

0.11 

368-1844 

0.096-0.186 

390-1110 

0.37-0.48 

1200-2290 

0.59-0.86 

125-1894 

0.64-0.76 

70 

0.262 

420-914 

0.44-0.36 

420-980 

0.62-0.73 

420-980 

0.90-0.97 

520-1045 

0.89-0.82 

440-1160 

0.054-0.104 

1700-2960 

0.12-0.17 

80-2240 

0.036-0.192 

440-2510 

0.073-0.182 
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Table  4.1.  The  Normal  Total  Emissivity  of  Various  Surfaces  (Hottel). — 

(Continued) 


Surface 

t,  °F* 

Emissivity* 

Silver 

Polished,  pure . 

440-1160 

0.0198-0.0324 

Polished . 

100-700 

0.0221-0.0312 

Steel  (see  Iron) 

Tantalum  filament . 

2420-5430 

0.194-0.31 

Tin  bright  tinned  iron  sheet . 

76 

0.043  and  0.064 

Tungsten 

Filament,  aeed . 

80-6000 

0.032-0.35 

Filament. . 

6000 

0.39 

Zinc 

Commercial  99  1  %  Dure.  Dolished . 

440-620 

0.045-0.053 

Oxidized  bv  heating  at.  750°F . 

750 

0.11 

Onlvanized  sheet  iron  fairlv  bright . 

82 

0.228 

rtoliT-Q-ni^od  chppt  iron  trrav  oxidized.  . 

75 

0.276 

B.  Refractories,  Building  Materials,  Paints,  and  Miscellaneous 


Asbestos 

. 

74 

0.96 

Pflner  . 

100-700 

0.93-0.945 

Brick 

Red,  rough,  but  no  gross  irregularities . 

Qilir>o  ivncrlfl  7Pf1  rmiP’b  . 

70 

1832 

0.93 

0.80 

ulllbd|  1  uuOU . 

Qilipo  orlo^pd  rmich  . 

2012 

0.85 

OliiLct,  . 

C 1-rnrr  Kriclr  Orlfl.ZPn  . 

2012 

0.75 

(See  Refractory  materials) 

Carbon 

260-1160 

0.81-0.79 

This  started  with  emissivity  at  260°F  of  0.72,  but 

n  r-t  rrnrl  tn  VftlllPS  CnVPTl . 

on  nearing  cutui^cu  mj  voiuto  . 

1900-2560 

0.526 

206-520 

0.952 

209-362 

0.959-0.947 

l^ampuiacK-wausi-giaoo  . 

260-440 

0.957-0.952 

69 

0.927 

x nin  layer  on  nun  piati* . 

68 

0.967 

T  _  'Ll  ^  C\  AHQ  in  nr  f.Viiotf‘1'  . 

100-700 

0.945 

LampDiacK,  u.uuo  in.  ui  tuioivLi . 

66 

0.897 

enamel,  wmre  iuoeo,  un  r  uu . 

72 

0.937 

Gypsum,  0.02  in.  thick  on  smooth  or  blackened  plate 

70 

72 

0.903 

0.931 

ivlar Die,  ngni  gray,  pun&nuu . 

70 

0.895 

68 

Oil  layers  on  ponsneci  meKei  riuu‘  uuj . 

0.045 

ronsnea  stniaoe,  . . 

0.27 

0.46 

0.72 

0.82 

oo  iniCK  on  lay m . 
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Table  4.1.  The  Normal  Total  Emissivity  of  Various  Surfaces  (Hottel). 

( Continued ) 


Surface 

t,  °F* 

Oil  layers  on  aluminum  foil  (linseed  oil) . 

A1  foil  . 

212 

4-1  coat  oil  . 

212 

+2  coats  oil . 

212 

Paints,  lacquers,  varnishes 

Snow-white  enamel  varnish  on  rough  iron  plate .  .  . 
Black  shiny  lacquer,  sprayed  on  iron . 

73 

76 

Black  shiny  shellac  on  tinned  iron  sheet . 

70 

-"'Black  matte  shellac ... 

170-295 

Black  lacquer . 

100-200 

Flat  black  lacquer . 

100-200 

White  lacquer . 

100-200 

Oil  paints,  16  different,  all  colors . 

212 

Aluminum  paints  and  lacquers 

10  %  Al,  22  %  lacquer  body,  on  rough  or  smooth 
surface . . 

212 

26  %  Al,  27  %  lacquer  body,  on  rough  or  smooth 
surface . 

212 

Other  A1  paints,  varying  age  and  A1  content . 
A1  lacquer,  varnish  binder,  on  rough  plate. 

A1  paint,  after  heating  to  620°F . 

Paper,  thin 

Pasted  on  tinned  iron  plate . 

'-'"Rough  iron  plate . 

Black  lacquered  plate . 

Plaster,  rough  lime . 

Porcelain,  glazed . 

Quartz,  rough,  fused . 

Refractory  materials,  40  different . 

Poor  radiators . 


Good  radiators. 


Roofing  paper . 

Rubber 

— Flard,  glossy  plate . 

Soft,  gray,  rough  (reclaimed") 

Serpentine,  polished . 

,-Water . 


212 

70 

300-600 

66 

66 

66 

50-190 

72 

70 

1110-1830 


69 

74 

76 

74 

32-212 


Emissivity 1 


0 . 087  f 

0.561 

0.574 

0.906 

0.875 

0.821 

0.91 

0.80-0.95 

0.96-0.98 

0.80-0.95 

0.92-0.96 


0.52 

0.3 

0.27-0.67 

0.39 

0.35 

0.924 

0.929 

0.944 

0.91 

0.924 

0.932 


0 . 65 

0.70J 

-0.75 

0.80’ 

JO. 85 

0 .85] 

l  (0.90_ 

mental  method. 


The  results  of  many  investigators  have  been  omitted  because  of  obvious 


0.91 

0.945 

0.859 

0.900 

0.95-0.963 

t  ■  Vfr  .o-  % 

defects  in  experi- 


*  When  two  temperatures  and  two  emissivities  are  given  thev  corre-snonrl  c  *  , 

second,  and  linear  interpolation  is  permissible.  correspond,  first  to  first  and  second  to 

gator,  to  show  t£  Alu^m^rtT ^  ^  8am6 
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Expanding  the  term  in  parentheses, 

O  714  r  00 

Eb  = - ht  /  x3(e~x  +  e~2x  +  e~3x  +  e~4x  -f  •  •  •)  dx  (4.18) 

C2  Jo 

Integrating  each  term  and  summing  only  the  first  four  as  significant, 

Eb  =  ^  X  6.44  (4.19) 

Evaluating  constants, 

Eb  =  0.173  X  10~8T4  (4.20) 

Equation  (4.20)  being  the  area  under  a  curve  in  Fig.  4.1  from  X  =  0  to 
X  =  00  states  that  the  total  radiation  from  a  perfect  black  body  is  pro¬ 
portional  to  the  fourth  power  of  the  absolute  temperature  of  the  body. 
This  is  known  as  the  Stefan-Boltzmann  law.  The  constant  0.173  X  10-8 
Btu/(hr)(ft2)(°R4)  is  known  as  the  Stefan-Boltzmann  constant,  usually 
designated  by  a.  The  equation  was  also  deduced  by  Boltzmann  from  the 
second  law  of  thermodynamics.  Equation  (4.20)  serves  as  the  principal 
relationship  for  the  calculation  of  radiation  phenomena  and  is  to  radiation 
what  Q  =  hA  At  is  to  convection.  However,  Eq.  (4.20)  was  derived  for 
a  perfect  black  body.  From  Eq.  (4.14)  if  a  body  is  nonblack,  the  emissiv- 
ity  is  the  ratio  E/Eb  and  E  can  be  written  E  =  Ebe.  Equation  (4.20) 
becomes 

E  =  eaT4  (4.21) 

and 

%  =  wT<  (4.22) 

A 

Exchange  of  Energy  between  Two  Large  Parallel  Planes.  Quantita¬ 
tive  considerations  so  far  have  dealt  with  the  energy  change  when  radia¬ 
tion  occurs  only  from  a  single  body,  and  it  has  been  assumed  that  energy 
once  radiated  is  no  longer  returned  to  its  source.  This  is  true  only  if  one 
black  body  radiates  to  another  black  body  with  no  medium  between  them 
or  no  absorption  occurs  by  the  medium  between  them.  Of  the  gases, 
chlorine,  hydrogen,  oxygen,  and  nitrogen  are  classified  as  nonabsorbing. 
Carbon  monoxide,  carbon  dioxide,  and  organic  gases  and  vapors  are 
absorbing  to  greater  or  lesser  extents.  From  earlier  discussions  it  should 
be  conceded  that  radiation  from  a  small  plate  proceeds  outwardly  in  a 
hemisphere  with  the  plate  as  center  and  that  the  radiation  incident  upon 
unit  area  of  a  body  at  great  distance  is  very  small.  In  radiation  it  is 
necessary  to  qualify  the  condition  under  which  all  the  radiation  from  the 
source  is  completely  received  by  the  receiver.  It  will  occur  if  two  plates 
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or  radiant  planes  are  infinitely  large,  so  that  the  amount  of  radiation 
which  fans  out  from  the  edges  of  the  source  and  over  the  edges  of  the 
receiver  is  insignificant.  If  both  of  the  plates  or  planes  are  black  bodies, 
the  energy  from  the  first  is  Ebi  =  and  from  the  second  Ei2  oT^. 
By  the  definition  of  a  black  body,  all  the  energy  it  receives  is  absorbed 
and  the  net  exchange  per  square  foot  between  two  planes  maintained  al 
constant  temperatures  is 

j  =  Ebl-  E„2  =  <r(T\  -  Ti)  (4.23) 

=  °-173  [(mf~  Qb)4]  <4-24> 

Example  4.1.  Radiation  between  Two  Large  Planes.  Two  very  large  walls  are 
at  the  constant  temperature  of  800  and  1000°F.  Assuming  they  are  black  bodies,  how 
much  heat  must  be  removed  from  the  colder  wall  to  maintain  a  constant  temperature? 

Solution: 

Ti  =  1000  +  460  =  1460°R  T2  =  800  +  460  =  1260°R 
j  =  0.173  [ (14.6) 4  -  (1 2.6) 4]  =  3,500  Btu/(hr)(ft2) 

Exchange  of  Energy  between  Two  Parallel  Planes  of  Different  Emis- 

sivity.  The  preceding  discussion  applied  to  black  bodies.  If  the  two 
planes  are  not  black  bodies  and  have  different  emissivities,  the  net 
exchange  of  energy  will  be  different.  Some  of  the  energy  emitted  from 
the  first  plane  will  be  absorbed,  and  the  remainder  radiated  back  to  the 
source.  For  two  walls  of  infinite  size  the  radiation  of  each  wall  can  be 
traced.  Thus  if  energy  is  emitted  by  the  first  wall  per  square  foot  of  an 
amount  E\  and  emissivity  ei,  the  second  wall  will  absorb  E\e2  and  reflect 
1  —  e2  of  it.  The  first  wall  will  then  again  radiate  but  in  the  amount 
#i(l  -  «2)(1  —  ei).  The  changes  at  the  two  planes  are 

Hot  plane 

Radiated:  Ei 
Returned:  Ex{  1  —  e2) 

Radiated:  Ex(  1  -  C2)(l  -  €l) 

Returned:  E,(  1  -  €2)(l  -  Cl)(l  -  €2) 

Cold  plane 

Radiated:  E2 
Returned:  E2{  1  —  €l) 

Radiated:  E2(l  -  €l)(l  -  €2) 

Returned:  Et(  1  -  6l)(l  -  e,)(i  -  €l) 
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and 

=  [-^1  “  Ei(l  —  e2)  —  Ei(l  —  ei)(l  —  €2)2 

-  Et(  1  -  €*)(i  -  t1)2(i  -  e2y  +  ■••]-  Ui e7 

—  €1^2(1  —  «i)(l  —  €2)  —  €1^2(1  —  €i)2(1  —  €2)2  +  *  *  •]  (4.25) 


Ei  is  given  by  61  <tT*,  E 2  by  €2o-772,  and  Eq.  (4.25)  is  a  series  whose  solution 
is 


Q 

A 


a 

(1/  «i)  +  (IA2)  —  1 


m 


(4.26) 


Example  4.2.  Radiation  between  Planes  with  Different  Emissivities.  If  the  two 

walls  in  Example  4.1  have  emissivities  of  0.6  and  0.8,  respectively,  what  is  the  net 
exchange? 

Solution: 

O  0  1  78 

A  -  (170.6)  +  (1/0.8)  -  1 1(14'6)I  -  (12'6)11  "  1825  BtU/(hr)(ft,) 


T,  T2  Tj 


- ► 

- ► 

Shield 

y 

Fig.  4.3.  Radiation 
with  a  shield. 


For  perfect  black  bodies  the  value  was  3500  Btu/(hr)(ft2). 


Radiation  Intercepted  by  a  Shield.  Suppose 
two  infinite  and  parallel  planes  are  separated  by  a 
third  plane  which  is  opaque  to  direct  radiation 
between  the  two  and  which  is  extremely  thin  (or 
has  infinite  thermal  conductivity)  as  shown  in  Fig. 
4.3.  The  net  exchange  between  the  two  initial 
planes  is  given  by  Eq.  (4.26). 


a  A 

(l/«0  4-  (1/63)  -  1 


(4.27) 


If  €1  =  63  but  €1  7*  e2,  the  net  exchange  from  1  to  3  is  given  by 


cr  A 


a  A 


Ql  ~  (1/e,)  +  (1/ej)  -  1  {TX  Ti)  (1 7S)  +  UA*j  -  1 


Ti) 

(4.28) 


from  which 
Then 


T\  =  y2(T\  4-  T\) 


Qr  = 


crA 


(l/«i)  4“  (l/«a)  —  1  2 


-  Ti) 


(4.29) 

(4.30) 


When  €1  =  €2,  Qi  =  YlQ,  and  for  the  simple  case  where  n  shields  are 
employed,  each  having  the  same  emissivities  as  the  initial  planes, 


Qn 


1 

n  4-  1 


Q 
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where  Q  is  the  exchange  if  the  initial  planes  were  not  separated. 

Spheres  or  Cylinders  with  Spherical  or  Cylindrical  Enclosures.  The 
radiation  between  a  sphere  and  an  enclosing  sphere  of  radii  tt  and  r2 
may  be  treated  in  the  same  manner  as  Eq.  (4.26).  The  radiation  emitted 
initially  by  the  inner  sphere  is  EiA1}  all  of  which  falls  on  A2.  Of  this 

AiY 

total,  however,  (1  -  e2)E  1A1  is  reflected  of  which  ( —  J  (1  -  et)EiA  1 


falls  on  Ai  and 


€2)EiAi  falls  on  A2.  If  this  analysis  is 


continued  as  before,  the  energy  exchange  will  again  be  represented  by  a 
geometrical  series  and  the  net  exchange  between  the  inner  and  outer 
sphere  is  given  by 


T\) 

(4.31) 


The  same  relation  will  be  seen  to  hold  for  infinitely  long  concentric  cylin¬ 
ders  except  that  Ai/A2  is  ri/r2  instead  of  r\/r\. 

Radiation  of  Energy  to  a  Completely  Absorbing  Receiver.  In  Exam¬ 
ple  2.5,  calculations  were  made  on  the  loss  of  heat  from  a  pipe  to  air. 
When  a  heat  source  is  small  by  comparison  with  the  enclosure  it  is  custom¬ 
ary  to  make  the  simplifying  assumption  that  none  of  the  heat  radiated 
from  the  source  is  reflected  to  it.  In  such  cases,  Eq.  (4.26)  reduces  to 

j;  =  u°(T\  -  T\)  (4.32) 


Sometimes  it  is  convenient  to  represent  the  net  effect  of  the  radiation  in 
the  same  form  employed  in  convection ;  namely, 


Q  =  hrA1(T1  -  Tt) 


(4.33) 


where  hr  is  a  fictitious  film  coefficient  representing  the  rate  at  which  the 
radiation  passes  from  the  surface  of  the  radiator.  The  values  of  Q  in 
Eqs.  (4.32)  and  (4.33)  are  identical,  but  the  value  in  Eq.  (4.32)  is  related 
to  the  mechanism  by  which  the  heat  was  transferred.  Eq.  (4.33)  is  a 
statement  of  the  heat  balance  as  applied  before  in  the  Fourier  equation  to 
conduction  and  convection.  Fishenden  and  Saunders1  have  treated  a 
number  of  interesting  aspects  of  the  subject. 


1  Fishenden,  M.,  and  O.  A.  Saunders,  “The  Calculation  of  Heat  Transmission  ” 
His  Majesty  s  Stationery  Office,  London,  1932.  ’ 
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Example  4.3.  Calculation  of  Radiation  from  a  Pipe.  In  Example  2.5  the  outside 
temperature  of  a  lagged  pipe  carrying  steam  at  300°F  was  125°F  and  the  surrounding 
atmosphere  was  at  70°F.  The  heat  loss  by  free  convection  and  radiation  was  103.2 
Btu/(hr)(lin  ft),  and  the  combined  coefficient  of  heat  transfer  was  2.10  Btu /(hr) (ft*)- 
(°F).  How  much  of  the  heat  loss  wras  due  to  radiation,  and  what  was  the  equivalent 
coefficient  of  heat  transfer  for  the  radiation  alone? 

Area/lin  ft  =  tt  X  X  1  =  0.88  ft2 


From  Table  4.1B,  the  emissivity  is  approximately  0.90. 


9 

K 


Tx  =  125  +  460  =  585°R 
0.90  X  0.88  X  0.173[(58^00)4 

Q  _  52.5 

A{Ti  -  Tt)  0.88(125  -  70) 


T2  =  70  +  460  =  530°R 
~  (530Aoo )*]  =  52.5  Btu/ (hr)(lin  ft) 

=  1.08  Btu/(hr)(ft2)(°F) 


Exchange  of  Energy  between  Any  Source  and  Any  Receiver.  The 

three  preceding  illustrations  have  been  extremely  limited.  The  study 
of  two  planes  was  directed  only  to  sources  and  receivers  which  were 
infinitely  large  so  that  every  point  on  one  plane  could  be  connected 
with  every  point  on  the  second  and  no  radiation  from  the  one 
“leaked”  past  the  other  and  out  of  the  system.  A  slighly  more 
complex  arrangement  can  be  achieved  between  two  concentric  spheres 
or  two  concentric  cylinders.  In  either  of  these  all  the  radiation  from  the 
source  may  be  seen  to  fall  on  the  receiver.  But  this  is  very  rarely  the 
case  in  practical  engineering  problems,  particularly  in  the  design  of 
furnaces.  The  receiving  surface,  such  as  the  banks  of  tubes,  is  cylindrical 
and  may  partially  obscure  some  of  the  surface  from  “seeing”  the  source. 

In  a  system  composed  of  walls  and  pipes 
running  in  different  arrangements  the  geom¬ 
etry  by  which  the  radiation  falls  on  the  sur¬ 
faces  and  the  manner  in  which  these  surfaces 
reflect  their  energy  are  difficult  to  evaluate. 
The  simplest  elements  are  treated  here,  but 
many  practical  applications  require  the  em¬ 
pirical  methods  of  Chap.  19. 

Consider  the  arrangement  of  two  radiat¬ 
ing  plates  at  temperatures  T\  and  Tt  as 
shown  in  Fig.  4.4.  The  two  plates  are  not 
face-to-face  and  therefore  have  only  an 
askance  view  of  each  other.  The  lower  plate,  represented  isometrically 
in  the  horizontal  plane,  radiates  in  all  directions  upward  and  outward. 
Some  of  the  radiation  from  the  surface  of  the  hot  plate,  dAi  falls  upon  the 
second  plate  but  not  perpendicular  to  it.  The  second  plate  dAt  will 


Fig.  4.4.  Radiation  between 
two  plates. 
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reflect  some  of  the  incident  energy,  but  only  a  part  of  it  will  return  to  the 
first  plate.  What  is  the  net  exchange  of  energy  between  the  two? 

The  lines  eo  and  e' o'  are  perpendiculars  to  the  two  plates,  respectively, 
on  their  mutually  exposed  surfaces.  The  length  of  the  shortest  line 
joining  the  two  plates  at  their  centers  is  r.  When  viewed  from  o',  a  fore¬ 
shortened  picture  of  dAi  is  obtained.  Instead  of  isometrically,  the  plate 
dAi  may  be  viewed  from  its  end  as  in  Fig.  4.5,  where  dAi  is  assumed 
perpendicular  to  the  plane  of  the  paper  for  simplicity,  the  line  ab  repre¬ 
sents  a  side  of  dA  h  and  the  line  a'b  represents  the  width  of  ab  in  the  view 
obtained  from  o'.  Since  eo  and  oo'  are  mutually  perpendicular  to  its 


sides,  angle  aba'  must  equal  <*1  and  the  side  a'b  corresponding  to 
dA[  is  dA[  =  dAi  cos  «i.  For  the  second  plate,  dA'2  =  dA2  cos  a2. 
The  centei  of  surface  dA%  may  be  considered  to  lie  in  the  hemisphere 
receiving  radiation  from  dAh  and  the  quantity  falling  on  a  surface  in  the 
hemisphere  consequently  diminishes  with  the  square  of  the  radius.  If 
both  are  black  bodies,  the  radiation  from  plate  1  to  plate  2  is  proportional 
to  the  normal  surfaces  exposed  to  each  other  and  inversely  to  the  square 
of  the  distance  between  them. 


dQ  i-2  = 


dA[  dA 


(4.34) 


where  /,  is  the  proportionality  constant  dimensionally  equal  to  the 
mtensity  of  radiation.  Substituting  the  original  surfaces. 


dQi-2  —  cos  ai  cos  a2  dAi  dA2 


(4.35) 


^vTrT'ln  Ft^Te  to  ‘  V  “tensity  h and  the  e«^ive 

f,  .  *  n  *lg*  4-6  let  d coi  be  the  solid  angle  which  is  hv 

the  intercepted  area  on  a  sphere  divided  by  r’.  d.4,  is  a  small  plate  in 
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the  center  of  the  isometric  plane  of  the  base.  Then 

j  dAf2  r  sin  a  dQ  r  da 

d^  =  —  =  — ^ — 

=  sin  a  da  dfi 


From  Eqs.  (4.35),  (4.35a),  and  (4.36), 


dQ 

dA 


=  Eh  =  h 

=  I  ITT 


sin  a  cos  a  da 


T  T 


(4.36) 


(4.37) 

(4.38) 


Substituting  Eq.  (4.38)  in  Eq.  (4.35)  the  net  exchange  between  T\  and  T 2 
is 


dQ 


cos  a\  cos  a<2,  dA  \  dA 
7r  r2 


-2<r(Tt  -  T\) 


(4.39) 


If  cos  ai  cos  a2  dAt/ tv2  is  written  Fa,  Fa  is  known  as  the  configuration  or 
geometric  factor.  For  some  systems  it  is  very  difficult  to  derive,  but  for 


1.0 


Ret10,  Q,,s|<|nce  t)etween  planes 
Fig.  4.7.  Radiation  between  parallel  planes.  ( Hottd .) 


several  basic  arrangements  it  is  fairly  simple.  Hottel1  has  integrated  a 
number  of  cases,  the  commonest  of  which  are  plotted  in  Figs.  4.7,  4.8  and 
4.9.  Equation  (4.39)  can  thus  be  written  in  integrated  form 

Q  =  FaAi<t(T{  -  T\)  (4.40) 

1  Hottel,  H.  C.,  Mech.  Eng.,  62,  699  (1930). 
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3.5 

3.0 

^2.5 


Radiation  between  surface 

element  dA  and  rectanale  j_. — 
above  and  parallel  to  if,  .  — r- 

with  one  corner  of  rect-  L3  L 
angle  contained  in  %dA 

_ normci I  to  dA 

LhL2~Sides  ofrectang 
’L-j=  Distance  from  ofA 
to  rectangle 
FA= Fraction  of 
direct  radiat-'. 

—  ion  from  dA  c> 
intercepted 
by  rect- ^ 

—  angle  r 

' 


Fig.  4.8. 


2.0  2.5  3.0  3.5  4.0 

Dimension  rcitio,  L3/L| 

Radiation  between  an  element  and  a  parallel  plane. 


( Hottel .) 


0.50 


1-5  2.0  2.5  3.0  3.5 

Dimension  ratio,  R2 

Fig.  4.9.  Radiation  between  perpendicular  planes.  (Hottel.) 
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If  the  two  surfaces  are  gray  and  therefore  nonblack,  from  Eq.  (4.26) 

Q  “  oTiTTTiAJ  -  i (Tt  "  T|)  (4'41) 

Writing  Ff  for  the  emissivity  correction,  Eq.  (4.41)  becomes 

Q  =  F AF t A \v{T\  -  Ti)  (4.42) 

The  summary  in  Table  4.2  gives  the  values  of  FA  and  F(  for  a  number  of 
the  common  cases  derived  here  and  elsewhere. 


Table  4.2.  Values  oe'  Fa  and  Ff 


Fa 

Ft 

(a)  Surface  A  \  small  compared  with  the 
totally  enclosing  surface  A2 

1 

ei 

(6)  Surfaces  A  i  and  A  2  of  parallel  discs 
squares,  2:1  rectangles,  long  rec¬ 
tangles 

Fig.  4.7 

«1«2 

(c)  Surface  dAi  and  parallel  rectangular 
surface  A  2  with  one  corner  of  rec¬ 
tangle  above  dA  i 

Fig.  4.8 

€l«2 

(d)  Surfaces  A  i  or  A  2  of  perpendicular 
rectangles  having  a  common  side 

Fig.  4.9 

€l<2 

(e)  Surfaces  A  i  and  A  2  of  infinite  parallel 
planes  or  surface  A 1  of  a  completely 
enclosed  body  is  small  compared 
with  A  2 

(/)  Concentric  spheres  or  infinite  con- 

1 

\ei  €2/ 

centric  cylinders  with  surfaces  A 1 
and  A  2 

1 

-  +ir(-  ~  0 

Cl  Ai  \ £2  / 

Example  4.4.  Radiation  from  a  Pipe  to  a  Duct.  Calculate  the  radiation  from  a 
2-in.  IPS  steel  pipe  carrying  steam  at  300°F  and  passing  through  the  center  of  a  1-  by 
1-ft  galvanized  sheet-iron  duct  at  75°F  and  whose  outside  is  insulated. 

Solution.  From  Table  11  in  the  Appendix  A  =  0.622  ft2  of  external  surface  per 
linear  foot  of  pipe.  The  emissivity  of  oxidized  steel  from  Table  4.1  is  =  0.79. 

The  surface  of  the  duct  is  A  2  =  4  (1  X  1)  =  4.0  ft2/lin  ft. 

The  surface  of  the  pipe  is  not  negligible  by  comparison  with  that  of  the  duct,  and 
(/)  of  Table  4.2  applies  most  nearly. 


*2 

Fa 

Ft 

Q 


0.276  (oxidized  zinc  in  Table  4.1) 
1  X 

.1  ^  A, 


77T  A~  -i) 

V  0.79  +  4.0  V0.276  ) 

FAFtA«(T\  -  T\) 

1  X  0.60  X  0.622  X  0.173  X  10"8(7604  -  535<) 
164  Btu/(hr)(iin  ft) 


=  0.60 


(Table  4.2) 
(Table  4.1) 


(4.42) 
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PROBLEMS 

4.1.  A  2-in.  IPS  steel  pipe  carries  steam  at  325°F  through  a  room  at  70°F.  W  hat 
decrease  in  radiation  occurs  if  the  bare  pipe  is  coated  with  26  per  cent  aluminum  paint? 

4.2.  One  wall  of  a  corridor  8  by  28  by  4  ft  wide  between  a  drying  chamber  and  an 
outside  wall  of  the  building  is  at  200°F,  and  the  8-  by  28-ft  wall  of  the  building  will  be 
at  40°F  during  normal  winter  weather.  What  will  be  the  heat  passing  across  the 
corridor  in  winter  if  the  drying  chamber  is  surfaced  with  unglazed  silica  brick  and  the 
building  wall  is  plastered? 

4.3.  A  chamber  for  heat-curing  steel  sheets  lacquered  black  on  both  sides  operates 
by  passing  the  sheets  vertically  between  two  steel  plates  6  ft  apart.  One  of  the  plates 
is  at  600°F,  and  the  other,  exposed  to  the  atmosphere,  is  at  80°F.  What  heat  is  trans¬ 
ferred  between  the  walls,  and  what  is  the  temperature  of  the  lacquered  sheet  when 
equilibrium  has  been  reached? 

4.4.  A  3-in.  IPS  lagged  pipe  carries  steam  at  400°F  through  a  room  at  70°F.  The 
lagging  consists  of  a  %-in.  thick  layer  of  asbestos.  The  use  of  an  overcoat  of  26  per 
cent  aluminum  paint  is  to  be  investigated.  What  percentage  savings  in  heat  loss  can 
be  effected? 

4.6.  A  molten  organic  compound  is  carried  in  the  smaller  of  two  concentric  steel 
pipes  2-  and  3-in.  IPS.  The  annulus  can  be  flooded  with  steam  to  prevent  solidifica¬ 
tion,  or  the  liquid  can  be  heated  somewhat  and  circulated  without  steam  so  that  the 
annulus  acts  as  an  insulator.  If  the  molten  fluid  is  at  400°F  and  the  outer  pipe  is  at 
room  temperature  (80°F),  what  heat  loss  occurs  from  the  molten  material  in  40  lin  ft 
of  pipe? 

4.6.  Calculate  the  radiant-heat  loss  from  a  furnace  through  a  2-in. -diameter  peep 
door  when  the  inside  temperature  is  1750°F  and  the  outside  temperature  is  70°F. 
Consider  the  emission  due  to  a  black  body. 

4.7.  A  bare  concrete  pump  house  10  by  20  by  10  ft  high  is  to  be  heated  by  pipes 
laid  in  the  concrete  floor.  Hot  water  is  to  be  used  as  the  heating  medium  to  maintain 
a  floor  surface  temperature  of  78°F.  The  walls  and  ceiling  are  of  such  thickness  as  to 
maintain  temperatures  of  62°F  on  all  inside  surfaces  in  the  winter,  (a)  What  is  the 
rate  of  radiation  between  the  floor  and  the  ceiling  if  the  walls  are  considered  noncon¬ 
ducting  and  reradiating?  The  pumps  cover  a  negligible  area  of  the  floor.  ( b )  What 
additional  heat  will  be  required  if  the  floor  area  is  doubled  by  enlarging  the  room  to 
20  by  20  ft? 

4.8.  A  bath  of  molten  zinc  is  located  in  the  corner  of  the  floor  of  a  zinc  dipping  room 

20  by  20  by  10  ft  high.  Zinc  melts  at  787°F,  and  the  ceiling  could  be  maintained  at 

90  F  m  the  summer  by  conduction  through  the  roof.  <o)  What  heat  will  be  radiated 

from  a  l-ft*  bath?  ( b )  If  the  bath  is  moved  to  the  center  of  the  room,  what  heat  will 
be  radiated? 


A 

A' 

a 

Ci,  C2 

E 

Fa 

F( 

hr 


NOMENCLATURE  FOR  CHAPTER  4 

Heat-transfer  of  emitting  or  absorbing  surface,  ft2 

Effective  surface,  ft2 

Absorptivity,  dimensionless 

Constants  in  Planck’s  law 

Emissive  power,  Btu/(hr)(ft2) 

Geometric  factor,  dimensionless 
Emissivity  factor,  dimensionless 

Heat-transfer  coefficient  equivalent  to  radiation,  Btu/(hr)(ft«)(«F) 
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I  Intensity  of  radiation,  Btu/(hr)(ft2) 

I\  Monochromative  intensity  of  emission,  Btu/(hr)  (ft2)  (micron) 

n  Number  of  radiation  shields 

Q  Heat  flow  or  net  heat  exchange,  Btu/(hr) 

r  Reflectivity,  dimensionless;  radius,  ft 

T  Temperature,  °R 

a,  0,  w  Angle,  deg 
c  Emissivity,  dimensionless 

X  Wavelength,  microns 

a  Stefan-Boltzmann  constant,  0.173  X  10~8  Btu/(hr)(ft2)(°R4) 

r  Transmissivity,  dimensionless 

Subscripts 

b  Black  body 

1  Source 

2  Receiver 


CHAPTER  5 

TEMPERATURE 


The  Temperature  Difference.  A  temperature  difference  is  the  driving 
force  by  which  heat  is  transferred  from  a  source  to  a  receiver.  Its  influ¬ 
ence  upon  a  heat-transfer  system  which  includes  both  a  source  and  a 
receiver  is  the  immediate  subject  for  study. 

In  the  experimental  data  of  Chap.  3  the  temperature  of  the  inside  pipe 
wall  tp  was  calculated  from  the  reported  value  of  the  outside  pipe-wall 
temperature  tw.  The  logarithmic  mean  of  the  differences  tp  —  fa  and 
tp  —  fa  was  used  to  calculate  Afa.  The  reported  temperature  of  the  pipe 
was  the  average  of  a  number  of  thermocouples  which  were  not  actually 
constant  over  the  length  of  the  pipe.  It  is  not  ordinarily  possible  in 
industrial  equipment  to  measure  the  average  pipe-wall  temperature. 
Only  the  inlet  and  outlet  temperatures  of  the  hot  and  cold  fluids  are 
known  or  can  be  measured,  and  these  are  referred  to  as  the  process 
temperatures.1 

Plots  of  temperature  vs.  pipe  length,  t  vs.  L,  for  a  system  of  two  con¬ 
centric  pipes  in  which  the  annulus  fluid  is  cooled  sensibly  and  the  pipe 
fluid  heated  sensibly  are  shown  in  Figs.  5.1  and  5.2.  When  the  two 
fluids  travel  in  opposite  directions  along  a  pipe  as  in  Fig.  5.1,  they  are  in 
counter flow.  Figure  5.1  can  be  compared  with  Fig.  3.6  to  which  it  is 
similar  except  that  one  is  a  plot  of  t  vs.  L  and  the  other  is  a  plot  of  t  vs  Q 
the  heat  transferred.  When  the  fluids  travel  in  the  same  direction  as  in 
Fig.  5.2,  they  are  in  parallel  flow.  The  temperature  of  the  inner  pipe  fluid 
in  either  case  varies  according  to  one  curve  as  it  proceeds  along  the  length 
of  the  pipe,  and  the  temperature  of  the  annulus  fluid  varies  according  to 


1  In  the  remainder  of  this  book  the  subscript  1  always  denotes  the  inlet  ^  *  u 

m  -r  - 1  ^ 

Wh‘ch  “re  often  used  in  industry.  These  are  the  range  and  the  approach  ^“ranre” 

thethot  fluid  b  T>  - •***« 
whether  counterflow  equipmenTsuTht  UP°" 

are  intended.  For  counterflow  the  approach  is  the  ^mber  nf  1  P  0[ec*ulPment 
hot-fluid  inlet  and  cold-fluid  outlet  7\  -  /  or  W  a  a  ,°f  Agrees  between  the 

r»  -  U,  whichever  is  smaller.  Thus  a  close  kporoacif me  C°‘d  fluid  “let- 

ence  will  be  very  small,  a  significant  factor  in  heat  transfer  The  d  2"?.  termfaI  differ- 
for  other  types  of  equipment  will  be  discussed  in  Chap.  7.  defimtl°n  of  approach 
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another.  The  temperature  difference  at  any  length  from  the  origin  where 
L  —  0  is  the  vertical  distance  between  the  two  curves. 

Overall  Coefficient  of  Heat  Transfer.  The  concentric  pipes  in  Figs.  5. 1 
and  5.2  bring  together  two  streams  each  having  a  particular  film  coeffi¬ 
cient  and  whose  temperatures  vary  from  inlet  to  outlet.  For  con¬ 
venience,  the  method  of  calculating  the  temperature  difference  between 
the  two  should  employ  only  the  process  temperatures,  since  these  alone 
are  generally  known.  To  establish  the  temperature  difference  in  this 
manner  between  some  general  temperature  T  of  a  hot  fluid  and  some 
general  temperature  t  of  a  cold  fluid,  it  is  necessary  to  account  also  for  all 
the  resistances  between  the  two  temperatures.  In  the  case  of  two  con¬ 


centric  pipes,  the  inner  pipe  being  very  thin,  the  resistances  encountered 
are  the  pipe  fluid-film  resistance,  the  pipe-wall  resistance,  LJkm,  and  the 
annulus  fluid-film  resistance.  Since  Q  is  equal  to  At/ZR  as  before, 


SB  =  f  +  £=  +  y 

h%  k'm  ho 


(5.1) 


where  2ft  is  the  overall  resistance.  It  is  customary  to  substitute  l/U 
for  2ft  where  U  is  called  the  overall  coefficient  of  heat  transfer.  Inasmuch 
as  a  real  pipe  has  different  areas  per  linear  foot  on  its  inside  and  outside 
surfaces  K  and  h0  must  be  referred  to  the  same  heat-flow  area  or  they  will 
not  coincide  per  unit  length.  If  the  outside  area  A  of  the  inner  pipe  is 
used  then  h{  must  be  multiplied  by  AJA  to  give  the  value  that  K  would 
have  if  originally  calculated  on  the  basis  of  the  larger  area  A  instead  of 
Ai.  For  a  pipe  with  a  thick  wall  Eq.  (5.1)  becomes 

1  |  2.3j Do  1  D0  j  1 

106  D+h,  (5-2) 


i 


,  2.3 Do,  Do  ,  1  _ 

+  —  1o*dAk' 


U  hi(Ai/A)  1  2  km 
The  integrated  steady-state  modification  of  Fourier’s  general  equation 
may  then  be  written  ...  (5.3) 


Q  =  UA  At 
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where  At  is  the  temperature  difference  between  the  two  streams  for  the 
entire  surface  A.  Using  the  simplification  that  the  thin  metal  pipe- wall 
resistance  is  negligible,  Eq.  (5.2)  becomes 


U  hiiAi/A)  +  K 


(5.4) 


Hereafter  Eq.  (5.3)  will  be  referred  to  simply  as  the  Fourier  equation. 
Just  as  hi  was  obtained  from  h{  =  Q/AiAU  in  Eq.  (3.2)  using  thermo¬ 
couples,  so  U  can  be  obtained  from  U  =  Q/A  At  using  process  tempera¬ 
tures  alone.  In  experiments  involving  sensible  heat  transfer  between  two 
fluids,  Eqs.  (5.2)  and  (5.4)  can  be  used  to  obtain  either  individual  film 
coefficient  from  the  overall  coefficient  V  only  if  some  supplementary 
means  are  available  for  computing  the  other  film  coefficient.  Fortu¬ 
nately,  the  condensation  of  steam  can  provide  a  negligible  resistance,  so 
that  hi  or  h0  can  usually  be  determined  individually  with  suitable  accuracy 
from  an  experiment  using  either  of  the  fluids  and  steam. 


Equation  (5.3)  is  of  particular  value  in  design  when  the  individual  film 
coefficients  can  both  be  calculated  through  the  use  of  equations  of  the 
types  obtained  by  dimensional  analysis  such  as  Eq.  (3.26)  or  (3  32)  and 
U  can  be  solved  for  accordingly.  Then  Eq.  (5.3)  is  used  in  computing 
the  total  area  or  length  of  path  required  when  Q  is  given  and  At  is  calcu¬ 
lated  from  the  process  temperatures,  men  the  process  temperatures 
of  the  two  respective  streams  are  given,  the  total  heat  transfer  Q  Btu/hr 
is  also  given,  being  computed  from  Q  =  wc(U.  —  t,)  =  WH(T .  _  ta 


^g^!t1hmi.C.MeanTemperatUre  Difference:  Counterflow. 


t  vs-  Q-  However,  there 
t  vs.  L,  since  it  permits 
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identification  of  the  temperature  difference  anywhere  along  the  pipe 
length.  Later,  when  more  complex  flow  patterns  are  encountered,  this 
information  will  be  essential.  Although  two  fluids  may  transfer  heat 
in  a  concentric  pipe  apparatus  in  either  counterflow  or  parallel  flow,  the 
relative  direction  of  the  two  fluids  influences  the  value  of  the  temperature 
difference.  This  point  cannot  be  overemphasized:  Any  flow  pattern 
formed  by  two  fluids  must  be  identified  with  its  unique  temperature 
difference.  For  the  derivation  of  the  temperature  difference  between  the 
two  fluids  of  Fig.  5.1  in  counterflow,  the  following  assumptions  must  be 

made : 

1.  The  overall  coefficient  of  heat  transfer  U  is  constant  over  the  entire 
length  of  path. 

2.  The  pounds  per  hour  of  fluid  flow  is  constant,  obeying  the  steady- 
state  requirement. 

3.  The  specific  heat  is  constant  over  the  entire  length  of  path. 

4.  There  are  no  partial  phase  changes  in  the  system,  i.e.,  vaporization 
or  condensation.  The  derivation  is  applicable  for  sensible-heat  changes 
and  when  vaporization  or  condensation  is  isothermal  over  the  whole 

length  of  path. 

5.  Heat  losses  are  negligible. 

Applying  the  differential  form  of  the  steady-state  equation, 


(5.5) 


dQ  =  U(T  -  t)a"  dL 

where  a "  is  the  square  feet  of  surface  per  foot  of  pipe  length  or 

a"  dL  =  dA. 

From  a  differential  heat  balance 

dQ  =  WC  dT  =  wc  dt 


(5.6) 


where  Q  is  the  limit  as  dQ  varies  from  0  to  Q.  At  any  point  in  the  pipe 
from  left  to  right  the  heat  gained  by  the  cold  fluid  is  equal  to  that  given 
up  by  the  hot  fluid.  Taking  a  balance  from  L  =  0  to  L  -  X 


WC(T  -  Ti)  =  wc{t  -  h) 


(5.7) 


from  which 


71  =  7,2  +  WC  ^  ~  ^ 


From  Eqs.  (5.5)  and  (5.6)  substituting  for  T, 


(5.8) 


TEMPERATURE 


i  and  L  are  the  only  variables.  Collecting  terms  of  t  and  L, 


/ 


Ua"  dL 


wc 


I 


dt 


WG  (wc  \ 

tl  +  \WC  7 


(5.9) 


Ti  - 


WC 


t 


This  right-hand  term  is  of  the  form 


dt 


1 


=  7-  log  (oi  +  bit ) 


d\  bit  b i 

Integrating  dL  between  0  and  L  and  dt  between  ti  and  t2, 


UA 

wc 


1 


Ti  - 


(™-  _  i  \ 

\iec  7 


In 


wc  (wc  \ 

ti  +  \wc  V 


WC 


u 


Ti  - 


wc 

Wc 


ti  + 


(™--  l) 

\wc  ) 


(5.10) 


1 1 


To  simplify  this  expression  substitute  for  Ti  in  the  numerator  the  expres¬ 
sion  from  Eq.  (5.7),  expand  the  denominator,  and  cancel  terms 


UA 


In 


Ti  —  ti 


wc  ( wc/WC )  —  1 Aii  Ti  —  ti 

Substitute  for  wc/WC  the  expression  from  Eq.  (5.7) 


(5.11) 


UA 

wc 


1 


(Ti  ~  TMi ,  -  -  1  ln  T^t 

 tl  t\ 


Ti  —  h 


(Tl  -  tt)  -  (t,  -  ti) ln  r2  -  tl 


Ti  —  t<t 


(5.12) 


Since  wc(h  h)  -  Q  and  substituting  A l,  and  Ai,  for  the  hot  and  cold 
terminal  temperature  differences  T i  —  t2  and  T2  —  ti 


Q  =  UA  2  ~ 

\ln  Ati/AtJ 


(5.13) 

If  the  difference  between  the  two  terminals  A/  —  m  -u 

SS—SF7 

a“=.-if==5Si-=: 


and 


Q  =  UA  At  =  UA  X  LMTD 


(5.13a) 


Ai  =  LMTD  =  -  U)  -  (T,  -  i,l  Ah  _  M 

ln  (Ti  -  h)/(T ,  -  ti)  ~  EalTal  (5-14) 
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Parallel  Flow.  Referring  to  Fig.  5.2  for  the  case  where  both  fluids 
flow  in  the  same  direction,  the  basic  equations  are  essentially  the  same. 
For  the  steady  state, 


but 


dQ  =  U(T  -  t)a"  dL 
dQ  =  WCdT  =  -wcdt 


since  t  declines  in  the  direction  of  increasing  values  of  T.  Taking  the 
heat  balance  between  X  and  the  left  end, 


WC(T  —  T  2)  =  wc(h  —  t) 

Again  considering  the  hot  terminal  difference  A h  =  T\  —  t\  as  the  greater 
temperature  difference  in  parallel  flow  and  Ati  =  To  —  t2  the  lesser  tem¬ 
perature  difference,  the  result  is 


f)  —  TT  A  (T'  ~  *0  _  (^2  —  U)  _  jr  a  Ati  —  At\ 

w  In  (Ti  -  ti)/(Ti  -  ti)  In  Ati/ Ah 


(5.15) 


Relation  between  Parallel  Flow  and  Counterflow.  It  may  appear 
from  the  final  form  of  the  derivations  for  the  two  flow  arrangements  that 
there  is  little  to  choose  between  the  two.  The  examples  which  follow 
demonstrate  that  except  where  one  fluid  is  isothermal  (such  as  condensing 
steam)  there  is  a  distinct  thermal  disadvantage  to  the  use  of  parallel  flow. 


Example  6.1.  Calculation  of  the  LMTD.  A  hot  fluid  enters  a  concentric-pipe 
apparatus  at  a  temperature  of  300°F  and  is  to  be  cooled  to  200°F  by  a  cold  fluid 
entering  at  100°F  and  heated  to  150°F.  Shall  they  be  directed  in  parallel  flow  or 
counterflow? 

Solution.  It  is  convenient  to  write  the  temperatures  in  the  form  employed  here 
and  to  realize  that  the  log  mean  is  always  somewhat  less  than  the  arithmetic  mean 
(Ah  +  Ati)/2. 


(a) 


Counter  flow: 

Hot  fluid  Cold  fluid 
( Ti )  300  -  150  (t2)  =  150  (At2) 
(Ti)  200  -  100  (h)  =  100  (Ati) 


LMTD  = 


At-i  —  Ati 


50  (Ah  ~  Ah) 
50 


2.3  log  A^/Afi  2.3log15%oo 


=  123.5°F 


(b)  Parallel  flow: 

Hot  fluid  Cold  fluid 
*  (Ti)  300  -  100  (ti)  =  200  (Ah) 

(Ti)  200  -  150  (ti)  =  _50  (Ah) 

150  (Ah  -  Ah) 


LMTD 


150 

2.3  log  2 °^o 


108°F 


The  LMTD  for  the  same  process  temperatures  in  parallel  flow  is  lowei 
than  for  counterflow. 
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Example  6.2.  Calculation  of  the  LMTD  with  Equal  Outlet  Temperatures.  A  hot 
fluid  enters  a  concentric-pipe  apparatus  at  300°F  and  is  to  be  cooled  to  200°F  by  a  cold 
fluid  entering  at  150°F  and  heated  to  200°F. 

(a)  Counterflow: 

Hot  fluid  Cold  fluid 

300  -  200  -  100  (A ta) 

200  -  150  =  _50  (A t0 

50  (A -  A ti) 

LMTD  =  50  =  72 

2.3  log  10%0 


( b )  Parallel  flow: 


Hot  fluid  Cold  fluid 

300  -  150  =  150  (A t2) 

200  -  200  =  _0  (A ti) 

150  (Mt  ~  Mi) 
150 


LMTD  = 


2.3  log  15% 


=  0 


In  parallel  flow  the  lowest  temperature  theoretically  attainable  by  the 
hot  fluid  is  that  of  the  outlet  temperature  of  the  cold  fluid,  t2.  If  this 
temperature  were  attained,  the  LMTD  would  be  zero.  In  the  Fourier 
equation  Q  =  U A  At,  since  Q  and  U  are  finite,  the  heat-transfer  surface 
A  would  have  to  be  infinite.  The  last  is  obviously  not  feasible. 

The  inability  of  the  hot  fluid  in  parallel  flow  to  fall  below  the  outlet 
temperature  of  the  cold  fluid  has  a  marked  effect  upon  the  ability  of 
parallel-flow  apparatus  to  recover  heat.  Suppose  it  is  desired  to  recover 
as  much  heat  as  possible  from  the  hot  fluid  in  Example  5.1  by  using  the 
same  quantities  of  hot  and  cold  fluid  as  before  but  by  assuming  that 
more  heat-transfer  surface  is  available.  In  a  counterflow  apparatus  it 
is  possible  to  have  the  hot-fluid  outlet  P2  fall  to  within  perhaps  5  or  10° 
of  the  cold-fluid  inlet  th  say  HOT.  In  parallel-flow  apparatus  the  heat 
transfer  would  be  restricted  by  the  cold-fluid  outlet  temperature  rather 
than  the  cold-fluid  inlet  and  the  difference  would  be  the  loss  in  recover¬ 
able  heat.  Parallel  flow  is  used  for  cold  viscous  fluids,  however  since 
the  arrangement  may  enable  a  higher  value  of  U  to  be  obtained 

C  onsider  next  the  case  where  the  hot  terminal  difference  (At,)  in  the 

preceding  examples  is  not  the  greater  temperature  difference. 

Example  6.3.  Calculation  of  the  LMTD  When  At  \t  \vv,  i 

3m  40  2oo°F  in  c°“w’ a  is 

Hot  fluid  Cold  fluid 

300  -  275  =  25  (Mh) 

200  -  100  =ioo  (Ate) 

75  (A tc  -  A tk) 


LMTD  = 


75 


2.3  log  l0%5 


-  =  54.3°F 
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Lastly,  when  one  of  the  fluids  proceeds  through  the  apparatus  isother- 
mally  (condensing  steam),  parallel  flow  and  counterflow  yield  identical 
temperature  differences. 

Example  6.4.  Calculation  of  the  LMTD  with  One  Isothermal  Fluid.  A  cold  fluid 
is  heated  from  100  to  275°F  by  steam  at  300°F. 

(а)  Counterflow: 

Hot  fluid  Cold  fluid 

300  -  275  =  25 

300  -  100  =  200 

(б)  Parallel  flow : 

Hot  fluid  Cold  fluid 
300  -  100  =  200 

300  -  275  =  25 

These  are  identical. 


Hereafter,  unless  specifically  qualified,  all  temperature  arrangements 
will  be  assumed  in  counterflow.  Many  industrial  types  of  equipment  are 
actually  a  compromise  between  parallel  flow  and  counterflow  and  receive 
additional  study  in  later  chapters. 

Heat  Recovery  in  Counterflow.  Very  often  a  counterflow  apparatus  is 
available  which  has  a  given  length  L  and  therefore  a  fixed  surface  A. 
Two  process  streams  are  available  with  inlet  temperatures  Tx,  t\  and 
flow  rates  and  specific  heats  W,  C  and  w,  c.  What  outlet  temperatures 
will  be  attained  in  the  apparatus? 

This  problem  requires  an  estimate  of  U  which  can  be  checked  by  the 
methods  of  succeeding  chapters  for  different  types  of  counterflow  heat- 
transfer  equipment.  Rewriting  Eq.  (5.12), 


wc 


,  TT4  (ft  ~  ««)  ~  (r.  -  <0 

(l.  -  ti)  -  LA  ]n  _  tiy(Ti  _  tl) 


Rearranging 


In 


T  i  -  U 

To  -  U 


UA 

wc 


(iw?  _  A 
V  ti  ti  ) 


(5.16) 


Since  WC{TX  -  T2)  =  wc(t2  -  k),  wc/WC  =  (T i  -  T2)/{t2  -  h).  This 
means  that  the  ratio  of  the  temperature  ranges  can  be  established  with¬ 
out  recourse  to  actual  working  temperatures.  Calling  this  unique  ratio 
R  without  a  subscript 

wc  Ti  —  T2 


R  = 


WC 


t2  t: 


Substituting  in  Eq.  (5.16)  and  removing  logarithms, 

r  1  tz  _  „(U  A/we)  (R —  I) 

in  - 


(5.17) 
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To  obtain  an  expression  for  T2  alone. 


h  —  t\  -\- 


T2 


Substituting  in  Eq.  (5.17)  and  solving, 

(1  -  R)Ti  +  [1  -  e{v A/wc){R~l)]Ht\ 

1  2  _  1  _  Re(.UA./wc)(R- 1) 


(5.18) 


For  parallel  flow  it  becomes 

7  _[R  +  e(-UA,wc){R+l))Ti  +  [e^cHR+D  _  i]Rtl 
2  (/£  -f-  l')e(UA/wc){R+ 1)  (5.19) 

t2  may  be  obtained  from  T 2  by  applying  the  heat  balance 

WC(T\  -  Tt)  =  wc(t2  -  h) 

The  Caloric  or  Average  Fluid  Temperature.  Of  the  four  assumptions 
used  in  the  derivation  of  Eq.  (5.14)  for  the  LMTD,  the  one  which  is  sub¬ 
ject  to  the  laigest  deviation  is  that  of  a  constant  overall  heat-transfer 
coefficient  U.  In  the  calculations  of  Chap.  3  the  film  coefficient  was 
computed  for  the  properties  of  the  fluid  at  the  arithmetic  mean  tempera¬ 
ture  between  inlet  and  outlet,  although  the  correctness  of  this  calculation 
was  not  verified.  In  fluid-fluid  heat  exchange  the  hot  fluid  possesses  a 
viscosity  on  entering  which  becomes  greater  as  the  fluid  cools.  The 
cold  counterflow  fluid  enters  with  a  viscosity  which  decreases  as  it  is 
heated.  There  is  a  hot  terminal  Ti  —  f2  and  a  cold  terminal  T-,  —  ti  and 
the  values  of  h0  and  hdAi/A)  vary  over  the  length  of  the  pipe  to  produce 
a  larger  U  at  the  hot  terminal  than  at  the  cold  terminal.  As  a  simple 
example,  take  the  case  of  an  individual  transfer  coefficient  at  the  inlet 
and  outlet  as  obtained  from  the  data  of  Morris  and  Whitman  through  use 


Example  6.6.  Calculation  of  A,  and  ht.  Calculation  of  point  B-6: 


Inlet  at  99.1°F: 
c  =  0.478  Btu/lb 
m  =  2.95  cp 


ti  =  99.1°  t2  =  129.2°F 

=  /  0.622  X  854,000  \o.9 
\12  X  2.95  X  2.42J 


(¥)” 


k  =  0.078  Btu/ (hr) (ft) (°F/ft)  (cJtY  =  X  2.95  X  2.42\ 

V  0078  ) 

h‘  =  0  078  x  6^2  X  0  0115  X  2570  X  3.52  =  156  at  inlet 


=*  2570 

*=  3.52 
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Outlet  at  129.2°F: 


r  =  0.495 
M  =  2.20 
k  =  0.078 


ho 


=  0.078  X 


12 

0.622 


(DG\°  9  (  0.622  X  854,000  \°  9 

V  M  )  ~  \12  X  2.20  X  2.42/ 

/cM\^  /0.495  X  2.20  X  2.42\H 

V  k )  ~  V  0.078  ) 

X  0.0115  X  3390  X  3.23  =  190  at  outlet 


3390 


3.23 


At  the  arithmetic  mean  (114.3°F)  ha  =  174.5,  which  is  only  3.6  per  cent  in  error  of  the 
experimental  value  of  181  but  the  variations  against  hi  at  the  arithmetic  mean  are 

f - I7X-5 - )  =  — 10.6  per  cent  and  ( - 174^ - 1  100  =  +8.9percent. 

From  the  above  it  is  seen  that  under  actual  conditions  the  variation 
of  U  may  be  even  greater  than  that  of  hi  alone,  since  the  outside  film 
coefficient  h0  will  vary  at  the  same  time  and  in  the  same  direction  as  h{. 
The  variation  of  U  can  be  taken  into  account  by  numerical  integration  of 
dQ,  the  heat  transferred  over  incremental  lengths  of  the  pipe  a"dL  =  dA, 
and  using  the  average  values  of  U  from  point  to  point  in  the  differential 
equation  dQ  =  U*y  dA  At.  The  summation  from  point  to  point  then 
gives  Q  =  UA  At  very  closely.  This  is  a  time-consuming  method,  and 
the  increase  in  the  accuracy  of  the  result  does  not  warrant  the  effort. 
Colburn1  has  undertaken  the  solution  of  problems  with  varying  values  of 
U  by  assuming  the  variation  of  U  to  be  linear  with  temperature  and  by 
deriving  an  expression  for  the  true  temperature  difference  accordingly. 
The  ratio  of  the  LMTD  for  constant  U  and  the  true  temperature  difference 
for  varying  U  is  then  used  as  the  basis  for  establishing  a  single  overall 
coefficient  which  is  the  true  mean  rather  than  the  arithmetic  mean. 


Assume: 

1.  The  variation  of  U  is  given  by  the  expression  U  =  a'(l  +  Vt) 

2.  Constant  weight  flow 

3.  Constant  specific  heat 

4.  No  partial  phase  changes 

Over  the  whole  transfer  path 

Q  =  WC(J\  -  Ti)  =  wc(t2  -  ti) 

Since  R  =  wc/WC  =  (Tx  -  T2)/{t2  -  h)  or  generalized  as  in  Fig.  5.1, 


fihe  heat  balance  for  the  differential  area  dA  is  given  by 

dQ  =  U(T  —  t)  dA  =  wc  dt 


1  Colburn,  A.  P.,  Ind.  Eng.  Chem.,  36,  873-877  (1933). 
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where  U  is  the  average  value  for  the  increment  or 

dt  _  dA 
U(T  -  t)  ~  w 

Since  U  =  a' ( 1  +  b't),  substitute  for  U. 


dt  _  dA 

a'(l  -f  b't){T  —  t)  wc 

From  the  heat  balance  obtain  the  expression  for  T  in  terms  of  t  and 
separate  into  parts. 


1  ft%  [  (R  -  1)  dt  b'dt  ]  _  f  dA 

a'(R  -  1  -  VTt  +  b'Rti)  Jtl  [t2  -  Rh  +  (R  -  l)t  1+  b't J  J  wc 

(5.20) 

Integrating, 

1  T2  Rti  -f*  ( R  —  1)^2  i  1  ~b  b't2]  A 

a'(R  -  1  -  b'T2  +  b'Rh)  L  T2  -  Rh  +  (R  -  l)h  ~  F+Wj  “  w 

(5.21) 


Using  the  subscript  1  to  indicate  the  cold  terminal  and  2  the  hot  terminal 
as  heretofore 


U  i  —  a'(l  +  b'ti )  U2  =  a'{  1  +  b't2) 


As  before, 

Atx  =  T  2  —  t] 
and  factoring  Eq.  (5.21) 

t2  —  ti 


At2  —  T\  —  t2 


In 


U i  A ty 


A^ 

wc 


(5.22) 


Ux  A t2  -  U2  Ah  m  U2  Ah 
Combining  with  Q  =  wc(t2  —  h ), 

Q  U i  At2  TJ 2  At\ 

A  In  UlAt2/U2  Ah  (5.23) 

Equation  (5.23)  is  a  modification  of  Eq.  (5.13)  which  accounts  for  the 
variation  of  U  by  replacing  it  with  Ui  and  U2,  where  A  =  0  and  A  =  A 
respectively  This  is  still  unsatisfactory,  however,  since  it  requires  twice 
calculating  both  individual  film  coefficients  to  obtain  Ui  and  U,.  Col¬ 
burn  chose  to  obtain  a  single  overall  coefficient,  V„  at  which  all  the 

defined  by"  ^  ^  *°  b°  transferring  heat  at  the  LMTD.  U,  is  then 


Q  _  bJx  At2  —  U2  Atx 
A  l”n  U !  At2/U2  Atx 


(5.24) 
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Substituting  Ux  =  a'(l  +  b'tc), 


U x  —  a'(l  -f-  b'tc)  — 


a' (1  T  b'h)  At2  —  u,(l  +  b't2)  At\ 
In  [(1  T  b'h )  A*2]/[(l  ~h  b't2)  A£i] 
At2  —  At\ 

In  At2/At\ 


(5.25) 


Ux  will  now  be  identified  by  finding  tc,  the  temperature  of  the  properties 
at  which  hi  and  hQ  are  computed  and  at  wdiich  such  a  value  of  Ux  exists. 
Let  Fc  be  a  fraction.  By  multiplying  the  temperature  rise  of  the  con¬ 
trolling  (film)  stream  by  Fc  and  adding  the  resulting  fractional  rise  to 
the  lower  terminal  temperature  of  the  stream,  a  temperature  is  obtained 
at  which  to  evaluate  heat  transfer  properties  and  calculate  hi,  h0,  and 
Ux. 

tc  t\ 


Fc  h  -  h 

te  is  the  caloric  temperature  of  the  cold  stream.  By  definition,  let 


(5.26) 


Kc  = 


t2  —  ti  U2  U 1 


l/b'  -f-  t\  U 1 

and  substituting  the  equivalents  in  Eq.  (5.25), 


r  = 


Ah 

Ati 


Ate 
A  th 


1  "j-  b't^ 

1  +  b'ti 


=  Kc  +  1 


1  -}-  b'tc 

1  +  b'ti 


=  KCFC  +  1 


from  which 


(1  /Kc)  +  [r/ir  -  1)]  1 

In  (Kc  +  1)  Kc 


(5.27) 


1  + 


In  r 


Equation  (5.27)  has  been  plotted  in  Fig.  17  in  the  Appendix  with 

r/.  Ut-Ux  lh-  Uc 

Kc  ul  Uc 

as  the  parameter,  where  c  and  h  refer  to  the  cold  and  hot  terminals, 
respectively.  The  caloric  fraction  Fc  can  be  obtained  from  Fig.  17  by 
computing  Kc  from  Uh  and  Ue  and  Atc/Ath  for  the  process  conditions. 
The  caloric  temperature  of  the  hot  fluid  Tc  is 

Tc  =  T2  +  Fc(Ti  -  Ti)  (5.28) 

and  for  the  cold  fluid 

tc  =  t1+  F0(t2  -  tx)  (5.29) 

Colburn  has  correlated  in  the  insert  of  Fig.  17  the  values  of  Kf  where  the 
controlling  film  is  that  of  a  petroleum  cut.  A  correlation  of  this  type  can 
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be  made  in  any  industry  which  deals  with  a  particular  group  of  fluids  by 
obtaining  a '  and  b'  from  properties  and  eliminates  the  calculation  of  Uh 
and  Uc .  If  an  apparatus  transfers  heat  between  two  petroleum  cuts, 
the  cut  giving  the  largest  value  of  Kc  is  controlling  and  can  be  used 
directly  to  establish  Fc  for  both  streams  from  the  figure.  Thus,  whenever 
there  is  a  sizeable  difference  between  Uh  and  Uc  the  LMTD  is  not  the 
true  temperature  difference  for  counterflow.  The  LMTD  may  be  retained, 
however,  if  a  suitable  value  of  U  is  employed  to  compensate  for  its  use 
in  Eq.  (5.13). 


Example  6.6.  Calculation  of  the  Caloric  Temperature.  A  20°API  crude  oil  is 
cooled  from  300  to  200°F  by  heating  cold  60°API  gasoline  from  80  to  120°F  in  a 
counterflow  apparatus.  At  what  fluid  temperatures  should  U  be  evaluated? 


Solution: 


Shell  Tubes 

20°API  crude:  60°API  gasoline 


242.5 

Caloric  temp. 

97 

250 

Mean 

100 

300 

Higher  temp. 

120 

180 

200 

Lower  temp. 

80 

120 

100 

Diff 

40 

Crude,  Tx  -  T2  =  300  -  200  =  100°F,  Kc  =  0.68  from  Fig.  17  insert 
Gasoline,  tt  -  h  =  120  -  80  =  40°F,  Ke  g  0.10 

The  larger  value  of  Ke  corresponds  to  the  controlling  heat-transfer  coefficient  which 
is  assumed  to  establish  the  variation  of  U  with  temperature.  Then 


Elbe 


A th  300  -  120  “  0  667 
Fe  =  0.425  from  Fig.  17 

Caloric  temperature  of  crude,  Tc  =  200  +  0.425(300  -  200)  =  242.5°F. 

Caloric  temperature  of  gasoline,  tc  =  80  +  0.425(120  -  80)  =  97  0°F 
It  should  be  noted  that  there  can  be  but  one  caloric  mean  and  that  the  factor  F 
apphes  to  both  streams  but  is  determined  by  the  controlling  stream 

The  Pipe -wall  Temperature.  The  temperature  of  the  pipe  wall  can 
e  computed  from  the  caloric  temperatures  when  both  h{  and  h  are 
known.  Referring  to  Fig.  5.3  it  is  customary  to  neglect  the  temperature 

trenarS  the  Pipe  meU1  and  ^  consider  the  entire  le 

to  be  at  the  temperature  of  the  outside  surface  of  the  wall  /  If  the  n 

side  caloric  temperature  is  and  the  inside  caloric  Temperature  f  and 
1/ft,  =  hio  =  hi(Ai/A)  =  K  X  (ID/OD),  where  the  subscript  rT  defers 
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to  the  value  of  the  coefficient  inside  the  pipe  referred  to  the  outside  sur¬ 
face  of  the  pipe. 


Q  = 


At 


Tc  -  t. 


tw  tc 


2R  R0  R{0  Ri0 

Replacing  the  resistances  in  the  last  two  terms  by  film  coefficients, 


(5.30) 


Solving  for  tw 
and 


1  /h0  +  1/hio  l/hio 


tw  -  tc  + 


h0 

hio  +  h0 


tw  =  T,  — 


hi 


xo 


{Tc  -  tc) 


hio  +  h0 

When  the  hot  fluid  is  inside  the  pipe  these  become  . 

hjo 


and 


till  tc  I 


t  =  T  — 

l\v  c 


hio  ~b  h0 
h0 

hio  ~r  h0 


{Tc  -  tc) 


{Tc  ~  tc) 


(5.31) 

(5.32) 


(5.31a) 

(5.32a) 


Isothermal  Representation  of  Heating  and  Cooling.  In  streamline 
flow  when  a  fluid  flows  isothermally,  the  velocity  distribution  is  assumed 

to  be  parabolic.  When  a  given  quantity  of  liq¬ 
uid  is  heated  as  it  travels  along  a  pipe,  the  vis¬ 
cosity  near  the  pipe  wall  is  lower  than  that  of  the 
bulk  of  the  fluid.  The  fluid  near  the  wall  trav¬ 
els  at  a  faster  velocity  than  it  would  in  isother¬ 
mal  flow  and  modifies  the  parabolic  velocity 


ZZZZZZZZZZZZZZZZZ2 

Heating 
Isothermal 
Cooling 


Velocity  u 


Fig.  5.4. 
flow. 


Heating,  cooling,  and  isothermal  streamline 


distribution  as  indicated  by  the  heating  curve  in  Fig.  5.4.  If  the  liquid 
is  cooled,  the  reverse  occurs:  The  fluid  near  the  wall  flows  at  a  lower 
velocity  than  in  isothermal  flow,  producing  the  velocity  distribution 
indicated  for  cooling.  For  the  liquid  to  flow  more  rapidly  at  the  wall 
during  heating  some  of  the  liquid  near  the  center  axis  of  the  pipe  must 
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flow  outward  toward  the  wall  to  maintain  the  increased  velocity.  This 
is  a  radial  velocity  component  which  actually  modifies  the  nature  of  the 
streamline  flow.  If  data  for  heating  an  oil  in  a  given  temperature  range 
are  plotted  as  in  Fig.  3.10  together  with  data  for  cooling  the  oil  in  the 
same  temperature  range,  two  families  of  points  are  obtained.  The  data 
on  heating  give  higher  heat-transfer  coefficients  than  those  on  cooling. 
Colburn1  undertook  to  convert  both  heating  and  cooling  data  to  a  single 
isothermal  line.  He  was  able  to  employ  a  basic  equation  of  the  form  of 
Eq.  (3.32)  by  multiplying  the  right-hand  term  by  the  dimensionless  ratio 
(n/ufY  where  /x  is  the  viscosity  at  the  caloric  temperature  and  /x/  is  the 
viscosity  at  an  arbitrary  film  temperature  defined  for  streamline  flow  by 


tf  -  t*v  “f“  ^av) 

(5.33) 

and  for  turbulent  flow  by 

tf  ^av  (tw  ^av) 

(5.34) 

Sieder  and  Tate2  undertook  the  correlation  of  a  large  quantity  of  data 
in  tubes,  rather  than  pipes,  and  obtained  a  dimensionless  factor  ( n//iw)r " 
where  /x*,  is  the  viscosity  at  the  tube-wall  temperature  tw.  Using  the 
Sieder  and  Tate  correction,  Eq.  (3.32)  for  streamline  flow  becomes 


hiD 

k 


-K?)(D  ora' 


Equation  (3.26)  for  turbulent  flow  becomes 


(5.35) 


hD  (DG\P  MVmV" 

t  =  “  \t)  W  U  (5-36) 

By  incorporating  the  correlation  factor  for  heating  and  cooling  in  this 
manner  a  single  curve  is  obtained  for  both  heating  and  cooling,  since  the 
value  of  ti/nw  is  greater  than  1.0  for  liquid  heating  and  lower  than  1.0  for 
liquid  cooling.  Inasmuch  as  the  viscosities  of  gases  increase  rather  than 
decrease  with  higher  temperature,  the  deviations  from  the  isothermal 
velocity  distribution  are  the  reverse  of  liquids. 


tJ'fii  F°r  a  c?ncentrjc-pipe  heat-transfer  apparatus  having  a  1-in.  IPS  inner  pipe 
the  film  coefficient  hi  has  been  computed  to  be  10.0  Btu/(hr)(ft«)(°F).  By  suitable 
ca  eu'ation  three  different  fluids,  when  circulated  through  the  annulus,  will  have  film 
how  dT  f  ^  '  ?-0’  and  200’  respectively.  Neglecting  the  resistance  of  the  pipe 
ff  2d Ti*  p6  Va*T  °f  *he  annulus  ^efficient  affect  the  value  of  the  overall  coefficient? 

vafueow; T  ValUeS  °f  -  100  and  *•  =  50°.  "-hot  error  results  in  the  calcXld 

•  ,  ,  or  a  concentric-pipe  heat-transfer  apparatus  having  a  2-in  IPS  inner 

pipe  when  the  metal  resistance  is  obtained  from  ft?  =  instead  of  gf/X 

Colburn  A.  P.,  Trans.  AIChE,  29,  174-210  (1933). 

16  er>  *  N*’  and  G*  E*  Tate»  Ind'  Eng-  Chem.,  28,  1429-1436  (1936). 
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log  Di/Di  and  when  the  pipe  resistance  is  omitted  entirely.  ( b )  What  are  the  errors 
when  the  coefficients  are  hi  —  10  and  h0  =  50? 

6.3.  Calculate  the  LMTD  for  counterflow  in  the  following  cases  in  which  the  hot 
fluid  is  cooled  from  200  to  100°F  and  the  cold  fluid,  heated  through  an  equal  range  in 
each  case,  is  (a)  90  to  140°F,  ( h )  80  to  130°F,  and  (c)  60  to  110°F.  Observe  the  nature 
of  the  deviation  of  the  LMTD  from  the  arithmetic  means  of  the  two  terminal  differ¬ 
ences  in  each  case. 

6.4.  A  hot  fluid  is  cooled  from  245  to  225°F  in  each  case.  Compare  the  advantage 
of  counterflow  over  parallel  flow  in  the  size  of  the  LMTD  when  a  cold  fluid  is  to  be 
heated  from  (a)  135  to  220°F,  (6)  125  to  210°F,  and  (c)  50  to  135°F. 

6.6.  10,000  lb  /hr  of  cold  benzene  is  heated  under  pressure  from  100°F  by  cooling 
9000  lb  /hr  of  nitrobenzene  at  a  temperature  of  220°F.  Heat  transfer  will  occur  in  a 
concentric-pipe  apparatus  having  a  1^-in.  IPS  inner  pipe  240  ft  long.  Tests  on 
similar  equipment  transferring  heat  between  the  same  liquids  indicates  that  a  value  of 
U  =  120  based  on  the  outside  surface  of  the  inner  pipe  may  be  expected,  (a)  What 
outlet  temperatures  may  be  expected  in  counterflow?  (6)  What  outlet  temperatures 
may  be  expected  in  parallel  flow?  (c)  If  part  of  the  concentric  pipe  is  removed  leav¬ 
ing  only  160  lin  ft,  what  outlet  temperatures  may  be  expected  in  counterflow? 

6.6.  Benzene  is  to  be  heated  in  a  concentric-pipe  apparatus  having  a  IPS 

inner  pipe  from  100  to  140°F  by  8000  lb /hr  of  nitrobenzene  having  an  initial  temper¬ 
ature  of  180°F.  A  value  of  U  =  100  may  be  expected  based  on  the  outside  surface  of 
the  pipe.  How  much  cold  benzene  can  be  heated  in  160  lin  ft  of  concentric  pipe  (a)  in 
counterflow,  ( h )  in  parallel  flow?  (Hint.  Trial-and-error  solution.) 

6.7.  Aniline  is  to  be  cooled  from  200  to  150°F  in  a  concentric-pipe  apparatus  having 
70  ft2  of  external  pipe  surface  by  8600  lb /hr  of  toluene  entering  at  100°F.  A  value  of 
If  =  75  may  be  anticipated.  How  much  hot  aniline  can  be  cooled  in  counterflow? 

6.8.  In  a  counterflow  concentric-pipe  apparatus  a  liquid  is  cooled  from  250  to 
200°F  by  heating  another  from  100  to  225°F.  The  value  of  U h  at  the  cold  terminal, 
is  calculated  to  be  50.0  from  the  properties  at  the  cold  terminal,  and  U2  at  the  hot 
terminal  is  calculated  to  be  60.0.  At  what  fluid  temperatures  should  U  be  computed 
to  express  the  overall  heat  transfer  for  the  entire  apparatus? 

6.9.  In  a  counterflow  concentric-pipe  apparatus  a  liquid  is  cooled  from  250  to  150  F 
by  heating  another  from  125  to  150°F.  The  value  of  Ul  at  the  cold  terminal  is  52  and 
at  the  hot  terminal  U2  is  58.  At  what  liquid  temperatures  should  U  for  the  overall 

transfer  be  computed?  .  , 

6  10  The  calculation  of  the  caloric  temperatures  can  be  accomplished  directly  by 

evaluating  a'  and  V  in  U  =  o'(l  +  b't)  for  a  given  temperature  range.  If  the  hot 
liquid  in  Prob.  5.8  always  provides  the  controlling  film  coefficient,  what  are  the 

numerical  values  of  the  constants  a'  and  b  ?  .  j  •. 

6.11.  A  40° API  kerosene  is  cooled  from  400  to  200°F  by  heating  34  API  crude  oil 
from  100  to  200°F.  Between  what  caloric  temperatures  is  the  heat  transferred,  and 

how  do  these  deviate  from  the  mean? 

6  12  A  35°  API  distillate  used  as  a  heating  oil  is  cooled  from  400  to  300  F  by  fresh 
35°API  distillate  heated  from  200  to  300°F.  Between  what  caloric  temperatures  is 
the  heat  transferred,  and  how  do  these  deviate  from  the  mean? 

NOMENCLATURE  FOR  CHAPTER  6 

^4  Heat-transfer  surface  or  outside  surface  of  pipes,  ft2 

External  pipe  surface  per  foot  of  length,  ft 
Constants  in  the  equation  U  =  a'(l  +  b't) 


// 


a 

a',  bf 
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ai,  bi 

C 

c 

D 

Fe 

G 

h 

h%,  h0 

hio 

Ke 

k 

L 

LMTD 

Q 

R 

2R 

r 

T 

Te 

Ti,  T2 

t 

tc 

t/ 

tp 

/tp 

1 1,  ti 

At 

Ale,  A th 

A  ti 
U 

Uc,  uh 
u ,,  u2 
ut 
w 

w 

a 

M 

Mu- 


Constants 

Specific  heat  of  hot  fluid  in  derivations,  Btu/(lb)(°F) 

Specific  heat  of  cold  fluid,  Btu/(lb)(°F) 

Inside  diameter  of  pipe,  ft 
Caloric  fraction,  dimensionless 
Mass  velocity,  lb/(hr)(ft2) 

Heat-transfer  coefficient,  Btu/(hr)(ft2)(°F) 

Inside  and  outside  film  coefficients,  Btu/(hr)(ft2)(°F) 
hiAi/A,  inside  film  coefficient  referred  to  outside  surface,  Btu/ 
(hr)  (ft2)  (°F) 

Caloric  factor,  dimensionless 

Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Length,  ft 

Log  mean  temperature  difference,  °F 
Heat  flow,  Btu /hr 

Ratio  of  wc/WC  =  ( T\  —  T2)/(t2  —  ti),  dimensionless 

Overall  resistance  to  heat  flow,  (hr)  (ft2)  (°F) /Btu 

Ratio  of  cold  to  hot  terminal  differences,  dimensionless 

Temperature  of  the  hot  fluid,  °F 

Caloric  temperature  of  hot  fluid,  °F 

Hot-fluid  inlet  and  outlet  temperatures,  respectively,  °F 

Temperature  of  the  cold  fluid,  °F 

Caloric  temperature  of  cold  fluid,  °F 

Film  temperature  in  Eqs.  (5.33)  and  (5.34),  °F 

Inside  pipe-wall  temperature,  °F 

Outside  pipe-wall  temperature,  °F 

Cold-fluid  inlet  and  outlet  temperatures,  respectivelv,  9F 
Temperature  difference  at  a  point  or  mean  over  an  area,  °F 

Temperature  difference  at  the  cold  and  hot  terminals,  respectively, 
°F 

Logarithmic  mean  of  tp  -  ti  and  tp  -  t2,  °F 

Overall  coefficient  of  heat  transfer  in  general,  Btu/(hr)(ft2)/'°F) 

Overall  coefficient  of  heat  transfer  at  cold  and  hot  terminals 
Btu/ (hr)  (ft2)  (°F) 

Value  of  U  at  te,  Btu/(hr)(ft2)(°F) 

Weight  flow  of  hot  fluid,  lb /hr 

Weight  flow  of  cold  fluid,  lb  /hr 

Proportionality  constant,  dimensionless 

Viscosity  at  mean  or  caloric  temperature,  lb/(ft)(hr) 

^  ffll“  and  pipe-wa11  temperatures,  respectively, 


Superscripts 

d)  V ,  ?,  r',  r",  r'"  Constants 


Subscripts  (except  as  noted  above) 


i 

o 

io 


Inside  a  pipe  or  tube 
Outside  a  pipe  or  tube 
Value  based  on  inside  of  a  pipe 
the  tube. 


or  tube  referred 


to  the  outside  of 


CHAPTER  6 

COUNTERFLOW:  DOUBLE  PIPE  EXCHANGERS 

Definitions.  Heat-transfer  equipment  is  defined  by  the  function  it 
fulfills  in  a  process.  Exchangers  recover  heat  between  two  process 
streams.  Steam  and  cooling  water  are  utilities  and  are  not  considered 
in  the  same  sense  as  recoverable  process  streams.  Heaters  are  used  pri¬ 
marily  to  heat  process  fluids,  and  steam  is  usually  employed  for  this 
purpose,  although  in  oil  refineries  hot  recirculated  oil  serves  the  same 
purpose.  Coolers  are  employed  to  cool  process  fluids,  water  being  the 
main  cooling  medium.  Condensers  are  coolers  whose  primary  purpose 
is  the  removal  of  latent  instead  of  sensible  heat.  The  purpose  of  reboilers 
is  to  supply  the  heat  requirements  of  a  distillation  process  as  latent  heat. 
Evaporators  are  employed  for  the  concentration  of  a  solution  by  the 
evaporation  of  water.  If  any  other  fluid  is  vaporized  besides  water,  the 
unit  is  a  vaporizer. 

Double  Pipe  Exchangers.  For  the  derivations  in  Chap.  5,  a  concen¬ 
tric-pipe  heat-transfer  apparatus  was  employed.  The  industrial  counter- 


Fig.  6.1.  Double  pipe  exchanger. 


part  of  this  apparatus  is  the  double  pipe  exchanger  shown  in  Fig.  6.1. 
The  principal  parts  are  two  sets  of  concentric  pipes,  two  connecting  Pees, 
and  a  return  head  and  a  return  bend.  The  inner  pipe  is  supported  within 
the  outer  pipe  by  packing  glands,  and  the  fluid  enters  the  inner  pipe 
through  a  threaded  connection  located  outside  the  exchanger  section 
proper  The  Tees  have  nozzles  or  screwed  connections  attached  to  them 
to  permit  the  entry  and  exit  of  the  annulus  fluid  which  crosses  from  one 
leg  to  the  other  through  the  return  head.  The  two  lengths  of  inner  pipe 
are  connected  by  a  return  bend  which  is  usually  exposed  and  does  not 
provide  effective  heat-transfer  surface.  When  arranged  in  two  legs  as  in 

Fig.  6.1,  the  unit  is  a  hairpin. 
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The  double  pipe  exchanger  is  extremely  useful  because  it  can  be 
assembled  in  any  pipe-fitting  shop  from  standard  parts  and  provides 
inexpensive  heat-transfer  surface.  The  standard  sizes  of  Tees  and  return 
heads  are  given  in  Table  6.1. 

Table  6.1.  Double  Pipe  Exchanger  Fittings 
Outer  pipe,  IPS  Inner  pipe,  IPS 

2  1 H 

2M  IK 

3  2 

4  3 

Double  pipe  exchangers  are  usually  assembled  in  12-,  15-,  or  20-ft 
effective  lengths,  the  effective  length  being  the  distance  in  each  leg  over 
which  heat  transfer  occurs  and  excludes  inner  pipe  protruding  beyond 
the  exchanger  section.  When  hairpins  are  employed  in  excess  of  20  ft  in 
length  corresponding  to  40  effective  linear  feet  or  more  of  double  pipe, 
the  inner  pipe  tends  to  sag  and  touch  the  outer  pipe,  thereby  causing  a 
poor  flow  distribution  in  the  annulus.  The  principal  disadvantage  to 
the  use  of  double  pipe  exchangers  lies  in  the  small  amount  of  heat-transfer 
surface  contained  in  a  single  hairpin.  When  used  with  distillation  equip¬ 
ment  on  an  industrial  process  a  very  large  number  are  required.  These 
require  considerable  space,  and  each  double  pipe  exchanger  introduces 
no  fewer  than  14  points  at  which  leakage  might  occur.  The  time  and 
expense  required  for  dismantling  and  periodically  cleaning  are  prohibitive 
compared  with  other  types  of  equipment.  However,  the  double  pipe 

exchanger  is  of  greatest  use  where  the  total  required  heat-transfer  surface 
is  small,  100  to  200  ft2  or  less. 

Film  Coefficients  for  Fluids  in  Pipes  and  Tubes.  Equation  (3.42)  was 
obtained  for  heating  several  oils  in  a  pipe  based  on  the  data  of  Morris  and 
ltman.  Sieder  and  Tate1  made  a  later  correlation  of  both  heating 

7nntT°  ‘dS  a  °f  fluids’  PrinciPal>y  petroleum  fractions,  in  hori 

where  DO/u^ So ?.  “T*  at  “  eqUation  f°r  streamIi“e  flow 

vnere  VO/p  <  2100  in  the  form  of  Eq  (5  35) 

¥— K?K¥)©r(a“— e®‘(£)“  «■> 

transition  range  the  data  mav  be  1°°/ j°+Pt  f0‘  Water'  Bey°nd  the 
of  Eq.  (5.36)  t0  tUrbU,ent  fl0w  in  the  W 

=  0.027  (rtf  *  (Vf  M°  U 

1  Sieder,  E.  N„  and  G.  E.  Tate,  In/Eng.  cl.,  28^29-1436  (1936). 
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Equation  (6.2)  gave  maximum  mean  deviations  of  approximately  +15 
and  — 10  per  cent  for  the  Reynolds  numbers  above  10,000.  While  Eqs. 
(6.1)  and  (6.2)  were  obtained  for  tubes,  they  will  also  be  used  indiscrimi¬ 
nately  for  pipes.  Pipes  are  rougher  than  tubes  and  produce  more  turbu¬ 
lence  for  equal  Reynolds  numbers.  Coefficients  calculated  from  tube-data 
correlations  are  actually  lower  and  safer  than  corresponding  calculations 
based  on  pipe  data  and  there  are  no  pipe  correlations  in  the  literature  so 
extensive  as  tube  correlations.  Equations  (6.1)  and  (6.2)  are  applicable 
for  organic  liquids,  aqueous  solutions,  and  gases.  They  are  not  conserva¬ 
tive  for  water,  and  additional  data  for  water  will  be  given  later.  In 


DG 

P 

Fig.  6.2.  Tube-side  heat-transfer  curve. 


order  to  permit  the  graphical  representation  of  both  equations  on  a  single 
pair  of  coordinates,  refer  to  Fig.  6.2.  Using  the  ordinate 


and  the  abscissa  (DG/u.)  only  Eq.  (6.2)  can  be  shown.  By  using  D/L  or 
L/D  as  a  parameter,  Eq.  (0.1)  can  also  be  included.  The  transition 
region  joins  the  two.  Working  plots  of  Eqs.  (6.1)  and  (6.2)  are  given  in 
Fig.  24  of  the  Appendix  together  with  a  line  of  slope  0.14  to  facilitate  the 

solution  of  the  ratio  <f>  =  (m/m*)0'14-  „  .  , 

Fluids  Flowing  in  Annuli:  The  Equivalent  Diameter.  When  a  fluid 

flows  in  a  conduit  having  other  than  a  circular  cross  section,  such  as  an 
annulus,  it  is  convenient  to  express  heat-transfer  coefficients  and  friction 
factors  by  the  same  types  of  equations  and  curves  used  for  pipes  and 
tubes  To  permit  this  type  of  representation  for  annulus  heat  tra 
it  has  been  found  advantageous  to  employ  an  equivalent  diamde 
The  equivalent  diameter  is  four  times  the  hydraulic  radius,  and  the 
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hydraulic  radius  is,  in  turn,  the  radius  of  a  pipe  equivalent  to  the  annulus 
cross  section.  The  hydraulic  radius  is  obtained  as  the  ratio  of  the  flow 
area  to  the  wetted  perimeter.  For  a  fluid  flowing  in  an  annulus  as  shown 
in  Fig.  6.3  the  flow  area  is  evidently  (ir/4)  ( D\  —  D\)  but  the  wetted  perim¬ 
eters  for  heat  transfer  and  pressure  drops  are  different.  For  heat  transfer 
the  wetted  perimeter  is  the  outer  circumference  of  the  inner  pipe  with 
diameter  Di,  and  for  heat  transfer  in  annuli 

_  _  4  X  flow  area  =  4 t(D%  —  D\)  _  D\  —  D\ 

e  ~  Th  wetted  perimeter  4irDi  Z>i 


In  pressure-drop  calculations  the  friction  not  only  results  from  the  resist¬ 
ance  of  the  outer  pipe  but  is  also  affected  by  the  outer  surface  of  the  inner 
pipe.  The  total  wetted  perimeter  is  t(D2  +  D i),  and  for  the  pressure 
drop  in  annuli 

7/  =  4  X  flow  area  =  4t t(D\  -  D\)  =  D  _  D 

e  frictional  wetted  perimeter  4tt(D2  +  D\)  2  1  '  ' 


This  leads  to  the  anomalous  result  that  the  Reynolds  numbers  for  the 
same  flow  conditions,  w,  G,  and  /x,  are  different  for 
heat  transfer  and  pressure  drop  since  De  might 
be  above  2100  while  D'e  is  below  2100.  Actually 
both  Reynolds  numbers  should  be  considered 
only  approximations,  since  the  sharp  distinction 
between  streamline  and  turbulent  flow  at  the 
Reynolds  number  of  2100  is  not  completely  valid 
in  annuli. 

Film  Coefficients  for  Fluids  in  Annuli.  When 
the  equivalent  diameter  from  Eq.  (6.3)  is  substi¬ 
tuted  for  D ,  Fig.  24  in  the  Appendix  may  be  con¬ 
sidered  a  plot  of  DeG/n  vs.  {h0DJk){c^/k)~^/^)-^\  h0  is  the  out¬ 
side  or  annulus  coefficient  and  is  obtained  in  the  same  manner  as  hi  by 
multiplication  of  the  ordinate.  Even  though  D  differs  from  De,  h0  is 
effective  at  the  outside  diameter  of  the  inner  pipe.  In  double  pipe 
exchangers  it  is  customary  to  use  the  outside  surface  of  the  inner  pipe 
as  the  reference  surface  in  Q  =  CM  At,  and  since  has  been  determined 
for  A,  and  not  A,  it  must  be  corrected,  hi  is  based  on  the  area  correspond¬ 
ing  to  the  inside  diameter  where  the  surface  per  foot  of  length  is  tt  X  ID. 

n  t  le  outside  of  the  pipe  the  surface  per  foot  of  length  is  x  X  OD-  and 
again  letting  hi0  be  the  value  of  hi  referred  to  the  outside  diameter,  ’ 


Fio.  6.3.  Annulus  diam¬ 
eters  and  location  of  coeffi¬ 
cients. 


hi 


ID 

OD 


(6.5) 


106 


PROCESS  HEAT  TRANSFER 


Fouling  Factors.  The  overall  coefficient  of  heat  transfer  required  to 
fulfill  the  process  conditions  may  be  determined  from  the  Fourier  equa¬ 
tion  when  the  surface  A  is  known  and  Q  and  At  are  calculated  from  the 
process  conditions.  Then  U  =  Q/A  At.  If  the  surface  is  not  known  U 
can  be  obtained  independently  of  the  Fourier  equation  from  the  two  film 
coefficients.  Neglecting  the  pipe-wall  resistance, 


or 


jj  —  Rio  T  R0  —  r — h  7- 

^  hio  ho 


U  = 


hioho 
hio  i  ho 


((6.6) 

(6.7) 


The  locations  of  the  coefficients  and  temperatures  are  shown  in  Fig.  6.3. 
When  U  has  been  obtained  from  values  of  hi0  and  h0  and  Q  and  At  are 
calculated  from  the  process  conditions,  the  surface  A  required  for  the 
process  can  be  computed.  The  calculation  of  A  is  known  as  design. 

When  heat-transfer  apparatus  has  been  in  service  from  some  time,  how¬ 
ever,  dirt  and  scale  deposit  on  the  inside  and  outside  of  the  pipe,  adding 
two  more  resistances  than  were  included  in  the  calculation  of  U  by  Eq. 

(6.6).  The  additional  resistances  reduce  the 
original  value  of  U,  and  the  required  amount 
of  heat  is  no  longer  transferred  by  the  original 
surface  A ;  T2  rises  above  and  U  falls  below  the 
desired  outlet  temperatures,  although  hi  and  ha 
remain  substantially  constant.  To  overcome 
this  eventuality,  it  is  customary  in  design¬ 
ing  equipment  to  anticipate  the  deposition  of 
dirt  and  scale  by  introducing  a  resistance  Rd 
called  the  dirt,  scale,  or  fouling  factor,  or  re¬ 
sistance.  Let  Rdi  be  the  dirt  factor  for  the 
inner  pipe  fluid  at  its  inside  diameter  and  fl*.  the  dirt  factor  for  the 
annulus  fluid  at  the  outside  diameter  of  the  inner  pipe.  These  may  be 
considered  very  thin  for  dirt  but  may  be  appreciably  thick  for  scale,  which 
has  a  higher  thermal  conductivity  than  dirt.  The  resistances  are  shown 
in  Fig  6.4.  The  value  of  U  obtained  in  Eq.  (6.7)  only  from  1/ft*,  and 
1  /ft.  may  be  considered  the  clean  overall  coefficient  designated  by  Uc  to 
show  that  dirt  has  not  been  taken  into  account.  The  coefficient  which 
includes  the  dirt  resistance  is  called  the  design  or  dirty  overall  coefficient  U  D. 
The  value  of  A  corresponding  to  UD  rather  than  Uc  provides  the  basis 
on  which  equipment  is  ultimately  built.  The  relationship  between  the 
two  overall  coefficients  Uc  and  Ud  is 

-L-  =  j— -  -f-  Rdi  T  Rdo 
U  D  O  c 


Fig.  6.4. 


foul- 


Location  of 
ing  factors  and  heat-transfer 
coefficients. 


(6.8) 
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or  setting 

Rd  i*  +  Rdo  =  Rd  (6.9) 

Jf  =  Jr — b  Rd  (6.10) 

U  D  u  C 

Thus  suppose  that  for  a  double  pipe  exchanger,  hi0  and  hQ  have  been 
computed  to  be  300  and  100  respectively,  then 

L  =  L  +  i.  =  0.0033  +  0.01  =  0.0133. 

U  C  hio  ho 

or  Uc  =  1/0.0133  =  75.0  Btu/(hr)(ft2)(°F).  From  experience,  let  us 
say,  it  has  been  found  that  a  thermal  dirt  resistance  of  Rdi  =  0.001 
(hr)(ft2)(°F)/Btu  will  deposit  annually  inside  the  pipe  and  Rdo  =  0.0015 
will  deposit  on  the  outside  of  the  pipe.  For  what  overall  coefficient 
should  the  surface  be  calculated  so  that  the  apparatus  need  be  cleaned 
only  once  a  year?  Then  Rd  =  Rdi  +  Rdo  =  0.0025,  and 

jj-  =  L  +  Jti  =  _L  +  0.0025  =  0.0158  (hr)  (ft2)(°F)/Btu 
or 

Ud  =  0.0158  =  63,3  Btu/(hr)(ft2)(°F) 


lhe  Fourier  equation  for  surface  on  which  dirt  will  be  deposited  becomes 


Q  =  UoA  At 


(6.11) 


If  it  is  desired  to  obtain  A,  then  hi0  and  h0  must  first  be  calculated  from 
equations  such  as  Eq.  (6.1)  and  (6.2)  which  are  independent  of  the  extent 
of  the  surface  but  dependent  upon  its  form,  such  as  the  diameter  and 
uid  flow  area.  With  these,  Uc  is  obtained  from  Eq.  (6.6)  and  UD  is 
Obtained  from  Ue  using  Eq.  (6.10).  Sometimes,  however,  it  is  desirable 
to  study  the  rates  at  which  dirt  accumulates  on  a  known  surface  A. 

C  Wi  remain  constant  if  the  scale  or  dirt  deposit  does  not  alter  the 
mass  velocity  by  constricting  the  fluid  flow  area.  UD  and  At  will  obvi- 
ously  change  as  the  dirt  accumulates  because  the  temperatures  of  the 
fluids  will  vary  from  the  time  the  surface  is  freshly  placed  in  service  until 
it  becomes  fouled.  If  At  is  calculated  from  observed  temperatures  instead 
of  process  temperatures  then  Eq.  (6.11)  may  be  used  to  determine  1 

*  Actually  R*  should  be  referred  to  the  outside  diameter  as  Ro  =  p  t  a  , ,  , 

(2.35),  failure  to  correct  to  the  outside  Ini  •  .  j  ’  ^  shown  h?  E<ls-  2-34)  and 

Mow  1  per  cent.  ^ 
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for  a  given  fouling  period.  Then  from  Eq.  (6.10) 

p  _  1  1 

d  UD  Uc 

(6.12) 

which  can  also  be  written 

D  Uc  -  UD 

d  UcUn 

(6.13) 

When  Rd  (deposited)  >  Rd  (allowed),  as  after  a  period  of  service,  the 
apparatus  no  longer  delivers  a  quantity  of  heat  equal  to  the  process 
requirements  and  must  be  cleaned. 

Numerical  values  of  the  dirt  or  fouling  factors  for  a  variety  of  process 
services  are  provided  in  Appendix  Table  12.  The  tabulated  fouling 
factors  are  intended  to  protect  the  exchanger  from  delivering  less  than 
the  required  process  heat  load  for  a  period  of  about  a  j^ear  to  a  year  and  a 
half.  Actually  the  purpose  of  the  tabulated  fouling  factors  should  be 
considered  from  another  point  of  view.  In  designing  a  process  plant 
containing  many  heat  exchangers  but  without  alternate  or  spare  pieces  of 
heat-transfer  equipment,  the  process  must  be  discontinued  and  the  equip¬ 
ment  cleaned  as  soon  as  the  first  exchanger  becomes  fouled.  It  is 
impractical  to  shut  down  every  time  one  exchanger  or  another  is  fouled, 
and  by  using  the  tabulated  fouling  factors,  it  can  be  arranged  so  that  all 
the  exchangers  in  the  process  become  dirty  at  the  same  time  regardless 
of  service.  At  that  time  all  can  be  dismantled  and  cleaned  during  a  single 
shutdown.  The  tabulated  values  may  differ  from  those  encountered  by 
experience  in  particular  services.  If  too  frequent  cleaning  is  necessary,  a 
greater  value  of  Rd  should  be  kept  in  mind  for  future  design. 

It  is  to  be  expected  that  heat-transfer  equipment  will  transfer  more 
heat  than  the  process  requirements  when  newly  placed  in  service  and 
that  it  will  deteriorate  through  operation,  as  a  result  of  dirt,  until  it  just 
fulfills  the  process  requirements.  The  calculation  of  the  temperatures 
delivered  initially  by  a  clean  exchanger  whose  surface  has  been  designed 
for  Ud  but  which  is  operating  without  dirt  and  which  is  consequently 
oversurfaced  is  not  difficult.  Referring  to  Eqs.  (5.18)  and  (5.19)  use 
Uc  for  U  and  the  actual  surface  of  the  exchanger  A  (which  is  based  on 
Ud)  This  calculation  is  also  useful  in  checking  whether  or  not  a  clean 
exchanger  will  be  able  to  deliver  the  process  heat  requirements  when  it 


Pressure  Drop  in  Pipes  and  Pipe  Annuli.  The  pressure-drop  allowance 
in  an  exchanger  is  the  static  fluid  pressure  which  may  be  expended  to 
drive  the  fluid  through  the  exchanger.  The  pump  selected  f°r  e  clr™' 
lation  of  a  process  fluid  is  one  which  develops  sufficient  head  at  the 
desired  capacity  to  overcome  the  frictional  losses  caused  by  connecting 


COUNTERFLOW 


109 


piping,  fittings,  control  regulators,  and  the  pressure  drop  in  the  exchanger 
itself.  To  this  head  must  be  added  the  static  pressure  at  the  end  of  the 
line  such  as  the  elevation  or  pressure  of  the  final  receiving  vessel.  Once  a 
definite  pressure  drop  allowance  has  been  designated  for  an  exchanger 
as  a  part  of  a  pumping  circuit,  it  should  always  be  utilized  as  completely 
as  possible  in  the  exchanger,  since  it  will  otherwise  be  blown  off  or 
expanded  through  a  pressure  reducer.  Since  in  Eq.  (3.44) 

A F  a  G 2  ^nearly,  since  /  varies  somewhat  with 

and  in  Eq.  (6.2)  for  turbulent  flow 

hi  oc  G°-s  (nearly) 


the  best  use  of  available  pressure  is  to  increase  the  mass  velocity  which 
also  increases  hi  and  lessens  the  size  and  cost  of  the  apparatus.  It  is 
customary  to  allow  a  pressure  drop  of  5  to  10  psi  for  an  exchanger  or 
battery  of  exchangers  fulfilling  a  single  process  service  except  where 
the  flow  is  by  gravity.  For  each  pumped  stream  10  psi  is  fairly  standard. 
For  gravity  flow  the  allowable  pressure  drop  is  determined  by  the  eleva¬ 
tion  of  the  storage  vessel  above  the  final  outlet  z  in  feet  of  fluid.  The 
feet  of  fluid  may  be  converted  to  pounds  per  square  inch  by  multiplying 
z  by  p/144. 

The  pressure  drop  in  pipes  can  be  computed  from  the  Fanning  equation 
[Eq.  (3.44)],  using  an  appropriate  value  of  /  from  Eq.  (3.46)  or  Eq. 
(3.476),  depending  upon  the  type  of  flow.  For  the  pressure  drop  in 
fluids  flowing  in  annuli,  replace  D  in  the  Reynolds  number  by  D’c  to 
obtain  /.  The  Fanning  equation  may  then  be  modified  to  give 


A  F  =  ■ 

2  gp2D'e 


(6.14) 


Where  several  double  pipe  exchangers  are  connected  in  series,  annulus  to 
annulus  and  pipe  to  pipe  as  in  Fig.  6.5,  the  length  in  Eq.  (3.44)  or  (6.14) 
is  the  total  for  the  entire  path. 

The  pressure  drop  computed  by  Eq.  (3.44)  or  (6.14)  does  not  include 
the  pressure  drop  encountered  when  the  fluid  enters  or  leaves  exchangers. 
For  the  inner  pipes  of  double  pipe  exchangers  connected  in  series  the 
entrance  loss  is  usually  negligible,  but  for  annuli  it  may  be  significant, 
ihe  allowance  of  a  pressure  drop  of  one  velocity  head,  V2/2g'  per  hairpin 
will  ordinarily  suffice.  Suppose  water  flows  in  an  annulus  with  a  mass 
velocity  of  720,000  Ib/(hr) (ft2) .  Since  p  =  62.5  lb/ft8  (approximately), 

V  =  0  _  720,000 

3600p  3600  X  62.5  -  32  fps' 


no 
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The  pressure  drop  per  hairpin  will  be  3.2s/(2  X  32.2)  =  0.159  ft  of  water 
or  0.07  psi.  Unless  the  velocity  is  well  above  3  fps,  the  entrance  and 
exit  losses  may  be  neglected.  Values  of  V2/2 g'  are  plotted  directly  against 
the  mass  velocity  for  a  fluid  with  a  specific  gravity  of  1.0  in  Fig.  27  in  the 
Appendix. 

The  Calculation  of  a  Double  Pipe  Exchanger.  All  the  equations 
developed  previously  will  be  combined  to  outline  the  solution  of  a  double 
pipe  exchanger.  The  calculation  consists  simply  of  computing  h0  and 
hi0  to  obtain  U c.  Allowing  a  reasonable  fouling  resistance,  a  value  of  U » 
is  calculated  from  which  the  surface  can  be  found  with  the  use  of  the 
Fourier  equation  Q  =  UDA  At. 

Usually  the  first  problem  is  to  determine  which  fluid  should  be  placed 
in  the  annulus  and  which  in  the  inner  pipe.  This  is  expedited  by  estab¬ 
lishing  the  relative  sizes  of  the  flow  areas  for  both  streams.  For  equal 
allowable  pressure  drops  on  both  the  hot  and  cold  streams,  the  decision 
rests  in  the  arrangement  producing  the  most  nearly  equal  mass  velocities 
and  pressure  drops.  For  the  standard  arrangements  of  double  pipes  the 
flow  areas  are  given  in  Table  6.2. 

Table  6.2.  Flow  Areas  and  Equivalent  Diameters  in  Double  Pipe  Exchangers 


Exchanger,  IPS 

Flow  area,  in.2 

Annulus,  in. 

Annulus 

Pipe 

de 

< 

2  X  1 H 

1.19 

1.50 

0.915 

0.40 

2 M  X  IK 

2.63 

1.50 

2.02 

0.81 

3  X  2 

2.93 

3.35 

1.57 

0.69 

4*  X  3 

3.14 

7.38 

1.14 

0.53 

In  the  outline  below,  hot-  and  cold-fluid  temperatures  are  represented 
by  upper  and  lower  case  letters,  respectively.  All  fluid  properties  are 
indicated  by  lower  case  letters  to  eliminate  the  requirement*  for  new 
nomenclature. 

Process  conditions  required: 

Hot  fluid:  T\,  T2,  W,  c,  s  or  p,  p,  k,  A P,  Rdo  or  Rdi 
Cold  fluid:  t\,  t2,  w,  c,  s  or  p,  p,  k,  A P,  Rdi  or  Rdo 

The  diameter  of  the  pipes  must  be  given  or  assumed. 
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A  convenient  order  of  calculation  follows. 

(1)  From  Th  T2,  h,  t2  check  the  heat  balance,  Q,  using  c  at  Tme M  and 

Q  =  WC(T i  -  T2 )  =  wc(t2  -  h) 

Radiation  losses  from  the  exchanger  are  usually  insignificant  compared 
with  the  heat  load  transferred  in  the  exchanger. 

(2)  LMTD,  assuming  counterflow.  (5.14) 

(3)  Tc  and  tc :  If  the  liquid  is  neither  a  petroleum  fraction  nor  a  hydro¬ 
carbon  the  caloric  temperatures  cannot  be  determined  through  the 
use  of  Fig.  17  and  Eqs.  (5.28)  and  (5.29).  Instead,  the  calculation 
of  Uc  must  be  performed  for  the  hot  and  cold  terminals  giving  Uh 
and  Uc  from  which  one  may  obtain  Kc.  Fc  is  then  gotten  from 
Fig.  17  or  Eq.  (5.27).  If  neither  of  the  liquids  is  very  viscous  at  the 
cold  terminal,  say  not  more  than  1.0  centipoise,  if  the  temperature 
ranges  do  not  exceed  50  to  100°F,  and  if  the  temperature  difference  is 
less  than  50°F,  the  arithmetic  means  of  T\  and  T2  and  t\  and  t2  may 
be  used  in  place  of  Tc  and  te  for  evaluating  the  physical  properties. 
For  nonviscous  fluids  <£  =  (p/pw) 0,14  may  be  taken  as  1.0  as  assumed 
below. 

Inner  pipe: 

(4)  Flow  area,  ap  =  7tD2/4,  ft2. 

(5)  Mass  velocity,  Gp  =  w/ap,  lb/(hr) (ft2). 

(6)  Obtain  p  at  Tc  or  tc  depending  upon  which  flows  through  the  inner 
pipe,  p,  lb/(ft)(hr)  =  centipoise  X  2.42. 

From  D  ft,  Gp  lb/ (hr)  (ft2),  p  lb/(ft)(hr)  obtain  the  Reynolds  num¬ 
ber,  Re  p  =  DGp/p . 

(7)  From  Fig.  24  in  which  jH  =  (hiD/fc)(cM/*)-W(M/^„)- o.u  vs.  to/ 
obtain  jH. 

(8)  From  c  Btu/(lb)(°F),  p  lb/ (ft) (hr),  k  Btu/(hr)(ft2)(°F/'ft),  all 
obtained  at  Tc  or  tc  compute  (cp/k)M. 

(9)  To  obtain  ft,-  multiply  jH  by  (k/D) (c»/k)*  =  1.0)  or 

hjD  ( cu\  '  /  ^\-01)  fc  fcn\‘A 

k  \k)  \jrJ  d\t)  X  1.0  =  ft,  Btu/(hr)(fV)(°F)  (6.15a) 

(10)  Convert  ft,  to  A,„;  ft,.  =  hUi/A)  =  ft,  X  ID/OD.  (6.5) 

Annulus: 

(4')  Flow  area,  aa  =  7 r(D2  -  D\)/ 4,  ft2 

Equivalent  diameter  De  =  -i  X  flow  area  _  D\  -  D\ 

wTetted  perimeter  Dl  ^  (5-3) 
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(S')  Mass  velocity,  Ga  =  w/aa,  lb/(hr)(ft2) 

(6')  Obtain  p  at  Tc  or  tc,  lb/ (ft)  (hr)  =  centipoise  X  2.42.  From  De  ft, 
Ga  lb/ (hr)  (ft2),  n  lb/ (ft)  (hr)  obtain  the  Reynolds  number, 


RCa  — 


DeGa 


(7')  From  Fig.  24  in  which  j„  =  (h0De/k){cp/k)-*{p/ Vs.  DeGa/p 
obtain  j u. 

(8')  From  c,  p,  and  k,  all  obtained  at  Tc  or  tc  compute  ( cp/k )**. 

(9')  To  obtain  h0  multiply  jH  by  (k/De){cp/k)H  (<f>  =  1.0)  or 

IT  (f)  (£)  0  ,4  W.  (j T  X  10  =  h°  ®tu/(hr)(ft2)(°F)  (6.156) 


Overall  coefficients: 

(11)  Compute  Uc  =  hioh0/{hio  +  h0),  Btu/(hr)(ft2)(°F).  (6.7) 

(12)  Compute  UD  from  l/UD  =  1  /Uc  +  Rd .  (6.10) 

(13)  Compute  A  from  Q  =  U dA  At  which  may  be  translated  into  length. 
If  the  length  should  not  correspond  to  an  integral  number  of  hair¬ 
pins,  a  change  in  the  dirt  factor  will  result.  The  recalculated  dirt 
factor  should  equal  or  exceed  the  required  dirt  factor  by  using  the 
next  larger  integral  number  of  hairpins. 

Calculation  of  A P.  This  requires  a  knowledge  of  the  total  length  of 

path  satisfying  the  heat-transfer  requirements. 


Inner  pipe: 

(1)  For  Rep  in  (6)  above  obtain/ from  Eq.  (3.46)  or  (3.476). 

(2)  AFP  =  4fG*L/2gP*D,  ft.  (3.45) 

AFpp/144  =  A Pp,  psi. 


Annulus: 


d') 


(2') 

(3') 


'll  f  *  7Y  47t(Z)2  D\)  _  /p  _  n  \ 

)btain  D‘  =  mdT+dT)  ~  (  2  l)‘ 

Compute  the  frictional  Reynolds  number,  Re’a  =  D'e  Ga/n- 
»btain/  from  Eq.  (3.46)  or  (3.476). 
iFa  =  4:fG2L/2gp2D'e,  ft. 

Entrance  and  exit  losses,  one  velocity  head  per  hairpin : 
V2 

iFi  =  ^7  ft/hairpin 
A Fa  +  AF*)p/144  =  A Pa,  psi. 


(6.4) 
For  Re'a 

(6.14) 


There  is  an  advantage  if  both  fluids  are  computed  side  by  side,  and  the 
use  of  the  outline  in  this  manner  will  be  demonstrated  in  Example  6.1. 
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Example  6.1.  Double  Pipe  Benzene-Toluene  Exchanger.  It  is  desired  to  heat 
9820  lb /hr  of  cold  benzene  from  80  to  120°F  using  hot  toluene  which  is  cooled  from 
160  to  100°F.  The  specific  gravities  at  68°F  are  0.88  and  0.87,  respectively.  The 
other  fluid  properties  will  be  found  in  the  Appendix.  A  fouling  factor  of  0.001  should 
be  provided  for  each  stream,  and  the  allowable  pressure  drop  on  each  stream  is  10.0  psi. 

A  number  of  20-ft  hairpins  of,2-  by  1^-in.  IPS  pipe  are  available.  How  many 
hairpins  are  required? 

Solution: 


(1)  Heat  balance: 

Benzene,  fav  =  80  +  1 --  =  100°F  c  =  0.425  Btu/(lb)(°F)  (Fig.  2) 

Q  =  9820  X  0.425(120  -  80)  =  167,000  Btu/hr 

Toluene,  T„  =  160  +  100  =  130°F  c  =  0.44  Btu/(lb)(°F)  (Fig.  2) 

_  167,000  _  „„ 

W  0.44(160  -  100)  6330  lb/h 


(2)  LMTD,  (see  the  method  of  Chap.  3): 


Hot  fluid  Cold  fluid  Diff. 


160 

Higher  temp 

120 

40 

100 

Lower  temp 

80 

20 

20 

At2 


A  tx 
At2 


-  Ah 


LMTD  = 


At  2  —  At  i 
2.3  log  Atz/Ati 


20 
2.3  log 


28.8°F 


(5.14) 


(3)  Caloric  temperatures:  A  check  of  both  streams  will  show  that  neither  is  viscous 
at  the  cold  terminal  (the  viscosities  less  than  1  centipoise)  and  the  temperature 
ranges  and  temperature  difference  are  moderate.  The  coefficients  may  accord¬ 
ingly  be  evaluated  from  properties  at  the  arithmetic  mean,  and  the  value  of 
(m/mu>)0-14  may  be  assumed  equal  to  1.0. 


Tav  -  H(160  +  100)  =  130°F  Uy  =  1^(120  -f  80)  =  100°F 

Proceed  now  to  the  inner  pipe.  A  check  of  Table  6.2  indicates  that  the  flow  area 

of  the  inner  pipe  is  greater  than  that  of  the  annulus.  Place  the  larger  stream,  benzene 
in  the  inner  pipe. 


Hot  fluid:  annulus ,  toluene 
(4')  Flow  area, 

D2  =  2.067/12  =  0.1725  ft 
Dx  =  1.66/12  =  0.138  ft 
aa  =  t r{D\  —  D\)/  4 

=  *-(0.1725*  -  0.138*)/4  =  0.00826  ft* 
Equiv  diam,  Dc  =  (D\  -  D\)/Dx  ft 

[Eq  (6.3)] 

De  =  (0.1725*  -  0. 138*) /0. 138 

=  0.0762  ft 


Cold  fluid:  inner  pipe,  benzene 

(4)  D  =  1.38/12  =  0.115  ft 
Flow  area,  ap  =  ttD*/4 

=  tt  X  0.115*/4  =  0.0104  ft* 
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Hot  fluid:  annulus ,  toluene 
(6')  Mass  vel,  Ga  =»  W /aa 

=  6330/0.00826  =  767,000  lb/(hr)(ft2) 
(6')  At  130°F,  u  =  0.41  cp  [Fig.  14] 
=*  0.41  X  2.42  =  0.99  lb/(ft)(hr) 

Reynolds  no.,  Rea  = 

=  0.0762  X  767,000/0.99  =  59,000 


Cold  fluid:  inner  pipe,  benzene 

(5)  Mass  vel,  Gp  =  w/ap 

=  9820/0.0104  =  943,000  lb/(hr)(ft2) 

(6)  At  100°F,  u  =  0.50  cp  [Fig.  14] 
=  0.50  X  2.42  =  1.21  lb/(ft)(hr) 

Reynolds  no.,  Rep  = 

M 

=  0.115  X  943,000/1.21  =  89,500 


(7')  jH  =  167  [Fig.  24] 

(8')  At  130°F,  c  =  0.44  Btu/(lb)(°F) 

[Fig.  2] 

k  =  0.085  Btu/ (hr) (ft2)  (°F /ft)  [Table  4] 

&T  -  HSFT  = 
"'-i'UWGr 

[Eq.  (6.156)] 

=  167  X  X  1725  X  1,0 

=  323  Btu/(hr)(ft2)(°F) 


(7)  jn  =  236  [Fig.  24] 

(8)  At  100°F,  c  =  0.425  Btu/(lb)(°F) 

[Fig.  2] 

k  =  0.091  Btu/ (hr)  (ft2)  (°F /ft)  [Table  4] 
(cu\H  _  /0.425  X  1.21\W  ,  „0 

\k )  V  0.091  )  ~  1,78 

<•>  -^(ir 

[Eq.  (6.15a)] 

=  236  X  J^-1  X  1.78  X  1.0 
U.II5 

=  333  Btu/(hr)(ft2)(°F) 

(10)  Correct  hi  to  the  surface  at  the  OD 

h  _  h  v  ID 
h\o  —  X  qjq 


[Eq.  (6.5)] 


=  333  X 


1.38 


276 


1.66 

Now  proceed  to  the  annulus. 


(11)  Clean  overall  coefficient,  Uc'- 

TT  hioK  276  X  323 
Uc  — 


hi0  +  h0  276  +  323 
(12)  Design  overall  coefficient,  U d'. 

u~D=lTcJrRd 


=  149  Btu/(hr)(ft2)(°F) 


(6.7) 


(6.10) 


Rd  =  0.002  (required  by  problem) 

775  -  135  +  0  002 

Ud  =  115  Btu/(hr)(ft2)(°F) 


(13)  Required  surface: 


Summary 


323 

h  outside 

276 

Uc 

149 

UD 

115 

Q  =  UdA  At  A  -  Ud  M 

„  ,  167,000  __  c; 

Surface  =  115  X  28)8  50,5 
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From  Table  11  for  l)4-in.  IPS  standard  pipe  there  are  0.435  ft2  of  external  surface 
per  foot  length. 

50  5 

Required  length  =  =  116  lin  ft 

This  may  be  fulfilled  by  connecting  three  20-ft  hairpins  in  series. 

(14)  The  surface  supplied  will  actually  be  120  X  0.435  =  52.2  ft2.  The  dirt  factor 
will  accordingly  be  greater  than  required.  The  actual  design  coefficient  is 

Vo  =  52‘267^88  =  H1  Btu/(hr)(ft2)(°F) 


= 


Uc  -  UD  149  -  111 


UcUd 


149  X  111 


=  0.0023  (hr)(ft2)(°F)/Btu 


(6.13) 


Pressure  Drop 


(1')  D't  for  pressure  drop  differs  from  De 
for  heat  transfer. 

D't  =  (Z)2  -  Di)  [Eq.  (6.4) 

=  (0.1725  -  0.138)  =  0.0345  ft 

M 

=  0.0345  X  767,000/0.99  =  26,800 

'  "  0  0035  +  2WT,=  0.007! 

[Eq.  (3.476)] 

s  =  0.87,  P  =  62.5  X  0.87  =  54.3 

[Table  6] 

(2')  =  aw 

2  gP*D'e 

4  X  0.0071  X  767, 0002  X  120 
~  2  X  4.18  X  108  X  54.32  X  0.0345 
=  23.5  ft 

(3<)  F  =  3^  =  =  3.92  fps 


(1)  For  Rep  =  89,500  in  (6)  above 
/  =  0.0035  +  [Eq.  (3.476)) 

"  0  0035  +  “  0  0057 

s  =  0.88,  p  =  62.5  X  0.88  =  55.0 

[Table  6] 

-  m 

=  4  X  0.0057  X  943, 0002  X  120 

"  2  X  4.18  X  10«  X  55.02X  0.1l5 

=  8.3  ft 

8.3  X  55.0 


A Pv  = 


-  =  3.2  psi 


144 

Allowable  A Pp  =  10.0  psi 


A  Pa  = 


2  X  32.2 
(23.5  +  0.7)54.3 


=  9.2  psi 


144 

Allowable  A Pa  =  10.0  psi 

FiZ  itfor  foe5  f: n0d4,138-  r«v«ly,  and  K,  =  0.17.  From 

metic  mean  temperatures  were’  used.  The” arithmetic  mein  ^a^sumelV11-”1 5o" 

considerable  for  Fc  =  0.43.  V1SC0S1  les  ^ere  large,  the  error  might  be 
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obtained  against  an  allowable  pressure  drop  of  10.0  psi.  Suppose,  how¬ 
ever,  that  the  calculated  pressure  drop  were  15  or  20  psi  and  exceeded  the 
available  head.  How  then  might  the  heat  load  be  transferred  with  the 
available  pressure  head?  One  possibility  is  the  use  of  a  by-pass  so  that 
only  three-quarters  or  two-thirds  of  the  fluid  flows  through  the  exchanger 
and  the  remainder  through  the  by-pass.  This  does  not  provide  an  ideal 
solution,  since  the  reduced  flow  causes  several  unfavorable  changes  in  the 
design.  (1)  The  reduced  flow  through  the  exchanger  reduces  the  mass 
velocity  Ga  and  the  film  coefficient  h0.  Since  both  of  the  coefficients  are 
nearly  alike,  323  vs.  276,  any  sizable  reduction  in  Ga  alone  decreases  Uc 
by  nearly  8.  (2)  If  less  liquid  circulates  through  the  annulus,  it  has 

to  be  cooled  over  a  longer  range  than  from  160  to  100°F  so  that,  upon 


mixing  with  the  by-pass  fluid,  the  process  outlet  temperature  of  100°F 
results.  As  an  example,  the  portion  circulating  through  the  annulus 
might  have  to  be  cooled  over  the  range  from  160  to  85°F  depending  upon 
the  percentage  by-passed.  The  outlet  temperature  of  85°F  is  closer  to 
the  inner  pipe  inlet  of  80°F  than  originally,  and  the  new  cold-terminal 
difference  Ah  of  only  5°F  greatly  decreases  the  LMTD.  The  two  effects, 
decreased  Uc  and  LMTD,  increase  the  required  number  of  hairpins 
greatly  even  though  the  heat  load  is  constant.  Reversing  the  location 
of  the  streams  by  placing  the  benzene  in  the  annulus  does  not  provide  a 
solution  in  this  case,  since  the  benzene  stream  is  larger  than  the  toluene 
stream.  The  possibility  of  reversing  the  location  of  the  streams  should 
always  be  examined  first  whenever  the  allowable  pressure  drop  cannot 

A  solution  is  still  possible,  however,  even  when  all  the  above  have 
failed  When  two  double  pipe  exchangers  are  connected  in  series,  the 
arrangement  is  shown  in  Fig.  6.5.  Suppose  that  the  stream  which  is  too 
large  to  be  accommodated  in  several  exchangers  in  series  is  divided  in  halt 
and  each  half  traverses  but  one  exchanger  through  the  inner  pipes  in 
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Fig.  6.6.  Dividing  a  stream  in  half  while  keeping  the  flow  area  constant 
produces  about  one-eighth  of  the  series  pressure  drop,  since  G  and  L  will 
be  half  and  the  product  of  G2L  in  Eq.  (6.14)  will  be  one-eighth.  While 
the  film  coefficient  will  also  be  reduced,  the  unfavorable  temperature 
difference  of  by-passing  can  be  circumvented.  Where  there  is  a  substan¬ 
tial  unbalance  between  the  weight  flow  of  the  two  streams  because  one 
operates  over  a  long  range  and  the  other  over  a  very  short  range,  the  large 
stream  may  be  divided  in  three,  four,  or  more  parallel  streams.  In  larger 
services  each  parallel  stream  may  also  flow  through  several  exchangers 
in  series  in  each  parallel  bank.  The  term  “parallel  streams”  should  not 
be  confused  with  “parallel  flow.”  The  former  refers  to  the  division  of 
the  flow  of  one  fluid,  while  the  latter  refers  to  the  direction  of  flow 
between  two  fluids. 

The  True  Temperature  Difference  for  Series-parallel  Arrangements. 

The  LMTD  calculated  from  T\,  To,  t\,  and  t%  for  the  series  arrangement 
will  not  be  the  same  for  a  series-parallel  arrangement.  Half  of  the  pipe 
fluid  enters  the  upper  exchanger  II  in  Fig.  6.6  where  the  annulus  fluid  is 
hot,  and  half  enters  the  lower  exchanger  I  in  which  the  annulus  fluid  has 
already  been  partially  cooled.  While  exchangers  in  series  do  not  transfer 
equal  quantities  of  heat,  the  series-parallel  relationship  is  even  more 
adverse,  the  lower  exchanger  accounting  for  relatively  less  of  the  total 
heat  transfer.  If  the  true  temperature  difference  is  called  At,  it  will  not 
be  identical  with  the  LMTD  for  the  process  conditions  although  both  of 
the  exchangers  operate  in  counterflow. 

Consider  the  two  exchangers  in  Fig.  6.6  designated  by  I  and  II  The 
intermediate  temperature  is  T,  and  the  outlets  of  the  parallel  streams  are 
esignated  by  t2  and  t\.  Their  mixed  temperature  is  1 2 

For  exchanger  I,  containing  half  the  surface, 


Q'  =  WC(T  -r,)  =  ^X  LMTD, 


and 


LMTD,  =  ~  4)  ~  (T2  -  tQ 

In  (T  -  t\)/(Ti  -  I,) 

Substituting  in  Eq.  (6.16), 

UA  _  (T  -  Ti)  T  -  /i 

B  .  2WC  ~  m  -  h) ln  7V^ ti 

Rearranging, 


UA 


(T  -  TO 


2WC  w^rr^w^iolntk^f) 


(t-  to 


1  -  W  -  tJ/jT^rfo  ln 


t  -a 


(6.16) 

(6.17) 


(6.18) 
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R1  =  g  ~  T>)  , 

(ti  —  t\ ) 

C/A  ft1 


icc 


1  -  1 


In 


2JEC 

Similarly  for  exchanger  II 

Qn  =  WC(Ti  -  T)  = 


2WC 
T  -  t\ 
T  2  —  t\ 

UA 


X  LMTDn 


LMTDn  = 


Let 


(Ti  -  if)  -  (T  -  ti) 
In  (7\  -  %)/(T  -  ti) 

Ti  -  T  _  icc 
'  2WC 
T !  -  if 
T  —  h 


(6.19) 

(6.20) 
(6.21) 


7?n  = _ 

-  L 

C/A  ft11 


In 


2JLC  tf11  -  1 
Since  c  and  C  were  assumed  constant, 

E1  =  R 11  =  R'  = 


Let 


 ^2  L 


M1  = 


u>c 

WC 
T  -  T, 


(6.22) 


(6.23) 


Similarly  let 


T  -  L 

M1  =  T^'/S1 


/ 1 


Sn  = 


t?  -  ti 

T\  —  ti 


Mn  = 


Ti  -  T 
T  i  —  ti 


R'  and  S  are  ratios  which  recur  frequently  in  obtaining  the  true  tempera¬ 
ture  difference  At  from  the  LMTD.  S  is  the  ratio  of  the  cold  fluid  range 
to  the  maximum  temperature  span,  the  latter  being  the  difference  between 
both  inlet  temperatures,  Ti  and  h. 


But 


1  -  Sl  = 


Mn  =  R'S 11 
T  -  tl  _  T  -  U 
T  -  U 
T  -  t 


tl 


T  2  —  t] 


2  


T  —  h 
1  -  S 1 
1  -  R'S1 


T  -  U 


and  from  Eq.  (6.19) 


and  from  Eq.  (6.22) 


UA 

2WC 


UA 


R' 


1  -  Sl 


-  ln  i  -  r's1 


R’ 


In 


1  -  Sn 


WC  R'  -  l  1  -  R'S11 


(6.24) 


(6.25) 
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and  equating  Eqs.  (6.24)  and  (6.25), 

1  -  S1  _  1  -  S11 
1  -  R'S 1  1  -  R'S11 

Therefore 

S1  =  Su 
M1  =  Mn 


Adding  Eqs.  (6.24)  and  (6.25) 
UA 


2 R'  1  -  S1 

In 


2  R'  .  T 
In  77 


tl 


WC  R'  -  1  111  1  -  R'S1  R'  -  1  T j 

in  which  T  is  the  only  unknown,  and  since  M1  =  M1If 

Ti  —  T  T  —  T2 
Ti-  h  T  -  ti 

T2  -  2 tiT  +  h(Ti  +  Tt)  -  TiT2  =  0 
Equation  (6.27)  is  a  quadratic  whose  solution  is 


(6.26) 


(6.27) 


T  = 


2 h  ±  V4 1\  -  Ui[{Tx  +  Tt)  -  47T17T2j 


-  ti  ±  y/(Ti  -  ti)(T2  -  ti)  (6.28) 

The  minus  sign  applies  when  the  heating  medium  is  in  the  pipes.  The 
plus  sign  applies  when  the  cooling  medium  is  in  the  pipes. 

Substituting  for  T  in  Eq.  (6.26), 


UA 

WC 


=  r?R'  ln  J" 


(R'  -  l)(ri  -  ti)  +  V(Ti  -  ti)(T,  -  h) 
R'  V(Ti  -  t,)(r,  -  ti) 


(6.29) 


At  is  the  single  value  for  the  entire  series-parallel  arrangement;  thus 

Q=UA  At  -M(Ti  ~  T2)  (6.30) 

~  UA  ^  UA  ('Tl  ~  (6.31) 

f»  *•» 

r,  -  S  0f  the  maximum  temperature  span 


Equating  (6.31)  and  (6.32), 

WC 


At  =  y(Tl  -  ti) 


(6.32) 


UA 


(‘ T >  -  r,)  =  7(7’,  -  <,) 


=  WC(Tl  -  Tt) 
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Since  M  =  (7h  —  Tz)/(Ti  —  ti),  define  P'  =  (T2  —  t\)/{T\  —  ti)  and 
UA/WC  =  M/7;  then 


P'  +  M  =  1 

Substituting  in  Eq.  (6.29), 

UA 


or 


M  =  1  -  P‘ 


WC 


or 


(6.34) 


If  developed  in  a  generalized  manner  it  can  be  shown  that,  for  one  series 
hot  stream  and  n  'parallel  cold  streams,  Eq.  (6.34)  becomes 


1  -  P 


where 


R'  = 


Ti  -  T: 


n{ti  —  h) 

For  one  series  cold  stream  and  n  parallel  hot  streams, 
1  -  P" 


=  2.3 


n 


where 


pn  = 


1  -  R" 

T\  —  U 

Ti  -  ti 


log 


(1  -  R") 


and  R"  = 


(pT  +  ”"] 


n(T  1  -  r2) 

t2  ~~  ti 


(6.35  b) 


Example  6.2.  Calculation  of  the  True  Temperature  Difference.  A  bank  of  double 
pipe  exchangers  operates  with  the  hot  fluid  in  series  from  300  to  200  F  and  the  cold 
fluW  in  six  parallel  streams  from  190  to  220°F.  What  is  the  true  temperature  d>ffer- 

ence  A t? 

Ti  -  T,  _  300  -  200  _  0  558 


P,  _  T,-h  _  200  -.190  _  0  091 
1  Ti  —  <i  300  -  190 


R'  = 


n(h  -  h)  6(220  -  190) 

Substituting  in  Eq.  (6.35a)  and  solving,  y  —  0.242. 

M  =  0.242(300  -  190)  =  26.6°F  (6.32) 

The  LMTD  would  be  33.7»F,  and  an  error  of  27  per  cent  would  be  introduced  by 
its  use. 

Exchangers  with  a  Viscosity  Correction,  </>  For  heating  or  coding 
fluids  the  use  of  Fig.  24  with  an  assumed  value  of  (m/m»)  1;uj 

assumes  a  negligible  deviation  of  fluid  properties  from  isothermal  flow. 
For  nonviscous  fluids  the  deviation  from  isothermal  flow  during  heating 
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or  cooling  does  not  introduce  an  appreciable  error  in  the  calculation  of 
the  heat-transfer  coefficient.  When  the  pipe-wall  temperature  differs 
appreciably  from  the  caloric  temperature  of  the  controlling  fluid  and  the 
controlling  fluid  is  viscous,  the  actual  value  of  <£  =  ( n/nw)°‘u  must  be 
taken  into  account.  To  include  the  correction,  tw  may  be  determined 
by  Eq.  (5.31)  or  by  (5.32)  from  uncorrected  values  of  h0/<f>a  and  hio/<t>P, 
which  are  then  corrected  accordingly  by  multiplication  by  4>a  and  <t>p 
respectively.  The  corrected  coefficients  where  (f>  ^  1.0  are 


flo 


llio 


<pa 


(6.36) 

(6.37) 


Similarly  for  two  resistances  in  series  employing  the  viscosity  corrections 
for  deviation  from  the  isothermal  the  clean  overall  coefficient  is  again 


Uc  = 


IlioJl  o 

hio  -f*  h0 


(6.38) 

“  Do^ble  Pipe  Lube  Oil-Crude  Oil  Exchanger.  6,900  lb/hr  of  a 
26  API  lube  oil  must  be  cooled  from  450  to  350°F  by  72,500  lb/hr  of  34°API  mid-conti¬ 
nent  crude  oil.  The  crude  oil  will  be  heated  from  300  to  310°F. 

A  fouling  factor  of  0.003  should  be  provided  for  each  stream,  and  the  allowable 
pressure  drop  on  each  stream  will  be  10  psi. 

A  number  of  20-ft  hairpins  of  3-  by  2-in.  IPS  pipe  are  available.  How  many  must 
be  used  and  how  shall  they  be  arranged?  The  viscosity  of  the  crude  Tmav  be 

at  400°F  andV^at  300°/°" The  1UbC  °U’.  viscosities  are  14  centipoises  at  500"F,  3.0 

!  JalTed  V1S"  arC  gr°at  eD0Ugh  to “  error  if 


Solution: 


(1)  Heat  Balance: 

Lube  oil  Q  =  6900  X  0.62(450  -  350)  =  427,000  Btu/hr 

(2)  A™  ’  Q  =  ,5°°  X  °-585,31°  -  300)  =  427,000  Btu/hr 

Hot  Fluid 


450 

Higher  temp 

310 

350 

Lower  temp 

300 

1 

Diff. 


140 


50 


90 


A  t< 


At  2 


At  i 


since  The  **  «  — * 

two  parallel  streams.  '  ’  a  tnal>  that  it  will  be  employed  in 


At  =  87.5°F 


(6.35a) 
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(3)  Caloric  temperatures: 

^  ^  =  0.357  Ke  =  0.43  Fe  =  0.395 

Ath  140 

Tc  =  350  X  0.395(450  -  350)  =  389.5°F 
te  =  300  X  0.395(310  -  300)  =  304°F 


(Fig.  17) 

(5.28) 

(5.29) 


Proceed  now  to  the  inner  pipe. 


Hot  fluid:  annidus,  lube  oil 
(4')  Flow  area,  Z>2  =  3.068/12  =  0.256  ft 
Di  =  2.38/12  =  0.199  ft 
aa  =  *(D\  -  D\)/ 4 

=  tt(0.2562  -  0.1992)/4  =  0.0206  ft2 
Equiv  diam,  Dc  =  ( D\  —  D\)/D\ 

[Eq.  (6.3)] 

=  (0.2562  -  0.1992)/0.199  =  0.13  ft 
(S')  Mass  vel,  Ga  =  W  /aa 

=  6900/0.0206  =  335,000  lb/(hr)  (ft2) 


(6')  At  389. 5°F,  M  =  3.0  cp 

=  3.0  X  2.42  =  7.25  lb/(ft)(hr) 

[Fig.  14] 

Rea  =  DtGa/vi  [Ecl-  (3-6)l 

=  0.13  X  335,000/7.25  =  6,000 
If  only  2  hairpins  in  series  are  required, 
L/D  will  be  2  X  40/0.13  =614.  Use 
L/D  =  600. 

(7')  jH  =  20.5  [Fig.  24] 

(8')  At  Tc  =  389. 5°F,  c  =  0.615  Btu/ 

(lb)(°F)  [Fig.  4] 

k  =  0.067  Btu/ (hr) (ft2)  (°F /ft)  [Fig.  1] 


(cn\A  _  /0-615  X  7.25\H  =  Q5 
\J)  “  V  0.067  ) 

(9 1  K  -  b-XtY*  lEq-<6-15)1 


K 

<pa 


20.5  X  0.067  X  4.05 


tw  =  tc  + 


0.13 

=  42.7  Btu /(hr)  (ft2)  (°F) 
h0  /^o 


hio/<t>P  +  ho/ <t>* 


(Tc  -  tc) 


[Eq.  (5.31)] 


=  304  + 


42.7 

297  +  42.7 


(389.5 


-  304) 

=  314°F 


=  6.6  X  2.42  =  16.0  lb/(ft)(hr) 

[Fig.  14] 


4>a  =  (m/Mk)0-14 

=  (7. 25/16. 0)014  =  0.90 


-  42.7  X  0.90  =  38.4 


[Fig.  24] 
[Eq.  (6.36)] 


Cold  fluid:  inner  pipe ,  crude  oil 
(4)  Flow  area,  D  =  2.067/12  =  0.172  ft 

dp  =  TrZ)2/ 4 

=  7T  X  0.1722/4  =  0.0233  ft2 
Since  two  parallel  streams  have  been  as¬ 
sumed,  w/2  lb /hr  will  flow  in  each  pipe. 


(6)  Mass  vel,  G ,  =  w/op 
72,500 
2  X  0.0233 

=  1,560,000  lb/(hr)  (ft2) 

(6)  At  304°F,  u  =  0.83  cp 

=  0.83  X  2.42  «  2.01  lb/(ft)(hr) 

[Fig.  14] 

Rep  =  DGp/u. 

=  0.172  X  1,560,000/2.01  =  133,500 


=  2.52 


(7)  jn  =  320  [Fig.  24] 

(8)  At  te  =  304°F,  c.  =  0.585  Btu/(lb)(°F) 

[Fig.  4] 

k  =  0.073  Btu/ (hr) (ft2)  (°F /ft)  [Fig.  1] 

fcn\y>  _  /0.585  X  2.01 
\k)  V  0.073  ) 

(9)  hi  =  jn  ~  (x)  S*p  [Eq.  (6.15«)l 

hi  320  X  0.073  X  2.52 
Jp  ~  0.172 

=  342  Btu /(hr) (ft2) (°F) 

(10)  Tp  ~  4>P  OD 

=  342  X  2.067/2.38  =  297 
Now  proceed  from  (4r)  to  (91)  to  obtain  tw- 
=  0.77  X  2.42  =  1.86  [Fig.  14] 

<I>p  —  (m/mu,)0-14 

=  (2  01/1.86)0  14  =  1.0  nearly 

[Fig.  24] 


7  _  hio  , 

h\o  .  Wp 

<pp 

=  297  X  1.0  =  297 


[Eq.  (6.37)] 
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(11)  Clean  overall  coefficient,  Uc- 

u°  =  -  Hfrili  -  340  Btu/(h,)<ft.)<-F) 


(12)  Design  overall  coefficient,  U  d'- 

=  Uc+Rd 

=  0.003  +  0.003  =  0.006  (hr)(ft2)(°F)/Btu 
=  28.2 


Summary 

38.4 

h  outside 

297 

Uc 

34.0 

UD 

28.2 

(13)  Surface: 


1 

UD 

Rd 

UD 


Q  _  427,000 

UD  At  28.2  X  87.5 


173  ft2 


(6.38) 


(6.10) 


External  surface /lin  ft,  a"  =  0.622  ft  (Table  11) 

173 

Required  length  =  -  —  =  278  lin  ft 

This  is  equivalent  to  more  than  six  20-ft  hairpins  or  240  lin  feet.  Since  two  parallel 
streams  are  employed,  use  eight  hairpins  or  320  lin.  feet.  The  hairpins  should  have 
the  annuli  connected  in  series  and  the  tubes  in  two  parallel  banks  of  four  exchangers 
The  corrected  UD  wiU  be  UD  =  Q/A  At  =  427,000/320  X  0.622  X  87  5  =  24  5 
The  corrected  dirt  factor  will  be  Rd  =  \/UD  -  1  /Uc  =  1/24.5  -  1/34  0  =  0  0114 


(1)  D*  =  (^>2  ~  7>i)  [Eq.  (6.4)1 

=  (0.256  -  0.198)  =  0.058  ft 

Rea  =  L>eGa/fx 

=  0.058  X  335,000/7.25  =  2680 

/  =  0.0035  -f  -P-264  =  o  0132 
'  26800-42  U'UA**^ 

,  „„  r  [Eq.  (3.476)] 

s  =  0.7,5,  p  =  62.5  X  0.775  =  48.4 

[Fig.  6] 

(2')  A Fa  = 

2?pjd; 

=  -4  x  °  °132  X  335, OOP2  x  320 
2  X  4.18  X  108  X  48. 42  X  0.058 

=  16.7  ft 


.pressure  Drop 


(30  V  = 


Ga 


335,000 

3600~X48i;  =  1-9  fps 


3600p 

AF‘ =  8  (w)  =  8  (tso&s)  ~  045  ft 

A Pa  =  (1^.7  +  Q.45)  X  48.4 

~144  '  —  5.8  psi 

Allowable  A Pa  =  10.0  psi 


(1)  For  Rcp  —  133,500  in  (6)  above 

f  ~  0.0035  -f-  — -  ‘^64 —  f|Atqi7c 

133,500°-42  u-w^75 

n  tE(b  (3.476)] 

S  -  0./6,  P  =  62.5  X  0.76  =  47.5 

[Fig.  6] 

Halves  of  the  tube  fluid  will  flow  through 
only  four  exchangers. 

,2)  _  A 

2{7p*Z) 

=  4  X  0.005375  X  1,560.000*  v  icq 
2  X  4.18  X  108  X  47. 52  X  0.172 

OK  *7  w  a-  er  =  25.7  ft 

A p  _  25-7  X  47.5 

^ - 144 -  -  8.5  psi 

Allowable  A Pp  ==  10.0  psi 
If  the  flow  had  not  been  divided,  the  pres¬ 
sure  drop  would  be  nearly  eight  times  as 
great,  or  about  60  psi. 
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PROBLEMS 

6.1.  What  is  the  fouling  factor  when  (a)  Uc  =  30  and  Ud  =  20,  (b)  Uc  =  60  and 
UD  =  50,  and  (c)  Uc  =  HO  and  UD  =  100?  Which  do  you  consider  reasonable  to 
specify  between  two  moderately  clean  streams? 

6.2.  A  double  pipe  exchanger  was  ov<  sized  because  no  data  were  available  on  the 
rate  at  which  dirt  accumulated.  The  exchanger  was  originally  designed  to  cool 
13,000  lb  /hr  of  100  per  cent  acetic  acid  from  250  to  150°F  by  heating  19,000  lb/hr  of 
butyl  alcohol  from  100  to  157°F.  A  design  coefficient  Ud  =  85  was  employed,  but 
during  initial  operation  a  hot-liquid  outlet  temperature  of  117°F  was  obtained.  It 
rose  during  operation  at  the  average  rate  of  3°F  per  month.  What  dirt  factor  should 
have  been  specified  for  a  6-month  cleaning  cycle? 

6.3.  O-xylene  coming  from  storage  at  100°F  is  to  be  heated  to  150°F  by  cooling 
18,000  lb /hr  of  butyl  alcohol  from  170  to  140°F.  Available  for  the  purpose  are  five 
20-ft  hairpin  double  pipe  exchangers  with  annuli  and  pipes  each  connected  in  series. 
The  exchangers  are  3-  by  2-in.  IPS.  What  is  (a)  the  dirt  factor,  (6)  the  pressure  drops? 
(c)  If  the  hot  and  cold  streams  in  (a)  are  reversed  with  respect  to  the  annulus  and  inner 
pipe,  how  does  this  justify  or  refute  your  initial  decision  where  to  place  the  hot  stream? 

6.4.  10,000  lb  /hr  of  57°API  gasoline  is  cooled  from  150  to  130°F  by  heating  42°API 

kerosene  from  70  to  100°F.  Pressure  drops  of  10  psi  are  allowable  with  a  minimum 
dirt  factor  of  0.004.  (a)  How  many  2M-  by  VA-in.  IPS  hairpins  20  ft  long  are 

required?  (6)  How  shall  they  be  arranged?  (c)  What  is  the  final  fouling  factor? 

6.5.  12,000  lb /hr  26°API  lube  oil  (see  Example  6.3  in  text  for  viscosities)  is  to  be 

cooled  from  450  to  350°F  by  heating  42°API  kerosene  from  325  to  375°F.  A  pressure 
drop  of  10  psi  is  permissible  on  both  streams,  and  a  minimum  dirt  factor  of  0.004  should 
be  provided,  (a)  How  many  20-ft  hairpins  of  2H-  by  IPS  double  pipe  are 

required?  (6)  How  shall  they  be  arranged,  and  (c)  what  is  the  final  dirt  factor? 

6  6  7  000  lb /hr  of  aniline  is  to  be  heated  from  100  to  150°F  by  cooling  10,000  lb /hr 
of  toluene  with  an  initial  temperature  of  185°F  in  2-  by  1-in.  IPS  double  pipe  hairpin 
exchangers  15  ft  long.  Pressure  drops  of  10  psi  are  allowable  and  a  dirt  factor -  of 
0.005  is  required,  (o)  How  many  hairpin  sections  are  required?  (6)  How  shall  they 

be  arranged?  (c)  What  is  the  final  dirt  factor? 

6  7  24  000  lb  /hr  of  35°API  distillate  is  cooled  from  400  to  300°F  by  50,000  lb /hr 
of  34°  API  crude  oil  heated  from  an  inlet  temperature  of  250°F.  Pressure  drops  of 
10  psi  are  allowable,  and  a  dirt  factor  of  0.006  is  required.  Using  20-ft  ha.rp.ns  of 
4-  by  3-in.  IPS  (a)  how  many  are  required,  ( b )  how  shall  they  be  arranged,  an 

lnsTi  HquidtcolrdftomlMto  300°F  by  another  which  «  heatedfrom  290  to 

Sid“^ 

hot  fluid  is  in  series  and  the  cold  fluid  flows  in  three  parallehflow-counterflow  paths, 

(c)  The  cold-fluid  range  in  (a)  and  ( b )  is  changed  to  i  *  290°F 

6  9  A  fluid  is  cooled  from  300  to  275°F  by  heating  a  cold  fluid  from  100  to  290  *. 

*  rfT, 

the6.hl°o!  STb'/hr  of  toluene  is  cooled  from  160  to  100»F  by  heating  amyl  acetate 

from  90  to  100°F  using  15"P^ng  of  0  004  (a)  how  many 

be  arranged,  and  (c)  what  is  the  Anal  dirt 

factor? 
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6.11.  13,000  lb  /hr  of  26°API  gas  oil  (see  Example  6.3  in  text  for  viscosities)^ 

cooled  from  450  to  350°F  by  heating  57°API  gasolme  under  pressure  from  220  to  230  b 
in  as  many  3-  by  2-in.  IPS  double  pipe  20-ft  hairpins  as  are  required.  Pressure  drops 
of  10  psi  are  permitted  along  with  a  minimum  dirt  factor  of  0.004.  (a)  How  many 

hairpins  are  required?  (6)  How  shall  they  be  arranged?  (c)  What  is  the  final  dirt 

factor?  ov  , 

6.12.  100,000  lb /hr  of  nitrobenzene  is  to  be  cooled  from  325  to  275°F  by  benzene 

heated  from  100  to  300°F.  Twenty-foot  hairpins  of  4-  by  3-in.  IPS  double  pipe  will 
be  employed,  and  pressure  drops  of  10  psi  are  permissible.  A  minimum  dirt  factor  of 
0.004  is  required,  (a)  How  many  hairpins  are  required?  (6)  How  shall  they  be 
arranged?  (c)  What  is  the  final  dirt  factor? 


A 

a 

a" 
C 
C  i 


D 

Dij  ])  > 
De,  D'e 

de,  l 
D0 
Fc 
A  F 

f 

G 

Q 

g' 
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ID 

ja 

Ke 

k 

L 

M 
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OD 

P' 

pn 
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Q 

R 

R' 
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NOMENCLATURE  FOR  CHAPTER  6 


Heat-transfer  surface,  ft2 
Flow  area,  ft2 

External  surface  per  linear  foot  of  pipe,  ft 
Specific  heat  of  hot  fluid  in  derivations,  Btu/(lb)(°F) 

A  constant 

Specific  heat  of  cold  fluid  in  derivations  or  either  fluid  in  calculations 
Btu/(lb)(°F) 


Inside  diameter,  ft 

For  annuli  D  i  is  the  outside  diameter  of  inner  pipe,  D2  is  the  inside  diame¬ 
ter  of  the  outer  pipe,  ft 

Equivalent  diameter  for  heat-transfer  and  pressure  drop,  ft 
Equivalent  diameter  for  heat-transfer  and  pressure  drop,  in. 

Outside  diameter,  ft 
Caloric  fraction,  dimensionless 
Pressure  drop,  ft 
Friction  factor,  dimensionless 
Mass  velocity,  lb/(hr)(ft2) 

Acceleration  of  gravity  4.18  X  108  ft /hr 2 
Acceleration  of  gravity  32.2  ft/sec2 


Heat-transfer  coefficient  in  general,  for  inside  fluid,  and  for  outside  fluid 
respectively,  Btu/(hr)(ft2)(°F) 

Value  of  hi  when  referred  to  the  pipe  outside  diameter,  Btu/(hr)(ft2)(°F) 
Inside  diameter,  ft  or  in. 

Heat-transfer  factor,  dimensionless 
Caloric  factor,  dimensionless 


Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Pipe  length  or  length  of  path,  ft 

Temperature  group  ( T1  -  T2)/(TX  -  tx),  dimensionless 

Number  of  parallel  streams 

Outside  diameter,  ft  or  in. 


lemperature  group  (7\  -  tx)/(Tx  tl„  ^Jnaiomess 
Temperature  group  (Tx  -  t2)/{Tx  -  tx),  dimensionless 
Pressure  drop,  psi 
Heat  flow,  Btu/hr 

Temperature  group  (IT,  -  -  h),  dimensionless 

Tempera  ure  group  (T,  -  T,)/n(U  -  (,),  dimensionless 
Temperature  group  n(Tt  -  Tl)/(t,  -  (,),  dimensionless 
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i Rd,  Rif  R 


o 


Re ,  Re ' 

Th 

S 

s 

T,  T\,  T* 
Te 

£,  t\ ,  1 2 

tc 

At 

At  Cf  Ath 

U,  Uc,  UD 


V 

w 

w 

z 

7 

P 

Ptr 

P 

4> 


Combined  dirt  factor,  inside  dirt  factor,  outside  dirt  factor,  (hr)(ft2)(°F)/ 
Btu 

Reynolds  number  for  heat  transfer  and  pressure  drop,  dimensionless 
Hydraulic  radius,  ft 

Temperature  group  (to  —  t\)/(Ti  —  ti),  dimensionless 
Specific  gravity,  dimension1  'ss 

Hot-fluid  temperature  in  g>  leral,  inlet  and  outlet  of  hot  fluid,  °F 
Caloric  temperature  of  hot  fluid,  °F 

Cold-fluid  temperature  in  general,  inlet  and  outlet  of  cold  fluid,  °F 

Caloric  temperature  of  cold  fluid,  °F 

True  or  effective  temperature  difference  in  Q  =  U dA  At 

Cold-  and  hot-terminal  temperature  differences,  °F 

Overall  coefficient  of  heat  transfer,  clean  coefficient,  design  coefficient, 
Btu/(hr)(ft2)(°F) 

Velocity,  fps 

Weight  flow  of  hot  fluid,  lb /hr 
Weight  flow  of  cold  fluid,  lb /hr 
Height,  ft 

A  constant,  dimensionless 

Viscosity  at  the  caloric  temperature,  centipoises  X  2.42  =  lb  / (ft)  (hr) 
Viscosity  at  the  pipe-wall  temperature,  centipoises  X  2.42  =  lb/(ft)(hr) 
Density,  lb/ft3 
(p/m*)0-14 


Subscripts  and  Superscripts 

a  Annulus 

l  Loss 

p  Pipe 

I  First  of  two  exchangers 

IX  Second  of  two  exchangers 


CHAPTER  7 


1-2  PARALLEL-COUNTERFLOW: 
SHELL -AND -TUBE  EXCHANGERS 


INTRODUCTION 

The  Tubular  Element.  The  fulfillment  of  many  industrial  services 
requires  the  use  of  a  large  number  of  double  pipe  hairpins.  These 
consume  considerable  ground  area  and  also  entail  a  large  number  of 
points  at  which  leakage  may  occur.  Where  large  heat-transfer  surfaces 
are  required,  they  can  best  be  obtained  by  means  of  sheli-and-tube 
equipment. 

Shell-and-tube  equipment  involves  expanding  a  tube  into  a  tube  sheet 
and  forming  a  seal  which  does  not  leak  under  reasonable  operating  con- 


Grooves 


1  ns  A  simple  and  common  example  of  an  expanded  tube  is  shown  in 

Vf  "•}•  tl*be  hole .f  dnlled  m  a  tube  sheet  with  a  slightly  greater 
diameter  than  the  outside  diameter  of  the  tube,  and  two  or  more  grooves 

and "Yk  6  . 0f  the  hole:  The  tub®  »  placed  inside  the  tube  hole 

ube  roller  is  inserted  into  the  end  of  the  tube.  The  roller  is  a 

paper  thinness  and  leaving  a  ‘° 

1*7 
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actually  packed  in  the  tube  sheet  by  means  of  ferrules  using  a  soft  metal 
packing  ring. 

Heat-exchanger  Tubes.  Heat-exchanger  tubes  are  also  referred  to  as 
condenser  tubes  and  should  not  be  confused  with  steel  pipes  or  other  types 
of  pipes  which  are  extruded  to  iron  pipe  sizes.  The  outside  diameter  of 
heat  exchanger  or  condenser  tubes  i  the  actual  outside  diameter  in  inches 
within  a  very  strict  tolerance.  Heat-exchanger  tubes  are  available  in  a 
variety  of  metals  which  include  steel,  copper,  admiralty,  Muntz  metal, 
brass,  70-30  copper-nickel,  aluminum  bronze,  aluminum,  and  the  stain¬ 
less  steels.  They  are  obtainable  in  a  number  of  different  wall  thicknesses 
defined  by  the  Birmingham  wire  gage,  which  is  usually  referred  to  as  the 
BWG  or  gage  of  the  tube.  The  sizes  of  tubes  which  are  generally  avail¬ 
able  are  listed  in  Table  10  of  the  Appendix  of  which  the  %  outside  diam- 


(a)-Square  pitch  (b)-Triangular  pitch  (c)-Square  pitch 

rotated 


(cH-TrianguIar  pitch 
with  cleaning  lanes 


Fig.  7.3.  Common  tube  layouts  for  exchangers. 


eter  and  1  in.  OD  are  most  common  in  heat-exchanger  design.  The  data 
of  Table  10  have  been  arranged  in  a  manner  which  will  be  most  useful 
in  heat-transfer  calculations. 

Tube  Pitch.  Tube  holes  cannot  be  drilled  very  close  together,  since 
too  small  a  width  of  metal  between  adjacent  tubes  structurally  weakens 
the  tube  sheet.  The  shortest  distance  between  two  adjacent  tube  holes 
is  the  clearance  or  ligament ,  and  these  are  now  fairly  standard.  Tubes 
are  laid  out  on  either  square  or  triangular  patterns  as  shown  in  Fig.  7.3a 
and  b  The  advantage  of  square  pitch  is  that  the  tubes  are  accessible 
for  external  cleaning  and  cause  a  lower  pressure  drop  when  fluid  flows 
in  the  direction  indicated  in  Fig.  7.3a.  The  tube  pitch  P r  is  the  shortest 
center-to-center  distance  between  adjacent  tubes.  The  common  pitches 
for  square  layouts  are  %  in.  OD  on  1-in.  square  pitch  and  1  in.  OD  on 
134-in.  square  pitch.  For  triangular  layouts  these  are  A  in.  OD  on 
i^6-in.  triangular  pitch,  H  °D  on  U*-  ^angular  pitch,  and  1-m 
OD  on  lH-m.  triangular  pitch.  In  Fig.  7.3c  the  square-pitch  layout 
has  been  rotated  45°,  yet  it  is  essentially  the  same  as  m  Fig.  7.3a  In 
Fig.  7.3d  a  mechanically  cleanable  modification  of  triangu  ar  pi  c  is 
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shown.  If  the  tubes  are  spread  wide  enough,  it  is  possible  to  allow  the 
cleaning  lanes  indicated. 

Shells.  Shells  are  fabricated  from  steel  pipe  with  nominal  IPS  diam¬ 
eters  up  to  12  in.  as  given  in  Table  11.  Above  12  and  including  24  in. 
the  actual  outside  diameter  and  the  nominal  pipe  diameter  are  the  same. 
The  standard  wall  thickness  for  shells  with  inside  diameters  from  12  to 
24  in.  inclusive  is  %  in.,  which  is  satisfactory  for  shell-side  operating 
pressures  up  to  300  psi.  Greater  wall  thicknesses  may  be  obtained  for 
greater  pressures.  Shells  above  24  in.  in  diameter  are  fabricated  by 
rolling  steel  plate. 

Stationary  Tube-sheet  Exchangers.  The  simplest  type  of  exchanger 

is  the  fixed  or  stationary  tube-sheet  exchanger  of  wdiich  the  one  shown  in 
Fig.  7.4  is  an  example.  The  essential  parts  are  a  shell  (1),  equipped  with 
two  nozzles  and  having  tube  sheets  (2)  at  both  ends,  which  also  serve 
as  flanges  for  the  attachment  of  the  two  channels  (3)  and  their  respective 


4 


Fig.  7.4.  lixed-liead  tubular  exchanger. 


channel  covers  (4).  The  tubes  are  expanded  into  both  tube  sheets  and 
are  equipped  with  transverse  baffles  (5)  on  the  shell  side.  The  calcula¬ 
tion  of  the  effective  heat-transfer  surface  is  frequently  based  on  the 

distance  between  the  inside  faces  of  the  tube  sheets  instead  of  the  overall 
tube  length. 

Baffles.  It  is  apparent  that  higher  heat-transfer  coefficients  result 
when  a  liquid  is  maintained  in  a  state  of  turbulence.  To  induce  turbu¬ 
lence  outside  the  tubes  it  is  customary  to  employ  baffles  which  cause  the 
lquid  to  flow  through  the  shell  at  right  angles  to  tho  n.v p«  nf 
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smaller  lengths  of  pipe  which  form  shoulders  between  adjacent  baffles. 
An  enlarged  detail  is  shown  in  Fig.  7.5. 

There  are  several  types  of  baffles  which  are  employed  in  heat  exchang¬ 
ers,  but  by  far  the  most  common  are  segmental  baffles  as  shown  in  Fig. 
7.6.  Segmental  baffles  are  drilled  plates  with  heights  which  are  gen¬ 
erally  75  per  cent  of  the  inside  dia  leter  of  the  shell.  These  are  known 
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Fig.  7.5.  Baffle  spacer  detail  (enlarged). 
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Fig.  7.6.  Segmental  baffle  detail. 


as  25  per  cent  cut  baffles  and  will  be  used  throughout  this  book  although 
other  fractional  baffle  cuts  are  also  employed  in  industry.  An  excellent 
review  of  the  influence  of  the  baffle  cut  on  the  heat-transfer  coefficient 
has  been  presented  by  Donohue.'  They  may  be  arranged  as  shown  for 
“up-and-down”  flow  or  may  be  rotated  90°  to  provide  side-to-side 
flow,  the  latter  being  desirable  when  a  mixture  of  liquid  and  gas  flows 
i  Donohue,  D.  A.,  Ind.  Eng.  Chem.,  41,  2499-2510  (1949). 
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through  the  shell.  The  baffle  pitch  and  not  the  25  per  cent  cut  of  the 
baffles,  as  shown  later,  determines  the  effective  velocity  of  the  shell  fluid. 

Other  types  of  baffles  are  the  disc  and  doughnut  of  Fig.  7.7  and  the 
orifice  baffle  in  Fig.  7.8.  Although  additional  types  are  sometimes 
employed,  they  are  not  of  general  importance. 


Orifice.  | Raffle 
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Fig.  7.8.  Orifice  baffle. 
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Fixed-tube-sheet  Exchanger  with  Integral  Channels.  Another  of 
several  variations  of  the  fixed-tube-sheet  exchanger  is  shown  in  Fig.  7.9, 
in  which  the  tube  sheets  are  inserted  into  the  shell,  forming  channels 
which  are  integral  parts  of  the  shell.  In  using  stationary  tube-sheet 
exchangers  it  is  often  necessary  to  provide  for  differential  thermal  expan¬ 
sion  between  the  tubes  and  the  shell  during  operation,  or  thermal  stresses 
will  develop  across  the  tube  sheet.  This  can  be  accomplished  by  the  use 
of  an  expansion  joint  on  the  shell,  of  which  a  number  of  types  of  flexible 
joints  are  available. 


Fixed-tube-sheet  1-2  Exchanger.  Exchangers  of  the  type  shown  in 

■f,7-4  .a.ndf7'?  be  considered  t0  operate  in  counterflow,  notwith- 
anding  the  fact  that  the  shell  fluid  flows  across  the  outside  of  the  tubes 
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The  exchanger  in  which  the  shell-side  fluid  flows  in  one  shell  pass  and 
the  tube  fluid  in  two  or  more  passes  is  the  1-2  exchanger.  A  single  channel 
is  employed  with  a  'partition  to  permit  the  entry  and  exit  of  the  tube  fluid 
from  the  same  channel.  At  the  opposite  end  of  the  exchanger  a  bonnet 
is  provided  to  permit  the  tube  fluid  to  cross  from  the  first  to  the  second 
pass.  As  with  all  fixed-tube-sheet  3xchangers,  the  outsides  of  the  tubes 


Fig.  7.10.  Fixed-head  1-2  exchanger.  ( Patterson  Foundry  &  Machine  Co.) 


are  inaccessible  for  inspection  or  mechanical  cleaning.  The  insides  of 
the  tubes  can  be  cleaned  in  place  by  removing  only  the  channel  cover 
and  using  a  rotary  cleaner  or  a  wire  brush.  Expansion  problems  are 
extremely  critical  in  1-2  fixed-tube-sheet  exchangers,  since  both  passes, 
as  well  as  the  shell  itself,  tend  to  expand  differently  and  cause  stress  on 
the  stationary  tube  sheets. 

Removable -bundle  Exchangers.  In  Fig.  7.11  is  shown  a  counterpart 
of  the  1-2  exchanger  having  a  tube  bundle  which  is  removable  from  the 


shell  It  consists  of  a  stationary  tube  sheet,  which  is  clamped  between 
the  single  channel  flange  and  a  shell  flange.  At  the  opposite  end  of  the 
bundle  the  tubes  are  expanded  into  a  freely  riding  floating  tube  sheet  or 
floating  head.  A  floating-head  cover  is  bolted  to  the  tube  sheet,  and  the 
entire  bundle  can  be  withdrawn  from  the  channel  end.  The  shell  is 
closed  by  a  shell  bonnet.  The  floating  head  illustrated  eliminates  the 
differential  expansion  problem  in  most  cases  and  is  called  a  -pull-throng  i 

floating  head. 
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The  disadvantage  to  the  use  of  a  pull-through  floating  head  is  one  of 
simple  geometry.  To  secure  the  floating-head  cover  it  is  necessary  to 
bolt  it  to  the  tube  sheet,  and  the  bolt  circle  requires  the  use  of  space  where 
it  would  be  possible  to  insert  a  great  number  of  tubes.  The  bolting  not 
only  reduces  the  number  of  tubes  which  might  be  placed  in  the  tube 
bundle  but  also  provides  an  undesirable  flow  channel  between  the  bundle 
and  the  shell.  These  objections  are  overcome  in  the  more  conventional 


Fig.  7.12.  Floating-head  1-2  exchanger.  ( Patterson  Foundry  &  Machine  Co.) 


split-ring  floating-head  1-2  exchanger  shown  in  Fig.  7.12.  Although  it  is 
relatively  expensive  to  manufacture,  it  does  have  a  great  number  of 
mechanical  advantages.  It  differs  from  the  pull-through  type  by  the 
use  of  a  split-ring  assembly  at  the  floating  tube  sheet  and  an  oversized 
shell  cover  which  accommodates  it.  The  detail  of  a  split  ring  is  shown  in 
Fig.  7.13.  The  floating  tube  sheet  is  clamped  between  the  floating-head 
cover  and  a  clamp  ring  placed  in  back  of  the  tube  sheet  which  is  split  in 
half  to  permit  dismantling.  Different  manufacturers  have  different 


Tube 


PU0rDorofnnrn0f'Hthe  deSign  'V'™  here’  bUt  they  a11  accomPhsh  the 
L,H  providlnS  'icreased  surface  over  the  pull-through  floating 

in  e  same  size  shell.  Cast  channels  with  nonremovable  channel 

covers  are  also  employed  as  shown  in  Fig.  7.12. 

Tube-sheet  Layouts  and  Tube  Counts.  A  typical  example  of  the  layout 

F  g  7  l!  Th“™  M8er  rithf  a  SpUt-ring  floati“g  head  *  shown  in 
on  i  i/  ?n  ♦  •  1  ay0Ut  Is  for  a  13y* in- ID  shell  with  1  in  OD  tubes 

on  IK-m.  triangular  pitch  arranged  for  six  tube  passes.  The  partit.on 
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arrangement  is  also  shown  for  the  channel  and  floating-head  cover  along 
with  the  orientation  of  the  passes.  Tubes  are  not  usually  laid  out  sym¬ 
metrically  in  the  tube  sheet.  Extra  entry  space  is  usually  allowed  in  the 
shell  by  omitting  tubes  directly  under  the  inlet  nozzle  so  as  to  minimize 
the  contraction  effect  of  the  fluid  entering  the  shell.  When  tubes  are 


Fig.  7.14.  Tube-sheet  layout  for  a  13%  in.  ID  shell  employing  1  in.  OD  tubes  on  1%-in. 
triangular  pitch  with  six  tube  passes. 


laid  out  with  minimum  space  allowances  between  partitions  and  adjoin¬ 
ing  tubes  and  within  a  diameter  free  of  obstruction  called  the  outer  tube 
limit ,  the  number  of  tubes  in  the  layout  is  the  tube  count.  It  is  not  always 
possible  to  have  an  equal  number  of  tubes  in  each  pass,  although  in  large 
exchangers  the  unbalance  should  not  be  more  than  about  5  per  cent.  In 
Appendix  Table  9  the  tube  counts  for  %  and  1  in.  OD  tubes  are  given  for 
one  pass  shells  and  one,  two,  four,  six,  and  eight  tube  pass  arrangements. 


Table  7.1.  Tube  Count  Entry  Allowances 
Shell  ID,  in.  Nozzle,  in. 

Less  than  12 .  2 

12-17% .  3 

19%-21% .  4 

23%-29 .  6 

31  -37 .  8 

Over  39 .  10 

These  tube  counts  include  a  free  entrance  path  below  the  inlet  nozzle 
equal  to  the  cross-sectional  area  of  the  nozzles  shown  in  Table  7.1.  When 
a  larger  inlet  nozzle  is  used,  extra  entry  space  can  be  obtained  by  flaring 
the  inlet  nozzle  at  its  base  or  removing  the  tubes  which  ordinarily  lie 

close  to  the  inlet  nozzle.  ,  .  .  9 

Packed  Floating  Head.  Another  modification  of  the  floating-head  1- 

exchanger  is  the  packed  floating-head  exchanger  shown  in  I'ig.  7.15. 
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This  exchanger  has  an  extension  on  the  floating  tube  sheet  which  is  con¬ 
fined  by  means  of  a  packing  gland.  Although  entirely  satisfactory  for 
shells  up  to  36  in.  ID,  the  larger  packing  glands  are  not  recommended  for 
higher  pressures  or  services  causing  vibration. 

U-bend  Exchangers.  The  1-2  exchanger  shown  in  Fig.  7.16  consists 
of  tubes  which  are  bent  in  the  form  of  a  U  and  rolled  into  the  tube  sheet. 


Fig.  7.15.  Packed  floating  head  1-2  exchanger.  ( Patterson  Foundry  &  Machine  Co.) 


Fig.  7.16.  U-bend  1-2  exchanger.  ( Patterson  Foundry  &  Machine  Co.) 


n  V  T  T  P  Q  Ireei^  eliminating  the  need  for  a  floating  tube  sheet 
floating-head  cover,  shell  flange,  and  removable  shell  cover.  Baffles  may 
e  installed  m  the  conventional  manner  on  square  or  triangular  pitch 
e  smallest  diameter  U-bend  which  can  be  turned  without  deforming 
the  outside  diameter  of  the  tube  at  the  bend  has  a  diameter  of  three  to 

usuaflv^be  ne  0utside  dlameter  of  tubing.  This  means  that  it  will 

tub“  *i  «*. 


136 


PROCESS  HEAT  TRANSFER 


/ 


,0,9, 


X 


Baffle 


An  interesting  modification  of  the  U-bend  exchanger  is  shown  in  Fig. 
7.17.  It  employs  a  double  stationary  tube  sheet  and  is  used  when  the 
leakage  of  one  fluid  stream  into  the  other  at  the  tube  roll  can  cause  serious 
corrosion  damage.  By  using  two  tube  sheets  with  an  air  gap  between 
them,  either  fluid  leaking  through  its  adjoining  tube  sheet  will  escape  to 
the  atmosphere.  In  this  way  n*  ther  of  the  streams  can  contaminate 
the  other  as  a  result  of  leakage  except  when  a  tube  itself  corrodes.  Even 
tube  failure  can  be  prevented  by  applying  a  pressure  shock  test  to  the 
tubes  periodically. 

THE  CALCULATION  OF  SHELL-AND-TUBE  EXCHANGERS 

Shell-side  Film  Coefficients.  The  heat-transfer  coefficients  outside 
tube  bundles  are  referred  to  as  shell-side  coefficients.  'When  the  tube 
bundle  employs  baffles  directing  the  shell-side  fluid  across  the  tubes  from 
top  to  bottom  or  side  to  side,  the  heat-transfer  coefficient  is  higher  than 
for  undisturbed  flow  along  the  axes  of  the  tubes.  The  higher  transfer 

coefficients  result  from  the  increased 
turbulence.  In  square  pitch,  as  seen 
in  Fig.  7.18,  the  velocity  of  the  fluid 
undergoes  continuous  fluctuation  be¬ 
cause  of  the  constricted  area  between 

_  _  adjacent  tubes  compared  with  the  flow 

0000.0000  area  between  successive  rows.  _  In  tri- 

V  ~  ~  ~  *  angular  pitch  even  greater  turbulence 

is  encountered  because  the  fluid  flow-, 
ing  between  adjacent  tubes  at  high 
velocity  impinges  directly  on  the  suc¬ 
ceeding  row.  This  would  indicate 

that  when  the  pressure  drop  and  cleanability  are  of  little  consequence, 
triangular  pitch  is  superior  for  the  attainment  of  high  shell-side  film  coeffi¬ 
cients  This  is  actually  the  cas,  ,  and  under  comparable  conditions  ot 
flow~and  tube  size  the  coefficients  for  triangular  pitch  are  roughly  2o  per 

cent  greater  than  for  square  pitch.  .  „  , 

Several  factors  not  treated  in  preceding  chapters  influence  the  rate  o 
heat  transfer  on  the  shell  side.  Suppose  the  length  of  a  bundle  is  divided 
by  six  baffles.  All  the  fluid  travels  across  the  bundle  seven  times.  _ 
ten  baffles  are  installed  in  the  same  length  of  bundle  it  would  requne 
that  the  bundle  be  crossed  a  total  of  eleven  times,  the  closer spacing 
causing  the  greater  turbulence.  In  addition  to  the  effects  of  the  buffl  ^ 
spacing  the  shell-side  coefficient  is  also  affected  by  the  type  of  pitch,  tu 
size,  clearance,  and  fluid-flow  characteristics.  Furthermore  theie  ,  no 
true  flow  area  by  which  the  shell-side  mass  velocity  can  be  computed, 
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Fig.  7.18.  Flow  across  a  bundle. 
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since  the  flow  area  varies  across  the  diameter  of  the  bundle  with  the  differ¬ 
ent  number  of  tube  clearances  in  each  longitudinal  row  of  tubes.  The 
correlation  obtained  for  fluids  flowing  in  tubes  is  obviously  not  applicable 
to  fluids  flowing  over  tube  bundles  with  segmental  baffles ,  and  this  is  indeed 
borne  out  by  experiment.  However,  in  establishing  a  method  of  correla¬ 
tion  the  form  of  the  heat-transfer  factor  jn  =  (hD/k)(cp/k)~^(p/p u,)"°-14vs. 
DG/u  has  been  retained,  in  agreement  with  the  suggestion  of  McAdams,1 
but  using  fictitious  values  for  the  equivalent  diameter  De  and  the  mass 
velocity  Gs  as  discussed  below. 

Figure  28  in  the  Appendix  is  a  correlation  of  industrial  data  which  gives 
satisfactory  results  for  the  hydrocarbons,  organic  compounds,  water, 
aqueous  solutions,  and  gases  when  the  bundle  employs  baffles  with  accept¬ 
able  clearances  between  baffles  and  tubes  and  between  baffles  and  shells.2 
It  is  not  the  mean  curve  through  the  data  but  a  safe  curve  such  that  the 
deviation  of  the  test  points  from  the  curve  ranges  from  0  to  approximately 
20  per  cent  high.  Inasmuch  as  the  line  expressing  the  equation  possesses 
a  curvature,  it  cannot  be  evaluated  in  the  simple  form  of  Eq.  (3.42),  since 
the  proportionality  constant  and  the  exponent  of  the  Reynolds  number 
actually  vary.  For  values  of  Re  from  2000  to  1,000,000,  however,  the 
data  are  closely  represented  by  the  equation 


h0Dc 


=  0.36 


k  \  fj, 

where  h0,  De  and  Gs  are  as  defined  below.  Calculations  using  Fig.  28 
agree  very  well  with  the  methods  of  Colburn3  and  Short4  and  the  test  data 
of  Breidenbach5  and  O’Connell  on  a  number  of  commercial  heat  exchang¬ 
ers.  It  will  be  observed  in  Fig.  28  that  there  is  no  discontinuity  at  a 
Reynolds  number  of  2100  such  as  occurs  for  fluids  in  tubes.  The  differ¬ 
ent  equivalent  diameters  used  in  the  correlation  of  shell  and  tube  data 
precludes  comparison  between  fluids  flowing  in  tubes  and  across  tubes 

on  the  basis  of  the  Reynolds  number  alone.  All  the  data  in  Fig.  28  refer 
to  turbulent  flow. 

Shell-side  Mass  Velocity.  The  linear  and  mass  velocities  of  the  fluid 
c  ange  continuously  across  the  bundle,  since  the  width  of  the  shell  and 
the  number  of  tubes  vary  from  zero  at  the  top  and  bottom  to  maxima 
at  the  center  of  the  shell.  The  width  of  the  flow  area  in  the  correlation 

pal“’ N^rk  “S£  Tr—Shn"  2d  ed-  P-  2  V  McGraw-Hill  Book  Com- 

Net  Y“Mm49Sr 

!£>lburi’  A‘  P*»  Trans‘  AIChE,  29,  174-210  (1933). 
bhort,  B.  E.,  Univ.  Texas  Pub.  3819  (1938) 

'  BrddenbaCh'  E-  P-  and  H'  E-  O’Connell,  rron8.  AIChE,  42,  761-776  (1946), 
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represented  by  Fig.  28  was  taken  at  the  hypothetical  tube  row  possessing 
the  maximum  flow  area  and  corresponding  to  the  center  of  the  shell. 
The  length  of  the  flow  area  was  taken  equal  to  the  baffle  spacing  B.  The 
tube  pitch  is  the  sum  of  the  tube  diameter  and  the  clearance  C'.  If  the 
inside  diameter  of  the  shell  is  divided  by  the  tube  pitch,  it  gives  a  fic¬ 
titious,  but  not  necessarily  inte  ral,  number  of  tubes  which  may  be 
assumed  to  exist  at  the  center  of  the  shell.  Actually  in  most  layouts 
there  is  no  row  of  tubes  through  the  center  but  instead  two  equal  maxi¬ 
mum  rows  on  either  side  of  it  having  fewer  tubes  than  computed  for  the 
center.  These  deviations  are  neglected.  For  each  tube  or  fraction 
there  are  considered  to  be  C'  X  1  in.2  of  crossflow  area  per  inch  of  baffle 
space.  The  shell-side  or  bundle  crossflow  area  as  is  then  given  by 


ID  X  C'B  M 
as  =  ft2 


Pt  X  144 
and  as  before,  the  mass  velocity  is 


=  ~  It*/ (hr)  (ft2) 

&s 


(7.1) 


(7.2) 


Shell-side  Equivalent  Diameter.  By  definition,  the  hydraulic  radius 
corresponds  to  the  area  of  a  circle  equivalent  to  the  area  of  a  noncircular 
flow  channel  and  consequently  in  a  plane  at  right  angles  to  the  direction 
of  flow.  The  hydraulic  radius  employed  for  correlating  shell-side  coeffi¬ 
cients  for  bundles  having  baffles  is  not  the  true  hydraulic  radius.  The 
direction  of  flow  in  the  shell  is  partly  along  and  partly  at  right  angles  to 
the  long  axes  of  the  tubes  of  the  bundle.  The  flow  area  at  right  angles 
to  the  long  axes  is  variable  from  tube  row  to  tube  row.  A  hydraulic 
radius  based  upon  the  flow  area  across  any  one  row  could  not  distinguish 
between  square  and  triangular  pitch.  In  order  to  obtain  a  simple  correla¬ 
tion  combining  both  the  size  and  closeness  of  the  tubes  and  their  type  of 
pitch,  excellent  agreement  is  obtained  if  the  hydraulic  radius  is  calculated 
along  instead  of  across  the  long  a..es  of  the  tubes.  The  equivalent  diam¬ 
eter  for  the  shell  is  then  taken  as  four  times  the  hydraulic  radius  obtained 
for  the  pattern  as  layed  out  on  the  tube  sheet.  Referring  to  Fig.  7.19, 
where  the  crosshatch  covers  the  free  area1  for  square  pitch 

=  4  X  free  area_  ft  (7.3) 

e  wetted  perimeter 
or 

4  X  {P%  ~  ^l/i)  in  (7.4) 

*  7rdo 

i  The  expression  free  area  is  used  to  avoid  confusion  with  the  free-flow  area,  an 
actual  entity  in  the  hydraulic  radius. 
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where  Pt  is  the  tube  pitch  in  inches  and  do  the  tube  outside  diameter  in 
inches.  For  triangular  pitch  as  shown  in  Fig.  7.19  the  wetted  perimeter 
of  the  element  corresponds  to  half  a  tube. 


4  X  (MFr  X  0.86Pr  -  V^d\/ 4) 

yiirdo 


in. 


(7.5) 


The  equivalent  diameters  for  the  common  arrangements  are  included  in 
Fig.  28. 

It  would  appear  that  this  method  of  evaluating  the  hydraulic  radius  and 
equivalent  diameter  does  not  distinguish  between  the  relative  percentage 
of  right-angle  flow  to  axial  flow,  and  this  is  correct.  It  is  possible,  using 
the  same  shell,  to  have  equal  mass  velocities,  equivalent  diameters,  and 


Fig.  7.19.  Equivalent  diameter. 


Reynolds  numbers  using  a  large  quantity  of  fluid  and  a  large  baffle  pitch 
or  a  small  quantity  of  fluid  and  a  small  baffle  pitch,  although  the  pro¬ 
portions  of  right-angle  flow  to  axial  flow  differ.  Apparently,  where  the 
range  of  baffle  pitch  is  restricted  between  the  inside  diameter  and  one- 
fifth  the  inside  diameter  of  the  shell,  the  significance  of  the  error  is  not 
too  great  to  permit  correlation. 


Example  7.1.  Compute  the  shell-side  equivalent  diameter  for  a  %  in.  OD  tube  on 
1-in.  square  pitch.  From  Eq.  (7.4) 


de 

Dt 


4(1 2  -  3.14  X  0.7574) 

3.14  X  0.75 

=  0.079  ft 


=  0.95  in. 


_  Jh!fTt  Temf>  r?  Dlfference  M  in  a  1-2  Exchanger.  A  typical 

aid  lt  mratUre  VS'  ungth  for  an  exchanger  having  one  shell  pass 
and  two  tube  passes  is  shown  in  Fig.  7.20  for  the  nozzle  arrangement 

nd  (VRelatlVe  *°  the  sheI1  fluid-  one  tube  pass  is  in  counteXw 
and  the  other  in  parallel  flow.  Greater  temperature  differences  have 
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been  found,  in  Chap.  5,  to  result  when  the  process  streams  are  in  counter¬ 
flow  and  lesser  differences  for  parallel  flow.  The  1-2  exchanger  is  a 
combination  of  both,  and  the  LMTD  for  counterflow  or  parallel  flow 
alone  cannot  be  the  true  temperature  difference  /or  a  parallel  flow- 
counterflow  arrangement.  Instead  it  is  necessary  to  develop  a  new 
equation  for  calculation  of  the  e  ective  or  true  temperature  difference 
At  to  replace  the  counterflow  LMTD.  The  method  employed  here  is  a 
modification  of  the  derivation  of  Underwood1  and  is  presented  in  the  final 

form  proposed  by  Nagle2  and  Bowman, 
Mueller,  and  Nagle.3 

The  temperature  of  the  shell  fluid 
may  undergo  either  of  two  variations 
as  it  proceeds  from  the  inlet  to  outlet, 
crossing  the  tube  bundle  several  times 
in  its  progress:  (1)  So  much  turbulence 
is  induced  that  the  shell  fluid  is  com¬ 
pletely  mixed  at  any  length  X  from  the 
inlet  nozzle,  or  (2)  so  little  turbulence 
is  induced  that  there  is  a  selective  tem¬ 
perature  atmosphere  about  the  tubes 
of  each  tube  pass  individually.  The 
baffles  and  turbulent  nature  of  the  flow 
components  across  the  bundle  appear 
to  eliminate  (2)  so  that  (1)  is  taken 
as  the  first  of  the  assumptions  for  the 
derivation  of  the  true  temperature 

difference  in  a  1-2  exchanger.  The  assumptions  are 

1.  The  shell  fluid  temperature  is  an  average  isothermal  temperature  at 


(b) 

Fio.  7.20.  Temperature  relations  in  a 
1-2  exchanger. 


any  cross  section. 

2.  There  is  an  equal  amount  of  heating  surface  in  each  pass. 

3.  The  overall  coefficient  of  he  t  transfer  is  constant. 

4.  The  rate  of  flow  of  each  fluid  is  constant. 

5  The  specific  heat  of  each  fluid  is  constant. 

q  There  are  no  phase  changes  of  evaporation  or  condensation  in  a  part 

of  the  exchanger. 

7.  Heat  losses  are  negligible. 

The  overall  heat  balance,  where  At  is  the  true  temperature  difference,  is 
Q  —  UA  At  =  WC(Tt  -  T,)  =  wcih  -  fi)  (7-6) 

1  Underwood,  A.  J.  V.,  J.  Inst.  Petroleum  Technol,  20,  145-158  (1934). 

1  Nagle,  W.  M.,  Ind.  Eng.  Chem.,  26,  604-608  (1933).  gan-294 

.  Bowman,  R.  A.,  A.  C.  Mueller,  and  W.  M.  Nagle.  Trans.  ASME.,  62,  283-294 

(1940). 
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From  which 


=  (L  ~  TA  =  ( 

\ua/wcL .  \ 


L  —  tl 


UA/wc )  true 


). 


(7.7) 


In  Fig.  7.20a  let  T  be  the  temperature  of  the  shell  fluid  at  any  cross  sec¬ 
tion  of  the  shell  L  —  X  between  L  =  0  and  L  —  L.  Let  tl  and  tn  repre¬ 
sent  temperatures  in  the  first  and  second  tube  passes,  respectively,  and 
at  the  same  cross  section  as  T.  Let  a"  be  the  external  surface  per  foot 
of  length.  In  the  incremental  surface  dA  =  a"dL  the  shell  temperature 
changes  by  -dT.  Over  the  area  dA 


A  A  A  A 

-WCdT  =  U~-(T  -?)  +  U  (T  —  tu) 


-I 


-WCdT  =  U  dA 
U  dA 


WC 


(--‘A2) 

f  dT 

J  T  —  (tl  +  tu)/2 


But  in  this  equation  T ,  t1,  and  tn  are  dependent  variables, 
balance  from  L  =  X  to  the  hot-fluid  inlet  is 

WC(T  -  T2)  =  wc(tn  -  t1) 

and  the  heat  balance  per  pass 

d  a 

wc  dtl  =  U  (T  -  tl ) 

d  A 

wc  dtu  =  -  U  ^  (T  -  tn) 

Dividing  Eq.  (7.13)  by  Eq.  (7.12), 

T  -  tu 


(7.8) 

(7.9) 

(7.10) 
The  heat 

(7.11) 

(7.12) 

(7.13) 


dtX 

dtl 


T  -  t1 


(7.14) 


To  eliminate  tu  and  dtu  from  Eq.  (7.11)  and  (7.13) 


(7.15) 


Differentiating  Eq.  (7.15),  with  the  hot  fluid  inlet  Tx  constant, 


dln  =  -  —  dT  +  dtl 

WC 


(7.16) 


Substituting  in  Eq.  (7.14)  and  rearranging, 

WCdT  L  T-t'  -  (WC/wc)(Ti  -  T) 
wc  dtl  '  T  —  t' 


(7.17) 
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The  number  of  variables  in  Eq.  (7.15)  has  been  reduced  from  three 
(.T,  tl,  t u)  to  two  ( T  and  t1).  For  a  solution  it  is  necessary  to  eliminate 
either  T  or  t1.  Simplifying  by  the  use  of  parameters  as  in  the  case  of  the 
double  pipe  exchanger  let 


R 


Tx  -  T2 
ti  —  t\ 


Rearranging  Eq.  (7.8), 


wc 

Wl 


”d  s-T7^t 


wcn  +  j,T  ~f>  +  - »  (7.i8) 


Simplifying  and  substituting  WC  =  wc/R , 


dT  URT 
dA  wc 


if  +  tu\ 

2 wc  {t  ^  1  J 


=  0 


Differentiating  with  respect  to  A, 


d2T  URdT  UR  (dt1  dtll\  _ 

dA 2  wc  dA  2 wc  yL4  dA ) 


Substituting  Eqs.  (7.12)  and  (7.13), 


d2T  URdT 
dA 2  wc  dA 


U2R 
(2  wc)2 


(<n  -  P) 


=  0 


(7.19) 


(7.20) 


(7.21) 


Since  the  heat  change  is  sensible,  a  direct  proportionality  exists  between 
the  percentage  of  the  temperature  rise  (or  fall)  and  Q. 


T  —  T2 
Ti  -  T2 


(7.22) 


or 


,  UR  dT  U2T  =  _  U*T2 
dA2  +  wc  d A  "  (2 wc)2  (2 wc)2 


(7.23) 

(7.24) 


Differentiating  again  with  respect  to  A, 

dzT  .  UR  d2T  _  U 2  dT  =  Q 
dA*  wc  dA2  (2 wc)2  dA 


(7.25) 


The  solution  of  this  equation  will  be  found  in  any  standard  differential- 
equations  text.  The  equation  is 

T  =  Ki  +  x2e-(^/2u,c)(R+i/SrFTT  +  Kie-WA/2uK){R-y/l*+Y>  (7  26) 
When  T  —  T2,  A  will  have  increased  from  0  to  A,  and  from  the  solution 
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of  Eq.  (7.24)  K x  =  T*  so  that  Eq.  (7.26)  becomes 

e-(UA/2wc)(R+VR*+V  =  j£3e~{UA/2wc)(R-VRi+ D 


Taking  logarithms  of  both  sides  and  simplifying, 

wc  v^R*  +  1  V 
Differentiate  Eq.  (7.26) : 


143 

(7.27) 


(7.28) 


dT 

dA 


U 


-K>Wc{R  +  VR2+1)e 


(t/A/2u>c)(/?+V'fl,  +  l) 


„  V  /D  -(PA/Z^cMR-VSHT)  ,_90, 

—  E2  ^ —  (R  —  vR2  +  l)e  (7.29) 

2wc 

Substituting  the  value  of  dT/dA  from  Eq.  (7.19)  and  since  at  A  =  0, 
t'  —  ti,  <“  =  (2,  and  T  =  T\,  t'  +  tn  =  ti  +  ti. 


R(h  +  t2)  -  2R72,  =  -JC2(R  +  -s /R*  +  1) 

-  K,(R  -  VR*  +  1)  (7.30) 

From  Eq.  (7.26)  at  A  =  0  and  T  =  Ti  and  Ki  =  Ti 


T  i  —  Ti  —  Ki  +  Kz  (7.31) 

Multiplying  both  sides  of  Eq.  (7.31)  by  (R  +  y/R*  +  1), 

(R  +  VRr+T)(7’l  -  r,)  =  if2(R  +  VRH7!) 

+  fC>(R  +  VR2  +  1)  (7.32) 

Adding  Eqs.  (7.31)  and  (7.32)  and  solving  for  K3l 


_  R(<i  +  k)  4-  (Tj  —  Ti)(R  -f  -y/R2  +  1)  —  2RTi 

2  VR2  +  1 


Returning  to  Eq.  (7.31), 


(7.33) 


-Ki  =  K,  -  (7,  -  r2)  = 

(R  +  VR2  +  i)(Fi  -  r2)  -  2  -y/R*  +  1  (r2  -  r2) 

2  VR2  + 1 


-  2RTi  -|-  R(ti  +  /2) 


Since  R  =  (7\  -  r2)/(t2  -  <2), 


(7.34) 


-  ~  =  (R  ~  VR2  4-  l)(ii  -  f2)  -  ( Ti  -  <,)  -  ( j\  -  <2) 
(R  4-  VR2  4-  i)«,  -  f2)  -  (r2  -  <,)  -  (Ti  -  u) 


(7.35) 
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Dividing  by  T i  -  h  and  substituting  S  =  (£2  -  ti)/(Ti  -  h)  and 
1  -S=(Tx-  U)/{Tv  -  h), 


_  K*  =  2  -  S(R  +  1  -  V'fi2  +  1) 

K*  2  -  S(R  +  1  +  V^T"1) 
Substituting  in  Eq.  (7.28), 

(UA\  =  1  ln  2  -  S(R  +  1  —  y/JP+l) 

\™C  /true  V#2  +1  2  -  £(F  +  1  +  V^2  +  1) 


(7.36) 


(7.37) 


Equation  (7.37)  is  the  relationship  for  the  true  temperature  difference 
for  1-2  parallel  flow-counterflow.  How  does  this  compare  with  the 
LMTD  for  counterflow  employing  the  same  process  temperatures?  For 
counterflow 


«  =  -  «  =  UA  gfa  _  g  (7.38) 

from  which 


UA\  £2  -  U  =  In  (1  -  S)/(l  -  RS) 

-  (ri  -  h)  -  (r,  -  ft)  R-1  ^  ; 

In  (Ti  —  £2)/ (7*2  —  £1) 


The  ratio  of  the  true  temperature  difference  to  the  LMTD  is 

£2  —  £l  J  £2  £l  _  ( L" 4  / lCC)oount«rflow 

(TJ A  /  WC)  xsv»  f  (UA  /'U7C)oount*rfk>w  (UA/wc)  true 


(7.40) 


Calling  the 
LMTD  Fr, 


fractional  ratio  of  the  true  temperature  difference  to  the 


Fr  — 


-y^+l  In  (1  -  S)/(l  -  RS) 

~  ,  2  -  S(R  +  1  —  V.R2  +  1) 

(R  }  “  2  -  S(R  +  1  +  V#2  +  1) 


(7.41) 


The  Fourier  equation  for  a  1-2  exchanger  can  now  be  written: 

Q  =  UA  At  =  CMFr(LMTD)  (7.42) 


To  reduce  the  necessity  of  solving  Eq.  (7.37)  or  (7.41),  correction  factors 
Ft  for  the  LMTD  have  been  plotted  in  Fig.  18  in  the  Appendix  as  a  func¬ 
tion  of  S  with  R  as  the  parameter.  When  a  value  of  S  and  R  is  close  to 
the  vertical  portion  of  a  curve,  it  is  difficult  to  read  the  figure  and  Ft 
should  be  computed  from  Eq.  (7.41)  directly.  When  an  exchanger  has 
one  shell  pass  and  four,  six,  eight,  or  more  even-numbered  tube  passes 
such  as  a  1-4,  1-6,  or  1-8  exchanger,  Eq.  (7.10)  becomes  for  a  1-4  exchanger 


f  UdA 

J  WC 


_ dT _ 

T  —  (tl  +  tu  +  £ni  +  £lv)/4 
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for  a  1-6  exchanger 

UdA 


[UdA  [ _ dT _  ... 

“  J  ~WC  ~  J  T  -  (i t 1  +111  +  tm  +  *IV  +  *v  +  n/Q 

It  can  be  shown  that  the  values  of  Ft  for  a  1-2  and  1-8  exchanger  are  less 
than  2  per  cent  apart  in  the  extreme  case  and  generally  considerably  less. 
It  is  therefore  customary  to  describe  any  exchanger  having  oneshell  pass 
and  two  or  more  even-numbered  tube  passes  in  parallel  flow— counterflow 
as  a  1-2  exchanger  and  to  use  the  value  of  Ft  obtained  from  Eq.  (7.41). 
The  reason  FT  will  be  less  than  1.0  is  naturally  due  to  the  fact  that  the 
tube  passes  in  parallel  with  the  shell 
fluid  do  not  contribute  so  effective 
a  temperature  difference  as  those  in 
counterflow  with  it. 

There  is  an  important  limitation  to 
the  use  of  Fig.  18.  Although  any  ex¬ 
changer  having  a  value  of  Fr  above 
zero  will  theoretically  operate,  it  is 
not  practically  true.  The  failure  to 
fulfill  in  practice  all  the  assumptions 
employed  in  the  derivation,  assump¬ 
tions  1,  3,  and  7  in  particular,  may 
cause  serious  discrepancies  in  the  cal¬ 
culation  of  At.  As  a  result  of  the  dis¬ 
crepancies  if  the  actual  value  of  U  in 
Fig.  7.20a  at  the  end  of  the  parallel 
pass  is  required  to  approach  T2  more 
closely  than  the  derived  value  of  U,  it 
may  impose  a  violation  of  the  rule  of  parallel  flow;  namely,  the  outlet  of 
the  one  stream  U  may  not  attain  the  outlet  of  the  other,  Th  without  infi¬ 
nite  surface.  Accordingly  it  is  not  advisable  or  practical  to  use  a  1-2 
exchanger  whenever  the  correction  factor  FT  is  computed  to  be  less  than 

U.75.  Instead  some  other  arrangement  is  required  which  more  closelv 
resembles  counterflow.  y 

,J,he  temperature  relationshiP  for  the  case  where  the  orientation  of  the 
she  1  nozzles  has  been  reversed  is  shown  in  Fig.  7.21  for  the  same  inlet  and 
outlet  temperatures  plotted  in  Fig.  7.20.  Underwood1  has  shown  that 
the  values  of  FT  for  both  are  identical.*  Since  a  1-2  exchanger  is  a  com- 

that  the  outlTof  o  °W  and  Parallel-flow  Passes-  ^  may  be  expected 
that  the  outlet  of  one  process  stream  cannot  approach  the  inlet  of  the 

1  Underwood,  op.  tit. 

*  The  values  of  U,  however,  differ  for  both  cases. 


1-2  exchanger  with  conventional  nozzle 
arrangement. 
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other  very  closely.  In  fact  it  is  customary  in  parallel  flow— counterflow 
equipment  to  call  T2  —  t2  the  approach,  and  if  t2  >  T2,  then  t2  —  T2  is 
called  the  temperature  cross. 

It  is  useful  to  investigate  several  typical  process  temperatures  and  to 
note  the  influence  of  different  approaches  and  crosses  upon  the  value  of 


Fig.  7.22.  Influence  of  approach  temperature  on  Ft  with  fluids  having  equal  ranges  in  a 
1-2  exchanger. 


Fig.  7.23.  Influence  of  approach  temperature  on  Ft  with  fluids  having  unequal  ranges  in 
a  1-2  exchanger. 

Ft.  For  a  given  service  the  reduction  of  F r  below  unity  in  Eq.  (7.42)  is 
compensated  for  by  increasing  the  surface.  Thus  if  the  process  tempera¬ 
tures  are  fixed  it  may  be  inadvisable  to  employ  a  parallel  flow-counter¬ 
flow  exchanger  as  against  a  counterflow  exchanger,  since  it  increases  the 
cost  of  the  equipment  beyond  the  value  of  its  mechanical  advantages. 
In  Fig.  7.22  two  pairs  of  fluids  each  with  equal  ranges  of  100  and  50 


1-2  PARALLEL-COUNTERFLOW 


147 


are  studied.  The  operating  temperatures  of  the  cold  fluid  are  fixed, 
<vhile  the  hot-fluid  temperatures  are  variable  thereby  changing  the 
approach  in  each  case.  Note  the  conditions  under  which  FT  shrinks 
rapidly,  particularly  the  approach  at  the  practical  minimum  Ft  =  0.75 
and  the  influence  of  the  relationship  between  T2  and  U.  The  calculation 
of  several  points  is  demonstrated. 


Example  7.2.  Calculation  of  Ft  for  Fluids  with  Equal  Ranges 


Point:  (a)  50°  approach 

(6)  Zero  approach 

(c)  20°  cross 

(! Tx )  350  200  ( tt ) 

{TO  300  200  {U) 

{TO  280  200  {t0 

{TO  250  100  (*0 

{TO  200  100  {t0 

{TO  180  100  {t0 

100  100 
n-n.ioo 

R  ~  h  -  h  ioo  10 

100  100 

R  =  1.0 

100  100 

R  =  1.0 

„  U  -  ti  100 

Ti  -t i  350  -  100  ' 

0.40  S  =  0.50 

S  =  0.555 

Ft  =  0.925  (Fig.  18) 

Ft  ~  0.80 

Ft  =  0.64 

In  Fig.  7.23  are  shown  the  results  of  the  calculation  when  one  fluid  has 
a  range  five  times  as  great  as  the  other. 

Shell-side  Pressure  Drop.  The  pressure  drop  through  the  shell  of  an 
exchanger  is  proportional  to  the  number  of  times  the  fluid  crosses  the 
bundle  between  baffles.  It  is  also  proportional  to  the  distance  across 
the  bundle  each  time  it  is  crossed.  Using  a  modification  of  Eq.  (3.44)  a 
correlation  has  been  obtained  using  the  product  of  the  distance  across 
the  bundle,  taken  as  the  inside  diameter  of  the  shell  in  feet  D,  and  the 
number  of  times  the  bundle  is  crossed  N  +  1,  where  N  is  the  number  of 
baffles.  If  L  is  the  tube  length  in  feet, 


Number  of  crosses,  N  +  1  =  tube  length,  in./baffle  space,  in. 

=  12  X  L/B  (7.43) 

If  the  tube  length  is  16'0"  and  the  baffles  are  spaces  18  in.  apart  there 
will  be  11  crosses  or  10  baffles.  There  should  always  be  an  odd  number 
of  crosses  if  both  shell  nozzles  are  on  opposite  sides  of  the  shell  and  an 
even  number  if  both  shell  nozzles  are  on  the  same  side  of  the  shell.  With 
close  baffle  spacings  at  convenient  intervals  such  as  6  in.  and  under  one 
baffle  may  be  omitted  if  the  number  of  crosses  is  not  an  integer.  ’  The 
equivalent  diameter  used  for  calculating  the  pressure  drop  is  the  same 

lect^d  th?  additional  friction  of  the  shell  itself  being  neg- 

lMted  The  isothermal  equation  for  the  pressure  drop  of  a  fluid  being 

heated  or  cooled  and  including  entrance  and  exit  losses  is  S 

A P,  =  +  1)  fG\D,(N  +  1) 

2 9pD,<t>.  X  1010I),s<£, 


psf  (7.44) 
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where  $  is  the  specific  gravity  of  the  fluid.  Equation  (7.44)  gives  the 
pressure  drop  in  pounds  per  square  foot.  The  common  engineering  unit 
is  pounds  per  square  inch.  To  permit  the  direct  solution  for  NPS  in  psi 
dimensional  shell-side  friction  factors,  square  foot  per  square  inch,  have 
been  plotted  in  Fig.  29.  To  obtain  the  pressure  drop  in  consistent  units 
by  Eq.  (7.44)  multiply  /  in  Fig.  2  by  144. 

Tube -side  Pressure  Drop.  Equation  (3.44)  may  be  used  to  obtain 
the  pressure  drop  in  tubes,  but  it  applies  principally  to  an  isothermal 
fluid.  Sieder  and  Tate  have  correlated  friction  factors  for  fluids  being 
heated  or  cooled  in  tubes.  They  are  plotted  in  dimensional  form  in 
Fig.  26  and  are  used  in  the  equation 


(7.45) 


where  n  is  the  number  of  tube  passes,  L  the  tube  length,  and  Ln  is  the 
total  length  of  path  in  feet.  The  deviations  are  not  given,  but  the  curve 
has  been  accepted  by  the  Tubular  Exchanger  Manufacturers  Association. 


In  flowing  from  one  pass  into  the  next  at  the  channel  and  floating  head 


the  fluid  changes  direction  abruptly  by  180°,  although  the  flow  area  pro¬ 


vided  in  the  channel  and  floating-head  cover  should  not  be  less  than  the 


combined  flow  area  of  all  the  tubes  in  a  single  pass.  The  change  of  direc¬ 
tion  introduces  an  additional  pressure  drop  A Pr,  called  the  return  loss 
and  accounted  for  by  allowing  four  velocity  heads  per  pass.  The 
velocity  head  F2/2 g'  has  been  plotted  in  Fig.  27  against  the  mass  velocity 
for  a  fluid  with  a  specific  gravity  of  1,  and  the  return  losses  for  any  fluid 

will  be 


(7.46) 


where  V  =  velocity,  fps 

s  =  specific  gravity 
g'  =  acceleration  of  gravity,  ft/sec2 


The  total  tube-side  pressure  drop  A PT  will  be 


(7.47) 


A  PT  =  AP<  +  A  Pr  psi 


The  Analysis  of  Performance  in  an  Existing  1-2  Exchanger.  When 
all  the  pertinent  equations  are  used  to  calculate  the  suitability  of  an  exist¬ 
ing  exchanger  for  given  process  conditions,  it  is  known  as  rating  an 
exchanger.  There  are  three  significant  points  in  determining  the  suit¬ 
ability  of  an  existing  exchanger  for  a  new  service. 

1.  What  clean  coefficient  Uc  can  be  “performed”  by  the  two  fluids  as 
the  result  of  their  flow  and  individual  film  coefficients  hio  and  h0 ? 
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2.  From  the  heat  balance  Q  =  WC(TX  -  T2)  =  wc(t2  -  ti),  known 
surface  A,  and  the  true  temperature  difference  for  the  process  tempera¬ 
tures  a  value  of  the  design  or  dirty  coefficient,  Ud  is  obtained.  U c  must 
exceed  UD  sufficiently  so  that  the  dirt  factor,  which  is  a  measure  of  the 
excess  surface,  will  permit  operation  of  the  exchanger  for  a  reasonable 
period  of  service. 

3.  The  allowable  pressure  drops  for  the  two  streams  may  not  be 
exceeded. 

When  these  are  fulfilled,  an  existing  exchanger  is  suitable  for  the  process 
conditions  for  which  it  has  been  rated.  In  starting  a  calculation  the  first 
point  which  arises  is  to  determine  whether  the  hot  or  cold  fluid  should  be 
placed  in  the  shell.  There  is  no  fast  rule.  One  stream  may  be  large 
and  the  other  small,  and  the  baffle  spacing  may  be  such  that  in  one 
instance  the  shell-side  flow  area  as  will  be  larger.  Fortunately  any  selec¬ 
tion  can  be  checked  by  switching  the  two  streams  and  seeing  which 
arrangement  gives  the  larger  value  of  Uc  without  exceeding  the  allowable 
pressure  drop.  Particularly  in  preparation  for  later  methods  there  is 
some  advantage,  however,  in  starting  calculations  with  the  tube  side, 
and  it  may  be  well  to  establish  the  habit.  The  detailed  steps  in  the 
rating  of  an  exchanger  are  outlined  below.  The  subscripts  s  and  t  are 
used  to  distinguish  between  the  shell  and  tubes,  and  for  the  outline  the 
hot  fluid  has  been  assumed  to  be  in  the  shell.  By  always  placing  the 
hot  fluid  on  the  left  th6  usual  method  of  computing  the  LMTD  may  be 
retained. 

The  Calculation  of  an  Existing  1-2  Exchanger.  Process  conditions 
required 

Hot  fluid:  Th  T2,  W,  c,  s,  m,  k,  Rd,  A P 

Cold  fluid:  th  t2,  w,  c,  s,  /x,  k,  Rd,  AP 

For  the  exchanger  the  following  data  must  be  known: 

Shell  side  Tube  side 

ID  Number  and  length 

Baffle  space  OD,  BWG,  and  pitch 
Passes  Passes 

(1)  Heat  balance,  Q  =  WC(Tl  -  T ',)  =  wc(t2  -  M 

(2)  true  temperature  difference  At: 

LMTD,  R  =  Tl  ~  T\  a  t2  -  ti 

t2  -  h  ^  =  Y  -  t 

—  LM ID  X  Ft  (Ft  from  Fig.  18) 


(5.14) 

(7.42) 
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(3)  Caloric  temperature  Te  and  te t1 


(5.28),  (5.29) 


Hot  fluid:  shell  side 

(4')  Flow  area,  a ,  =  ID  X  C'B/144Pt,  ft* 

[Eq.  (7.1)] 


(6')  Mass  vel,  G ,  =  W /a,,  lb/ (hr) (ft*) 

[Eq.  (7.2)] 

(6')  Obtain  D,  from  Fig.  28  or  compute 
from  Eq.  (7.4). 

Obtain  n  at  Tc,  lb /(ft)  (hr)  =  cp  X  2.42 
Re,  =  D/t,/h 

(7')  Obtain  Jh  from  Fig.  28. 

(8')  At  Tc  obtain  c,  Btu/(lb)(°F)  and  k, 
Btu/(hr)(ft*)(°F/ft). 

Compute*  ( cn/k )**. 

(9')  h.  =  jh  g  (j)**.  [Eq.  (6.156)] 
(10')  Tube-wall  temp, 


t. = u + .  ,yz'hi x - *•> 

Hio/ <pt  ~T  H0/ <P» 

[Eq.  (5.31)] 

(11')  Obtain  nw  and  <t>,  =  (m/mw)0-14- 

[Fig.  24] 

(12;)  Corrected  coefficient,  h0  = 

[Eq.  (6.36)] 


Cold  fluid:  tube  side 
(4)  Flow  area,  a<: 

Flow  area  per  tube  a,  from  Table  10,  in.* 
_  No.  of  tubes  X  flow  area /tube 
No.  of  passes 

=  Nt  a'jmn,  ft*  Eq.  (7.48) 

(6)  Mass  vel,  Gt  =  w/at,  lb/(hr)(ft*) 

(6)  Obtain  D  from  Table  10,  ft. 

Obtain  n  at  te,  lb  /(ft)  (hr)  =  cp  X  2.42 
Ret  =  DGt/n 

(7)  Obtain  ju  from  Fig.  24. 

(8)  At  tc  obtain  c,  Btu/(lb)(°F)  and  k, 
Btu  /  (hr)  (ft*)  (°F  /ft) . 

Compute*  ( cn/k )**. 

(9)  hi  -  ja  g  <h  [Eq.  (6.15o)] 

<10>  =  |E<>- (65)1 


(11)  Obtain  tv  from  (10'). 

Obtain  and  <f>t  =  (m/mu>)014-  [Fig.  24] 

(12)  Corrected  coefficient,  hi0  = 

[Eq.  (6.37)] 


(13)  Clean  overall  coefficient  Uc' 

jjc  _  hioh0  (6.38) 

hio  "f"  ho 

(14)  Design  overall  coefficient  UD:  Obtain  external  surface/lin  ft  a"  from  Appendix 
Table  10. 

Heat-transfer  surface,  A  =  a"LN <,  ft2 

Ud  =  i %.  Btu  /  (hr)  (ft*)  (°F) 

A  Ai 


(16)  Dirt  factor  Rd- 


Rd 


Uc  -  Ud 
UcUd 


(hr)  (ft*)  (°F)  /Btu 


(6.13) 


If  Rd  equals  or  exceeds  the  required  dirt  factor,  proceed  under  the  pressure  drop. 

l  The  use  of  caloric  temperatures  is  in  partial  contradiction  of  the  derivation  for 
the  1-2  parallel  flow-counterflow  temperature  difference  in  which  V  was  assumed 
constant.  The  use  of  caloric  temperatures  presumes  that  a  linear  variation  of  I  wit 
t  can  be  accounted  for  as  the  product  of  UmM  where  At  is  the  true  parallel  flow- 

counterflow  temperature  difference  when  U  is  constant.  .  .  «  „ 

*  A  convenient  graph  of  Hc„/k)»  vs.  a  for  petroleum  fractions  is  given  in  Fig.  16. 


1-2  PARALLEL-COUNTERFLOW 


151 


Pressure  Drop 


(1')  For  Re,  in  (6')  obtain  /,  ft2/in.2 

[Fig.  29] 

(2')  No.  of  crosses,  N  +  1  *=  12 L/B 

[Eq.  (7.43)] 

fG]D,(N  +  1) 

(3  )  A P,  =  — ~  psi 


5.22  X  1010D«a*. 


(1)  For  Ret  in  (6)  obtain  /,  ft*/in.2 

[Fig.  26] 

fG\Ln 


(2)  APt  = 


5.22  X  10 10Ds<j>t 


[Eq.  (7.45)] 


(Eq.  (7.46)] 


[Eq.  (7.44)]  APt  =  APt  +  A Pr  psi 


[Eq.  (7.47)] 


Example  7.3.  Calculation  of  a  Kerosene-Crude  Oil  Exchanger.  43,800  lb  /hr  of  a 
42°API  kerosene  leaves  the  bottom  of  a  distilling  column  at  390°F  and  will  be  cooled 
to  200°F  by  149,000  lb/hr  of  34°API  Mid-continent  crude  coming  from  storage  at 
100°F  and  heated  to  170°F.  A  10  psi  pressure  drop  is  permissible  on  both  streams, 
and  in  accordance  with  Table  12,  a  combined  dirt  factor  of  0.003  should  be  provided! 

Available  for  this  service  is  a  2134  in.  ID  exchanger  having  158  1  in.  OD,  13  BWG 
tubes  16'0"  long  and  laid  out  on  1 34-in.  square  pitch.  The  bundle  is  arranged  for 
four  passes,  and  baffles  are  spaced  5  in.  apart. 

Will  the  exchanger  be  suitable;  i.e.,  what  is  the  dirt  factor? 


Solution: 


Exchanger: 


Shell  side 
ID  =  2134  in. 
Baffle  space  =  5  in. 
Passes  =  1 


Number  and  length 
OD,  BWG,  pitch 
Passes 


Tube  side 
=  158,  16'0" 

=  1  in.,  13  BWG,  134~in.  square 
=  4 


(1) 

(2) 


Heat  balance: 

Kerosene,  Q 

Mid-continent  crude,  Q 

At: 


-  43,800  X  0.605(390  -  200)  =  5,100,000  Btu/hr 

-  149,000  X  0.49(170  -  100)  =  5,100,000  Btu/hr 


Hot  Fluid 

Cold  Fluid 

Diff. 

390 

Higher  Temp 

170 

220 

200 

Lower  Temp 

100 

100 

190 

Differences 

70 

120 

(A h  -  Ah) 


LMTD  =  152. 5°F 

R 

=  1994o  =  2.71 

(5.14) 

S 

70 

390  -  100  “  0-241 

Ft 

=  0.905 

At 

=  0.905  X  152.5  =  138°F 

(Fig.  18) 

(7.42) 
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Te  and  te: 

TT  =  0.455 

A  th 

(Fig.  17) 

Ke  =  0.20  (crude  oil  controlling) 

Fc  =  0.42 

Tc  =  200  4-  0.42  X  190  =  280°F 

(5.28) 

te  =  100  +  0.42  X  70  =  129°F 

(5.29) 

Since  the  flow  area  of  both  the  shell  and  tube  sides  will  be  nearly  equal,  assume  the 
larger  stream  to  flow  in  the  tubes  and  start  calculation  on  the  tube  side. 


Hot  fluid:  shell  side,  kerosene  i  »««/,  —  ~~ 

(4')  Flow  area,  a,  =  ID  X  C"£/144Pr  (4)  Flow  area,  a\  =  0.515  in.5 


Cold  fluid:  tube  side,  crude  oil 


at  =  Nta't/l^An 


[Table  10] 
[Eq.  (7.48)] 


[Eq.  (7.1)] 

=  21.25  X  0.25  X  5/144  X  1.25  r  - 

=  0.1475  ft5  =  158  X  0.515/144  X  4  =  0.141  ft5 

(5')  Mass  vel,  G ,  =  W /a,  [Eq.  (7.2)]  I  (5)  Mass  vel,  Gt  —  w/at 

=  43,800/0.1475  =  297,000  lb/(hr)  (ft5)  =  149,000/0.141  =  1,060,000 

I  lr 


(6')  Re,  =  D,G,/u 


At  Te  =  280°F,  n  =  0.40  X  2.42 

=  0.97  lb/(ft)(hr)  [Fig.  14] 


[Eq.  (7.3)]  (6)  Ret  =  DGt/ft 


lb /(hr)  (ft5) 


At  te  =  129°F,  n  =  3.6  X  2.42 

=  8.7  lb /(ft)  (hr)  [Fig.  14] 


D.  =  0.99/12  =  0.0825  ft  (Fig.  28)  I  D  =  0.81/12  =  0.0675  ft  [Table  10] 

Re.  =  0  0825  X  297,000/0.97  =  25,300  Re,  =  0.0675  X  1,060,000/8.7  -  8,220 
*  *  _  OQ1  tn\  r./n  =  =237 


(70  jn  =  93 

(80  At  Tc  =  280°F, 
c  =  0.59  Btu/(lb)(°F) 


[Fig.  28]  (7)  L/D  =  16/0.0675  =  237 

|jff=31  [Fig.  24] 

(8)  At  to  =  129°F, 

[Fig.  4)  I  c  =  0.49  Btu/(lb)(°F)  [Fig.  4] 


I  0  0765  Btu/(hr)  (ft1)  (°F  /ft)  Fig.  1]  \k  =  0.077  Btu/fhr)<ff)(*F/ft)  [Fig.  1] 
X  ft 97/0.0765)*  =  1.95  =  (0.49  X  M/OMD*  =  3.81 

(9')  h .  =  ju  ±  (f)%.  lEq-  (6.155)1  (9)  h,  =  jB  (g)  (f)"  * 


ho  -  os  X  °  07—  X  1.95  =  169 
-  -  93  X  Q  0g25  a 


(100  Tube-wall  temperature: 
ho/ 


[Eq.  (6.15a)] 

1  =  31X^X3,1=135 

<10>£=£xOT  =  135X<^=109 

[Eq.  (6.5)] 


t  tc  1 


=  129  + 


hio/<f>t  +  h0/ <t>s 

169 


(Tc  -  tc) 

[Eq.  (5.31)] 


(280  -  129) 


109  +  169 

=  221 °F 

(110  At  tw  =  221°F,  m.  =  0.56  X  2.42 

=  1.36  lb/(ft)(hr)  [Fig.  14] 

=  (m/m.)0'14  =  (0.97/1. 36) 0  14 
=  0  96  [Fig.  24  msert] 

(±2')  Corrected  coefficient,  h0  =  4> « 

[Eq.  (6.36)] 

_  J69  x  0.96  =  162  Btu/(hr)(ft2)(  F) 


(11)  At  <„  =  221°F,  m.  =  1-5  X  2.42 
=  3.63  lb/(ft)(hr)  [Fig.  14] 

*  -  (m/m.)014  -  (S.7/3.63)-4 

=  I  II  [Fig.  24  msert] 

•  ,  hio  , 

(12)  Corrected  coefficient,  hi0  =  —  <pt 

[Eq.  (6.37)] 

=  109  X  1.11  =  121  Btu/(hr)(ft5)(°F) 
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(13')  Clean  overall  coefficient  Uc'. 


Uc  =  ^  *  |82  -  69.3  Btu/(hr)(ft>)(°F)  (6.38) 


(14)  Design  overall  coefficient  U  d. 


a"  =  0.2618  ft2/lin  ft 

Total  surface,  A  —  158  X  16'0"  X  0.2618  =  662  ft2 
V*  -  -m  -  IS  “  55  8  Btu/(hr)(ft»)(»F) 


(Table  10) 


(16)  Dirt  factor  Rd'. 

Ri  “  nmr  -  eas  x  lli  =  000348  0»)<f«CF)/Btu  («.«) 


Summary 


162 

h  outside 

121 

Uc 

69.3 

UD 

55.8 

Rd  Calculated  0.00348 

Rd  Required  0 . 00300 

Pressure  Drop 


[Fig.  29] 
[Fig.  6] 


(1')  For  Re.  =  25,300, 

/  =  0.00175  ft2/in.2 
s  =  0.73 

D.  =  21.25/12  =  1.77  ft 
(2')  No.  of  crosses,  N  +  1  =  12 L/B 

[Eq.(7.43)] 

=  12  X  16/5  =  39 


(3')  A P,  = 


fG]D,{N  +  1) 


[Eq.  (7.44)] 


5.22  X  10 '"Dest' 

=  0.00175  X  297, 0002  X  1.77  X  39 

5  22  X  10iO  X  0.0825  x  0.73  X  0.96 
=  3.5  psi 


Allowable  A P,  =  10.0  psi 


(1)  For  Ret  =  8220, 
/  =  0.000285  ft2/in2 
s  =  0.83 


(2)  A Pt  - 


fG\Ln 


[Fig.  26] 
[Fig.  6] 

5.22  X  10 10Ds<f>t  ^Eq‘  ^7‘45^ 
=  0-000285  X  1,060,000*  X  16  X  4 

^22  X  1010  X  0.0675  X  0.83  X  1.11 

=  6.3  psi 


(3)  Gt  =  1,060,000,  ~  =0.15 

2  9 


APr=^fl 

s  2 o' 

4X4 

=  “083" 

(4)  APt  =  a Pt  +  a Pr 
~  6.3  -f  2.9  =  9.2  psi 
Allowable  A PT  =  lo.o  psi 


[Fig.  27] 
[Eq.  (7.46)] 


X  0.15  =  2.9  psi 


[Eq.  (7.47)1 


provid^'re^onab.e^ma^ten^ce  ^periodT^'The^1011^  0  003  b* 

been  exceeded  and  the  exchanger  wi.l  be  satisfactory  for  the **  haVe  DOt 
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Exchangers  Using  Water.  Cooling  operations  using  water  in  tubular 
equipment  are  very  common.  Despite  its  abundance,  the  heat-transfer 

«  4  ' 

characteristics  of  water  separate  it  from  all  other  fluids.  It  is  corrosive 
to  steel,  particularly  when  the  tube-wall  temperature  is  high  and  dissolved 
air  is  present,  and  many  industrial  ulants  use  nonferrous  tubes  exclusively 
for  heat-transfer  services  involving  water.  The  commonest  nonferrous 
tubes  are  admiralty,  red  brass,  and  copper,  although  in  certain  localities 
there  is  a  preference  for  Muntz  metal,  aluminum  bronze,  and  aluminum. 
Since  shells  are  usually  fabricated  of  steel,  water  is  best  handled  in  the 
tubes.  When  water  flows  in  the  tubes,  there  is  no  serious  problem  of 
corrosion  of  the  channel  or  floating-head  cover,  since  these  parts  are  often 
made  of  cast  iron  or  cast  steel.  Castings  are  relatively  passive  to  water, 
and  large  corrosion  allowances  above  structural  requirements  can  be 
provided  inexpensively  by  making  the  castings  heavier.  Tube  sheets 
may  be  made  of  heavy  steel  plate  with  a  corrosion  allowance  of  about 

in.  above  the  required  structural  thickness  or  fabricated  of  naval  brass 
or  aluminum  without  a  corrosion  allowance. 

When  water  travels  slowly  through  a  tube,  dirt  and  slime  resulting  from 
microorganic  action  adhere  to  the  tubes  which  would  be  carried  away  if 
there  were  greater  turbulence.  As  a  standard  practice,  the  use  of  cooling 
water  at  velocities  less  than  3  fps  should  be  avoided,  although  in  certain 
localities  minimum  velocities  as  high  as  4  fps  are  required  for  continued 
operation.  Still  another  factor  of  considerable  importance  is  the  deposi¬ 
tion  of  mineral  scale.  When  water  of  average  mineral  and  air  content  is 
brought  to  a  temperature  in  excess  of  120°F,  it  is  found  that  tube  action 
becomes  excessive,  and  for  this  reason  an  outlet  water  temperature  above 
120°F  should  be  avoided. 

Cooling  water  is  rarely  abundant  or  without  cost.  One  of  the  serious 
problems  facing  the  chemical  and  power  industries  today  results  from 
the  gradual  deficiency  of  surface  and  subsurface  water  in  areas  of  indus¬ 
trial  concentration.  This  can  be  martially  overcome  through  the  use  of 
cooling  towers  (Chap.  17),  which  reuse  the  cooling  water  and  reduce  the 
requirement  to  only  2  per  cent  of  the  amount  of  water  required  in  once- 
through  use.  River  water  may  provide  part  of  the  solution  to  a  deficiency 
of  ground  water,  but  it  is  costly  and  presupposes  the  proximity  of  a  river. 
River  water  must  usually  be  strained  by  moving  screens  and  pumped 
considerable  distances,  and  in  some  localities  the  water  from  rivers  servic¬ 
ing  congested  industrial  areas  requires  cooling  in  cooling  towers  before  it 

can  be  used.  .  .  -  , ». 

Many  sizable  municipalities  have  legislated  against  the  use  of  pub  1 

water  supplies  for  large  cooling  purposes  other  than  for  make-up  in 
cooling  towers  or  spray-pond  systems.  Where  available,  municipal  water 
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may  average  about  1  cent  per  1000  gal.,  although  it  has  the  advantage  of 
being  generally  available  at  from  30  to  60  psi  pressure  which  is  adequate 
for  most  process  needs  including  the  pressure  drops  in  heat  exchangers. 
Where  a  cooling  tower  is  used,  the  cost  of  the  water  is  determined  by  the 
cost  of  fresh  water,  pumping  power,  fan  power,  and  write-off  on  the 
original  investment. 

The  shell-side  heat-transfer  curve  (Fig.  28)  correlates  very  well  for  the 
flow  of  water  across  tube  bundles.  The  high  thermal  conductivity  of 
water  results  in  relatively  high  film  coefficients  compared  wdth  organic 
fluids.  The  use  of  the  tube-side  curve  (Fig.  24),  however,  gives  coeffi¬ 
cients  which  are  generally  high.  In  its  place  the  data  of  Eagle  and 
Ferguson1  for  water  alone  are  given  in  Fig.  25  and  are  recommended  when¬ 
ever  water  flows  in  tubes.  Since  this  graph  deals  only  with  water,  it  has 
been  possible  to  plot  film  coefficients  vs.  velocity  in  feet  per  second  with 
temperature  as  the  parameter.  The  data  have  been  plotted  with  the 

in.,  16  BWG  tube  as  the  base,  and  the  correction  factor  obtained  from 
the  insert  in  Fig.  25  should  be  applied  when  any  other  inside  diameter  is 
used. 


In  a  water-to-water  exchanger  with  individual  film  coefficients  ranging 
from  500  to  1500  for  both  the  shell  and  tube,  the  selection  of  the  required 
dirt  factor  merits  serious  judgment.  As  an  example,  if  film  coefficients 
of  1000  are  obtained  on  the  shell  and  tube  sides,  the  combined  resistance  is 
0.002,  or  Uc  =  500.  If  a  fouling  factor  of  0.004  is  required,  the  fouling 
factor  becomes  the  controlling  resistance.  When  the  fouling  factor  is 
0.004,  UD  must  be  less  than  1/0.004  or  250.  Whenever  high  coefficients 
exist  on  both  sides  of  the  exchanger,  the  use  of  an  unnecessarily  large 
fouling  factor  should  be  avoided. 

The  following  heat-recovery  problem  occurs  in  powerhouses.  Although 
neX  Twin  ganger,  the  heat  recovery  is  equivalent  to 

court  of  “  eat  ’  rePresents  a  sizable  economy  in  the 


lb/tT'Td*  nf ' »  Ca‘culation  of  a  Distilled- water-Raw-water  Exchanger  175  000 

/  of  distilled  water  enters  an  exchanger  at  93°F  and  leaves  at  85°F  Tim  h  * 
will  be  transferred  to  2RO  non  the  heat 

leaving  the  exchanger  at  80°F  A  10  ^  CTmg  fr°m  SUpply  at  75°F  and 

streams  while  providing  a  fouline  factor  be  exPended  on  both 

raw  water  wheP„  the  exc^l  IT  *"  ““  ^  0  0015 

w  harg  160  *  -  <®,  »  bwG 

for  two  passes,  and  baffles  are  spaced' *12  in.Tpart  “  Th®  blmdle  iS  arran^d 

"  ill  the  exchanger  be  suitable? 


1  Eagle,  A.,  and  R.  M.  Ferguson,  Pro.  Roy.  Soc.,  A127,  540- 


566  (1930). 
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Solution: 


Exchanger: 


Shell  side 

ID  =  1534  hi- 
Baffle  space  =  12  in. 
Passes  =  1 


Tube  side 


Number  and  length  =  160,  16'0" 

OD,  BW  \  pitch  =  %  in>>  18  BWG,  1Mb  in.  tri. 
Passes  =  2 


(1)  Heat  balance: 

Distilled  water,  Q  =  175,000  X  1(93  -  85)  =  1,400,000  Btu/hr 
Raw  water,  Q  =  280,000  X  1(80  -  75)  =  1,400,000  Btu/hr 

(2)  At: 


Hot  Fluid  Cold  Fluid  Diff. 


93 

Higher  Temp 

80 

13 

85 

Lower  Temp 

75 

10 

8 

Differences 

5 

3 

(5.14) 


S  = 


93  -  75 


=  0.278 


=  10.75°F 


(Fig.  18) 
(7.42) 


Ta  and  ta  of  89  and  77.5°F  will  be  satisfactory  for  the 
Try  hot  fluid  in  shell  as  a  trial,  since  it  is 


LMTD  =  11.4°F 

R  =  f-1.6 

5 

Ft  =  0.945 
At  =  0.945  X  11.4 

(3)  Te  and  tc: 

The  average  temperatures 
short  ranges  and  <t>,  and  <f>t  taken  as  1.0. 
the  smaller  of  the  two. 

Hot  fluid:  shell  side,  distilled  water 
(4')  a.  =  ID  X  C'B/UAPt  [Eq.  (7.1)] 
=  15.25  X  0.1875  X  12/ 

144  X  0.9375  =  0.254  ft2 

(5')  G .  =  W/a.  [Eq-  (7-2)l 

=  175,000/0.254 

=  690,000  lb /(hr)  (ft2) 


(6')  At  Ta  =  89°F,  M  =  0.81  X  2.42 

=  1.96  lb/(ft)(hr) 

[Fig.  14] 

D,  =  0.55/12  =  0.0458  ft  [Fig.  28] 

Re,  =  D/jt/n  [E2  om3) 

=  0.0458  X  690,000/1.96  =  16,200 

(7')  jH  =  73  [FiB-  28^ 

(8')  At  Ta  =  89°F,  c  =  10  Btu/(lb)(°F) 
k  =>  0.36  Btu/(hr)(ft*)(°F/ft)  [Table  4] 
(CM/jfc)H  =  (1.0  X  1.96/0.36)^  =  1.76 


Cold  fluid:  tube  side,  raw  water 

(4)  at  =  0.334  in.2  [Table  10] 

at  =  Ntat/Uin  [Eq.  (7.48)] 

=  160  X  0.334/144  X  2  =  0.186  ft2 

(5)  Gt  =  w/at 

=  280,000/0.186 

=  1,505,000  lb/ (hr) (ft2) 

Vel,  V  =  Gt/3600p 

=  1  505,000/3600  X  62.5  =  6.70  fps 

(6)  At  ta  =  77.5°F,  M  =  0.92  X  2.42 

=  2.23  lb /(ft)  (hr) 
[Fig.  14] 

D  =  0.65/12  =  0.054  ft  (Re,  is  for  pres¬ 
sure  drop  only)  [Table  10] 

Re t  —  DGt/p 

=  0.054  X  1,505,000/2.23  *  36,400 
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Hot  fluid:  shell  side,  distilled  water 
(9')  h*  =Jnfr(jY  X  1  [Eq.  (6.156)] 

=  73  X  0.36  X  1.76/0.0458  =  1010 
(10')  (11')  (12')  The  small  difference 

in  the  average  temperatures  eliminates 
the  need  for  a  tube-wall  correction,  and 
'<*>.  =  1. 

(13)  Clean  overall  coefficient  Uc : 

U°  =  sfrY.  -  1155  +  mo  “  537  Btu/(hr)(ft=)(»F)  (6.38) 

When  both  film  coefficients  are  high  the  thermal  resistance  of  the  tube  metal  is  not 
necessarily  insignificant  as  assumed  in  the  derivation  of  Eq.  (6.38).  For  a  steel 
18  BWG  tube  Rm  =  0.00017  and  for  copper  Rm  =  0.000017. 

(14)  Design  overall  coefficient  U d: 

External  surface/ft,  a"  =  0.1963  ft2/ft 
A  =  160  X  16'0"  X  0.1963  =  502  ft2 

77 „  Q  1,400,000  n^A 

D  A  At  ~  502  x  10.75  “  259  (5-3) 

(16)  Dirt  factor  Rd : 

D  _  Uc  -  UD  537  -  259 

U  ~  Uc~X  UD  =  537  x  259  =  0  0020(hr)(ft2)(°F)/Btu  (6.13) 


Cold  fluid:  tube  side,  raw  water 

(9)  hi  =  1350  X  0.99  =  1335  [Fig.  25] 
hio  =  hi  X  ID/OD  =  1335  X  0.65/0.75 

=  1155  [Eq.  (6.5)] 


Summary 


1010 

h  outside 

1155 

Uc 

537 

UD 

259 

Rd  Calculated  0 . 0020 

Rd  Required  0 . 0020 

d')  ForRe *  =  16,200,/  =  0.0019  ft2/in.2 

[Fig.  29] 

(2')  No.  of  crosses,  N  +  1  a  12L/B 

[Eq.  (7.43)] 
=  12  X  1^2 

D,  =  15.25/12  =  1.27  ft 


(1)  For  Ret  =  36,400 ,/  =  0.00019  ft2/ii 

[Fig-  5 

(2)  AP.  -  ftfLn 

5.22  X  10l0Ds<f>t  ^Eq‘  ^7'4J 
=  0-00019  X  1.505.00Q2  X  16  X  2 

5.22  x  io10  x~ao54  x  i.o  xTo 

=  4.9  r 
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Pressure  Drop 


(3')  AP. 


fG]D.(N  +  1) 
5.22  X  10 '0D'S<t>t 


[Eq.  (7.44)] 


0.0019  X  690,000s  X  1.27  X  16 
5.22  X  1010  X  0.0458  X  1.0  X  1.0 


=  7.7  psi 


Allowable  A P3  =  10.0  psi 


(3)  A Pr:  Gt  =  1,505,000,  Fs/2 g'  =  0.33 

[Fig.  27] 

A PT  =  (4n/s)(F*/2^)  [Eq.  (7.46)] 

=  X  0.33  =  2.o  psi 

(4)  APr  =  +  PT  [Eq.  (7.47)] 

=  4.9  +  2.6  =  7.5  psi 

Allowable  A Pt  =  10.0  psi 


It.  is  seen  that  the  overall  coefficient  for  this  problem  is  five  times  that  of  the  oil-to-oil 
exchange  of  Example  7.3,  the  principal  difference  being  due  to  the  excellent  thermal 
properties  of  water.  The  exchanger  is  satisfactory  for  the  service. 


Optimum  Outlet-water  Temperature.  In  using  water  as  the  cooling 
medium  for  a  given  duty  it  is  possible  to  circulate  a  large  quantity  with  a 
small  temperature  range  or  a  small  quantity  with  a  large  temperature 
range.  The  temperature  range  of  the  water  naturally  affects  the  LMTD. 
If  a  large  quantity  is  used,  U  will  be  farther  from  T i  and  less  surface  is 
required  as  a  result  of  the  larger  LMTD.  Although  this  will  reduce  the 
original  investment  and  fixed  charges,  since  depreciation  and  maintenance 
will  also  be  smaller,  the  operating  cost  will  be  increased  owing  to  the 
greater  quantity  of  water.  It  is  apparent  that  there  must  be  an  optimum 
between  the  two  conditions:  much  water  and  small  surface  or  little  water 
and  large  surface. 

In  the  following  it  is  assumed  that  the  line  pressure  on  the  water  is 
sufficient  to  overcome  the  pressure  drop  in  the  exchanger  and  that  the 
cost  of  the  water  is  related  only  to  the  amount  used.  It  is  also  assumed 
that  the  cooler  operates  in  true  counterflow  so  that  At  =  LMTD.  If  the 
approach  is  small  or  there  is  a  temperature  cross,  the  derivation  below 
requires  an  estimate  of  Ft  by  which  the  LMTD  is  multiplied. 

The  total  annual  cost  of  the  ex<  hanger  to  the  plant  will  be  the  sum  of 
the  annual  cost  of  water  and  the  fixed  charges,  which  include  maintenance 

and  depreciation. 

If  CT  is  the  total  annual  cost. 


Cr  =  (water  cost/lb) (lb/hr) (annual  hr) 

(annual  fixed  charges/ft2)  (ft2) 
Q  =  wc(k  -  «.)  =  IM(LMTD)  (7.49) 

Substituting  the  heat-balance  terms  in  Eq.  (7.49),  where  w  =  Q/[c(U  -  <i)l 
and  the  surface  A  =  Q/ O' (LMTD) 


Cr  = 


QOCw 


+ 


CrQ 


c(U  -  U)  T  (LMTD) 


1-2  PARALLEL-COUNTERFLOW 


159 


where  6  =  annual  operating  hours 
Cw  =  water  cost/lb 
CF  =  annual  fixed  charges/ft2 
Assuming  U  is  constant 


LMTD  = 


A U  -  A<i 
In  AU/Mi 


Keeping  all  factors  constant  except  the  water-outlet  temperature  and 
consequently  A U, 


CT 


QBCW 

c{t2  -  h) 


+ 


CfQ 

u 

I 

>-» 

1 

to 

1 

> 

►-» 

1 

In  (T i  —  t<i)/ Ati_ 

(7.50) 


The  optimum  condition  will  occur  when  the  total  annual  cost  is  a  mini¬ 
mum,  thus  when  dCT/dt2  =  0. 

Differentiating  and  equating  the  respective  parts, 


Jj  dC w  /  T i  —  ti  —  AiA 
C fC  \  tz  —  t\  ) 

Equation  (7.51)  has  been 
7.24. 


ln  [*  (7’1  —  U)/Ah_  (7'51) 

plotted  by  Colburn  and  is  reproduced  in  Fig. 


Example  7.5.  Calculation  of  the  Optimum  Outlet-water  Temperature.  A  viscous 
fluid  is  cooled  from  175  to  150°F  with  water  available  at  85°F.  What  is  the  optimum- 
outlet  water  temperature? 

175  —  x  —  A <2 
150  -  85  =  At  i  =  65 


JumtV51-4! se  TT  1°  !fume  a  ?lue  of  U-  «“  i®  viscous, 

assume  U  -  15.  To  evaluate  the  group  UdCw/Cpc: 

0  =  8000  operating  hours  annually 

computed  at  $0.01/1000  gal.  =  0.01/8300,  dollars/lb 

For  annual  charges  assume  20  per  cent  repair  and  maintenance  and  10  per  cent 

deprecatron.  At  a  umt  cost  of  $4  per  square  foot  the  annual  fixed  charge  is 

$4  X  0.30  =  $1.20 

The  specific  heat  of  water  is  taken  as  1.0. 


UoCw  __  15  X  8000  /  0.01\ 

Cfc  1.20  x  1.0  V83bbJ  =  01205 
Ti  --  Tt  _  175  -  150 

Aii  150  -  85  “  0,39 


From  Figure  7.24, 
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When  the  value  of  U  is  high  or  there  is  a  large  hot-fluid  range,  the 
optimum  outlet-water  temperature  may  be  considerably  above  the  upper 
limit  of  120°F.  This  is  not  completely  correct,  since  the  maintenance 
cost  will  probably  rise  considerably  above  20  per  cent  of  the  initial  cost 
when  the  temperature  rises  abovs  120°F.  Usually  information  is  not 
available  on  the  increase  in  maintenance  cost  with  increased  water-outlet 


temperature,  since  such  data  entail  not  only  destructive  tests  but  records 
kept  over  a  long  period  of  time. 

Solution  Exchangers.  One  of  the  commonest  classes  of  exchangers 
embraces  the  cooling  or  heating  of  solutions  for  which  there  is  a  paucity 
of  physical  data.  This  is  understandable,  since  property  vs.  temperature 
plots  are  required  not  only  for  each  combination  of  solute  and  solvent 
but  for  different  concentrations  as  well.  Some  of  the  data  aval 
the  literature  and  other  studies  permit  the  formulation  of  rules  for  esti¬ 
mating  the  heat-transfer  properties  of  solutions  when  the  rules  are  used 
with  considerable  caution.  They  are  given  as  follows: 
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Thermal  conductivity: 

Solutions  of  organic  liquids:  use  the  weighted  conductivity. 

Solutions  of  organic  liquids  and  water:  use  0.9  times  the  weighted 

conductivity. 

Solutions  of  salts  and  water  circulated  through  the  shell:  use  0.9  times 
the  conductivity  of  water  up  to  concentrations  of  30  per  cent. 

Solutions  of  salts  and  water  circulating  through  the  tubes  and  not 
exceeding  30  per  cent:  use  Fig.  24  with  a  conductivity  of  0.8  that  of 
water. 

Colloidal  dispersions:  use  0.9  times  the  conductivity  of  the  dispersion 
liquid. 

Emulsions:  use  0.9  times  the  conductivity  of  the  liquid  surrounding 
the  droplets. 

Specific  heat: 

Organic  solutions:  use  the  weighted  specific  heat. 

Organic  solutions  in  water:  use  the  weighted  specific  heat. 

Fusable  salts  in  water:  use  the  weighted  specific  heat  where  the  specific 
heat  of  the  salt  is  for  the  crystalline  state. 

Viscosity: 

Organic  liquids  in  organics:  use  the  reciprocal  of  the  sum  of  the  terms, 
(weight  fraction/viscosity)  for  each  component. 

Organic  liquids  in  water:  use  the  reciprocal  of  the  sum  of  the  terms, 
(weight  fraction/viscosity)  for  each  component. 

Salts  in  water  where  the  concentration  does  not  exceed  30  per  cent  and 
where  it  is  known  that  a  sirup-type  of  solution  does  not  result:  use 
a  viscosity  twice  that  of  water.  A  solution  of  sodium  hydroxide  in 
water  under  even  very  low  concentrations  should  be  considered 
sirupy  and  can  not  be  estimated. 


Wherever  laboratory  tests  are  available  or  data  can  be  obtained,  they 
will  be  preferable  to  any  of  the  foregoing  rules.  The  following  demon¬ 
strates  the  solution  of  a  problem  involving  an  aqueous  solution : 


rr  pXnmp  f  J'6’  Calculation  of  a  Phosphate  Solution  Cooler.  20,160  lb /hr  of  a  30% 
K,PO<  solution,  specific  gravity  at  120°F  =  1.30,  is  to  be  cooled  from  150  to  90°F 
using  well  water  from  68  to  90°F.  Pressure  drops  of  10  psi  are  allowable  on  both 
streams,  and  a  total  dirt  factor  of  0.002  is  required 

16  WG^hlr, a  10'02-in-  ID  1-2  having  52  H  in.  OD. 

twnnlf  0  u  °“g  kld  0ut  on  1"ln-  s4uare  pitch.  The  bundle  is  arranged  for 

two  passes,  and  the  baffles  are  spaced  2  in.  apart. 

Will  the  exchanger  be  suitable? 
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Solution: 
Exchanger : 


Shell  side 
ID  =  10.02  in. 
Baffle  space  =  2  in. 
Passes  =  1 


Tube  side 

Number  and  length  =  52,  16'0" 

OD,  BWG,  pitch  =  %  in.,  16  BWG,  1  in.  square 
Passes  =  2 


(1)  Heat  balance: 

Specific  heat  of  phosphate  solution  =  0.3  X  0.19  +0.7X1  “  0.757 -Btu/(lb)(°F) 
30%  K*P04  solution,  Q  =  20,160  X  0.757(150  -  90)  =  915,000  Btu/hr 
Water,  Q  =  41,600  X  1.0(90  -  68)  =  915,000  Btu/hr 

(2)  M: 


Hot  Fluid  Cold  Fluid  Diff. 


150 

Higher  Temp 

90 

60 

90 

Lower  Temp 

68 

22 

60 

Differences 

22 

38 

LMTD  =  37.9°F  (5.14) 

*  -  i  - 2  73  s  -  Tsrh*  =  °-268 


Ft  —  0.81 

At  =  0.81  X  37.9  =  30.7°F 
(3)  Tc  and  tc :  The  average  temperatures  T , 

Hot  fluid:  shell  side,  -phosphate  solution 
(4')  a,  =  ID  X  C'B /144Pt  [Eq.  (7.1)] 

=  10.02  X  0.25  X  2/144  X  1 

=  0.0347  ft* 

(5')  G,  =*  w/a , 

=  20,160/0.0347 

=  578,000  lb/ (hr)  (ft*) 


(6')  At  Ta  =  120°F, 
n  =  2 Heritor  =  1.20  X  2.42 

-  2.90  lb/(ft)(hr)  [Fig.  14j 

D.  =  0.95/12  =  0.079  ft  [Fig.  28] 

Ret  =  DjG./p.  [Eq.  (7.3)] 

=  0.079  X  578,000/2.90  =  15,750 
(7')  jH  -  71  [Fig-  28] 


(8')  At  Ta  =  120°F,  k  =  0.9Av*tr 
=  0.9  X  0.37 

=  0.33  Btu/ (hr)  (ft*)  (°F /ft) 
(cu/k)H  =  (0.757  X  2.90/0.33)*  =  1.88 

(9')  h0  =  j h  1  [^9-  (6.156)1 

=  71  X  0.33  X  1.88/0.079 

=  558  Btu / (hr)  (ft*)  (°F) 

(10')  (110  (12')  and  <h  -  1 


(Fig.  18) 
(7.42) 

and  ta  of  120  and  79°F  will  be  satisfactory. 

Cold  fluid:  tube  side,  water 
(4)  a't  =  0.302  in.*  [Table  10] 

at  —  Nta't/I4:4n 

=  52  X  0.302/144  X  2  =  0.0545  ft* 

(6)  Gt  —  w/at 

=  41,600/0.0545 

=  762,000  lb /(hr)  (ft*) 
V  =  Gt/SQ00p  =  762,000/3600  X  62.5 

=  3.40  fps 

(6)  At  ta  =  79°F,  n  *  0.91  X  2.42 
-  2.20  lb/(ft)(hr)  [Table  14] 

D  =  0.62/12  =  0.0517  ft  [Table  10] 
(Ret  is  for  pressure  drop  only) 

Ret  =  DGt/u 

=  0.0517  X  762,000/2.20  =  17,900 


(9)  hi  “  800  X  1.0  -  800  [Fig.  25] 
hi,  -  hi  X  ID/OD  -  800  X  0.62/0.75 
.  662  Btu/(hr)(ft*)(°F)  [Eq.  (6.5)] 
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(13)  Clean  overall  coefficient  Uc‘ 

Vc  =  fczfrfc  =  662  +  m  =  303  Btu/(hr)(ft»)CF)  (6-38) 

(14)  Design  overall  coefficient  U d: 

External  surface/ft,  a"  =  0.1963  ft  (Table  10) 

A  =  52  X  16'0"  X  0.1963  =  163  ft2 

= 183  *»/<*><*»•)(•*) 

(16)  Dirt  factor  Rd'. 

R‘  “  “  fell  “  000216  (br)(ff)(“F)/Btu  (6.13) 


Summary 


558 

h  outside 

662 

Uc 

303 

UD 

183 

Rd  Calculated  0.00216 

Rd  Required  0 . 0020 

ricwuiC  JL^rop 


(1')  For  Re,  =  15,750,/  =  0.0019  ft2/in.2 

[Fig.  29] 

(2')  No.  of  crosses,  N  +  1  =  12L/B 

[Eq.  (7.43)] 
=  12  X  l% 

=  96 

D.  =  10.02/12  =  0.833  ft 

(9  r\  Ap  _  f(*]D*(N  +  1) 

5.22  X  lO^DeS^,  Eq”  (7-44)l 

=  0.0019  X  578, 0002  X  0.833  X  96 

5.22  X  1010  X  0079  X  1.30~xTb 

.  „  ,  ,  ^  =9.5  psi 

Allowable  AP,  =  10.0  psi 


(1)  For  Ret  =  17,900,/  =  0.00023  ft2/in. 2 

[Fig.  26] 

fo\  a  p  fG\Ln 

5.22  X  1010Ds<£t  [Eq‘  (7,45)J 
=  0-00023  X  762, OOP2  X  16  X  2 

5.22  X  1010  X  0.0517  X  1.0  X  1.0 

V2  =  1&  psi 

(3)  Gt  =  762,000,  — ,  =  0.08  [Fig.  27] 

APr=l*Z? 

s  2 g' 


[Eq.  (7.46)] 


4X2 

1 


X  0.08  =  0.7  psi 


APt  =  AP,  -f  APr 
-  1.6  +  0.7  -  2.3  psi 
Allowable  A PT  =  10.0  psi 


[Eq.  (7.47)] 


The  exchanger  is  satisfactory  for  the  service 
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heating  medium.  Steam  as  a  heating  medium  introduces  several  diffi¬ 
culties  :  (1)  Hot  steam  condensate  is  fairly  corrosive,  and  care  must  be 
exercised  to  prevent  condensate  from  accumulating  within  an  exchanger 
where  continuous  contact  with  metal  will  cause  damage.  (2)  The 
condensate  line  must  be  connected  with  discretion.  Suppose  exhaust 
steam  at  5  psig  and  228°F  is  used  tc  heat  a  cold  fluid  entering  at  a  temper¬ 
ature  of  100°F.  The  tube  wall  will  be  at  a  temperature  between  the  two 
but  nearer  that  of  the  steam,  say  180°F,  which  corresponds  to  a  sat¬ 
uration  pressure  of  only  7.5  psia  for  the  condensate  at  the  tube  wall. 
Although  the  steam  entered  at  5  psig,  the  pressure  on  the  steam  side  may 
drop  locally  to  a  pressure  below  that  of  the  atmosphere,  so  that  the 
condensate  will  not  run  out  of  the  heater.  Instead  it  will  remain  and 
build  up  in  the  exchanger  until  it  blocks  off  all  the  surface  available  for 
heat  transfer.  Without  surface,  the  steam  will  not  continue  to  condense 
and  will  retain  its  inlet  pressure  long  enough  to  blow  out  some  or  all  of 
the  accumulated  condensate  so  as  to  reexpose  surface,  depending  upon 
the  design.  The  heating  operation  will  become  cyclical  and  to  over¬ 
come  this  difficulty  and  attain  uniform  flow,  it  may  be  necessary  to  em¬ 
ploy  a  trap  or  suction  for  which  piping  arrangements  will  be  discussed  in 
Chap.  21. 

The  heat-transfer  coefficients  associated  with  the  condensation  of  steam 
are  very  high  compared  with  any  which  have  been  studied  so  far.  It  is 
customary  to  adopt  a  conventional  and  conservative  value  for  the  film 
coefficient,  since  it  is  never  the  controlling  film,  rather  than  obtain  one 
by  calculation.  In  this  book  in  all  heating  services  employing  relatively 
air-free  steam  a  value  of  1500  Btu/(hr)(ft2)(°F)  will  be  used  for  the 
condensation  of  steam  without  regard  to  its  location.  Thus  hi  =  K  = 

hio  =  1500.  r  u 

It  is  advantageous  in  heating  to  connect  the  steam  to  the  tubes  of  the 

heater  rather  than  the  shell.  In  this  way,  since  the  condensate  may  be 
corrosive  the  action  can  be  confi  ed  to  the  tube  side  alone,  whereas  if 
the  steam  is  introduced  into  the  shell,  both  may  be  damaged.  When 
steam  flows  through  the  tubes  of  a  1-2  exchanger,  there  is  no  need  for 
more  than  two  tube  passes.  Since  steam  is  an  isothermally  condensing 
fluid  the  true  temperature  difference  A t  and  the  LMTD  are  identical. 

When  using  superheated  steam  as  a  heating  medium,  except  in  desuper¬ 
heaters,  it  is  customary  to  disregard  the  temperature  range  of  desuperheat¬ 
ing  and  consider  all  the  heat  to  be  delivered  at  the  saturation  temperatu 
corresponding  to  the  operating  pressure.  A  more  intensive  analysis  o 
the  condensation  of  steam  will  be  undertaken  in  the  chapters  dea  mg 
with  condensation. 
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Pressure  Drop  for  Steam.  When  steam  is  employed  in  two  passes  on 
the  tube  side,  the  allowable  pressure  drop  should  be  very  small,  less  than 
1.0  psi,  particularly  if  there  is  a  gravity  return  of  condensate  to  the 
boiler.  In  a  gravity-return  system,  condensate  flows  back  to  the  boiler 
because  of  the  difference  in  static  head  between  a  vertical  column  of  steam 
and  a  vertical  column  of  condensate.  The  pressure  drop  including 
entrance  and  end  losses  through  an  exchanger  can  be  calculated  by  taking 
one-half  of  the  pressure  drop  for  steam  as  calculated  in  the  usual  manner 
by  Eq.  (7.45)  for  the  inlet  vapor  conditions.  The  mass  velocity  is  calcu¬ 
lated  from  the  inlet  steam  rate  and  the  flow  area  of  the  first  pass  (which 
need  not  be  equal  to  that  of  the  second  pass).  The  Reynolds  number  is 
based  on  the  mass  velocity  and  the  viscosity  of  steam  as  found  in  Fig.  15. 
The  specific  gravity  used  with  Eq.  (7.45)  is  the  density  of  the  steam 
obtained  from  Table  7  for  the  inlet  pressure  divided  by  the  density  of 
water  taken  as  62.5  lb/ft3. 

Quite  apparently  this  calculation  is  an  approximation.  It  is  conserva¬ 
tive  inasmuch  as  the  pressure  drop  per  foot  of  length  decreases  succes¬ 
sively  with  the  square  of  the  mass  velocity  while  the  approximation 
assumes  a  value  more  nearly  the  mean  of  the  inlet  and  outlet. 

The  Optimum  Use  of  Exhaust  and  Process  Steam.  Some  plants 
obtain  power  from  noncondensing  turbines  or  engines.  In  such  places 
there  may  be  an  abundance  of  exhaust  steam  at  low  pressures  from  5  to 
25  psig  which  is  considered  a  by-product  of  the  power  cycles  in  the  plant. 
While  there  are  arbitrary  aspects  to  the  method  of  estimating  the  cost  of 
exhaust  steam,  it  will  be  anywhere  from  one-quarter  to  one-eighth  of  the 
cost  of  process  or  live  steam.  Although  it  possesses  a  high  latent  heat, 
exhaust  steam  is  of  limited  process  value,  since  the  saturation  temperature 
is  usually  about  215  to  230°F.  If  a  liquid  is  to  be  heated  to  250  or  275°F 
it  is  necessary  to  use  process  steam  at  100  to  200  psi  developed  at  the 
powerhouse  specially  for  process  purposes. 

When  a  fluid  is  to  be  heated  to  a  temperature  close  to  or  above  that 
of  exhaust  steam,  all  the  heating  can  be  done  in  a  single  shell  using  onlv 
process  steam  As  an  alternative  the  heat  load  can  be  divided  into  two 
shells,  one  utilizing  as  much  exhaust  steam  as  possible  and  the  other 
using  as  little  process  steam  as  possible.  This  leads  to  an  optimum-  If 
the  outlet  temperature  of  the  cold  fluid  in  the  first  exchanger  is  made  to 
approach  the  exhaust  steam  temperature  too  closely,  a  small  A t  and  large 
find  heater  will  result.  On  the  other  hand,  if  the  approach  is  not  close 
the  operating  cost  o  the  higher  process  steam  requirement  in  the  second 
eater  increases  so  that  the  initial  cost  of  two  shells  may  not  be  justified 

In  the  following  analysis  it  is  assumed  that  the  pressure  drop,  pumping 
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cost,  and  overall  coefficient  are  identical  in  a  single  and  double  heater 
arrangement.  It  is  assumed  also  that  the  fixed  charges  per  square  foot 
of  surface  is  constant,  although  this  too  is  not  strictly  true.  The  cost 
equation  is  taken  as  the  sum  of  steam  and  fixed  charges  and  because 
steam  condenses  isothermally,  At  =  LMTD. 


where 


Ct  —  wc(t  t\)0C e  ~1~  A\Of  ~b  wc{t,2  —  t)0CP  -f~  A%Cf 

Cr  —  total  annual  cost,  dollars 
CF  =  annual  fixed  charges,  dollars/ft2 
Ce  =  cost  of  exhaust  steam,  dollars/Btu 
Cp  =  cost  of  process  steam,  dollars/Btu 
Te  =  temperature  of  exhaust  steam,  °F 
Tp  =  temperature  of  process  steam,  °F 
t  =  intermediate  temperature  between  shells 
6  =  total  annual  operating  hours 


(7.52) 


A 


i  — 


Q 1  _  WC  .  Te  —  t\ 

UAh  "  77  Te  ~  t 


and 


A  _  Q-i  _ wc  ^  TP  —  t 

~  U  Ah  ~  U  Tp  -  U 


Substituting,  differentiating  Eq.  (7.52)  with  respect  to  t,  and  setting  equal 
to  zero 


(Tp  -  t)(TE 


_  Cf(Tp  -  Te) 
’  ~  (Cp  -  Ce)  Ud 


(7.53) 


Example  7.7.  The  Optimum  Use  of  Exhaust  and  Process  Steam.  Exhaust  steam 
at  5  psi  (=0=  228°F)  and  process  steam  at  85  psi  (o  328°F)  are  available  to  heat  a 
liquid  from  150  to  250°F.  Exhaust  steam  is  available  at  5  cents  per  per  1000  lb,  and 
process  steam  at  30  cents  per  1000  lb.  From  experience  an  overall  rate  of  50  Btu/ 
(hr)  (ft2)  (°F)  may  be  expected.  The  assumption  may  be  checked  later.  Use  annual 
fixed  charges  of  $1.20  per  square  foot,  8000  annual  hours,  latent  heats  of  960.1  Btu/lb 
for  exhaust,  and  888.8  Btu/lb  for  process  steam. 


Solution: 

1.20(328  -  228) _ .  (7  53) 

(328  —  0(228  —  t)  =  (o  3o/iobb  X  888.8  —  0.05/1000  X  960)50  X  8000 

t  =  218°F 

1-2  Exchangers  without  Baffles.  Not  all  1-2  exchangers  have  25  per 
cent  cut  segmental  baffles.  When  it  is  desired  that  a  fluid  pass  through 
the  shell  with  an  extremely  small  pressure  drop,  it  is  possible  to  depart 
from  the  use  of  segmental  baffles  and  use  only  support  plates.  These 
will  usually  be  half-circle,  50  per  cent  cut  plates  which  provide  rigidity 
and  prevent  the  tubes  from  sagging.  Successive  support  plates  overlap 
at  the  shell  diameter  so  that  the  entire  bundle  can  be  supported  by  two 
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half  circles  which  support  one  or  two  rows  of  tubes  in  common.  These 
may  be  spaced  farther  apart  than  the  outside  diameter  of  the  shell,  but 
when  they  are  employed,  the  shell  fluid  is  considered  to  flow  along  the 
axis  instead  of  across  the  tubes.  When  the  shell  fluid  flows  along  the 
tubes  or  the  baffles  are  cut  more  than  25  per  cent,  Fig.  28  no  longer 
applies.  The  flow  is  then  analogous  to  the  annulus  of  a  double  pipe 
exchanger  and  can  be  treated  in  a  similar  manner,  using  an  equivalent 
diameter  based  on  the  distribution  of  flow  area  and  the  wetted  perimeter 
for  the  entire  shell.  The  calculation  of  the  shell-side  pressure  drop  will 
also  be  similar  to  that  for  an  annulus. 

Example  7.8.  Calculation  of  a  Sugar-solution  Heater  without  Baffles.  200,000 

Ib/hr  of  a  20  per  cent  sugar  solution  (s  =  1.08)  is  to  be  heated  from  100  to  122°F 
using  eteam  at  5  psi  pressure. 

Available  for  this  service  is  a  12  in.  ID  1-2  exchanger  without  baffles  having  76  %  in. 
OD,  16  BWG  tubes  16'0"  long  laid  out  on  a  1-in.  square  pitch.  The  bundle  is  arranged 
for  two  passes. 

Can  the  exchanger  provide  a  0.003  dirt  factor  without  exceeding  a  10.0  psi  solution 
pressure  drop? 


Solution: 

Exchanger : 

Shell  side  Tube  side 

ID  =  12  in.  Number  and  length  =  76,  16'0" 

Baffle  space  -  half  circles  OD,  BWG,  pitch  =  H  in.,  16  BWG,  1  in.  square 
Passes  =  1  passcs  _  2 

(I)  Heat  balance: 

Specific  heat  of  20  per  cent  sugar  at  111°F  =  0.2  X  0.30  +  0.8  X  1 

Sugar  solution,  Q  =  200,000  X  0.86(122  -  100)  =  3,79O,0OO_BwLBtU/0b)<°F) 

(J)  ®  ”  3950  X  960  1  -  Btu/hr  (Table  7) 

Hot  Fluid  Cold  Fluid  Diff. 


228 

Higher  Temp 

Vyi22 

106 

228 

Lower  Temp 

v'>  100 

128 

0 

Differences 

22 

22 

When  R  =  0,  At  =  LMTD  =  116.5°F. 

(3)  Te  and  te :  The  steam  coefficient  will  h*.  vnr,r  .  (5.14) 

sugar  solution  and  the  tube  wall  will  be  considerably  neaT^op  f°r, the 

temperature  of  the  fluid.  Obtain  Fc  from  U  onrl  77  T,  8  F  than  the  calonc 

keep  the  ^  -^do^r.  r^r: 
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Hot  fluid:  tube  side,  steam 
(4)  at  =  0.302  in*  [Table  10] 

at  =  Nta'jUAn  [Eq.  (7.48)] 

=  76  X  0.302/144  X  2  =  0.0797  ft2 


(5)  Gt  (for  pressure  drop  only)  =  W /a 
=  3950/0.0797  =  49,500  lb/(hr)(ft2) 

(6)  At  T a  =  228°F, 

Ms  team  =  0.0128  X  2.42 

=  0.031  lb /(ft)  (hr)  [Fig.  15] 
D  =  0.62/12  =  0.0517  ft  [Table  10] 
Ret  =  DGt/n  [Eq.  (3.6)] 

=  0.0517  X  49,500/0.031  =  82,500 
Ret  is  for  pressure  drop. 


(9)  Condensation  of  steam: 


h*  =  1500  Btu/ (hr)(ft2)(°F) 
(10)  tw *: 


tu>=te  +  (To  -  to)  [Eq.  (5.31a)] 

hi0  +  h0 

1500 

=  111  + 


1500  +  278 


—  (228  -  111) 


=  210°F 


Cold  fluid:  shell  side,  sugar  solution 
(4')  a,  =  (area  of  shell)  —  (area  of  tubes) 
=»  M44(*122/4  -  76  X  tt 

X  0.752/4) 

=  0.55  ft2 

(5')  Gs  =  w/a,  [Eq.  (7.2)] 

=  200,000/0.55 

=  364,000  lb/ (hr)  (ft2) 

(6')  At  ta  =  111°F,  H  =  2/Xwater 
=  1.30  X  2.42  =  3.14  lb/ (ft)  (hr) 

[Fig.  14] 

De  =  4as/(wetted  perimeter)  [Eq.  (6.3)] 
=  4  X  0.55/(76  X  tt  X  0.75/12) 

=  0.148  ft 

Res  =  DeGJu  [Eq.  (7.3)] 

=  0.148  X  364,000/3.14  =  17,100 
(7')  From  Fig.  24  (tube-side  data) 
jh  =  61.5 
(8')  At  to  =  111°F, 
k  =  0.9  X  0.37 

=  0.333  Btu/ (hr)  (ft2)  (°F/ft) 
(cm/&)H  =  (0.86  X  3.14/0.333)^  =  2.0 

(90  h„  =  jn  (x)7  [Eq.  (6.156)] 

—  =  61.5  X  0.333  X  2.0/0.148  =  278 

<t>3 

(ll7)  At  tw  =  210°F,  Hw  —  2/Uwater 
=  0.51  X  2.42  =  1.26  lb/(ft)(hr) 

[Fig.  14] 

4,,  =  (m/mu.)0-14  =  (3. 14/1. 26) 0,14  =  1.12 
(12')  Corrected  coefficient,  h0  = 

<Pa 

[Eq.  (6.36)] 

=  278  X  1.12  =  311  Btu/ (hr)(ft2)(°F) 


(13)  Clean  overall  coefficient  Uc’. 

T  j  hioh„  _  1500  <  311 
Uc  ~  h~+ho  1500  +  311 


257  Btu/ (hr)(ft2)(°F) 


(6.38) 


(14)  Design  overall  coefficient  Ud' 


a"  =  0.1963  ft2/lin  ft 
A  =  76  X  16'0"  X  0.1963  =  238  ft2 


(Table  10) 


rj  _  Q 

Ud  ~  AM 


3,790,000  =  137  Btu/(hr)(ft2)(°F) 

238  X  116.5 


(16)  Dirt  factor  Rj- 

„  Uc  -  UD  _  257_-J/b  =  0.0034  (hr)  (ft2)  (°F) /Btu  (6.13) 
Rd  "  ~U^UV~  257  X  137 


*  Note  hio  in  the  numerator. 
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Summary 


1500 

h  outside 

311 

Uc 

257 

Ud 

137 

Rd  Calculated  0 . 0034 

Rd  Required  0 . 003 

Pressure  Drop 


(1)  Specific  vol  of  steam  from  Table  7 : 
v  =  20.0  ftyib 
1/20.0 


s  — 


62.5 


=  0.00080 


Ret  =  82,500,  /  =  0.000155  ftyin.1 2 

[Fig.  26] 

1  fG]Ln 

A Pt  =  -  X - — - - 

2  5.22  X  10 l0Ds<h 


[Eq.  (7.45)] 


1  w  0.000155  X  49,5002  X  16  X  2 

2  X  5.22  X  1010  X  0.0517 

X  0.0008  X  1.0 

—  2.8  psi 

This  is  a  relatively  high  pressure  drop  for 

steam  with  a  gravity  condensate  return. 

The  exchanger  is  satisfactory. 


(1')  De>  =  4  X  flow  area/frictional 

wetted  perimeter  [Eq.  (6.4) J 
=  4  X  0.55/(76  X  3.14  X  0.75/12 

+  3.14  X  %)  =  0.122  ft 
Re\  =  D.'G./n  [Eq.  (7.3)] 

=  0.122  X  364,000/3.14  =  14,100 
/(from  Fig.  26  for  tube  side) 

=  0.00025  ft2/in.2 * * * * 


(2') 


A P.  = 


fG]Ln 

5.22  X  1010De's<t>, 


[Eq.  (7.45)] 
=  0.00025  X  364, 0002  X  16  X  1 

5.22  X  1010  X  0.122  X  1.08 

X  1.12 

=  0.07  psi 


Heat  Recovery  in  a  1-2  Exchanger.  When  an  exchanger  is  clean,  the 
hot-fluid  outlet  temperature  is  lower  than  the  process  outlet  temperature 
and  the  cold-fluid  outlet  temperature  is  higher  than  the  process  outlet 
temperature.  For  counterflow  it  was  possible  to  obtain  the  value  of  T2 
and  <2  for  a  clean  exchanger  from  Eq.  (5.18),  starting  with 

wc(t2  -  ti)  =  UA  X  LMTD 

For  a  i-2  exchanger  the  outlet  temperatures  can  be  obtained  starting 
with  the  expression  wc{t2  -  h)  =  U AF T  X  LMTD,  where  the  LMTD  is 

E^^T^l) termS  °f  parameters  R  and  S  by  Eq.  (7.39)  and  FT  is  defined  by 

Recognizing  that  FT  can  be  eliminated  when  UA/wc  in  Eq  (7  37)  is 
plotted  against  S,  Ten  Broeck>  developed  the  graph  shown  in  Fig'.  7.25 
In  an  existing  1-2  exchanger  A  and  wc  are  known.  U  can  be  computed 
1  Ten  Broeck,  H.,  Jnd.  Eng.  Chem.,  30,  1041-1042  (1938). 
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from  the  flow  quantities  and  temperatures,  and  R  can  be  evaluated  from 
wc/WC.  This  permits  S  to  be  read  directly  from  the  graph.  Since 
S  =  (<2  -  ti)/(Tx  -  ti)  and  T\  and  U  are  known,  it  is  then  possible 
to  obtain  t2  and  from  the  heat  balance  wc(t2  -  U )  =  WC{TX  -  T2). 
The  line  designated  threshold  represents  the  initial  points  at  which  a 
temperature  cross  occurs.  Value;  on  this  line  correspond  to  T2  =  U. 


Fig.  7.25.  Ten  Broeck  chart  for  determining  ti  when  T 1  and  t\  are  known  in  a  1-2 
exchanger.  ( Industrial  &  Engineering  Chemistry.) 


Example  7.9.  Outlet  Temperatures  for  a  Clean  1-2  Exchanger.  In  Example  7.3, 
kerosene-crude  oil  exchanger,  what  will  the  outlet  temperatures  be  when  the  exchanger 
is  freshly  placed  in  service? 

Solution: 

Uc  =  69.3  A  =  662  w  =  149,000  c  =  0.49 

W  =  43,800  C  =  0.60 

UA  _  69.3  X  662  =  0  63 

wc  149,000  X  0.49 

wc  149,000  X  0.49  =  2  7g 
R  ~  WC  *  1,800  X  0.60 

From  Figure  7.25, 

s  =  =  0.265 

«,=(,+  0.265(ri  -  (i)  =  100  4-  0.265(390  -  100)  =  177°F 
T,  _  Tx  -  R(h  -  k)  =  390  -  2.78(177  -  100)  =  176”F 

The  Efficiency  of  an  Exchanger.  In  the  design  of  many  types  of 
apparatus  it  is  frequently  desirable  to  establish  a  standard  of  maximum 
performance.  The  efficiency  is  then  defined  as  the  fractional  perform¬ 
ance  of  an  apparatus  delivering  less  than  the  standard.  Dodge  gives 
the  definition  of  the  efficiency  of  an  exchanger  as  the  ratio  of  the  quantity 
1  Dodge,  B.  F.,  “Chemioal  Engineering  Thermodynamics, ”  McGraw-Hill  Boot 
Company,  Inc.,  New  York,  1944. 


1-2  PARALLEL-COUNTERFLOW 


171 


of  heat  removed  from  a  fluid  to  the  maximum  which  might  have  been 
removed.  Using  the  usual  nomenclature, 

_  wc(t2  -  h)  =  U  ~  t\_  (7.54) 

6  wc(Ti  -  h)  Ti-t i 

which  is  identical  with  the  temperature  group  S  and  presumed  that 
U  =  T i.  Depending  upon  whether  the  hot  or  cold  terminal  approaches 
zero,  the  efficiency  may  also  be  expressed  by 


WC(Ti  -  T 2) 
6  WC(TX  -  h) 


(7.55) 


Although  there  is  merit  to  this  definition  from  the  standpoint  of  thermo¬ 
dynamics  there  is  a  lack  of  realism  in  an  efficiency  definition  which 
involves  a  terminal  difference  and  a  temperature  difference  of  zero.  It 
is  the  same  as  defining  the  efficiency  as  the  ratio  of  the  heat  transferred 
by  a  real  exchanger  to  an  exchanger  with  infinite  surface. 

In  process  heat  transfer  there  is  another  definition  which  is  useful. 
The  process  temperatures  are  capable  of  providing  a  maximum  tempera¬ 
ture  difference  if  arranged  in  counterflow.  There  appears  to  be  some 
value  in  regarding  the  efficiency  of  an  exchanger  as  the  ratio  of  the 
temperature  difference  attained  by  any  other  exchanger  to  that  for  true 
counterflow.  Thi3  is  identical  with  Ft,  which  proportionately  influences 
the  surface  requirements.  It  will  be  seen  in  the  next  and  later  chapters 
that  other  flow  arrangements  besides  1-2  parallel  flow-counterflow  can 
be  attained  in  tubular  equipment  and  by  which  the  value  of  FT  may  be 
increased  for  given  process  temperatures.  These  obviously  entail  flow 
patterns  which  approach  true  counterflow  more  closely  than  the  1-2 
exchanger. 


PROBLEMS 


7.1.  A  1-2  exchanger  is  to  be  used  for  heating  50,000  lb /hr  of  methyl  ethyl  ketone 
from  100  to  200°F  using  hot  amyl  alcohol  available  at  250°F.  (a)  What  minimum 

quantity  of  amyl  alcohol  is  required  to  deliver  the  desired  heat  load  in  a  1-2  exchanger? 

(6)  If  the  amyl  alcohol  is  available  at  275°F,  how  does  this  affect  the  total  required 
quantity?  H 


7.2.  A .1-2  exchanger  has  one  shell  and  two  tube  passes.  The  passes  do  not  have 
equal  surfaces.  Instead  .Y  per  cent  of  the  tubes  are  in  the  first  pass  and  (1  -  Y1  Der 
cent  are  in  the  second,  but  if  the  tube-side  film  coefficient  is  not  controlling  the  assuml 
hon  of  constant  V  is  justifiable.  («)  Develop  an  expression  for  the  true  temperature 
difference  when  X  per  cent  of  the  tubes  are  in  the  colder  of  the  two  tube  passes  (M 
VV  hat  is  the  true  temperature  difference  when  the  hot  fluid  is  cooled  from  435  to  225°F 
by  a  non  controlling  cooling  medium  in  the  tubes  which  is  heated  from  Iffi)  to  wZ 
when  60  per  cent  of  the  tubes  are  in  the  colder  tube  pass  and  (c)  when  dOpe^c  “  o^ 

tte  tubes  are  m  the  colder  pass?  How  do  these  compare  with  the  1-2  true  temperature 
difference  with  equal  surfaces  in  each  pass?  ^ 
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7.3. 


in 


>! 


3.  A  double  pipe  exchanger  has  been  designed  for  the  nozzle  arrangement  shown 
Fig.  7.26.  If  the  hot  stream  is  cooled  from  275  to  205°F  while  the  cold  stream 
enters  at  125  F  and  is  heated  to  tz  =  190°F,  what  is  the  true  temperature  difference? 
(■ H int.  Establish  an  equation  for  the  temperature  difference  with  the  nozzle  arrange¬ 
ment  shown  and  sufficient  to  allow  a  nu¬ 
merical  trial-and-error  solution.)  How 
does  this  compare  with  the  LMTD  for 
counter  flow? 

7.4.  43,800  lb/hr  of  42°API  kerosene 
between  390  and  200°F  is  used  to  heat 
149,000  lb /hr  of  34°API  Mid-continent 
crude  from  100  to  170°F  in  a  662-ft2 
exchanger  (Example  7.3).  The  clean  co¬ 
efficient  is  69.3  Btu/(hr)(ft2)(°F).  When 
the  1-2  exchanger  is  clean,  what  outlet 


Fio.  7.26.  Illustration  for  Prob.  7.3. 


temperatures  will  be  obtained?  Calculate  the  outlet  temperatures  directly  from  F. 
How  does  the  total  heat  load  compare  with  that  which  could  be  delivered  by  a  true 
counterflow  exchanger  assuming  that  the  same  U  could  be  obtained? 

7.6.  It  is  necessary  on  a  new  installation  to  preheat  149,000  lb /hr  of  34°API  crude 
oil  from  170°F  to  a  temperature  of  285°F,  corresponding  to  that  of  the  feed  plate  of  a 
fractionating  tower.  There  is  a  utility  33°API  gas  oil  line  running  near  the  tower  at 
530°F  of  relatively  unlimited  quantity.  Because  the  pumping  cost  for  cold  gas  oil  is 
prohibitive,  the  temperature  of  the  gas  oil  from  the  heat  exchanger,  returning  to  the 
line,  should  not  be  less  than  300°F. 

Available  on  the  site  is  a  25  in.  ID  1-2  exchanger  containing  252  tubes  1  in.  OD. 
13  BWG,  16'0"  long  arranged  on  a  six-pass  lK-in.  triangular  pitch  layout.  The  shell 
baffles  are  spaced  at  5-in.  centers.  A  pumping  head  of  10  psi  is  allowable  on  the  gas 
oil  line  and  15  psi  on  the  feed  line.  Will  the  exchanger  be  acceptable  if  cleaned,  and 
if  so,  what  will  the  fouling  factor  be?  For  the  gas  oil  the  viscosities  are  0.4  centipoise 
at  530°F  and  0.7  centipoise  at  300°F.  For  the  crude  oil  the  viscosities  are  0.9  centi¬ 
poise  at  285°F  and  2.1  centipoise  at  170°F.  (Interpolate  by  plotting  F  vs.  centipoise 

on  logarithmic  paper.)  • 

7  6  96  000  lb /hr  of  35°  API  absorption  oil  in  being  cooled  from  400  to  200  I  is  used 

to  heat  35° API  distillate  from  100  to  200°F.  Available  for  the  service  is  a  29  in.  ID 
1-2  exchanger  having  338  tubes  1  in.  OD,  14  BWG,  16'0"  long  on  lH-in.  triangular 
pitch  Baffles  are  spaced  10  in.  apart,  and  the  bundle  is  arranged  for  four  tube  passes 
What  arrangement  gives  the  more  near!  balanced  pressure  drops^nd  what  is  the  dirt 
factor?  The  viscosity  of  the  absorption  oil  is  2.6  centipoise  at  100  F  and  1.15 
noise  at  210°F  (Plot  on  logarithmic  paper  °F  vs.  viscosity  in  centipoise,  and  extrap- 
olate  Ts  a  straight  line.)  The  viscosity  of  the  distillate  is  3.1  centipoise  at  100°F  and 

L3  centipoise  at  35.API  distillate  is  cooled  from  250  to  120°F  using  cooling 

water'  from  85  to  120°F.  Available  for  the  service  is  a  19X  in.  ID  1-2  exch^iger 
bnvine  204  tubes  H  in.  OD,  16  BWG,  16'0"  long  on  1-in.  square  pitch.  Baffles  are 
spaced  5  in.  apart,  and  the  bundle  is  arranged  for  four  passes.  What  arrangement 
vives  the  more  nearly  balanced  pressure  drops,  and  what  is  the  dirt  factor  a 

TopUmum  outLtwater  temperature?  ^Viscosities  of  the  distillate  arc  given  in 

^toOO  lb  'hr  of  ethylene  glycol  is  heated  from  100  to  200“F  using  steam  at 
7.8.  75,000  lt>/  nr  oi  ecnyienc  b  y  exchanger  having  224  tubes 

250°F.  Available  for  the  service  is  a  17K  m.  ID  excnangt 
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y  in.  OD  14  BWG,  16'0"  long  on  i^6-in.  triangular  pitch.  Baffles  are  spaced  7  in. 
apart,  and  there  are  two  tube  passes  to  accommodate  the  steam.  What  are  the  pressure 

drops’,  and  what  is  the  dirt  factor?  .  x  ,  ,  cn 

7.9.  100,000  lb  /hr  of  20  per  cent  potassium  iodide  solution  is  to  be  heated  irom  oU 

to  200°F  using  steam  at  15  psig.  Available  for  the  service  is  a  10  m.  ID  1-2  exchanger 
without  baffles  having  50  tubes  %  in.  OD,  16  BWG,  16'0"  long  arranged  for  two  passes 
on  i^e-in-  triangular  pitch.  What  are  the  pressure  drops  and  the  dirt  factor? 

7.10.  78,359  lb /hr  of  isobutane  (118°API)  is  cooled  from  203  to  180°F  by  heating 
butane  (111.5°API)  from  154  to  177°F.  Available  for  the  service  is  a  17K  in.  ID 
1-2  exchanger  having  178  tubes  %  in.  OD,  14  BWG,  12'0"  long  on  1-in.  triangular 
pitch.  Baffles  are  spaced  6  in.  apart,  and  the  bundle  is  arranged  for  four  passes. 
What  are  the  pressure  drops  and  the  dirt  factor  ? 

7.11.  A  1-2  exchanger  recovers  heat  from  10,000  lb /hr  of  boiler  blowdown  at  135 
psig  by  heating  raw  water  from  70  to  96°F.  Raw  water  flows  in  the  tubes.  Available 
for  the  service  is  a  10.02  in.  ID  1-2  exchanger  having  52  tubes  %  in.  OD,  16  BWG,  8'0" 
long.  Baffles  are  spaced  2  in.  apart,  and  the  bundle  is  arranged  for  two  tube  passes. 
What  are  the  pressure  drops  and  fouling  factors? 

7.12.  60,000  lb /hr  of  a  25%  NaCl  solution  is  cooled  from  150  to  100°F  using  water 
with  an  inlet  temperature  of  80°F.  What  outlet  water  temperature  may  be  used? 
Available  for  the  service  is  a  2114  in.  ID  1-2  exchanger  having  302  tubes  %  in.  OD, 
14  BWG,  16'0"  long.  Baffles  are  spaced  5  in.  apart,  and  the  bundle  is  arranged  for 
two  passes.  What  are  the  pressure  drops  and  fouling  factor? 


A 

a 

a" 

B 

C 

C' 

c 

Ce 

Cf 

CP 

Ct 

Cw 

D 

d0 

!>.,  D'e 


Fc 

Ft 

f 

G 

9 

9' 

h%  fto 


NOMENCLATURE  FOR  CHAPTER  7 

Heat-transfer  surface,  ft2 
Flow  area,  ft2 

External  surface  per  linear  foot,  ft 
Baffle  spacing,  in. 

Specific  heat  of  hot  fluid,  in  derivations,  Btu/(lb)(°F) 

Clearance  between  tubes,  in. 

Specific  heat  of  fluid,  Btu/(lb)(°F) 

Cost  of  exhaust  steam,  dollars/Btu 
Annual  fixed  charges,  dollars /ft2 
Cost  of  process  steam,  dollars/Btu 
Total  annual  cost,  dollars/year 
Cost  of  water,  dollars/lb 
Inside  diameter  of  tubes,  ft 
Outside  diameter  of  tubes,  in. 

Equivalent  diameter  for  heat  transfer  and  pressure  drop,  ft 
Equivalent  diameter  for  heat  transfer  and  pressure  drop,  in. 

Inside  diameter  of  shell,  ft 
Efficiency,  dimensionless 
Caloric  fraction,  dimensionless 

Temperature  difference  factor,  At  =  FT  X  LMTD,  dimensionless 
Friction  factor,  dimensionless;  for  A P  in  psi,  ft2/in2 
Mass  velocity,  lb /(hr)  (ft2) 

Acceleration  of  gravity,  ft/hr2 
Acceleration  of  gravity,  ft/sec2 

Heat-transfer  coefficient  in  general,  for  inside  fluid,  and  for  outside 
fluid,  respectively,  Btu/(hr)(ft2)(°F) 
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ID 

JH 

Ke 

Klt  K 2 

k 

L 

LMTD 

N 

Nt 


n 

Pt 

APt,  a Ph  APr 

Q 

R 

R  d t  JR\)  kio 


Re,  Re' 

S 

s 

T,  Ti,  T2 
T e,  Tp 

T  a 
Tc 

t,  1 1,  tz 

t1,  tu 

ta 

ti 

tc 

tw 

At 

Ate ,  Ath 

U,  Uc  Ud 


V 

V 

w 

w 

X 

z 

<t> 

p 

flw 

p 


Value  of  hi  when  referred  to  the  tube  outside  diameter,  Btu/(hr)- 
(ft*)(°F) 

Inside  diameter,  in. 

Factor  for  heat  transfer,  dimensionless 
Caloric  constant,  dimensionless 
Numerical  constants 

Thermal  conductivity,  tu/(hr)(ft2)(°F/ft) 

Tube  length,  ft 

Log  mean  temperature  difference,  °F 
Number  of  shell-side  baffles 
Number  of  tubes 
Number  of  tube  passes 
Tube  pitch,  in. 

Total,  tube  side  and  return  pressure  drop,  respectively,  psi 
Heat  flow,  Btu/hr 

Temperature  group,  (T i  —  Tz)/(t2  —  tx),  dimensionless 
Combined,  inside  and  outside  dirt  factors,  respectively,  (hr)(ft2)(°F)/ 
Btu 

Reynolds  number  for  heat  transfer  and  pressure  drop,  dimensionless 
Temperature  group,  (h  —  h)/(T  1  —  1 1),  dimensionless 
Specific  gravity 

Temperature  in  general,  inlet  and  outlet  of  hot  fluid,  °F 
Saturation  temperatures  of  exhaust  and  pressure  steam,  °F 
Average  temperature  of  hot  fluid,  °F 
Caloric  temperature  of  hot  fluid,  °F 

Temperature  in  general  or  outlet  of  the  first  of  two  heaters,  inlet  and 
outlet  of  cold  fluid,  °F 
Temperatures  in  first  and  second  passes,  °F 
Average  temperature  of  cold  fluid,  °F 
Temperature  at  end  of  first  pass,  °F 
Caloric  temperature  of  cold  fluid,  °F 
Tube  wall  temperature,  °F 
True  temperature  difference  in  Q  =  U dA  At,  °F 
Temperature  differences  at  the  cold  and  hot  terminals,  F 
Overall  coefficient  of  heat  transfer,  clean  coefficient,  design  coefficient, 


Btu/(hr)(ft2)(°F) 

Velocity,  fps 
Specific  volume,  ft3/lb 

Weight  flow  in  general,  weight  flow  of  hot  fluid,  lb/hr 
Weight  flow  of  cold  fluid,  lb  /hr 


length,  ft 
leight,  ft 

rhe  viscosity  ratio  (m/aO0-14 

Viscosity,  centipoises  X  2.42  =  lb/(ft)(hr) 

Viscosity  at  tube-wall  temperature,  centipoises  X  2.42 

Density,  lb/ft3 


=  lb/(ft)(hr) 


Subscripts  (except  as  noted  above) 

s  Shell 

l  Tubes 


use 


CHAPTER  8 

FLOW  ARRANGEMENTS  FOR  INCREASED  HEAT  RECOVERY 

The  Lack  of  Heat  Recovery  in  Exchangers.  The  important  limitation 
of  the  1-2  exchangers  treated  in  Chap.  7  lies  in  their  inherent  inability 
to  provide  effective  heat  recovery.  The  advantages  of  1-2  exchangers 
have  already  been  discussed.  When  a  temperature  cross  occurs  in  a 
1-2  exchanger,  the  value  of  FT  drops  sharply,  and  the  small  extent  to 
which  the  shell-outlet  temperature  can  fall  below  the  tube-outlet  temper¬ 
ature  eliminates  them  from  consideration  for  high  heat  recoveries. 
Assume  conditions  in  which  the  shell  fluid  is  reduced  from  200  to  140°F 
while  the  tube  fluid  rises  from  80  to  160°F.  All  the  heat  in  the  hot  fluid 
from  140  to  80°F  is  necessarily  lost  in  a  1-2  exchanger  because  of  the 
close  approach  required  between  the 
tube  fluid  at  the  end  of  the  parallel 
pass  and  the  shell  fluid  outlet  T 2,  as 
in  Figs.  7.20  and  7.21. 

This  chapter  deals  with  shell-and- 
tube  equipment  and  the  methods 
by  which  the  temperature  cross  of 
two  fluid  streams  t2  —  T2  can  be 
increased  with  an  accompanying  in¬ 
crease  in  heat  recovery.  Consider 
an  exchanger  similar  to  a  1-2  ex¬ 
changer  except  that  it  is  equipped 
with  a  longitudinal  baffle  (heavy  line)  as  shown  in  Fig.  8.1.  In  this  ex¬ 
changer  the  fluid  enters  the  shell  through  one  of  the  nozzles  adjacent  to  the 
tube  sheet  and  travels  the  length  of  the  shell  before  reversing  its  direction 
about  the  longitudinal  baffle  and  returning  to  an  exit  nozzle  also  adjacent  to 
t  e  tube  sheet.  Assume  that  the  tube  bundle  contains  four  or  more  passes 
with  equal  surface  in  each  pass.  Such  an  exchanger  is  a  2-4  exchanger. 
A  generalized  sketch  of  temperature  vs.  length  for  a  2-4  exchanger  is 
s  own  in  Fig.  8^2 a  In  a  1-2  exchanger  operating  with  the  identical 

hoTfluid  ?reS.an  ®  °wn  in  Fig.  8.26,  it  is  seen  that  a  cross  exists  so  that 
hot  flmd  leaving ;  the  shell  at  140°F  is  forced  to  pass  over  tubes  carrying 

heated  cold  fluid  having  a  temperature  of  160°F.  Thus  the  shell  ^uid 
may  be  cooled  at  some  point  to  a  temperature  lower  than  its  outlet,  and 
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Fig.  8.1.  Pass  arrangements  in  a  2-4 
exchanger. 
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the  tube  fluid  may  be  heated  to  a  temperature  above  its  outlet.  When 
the  two  fluids  are  near  their  outlets,  the  shell  fluid,  being  cooled,  is 


(b)-  1-2  EXCHANGER 

Fio.  8.2.  Temperature  relations  in  1-2 
and  2-4  exchangers. 


actually  heated  and  the  tube  fluid 
is  actually  cooled.  In  exchangers 
this  is  called  reheating. 

The  True  Temperature  Differ¬ 
ence  At  in  a  2-4  Exchanger.  In 
the  2-4  exchanger  the  longitudinal 
baffle  reduces  reheating  as  shown  in 
Fig.  8.2a  so  that  the  140°F  shell- 


*2  T, 


Fig.  8.3.  The  2-2  true  counterflow 
exchanger. 


outlet  fluid  need  never  come  in  contact  with  the  160°F  tube-outlet  fluid. 
Passes  I  and  II  are  in  contact  only  with  2  and  passes  III  and  IV  are  in 


contact  only  with  1 .  If  there  are  two 


shell  passes  and  but  two  tube  passes, 
they  can  be  arranged  in  true  coun¬ 
terflow  as  shown  in  Fig.  8.3.  How¬ 
ever,  where  the  shell  contains  two 
shell  passes  and  the  tube  bundle 
contains  four  or  more  tube  passes, 
the  flow  pattern  differs  from  any 
encountered  heretofore.  The  de¬ 
rivation  of  a  factor  Ft  for  the  2-4  ex¬ 
changer  can  be  readily  established. 

In  the  2-4  exchanger  it  is  assumed 
that  there  is  no  fluid  leakage  be¬ 
tween  the  longitudinal  shell  baffle 
and  the  shell  and  that  no  heat  is 


transferred  across  it,  although  this 
may  lead  to  an  error  of  10  to  15  per 

t  when  a  large  temperature  difference  exists  between  the  average  tm- 
tmes  of  SsheU  fluid  in  the  two  shell  passes.  The  assumptions  for 
1-2  exchanger  also  apply.  Referring  to  the  ^4  exchanger  m  F>g.  8.1, 
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the  shell  fluid  temperature  is  Tx  where  it  reverses  direction  after  the  first 
shell  pass  and  the  tube  temperature  is  ty  where  it  reverses  direction  after 
the  second  tube  pass.  The  entire  2-4  exchanger  may  then  be  considered 
the  same  as  two  1-2  exchangers  in  series  as  shown  in  Fig.  8.4  with  inter¬ 
mediate  temperatures  Tx  and  tu.  Calling  these  exchangers  I  and  II  in 
Fig.  8.4,  the  heat  balances  are,  respectively, 

I.  TFC(Ti  -  Tx )  =  wc(t2  -  tv)  (8-1) 


and 

II.  WC(TX  -  T2)  =  wc(ty  -  h)  (8.2) 

The  quantities  of  heat  transferred  in  I  and  II  are  obviously  not  the  same. 
Equation  (7.37)  may  be  written  for  each  of  the  exchangers: 

UA  =  1  ln  Ti  +  T,  -  t„  -  h  +  ( T i  -  T ,)  VWTl  (s  3) 

'  wc  2  a/K2  +  1  n  Tx  +  Tt  -  ty  -  h  -  (Ti  -  Tx)  VR 2  +  1 

TT  ua=  1  ,n  TI+Tt-h-tv+  (r,  -  r2)  yw±l 

WC  2  VR*  +  1  T,  +  Ti  -  ti  -  ty  -  (Tt  -  T2)  VR*  +1  ^  ' 

By  algebraically  eliminating  Tx  and  ty  in  Eqs.  (8.3)  and  (8.4)  through  the 
use  of  S  and  the  heat  balances  in  Eqs.  (8.1)  and  (8.2),  Ft  is  given  by 


Ft  — 


In 


[ VR 2  +  1/2(R  -  1)]  ln  (1  -  £)/(!  -  RS) 

2/S  -  l  -  R  +  (2 AS)  V(1  -  ^)(1  -  RSj  +  VR2  +  1 

2/S  -  1  -  R  +  (2/S)  V(1  ~  S)(  1  -  RS)  -  VR2  +  1 


(8.5) 


Equation  (8.5)  has  been  plotted  in  Fig.  19  and  will  be  used  for  2-4 
exchangers  in  the  Fourier  equation  Q  =  UA  A t=  UAFr  X  LMTD.  A 
comparison  has  been  made  between  the  values  of  FT  in  1-2  and  2-4  exchang¬ 
ers  as  shown  in  Fig.  8.5,  where  both  exchangers  employ  fluids  operating  with 
identical  temperature  ranges.  The  advantage  of  the  2-4  flow  arrange¬ 
ment  is  apparent  from  the  large  temperature  crosses  permissible.  In 
Fig.  8.6  the  hot  fluid  at  each  point  has  a  100°  range  with  varying  approach 
and  the  cold  fluid  a  20°  fixed  range  from  180  to  200°F.  With  a  5°  cross 
the  1-2  exchanger  has  a  value  of  Ft  =  0.70  compared  with  Ft  =  0.945 
for  a  2-4  exchanger.  It  is  general  that  the  greater  the  number  of  shell 
passes  in  an  exchanger  the  greater  the  cross  or  the  greater  the  heat  recov- 
ery  which  may  be  obtained.  Mechanically,  however,  it  is  impractical 
to  design  single  items  of  heat-transfer  equipment  with  removable  bundles 
aving  more  than  two  shell  passes,  although  it  is  seen  that  the  2-4 
exchanger  is  thermally  identical  with  two  1-2  exchangers  in  series 
Greater  crosses  than  those  possible  in  a  2-4  exchanger  can  be  achieved  by 
jsing  three  1-2  exchangers  in  series  (3-6  arrangement)  or  two  2-4  exchang- 


178 


PROCESS  HEAT  TRANSFER 


ers  in  series  (4**8  arrangement).  Values  of  Ft  for  arrangements  up  to  six 
shell  passes  and  twelve  tube  passes  are  plotted  in  Figs.  18  through  23.  A 
Ten  Broeck  chart  for  heat-recovery  calculations  in  a  2-4  exchanger  is 
given  in  Fig.  8.7  and  is  used  in  the  same  manner  as  Fig.  7.25. 


Fig.  8.5.  Comparison  of  efficiency  of  2-4  and  1-2  exchangers  with  equal  fluid  temperature 
ranges. 


Fig.  8.6.  Influence  of  approach  temperature  on  Ft  for  unequal  fluid  temperature  ranges. 

Exchangers  having  odd  numbers  of  tube  passes  have  not  been  treated 
here  because  they  may  create  mechanical  problems  in  stationary  tube-sheet 
exchangers  and  are  not  often  employed.  Fischer1  has  calculated  and 
plotted  the  values  of  Ft  for  several  odd-numbered  tube  arrangements. 
Naturally  for  a  maximum  value  of  Ft  the  odd  tube-pass  arrangements 
must  be  piped  so  that  the  majority  of  the  tube  passes  are  in  counterflow 
with  the  shell  fluid  rather  than  in  parallel  flow. 

i  Fischer,  F.  K.,  Ind.  Eng.  Chem.,  30,  377-383  (1938). 
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Fio.  8.7.  Ten  Broeck  chart  for  determining  tt  in  a  2-4  exchanger.  ( Industrial  and 
Engineering  Chemistry.) 


Fig.  8.8.  Removable  baffle  2-4  floating-head  exchanger.  (Patterson  foundry  &  Machine  Co.) 


2-4  Tubular  Exchangers.  Two  methods  by  which  the  2-4  temner- 

8  rirlTa8™^  'S  a°hleved  ln  tubular  exchangers  are  shown  in  Figs. 
8.8  and  8.9.  The  exchanger  in  Fig.  8.8  is  similar  to  an  ordinary  f-2 

exc  anger  except  that  both  of  the  shell  nozzles  are  adjacent  to  the  sta- 

longitudinal  baffle  is  inserted  in  the  tube  bundle.  Usually  some  tvne  of 
seal  ,s  provided  between  the  longitudinal  baffle  and  the  shell,  sincTIny 
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appreciable  leakage  between  the  two  shell  passes  invalidates  the  calcu¬ 
lated  value  of  Ft  for  the  2-4  exchanger. 

A  more  expensive  but  more  positive  form  of  the  2-4  exchanger  is  shown 
in  Fig.  8.9.  In  this  exchanger  the  baffle  is  welded  to  the  shell.  This 
requires  cutting  smaller  inside  diameter  shells  in  half  and  welding  the 
baffle  from  the  outside  of  the  shell  In  larger  shells  the  baffle  is  installed 
internally.  Furthermore,  in  order  that  the  bundle  be  removable  it  is 
necessary  to  make  the  floating  tube  sheet  in  two  halves  which  are  joined 
by  a  single  floating-head  cover  and  a  backing  piece  to  prevent  the  two 


Shell  la 


Longitudinal 
baffle 


Fig.  8.10.  Vertically  cut  segmental  baffles. 


•Shell /.D. 
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Fig.  8.11.  Horizontally  cut  segmental  baffles. 


halves  from  leaking  at  the  center  line.  The  space  allowance  for  the 
welded  longitudinal  baffle  at  the  center  line  of  the  tube  sheet  also  permits 
fewer  tubes  to  be  accommodated  in  the  shell  than  for  a  1-2  exchanger. 

To  permit  the  introduction  of  the  longitudinal  baffle,  the  segmental 
baffles  may  possess  either  of  the  two  forms  shown  in  Fig.  8.10  and  8.11. 
Those  in  Fig.  8.10  are  vertically  cut  baffles  and  are  similar  to  the  segmental 
baffles  found  in  1-2  exchangers.  The  crosshatch  section  is  the  flow  area. 
The  flow  distribution  is  nearly  identical  with  that  which  exists  in  1-2 
exchangers  with  but  one-half  the  flow  area  per  inch  of  baffle  spacing. 
Consequently  the  mass  velocity  for  any  given  weight  flow  of  fluid,  W  or 
w,  will  be  twice  that  of  a  1-2  exchanger  of  the  same  inside  diameter  and 
baffle  spacing.  The  baffles  shown  in  Fig.  8.11  are  horizontally  cut  baffles 
in  which  the  cut-out  portions  are  equal  to  those  of  ordinary  segmenta 
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baffles.  The  mass  velocities  in  this  case  are  the  same  per  inch  of  baffle 
spacing  as  for  1-2  exchangers  for  a  given  weight  flow  although  the  fluid 
traverses  a  depth  but  half  the  inside  diameter  of  the  shell.  Horizontally 
cut  baffles  are  seldom  used,  since  most  fluids  involved  in  large  temperature 
crosses  necessitating  2-4  exchangers  also  have  long  temperature  ranges 
and  relatively  small  flow  quantities.  The  reduced  flow  area  and  increased 
mass  velocity  and  film  coefficient  afforded  by  vertically  cut  baffles  are 
usually  desirable. 

The  Calculation  of  a  2-4  Exchanger.  A  2-4  exchanger  can  be  used 
when  the  process  temperatures  give  a  correction  factor  FT  of  less  than 
0.75  for  a  1-2  exchanger.  If  the  factor  FT  obtained  from  Fig.  19  for  a 
2-4  exchanger  exceeds  0.90  with  a  removable  longitudinal  baffle  or  0.85 
with  a  welded  longitudinal  baffle,  a  single  2-4  exchanger  will  be  adequate. 
If  the  value  of  FT  is  below  these  limits,  it  will  then  be  necessary  to  use 
a  larger  number  of  shell  passes  until  an  arrangement  is  found  in  which 
F T  approximates  these  values. 

The  calculation  of  a  2-4  exchanger  differs  in  only  three  minor  respects 
from  the  calculation  of  a  1-2  exchanger  as  outlined  in  Chap.  7.  (1) 

F t  will  be  read  from  Fig.  19,  (2)  the  flow  area  for  vertically  cut  baffles 
will  be  half  the  values  computed  from  Eq.  (7.44),  and  (3)  the  number  of 
crosses  used  for  computing  the  pressure  drop  will  be  double,  since  one 
set  of  baffles  is  above  and  one  is  below  the  longitudinal  baffle. 


Example  8.1.  Calculation  of  a  2-4  Oil  Cooler.  A  33.5°API  oil  has  a  viscosity  of 
1.0  centipoise  at  180  F  and  2.0  centipoise  at  100°F.  49,600  lb /hr  of  oil  leaves  a  dis- 

.  mg  column  at  358°F  and  is  to  be  used  in  an  absorption  process  at  100°F.  Cooling 

be  It?  w.  I  Water  !r°m  90  t0  12°°F*  Pressure-drop  allowances  of  10  psi  may 
be  used  on  both  streams  along  with  a  combined  dirt  factor  of  0.004. 

Available  for  this  service  from  a  discontinued  operation  is  a  35  in.  ID  2-4  exchanger 

ThVeb!  HI  m-  °  ’  j1fBWG  tubes  12'°"  and  laid  out  on  l*-in.  square  pitch 

aoart  ThVl  "T  f  ,°l  tube  passes’  and  Really  cut  baffles  are  spaced  7  in* 
apart.  The  longitudinal  baffle  is  welded  to  the  shell 

requirements?^  *°  M  ™  th*  bailable  exchanger  fulfil!  the 


Solution: 

Exchanger: 


Shell  side 
ID  =  35  in. 

Baffle  space  =  7  in.  (vert,  cut) 
Passes  =  2 


j.  uue  siae 

Number  and  length  =  454?  12'0" 

OD,  BWG  pitch  =  1  in!,  n  BWG,  l^-in.  square 
Passes  =6 


(1) 


Heat  balance: 


Oil,  Q  =  49,600  X  0.545(358  - 
Water,  Q  =  233,000  X  1.0(120 


100)  =  6,980,000  Btu 
-  90)  =  6,980,000  Btu 
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Hot  Fluid  Cold  Fluid  Diff. 


358 

Higher  Temp 

120 

238 

100 

Lower  Tei  p 

90 

10 

258 

Differences 

30 

228 

LMTD  =  72.0°F  (5.14) 

R  =  "30  =  8,6  S  =  358  -  90  =  0  112 

R  and  S  do  not  intersect  on  Fig.  18,  making  a  2-4  exchanger  imperative. 

From  Fig.  19  for  a  2-4  exchanger,  Ft  =  0.93 

At  =  Ft  X  LMTD  =  0.93  X  72.0  =  66.9°F  (7.42) 


(3)  Tc  and  tc : 


Me  _  10 
A th  238 


0.042 


Kc  =  0.47  Fe  =  0.25 


Tc  =  100  +  0.25(258)  =  165°F 
tc  =  90  +  0.25(30)  =  98°F 

Water  will  flow  in  the  tubes  to  prevent  corrosion  of  the  shell. 


(Fig.  17) 

(5.28) 

(5.29) 


Hot  fluid:  shell  side ,  33.5° API  oil 
(4')  aa  =  H( ID  X  C'B) /\44P T  (modified 
for  a  2-4  exchanger)  [Eq.  (7.1)] 
=  H  X  35  X  0.25  X  7/144 

X  1.25  =  0.17  ft2 
(6')  G,  =  w/aa  [Eq-  (7-2)l 

=  49,600/0.17 

=  292,000  lb /(hr)  (ft2) 


(6')  At  Te  =  165°F, 

By  obtaining  X  and  Y  in  Fig.  14  fre  n 
original  data,  n  =  1.12  cp 

=  1.12  X  2.42  =  2.71  lb/ (ft) (hr) 

De  =  0.99/12  =  0.0825  ft  [Fig.  28] 

Re.  =  DjG./n  [Eq- 

=  0.0825  X  292,000/2.71  =  8900 
(7')  jH  =  52.5  iFiS-  281 

(80  At  Tc  =  165°F,  when  n  =  1.12  cp 

kCcu/k)*  =  0.20  Btu/(hr)(ft2)(°F) 

[Fig.  16] 

(90  (cm/*)**.  1E<1-  («156)1 

=  52.5  X  0.20/0.0825  =  127 


Cold  fluid:  tube  side,  wader 
(4)  a'  =  0.455  in.2  [Table  10] 

at  =  Nta't/144n 

=  454  X  0.455/144  X  6  =  0.239  ft2 

(6)  Gt  =  w/at 

=  233,000/0.239 

=  975,000  lb/ (hr) (ft3) 
V  =  (?t/3600p  =  975,000/3600  X  62.5 
=  4.33  fps 
(6)  At  tc  =  98°F, 

n  =  0.73  X  2.42  =  1.77  lb /(ft)  (hr) 

[Fig.  141 

D  =  0.76/12  =  0.0633  ft  [Table  10] 
(Ret  is  for  pressure  drop  only) 

Ret  =  DGt/n 

=  0.0633  X  975,000/1.77  =  34,900 


(9)  hi  =  1010  X  0.96 

=  970  Btu/ (hr) (ft*) (°F)  [Fig.  25] 
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Hot  fluid:  shell  side,  33.5°  API  oil 
(10')  Tube-wall  temp: 

<„=/,+  t — ~r~jT  (T.  -  U)  [Eq.  (8.31)] 

tl\o  “1  fto 

-  98  +  737^127  (165  -  98)  =  108°F 
(11')  At  tv, 

=  1.95  X  2.42  =  4.72  lb/(ft)(hr) 

[Fig.  14] 

4.  =  (m/m»)0-14  -  (2.71/4.72)  °-14 

=  0.92  [Fig.  24  insert] 

(12')  Corrected  coefficient  h0 : 
ho  =  127  X  0.92  =  117  Btu/(hr)(ft2)(°F) 

[Eq.  (6.36)] 

(13')  Clean  overall  coefficient  Uc'. 


Cold  fluid:  tube  side,  water 
(10)  hio  =  hi  X  ID./OD  =  970 

X  0.76/1.0  =  737  [Eq.  (6.5)] 


(11)  Correction  unnecessary  for  water. 


hijio 


737  X  117 


(6.38) 


(Table  10) 


Uc  -  trr.  -  mrrfi  = 101  »a/(br)av»cF) 

(14')  Design  overall  coefficient  Ud". 

a"  =  0.2618  ftVlin  ft 

Total  surface,  A  =  454  X  12'0"  X  0.2618  =  1425  ft2 

Ud  =  A~Kt  =  1425  X  66.9  =  733  Btu/(hr)(ft»)(->F) 

(16)  Dirt  factor  Rai 

p  _  Uc  —  Ud  101  -  73.3 

Rd  UCUD  ~  101  X  73.3  =  0  0038  (hr)(ft2)(°F)/Btu  (6.13) 


Summary 


117 

h  outside 

737 

Uc 

101 

UD 

73.3 

Rd  Calculated  0 . 0038 

Rd  Required  0.0040 

d')  For  Re,  =  8900,/  =  0.00215 

[Fig.  29] 

(2')  No.  of  crosses,  N  -f-  1  =  12L/B 

-  12  X  12/7  -  20.1  'Eq-  (7'43)I 
Say  21  per  pass  or  42  for  bundle 
D.  =  =  2.92  ft 

*  »  0.82 


*  l/iup 


(1)  For  Ret  =  34,900, 
/  =  0.000195  ft2/in. 2 

(2)  APt  =  - _  ffiLn 


[Fig.  26\ 
[Eq.  (7.45)] 


5.22  X  10 l°Ds<t>t 
*  0  000195  X  975.000»  X  12  X  6 
5.22  X  10“  X  0.0633  Xh0~xTd 
—  4.0  psi 


[Fig.  6] 
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Pressure  Drop 


(3') 


fG*D.(N  +  1) 
5.22  X  10 l0Des<f>, 


[Eq.  (7.44)] 


0.00215  X  292, 0002  X  2.92  X  42 
5.22  X  1010  X  0.0825  X  0.82  X  0.°2 


=  7.0  psi 


(3)  Gt  =  975,000,  ^  =  0.13  [Fig.  27] 
^9 

An  V2 

APr  =  T  ^  [Eq'  (7‘46)1 

4  v  fi 

=  X  0.13  =  3.2  psi 


Allowable  A Pa  =  10.0  psi 


(4)  A Pt  —  A P  t  -|-  A Pr 

=  4.0  +  3.2  =  7.2 
Allowable  A  Pt  =  10.0  psi 


[Eq.  (7.47)] 
psi 


The  exchanger  will  have  a  slightly  low  dirt  factor  but  is  otherwise  satisfactory. 


Exchangers  in  Series.  In  plants  where  large  numbers  of  exchangers 
are  used,  certain  size  standards  (total  number  of  tubes,  pass  arrange¬ 
ments,  baffle  spacing)  are  established  for  1-2  exchangers  so  that  a  major¬ 
ity  of  future  services  can  be  fulfilled  by  an  arrangement  of  a  number  of 
standard  exchangers  in  series  or  parallel.  Although  this  may  sometimes 
cause  awkwardness  because  of  the  impossibility  of  utilizing  the  equip¬ 
ment  most  efficiently,  it  has  the  great  advantage  of  reducing  the  type  and 
number  of  replacement  parts,  tubes,  and  tools.  In  these  plants  when  a 
process  has  become  obsolete,  it  is  customary  to  find  a  number  of  exchang¬ 
ers  of  identical  size  available  for  other  uses.  If  the  tube  bundle  is  simply 
retubed,  the  exchanger  will  frequently  be  as  serviceable  as  when  new. 
When  two  exchangers  are  connected  in  series  on  both  the  shell  and  tube 
sides,  they  form  a  temperature  arrangement  which  has  been  shown  to  be 
identical  with  the  2-4  exchanger.  When  a  temperature  cross  involves  a 
correction  factor  for  an  arrangement  which  approximates  true  counterflow 
more  closely  than  that  possible  in  a  1-2  exchanger,  it  can  be  met  by  a 
series  arrangement  of  a  number  of  1-2  exchangers.  The  2-4,  3-6,  -8, 

etc  arrangements  are  all  based  upon  shells  and  channels  being  connected 
in  series.  Any  arrangement  which  is  an  even  multiple  of  two  shell  passes 
such  as  2-4,  4-8,  etc.,  may  be  full  lied  by  a  number  of  1-2  exchangers  or 


half  as  many  2-4  exchangers.  .  .  ,  ,, 

The  calculation  for  process  conditions  requiring  more  than  one s  she 
pass  follows  the  method  used  for  1-2  exchangers  except  that  the  entire 
group  of  exchangers  is  treated  as  a  unit. 

Example  8.2.  Calculation  of  an  Acetone-Acetic  Acid  Exchanger.  Acetone 
(«  =  °'79)  *‘  250°Fis  Vf,  85n000°ib/hra^f  100  per  cenTaceUc  acid  (.  =  1.07)  coming 

l„  Odd  ..d  .  did  Umr  .1 0  00*  £ J'™  ^ 

Available  for  the  service  are  a  large  number  of  .  •  ^uare 

ID  ahelU  with  270  tubes  X  in.  OD,  14  BWG,  16'0"  long  and  la.d  out  on  1-m.  square 
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pitch.  The  bundles  are  arranged  for  two  tube  passes  with  segmental  baffles  spaced  5 
in.  apart. 

How  many  of  the  1-2  exchangers  should  be  installed  in  series? 


Solution: 


Exchanger: 


Shell  side 
ID  =  21H  in. 
Baffle  space  =  5  in. 
Passes  =  1 


Tube  side 

Number  and  length  =  270,  16'0" 

OD,  BWG,  pitch  =  %  in.,  14  BWG,  1  in.  square 
Passes  =  2 


(1)  Heat  balance: 

Acetone,  Q  =  60,000  X  0.57(250  -  100)  =  5,130,000  Btu/hr 
Acetic  acid,  Q  =  168,000  X  0.51(150  -  90)  =  5,130,000  Btu/hr 

(2)  At: 

Hot  Fluid  Cold  Fluid  Diff. 


(Fig.  2) 
(Fig.  2) 


250 

Higher  Temp 

150 

100 

100 

Lower  Temp 

90 

10 

150 

Difference 

60 

90 

LMTD  =  39.1°F 

R  =  15%o  =  2.5;  S  =  60/(250  -  90)  =  0.375 
Ft:  1-2  exchanger,  FT  =  not  possible 

2- 4  exchanger,  FT  =  0.67  (too  low) 

3- 6  exchanger,  Fr  =  0.88 
At  =  0.88  X  39.1  =  34.4°F 


(5.14) 
(7.18) 
(Fig.  18) 
(Fig.  19) 
(Fig.  20) 
(7.42) 


m,™  Sr,t‘  the“r  °f  heat  With  the  temperatures  given  by  the  process,  a  mini- 
mum  of  three  shell  passes  is  required.  If  the  sum  of  the  surfaces  in  three  shells  is 
insufficient,  a  greater  number  will  be  required. 


Me  *  “d/:  Tl?ese  'ic>uids  "O  not  ™»ous,  and  the  viscosity  correction  will  be  negligi- 
Die,  Average  temperatures  may  be  used. 


Hot  fluid:  shell  side ,  acetone 
(4')  a,  =  ID  X  C'B/14l4lPt  [Eq.  (7.1)] 

=  21.25  X  0.25  X  5/144  X  1.0 

_  =  0.185  ft2 

(6)  (?s  =  W/as  [Eq.  (7<2)] 

=  60,000/0.185 

(60  At  70  =  175“/“  324,000  lb/(hr)(ft,) 
m  =  0.20  X  2.42  =  0.49  lb/(ft)(hr) 

£  "AT/2  =  0079  ft  R;  ^ 

e,  uth,/n  [Eq.  (7.3)1 

,n,\  =  0  079  X  324,000/0.49  =  52,200 
}  ^  =  137  [Fig.  28] 


Cold  fluid:  tube  side ,  acetic  acid 

(4)  at  =  0.268  in.2  [Table  10] 

a‘  =  N**/ 144n  [Eq.  (7.48)] 

-  270  X  0.268/144  X  2  =  0.251  ft2 

(5)  Gt  =  w/at 

=  168,000/0.251 

=  670,000  lb/(hr) (ft2) 

(6)  At  ta  =  120°F, 

n  =  0.85  X  2.42  =  2.06  lb/(ft)(hr) 

D  =  0.584/12  =  0.0487  ft  ^  ^ 
Ret  =  DGt/n 

=  °'°j87  x  670,000/2.06  =  15,800 

(7)  3”  =  55  [Pig.  24) 
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Hot  fluid:  shell  side,  acetone 
[S')  At  Ta  =  175°F, 

c  =  0.63  Btu/(lb)(°F)  [Fig.  2] 

*  =  0.095  Btu/(hr)  (ft2)  (°F /ft)  [Table  4] 


Cold  fluid:  tube  side,  acetie  acid 

(8)  At  ta  =  120°F, 

c  =  0.51  Btu/(lb)(°F)  [Fig.  2] 

k  =  0.098  Btu/(hr)  (ft*) (°F/ft)  [Table  4] 


(cmA)h  =  (0.63  X  0.49/0.095)*  =  1.47 

(9')  K,  -  }h  jj-  (~)'4  X  1  [Eq.  (6.156) 

=  137  X  0.095  X  1.47/0.079 

=  242  Btu/(hr)(ft2)(°F) 
(10')  (11')  (12')  The  viscosity  correction 
will  be  very  small. 


(cm/*)*  =  (0.51  X  2.06/0.098)*  =  2.21 

(9)  hi  =  j„  A  X  1  [Eq.  (6.15a)] 

=  56  X  0.098  X  2.21/0.0487 

=  249  Btu/(hr)(ft2)(°F) 

(10)  hi0  =  hi  X  ID/OD  [Eq.  (6.5)] 


=  249  X 


0.584 

0.75 


=  194 


(13)  Clean  overall  coefficient  Uc : 


Uc  =  h,k.‘+h.  ~  242  +  194  =  107-5  Btu/(hr)(ft*)(T)  (6-38) 


(14)  Design  overall  coefficient  U n: 


a"  =  0.1963  ft2/lin  ft 

Total  surface,  A  =  3(270  X  16  0"  X  0.1963)  =  2540  ft2 

-  tm  =  ra  ' 588 


(Table  10) 


(15)  Dirt  factor  J Rd: 


Rj  = 


Uc  -  UD 

UcUd 


107.5  -  58.8 
107.5  X  58.8 


=  0.007^  (hr)  (ft2)(°F)./Btu 


(6.13) 


Summary 


242 

h  outside 

194 

Uc 

107.5 

UD 

58.8 

Rd  Calculated  0  0077 

R  d  Requirec  0  0040 

(1')  For  Re,  =  52,200, 

/  =  0.00155  ft2/in.2 

(2')  No.  of  crosses,  N  +  1 


Pressure  Drop 

(1)  For  Ret  —  158,000, 
[Fig.  29]  /  =  0.00024  ft2/in.2 
s  =  1.07 

fG?Ln 


Y1L/B 
fEa.  (7.43)] 


(2)  A Pt  -  5  22  X  10 10Ds<h 


[Fig.  26] 
[Table  6] 

[Eq.  (7.45)] 


-  16  X  12/5  =  39 

Total  for  3  exchangers  =39  X  3  =  117 


D,  =  21.25/12  =  1.78  ft 
a  =  0.79 


[Table  6] 


n  00024  X  670, OOP2  X  16  X  2  X_3 
”  5.22  X  1010  X  0.0487  X  1  07  X  1.0 
=  3.8  psi 
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Pressure  Drop 


(S')  AP,  =- 


fG]D.  (N  +  1) 


5.22  X  10 "DM. 

0.00155  X  324,000*  X  1.78  X  117 
5.22  X  1010  X  0.079  X  0.79  X  1.0 

=  10.4  psi 


Allowable  AP,  —  10.0  psi 


(3)  Gt  =  670,000, 

F2/2  g'  =  0.063 
AP  r  =  3(4»/«)(FW) 
3X4X2 


[Fig.  27] 
[Eq.  (7.46)] 


1.07 

(4)  APt  =  APt  -f  APr 


X  0.063  *=  1.4  psi 


[Eq.  (7.47)] 


=  3.8  +  1.4  =  5.2  psi 
Allowable  APr  =  10.0  psi 


The  three  exchangers  are  more  than  adequate  for  heat  transfer,  even  though  the  pres¬ 
sure  drop  is  insignificantly  high.  Fewer  exchangers  cannot  be  used. 

The  1-1  True  Counterflow  Exchanger.  There  are  instances  in  which 
the  temperature  cross  is  so  great  that  the  only  solution  lies  in  the  use  of 


lio.  8.12.  The  1-1  floating-head  exchanger.  (Patterson  Foundry  &  Machine  Co.) 


true  counterflow.  In  fixed-tube-sheet  equipment  this  is  readily  accom¬ 
plished,  but  in  floating-head  equipment  it  is  slightly  more  difficult.  It 
can  be  achieved  as  shown  in  Fig.  8.12.  An  extension  forming  the  tube 
fluid-outlet  nozzle  protrudes  through  the  shell  bonnet  by  means  of  a 

packing  gland.  This  type  of  exchanger  is  also  used  when  there  is  a  great 
quantity  of  tube-side  fluid. 


fro8m953^1m'p/hr*0f  al<?ho1  at  210°F  18  to  be  c0°led  *°  1»5”F  using  water 

with  204  tubes  %  in.  OD*  16  BWG°  mrionF  ID’  tw?~pass  sheU  exchanger 

oasaes  Vprfiooit  1  ,lb0  long  on  i-m.  square  pitch  arranged  for  four 

'(TSr  i  “srX"  t 

distillate  (Fig.  14)  with  an  inlet  temperature  of  100^  ^  -  m°°,  ‘b/hr  °f  35°API 

15H  in.  ID  1-2  exchangers  with  108  tubes  %  in.  OD '  ig  BWG tfiWM  SerViC<!  "* 
for  six  passes.  Baffles  are  spaced  6  in.  anart  Si  l*0  long  arranged 

allowable.  How  manv  1-2  exchangers  arf»  ’  a  j  Pressure  drops  of  10  psi  are 
8.3.  36,000  lb/hr  of  ethyl  acetate  is  rn  1  ^Ulred’ ^nd  what  dirt  factor  do  they  yield? 
to  120-F.  Available  L7  (‘°  U3'"«  80 

Vice  is  a  23 y,  in.  ID,  two-pass  shell  exchanger  with 
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292  in.  OD,  14  BWG,  12'0"  long  tubes  arranged  for  eight  passes.  Vertically  cut 
baffles  are  spaced  8  in.  apart.  What  pressure  drops  and  dirt  factor  will  be  obtained? 

8.4.  55,400  lb  /hr  of  nitrobenzene  coming  from  a  reactor  under  pressure  at  365°F  is 
to  be  cooled  to  150°F  by  preheating  benzene  under  pressure  from  100°  to  the  highest 
outlet  temperature  attainable.  Available  for  the  service  are  two  25  in.  ID,  two-pass 
shell  exchangers  with  356  tubes  in.  OD  13  BWG,  16'0"  long  arranged  for  six  tube 
passes.  Vertically  cut  baffles  are  spaced  3  in.  apart.  What  are  the  pressure  drops 
and  the  dirt  factor? 


NOMENCLATURE  FOR  CHAPTER  8 


A 

a" 

a 

B 

C' 

C 

c 

D 

De 

D, 

d 

dt 

Fc 

Ft 

f 

G 

9’ 


ID 

Jh 

Kt 

k 

L 

LMTD 

N 

Nt 

n 

OD 
A P 

A Pt,  A Pt,  A Pr 

Pt 

R 

Ri 

Re 

S 


s 

T,  Ti,  T2 


Heat-transfer  surface,  ft2 
External  surface  per  lin  ft,  ft 
Flow  area,  ft2 
Baffle  spacing,  in. 

Clearance  between  tubes,  in. 

Specific  heat  of  hot  fluid  in  derivations,  Btu/(lb)(°F) 

Specific  heat  of  fluid,  Btu/(lb)(°F) 

Inside  diameter  of  tubes,  ft 

Equivalent  diameter  for  heat  transfer  and  pressure  drop,  ft 
Inside  diameter  of  shell,  ft 
Inside  diameter  of  tubes,  in. 

Equivalent  diameter  for  heat  transfer  and  pressure  drop,  in. 

Caloric  fraction,  dimensionless 

Temperature  difference  factor,  At  =  Fr  X  LMTD,  dimensionless 
Friction  factor,  ft2/in.2 
Mass  velocity,  lb/(hr)(ft2) 

Acceleration  of  gravity,  ft/sec2 

Heat-transfer  coefficient  for  inside  and  outside  fluids,  respectively , 


Btu/ (hr)  (ft)  (°2F) 

Value  of  hi  when  referred  to 


the  tube  outside  diameter,  Btu/(hr)(ft2) 


(°F) 

Inside  diameter,  in. 

Factor  for  heat  transfer,  dimensionless 
Caloric  constant,  dimensionless 
Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 
Tube  length,  ft 

Log  mean  temperature  ifference,°F 
Number  of  shell-side  baffles 


Number  of  tubes 
Number  of  tube  passes 
Outside  diameter  of  tube,  in. 


ressure  drop,  psi 

'otal,  tube  and  return  pressure  drop,  psi 

ube  pitch,  in.  v  , 

emperature  group  (T,  -  T,)/(t,  -  M,  d.mens.onless 

Combined  dirt  factor,  (hr)(ft>)(T)/Btu 
Reynolds  number,  dimensionless 

'emperature  group,  «,  -  «/(*.  -  M.  dimensionless 
pecific  gravity,  dimensionless  .  OF 

'emperature  in  general,  inlet  and  outlet  of  hot  fluid,  F 
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To 

Tc 

T, 

t\,  tt 

ta 

tc 

ti 

tv 

ty 

At 

Ate,  A tH 
Uc,  UD 


V 

W 

w 

P 

Mto 

P 

<t> 


Average  temperature  of  hot  fluid,  °F 
Caloric  temperature  of  hot  fluid,  °F 

Temperature  of  shell  fluid  between  first  and  second  passes,  °F 

Inlet  and  outlet  temperatures  of  cold  fluid,  °F 

Average  temperature  of  hot  fluid,  °F 

Caloric  temperature  of  cold  fluid,  °F 

Temperature  at  end  of  first  pass,  °F 

Tube-wall  temperature,  °F 

Temperature  of  tube  fluid  between  second  and  third  passes,  °F 
True  temperature  difference  in  Q  =  U nA  At,  °F 
Temperature  differences  at  the  cold  and  hot  terminals,  °F 
Clean  and  design  overall  coefficients  of  heat  transfer,  Btu/(hr)(ft2) 

(°F) 

Velocity,  fps 

Weight  flow  of  hot  fluid,  lb/hr 
Weight  flow  of  cold  fluid,  lb /hr 
Viscosity,  centipoises  X  2.42  =  lb/(ft)  (hr) 

Viscosity  at  tube  wall-temperature,  centipoises  X  2.42  =  lb/(ft)(hi^ 

Density,  lb/ft3 

W/x*,)0-14 


Subscripts  (except  as  noted  above) 

Shell  side 
Tube  side 


s 

t 


CHAPTER  9 


GAsES 

Introduction.  The  calculation  for  the  heating  or  cooling  of  a  gas  differs 
in  only  minor  respects  from  the  calculation  for  liquid-liquid  systems. 
The  relationships  between  gas  film  coefficients  and  allowable  pressure 
drops  are  critically  dependent  upon  the  operating  pressure  of  the  system 
whereas  for  incompressable  fluids  the  operating  pressure  is  not  important. 
The  values  of  film  coefficients  for  gases  are  generally  lower  than  those 
obtained  for  liquids  at  equal  mass  velocities,  the  difference  being  inherent 
in  the  properties  of  the  gases. 

Properties  of  Gases.  The  properties  of  gases  are  compared  with  those 
of  liquids  to  emphasize  the  major  differences  between  them.  The  vis¬ 
cosities  of  gases  range  from  about  0.015  to  0.025  centipoise,  or  about  one- 
tenth  to  one-fifth  the  values  obtained  for  the  least  viscous  liquids.  Gas 
viscosities  increase  with  temperature  in  contrast  with  liquids  and  Reyn¬ 
olds  numbers  are  correspondingly  large  even  when  mass  velocities  are 
small.  The  thermal  conductivities  of  gases,  with  the  exception  of  hydro¬ 
gen,  are  about  one-fifth  the  values  usually  obtained  for  organic  liquids 
and  about  one-fifteenth  of  the  values  for  water  and  aqueous  solutions. 
The  specific  heats  of  organic  gases  and  vapors  are  only  slightly  lower 
than  those  of  organic  liquids.  With  the  exception  of  hydrogen  the 
specific  heats  of  inorganic  gases  and  light  hydrocarbon  vapors  range  from 
0  2  to  0.5  Btu/(lb)(°F).  Although  the  specific  heat,  viscosity,  and 
thermal  conductivity  of  a  gas  increase  with  temperature,  the  Prandtl 
number  cn/k  shows  little  dependence  upon  temperature  except  near  the 
critical  The  value  of  cn/k  calcuk  ;ed  at  any  single  temperature  serves 
sufficiently  well  for  the  solution  of  problems  involving  the  same  gas  at 
another  temperature  within  reasonable  proximity.  The  values  of  cn/k 

are  given  in  Table  9.1  for  the  common  gases.  .  .  + 

While  most  of  the  viscosity,  specific-heat,  and  conductivity  data  on 
gases  are  tabulated  for  atmospheric  pressure,  corrections  to  other  pres¬ 
sures  may  be  made  by  established  methods  Viscosities  may  be  correct* 
bv  means  of  the  correlation  of  Comings  and  Egly1  given  in  Fig.  135  or  by 
employing  the  method  of  Othmer  and  Josef owitz.2  Specific  heats  may  be 

i  Comings,  E.  W.,  and  R.  S.  Egly,  Ind.  Eng.  Chem.,  32,  7l4^18  (1949). 

*  Othmer  D.  F.,  and  S.  Josefowitz,  Ind.  Eng.  Chem.,  38,  111 
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corrected  by  the  method  of  Watson  and  Smith.1  These  corrections  will 
not  be  significant,  however,  unless  the  pressure  of  the  gas  is  great. 
Except  at  high  vacuums  the  conductivities  of  gases  are  not  affected  by 
the  pressure.  Calculation  of  the  density  or  specific  volume  of  a  gas  by 
the  perfect  gas  law  is  suitable  for  moderate  pressures  but  may  be  in  error 
at  high  pressures.  If  actual  compression  data  are  available,  their  use  is 
preferable  at  high  pressures,  or  the  perfect  gas  law  may  be  replaced  by  a 


Table  9.1.  Prandtl  Numbers  for  Gases  at  1  atm  and  212°F 


Air . •  0.74 

Ammonia .  0  78 

Carbon  dioxide .  0.80 

Carbon  monoxide . •  0  74 

Ethylene . • . 0  83 

Hydrogen .  0.74 

Hydrogen  sulfide .  0.77 

Methane .  0  79 

Nitrogen .  0.74 

Oxygen .  0.74 

Steam .  0  78 

Sulfur  dioxide .  0  80 


more  acceptable  equation  of  state  such  as  that  of  Van  der  Waals  or 
Beattie-Bridgman . 

Pressure  Drop.  Equations  (7.44)  and  (7.45)  and  friction  factors 
obtained  from  Figs.  29  and  26  can  be  used  for  the  calculation  of  the  pres¬ 
sure  drop  on  the  shell  or  tube  sides  of  gas  heaters  or  coolers  when  the  aver¬ 
age  value  of  the  inlet  and  outlet  specific  gravities  of  the  gas  relative  to  water 
is  used.  It  is  apparent  in  the  case  of  any  gas  that  the  specific  gravity 
vanes  considerably  with  its  operating  pressure.  The  specific  gravity  of 

ZZ™  CXC  TT  °Perated  at  150  psia  is  ver>’  nearly  ten  times  the 
gray1  y  w  en  operated  at  atmospheric  pressure,  and  for  a  given 

■  tk  Ve!?C'ty,the  pressure  dr°P  will  only  be  one-tenth  as  great  Movine 
“  the  °‘her  dirf«°n.  air  at  7^  psia  has  a  density  one-half  that  of  the 

^  the  Pr6SSUre  drop  for  a  g-en  mass  velocity  becomes 
peater  as  the  operating  pressure  decreases,  an  unfavorable  consideration 
m  vacuum  processes.  When  a  gas  is  operated  at  high  pressure ^  however 

;  * r  *  “d  « 

pressure  drop  of  0  5  nd  a  gaS  “  °perated  under  vacuum,  a 

head  available  to  move  the  gas  ^h^ug^theTxlhTnger  ^  ^  ent're 
'  Watson,  K.  M,  and  R.  L.  Smith,  Natl  Petroleum  Nem,  July,  lm 
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Film  Coefficients.  Film  coefficients  can  be  evaluated  with  reasonable 
accuracy  through  the  use  of  the  usual  shell-and-tube  equations  or  Figs.  28 
and  24.  No  correction  need  be  made  for  the  viscosity  ratio  <j>  unless  the 
temperature  range  is  exceedingly  great.  As  mentioned  above,  the  low 
viscosities  of  gases  result  in  large  Reynolds  numbers  even  where  very 
small  mass  velocities  are  used.  Lar  3  values  of  jn  are  the  result,  but  the 
correspondingly  low  thermal  conductivity  gives  film  coefficients  below 
those  obtained  for  liquids  at  equal  mass  velocities  or  at  equal  values  of 
jH.  The  commonest  applications  of  gas  cooling  under  pressure  are  found 
in  the  aftercooling  and  intercooling  of  gases  which  have  undergone 
adiabatic  or  polytropic  compression  in  single-  and  multistage  compressors. 
Gas-to-liquid  heat  transfer  is  also  used  for  the  recovery  of  waste  heat 
from  near-atmospheric  combustion  gases  such  as  economizers,  but  these 
usually  employ  a  modification  known  as  extended  surfaces,  which  will  be 
treated  in  Chap.  16.  When  gases  are  heated,  steam  is  the  usual  heating 
medium. 

Many  of  the  data  reported  in  the  literature  for  turbulent-flow  heat 
transfer  make  use  of  the  following  transformation: 


hD  (c u\  H  c  _  h_  ( /q  i  \ 
T\k)  DGc  ~  cG\k)  1  j 

A  new  factor  jh  is  then  defined  as 

*-»(?)"  <« 

and  is  plotted  as  a  function  of  Re.  All  the  convection  equations  given 
heretofore  can  be  plotted  as  jh  vs.  Re  in  place  of  jH  vs.  Re  by  simply 
dividing  the  values  of  jH  as  given  in  Figs.  28  and  24  by  their  respective 
values  of  Re.  Alternate  equations  are  obtained  thereby. 

There  is  considerable  merit  to  the  use  of  jh  in  preference  to  jH  when 
correlating  gases.  Using  j/r,  cn/k  is  a  constant,  but  k  in  Eq.  (6.15a)  and 
(6.155)  must  be  obtained  at  the  bul  k  temperature  to  obtain  h,  and  con¬ 
ductivity  data  are  sparse  for  gases.  Using  jh,  cn/k  is  a  constant,  but  only 
c  is  required  in  Eq.  (9.1)  to  obtain  h,  and  this  will  have  been  required  for 

the  heat  load  as  well. 

When  gases  enter  an  adiabatic  compressor,  their  isotherms  follow  the 
equation  ptf*  =  constant,  where  p  is  the  absolute  pressure  of  the  gas,  0 
its  specific  volume,  and  7  the  ratio  of  the  specific  heats  of  the  gas  at 
constant  pressure  to  constant  volume.  Applying  the  perfect  gas  law, 
the  variation  of  absolute  pressure  with  absolute  temperature  becomes 

(a  -  fer 


(9.3) 
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Gases  to  be  cooled  or  heated  at  moderate  pressures  are  usually  placed 
in  the  shell  of  shell-and-tube  equipment  to  localize  corrosion  resulting 
from  the  cooling  water  or  steam  condensate.  At  higher  pressures,  how¬ 
ever,  it  is  customary  to  place  the  gas  in  the  tubes  where  the  pressure  is 
effective  only  upon  the  tubes. 

Example  9.1.  Calculation  of  an  Ammonia  Compressor  Aftercooler.  Dry  ammonia 
gas  at  83  psia  and  at  a  rate  of  9872  lb /hr  is  discharged  from  a  compressor  at  245°F 
and  is  to  be  fed  to  a  reactor  at  95°F  using  cooling  water  from  85  to  95°F.  A  pressure 
drop  of  2.0  psi  is  allowable  on  the  gas  and  10.0  psi  on  the  water. 

Available  for  the  service  is  a  23^  in.  ID  1-2  exchanger  having  364  %  in.,  16  BWG 
tubes  8'0"  long  and  laid  out  on  1^6-in.  triangular  pitch.  The  bundle  is  arranged  for 
eight  passes,  and  baffles  are  spaced  12  in.  apart. 

What  will  the  dirt  factor  and  pressure  drops  be? 

Solution: 


Exchanger: 

Shell  side 

ID  =  23M 
Baffle  space  =  12  in. 
Passes  =  1 


Tube  side 

Number  and  length  =  364,  S'O" 

OD,  BWG,  pitch  =  %  in.,  16  BWG,  in.  tri. 
Passes  =  8 


(1)  Heat  balance: 

Ammonia  gas,  Q  =  9872  X  0.53(245  -  95)  =  785,000  Btu/hr  (Fig.  3) 

Water,  Q  =  78,500  X  1(95  -  85)  =  785,000  Btu/hr 

(2)  At: 


Hot  Fluid 

Cold  Fluid 

Diff. 

245 

Higher  Temp 

95 

150 

95 

Lower  Temp 

85 

10 

150 

Differences 

10 

140 

LMTD  =  51.8°F 


P  150 

R  To  = 


15 


S  = 


10 


245  -  85  “  0  0625 


Ft  =  0.837 

At  =  0.837  X  51.8  =  43.4°F 
(3)  Te  and  tc:  The  viscosities  will  vary  too  little  to 
now  m  the  tubes  to  prevent  corrosion  of  the  shell. 


require  correction. 


(5.14) 


(Fig.  18) 
(7.42) 
Water  will 


Hot  fluid:  shell  side,  ammonia  at  83  psia 
(4')  a.  =  ID  X  C'B/UAPt  [Eq.  (7  i)i 
=  23.25  X  0.1875  X  12/144 

X  0.937 

=  0.388  ft* 


L  ota  fluid:  tube  side ,  water 


(4)  at  =  0.302  in.2 
at  =  Ntat/U4n 


[Table  10] 


364  X  0.302/144  X  8  =  0.0954  ft2 


194 


PROCESS  HEAT  TRANSFER 


Hot  fluid:  shell  side,  ammonia  at  83  psia 
(6')  G,  -  W/a,  [Eq.  (7.2)] 

=  9872/0.388 

=  25,400  lb/(hr)(ft2) 


(6')  At  Ta  =  170°F, 

M  =  0.012  X  2.42  =  0.029  lb/(ft)(hr) 

[Fig.  15] 

D,  =  0.55/12  =  0.0458  ft 
Re,  =  D,G,/p  [Eq.  (7.3)] 

=  0.0458  X  25,400/0.029  =  40,200 
(7')  iff  =  118  [Fig.  28] 

(8')  At  Ta  =  170°F, 

k  =  0.017  Btu/ (hr)  (ft2)  (°F/ft)  [Table  5] 
(cp/k)U  =  (0.53  X  0.029/0.017)*  =  0.97 

(»')  h.  =  in  ^  (f  )H  X  1  [Eq.  (6.15W] 

=  118  X  0.017  X  0.97/0.0458 

=  42.3  Btu / (hr)  (f t 2)  (°F) 

(10')  (11')  (12')  Viscosity  correction  is 
unnecessary. 


Cold  fluid:  tube  side,  water 

(5)  Gt  =  w/at 

=  78,500/0.0954 

=  823,000  lb/(hr)(ft2) 
V  =  Gt/3600p  =  823,000/3600  X  62.5 

=  3.65  fps 

(6)  At  ta  =  90°F, 

m  =  0.82  X  2.42  =  1.99  lb/(ft)(hr) 

[Fig.  14] 

D  =  0.62/12  =  0.0517  ft  [Table  10] 
Ret  =  DGt/n  (Ret  i3  for  pressure  drop 

only) 

=  0.0517  X  823,000/1.99  =  21,400 


(9)  hi  =  900  Btu/(hr)  (ft2) (°F)  [Fig.  25] 


(10)  hio  =  hi  X  ID/OD  [Eq.  (6.5)] 

=  900  X  0.62/0.75  =  744 


(13)  Clean  overall  coefficient  Uc- 

Uc  =  r-^xV  =  Iff  ■  j-  tA  -  401  Btu/(hr)(ft»)CF)  (6.38) 

hio  +  h0  744  +  42.3 

(14)  Design  overall  coefficient  U d’- 

a"  =  0.1963  ft2/lin  ft  (Table  10) 

Total  surface,  A  =  364  X  8'0"  X  0.1963  =  572  ft2 

Vo  -  3%  -  jjfti  -  31-7  Bt«/(hr)(ft*)(°F) 

(16)  Dirt  factor  Rd : 

Uc  -_Ud  =  40.1  —  317  =  0  (X)70  (hr) (ft2) (°F) /Btu  (6.13) 

C/cC/n  40.1  X  3  .7 


Summary 


42.3 

h  outside 

744 

Uc 

40.1 

UD 

31.7 

Rd  Calculated  0  0070 

Rd  Required  x 
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(1')  For  Re,  =  40,200, 
/  =  0.00162  ft2/in.2 


(2')  No.  of  crosses,  N  +  1  =  12L/J5 

[Eq.  (7.43)] 

=  12  X  8/12  =  8 


Pressure  Drop 

(1)  For  Ret  =  21,400, 

[Fig.  29]  /  =  0.000225  ft2/in.2  [Fig.  26] 

(2)  A Pt  = - -  [Eq.  (7.45)] 

5.22  X  10 l0Ds<f>t 

_  0.000225  X  823, 0002  X  8  X  8 


Pe as 


Pwater 


JpV 


W’ 


X  1545Tabs 


"  (MW) 

w’  _  p(MW) 

PKa8  “  7  “  15457^ 

=  (83  X  144)  (17.1)  = 

1545(460  +  170)  U^Uy  lb/tt 
0.209 


5  = 


=  0.00335 


62.5 

D,  =  23.25/12  =  1.94  ft 
(s')  AT.  =  fGiD‘(N  +  1} 


5.22  X  lO10!)^^, 

0.00162  X  25,4002  X  1.94  X  8 


5.22  X  1010  X  0.0517  X  1.0 

X  1.0 

=  3.6  psi 


5.22  X  1010  X  0.0458  X  0.00335 

X  1.0 

=  2.0  psi 

Allowable  A P,  =2.0  psi 


(3)  Gt  =  823,000,  F2/2 g'  =  0.090  [Fig.  27] 
A Pr  =  (4n/s)(Vi/2g')  [Eq.  (7.46)] 

4X8 


1.0 


X  0.090  =  2.9  psi 


(4)  AP t  =  A Pt  A Pt  [Eq.  (7.47)] 

=  3.6  +  2.9  =  6.5  psi 
Allowable  A PT  =  10.0  psi 

The  ability  to  meet  the  allowable  pressure  drop  hinges  closely  upon  the  density  of  the 
gas.  If  the  gas  had  been  air  at  the  same  pressure,  the  density  and  pressure  drop  would 
have  been  0.209  X  2H7  =  0.357  lb/ft2  and  1.2  psi.  Similarly  an  exchanger  can  be 
used  for  gases  at  vacuum  pressure  only  when  a  very  small  mass  velocity  is  employed. 
The  latter  results  in  very  low  transfer  rates  for  vacuum  services,  values  of  Un  beintr 
as  low  as  2  to  10  Btu/(hr)(ft2)(°F).  S 

Air  Compressor  Intercoolers.  In  the  compression  of  air  for  utility 
purposes  it  is  common  to  subject  atmospheric  air  to  four  or  more  stages 
of  compression.  The  allowable  pressure  drop  in  the  intercoolers  follow- 
mg  the  initial  stages  of  compression  is  extremely  critical.  Assuming 
that  the  compressors  operate  with  compression  ratios  of  roughly  2W*1 
or  2H:1  a  pressure  drop  of  1  psi  in  the  first-stage  intercooler  represents 

a  reducton  in  the  total  pressure  deUvered  after  the  fourth  stage  of 

T  21X  2  5  ~  131  psl  and  near,y  80  Psi  after  the  sixth  stage 

In  addition,  the  presence  of  moisture  in  the  inlet  air  makes  it  impossible 

to  compute  the  heat  load  as  a  simple  sensible-heat  change  Suppose 

xz”  “ctm'1"8  *  r~ 

of  compression.  The  air  and  water  vanor  both  T  ^  Stage 

TW  o,  .  XL ~  « 
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its  initial  dew  point.  Cooling  the  compressed  gas  bank  to  its  original 
temperature  requires  that  it  be  cooled  below  its  dew  point.  This  can 
occur  only  if  water  condenses  out  of  the  compressed  gas  during  cooling. 
The  reasoning  follows:  The  original  water  vapor  in  the  saturated  atmos¬ 
pheric  air  was  all  that  could  exist  in  the  original  volume  of  air  at  95°F. 
Its  total  weight  can  be  obtained  f"om  the  specific  volume  of  steam,  in 
cubic  feet  per  pound,  for  95°F  as  iound  in  Table  7.  After  compression 
and  cooling  back  to  95°F  the  total  volume  of  air  is  reduced  but  the  specific 
volume  of  steam  at  95°F  is  unchanged.  The  same  specific  volume  can 
be  maintained  in  the  reduced  gas  volume  only  if  some  of  the  water  con¬ 
denses  out  of  the  gas. 

Example  9.2.  Calculation  of  the  Heat  Load  for  an  Air  Intercooler.  4670  cfm  of 
air  saturated  at  95°F  enters  a  four-stage  adiabatic  compressor,  having  a  compression 
ratio  of  2.33:1,  at  atmospheric  pressure,  (a)  How  much  heat  must  be  removed  in 
the  first-stage  intercooler?  ( b )  How  much  heat  must  be  removed  in  the  second-stage 
intercooler? 


Solution: 

(a)  Inlet  4670  cfm : 

Saturation  partial  pressure  of  water  at  95°F  =  0.8153  psi  (Table  7) 

Saturation  specific  volume  of  water  at  95°F  =  404.3  ft 3/lb  (Table  7) 

The  air  and  water  both  occupy  the  same  volume  at  their  respective  partial  pressures. 
Lb  water/hr  entering  =  4670  X  60/404.3  =  692  lb 


First  stage: 

After  2.33  compression  ratio 


p2  =  14.7  X  2.33  =  34.2  psi 
(•y-D/T 

(7  =  1.40  for  air*) 


(IA  =(H_A 

\Tj.b.  \P  1/ 

T<Ia  b8 


=  (2.33)(1-4_n/1-4 
460  +  95  K  ’ 

T2 abs  =  705°R  or  245°F 

Intercooler: 

Final  gas  volume  =  4670  X  60  X  14.7/34.2  =  120,000  ft8/br 
Water  remaining  in  air  =  120,000/404.3  =  297  lb/hr 
Condensation  in  intercooler  =  692  —  97  =  395  lb /hr 

Specific  volume  of  atmospheric  air  =  (359/29)  (555/492)  14.7/(14.7  -  0.8153) 
H  "  =  14.8  ft*/lb 

Air  in  inlet  gas  =  4670  X  60/14.8  =  18,900  lb/hr 
Heat  load  (245  to  95°F): 


Sensible  heat: 

Qair  =  18,900  X  0.25(245  -  95)  =  708,000  Btu/hr 

Qwater  =  692  X  0.45(245  -  95)  =  46,700  Btu/hr 

Latent  heat: 

Qwater  =  395  X  1040.1  *  411,000  Btu/hr 

Total  1,165,700  Btu/hr 

*  The  correction  of  7  for  the  presence  of  water  vapor  is  usually  omitted. 
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If  condensation  had  not  been  accounted  for,  an  error  of  33  per  cent  would  have 
resulted.  It  should  also  be  noted  that  over  half  of  the  water  condenses  in  the  first- 
stage  intercooler. 

(6)  Second  stage:  p 3  =  34.2  X  2.33  =  79.8  psi. 

Final  gas  volume  =  4670  X  60  X  14.7/79.8  =  51,500  ft3/fir 
Pounds  of  water  remaining  in  air  =■  51,500/404.3  =  127.5  lb/hr 
Condensation  in  intercooler  =  297  —  127.5  =  169.5  Ib/hr 

Heat  load  (245°  to  95°F) : 

Sensible  heat: 

Q*ir  =  18,900  X  0.25(245  -  95)  =  708,000  Btu/hr 
Qwater  =  297  X  0.44(245  -  95)  =  19,600  Btu/hr 

Latent  heat: 

Qw.t«  =  169.5  X  1040.1  =  170,700  Btu/hr 

898,300  Btu/hr 

Example  9.3.  Calculation  of  the  Dew  Point  after  Compression.  The  dew  point 
and  saturation  temperature  of  the  saturated  inlet  air  are  the  same.  After  the  first- 
stage  compression  the  dew  point  is  raised.  What  is  the  dew  point  when  air  saturated 
at  95°F  and  14.7  psi  is  compressed  to  34.2  psi? 

Solution: 

At  inlet: 


Mols  air  =  18,900/29  =  652 
Mols  water  =  692/18  =  38.4 

690.4 

After  compression: 


Partial  pressure  of  water  vapor  =  (38.4/690.4)34.2  =  1.90  psi 
From  Table  7  equivalent  to  1.90  psi,  dew  point  =  124°F 

In  other  words,  the  gas  and  water  vapor  are  cooled  sensibly  from  245  to  124°F  in 
the  first  stage  intercooler  and  the  water  vapor  will  start  to  condense  at  124°F. 


The  Calculation  of  Coolers  for  Wet  Gases.  The  calculation  of  the 
heat  load  and  film  coefficients  in  the  intercoolers  of  adiabatic  compression 
systems  starting  with  initially  dry  gases  offers  no  particular  difficulty. 
The  heat  load  is  the  sensible-heat  requirement  to  cool  the  gas  back 
between  stages.  The  film  coefficient  is  that  of  the  dry  gas 
Coolers  which  are  required  to  cool  wet  gases  present  a  number  of  addi¬ 
tional  problems.  If  the  wet  gas  is  to  be  cooled  below  its  dew  point  two 

wl  :lar:  (1)  fr°m  the  inlet  temperature  to  the  dew  pom  tin 
which  both  the  gas  and  the  vapor  are  cooled  sensibly  and  (2)  from  the 

dew  point  to  the  outlet  temperature,  in  which  the  gas  and  vapor  are 

cooled  and  part  of  the  vapor  condenses.  The  first  zone  can  be  calculated 

extremely1  tengthiT  7  77  ^  the  calculati°n  of  the  second  zone  is 
mely  lengthy.  A  relatively  accurate  calculation  will  be  demon- 
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strated  as  an  example  of  condensation  in  Chap.  13,  where  it  will  be  seen 
that  both  the  condensation  and  gas  film  coefficients  are  closely  related. 
The  film  coefficient  for  the  mixture  varies  considerably  from  the  dew 
point  to  the  outlet  temperature  as  the  concentration  of  the  condensable 
vapor  diminishes.  It  is  also  seen  that,  in  any  wet  gas  cooling  service  if 
the  tube-wall  temperature  is  below  the  dew  point  of  the  gas,  even  though 
the  gas  is  not  cooled  below  its  dev  point,  the  tube  wall  will  be  wet  with 
condensate.  As  droplets  of  condensate  fall  from  the  tube,  they  will 
reflash  into  the  gas  and  some  fraction  may  drain  from  the  cooler  if  the 
temperature  should  fall  below  the  dew  point.  However,  the  film  of 
liquid  on  the  tube  actually  introduces  a  resistance  film  through  which  the 
heat  must  b$  transferred.  If  the  condensable  vapor  is  water,  the  resist¬ 
ance  can  be  omitted  because  of  the  high  conductivity  of  the  film.  If  it 
is  a  vapor  whose  condensate  is  a  viscous  fluid,  it  may  be  necessary  to 
calculate  the  mean  resistance  of  the  film  from  methods  given  in  Chap.  13 
based  on  the  properties  of  the  condensate.  It  is  also  well  to  consider 
that  gases  which  are  not  particularly  corrosive  when  containing  a  small 
concentration  of  water  vapor  may  be  corrosive  when  dissolved  in  con¬ 
densate  water  at  the  cold  tube  wall.  Desuperheaters,  which  are  simply 
gas  coolers,  frequently  operate  with  part  of  the  surface  moist  although 
no  actual  condensate  drains  from  the  system. 


The  performance  of  commercial  intercoolers  for  permanent  gases  saturated  at 
atmospheric  pressure  with  water  at  100°F  or  less  can  be  predicted  rapidly  by  empiri¬ 
cal  rules.  These  rules  are  as  follows:  (1)  Calculate  the  entire  heat  load  of  sensible 
cooling  and  condensation  as  if  transferred  at  the  dry  gas  rate,  and  (2)  use  the  value  of 
At  =  Ft  X  LMTD  obtained  from  the  inlet  and  outlet  temperatures  of  the  gas  to  and 
from  the  cooler  and  the  temperatures  of  the  water.  These  rules  are  actually  the 
combination  of  a  safe  and  an  unsafe  generalization  which  tend  to  offset  each  other. 
The  combined  film  coefficient  for  condensation  and  gas  cooling  below  the  dew  point 
is  greater  than  that  given  by  (1).  The  true  temperature  difference  is  less  than 
that  calculated  by  (2),  since  the  log  mean  for  the  portion  of  the  heat  load  delivered 
from  the  dew  point  to  the  outlet  is  less  than  that  calculated  by  the  ru  e. 


PROBLEMS 

9.1.  3500  cfm  of  dry  nitrogen  at  17  psig  and  280’F  is  cooled  to  lOTF  by  -te-dth 

-  - 

tripressure*drops  ^"^hould  not  he  exceeded, 

and  a  minimum  dirt  factor  of  0.01  should  be  provided.  ™Jhe  b 

9.2.  17,500  lb/hr  of  oxygen  at  atmospheric  pressure  ..  cookd  frr im  3<X>  to  1 f J[ 
.  r  qe  a  _  i nn°  Available  for  the  service  is  a  31  in.  ID  l-z  excnangti  ooi. 

hig  600™  in  OD,  16  BWG  tubes  12'0"  long  arranged  for  eight  passes  on  -in.  n- 

angular  pitch.  Baffles  are  spaced  24  in.  apart. 

What  are  the  dirt  factor  and  the  pressure  drops . 
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9.3.  5000  cfm  of  saturated  air  at  100°F  enters  the  first  stage  of  a  compressor  having 
a  2.45 : 1  compression  ratio.  The  air  is  at  atmospheric  pressure,  (a)  How  much  heat 
must  be  removed  after  each  of  the  four  stages,  assuming  a  2.0  psi  pressure  drop  in 
each  intercooler.  (6)  Available  for  the  first-stage  intercooler  is  a  29  in.  ID  exchanger 
having  508  tubes  %  OD  in.,  14  BWG  by  12'0"  long  arranged  for  eight  passes  on  1-in. 
triangular  pitch.  The  baffle  spacing  is  24  in.  Using  cooling  water  with  an  85°F  inlet, 
what  are  the  pressure  drops  and  dirt  factor? 

9.4.  For  the  second-stage  intercooler  of  Example  9.2  in  the  text  the  following 
1-2  exchanger  is  available:  21^  in.  ID  containing  294  %  in.  OD,  14  BWG  tubes  12/0// 
long  arranged  for  eight  passes  on  1‘K6~in-  triangular  pitch.  Baffles  are  spaced  20  in. 
apart.  What  are  the  dirt  factor  and  the  pressure  drops? 


NOMENCLATURE  FOR  CHAPTER  9 


A 

a 

a" 

B 

C' 

c 

D 

Dt 

F  t 

f 

G 

g' 

h,  hi,  h0 

hio 

JH 

Jh 

k 

L 

LMTD 

N 

Nt 

n 

Pt 
A P 

A PT,  A Pt,  A PT 

V 

R 

Rd 

Re 

S 

s 

Tabs 

Ta 

Tc 

Ti,  T t 

ta 


Heat-transfer  surface,  ft2 
Flow  area,  ft2 

External  surface  per  linear  foot,  ft 
Baffle  spacing,  in. 

Clearance  between  tubes,  in. 

Specific  heat  of  cold  fluid,  Btu/(lb)(°F) 

Inside  diameter  of  tubes,  ft 
Equivalent  diameter,  ft 

Temperature  difference  factor,  At  =  FT  X  LMTD,  dimensionless 
Friction  factor,  ft2/in.2 
Mass  velocity,  lb/(hr)(ft2) 

Acceleration  of  gravity,  ft/sec2 

Heat-transfer  coefficient  in  general,  for  inside  fluid,  and  for  outside 
fluids,  respectively,  Btu/(hr)(ft2)(°F) 

Value  of  hi  when  referred  to  the  tube  OD,  Btu/(hr)(ft2)(°F) 

Factor  for  heat  transfer  ( hD/k)(cn/k )^,  dimensionless 
Factor  for  heat  transfer  ( h/cG)(cn/k )^,  dimensionless 
Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Tube  length,  ft 

Log  mean  temperature  difference,  °F 

Number  of  baffles 

Number  of  tubes 

Number  of  tube  passes 

Tube  pitch,  in. 

Pressure  drop,  psi 

Total,  tube  side  and  return  drop,  psi 
Pressure,  psia 

Temperature  group  (T,  -  T,)/(t,  -  (,),  dimensionless 
Combined  dirt  factor,  (hr)(ft2)(°F/Btu) 

Reynolds  number,  dimensionless 

Temperature  group  ((,  -  -  U),  dimensionless 

Specific  gravity,  dimensionless 

Absolute  temperature,  °R 

Average  temperature  of  hot  fluid,  °F 

Caloric  temperature  of  hot  fluid,  °F 

Inlet  and  outlet  temperature  of  hot  fluid,  °F 

Average  temperature  of  cold  fluid,  °F 


$.6  =3 
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tc 

1 1,  ti 

At 

Uc,  UD 

V 

v 


7 
M 
M  w 
P 

4> 


Caloric  temperature  of  cold  fluid,  °F 

Inlet  and  outlet  temperature  of  cold  fluid,  °F 

True  temperature  difference  in  Q  =  U dA  At,  °F 

Clean  and  design  overall  coefficient  of  heat  transfer,  Btu/(hr)(ft*)(°F) 

Velocity,  fps 

Specific  volume,  ft3/lb 

Weight  flow  of  hot  fluid,  lb/hr 

Weight  flow  of  cold  flu  1,  lb  /hr 

Weight,  lb 

Ratio  of  specific  heats  of  a  gas,  dimensionless 
Viscosity,  centipoises  X  2.42  =  lb/(ft)(hr) 

Viscosity  at  the  tube  wall,  centipoises  X  2.42  =  lb/(ft)(hr) 

Density,  lb /ft 3 
(m/m.)014 


Subscripts  (except  as  noted  above) 

s  Shell  side 

t  Tube  side 


CHAPTER  10 


STREAMLINE  FLOW  AND  FREE  CONVECTION 

Streamline  Flow  in  the  Tubes  of  Exchangers.  From  the  Fourier 
equation  alone  for  a  single  tube  Q  =  wc{t2  —  ti)  =  hi(irDL )  At.  When 
the  inside  tube-wall  temperature  tp  is  constant,  the  temperature  difference 
At  in  streamline  flow  may  be  replaced  by  the  arithmetic  mean  of  the  hot 
and  cold  terminal  temperature  differences  Ata  =  [{tp  —  t\)  -f  ( tp  —  J2)]/ 2. 
Solving  for  hiD/k, 


(10.1) 


It  is  interesting  to  note  that  the  highest  outlet  temperature  attainable 
in  a  tube  is  the  constant  temperature  of  the  hot  tube  wall  tp.  For  this 
case  Eq.  (10.1)  reduces  to 


(10.2) 


No  observed  average  value  of  hi  can  exceed  that  given  by  Eq.  (10.2), 
and  it  is  a  useful  tool  by  which  erroneous  observations  may  be  rejected. 

Graetz  obtained  Eq.  (3.27)  from  purely  theoretical  considerations  on 
the  assumption  of  a  parabolic  distribution  of  velocities  as  the  fluid  flows 
m  a  tube  in  laminar  flow.  He  did  not  include  any  corrections  for  modi¬ 
fications  of  the  parabolic  distribution  during  heating  and 
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conservative,  the  true  value  of  hi  being  as  much  as  300  per  cent  greater 
due  to  the  influence  of  free  convection. 

In  the  Graetz  derivation  the  value  of  L  in  the  Graetz  number  wc/kL 
or  in  the  ratio  D/L  is  assumed  to  be  the  length  of  the  path  over  which  the 
fluid  moves  with  a  conduction  temperature  gradient  at  right  angles  to 
the  loDg  axis  of  the  tube.  Nal  irally,  if  mixing  occurs  at  any  point  in 
the  heat-transfer  tube,  the  distance  from  the  inlet  to  the  point  of  mixing 
must  be  regarded  as  the  length  of  the  path  over  which  the  temperature 
gradient  is  effective  whether  or  not  it  corresponds  to  the  total  tube 
length  of  the  exchanger,  nL.  Boussinesq1  has  advanced  the  theory  that 
under  ideal  conditions  streamline  flow  is  not  established  until  the  liquids 
has  traveled  a  length  of  approximately  15  tube  diameters.  In  multipass 
heat-transfer  equipment  it  is  sometimes  possible  to  consider  the  fluid  in 
the  tubes  mixed  at  the  end  of  each  pass.  Internal  mixing  is  desirable, 
just  as  convection  is  desirable  and  also  because  it  restricts  the  length  of 
streamline  path  to  the  length  of  each  pass,  L. 

The  shorter  the  unmixed  length  the  greater  the  value  of  hi,  although 
it  is  not  always  safe  to  assume  that  mixing  occurs  at  the  end  of  each 
tube  pass  of  an  exchanger.  In  modern  multipass  exchangers,  the  flow 
areas  in  the  floating  head  and  channel  are  usually  designed  to  be  identical 
with  or  slightly  greater  than  the  flow  area  of  the  tubes  in  each  passs.  In 
this  way  it  is  possible  to  eliminate  excessive  return  pressure  drops.  If 
no  turbulence  or  mixing  is  induced  at  the  ends  of  each  pass,  nL  is  the 
total  length  of  path  instead  of  L,  which  leads  to  the  calculation  of  safe 
values  of  hi  should  mixing  actually  occur. 

Frequently  it  will  be  found  that  the  Reynolds  number  based  on  the 
viscosity  at  ta  =  (£i  d-  ^)/2  is  less  than  2100  but  near  the  outlet  the 
Reynolds  number  based  on  the  viscosity  at  ti  is  greater  than  2100. 
Equation  (6.1)  is  not  applicable  in  the  transitional  or  turbulent  flow 
range.  In  calculations  on  multipass  exchangers,  the  point  at  which 
Re  =  2100  must  then  be  obtained  by  trial  and  error,  and  the  path 
beyond  it  excluded  from  calculation  as  streamline  flow.  If  a  portion  of 
the  tube  is  in  the  transitional  range,  it  can  best  be  computed  by  means 


of  Fig.  24.  .  ,  ,  !  ,  j 

For  a  two-tube  pass  exchanger  the  maximum  error  in  hi  calculated 

from  Eq.  (6.1)  between  a  mixing  or  nonmixing  assumption  between 

passes  is  (%)»  =  1-26  or  26  per  cent,  since  hi  *  1/L».  For  an  eight- 

tube  pass  exchanger  the  error  is  <«)»  =  2.0  or  100  per  cent.  Ordinary 

a  decision  should  not  be  arrived  at  without  consulting  the  design  of  the 

exchanger  and  noting  whether  or  not  provision  for  mixing  between 

passes  has  been  included. 

1  Boussinesq,  J.,  Corrvpt.  rend.,  113,  9  (1891). 
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Example  10.1.  Crude  Oil  Heater:  Streamline  Flow.  A  line  carries  16,000  lb/hr 
of  34°API  crude  oil.  It  enters  the  tubes  at  95°F  and  is  heated  to  145°F  using  steam 
at  250°F.  Consider  the  fluid  mixed  between  passes. 

The  viscosities  of  the  crude  oil  are 

°F  a ‘  cp 

250  1 . 15 

200  1.7 

150  2.8 

125  3.8 

100  5.2 


Available  for  temporary  service  is  a  horizontal  1-2  exchanger  having  a  1534  in.  ID 
shell  with  86  1  in.  OD,  16  BWG  tubes  12'0"  long  laid  out  on  134-in.  triangular  pitch. 
The  bundle  is  arranged  for  two  tube  passes,  and  baffles  are  spaced  15  in.  apart. 
Since  the  heater  is  for  temporary  use,  no  dirt  factor  will  be  included. 

Will  the  exchanger  fulfill  the  requirement? 

Solution: 

Exchanger : 


Shell  side 

ID  =  1534  in. 
Baffle  space  =  15  in. 
Passes  =  1 


Number  and  length 
OD,  BWG,  pitch 
Passes 


Tube  side 
=  86,  12'0" 

=  1  in.,  16  BWG,  l^-in.  tri. 
=  2 


(1)  Heat  balance: 

Crude,  Q  =  16,000  X  0.485(145  -  95)  =  388,000  Btu/hr 
Steam,  Q  =  410  X  945.5  =  388,000  Btu/hr 

(2)  M: 


Hot  Fluid  Cold  Fluid  Difif. 


250 

Higher  Temp 

145 

105 

250 

Lower  Temp 

95 

155 

0 

Differences 

50 

50 

At  LMTD  —  129°F  (true  counterflow)  (5  14) 

vL  andrc:  ^hiS  ?uid  iS  i.n  8treamline  flow  throughout  the  heater  [see  (6),  p’  2041 
or  streamline  flow  the  arithmetic  mean  should  be  used.  For  the  first  pass  » 


ta  = 


ti  +  U  _  95  +  125 


2  —  110°F  (approx.) 


so^dtdeTenZr  stl  w*  "  ”tad  betwe“  P— -  pass  must  be 

Ply  a  matter  or^uminI  ,hrZ  “?  present  in  this  «<*“««.  »  »  sim- 

half  the  heat  load  ZTbe  tmnsZeZn  [he  ft ~  “d  2  *5  **  ««•  More  th“ 
of  the  first  pass  is  125"F  and  n  -  h  is  30°F  !  a3aume  U  at  the  end 
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Hot  fluid:  shell  side  steam 


Cold  fluid:  tube  side,  crude  oil 
/  ~  „  .  „ 


(4)  a\  =  0.594  in.2 
at  =  Ntat'/144n 


[Table  10] 
[Eq.  (7.48)] 


=  86  X  0.594/144  X  2  =  0.177  ft* 
(6)  Gt  =  w/at 

=  16,000/0.177 


=  90,400  lb /(hr)  (ft1) 


(6)  D  =  0.87/12  =  0.0725  ft  [Table  10] 
Ret  =  DGt/n 

At  <2  =  145°F  (the  outlet  temperature) 
m  =  2.95  X  2.42  =  7.15  lb/(ft)(hr) 

Ret  =  0.0725  X  90,400/7.15  =  915 
At  ta  =  110°F, 

/*  =  4.8  X  2.42  =  11.6  lb /(ft)  (hr) 

Ret  =  0.0725  X  90, 400/11. .6  =  565 


[Eq.  (6.1)] 


(9')  h0  =  1500 


(565  X  72.5  X  0.0060)  =  12.4 

(10)  At  tv  =  249°F, 


M  =  1.20  X  2.42  =  2.9  lb/(ft)(hr) 

itl 


-  (250  -  110) 
=  249 °F 


-  110  +  12  4  +  15Qo 


(11)  hi  =~<t>t  =  12.4  X  1.20 


=  14.9  Btu/(hr)(ft*)(°F) 


At  =  tp  -  ta  —  249  -  110  =  139°F 


KAx  At 


Internal  surface  per  foot  of  length  —  0.228  ft 

86  w  r\ 


Ai=yX  12'0"  X  0.228  =  117.5  ft2 

14.9  X  117.5  X  139  _  Q1  AOV 
‘  tl  ~  16,000  X  0.485 


iniuv«viug  v^.~«  — — - 


STREAMLINE  FLOW  AND  FREE  CONVECTION 


205 


If  four  or  more  passes  are  present,  the  calculation  is  carried  out  in  the  same  manner 
as  shown  above  with  a  new  assumed  temperature  at  the  end  of  each  pass.  If  the 
calculated  outlet  from  the  last  pass  equals  or  exceeds  h,  the  heater  will  operate 
satisfactorily. 

When  a  dirt  factor  is  to  be  provided,  obtain  the  initial  outlet  temper¬ 
ature  t2  delivered  by  the  oversized  heater,  when  freshly  placed  in  service, 
from  the  heat  balance  and  Eq.  (5.18),  using  Uc  for  U.  Uc  is  obtained 
from  UD  and  Rd  by  Eq.  (6.10)  instead  of  from  hio  and  h0,  since  in  this  case 
it  is  desired  to  calculate  the  value  of  hi0  which  will  produce  the  initial 
value  of  the  outlet  temperature.  Having  calculated  t2,  solve  for  each 
pass  until  the  outlet  temperature  corresponds  to  the  initial  value  of  t2 
before  dirt  accumulates. 

Free  Convection  in  Tubes.  Streamline  flow  is  calculated  by  equations 
employing  weight  flow  or  mass  velocity  as  one  of  the  variables.  How¬ 
ever,  if  a  horizontal  tube  surrounded  by  condensing  steam  carries  cold 


Fig.  10.1.  Free  convection  in  tubes. 


liquid  and  its  flow  is  suddenly  halted,  the  liquid  in  the  tube  continues  to 
heat.  According  to  Eq.  (6.1)  the  film  coefficient  should  be  zero  if  the 
mass  velocity  is  zero.  Where  the  heat  is  transferred  through  movements 
within  the  liquid  itself  without  forced  circulation,  it  occurs  by  free  or 
natural  convection.  Some  of  the  factors  influencing  free  convection  in 
liquids  can  be  observed  very  readily  in  the  laboratory  owing  to  changes 
in  the  index  of  refraction  which  accompany  changes  in  density.  When 
a  fluid  is  heated  in  a  glass  vessel  on  a  hot  plate,  the  convection  currents 
are  visible.  Liquid  at  the  bottom  of  the  vessel  and  adjacent  to  the  heat 
source  is  heated  by  conduction.  The  heat  absorbed  reduces  the  density 
of  the  bottom  layer  of  liquid  so  that  it  rises  and  the  colder  liquid  tends  to 

In  a  horizontal  tube  the  process  is  somewhat  more  orderly.  Starting 
with  a  stationary  liquid,  heat  is  applied  from  the  outside,  raising  the 
temperature  of  an  outer  layer  of  liquid  as  shown  in  Fig.  10.1a  The  cold 
central  core  is  heavier  than  the  liquid  adjacent  to  the  wall  and  settles 
o\\ard  the  bottom  of  the  tube  somewhat  as  shown  in  Fig  10  16  The 
ra  e  of  settling  is  retarded  by  the  temperature-viscosity  relation^ 
between  the  hot  fluid  at  the  wall  and  the  coded  core  of  Hquid  Tst e 
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free-convection  currents  are  established,  they  develop  and  mix  with  the 
bulk  of  liquid  presumably  as  in  Fig.  10.1c,  and  if  the  tube  is  large,  mixing 
may  be  accelerated  as  in  Fig.  10.  Id.  The  film  coefficient  for  free  con¬ 
vection  is  a  function  of  the  inside  diameter  of  the  tube  D,  density  of  the 
liquid  p,  coefficient  of  expansion  0,  gravitational  constant  g ,  thermal 
conductivity  k,  viscosity  p,  ai  i  lastly  the  temperature  difference  Ata 
between  the  hot  tube  wall  and  the  bulk  of  the  fluid. 


h<  ~  /(A  P,  P,  c,  g,  k,  p,  Ata) 
Solving  by  dimensional  analysis 


where  Dzp2g(3  A/a/p2  is  the  Grashof  number. 

Combined  Free  Convection  and  Streamline  Flow  in  Horizontal  Tubes. 

Just  as  there  is  a  transition  region  and  not  a  single  point  separating 
streamline  and  turbulent  flow,  there  must  also  be  some  transition  region 
between  free  convection  to  a  fluid  standing  still  and  streamline  flow.  At 
low  linear  velocities  both  are  undoubtedly  operative.  Equation  (6.1) 
was  correlated  from  data  obtained  on  small  tubes  with  moderately  viscous 
fluids  and  under  moderate  temperature  differences  such  that  the  Grashof 
numbers  were  relatively  small.  Kern  and  Othmer1  investigated  this 
region  in  horizontal  tubes  under  large  temperature  differences  and  tube 
diameters  and  evaluated  free  convection  as  a  correction  to  the  Sieder- 
Tate  equation.  Their  final  equation  is 


where  Gra  is  the  Grashof  number  evaluated  from  properties  taken  at  the 
average  fluid  temperature  ta  =  (h  +  U)/ 2.  hi  as  ordinarily  calculated  by 
Eq.  (6.1)  can  be  corrected  for  free  convection  by  multiplying  by 


2.25(1  +  O.OlQgr.*) 
log  Re 


(10.5) 


Inspection  of  Eq.  (10.4)  indicates  that  the  influence  of  the  free-convection 
currents  are  dissipated  in  the  transition  and  turbulent  region.  In  view 
of  the  delicate  nature  of  free-convection  currents  this  is  quite  plausible. 
The  two  factors  which  ordinarily  influence  free  convection  most  are  a  low 
viscosity  and  large  temperature  difference.  Martinelli  et  al2  studied 

1  Kern,  D.  Q.,  and  D.  F.  Othmer,  Trans.  AIChE,  39,  517-555  (1943). 

*  Martinelli,  R.  C.,  C.  J.  Southwell,  G.  Alves,  H.  L.  Craig,  E.  R.  Weinberg,  N.  E. 
Lansing,  and  L.  M.  K.  Boelter,  Trans.  AIChEy  38,  943  (1942). 
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the  influence  of  free  convection  in  upward  and  downward  flow  in  vertical 
tubes.  They  found  a  slight  increase  in  the  coefficient  when  heating  water 
in  upward  flow  compared  with  downward  flow.  Their  final  correlation 
is  rather  complicated,  although  they  also  obtained  a  correlation  of  free 
convection  involving  the  Reynolds  number. 

Example  10.2.  Kerosene  Heater:  Streamline  Flow  and  Free  Convection.  A  line 
carries  16,000  lb /hr  of  40°  API  light  distillate  or  heavy  kerosene  with  corrosive  con¬ 
taminants.  It  enters  the  tubes  at  95°F  and  is  heated  to  145°F  using  steam  at  250°F. 
Consider  the  liquid  unmixed  between  passes. 

The  viscosities  of  the  kerosene  are 


°F 

m,  cp 

250 

0.60 

200 

0.85 

150 

1.30 

125 

1.70 

100 

2.10 

Available  for  the  service  is  a  horizontal  1-2  exchanger,  having  a  15 H  in.  ID  shell 
with  86  1  in.  OD,  16  BWG  tubes  12'0"  long  laid  out  on  1^-in.  triangular  pitch.  The 
bundle  is  arranged  for  two  tube  passes,  and  baffles  are  spaced  15  in.  apart  (same  as 
Example  10.1). 

What  is  the  true  dirt  factor? 


Solution: 

Exchanger: 


Shell  side 
ID  =  15^  in. 
Baffle  space  =  15  in. 
Passes  =  1 


Number  and  length 
OD,  BWG,  pitch 
Passes 


Tube  side 
=  86,  12'0" 

=  1  in.,  16  BWG,  l^-in.  tri. 
=  2 


(1)  Heat  balance: 

Kerosene,  Q  =  16,000  X  0.50(145  -  95)  =  400,000  Btu/hr 
Steam,  Q  =  4230  X  945.5  =  400,000  Btu/hr 

(2)  At: 


Hot  Fluid  Cold  Fluid  Diff. 


250 

Higher  Temp 

145 

105 

250 

Lower  Temp 

95 

155 

0 

Differences 

50 

50 

At  —  LMTD  —  129°F  (true  counterflow)  /k 

(3)  Te  and  tc:  This  fluid  is  in  streamline  flow  throughout  the  heater  [see  (6)  V  2081 
For  streamline  flow  the  arithmetic  mean  is  P*  2°8]‘ 


ta 


U  4~  tj 
2 


95  +  145 


120°F 


2 
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Hot  fluid:  shell  side,  steam 


Cold  fluid:  tube  side,  40° API  kerosene 
(4)  at  =  0.594  in.2  [Table  10] 

at  =  Nta't/144n  [Eq.  (7.48)] 

=  86  X  0.594/144  X  2  =  0.177  ft2 
(6)  Gt  =  w/at 

=  16,000/0.177 

=  90,400  lb/(hr)(ft2) 

(6)  D  *  0.87/12  =  0.0725  ft  [Table  10] 
Ret  —  DGt/u 

At  U  =  145°F, 

/x  =  1.36  X  2.42  =  3.29  lb/(ft)(hr) 

[Fig.  14] 

Ret  =  0.0725  X  90,400/3.29  =  1990 
At  ta  =  120°F, 

u  =  1.75  X  2.42  =  4.23  lb/(ft)(hr) 

Ret  =  0.0725  X  90,400/4.23  =  1,550 
Streamline  flow,  fluid  unmixed  between 
passes 

Ln/D  =  12  X  2/0.0725  =  331 

(7)  jn  =  3.10  [Fig.  24] 

(8)  At  u  =  1.75  cp  and  40°API, 

i ic(cM/k)X  =  0.24  Btu/(hr) (ft2) (°F /ft) 

[Fig.  16] 


(9')  Condensation  of  steam: 
h0  =  1500 


(10')  tw: 

K-U+  t-AtT  «  lE(l-  <5-31)1 

h\o  i  n0 

=  120  +  g^_  (250  -  120) 

=  249°F 


<«>  jt = *  KjT  lEq-  (6-l5a)1 

hi/<t>t  =  3.10  X  0.24/0.0725  =  10.25 

(10)  ¥  =  ~  X  ID/OD  [Eq.  (6.5)] 

<pt  <pt 

=  10.25  X  0.87/1.0  =  8.91 

(11)  At  tw  =  249°F, 

=  0.60  X  2.42  =  1.45  lb/(ft)(hr) 

<t>t  =  (m/m»)0-14 

=  (4.23/1.45)014  =  1.16 

(12)  ho  =  ^  [Eq.  (6.37)1 

<Pt 

=  8.91  X  1.16 

=  10.3  Btu/ (hr)  (ft2)  (°F) 
At a  =tw-ta  =  249  -  120  =  129°F 
Since  the  kerosene  has  a  viscosity  of  only 
1.75  cp  at  the  caloric  temperature  and 
A ta  =  129°F,  free  convection  should  be 
investigated. 

=  2.25(1  +  O-OlOq^)  [Eq.  (10 .5) 
Y  log  Re 

Grashof  number,  Gra  =  D3p2gP  Ata/p2 
s  =  0.80, 

p  =  0.8  X  62.5  =  50.0  lb/ft3 
1  _  1/pa  —  1/pi 

P  “  °F  (fa  -  f i)  (1  / Pav) 

Si  —  si 
2{ti  -  fi)$iSa 


[Fig.  6] 
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Hot  fluid:  shell  side,  steam 


Cold  fluid:  tube  side ,  40°  API  kerosene 
At  95°F,  si  =  0.810  [Fig.  6] 

At  145°F,  s2  =  0.792 
0  =  0.00045 1/°F 

Gra  =  0.0725*  X  50.02  X  0.00045  X  4.18 

X  108  X  129/4.232 

=  1,300,000 

,  2.25(1  +  0.01  X  1,300, OOP H)  _ 

^  log  1550 

Corrected  hi0  =  10.3  X  1.47  =  15.1 


(13)  Clean  overall  coefficient  Uc: 


Uc  = 


hioho 


15.1  X  1500 


hio  +  h0  15.1  +  1500 
(14)  Design  overall  coefficient  U d‘- 


=  14.9  Btu/(hr)(ft*)(°F) 


(6.38) 


a "  =  0.2618  ft2/lin  ft  (Table  10) 

Total  surface,  A  =  86  X  12'0"  X  0.2618  =  270  ft2 


UD  = 


Q  =  400,000 

A  At  270  X  129 


=  11.5  Btu/ (hr) (ft2)  (°F) 


(16)  Dirt  factor: 

Rd  = 


Uc  -  UD  14.9  -  11.5 


=  0.0198  (hr)  (ft2)  (°F)  /Btu  (6.13) 


UcUD  14.9  X  11.5 
Suminary:  Figures  in  parentheses  are  uncorrected  for  free  convection 


Summary 


1500 

h  outside 

(10.3)  15.1 

Uc 

(10.2)14.9 

UD 

11.5 

Rd  Calculated  0.0198 

If  the  correction  for  free  convection  were  not  included,  it  would  have  given  the 
impression  that  the  unit  would  not  work,  since  Uc  would  be  smaller  than  U D.  Cor¬ 
rected  however,  it  is  very  safe.  If  the  viscosity  were  3  or  4  centipoises  and  the 
Reynolds  number  remained  the  same  because  of  increased  weight  flow,  the  exchanger 
would  not  be  suitable. 


The  pressure  drop  may  be  computed 
in  streamline  flow  is  (m/mu-)0-25. 


as  heretofore  except  that  <f»t  for  pressure  drop 


The  Use  of  Core  Tubes.  Employing  the  horizontal  exchanger  of  the 
preceding  example,  suppose  that  50,000  lb/hr  of  a  28°API  gas  oil  was  to 

be  satisfactory  ?^**  t0  13°°F  US‘ng  St6am  ^  25°°F'  W°Uld  th®  exchanSer 


Sohmg  as  before,  the  value  of  the  viscosity  correction  <*>,  is  1.18  but 
the  f .  ee-convection  correction  *  is  negligible,  and  Uc  would  be  less  than  U„ 
Cores,  dummy  tubes  with  one  end  sealed  (by  clamping  in  a  vise),  may 
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be  placed  within  the  tubes  of  an  exchanger  as  shown  in  Fig.  10.2.  They 
constrict  the  cross-sectional  area  by  forming  an  annulus  which  replaces 
the  inside  diameter  of  the  tube  with  a  smaller  equivalent  diameter  and 
winch  increases  the  mass  velocity  of  the  tube  fluid.  Although  the  use 
of  a  core  decreases  the  effective  tube  diameter  and  increases  the  mass 


velocity,  it  does  not  alter  the  Reynolds  number  from  its  value  before 
introduction  of  the  core.  Using  a  core, 


=  l  (Di  -  D\) 

where  D i  is  the  outside  diameter  of  the  core  and  Do  is  the  inside  diameter 
of  the  tube.  Wetted  perimeter  for  heat  transfer1  =  ttD2 

_  7T  ( D\  -  D\)  _  D\  -  D\ 

8  4  7tZ>2  Z>2 

r  _ W 

Or/4 )(Z>f  -  D\) 

P  _  DeG  __  D\  —  D\  w  _  4 w 

1  ~  D^~  (tt/4 ){D\  -  D\)  ~  ^ 

Without  a  core  the  result  is  the  same. 


p  _  DG  Do  w  _  4 w 

1  ~  T  ~  7  (ir/4)Z)|  ” 

Since  the  Reynolds  number  remains  the  same,  the  advantage  of  the  cores 
is  manifested  by  the  smaller  value  of  De  to  D  in  Eq.  (6.1).  However, 
the  use  of  cores  eliminates  the  possibility  of  free  convection  as  correlated 
by  Eq.  (10.4),  since  the  cores  disrupt  the  natural-convection  currents. 
Cores  are  most  advantageously  employed  only  when  the  fluid  is  viscous 
and  free  convection  is  precluded. 

Any  size  of  core  may  be  employed,  and  it  is  customary  to  use  18  BW(? 
or  lighter  heat-exchanger  tubes  for  the  purpose.  If  the  tube  is  sealed  by 
clamping  in  a  vise,  the  core  must  be  of  such  size  that  one-half  its  perimeter 
is  greater  than  the  inside  diameter  of  the  tube  into  which  it  is  to  be 
inserted.  If  the  clamped  width  is  less,  the  core  is  secured  by  welding 

1  Unlike  the  annulus  of  a  double  pipe  exchanger,  the  wetted  perimeter  is  the  cir¬ 
cumference  at  the  inside  diameter  of  the  outer  tube  rather  than  the  outer  diameter  of 

the  inner  tube. 
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small  rods  at  the  clamped  ends,  which  are  larger  than  one-half  the  perim¬ 
eter  of  the  tube.  The  cores  are  inserted  with  the  sealed  end  at  the  inlet 
of  each  pass,  so  that  in  multipass  exchangers  half  are  inserted  at  the 
channel  and  half  at  the  opposite  end  of  the  bundle. 

Since  cores  produce  considerable  inlet  and  exit  turbulence,  it  is  fair  to 
assume  that  substantial  mixing  occurs  between  passes.  In  such  cases  the 
unmixed  length  of  path  may  be  taken  as  the  tube  length. 

The  equivalent  diameter  for  pressure  drop  is  smaller  than  that  for 
heat  transfer  because  the  wetted  perimeter  is  the  sum  of  the  circumfer¬ 
ences  of  the  inside  of  the  tube  plus  the  outside  of  the  core.  Ordinarily,  if 
there  is  a  large  quantity  of  liquid  flowing  but  the  viscosity  is  high,  the 
pressure  drop  will  be  quite  large.  If  the  flow  is  scanty  and  the  viscosity 
is  small,  the  pressure  drop  will  usually  be  negligibly  small  despite  the  use 
of  a  core. 


Example  10.3.  Gas  Oil  Heater  Using  Cores.  In  an  effort  to  make  the  exchanger 
in  Example  10.2  suitable  for  the  flow  of  50,000  lb  /hr  of  28°API  gas  oil,  the  use  of  cores 
will  be  investigated.  The  oil  will  be  heated  from  105  to  130°F  using  steam  at  250°F. 
Comparisons  will  be  made  with  Example  10.2. 

The  correct  core  cannot  always  be  selected  for  the  first  trial,  and  it  is  usually  neces¬ 
sary  to  assume  several  core  sizes  and  carry  out  the  calculation. 

Viscosities  of  the  oil  in  the  low  temperature  range  are 


°F 

m,  cp 

250 

2.0 

200 

3.1 

150 

5.0 

125 

6.3 

100 

8.2 

Solution: 


Exchanger : 

Shel1  side  Tube  side 

ID  =  1514  in.  Number  and  length  =  86,  12'0" 

Baffle  space  =  15  in.  OD,  BWG,  pitch  =  1  in.,  16  BWG,  l^-in.  tri. 
rasses  -  ]  Passes  =  2 

Assume  that  3^-in.,  18  BWG  cores  are  used. 

(1)  Heat  balance: 

Gas  oil  Q  =  50,000  x  0.47(130  -  105)  =  587,000  Btu/hr 
Steam,  Q  =  6220  X  945.5  =  587,000  Btu/hr 

Hot  Fluicl  Cold  Fluid 


250 

Higher  Temp 

130 

120 

250 

Lower  Temp 

105 

145 

0 

Differences 

25 

25 

At  =  LMTD  =  132. 5°F  (true  counterflow) 


(5.14) 
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(3)  Tc  and  tc: 

,  =  (<t  +  h)  _  130  +  105 
“  2  2 

Hot  fluid:  shell  side,  steam 


117. 5°F 


(4')  a,  =  ID  X  C'B/U4Pt  [Eq.  7.1)] 
=  15.25  X  0.25  X  15/144  X  1.25 

=  0.318  ft2 


(6')  G .  =  W/a, 

=  6220/0.318 


[Eq.  (7.2)] 


=  19,600  lb/(hr)(ft2) 

(6')  At  Ta  =  250°F, 
u  =  0.013  X  2.42  =  0.0314  lb/(ft)(hr) 

[Fig.  15] 

De  =  0.72/12  =  0.060  ft  [Fig.  29] 

Res  =  DeGs/fi  (for  pressure  drop) 

[Eq.  (7.3)] 

=  0.06  X  19,600/0.0314  =  37,400 


(9')  Condensation  of  steam: 
ho  =  1500 


(10')  tw: 

tyjj  —  t  a  { 


h\o  "i"  he 


( Ta  -  to)  [Eq.  (5.31)] 


=  117.5  + 
=  249°F 


1500 


19.5  +  1500 


(250  -  117.5) 


Cold  fluid:  tube  side,  crude  oil 


(4)  a't=-  (, d\  -  d\) 

=  \  (0.872  -  0.502)  =  0.40  in.2 

(d2  and  di  are  the  annulus  diameters,  in.) 
at  =  Ntat/UAn  [Eq.  (7.48)] 

=  86  X  0.40/144  X  2  =  0.119  ft2 

(6)  Gt  =  w/at 

=  50,000/0.119 

=  420,000  lb/(hr)(ft2) 
,  d\  -  d\  0.872  -  0.502 
d2  0.87 

=  0.582  in. 

D,  =  0.582/12  =  0.0485  ft 
At  to  =  117.5°F, 

n  =  6.9  X  2.42  =  16.7  lb/(ft)(hr) 

Ret  —  DeGt/n 

=  0.0485  X  420,000/16.7  =  1,220 
Assume  mixing  between  passes  L/De 

o  12/0.0485  =  247 

(7)  jH  =  3.10 

(8)  At  n  =  6.9  cp  and  28°API 
k(Ctx/k)H  =  0.35  Btu/(hr) (ft2) (°F/ft) 

[Fig.  16] 


(9) 


hi  _  k 


■■  (cu\ 

'A  k) 


[Eq.  (6.15a)] 


<f>t  D 

=  3.10  X  0.35/0.0485  =  22.4 


[Eq.  (6.5) 


=  22.4  X  0.87/1.0  =  19.5 
(11)  At  tw  =  249°F, 

Mu,  =  2.0  X  2.42  =  4.84  lb/(ft)(hr) 

[Fig.  14] 

<t>t  =  (m/m«>)0,14 

=  (16.7/4.84)0*14  =  1.18 


(12)  hi0  =  -r  4* 

<pt 


[Eq.  (6.37)] 


=  19.5  X  1.18 

=  23.0  Btu/(hr)(ft2)(°F) 


(13)  Clean  overall  coefficient  Uc : 

tj  _  =  23.0  X  1500  =  22  6  Btu/(hr)(ft2)(°F)  (6.38) 

Uc  "  hie  +  h0  23.0  4-  1500 


STREAMLINE  FLOW  AND  FREE  CONVECTION 


213 


(14)  Design  overall  coefficient  U d 

A  =  270  ft* 

Q  587,000 

Ud  A  At  =  270  X  132.5 


16.4  Btu/(hr)(ft*)(°F) 


(16)  Dirt  factor  Rd : 

R*  -  -  wot  =  0  0172  <6-13> 


Summary 


1500 

h  outside 

19.4 

Uc 

22.6 

UD 

16.4 

Rd  Calculated  0.0172 

Note  that  the  cores  make  the  heater  operable. 


(1')  For  Re,  =  37,400, 
/  =  0.0016  ft2/in.. 


(Table  7) 


(2')  No.  of  crosses,  N  -f-  1  =  12 L/B 

[Eq.  (7.43)] 

=  12  X  12/15  =  10 
v  «=  13.82  ftyib 

S  ~  13.82  X  62.5  =  000116 
D,  =  15.25/12  =  1.27  ft 

(3')  a P,  =  -  WW'M  +  1) 

2  5.22  X  1010Des<£g 

[Eq.  (7.52)] 
0.0016  X  19,600*  X  1.27 

=  _ _ _  X  10 

2  5.22  X  1010  X  0.060 


Pressure  Drop 

(1)  d[  =  (d2  -  dt)  [Eq.  (6.4)] 

[Fig.  29]  ,  =  (0.87  -  0.50)  =  0.37  in. 

D[t  =  0.37/12  =  0.0309  ft 
Ret  =  D'eGt/n 

=  0.0309  X  420,000/16.7  =  777 
/  =  0.00066  ft2/in.2  [Fig.  26] 

(2)  For  streamline-flow  pressure  drop: 

<h  =  (16.7/4. 84)0-26  =  1.35 
s  =  0.85  [Fig.  6] 

fG\Ln 


=  1.4  psi 


X  0.00116  X  1.0 


A Pt  = 


5.22  X  10 10D's4>t  ^Eq*  ^7‘45^ 


(Z\  = _ 0.00066  x  420, 0002  X  12  X  2 

5.22  X  1010  X  0!0309  X  0.85 

X  1.35 


=  1.5  psi 
APr  =  negligible 


[Eq.  (7.46)] 


lA'oZ  d!rt  fKact0”h0Uld  be — —use  of 

use  of  a  %  or  Kin.  OD  core  ^though  eiZof^sce  l°  the 

greater  pressure  drop.  g  9  1  ores  Wl11  cause  a  considerably 
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Streamline  Flow  in  Shell.  When  an  exchanger  is  selected  to  fulfill 
process  conditions  from  among  existing  exchangers,  streamline  flow  in 
tubes  should  be  avoided  if  possible.  By  comparison  with  turbulent  flow, 
streamline  flow  requires  the  use  of  a  larger  surface  for  the  delivery  of 
equal  heat.  Sometimes  streamline  flow  in  tubes  is  unavoidable  as  when 
there  is  a  great  unbalance  betw  m  both  the  sizes  of  the  two  streams  and 
the  shell-side  and  tube-side  flow  areas.  If  the  flow  area  of  the  shell  is 
greater  than  that  of  the  tubes  and  one  of  the  fluid  quantities  is  much 
larger  than  the  other,  it  may  be  imperative  in  meeting  the  allowable  pres¬ 
sure  drop  to  place  the  smaller  stream 
in  the  tubes.  Still  other  instances  of 
streamline  flow  arise  when  a  liquid  is 
placed  in  the  tubes  for  corrosion  reasons 
whereas  from  the  standpoint  of  fluid 
flow  it  logically  belongs  in  the  shell. 

Streamline  flow  in  shells,  on  the  other 
hand,  is  fortunately  a  rare  problem.  It 
occurs  at  a  Reynolds  number  well  below 
10,  as  plotted  in  Fig.  28,  due  to  the  con¬ 
stantly  changing  flow  area  across  the 
long  axis  of  the  bundle.  The  shell  is 
consequently  an  excellent  place  in  which 
to  locate  a  scanty  stream.  The  fouling 
factors  of  Table  12  have  been  predicated 
upon  turbulent  flow,  and  for  low  tube 
velocities  they  should  be  increased  per¬ 
haps  50  to  100  per  cent  to  provide  addi¬ 
tional  protection. 

Free  Convection  outside  Tubes  and  Pipes.  The  mechanism  of  free 
convection  outside  a  horizontal  cylindrical  shape  differs  greatly  from 
that  within  it.  On  the  outside  of  a  pipe  the  convection  currents  are  not 
restrained  as  they  are  within  io,  and  heated  fluid  is  usually  free  to  rise 
through  greater  heights  of  cold  fluid  thereby  increasing  the  convection. 
The  atmosphere  about  a  pipe  has  been  explored  by  Ray,1  and  the  iso¬ 
therms  are  shown  schematically  in  Fig.  10.3.  Cold  air  from  the  rela¬ 
tively  ambient  atmosphere  travels  in  toward  the  hot  tube  whence  it  is 
heated  and  rises.  Numerous  investigators  have  established  the  influence 
of  the  Grashof  and  Prandtl  numbers  on  the  correlation  of  free  convection. 
Unfortunately  most  of  the  experimental  information  has  been  obtained 
on  apparatuses  such  as  single  tubes  and  wires  rather  than  industrial  equip¬ 
ment.  Accordingly,  however,  the  film  coefficient  for  free  convection  to 
i  Ray)  b.  B.,  Proc.  Indian  Assoc.  Cultivation  Sci.,  6,  95  (1920). 
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gases  from  horizontal  cylinders  can  be  represented  by 

KD  _  \(D\?Jg$  At\  A//X/M0’25 

kf  ~a[\  m}  )\kf) J 

where  he  is  the  free  convection  coefficient  and  all  the  properties  are 
evaluated  at  the  fictitious  film  temperature  tf  taken  as  the  mean  of  the 
temperature  of  the  heating  surface  and  the  bulk  temperature  of  the  fluid 
being  heated.  Thus 

If  =  (10.6) 


For  the  most  part  it  is  difficult  to  obtain  good  data  for  the  various  types 
and  sizes  of  equipment  used  in  industry.  This  is  due  in  part  to  the  inter¬ 
ference  and  complexities  of  free-convection  heating  elements  such  as 
banks  of  tubes  and  the  inability  to  control  an  atmosphere  of  fluid  to  the 
extent  necessary  for  good  experimental  results. 

Free-convection  correlations  from  the  outside  surfaces  of  different 
shapes  which  are  of  direct  engineering  value  fall  largely  into  two  classes: 
free  convection  about  single  tubes  or  pipes  and  free  convection  about 
vessels  and  walls.  McAdams1  gives  an  excellent  review  of  the  work  done 
heretofore  in  this  field.  It  is  apparent  that  free-convection  currents  are 
not  only  influenced  by  the  position  of  the  surface  but  also  by  its  proximity 
to  other  surfaces.  A  hot  horizontal  surface  sets  up  currents  which  differ 
greatly  from  those  set  up  by  a  vertical  surface.  McAdams  has  sum- 
maiized  these  in  a  simplified  dimensional  form2  for  free  convection  to  air. 


Horizontal  pipes: 

Long  vertical  pipes: 

Vertical  plates  less 
than  2  ft  high: 

Vertical  plates  more 
than  2  ft  high: 
Horizontal  plates: 
Facing  upward: 
Facing  downward: 


0.50 


'(s) 

- 04 (fj ' 


hc  =  0 


K  =  0.3  A*0-25 


25 


00.7) 

(10.8) 

(10.9) 

(10.10) 


(10.11) 

(10.12) 


hc  =  0.38  At°-2i 
hc  =  0.2  At0-2* 

where  At  is  the  temperature  difference  between  hot  surface  and  cold  fluid 
n  F,  da  is  the  outside  diameter  in  inches,  and  z  is  the  height  in  feet.  d 

'  McAdams,  W,  H.,  “Heat  Transmission,”  2d  ed  nn  217  94K  tut  n 
Company,  Inc.,  New  York,  1942.  ’’  PP'  J37~246>  McGraw-Hill  Book 

2  Perry,  J.  H.,  “Chemical  Engineers'  Handbook  "  va  a-t,  ^ 

Book  Company,  Inc.,  New  York,  1950  ’  *  d  Ed-’  p’  4'4>  McGraw-Hill 
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QOOOI  i 

Q00007  z 

m 

0.00003  ~ 


No 

Liquid 

28 

Acetic  Acid 

10 

Acetone 

25 

Aniline 

23 

Benzene 

19 

n-Butanol 

15 

Carbon  Disulfide 

27 

Carbon  Tetrachloride 

18 

Ethanol 

21 

Ethyl  Acetate 

16 

Ethvl  Ether 

3 

Hydrochloric  Acid 30% 

3 

Methanol 

7 

n-  Pentane 

22 

Sulfuric  Acid  98 7o 

26 

Sulfuric  Acid  60"% 

20 

Toluene 

2 

Water 

No 

Gas 

7 

Air 

9 

Ammonia 

12 

Carbon  Dioxide 

7 

Carbon  Monoxide 

1 

Hydrogen 

4 

Methane 

8 

Nitric  Oxide 

6 

Nitrogen 

5 

Oxygen 

14 

Sulfur  Dioxide 

1 1 

Water 

tf 

Mean  temperature  of 
fTIm-0  F 

hc 

Film  coefficient 

Btu/  (hr)(ft2)(°F) 

At 

Temperature  differ¬ 
ence  across  film-°F 

P 

Absolute  pressure  of 
gas-atmospheres 

do 

Outside  diameterof 
cylinder-inches 

kf 

Thermal  conductivity 
Btu  /  (hr)(ftzH°F/ftt 

Pf 

Density  at  1  atm. 

Ib/cu  ft 

Cf 

Specific  heat 

<3 

Coeff.  of  thermal 

expansion  l/°  F 

Viscosity 

lb/(hr)(ft) 

'o 

cr 


At 

do 


ut 
V 
v> 

0 
O 

p2  At 

do 

-20,000,000 

|1 0,000,000 
16,000,000 

r^oo  0,000 


500j  L 

400-t  1,000,000 
300^600,000 


200“ 


■k  1 0  0,000 

l0°3  [60,000 


80: 

70: 


:30,000 


2-' 


300,000 


0,000 

30ii^000 

2 Or  r3,000 

\k  1,000 

10:  [600 

8$ 

'300 


100 


3-^60 


30 
1:20 


Fig  10  4  Free  convection  outside  horizontal  pipes  and  tubes.  [T.  H.  Chilton,  A.  P. 
Colburn,  R.  P.  Generaux,  and  H.  C.  Vernon,  Trans.  ASME  Petroleum  Mech.  Eng.,  55,  5 

(1933).]’ 


For  single  horizontal  pipes  the  dimensionless  expression  will  apply 
except  that  a  will  vary  between  0.47  and  0.53  between  small  and  large 

pipes.  Thus 


hcD0 


0.47 


[( “FOteT 


(10.13) 
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Chilton,  Colburn,  Generaux,  and  Vernon1  have  developed  an  alignment 
chart  which  gives  conservative  coefficients  for  a  single  pipe  but  which  has 
been  used  by  the  author  and  others  without  noticeable  error  for  the 
calculations  of  free  convection  outside  banks  of  tubes.  The  dimensional 
equation,  plotted  in  Fig.  10.4  for  gases  and  liquids,  is 


25 


(10.14) 


where  m/  is  in  centipoises.  Of  the  four  axes  in  the  alignment  chart  one 
is  the  reference  line  of  values  of  kjpfcffi/ pf  -which  allows  its  use  for  fluids 
other  than  those  whose  key  numbers  are  given  in  Fig.  10.4.  The  use 
of  the  chart  for  tube  bundles  requires  that  the  pipes  or  tubes  not  be 
located  too  closely  to  the  bottom  of  the  vessel  or  too  closely  among 
themselves  so  that  they  interfere  with  the  natural-convection  currents. 
The  tubes  should  not  be  located  closer  than  several  diameters  from  the 
bottom  of  the  vessel,  nor  should  the  clearance  between  tubes  be  less  than 
a  diameter.  Notwithstanding  the  data  available,  free-convection  design 
is  not  very  accurate,  and  reasonable  factors  of  safety  such  as  large  fouling 
factors  are  recommended. 

The  use  of  the  several  types  of  free-convection  correlations  for  fluids 
outside  tubes  is  demonstrated  by  the  typical  problem  which  follows. 

Example  10.4.  Calculation  of  a  Heating  Bundle  for  an  Aniline  Storage  Tank  A 

horizontal  outdoor  storage  tank  5'0"  ID  by  12'0"  long  and  presumed  cylindrical  is  to 


be  used  for  aniline  storage  at  a  constant  temperature  of  100°F  even  thono-h  ™  i 
mg  atmospheric  temperature  should  fall  to  0°F  TV.n  +  i  •  ,  .  g  tllePrevail- 

shielded  from  the  wind.  Heat  win  1  r  u  6  tank  18  not  lnsulated  but  is 
bundle  connected  through  the  bottom  oTtheT  l/  °?  exhaust  steam  through  a 

of  6'0"  lengths  of  1-in IpS  pine  The  ™  ^  ^  105  and  «®*ting 

throttle  the  steam  would  maV  the  ^  21)  ‘° 

How  many  lengths  of  pipe  should  be  provided  ? 

Horn  thetnk  to\hellXee  PThis ' ”  “  Vt™?*  h°W  mU°h  heat  be  lost 
designed.  atn>osphere.  Th.s  g.ves  the  heat  load  for  which  the  coil  must  be 

Petroleum  Mech.  Eng^sl^ig^' P'  Generaux> and  H- c-  Vernon,  Trans.  A.S.M.B., 
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From  Eq.  (10.7)  to  (10.12)  the  convection  coefficient  to  air  will  be  somewhere 
between  he  =  0.2  A *»•»  and  he  =  0.3  At°**  for  the  entire  tank  surface.  Since  the 
equation  giving  the  higher  value  of  hc  is  safer. 

Convection  loss: 

hc  -  0.3  A i0-26 


Neglecting  the  temperature  drop  thro  gh  the  tank  metal 


At  =  100  —  0  =  100°F 

hc  =  0.3  X  1000-25  =  0.95  Btu/(hr)(ft2)(°F) 

Radiation  rate,  hr  =  /100)4  ~  (^WlOO)4] 

J-  l.abs  T 2.ftbs 

Assuming  an  emissivity  of  about  0.8, 


(4.32) 


hr  = 


0.173  X  0.8(5.64  -  4.64) 
100 


=  0.75  Btu/(hr)(ft2)(°F) 


Combined  loss: 


he  +  hr  =  0.95  +  0.75  =  1.70  Btu/(hr)(ft2)(°F) 

Total  tank  area  =  2ir-  *  5*  +  tt  X  5  X  12  =  227.8  ft2 

4 

Total  heat  loss,  Q  =  (hc  +  K)A  At  =  1.70  X  227.8  X  (100  -  0)  =  38,800  Btu/hr 

This  heat  must  be  supplied  by  the  pipe  bundle. 

Assuming  exhaust  steam  to  be  at  212°F, 


At  212  -  100 
do  ~  1.32 

212  +  100 


=  85 

=  156°F  (nearly) 


From  Figure  10.4,  he  =  48  Btu/(hr)(ft2)(°F). 

Uc  -  =  Ijffi-rjf  =  46-5  Btu/(hr)(ft»)(*F)  (6.38) 

fi\0  I  ho  1 OOU  *1  4o 

Assume  a  dirt  factor  of  0.02  (hr)(ft2)(°F)/Btu 

^  -  fttw:  ■  tffi  - 241  Btu/(hrKft!)rr) 

.  Q 

Total  surface,  A  =  y 

=  38,800/24.1  X  (212  -  100)  =  14.4  ft2 

Area/pipe  =  0.344  X  6  =  2.06  ft2  (Table  11) 

Number  of  pipes  =  14.4/2.06  =  7 
These  may  be  arranged  in  series  or  parallel. 


PROBLEMS 

10.1.  9000  lb/hr  of  34°  A  PI  crude  oil  at  100°F  (see  Example  10.1  f  or  viscosities) 
enter  the  tubes  of  a  17X  in.  ID  1-2  exchanger  containing  118  tubes  1  m.  OD  16  BWG, 
12/0'/  long  arranged  for  two  passes  in  triangular  pitch.  I  18  6811-6  .  . 

an  outlet  temperature  of  150°F  using  steam  at  250°F.  What  is  the  actual  ou 

temperature? 
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10.2.  37,000  lb /hr  of  an  organic  compound  whose  properties  are  closely  approxi¬ 
mated  by  the  28°API  gas  oil  in  the  Appendix  is  to  be  heated  by  steam  in  the  tubes  of 
a  clean  exchanger  because  the  shell  baffles  are  half-circle  support  plates.  The  oil  is 
to  be  heated  from  100  to  200°F  by  steam  at  325°F. 

Available  for  the  service  is  a  27  in.  ID  1-2  exchanger  containing  334  1  in.  OD, 
16  BWG,  16'0"  long  tubes  arranged  for  two  passes  on  134 -in.  triangular  pitch. 

(a)  Determine  the  dirt  factor  if  the  oil  is  not  mixed  between  passes?  ( b )  What  is 

the  actual  outlet  temperature  of  the  oil  if  the  fluid  is  mixed  between  passes? 

10.3.  22,000  lb /hr  of  a  flushing  oil  closely  resembling  28°API  gas  oil  is  to  be  heated 
from  125  to  175°F  to  improve  filtration.  Available  as  a  heating  medium  is  another 
line  corresponding  to  a  35°API  distillate  at  280°F.  The  temperature  range  of  the 
distillate  will  be  only  5°F  so  that  the  exchanger  is  essentially  in  counterflow. 

Available  for  the  service  is  a  21 34  in.  ID  1-2  exchanger  containing  240  %  in.,  16 
BWG  tubes  8'0"  long.  Tubes  are  arranged  for  six  passes  on  1-in.  square  pitch. 
Baffles  are  spaced  8  in.  apart.  Because  of  contaminants  the  flushing  oil  will  flow  in 
the  tubes. 

Investigate  all  the  possibilities,  including  the  use  of  cores,  to  make  the  exchanger 
operable.  Pressure  drops  are  10  psi,  and  a  combined  dirt  factor  is  0.015  (not  to  be 
confused  with  0.0015). 

10.4.  A  vertical  cylindrical  storage  tank  6'0"  ID  and  8'0"  tall  is  filled  to  80  per  cent 
of  its  height  with  ethylene  glycol  at  150°F.  The  surrounding  atmosphere  may  fall  to 
0°F  in  the  winter,  but  it  is  desired  to  maintain  the  temperature  within  the  tank  by 
using  a  rectangular  bank  of  1  in.  IPS  pipes  heated  with  exhaust  steam  at  225 °F 
How  much  surface  is  required?  How  should  the  pipes  be  arranged? 


_  r  r 

a 
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D 
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NOMENCLATURE  FOR  CHAPTER  10 

Heat  transfer  surface,  ft2 
External  surface  per  linear  foot,  ft 
Flow  area,  ft* 

Baffle  spacing,  in. 

Constants,  dimensionless 

Inside  diameter  of  tubes  or  pipes,  ft 

Outside  diameter  of  tubes  or  pipes,  ft 

Equi\  alent  diameter  for  heat  transfer  and  pressure  drop,  ft 
Inside  diameter  of  tubes,  in. 

Outside  diameter  of  tubes,  in. 

Friction  factor,  ft2/in.2 
Mass  velocity,  lb/(hr)(ft2) 

Grashof  number,  dimensionless 

Grashof  number  at  the  average  or  bulk  temperature,  dimensionless 
Acceleration  of  gravity,  ft /hr2 

HflnMranSfCT  (c0e®cie”t  in  Senera‘.  for  “Side  fluid,  and  for  outside 
fluid,  respectively,  Btu/(hr)(ft2)(°F) 

Value  of  hi  when  referred  to  the  tube  outside  diameter 

Heat-transfer  coefficient  for  free  convection,  Btu/(hr)(ft2)(°F) 

Heat-transfer  coefficient  for  radiation,  Btu/tt>*)(ft2)(°F) 

Factor  for  heat  transfer,  dimensionless 

Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft> 

Tube  length  or  length  of  unmixed  path,  ft- 

Number  of  tube  passes 
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A P 


APt,  A Pr,  A Pt 

Pt 

Ra 

Re,  Re' 


Ta,  Tc 

ta, 

ta,  tc 


tf 


ti 


I'P)  VW 

At 
A  ta 


Uc,  Ud 

V 

W,  w 
z 

a 

0 

M 

/Ad 

/ 

Pf 

/> 

4> 

* 


Pressure  drop  in  general,  psi 

Total,  tube,  and  return  pressure  drop,  respectively,  psi 
Tube  pitch,  in. 

Combined  dirt  factor,  (hr)  (ft2)  (°F)  /Btu 

Reynolds  number  for  heat  transfer  and  pressure  drop,  dimensionless 

Specific  gravity,  dimensionless 

Average  and  caloric  te  iperature  of  hot  fluid,  °F 

Inlet  and  outlet  temperatures  of  cold  fluid,  °F 

Average  and  caloric  temperatures  of  cold  fluid,  °F 

Film  temperature  Y  ( tw  +  ta ),  °F 

Temperature  at  end  of  first  pass,  °F 

Inside  and  outside  tube  wall  temperatures,  °F 

Temperature  difference  for  heat  transfer,  °F 

Temperature  difference  between  tube  wall  and  average  fluid  temper¬ 
ature,  °F 

Clean  and  design  overall  coefficients,  Btu/(hr)(ft2)(°F) 

Specific  volume,  ft3/lb 

Weight  flow  of  hot  and  cold  fluid,  lb/hr 

Height,  ft 

Constant 

Coefficient  of  thermal  expansion,  1/°F 
Viscosity,  centipoises  X  2.42  =  lb/(ft)(hr) 

Viscosity  at  tube  wall  temperature,  centipoises  X  2.42  =  lb/ (ft) (hr) 
Viscosity  at  film  temperature,  centipoises 
Density,  lb /ft 3 

(n/nw)°-u.  For  pressure  drop  in  streamline  flow,  (m/m«,)0-25 
Free  convection  correction,  Eq.  (10.5),  dimensionless 


Subscripts  (except  as  noted  above) 

Evaluated  at  the  film  temperature 
Shell  side 
Tube  side 


s 

t 


CHAPTER  11 

CALCULATIONS  FOR  PROCESS  CONDITIONS 


Optimum  Process  Conditions.  The  experience  obtained  from  the 
calculation  of  existing  tubular  exchangers  will  presently  be  applied  to 
cases  in  which  only  the  process  conditions  are  given.  Before  undertak¬ 
ing  these  calculations  an  investigation  will  be  made  to  determine  whether 
or  not  several  related  pieces  of  equipment  can  avail  themselves  of  the 
overall  process  temperatures  in  an  optimum  manner.  This  is  an  eco¬ 
nomic  affair  similar  to  that  for  the  optimum  outlet-water  temperature 


ana  me  optimum  use  of  exhaust  steam  discussed  in  Chap  7  Often 
an  exchanger  operates  in  series  with  a  cooler  and  a  header  as  shown  in 
,,  '  ’  e  c°°  ei  regulates  the  final  temperature  of  the  hot  fluid 

?n™T?p,”“h“ m  wr  c“  °"  *h* «" » 

Unless  equipped  with  a  by-pSt  «duce  ^  a  dirty  COefficfent  U »• 

ature  ranges  of  both  fluids  will  exceed  tbA  h  gh  ^he  danger,  the  temper¬ 
throttling  the  steam  and  water  in  the  heater  an  i°CCS,  cor“lltlons-  This  is  offset  by 
utility  costs.  C  heater  and  cooler  and  accordingly  reducing  the 
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heat  is  not  recovered  in  the  exchanger  must  be  removed  or  added  through 
the  use  of  additional  steam  in  the  heater  and  additional  water  in  the 
cooler,  which  raises  the  initial  costs  of  the  two  as  well  as  the  operating 
cost  of  the  process.  This  arrangement  suggests  the  presence  of  an  opti¬ 
mum  distribution  of  temperatures  so  that  the  fixed  and  the  operating 
charges  will  combine  to  give  a  m  limum. 

Among  a  number  of  examples  of  heat  recovery  available  in  the  chemical 
and  power  industries,  that  of  Fig.  11.1  is  typical.  It  shows  the  flow 
sheet  of  a  simple  vapor-recovery  system  such  as  is  employed  in  the  strip¬ 
ping  of  gasoline  from  natural  gas,  an  absorption  and  distillation  process, 
although  the  absorber  and  distilling  column  are  not  a  part  of  the  present 
analysis.  Only  the  pertinent  heat-flow  lines  are  dash  enclosed.  The 
natural  gas  coming  from  the  earth  is  laden  with  gasoline  vapors  which 
command  a  higher  price  when  separated  from  the  natural  gas  and  con¬ 
densed.  The  rich  gas  enters  the  absorber  where  it  contacts  an  absorbent; 
usually  a  nonviscous  oil,  in  which  the  gasoline  vapors  selectively  dissolve. 
The  outlet  gas  of  reduced  gasoline-vapor  concentration  is  lean  gas.  The 
absorbent  leaves  the  bottom  of  the  absorber  with  the  dissolved  vapors  as 
rich  oil  It  must  next  be  fed  to  a  distilling  column  where  the  gasoline 
and  the  oil  are  separated  by  steam  distillation.  The  oil  leaving  the 
bottom  of  the  distilling  column  is  substantially  free  of  the  solute  and 
therefore  lean  oil  Absorption  is  favored  by  low  temperatures,  while 
distillation  requires  higher  temperatures  so  that  the  gasoline  can  be 
vaporized  from  the  oil.  The  exchanger,  heater,  and  cooler  are  repre¬ 
sented  in  Fig.  11.1  by  E,  H,  and  CR ,  respectively.  The  temperatures 
to  and  from  the  absorber  and  distilling  column  will  be  considered  fixed 
by  equilibrium  conditions  whose  definitions  are  beyond  the  scope  of  this 
study.  The  temperatures  of  the  steam  and  water  will  also  be  fixed. 
The  nucleus  of  the  problem  lies  in  determining  the  exchanger  outlet 
temperatures  Tx  or  ty,  either  of  which  fixes  the  other,  so  that  the  total 
annual  cost  of  the  three  heat-transfer  items  will  be  a  minimum. 

If  CE  Ch,  and  Ccr  are  the  annual  fixed  charges  per  square  foot  for  the 
exchanger,  heater,  and  cooler,  and  if  AE,  An ,  and  ACr  are  their  surfaces, 

the  five  elements  of  cost  are 

1.  Fixed  charges  of  exchanger,  CEAE 

2.  Fixed  charges  of  heater,  ChA  h 

3.  Cost  of  steam,  Cs,  dollars/Btu 

4.  Fixed  charges  of  cooler,  C ch  A  Cr 

5.  Cost  of  water,  Cw,  dollars/Btu 

The  surface  of  each  unit,  A  =  Q/U  M,  is  dependent  upon  its  true  tem- 
nerature  difference.  In  each  piece  of  equipment,  however,  the  true 
temperature  difference  depends  upon  either  T,  or  To  obtain  an 
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expression  for  the  minimum  cost  it  will  be  necessary  to  differentiate  the 
total  annual  cost  with  respect  to  either  Tx  or  ty  and  solve  for  Tx  or 
ty  after  setting  the  derivative  equal  to  zero.  For  simplicity  assume 
that  only  true  counterflow  exchangers  are  employed  so  that  the  true 
temperature  difference  and  LMTD  of  all  units  are  identical  and  that 
all  the  unit  fixed  charges  CE,  Ch,  Ccr  are  the  same  and  independent  of 
the  total  number  of  square  feet  of  each  unit.  The  equation  for  the  total 
annual  cost  CT  is  obtained  after  eliminating  ty  through  the  use  of  the 
dimensionless  group  R. 


CeWC(Ti-Tx )  .  (1  -  R)Ti  -  h  +  RTX 

Us[{  1  -E)Tx+(R-  l)7gln  Tx  -  ti 


+ 


Chwc  ^  Tt  —  1 1 


RT  i  +  RTX 


U  H  ~  T. 

CCrWC(Tx  -  Tt) 


ti 


In 


Tx  -  ti 


UCr[(Tx  -  Q  -  (Ti  -  /')]  T 2  -  t[ 


+  Ca0wc(t2  —  ti  —  RTi  +  RTX) 
+  Cw6WC{Tx  —  Ti)  (11.1) 


where  Us,  U h,  and  Ucr  are  the  overall  coefficients,  0  is  the  total  number 
of  annual  operating  hours,  and  the  other  temperatures  are  indicated  in 
Fig.  11.1.  When  differentiated  with  respect  to  Tx  and  set  equal  to  zero, 
the  equation  for  the  optimum  value  of  Tx  is 


0.  —  Ct6  T  C w9  -f- 


■  H 


1 


(Jh  [R{Fx  —  Ti)  -f-  (T t  —  ix)] 


4-  ^ CR  W  -  ti) 

Ucr  KTx  -  Ti)  +  (t[  -  ti)] 
+  C™ _ (Tx  -  Ti) 


In 


( Tx  -  t'2) 
(Tt  -  t[) 
1 


Ucr  [(Tx 

cE 


-  Ti)  +  (t[  -  Q ]  (Tx 
{T i  -  h) 


~  Q 


1 


(H.2) 


Ue  [(7h  -  ti)  +  R(TX  -  7h)]  (^7=^ 

Tx  can  be  obtained  by  a  trial- and-error  calculation. 

Actually  where  the  disposition  of  the  temperatures  justifies  obtaining 
the  optimum,  the  operation  will  be  too  large  to  permit  the  use  of  true 
counter  flow  in  all  of  the  equipment.  When  the  flow  pattern  in  the 
exchanger  alone  deviates  from  true  counterflow  and  At  is  given  by  Eq 
j!;37)’  the  PJoWwn  is  somewhat  more  difficult  to  solve  and  less  direct' 
owevei,  if  Ft  is  placed  m  the  denominator  of  the  last  term  in  Eq  (112) 
a  amplified  tnal-and-error  solution  can  be  obtained  for  a  system  using  ’ 

etC-’  efhanger'  Equati°n  (11.2)  is  not  particularly  useful  how- 
,  unless  extensive  data  are  available  on  the  installed  costs  and  fivpfl 

Sieder,  E.  N.,  Chem.  Met.  Eng.,  46,  322-325  (1939) 
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relative  cost  (per  square  foot)  of  surface  decreases  from  small  to  large 
exchangers.  The  fixed  charges  are  usually  arrived  at  as  a  percentage 
(30  per  cent)  of  the  initial  cost  per  square  foot,  and  this  varies  so  much 


Fig.  11.2.  Cost  of  tubular  surface  vs.  size  of  exchanger.  ( Sieder ,  Chemical  Engineering.) 


with  the  size  of  the  final  exchanger  that  several  successive  trials  are 
required  to  establish  the  proper  range  of  individual  costs. 

Other  obstacles  are  also  encountered  in  the  solution  of  a  general  equa¬ 
tion  for  the  optimum.  If  a  typical  problem  is  solved  for  a  system  with  a 
1-2  exchanger  and  the  calculated  value  of  Tx  comes  out  to  be  less  than  the 

practical  limit  of  Ft  =  0.75  —  0.80  in 


the  1-2  exchanger,  the  entire  calcula¬ 
tion,  though  valid,  must  be  repeated 
using  a  different  exchanger.  The  task 
of  obtaining  the  optimum  process  tem¬ 
peratures  can  be  achieved  more  readily 
by  graphical  means.  As  the  tempera¬ 
ture  Tx  is  varied,  there  are  two  opposed 
costs  as  follows:  As  Tx  is  increased,  the 
cost  of  the  utilities  increases  but  the 
initial  cost  and  fixed  charges  on  the  ex¬ 
changer  decrease.  By  assuming  several 
values  of  Tx  the  required  sizes  of  all  the 


Fig.  11.3.  Optimum  recovery  tem-  eqUipment  can  be  computed  for  each 
perature.  assumption.  From  the  overall  heat 

balances  the  operating  costs  of  the  utilities  can  also  be  obtained  The 
total  annual  costs  are  then  the  sum  of  the  two  costs  as  plotted  in  g. 
with  the  optimum  corresponding  to  the  point  indicated 

The  Optimum  Exchanger.  The  factors  which  are  favorable  for  the 
attainment  of  higher  film  coefficients  for  fluids  in  exchangers  also  increase 
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their  pressure  drops.  For  turbulent  flow  in  tubes  as  given  by  Eq.  (6.2) 
the  film  coefficient  varies  with  GJ-8,  whereas  the  pressure  drop  in  Eq.  (7.45) 
varies  with  G\.  This  means  that  if  the  tube-side  coefficient  is  the  con¬ 
trolling  coefficient  and  if  the  design  of  the  exchanger  can  be  altered  so  as 
to  increase  the  tube-side  mass  velocity,  the  overall  coefficients  Uc ,  UD 
also  increase  and  the  size  of  the  exchanger  can  be  reduced  accordingly. 
Offsetting  this  advantage  is  an  increase  in  the  pressure  drop  and  pumping 
power  costs  for  the  greater  mass  velocity.  As  in  the  calculation  of  the 
optimum  process  conditions,  there  is  an  optimum  exchanger  capable  of 
fulfilling  process  conditions  with  a  minimum  annual  cost.  The  achieve¬ 
ment  of  this  design,  however,  requires  an  exchanger  capable  of  providing 
the  optimum  fluid-flow  velocities  on  the  shell  as  well  as  the  tube  sides. 
This  would  frequently  entail  the  use  of  an  odd  number  of  tube  passes  or 
an  odd  tube  length,  which  is  inconsistent  with  industrial  practices. 
McAdams1  has  given  an  excellent  resume  of  the  equations  and  approxima¬ 
tions  required  for  establishing  the  optimum  exchanger  to  which  the  reader 
is  referred. 

Rating  an  Exchanger.  In  Chaps.  7  through  10  the  calculations  were 
carried  out  on  existing  exchangers.  In  the  application  of  the  Fourier 
equation  to  an  existing  exchanger,  Q  was  determined  from  the  heat 
balance;  A  from  the  number,  outside  diameter,  and  length  of  the  tubes; 
and  At  from  FT  X  LMTD,  permitting  the  solution  for  UD.  From  the 
fluid-flow  conditions,  h0,  hi0,  Uc,  and  the  pressure  drops  were  calculated. 
The  criterion  of  performance  Rd  was  then  obtained  from  UD  and  U c. 
When  there  is  no  available  exchanger  and  only  the  process  conditions  are 
known,  calculation  may  proceed  in  an  orderly  way  by  assuming  the 
existence  of  an  exchanger  and  testing  it  as  in  previous  examples  for  a 
suitable  dirt  factor  and  pressure  drops. 

To  prevent  the  loss  of  considerable  time,  rational  methods  of  assuming 
an  exchanger  should  be  developed.  By  returning  to  the  component 
parts  of  the  Fourier  equation  Q  =  UDA  At,  the  heat  load  Q  is  seen  to  be 
fixed  by  the  process  conditions,  while  At  is  obtained  by  assuming  a  fluid- 
flow  pattern.  Thus  if  it  is  desired  to  set  up  a  1-2  exchanger,  and  if  the 
process  temperatures  give  FT  >  0.75  -  0.80,  the  remaining  unknowns 
are  UD  and  A.  The  design  or  dirty  coefficient  UD  is  in  turn  related  by  a 
reasonable  dirt  factor  to  Uc,  which  reflects  the  heat-transfer  character¬ 
istics  of  the  two  fluids.  Previous  examples  in  the  text  suggest  that 

nUI?!e"1Ca  filJm  coefficients  may  be  expected  within  definite 
ranges  in  well-designed  exchangers  for  different  classes  of  fluids  It  is 

a  so  apparent  that,  except  where  both  coefficients  are  approximately 
Co'rnpI^Tnl'kwVlfrb^r8"11881011’’  M  ^  PP'  363-367’  ^w-HHl  Book 
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equal,  the  lower  film  coefficient  determines  the  range  of  Uc  and  UD.  In 
the  light  of  this  experience  if  a  trial  value  of  Ud  is  assumed  and  then 
substituted  into  the  Fourier  equation  to  supplement  calculated  values  of 
Q  and  At,  it  permits  the  trial  calculation  of  A.  To  facilitate  the  use  of 
ieasonable  trial  values  of  Ud  approximate  overall  coefficients  have  been 
presented  in  Appendix  Table  8  for  common  pairs  of  fluids. 

When  the  value  of  A  is  combi  ied  with  tube  length  and  pitch  prefer¬ 
ences,  the  tube  counts  in  Appendix  Table  9  become  a  catalogue  of  all  the 
possible  exchanger  shells,  from  which  only  one  will  usually  best  fulfill 
the  process  conditions.  Having  decided  which  fluid  will  tentatively  flow 
in  the  tubes,  the  trial  number  of  tube  passes  can  be  approximated  by  a 
consideration  of  the  quantity  of  fluid  flowing  in  the  tubes  and  the  number 
of  tubes  corresponding  to  the  trial  value  of  A.  The  trial  mass  velocity 
should  fall  somewhere  between  750,000  and  1,000,000  lb/(hr)(ft2)  for 
fluids  with  allowable  tube-side  pressure  drops  of  10  psi. 

If  the  trial  number  of  tube  passes  has  been  assumed  incorrectly,  a 
change  in  the  total  number  of  passes  changes  the  total  surface  which  is 
contained  in  a  given  shell,  since  the  number  of  tubes  for  a  given  shell 
diameter  varies  with  the  number  of  tube-pass  partitions.  The  assumed 
number  of  tube  passes  for  the  trial  surface  is  satisfactory  if  it  gives  a  value 
of  hi  above  U d  and  a  pressure  drop  not  exceeding  the  allowable  pressure 
drop  for  the  fluid.  One  may  next  proceed  to  the  shell  side  by  assuming  a 
trial  baffle  spacing  which  can  be  varied,  if  in  error,  over  a  wide  range 
without  altering  hi,  A,  or  At  as  computed  previously  for  the  tube  side. 
It  is  always  advantageous  therefore  to  compute  the  tube  side  first  to 
validate  the  use  of  a  particular  shell. 

In  calculating  an  exchanger  the  best  exchanger  is  the  smallest  one 
with  a  standard  layout  which  just  fulfills  the  dirt-factor  and  pressure- 
drop  requirements.  There  are  only  a  few  limitations  to  be  considered. 
It  is  still  assumed  that  there  is  no  advantage  in  using  less  than  the  allow¬ 
able  pressure  drop  and  that,  in  accordance  with  Fig.  28,  25  per  cent  cut 
segmental  baffles  will  be  employ*  1  within  the  minimum  and  maximum 
spacing.  The  extremes  of  the  spacing  range  are 

Maximum  spacing,  B  =  ID  of  shell,  in.  (11-3) 

Minimum  spacing,  B  =  - ^ - >  or  2  in.,  whichever  is  larger  (11.4) 

These  limitations  stem  from  the  fact  that  at  wider  spacings  the  flow  tends 
to  be  axial  rather  than  across  the  bundle  and  at  closer  spacings  there  is 
excessive  leakage  between  the  baffles  and  the  shell.  Owing  to  the  con¬ 
vention  of  placing  the  inlet  and  outlet  nozzles  on  opposite  sides  of  the 
shell,  the  end  baffles  may  not  exactly  conform  to  the  chosen  spacing 
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for  an  even  number  of  baffles  and  an  odd  number  of  crosses.  When 
using  a  close  convenient  spacing,  if  an  odd  number  of  baffles  is  indicated, 
the  pressure-drop  and  heat-transfer  coefficients  can  be  calculated  for  the 
chosen  spacing,  although  one  baffle  will  be  omitted  by  respacing  the 
extreme  end  baffles. 

The  different  combinations  of  the  number  of  tube  passes  and  the  baffle 
pitch  which  can  be  employed  in  a  given  shell  permit  the  variation  of  the 
mass  velocities  and  film  coefficients  over  broad  limits.  The  number  of 
tube  passes  can  be  varied  from  two  to  eight  and  in  larger  shells  to  sixteen. 
As  indicated  above,  the  shell-side  mass  velocity  can  be  altered  fivefold 
between  the  minimum  and  maximum  baffle  spacings.  It  is  desirable  to 
bear  in  mind  the  latitude  this  permits  in  the  event  that  the  first  trial 
baffle  spacing  and  tube  passes  have  been  wide  of  fulfilling  the  process 
conditions.  In  1-2  exchangers  the  least  performance  is  obtained  with 
two  tube  passes  and  the  maximum  baffle  space.  For  the  tube  side  in 
turbulent  flow 

h  cc  G?-8 
A Pt  oc  G]nL 

where  nL  is  the  total  length  of  path.  Going  to  eight  tube  passes  in  the 
same  shell  inside  diameter  the  changes  incurred  are 


but 


h 

h 


i( 8  passes) 


»( 2  passes) 


3 

1 


AF$(g  passes)  .  82  X  8  X  1  =  64 
AP*(2  passes)  22  X  2  X  1  1 


or  although  the  heat-transfer  coefficient  can  be  increased  threefold,  the 
pressure  drop  must  be  increased  64  times  to  accomplish  it.  For  stream¬ 
line  flow  the  expenditure  of  the  larger  amount  of  pumping  energy  will 
increase  the  tube-side  coefficient  only  by 


Jli(8  passes)  ( 8\  ^  1 . 58 

^■*(2  passes)  \2y  1 

pro\  ided  the  fluid  is  in  streamline  flow  in  both  cases, 
be  represented  approximately  by 


The  shell  side  may 


h0  cc  GJ-s 
A Pa  cc  Gl(N  +  1) 


Where  at  5s  the  number  of  baffles  and  N  +  1  the  number  of  bundle  crosses 
spacingsTre3  ”  ^  She"  betW6en  minimum  and  maximum  baffle 


h'O.TDin  __  f  5\ 0  ^  2.23 

ho, max  /  1 
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but 

AP,,mia  _  52  X  5  _  125 

AP  g.mai  l2  X  1  T 

Offsetting  this,  however,  is  the  fact  that  the  shell  side  yields  a  higher 
order  of  film  coefficients  for  the  smaller  of  the  two  streams  if  there  is  a 
great  difference  in  their  weight  fl  w  rates. 

Through  the  use  of  the  overall  coefficients  suggested  in  Table  8  and  a 
judicious  analysis  of  the  summary  of  the  first  trial  assumptions,  it  should 
be  possible  to  obtain  the  most  suitable  exchanger  on  the  second  trial. 

Tube  Standards.  There  are  numerous  advantages  in  standardizing 
the  outside  diameter,  gage,  and  length  of  the  tubes  used  in  a  plant. 


Fig.  11.4.  Cost  of  tubular  surface  vs.  tube  outside  diameter.  ( Sieder ,  Chemical 
Engineering .) 


Standardization  reduces  the  number  of  sizes  and  lengths  which  must  be 
carried  in  storage  for  the  replacement  of  tubes  which  develop  leaks.  It 
also  reduces  the  number  of  installing  and  cleaning  tools  required  for 
maintenance.  Pitch  standards  have  already  been  discussed  in  Chap.  7, 
but  the  selection  of  the  tube  diameter  has  an  economic  aspect.  Obviously 
the  smaller  the  diameter  of  the  tube  the  smaller  the  shell  required  for  a 
given  surface,  the  greater  the  value  of  h,  and  the  smaller  the  first  cost. 
The  nature  of  the  variation  in  C(  st,  taken  from  Sieder,  is  shown  in  Fig. 
11.4.  The  difference  is  small  between  the  use  of  %  and  1  in.  OD 
tubes.  The  cost  per  square  foot  rises  greatly,  however,  as  the  diameters 
increase  above  1  in.  OD.  Similarly  the  longer  the  tubes  the  smaller  the 
shell  diameter  for  a  given  surface,  and  from  Fig.  11.5  the  cost  variation 
between  the  use  of  12-,  16-,  and  20-ft  tubes  is  not  very  great  although 

8-ft  tubes  sharply  increase  the  first  cost. 

The  lower  cost  of  surface  obtained  from  the  smaller  outside  diameter 
and  greater  length  tubes  is  offset  by  the  fact  that  maintenance  and  par¬ 
ticularly  cleaning  are  costlier  with  long  tubes  of  small  outside  diameter. 
If  the  tubes  are  too  small,  under  %  in.  OD,  there  are  too  many  to  be 
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cleaned,  and  there  is  less  facility  in  handling  and  cleaning  the  smaller 
tubes.  If  the  tubes  are  too  long,  it  is  difficult  to  remove  the  bundle 
and  plot  space  must  be  allocated  not  only  for  the  exchanger  itself  but  also 
for  the  withdrawal  of  the  bundle.  Long  tubes  are  also  very  difficult  to 
replace,  especially  where  the  baffles  are  closely  spaced.  It  is  difficult 
to  obtain  comparative  maintenance  data  per  square  foot  as  a  function 
of  tube  diameter  or  length,  since  few  industrial  users  appear  to  employ 
an  assortment  of  tubes  or  have  kept  cost  data.  It  may  be  significant 


Fig.  11.5.  Cost  of  tubular  surface  vs.  tube  length.  ( Sieder ,  Chemical  Engineering.) 

that  for  exchanger  work  with  fluids  of  ordinary  fouling  characteristics  the 
and  1  in.  OD  tubes  are  employed  most  frequently.  For  chemical 
evaporators,  boilers,  and  fouling  services,  larger  tubes  are  customary. 

The  Calculation  and  Design  of  an  Exchanger.  The  outline  for  design 
follows: 


Given: 


Process  conditions: 


Hot  fluid:  Th  T2}  W,  C,  s,  /*,  k,  Rd,  A P 
Cold  fluid:  th  t2,  w,  c,  s,  /z,  h,  Rd,  A P 


The  tube  length,  outside  diameter,  and  pitch  will  be  specified  by  plant 
practice  or  may  be  determined  from  the  suggestions  in  Chap.  7. 


(1)  Heat  balance,  Q  =  WC(Ti  -  T2)  =  wc(t2  -  ti) 

(2)  True  temperature  difference,  At: 

LMTD: 


F T  from  Figs.  18  through  23 
At  =  LMTD  X  Ft 
(3)  Caloric  temperatures,  Tc  and  tc 


(5.14) 

(7.42) 

(5.28)  and  (5.29) 
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Trial  1 : 


For  the  exchanger: 

(а)  Assume  a  tentative  value  of  UD  with  the  aid  of  Table  8,  and  com¬ 
pute  the  surface  from  A  =  Q/UnAt.  It  is  always  better  to  assume  UD 
too  high  than  too  low,  as  this  practice  ensures  arriving  at  the  minimum 
surface.  Determine  the  corresp*  uding  number  of  tubes  using  Table  10. 

(б)  Assume  a  plausable  number  of  tube  passes  for  the  pressure  drop 
allowed,  and  select  an  exchanger  for  the  nearest  number  of  tubes  from 
the  tube  counts  of  Table  9. 

(c)  Correct  the  tentative  U D  to  the  surface  corresponding  to  the  actual 
number  of  tubes  which  may  be  contained  in  the  shell. 

The  performance  calculation  for  the  film  coefficients  should  start  with 
the  tube  side.  If  the  tube-side  film  coefficient  is  relatively  greater  than 
UD  and  the  pressure-drop  allowance  is  reasonably  fulfilled  and  not 
exceeded,  the  calculation  can  proceed  to  the  shell  side.  Whenever  the 
number  of  tube  passes  is  altered,  the  surface  in  the  shell  is  also  altered, 
changing  the  value  of  A  and  U  d-  For  the  remainder  of  the  calculation 
shown  here  it  is  assumed  that  the  cold  fluid  flows  in  the  tubes  as  it  does 
in  a  majority  but  not  necessarily  all  cases. 


Hot  fluid:  shell  side 

(4')  Assume  a  plausible  baffle  spacing  for 
the  pressure  drop  allowed. 

Flow  area,  a,  =  ID  X  C'B/144Pr  ft2 

(Eq.  (7.1)] 

(5')  Mass  vel,  G,  =  W/a,  lb/(hr)(ft2) 

[Eq.  (7.2)1 

(6')  Re,  =  D,G,/n  [Eq.  (7.3)] 

Obtain  D,  from  Fig.  28  or  compute  from 
Eq  (7.4). 

Obtain  ju  at  Tc 
(7')  Jh  from  Fig.  28 

(8')  At  Te  obtain  c  Btu/(lb)(°F)  and  k 
Btu/  (hr)  (ft*)  (°F  /ft) 

(<*/*)* 

(9')  h.  =  jx  ^  (%)*  *.  [EQ-  (6.15)1 

(10')  Tube-wall  temp,  tw 

(„  =  (.  +  ,-4-r  (T,  -  Q  Eq.  [5.31] 

flxo  "T  ho 

(11')  Obtain  n„  and  <t>,  —  (m/W0-14 

[Fig.  24] 

(12')  Corrected  coefficient, 

h  =  [Eq.  (6.36)] 

<t>, 

Check  pressure  drop.  If  unsatisfactory , 
assume  a  new  baffle  spacing. 


Cold  fluid:  tube  side 

(4)  Flow  area,  at:  Flow  area  per  tube  at 
From  Table  10 

at  =  Aha,'/144n,  ft2  [Eq.  (7.48^J 

ID  will  be  obtained  from  Table  10. 

(6)  Mass  vel,  Gt  —  w/at  lb/(hr)(ft2) 

(6)  Ret  =  DGt/n 
Obtain  D  from  Table  10. 

Obtain  ^  at  tc. 


(7)  ju  from  Fig.  24 

(8)  At  tc  obtain  c  Btu/(lb)(°F)  and  k 
Btu/ (hr)  (ft2)  (°F/ft) 

Mk)H 

o)  ht  )%*  rEci-  <6-15a)1 


CIO)  —  =  —  — 

(10)  <t>t  4>t  OD 


[Eq.  (6.5)] 


(11)  Obtain  nw  and  <tn  =  (m/mu-)014 

[Fig.  24] 

(12)  Corrected  coefficient. 

h  o  =  hio  4>t  [Eq.  (6.37)] 

Check  pressure  drop.  If  unsatisfactory, 
assume  a  new  pass  arrangement. 
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Pressure  Drop 


(1')  For  Re,  in  (60  obtain  /  [Fig.  29] 

(20  No.  of  crosses,  N  +  1  =  12 L/B 

[Eq.  (7.43)] 


fG]D,{N  +  1) 
5.22  X  10 l0Des<t>, 


[Eq.  (7.44)] 


(1)  For  Ret  in  (6)  obtain  / 
fCf\Ln 


(2)  A Pt  = 


5.22  X  1010Ds^t 


(4)  AP T  —  NP  t  +  A P r 


[Fig.  26] 
[Eq.  (7.45)] 


[Eq.  (7.46)] 
[Eq.  (7.47)] 


If  both  sides  are  satisfactory  for  film  coefficients  and  pressure  drop,  the  trial  may  be 
concluded. 

(13)  Clean  overall  coefficient  Uc' 

u°  -  httk.  ^ 

(14)  Dirt  factor  R <*:  Ud  has  been  obtained  in  (c)  above. 

Rd  =  ~'UcUlT  (6,13) 

The  calculation  of  a  number  of  exchangers  for  typical  sensible-heat- 
transfer  conditions  are  given  in  this  chapter.  Each  presents  a  different 
aspect  of  design.  Together  they  should  provide  the  perspective  necessary 
for  meeting  a  variety  of  applications  encountered  in  modern  industry. 
Since  the  method  of  approach  involves  trial-and-error  calculations,  the 
analyses  and  comments  included  in  each  solution  should  reduce  the  time 
required  for  subsequent  calculations. 


Example  11.1.  Calculation  of  a  Straw  Oil-Naphtha  Exchanger.  29,800  lb /hr  of  a 
35°API  light  oil  at  340°F  is  used  to  preheat  103,000  lb/hr  of  48°API  naphtha  from  200 
to  230°F.  The  viscosity  of  the  oil  is  5.0  centipoises  at  100°F  and  2.3  centipoises  at 
210°F.  The  viscosity  of  the  naphtha  is  1.3  centipoises  at  100°F  and  0.54  centipoises 
at  210°F.  Pressure  drops  of  10  psi  are  allowable. 

Because  the  oil  may  tend  to  deposit  residues,  allow  a  combined  dirt  factor  of  0.005 

and  use  square  pitch.  Plant  practice  employs  %  in.  OD,  16  BWG  tubes  16'0"  lone 
wherever  possible.  6 


Solution: 


(1)  Heat  balance: 

Straw  oil,  Q  =  29,800  X  0.58(340  -  240)  =  1,730,000  Btu/hr 
NaPhtha,  Q  =  103,000  X  0.56(230  -  200)  =  1,730,000  Btu/hr 

(■) 


Hot  Fluid 

Cold  Fluid 

Diff. 

340 

Higher  Temp 

230 

110 

240 

Lower  Temp 

200 

40 

100 

Differences 

30 

70 

232 
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LMTD  =  69.3°F 

(5.14) 

P  100  O  O  cr  30 

B  =  30  -  3.3  S  340  _  200  -  0.214  Fr  -  0.885 

(Fig.  18) 

A  1-2  exchanger  will  be  satisfactory. 

At  =  0.885  X  69.3  =  61.4°F 

(7.42) 

Tc  and  tc: 

Atc 

—  =  0.364  Kc  =  0.23  (straw  I  controlling) 

(Fig.  17) 

Fe  =  0.405 

Te  =  240  +  0.405  X  100  =  280.5°F 

(5.28) 

te  =  200  +  0.405  X  30  =  212°F 

(5.29) 

Trial: 


(a)  Assume  Ud  =  70:  From  Table  8  a  value  of  Ud  between  60  and  75  should  be 
the  maximum  expected.  It  is  always  better  to  assume  Ud  too  high  than  too  low  so 
that  the  final  exchanger  will  just  fulfill  the  requirements.  Place  the  small  stream  in 
the  shell. 


=  Q 

U  D  At 


1,730,000 
70  X  61.4 


=  403  ft2 


a"  =  0.1963  ft2/lin  ft 


Number  of  tubes 


403 

16'0"  X  0.1963 


129 


(Table  10) 
(Table  10) 


(6)  Assume  two  tube  passes:  The  quantity  of  tube-side  fluid  is  very  large  for  the 
small  heat  load  and  moderately  large  At  and  will  otherwise  cause  difficulty  in  meeting 
the  allowable  A P  if  too  many  tube  passes  are  employed. 

From  the  tube  counts  (Table  9):  129  tubes,  two  passes,  %  in.  OD  on  1-in.  square 
pitch 

Nearest  count:  124  tubes  in  a  15)^  in.  ID  shell 
(c)  Corrected  coefficient  Ud: 


A  * 
Ud 


124  X  16'0"  X  0.1963  =  390 
Q  _  1,730,000  _  2 
5  A  At  390  X  61.4 


ft2 


(Table  10) 


Hot  fluid:  shell  side,  straw  oil 
(4')  Flow  area,  as:  Since  the  minimum 
baffle  space  will  provide  the  greatest  value 
of  ho,  assume 

£  =  ID/5  =  15.25/5,  say  3.5  in. 

[Eq.  (11.4)] 

a,  =  ID  X  C'B/IUPt  [Eq.  (7.1)] 

=  15.25  X  0.25  X  3.5/144  X  1 

=  0.0927  ft2 

(5')  Mass  vel,  G,  =  W/a,  [Eq.  (7.2)] 
=  29,800/0.0927  =  321,000  lb/(hr)  (ft2) 
(6')  At  Tc  =  280. 5°F, 

[x  =  1.5  X  2.42  =  3.63  lb/(ft)(hr) 

[Fig.  14] 

Dt  =  0.95/12  =  0.0792  ft  [Fig.  28] 

Re s  =  DeG,/jj. 

=  0.0792  X  321,000/3.63  =  7000 


Cold  fluid:  tube  side,  naphtha 
(4)  Flow  area,  a\  =  0.302  in.2 

[Table  10] 

at  =  Ntd'jl^n  [Eq.  (7.48)] 

=  124  X  0.302/144  X  2  =  0.130  ft2 


(6)  Mass  vel,  Gt  =  w/at 
=  103,000/0.130  =  793,000  lb/(hr)  (ft2) 
(6)  At  te  =  212°F, 
u  =  0.54  X  2.42  =  1.31  lb/(ft)(hr) 

D  =  0.62/12  =  0.0517  ft  [Table  10] 
Ret  —  DGt/n 

=  0.0517  X  793,000/1.31  =  31,300 

1 


CALCULATIONS 


FOR  PROCESS  CONDITIONS 


233 


Hot  fluid:  shell  side ,  straw  oil 
(7')  jn  =  46 

(8')  For  u  =  1.5  cp  and  35° API 

[Fig.  16] 

kM kj*  =  0.224  Btu/ (hr)  (ft2)  (°F /ft) 

(#')  h.  =  jn  [Eq.  (6.156)] 

ho  46  X  0.224  _1Qn 
J,  ~  0.0792 

(10'),  (11'),  (12')  Omit  the  viscosity  cor¬ 
rection  for  the  trial  or  <f>,  =  1.0. 

h.  -  T  -  130  Btu/ (hr)  (ft1)  (°F) 

<?• 


Cold  fluid:  tube  side,  naphtha 

(7)  jH  =  102  [Fig.  24] 

(8)  For  n  =  0.54  cp  and  48°API 

[Fig.  16] 

k{cu/k)tt  =  0.167  Btu/ (hr) (ft2)  (°F /ft) 

(9)  he  =  ]«£(%)**•  [Eq.  (6.15a)] 

h  =  102  X  0.167/0.0517  =  329 

(10) t:=Ixot=  329  x  5^=272 

[Eq.  (6.5)] 

(11) ,  (12)  Omit  the  viscosity  correction 
for  the  trial  or  <f>t  =  1.0. 


hi0  =  —  =  272  Btu/ (hr)  (ft2)  (°F) 

<Pt 


Proceed  with  the  pressure  drop  calcu¬ 
lation. 


Pressure  Drop 


(1')  For  Re,  =  7000, 

f  =  0.00225  ft2/in.2  [Fig.  29] 

s  =  0.76  [Fig.  6] 

(2')  No.  of  crosses,  N  +  1  =  Y1L/B 

[Eq.  (7.43)] 

=  12  X  16/3.5  =  55 

s  =  0.76  [Fig.  6] 

D,  =  15.25/12  =  1.27  ft 


(3')  A P,  =  [E  (7  44 

5.22  X  10 '0DeS<t>,  1  q*  U 

0.00225  X  321, 0002  X  1.27 


X  55 

5.22  X  1010  X  0.0792  X  0.76 

X  1.0 


=  5.2  psi 


(1)  For  Ret  =  31,300, 
/  =  0.0002  ft2/in.2 

s  =  0.72 

(2)  AP(  = 


[Fig.  26] 
[Fig.  6] 

5.22  X  1010Ds<frt  [E<1'  (7,45)I 
_  0.00020  X  792, 0002  X  16  X  2 
5.22  X  1010  X  0.0517  X  0.72 

X  1.0 

=  2.1  psi 


(3)  and  (4)  may  be  omitted  for  the  trial. 
Now  proceed  to  the  shell  side. 


(13)  Clean  overall  coefficient  Uc: 

Cn  =  hioho  _  272  X  130 
hio  +  h0  272  +  130 

(14)  Dirt  factor  Rd:  UD  from  (c)  is  72.3. 


=  88.2  Btu /(hr)  (ft2)  (°F) 


Rc 


=  Uc  -  UD  _  88.2  -  72.3 


(6.38) 


UqUd  88.2  X  72.3  ~  00025  (hr)  (ft2)  (°F) /Btu  (6.13) 
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130 

h  outside 

272 

Uc 

88.2 

UD 

72.3 

Rd  Calculated  0 . 0025 

Rd  Required  0.0050 

5.2 

Calculated  AP 

2.1 

10.0 

Allowable  AP 

10.0 

Discussion.  The  first  trial  is  disqualified  because  of  failure  to  meet  the  required 
dirt  factor.  What  conclusions  may  be  drawn  so  that  the  next  trial  will  produce  the 
satisfactory  exchanger?  Could  any  advantage  be  gained  by  reversing  the  streams? 
Obviously  the  film  coefficient  for  the  distillate,  which  is  controlling,  would  drop  con¬ 
siderably  if  the  streams  were  reversed.  Could  four  passes  be  used  for  the  tubes? 
Doubling  the  number  of  tube  passes  would  approximately  double  the  mass  velocity 
and  give  eight  times  the  tube-side  pressure  drop  thereby  exceeding  the  allowable  A P. 
All  the  assumptions  above  have  been  reasonable.  The  exchanger  is  simply  a  little 
too  small,  or  in  other  words,  the  value  assumed  for  Ud  must  be  reduced.  It  will  be 
necessary  to  proceed  anew. 


Trial  2:  Assume  Ud  =  60,  two  tube  passes  and  the  minimum  shell  baffle  space.  Pro¬ 
ceeding  as  above  and  carrying  the  viscosity  correction  and  pressure  drops  to  comple¬ 
tion,  the  new  summary  is  given  using  a  YlY^va.  ID  shell  with  166  tubes  on  two  passes 
and  a  3.5-in.  baffle  space. 

Summary 


115.5 

h  outside 

213 

Uc 

74.8 

Ud 

54.2 

Rd  Calculated  0 . 005 

Rd  Required  0.005 

4.7 

Calculated  AP 

2.1 

10.0 

Allowable  AP 

10.0 

The  final  exchanger  will  be 


Shell  side 

ID  =  17 H  in. 
Baffle  space  =  3.5  in. 
Passes  =  1 


Tube  side 

Number  and  length  =  166,  16'0" 

OD,  BWG,  pitch  =  K  in.,  16  BWG,  1-in.  square 
Passes  =  2 
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Example  11.2.  Calculation  of  a  Lean -oil-Rich -oil  Exchanger.  84.348  lb /hr  of  a 
35°API  lean  absorption  oil  in  a  process  identical  with  Fig.  11.1  leaves  a  stripping 
column  to  transfer  its  heat  to  86,357  lb/hr  of  rich  oil  leaving  the  absorber  at  100  F 
with  a  gravity  of  closely  36°API  at  60°F.  The  range  for  the  lean  oil  will  be  from  350 
to  160°F  and  the  outlet  temperature  of  the  rich  oil  will  be  295°F.  The  viscosity  of 
the  oil  is  2.6  centipoises  at  100°F  and  1.15  centipoises  at  210°F.  Pressure  drops  of 
10  psi  are  available,  and  in  accordance  with  Table  12,  a  combined  dirt  factor  of  0.004 

should  be  allowed. 

Plant  practice  again  employs  %  in*  OD,  16  BWG  tubes  16/0//  long  and  laid  out  on 
square  pitch. 


Solution: 

(1)  Heat  balance: 

Lean  oil,  Q  =  84,438  X  0.56(350  -  160)  =  8,950,000  Btu/hr 
Rich  oil,  Q  =  86,357  X  0.53(295  -  100)  =  8,950,000  Btu/hr 

(2)  At: 

Hot  Fluid  Cold  Fluid  Diff. 


350 

Higher  Temp 

295 

55 

160 

Lower  Temp 

100 

60 

190 

Differences 

195 

5 

LMTD  =  57.5°F 


*  -  155  “  0  975 


s  = 


195 


350  -  100 


1- 2  exchanger,  Ft  —  inoperable 

2- 4  exchanger,  Ft  =  inoperable 

3- 6  exchanger,  Ft  =  0.725 

4- 8  exchanger,  FT  =  0.875 


0.78 


A  4-8  exchanger  arrangement  will  be  required, 
exchangers  in  series  or  two  2-4  exchangers  in  series. 


(5.14) 

(7.18) 

(Fig.  18) 
(Fig.  19) 
(Fig.  20) 
(Fig.  21) 

This  may  be  met  by  four  1-2 
The  latter  will  be  used. 


(3)  Tc  and  tc: 


AL 
A  tk 


1.09 


At  =  0.875  X  57.5  =  50.3°F 


Kc  =  0.32 
Fc  =  0.48 

Tc  =  160  +  0.48  X  190  =  251°F 
te  =  100  +  0.48  X  195  =  193.5°F 


Trial: 


(7.42) 


(Fig.  17) 

(5.28) 

(5.29) 


(a)  Assume  UD  -  50:  Although  both  oils  and  quantities  are  almost  identical  the 

thTrich  T  "Tn  ^  r  rlCh  0i'  and  corrcsP°ndinsly  greater  viscosity  will  make 
t  e  nch  od  controlling.  For  this  reason,  allowable  pressure  drops  being  equal  the 

Table  S  P  C6d  the  She11'  The  cocffi«ents  will  be  lower  than  those  of 

Table  8  since  the  pressure  drops  are  more  difficult  to  meet  in  a  4-8  exchanger  and 

mass  velocities  must  accordingly  be  kept  down.  In  Examnle  11  1  with  Q8-  *i 

°ndt‘tm  1  :  f  tV'aS  rr°Xima,e,y  75  ^ a 

did  not  completely  take  advantage  of  the  allowable  pressure  drop  The 
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assumption  of  UD  =  50  is  a  compromise  between  medium  and  heavy  organics  and 
will  probably  be  high  but  will  help  to  establish  the  correct  unit  on  the  following  trial 


Q  _  8,950,000 
UD  At  50  X  50.3 


=  3560  ft2 


Use  two  2-4  exchangers  in  series  with  removable  longitudinal  baffles. 

Number  of  tubes  per  shell,  Nt  =  ?  '60/2  X  16'0"  X  0.1963  =  567  (Table  10) 
(6)  Assume  six  tube  passes:  From  previous  problems  a  mass  velocity  of  700,000 
gave  satisfactory  tube-side  pressure  drops.  Since  the  number  of  tube  passes  in  two 
units  will  be  greater,  a  maximum  of  about  450,000  should  be  employed. 

Six  passes  (flow  area/tube,  a't  =  0.302  in.2) 


G  =  w/at  =  wlten/Ntat  =  84.438  X  144  X  6/567  X  0.302  =  426,000  lb/(hr)(ft») 
From  the  tube  counts  (Table  9):  567  tubes,  six  passes,  %  in.  OD  on  1-in.  square 
pitch 

Nearest  count:  580  tubes  in  a  31  in.  ID  shell 


(c)  Corrected  coefficient  U z>: 
a"  =  0.1963  ft2/lin  ft 

A  =  2  X  580  X  16'0"  X  0.1963  =  3640  ft2 
rr  =  _Q_  =  3,950,000 

D  A  At  3640  X  50.3 


(Table  10) 


Hot  fluid:  tube  side ,  lean  oil 
(4)  Flow  area,  at : 

at  =  0.302  in.2  [Table  10] 

at  =  N <a/t/144n  [Eq.  (7.48)] 

=  580  X  0.302/144  X  6  =  0.203  ft2 


(6)  Mass  vel,  Gt  =  W/at 

=  84,438/0.203  =  416,000  !b/(hr)(ft2) 
(6)  At  Tc  =  251°F,  n  =  0.88  X  2.42 

=  2.13  lb/(ft)(hr)  [Fig.  14] 
D  =  0.62/12  =  0.0517  ft  [Table  10] 
Ret  =  DGt/u 

=  0.0517  X  416,000/2.13  =  10,100 


(7)  jH  =  36.5  [Fig  24] 

(8)  For  u  —  0-88  cp  and  35°API 
Hcn/k)*  =  0.185  Btu/ (hr)  (ft2)  (°F /ft) 

[Fig.  16] 


(9) 


tY*‘  1e<i-  (6-i5°)l 


—  =  36.5  X 
<tn 


0.185 


(10)  hio  =  hi  X 


0.0517 
ID 


=  130 


OD 


[Eq.  (6.5)] 


=  130  X  0.62/0.75  =  107 
(11)  (12)  Omit  the  viscosity  correction  for 
the  trial,  <f>t  =  1-0 

ht.  =  ^  =  107  Btu/ (hr)  (ft2)  (°F) 

4>t 


Cold  fluid:  shell  side,  rich  oil 
(4')  Flow  area,  a„:  Since  the  quantity  of 
fluid  is  large,  any  baffle  spacing  may  be 
arbitrarily  assumed. 

Assume  B  =  12  in. 

a3  =  ID  X  C'B/UAPt  [Eq.  (7.1)] 

=  K(31  X  0.25  X  12/144  X  1.0) 

=  0.323  ft2  (2-4  exchanger) 

(6')  Mass  vel,  G3  =  w/a3  [Eq.  (7.2)] 
=  86,357/0.323  =  267,000  lb/(hr)(ft2) 
(6')  At  tc  =  193.5°F, 
fi  =  1.30  X  2.42  =  3.15  lb/(ft)(hr) 

[Fig.  14] 

De  =  0.95/12  =  0.0792  ft  [Fig.  28] 

Re,  =  DeG,/n  [Eq.  (7.3)] 

=  0.0792  X  267,000/3.15  =  6,720 
(70  jH  =  45  [Fig.  28] 

(80  For  /x  =  1.30  cp  and  35°API 
k{cn/k)K  =  0.213  Btu/ (hr) (ft2) (°F /ft) 

[Fig.  16] 


(90  h0  =  jn 


k_  /cm\H 
De\k) 


4» 


ho 

4>! 


45  X 


0.213 

0.0792 


121 


[Eq.  (6.15)] 


(100  Omit  the  viscosity  correction  for  the 
trial,  <f>3  —  1.0. 

ho  =  -  =  121  Btu/ (hr)(ft2)(°F) 
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(1)  For  Ret  —  10,100, 
f  =  0.00027  ft2/in.2 

s  =  0.77 

fG\Ln 

(2)  APt  = 


Pressure  Drop 

(1')  For  Re,  =  6720, 
[Fig.  26]  /  =  0.0023  ft2/in.2 
[Fig.  6]  s  =  0.79 


5.22  X  10 10Ds<t>t 


[Eq.  (7.45)] 


0.00027  X  416, 0002  X  16  X  6  X  2 

~  5.22  X  1010  X  0.0517  X  0.77  X  1.0 

=  4.3  psi 

(3)  Gt  =  416,000,  F2/2 g'  =  0.024 

[Fig.  27] 


AP  =^-1! 
^ r  s  2 g' 


4X2X6 

0.77 


X  0.024 


=  1.5  psi  [Eq.  (7.46)] 

APt  =  APt  +  APr  =  4.3  +  1.5  =  5.8  psi 

[Eq.  (7.47)] 

The  pressure  drop  suggests  the  possibility 
of  using  eight  passes  but  a  rapid  check 
shows  the  pressure  drop  for  eight  passes 
would  exceed  10  psi. 

Now  proceed  to  the  shell  side. 


[Fig.  29] 
[Fig.  6] 


(2')  No.  of  crosses,  N  +  1  =  Y1L/B 

[Eq.  (7.42)) 

=  2  X  2  X  12  X  16/12  =  64 
Ds  =  31/12  =  2.58  ft 


(3')  APS  = 


fG2sD,(N  +  1) 


[Eq.  (7.44)] 


5.22  X  10 l0Des<j>s 
0.0023  X  267, 0002  X  2.58  X  64 
5.22  X  1010  X  0.0792  X  0.79  X  1.0 

=  8.3  psi 


(13)  Clean  overall  coefficient  Uc' 


Uc  =  htrh,  =  107  +  121  =  56-8  BW(hr)(ft’)(°F)  (6.38) 

(14)  Dirt  factor  Rd‘.  Ud  from  (c)  is  49.0 

Rd  =  lJV7inr  =  56:8  X  4a0  =  0  0028  (6.13) 


Summary 


107 

h  outside 

121 

Uc  56.8 

UD  49.0 

Rd  Calculated  0.0028 

Rd  Requ 

ired  0 . 0040 

5.8 

Calculated  A P 

8.3 

10.0 

Allowable  A P 

10.0 

SSSSskSSS 
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be  somewhat  less  suitable  when  the  value  of  0,  is  also  taken  into  account.  If  the 

minimum  dirt  factor  of  0.0040  is  to  be  taken  literally,  it  will  be  necessary  to  try  the 
next  size  shell. 

Trial  2: 

Assume  a  33  in.  ID  shell  with  six1  tube  passes  and  baffles  spaced  12-in.  apart,  since 
the  pressure  drop  increases  with  the  liameter  of  the  shell  for  a  given  mass  velocity 
The  summary  for  the  conditions  are 


Summary 


94 

h  outside 

118 

Uc 

52.3 

uD 

42.0 

Rd  Calculated  0.0047 

Rd  Required  0.004 

4.4 

Calculated  A P 

7.9 

10.0 

Allowable  AP 

10.0 

The  two  final  exchangers  in  series  will  be 

Shell  side  Tube  side 

ID  =  33  in.  Number  and  length  =  676,  16'0" 

Baffle  space  =  12  in.  OD,  BWG,  pitch  =  %  in.,  16  BWG,  1-in.  square 
Passes  =  2  Passes  =  6 

Example  11.3.  Calculation  of  a  Caustic  Solution  Cooler.  100,000  lb /hr  of  15°Be 
caustic  solution  (11  per  cent  sodium  hydroxide,  s  =  1.115)  leaves  a  dissolver  at 
190°F  and  is  to  be  cooled  to  120°F  using  water  at  80°F.  Use  a  combined  dirt  factor 
of  0.002  and  pressure  drops  of  10  psi. 

The  viscosity  of  the  11  per  cent  f  )dium  hydroxide  may  be  approximated  by  the 
methods  of  Chap.  7,  but  is  sirupy,  and  actual  data  should  be  used  if  possible.  The 
viscosity  at  100°F  is  1.4  centipoises  and  at  210°F  is  0.43  centipoises.  For  the  specific 
heat  assume  the  dry  salt  to  have  a  value  of  0.25  Btu/lb,  giving  a  specific  heat  for  the 

solution  at  the  mean  of  0.88. 

Plant  practice  permits  the  use  of  triangular  pitch  with  1  in.  OD  tubes  for  solutions 
in  which  the  scale  may  be  boiled  out. 


Solution: 

(1)  Heat  balance:  ^  ^  _ 

Caustic,  Q  =  100,000  X  0.88(190  -  120)  =  6,160,000  Btu/hr 
Water,  Q  =  154,000  X  1(120  -  80)  =  6,160,000  Btu/hr 

1  An  eight-pass  exchanger  would  give  a  pressure  drop  of  10.8  psi 
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(2)  A t: 

Hot  Fluid  Cold  Fluid  Diff. 


190 

Higher  Temp 

120 

70 

120 

Lower  Temp 

80 

40 

70 

Differences 

40 

30 

LMTD  =  53.3°F 

Eq.  (5.14) 

*  -  is  -  175  5  -  190^  80  =  0  364 

Ft  =  0.815 

A  1-2  exchanger  will  be  satisfactory. 

At  =  0.815  X  53.3  =  43.5°F 

(Fig.  18) 

Eq.  (7.42) 

(3)  Tc  and  tc:  The  average  temperatures  Ta  and  ta  will  be  satisfactory  because  of  the 
closeness  of  the  ranges  and  the  low  viscosities. 


Trial: 


(a)  Assume  Ud  =  250.  From  Table  8  this  value  is  about  the  minimum  for  a 
5.001  dirt  factor  and  should  be  suitable  for  a  trial  when  the  required  dirt  factor  is 
5.0020. 


„  _  6,160,000  r_, 
A  ~  250  X13.5  -  567  ft 

a"  =  0.2618  ft2/lin  ft 
Number  of  tubes,  Nt  — 


567 


16'0"  X  0.2618 


=  136 


(Table  10) 


(6)  Assume  four  tube  passes:  For  two  tube  passes  a,  =  0.258  and  Gt  =  598,000 
lorresponding  to  a  water  velocity  of  only  2.65  fps. 

From  the  tube  counts  (Table  9):  136  tubes,  4  passes,  1  in.  OD  on  1^-in.  triangular 
pitch 

Nearest  count:  140  tubes  in  a  19Lt"  IF)  shell 
(c)  Corrected  coefficient  UD : 

A  =  140  X  16'0"  X  0.2618  =  586  ft2 


UD 


Q  _  6,160,000 
A  At  586  X  43.5 


242 


Hot  fluid:  shell  side,  caustic 
(4  )  From  the  previous  problems  a  mass 
velocity  of  about  500,000  gave  a  reason¬ 
able  pressure  drop.  By  trial  this  corre¬ 
sponds  to  about  a  7-in.  baffle  spacing 
*•  -  ID  X  C'B/UAPt  [Eq.  (7.1)] 

-  19-25  X  0.25  X  7/144  X  1.25 

=  0.1875  ft2 


Cold  fluid:  tube  side,  water 
(4)  Flow  area,  at  =  0.546  in.2  [Table  10] 
at  =  Nta'jUAn  [Eq.  (7.48)] 

=  140  X  0.546/144  X  4  =  0.133  ft2 
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Hot  fluid:  shell  side,  caustic 
(6')  Gt  =  W/a,  [Eq.  (7.2)] 

=  100,000/0.1875 

«  533,000  lb/(hr)(ft2) 


(6')  At  Ta  =  155°F, 
m  =  0.76  X  2.42  =  1.84  lb /(ft)  (hr) 

De  =  0.72/12  =  0.06  ft  [Fig.  28] 

Res  =  D/Ts/n  [Eq.  (7.3)] 

=  0.06  X  533,000/1.84  =  17,400 
(7')  Jh  —  75  [Fig.  28] 

(8')  At  155°F,  k  =  0.9  (Abater)  [Table  4] 
=  0.9  X  0.38 

=  0.342  Btu/(hr)(ft*)(°F/ft) 
(cn/k)*  =  (0.88  X  1 .84/0.342) ^  =  1.68 

(90  h0  =  jH  -jj  [Eq.  (6.156)] 

^  =  75  X  0.342  X  1.68/0.06  =  717 

<P> 

(10')  (110  (12')  <f>s  =  1  (low  viscosity) 

K  =  -  -  717  Btu/(hr)(ft*)(°F) 


Cold  fluid:  tube  side,  water 
(6)  Gt  =  w/at 

=  154,000/0.133 

=  1,160,000  lb/ (hr) (ft2) 
Vel,  V  =  (?</3600p 

=  1,160,000/3600  X  62.5  =  5.16  fps 
(6)  At  ta  =  100°F, 
m  =  0.72  X  2.42  =  1.74  lb/(ft)(hr) 

[Fig.  14] 

D  =  0.834/12  =  0.0695  ft  [Table  10] 
( Ret  is  for  pressure  drop  only) 

Ret  =  DGt/fx 

=  0.0695  X  1,160,000/1.74  =  46,300 


(9)  hi  =  1240  X  0.94  =  1165  [Fig.  25] 

(10)  hi0  =  hi  X  ID/OD  [Eq.  (6.5)] 

=  1165  X  0.834/1.0 

=  972  Btu/(hr)(ft*)(°F) 


Pressure  Drop 


(1')  For  Res  =  17,400, 

/  =  0.0019  ft2/in.2  [Fig.  29] 


(2')  No.  of  crosses,  N  +  1  =  12 L/B 

[Eq.  (7.43)] 

=  12  X  16/7  =  28 
D,  =  19.25/12  =  1.60  ft 


(3')  A Ps  = 


fG]D,(N  +  1) 


[Eq.  (7.44)] 


5.22  X  10 l0DeS<t>s 
0.0019  X  533, 0002  X  1.60  X  28 
5.22  X  1010  X  0.06  X  1.115  X  :  0 

=  7.0  psi 


(1)  For  Ret  =  46,300, 

/  =  0.00018  ft2/in.2  [Fig.  26] 


(2) 


APt  = 


fG\Ln 

5.22  X  10 ™Ds<t>t 


[Eq.  (7.45)] 


0.00018  X  1,160, OOP2  X  16  X  4 
-  5.22  X  1010  X  0.0695  X  1.0  X  1.0 
=  4.3  psi  [Eq.  (7.46)] 

«)aP'  =  T2T'  |Fig-271 

=  X  0.18  =  2.9  psi 


(4)  APt  =  APt  +  APr  [Eq.  (7.47)] 

=  4.3  +  2.9  =  7.2  psi 


Now  proceed  to  the  shell  side. 


(13)  Clean  overall  coefficient  Uc' 

_  hioho_  =  972  X  717  =  m  Btu/(hr)(ft2)(°F)  (6.38) 

c  ~  hi0  +  h0  972  +  717 

(14)  Dirt  factor  Rd :  UD  from  (c)  is  242. 

_  Uc  -  Up  _  413  -  242  =  00017  (hr)(ft2)(°F)/Btu  (6.13) 

Kd  ~  UcUD  413  X  242 
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717 

h  outside 

972 

Uc 

413 

UD 

242 

Rd  Calculated  0.0017 

Rd  Required  0.0020 

7.0 

Calculated  A P 

7.2 

10.0 

Allowable  A P 

10.0 

Discussion.  Adjustment  of  the  baffle  space  to  use  the  full  10  psi  will  still  not  permit 
the  exchanger  to  make  the  0.002  dirt  factor.  The  value  of  Ud  has  been  assumed  too 
high.  Try  the  next  size  shelL 


Trial  2: 

Try  a  21 34  in.  ID  shell  with  four  tube  passes  and  a  6-in.  baffle  space, 
sponds  to  170  tubes. 


Summary 


720 

h  outside 

840 

Uc 

390 

UD 

200 

Rd  Calculated  0.0024 

Rd  Required  0.002 

9.8 

Calculated  AP 

4.9 

10.0 

Allowable  A P 

10.0 

This  corre- 


The  use  of  six  tube  passes  exceeds  the  allowable  tube  side  pressure  drop. 
The  final  exchanger  will  be 


Shell  side 
ID  =  2134  in. 
Baffle  space  =  6  in. 
Passes  =  1 


Tube  side 

Number  and  length  =  170,  16'0" 

OD,  BWG,  pitch  =  1  in.,  14  BWG,  134-in.  tri. 
Passes  =  4 


Example  11.4.  Calculation  of  an  Alcohol  Heater.  115,000  lb/hr  of  absolute 
e  yl  alcohol,  s  -  0.78)  is  to  be  heated  under  pressure  from  a  stor- 


alcohol  (100  per  cent 
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age  temperature  of  80  to  200°F  using  steam  at  225°F.  A  dirt  factor  of  0.002  is  required 
along  with  an  allowable  alcohol  pressure  drop  of  10  psi. 

Plant  practice  is  established  using  1-in.  OD  tubes,  14  BWG,  12'0"  long.  Triangular 
pitch  Ls  satisfactory  for  clean  services. 

Solution: 

(1)  Heat  balance: 

Alcohol,  Q  =  115,000  X  0.72(200  -  80)  =  9,950,000  Btu/hr 
Steam,  Q  =  10,350  X  962  =  9,950,000  Btu/hr 

(2)  At:  LMTD  (true  counterflow): 


Hot  Fluid  Cold  Fluid  Diff. 


225 

Higher  Temp 

200 

25 

225 

Lower  Temp 

80 

145 

0 

Differences 

120 

120 

LMTD  =  68.3°F 

(3)  Tc  and  tc:  Use  Ta  and  ta  because  of  the  low  alcohol  viscosity. 


(5.14) 


A  = 


a 


Trial. 

(a)  Assume  U d  =  200:  From  Table  8  values  of  U d  from  200  to  700  may  be  expected 
when  a  dirt  factor  of  0.001  is  employed.  Since  the  dirt  factor  required  is  0.002,  the 
very  maximum  value  of  U d  would  be  500  corresponding  to  the  dirt  alone. 

Q  =  9,950,000  _  . 

UDAt  200  X  68.3 

=  0.2618  ft2/lin  ft  (Table  10) 

728 

Number  of  tubes,  Nt  =  ^'O"  X  0  261 8  =  232 

(b)  Assume  two  tube  passes:  Only  one  or  two  passes  are  required  for  steam  heaters. 
From  the  tube  counts  (Table  9):  232  tubes,  two  passes,  1  in.  OD  on  1  H-in.  triangular 

pitch 

Nearest  count:  232  tubes  in  a  23 ID  shell 

(c)  Corrected  coefficient  Ud‘- 

A  =  232  X  12'0"  X  0.2618  =  728  ft2 
Q  9,950,000 


Ud  = 


A  At  728  X  68.3 


=  200 


Hot  fluid:  tube  side,  steam 

(4)  Flow  area,  a[  =  0.546  in.2  [Table  10] 
at  =  Nta't/144n  [Eq.  (7.48)] 

=  232  X  0.546/144  X  2  =  0.44  ft2 


Cold  fluid:  shell  side,  alcohol 
(4')  To  obtain  a  mass  velocity  between 
400,000  and  500,000  use  a  7-in.  baffle 
space. 

a,  =  ID  X  CfB/\AAPT  [Eq.  (7.1)] 

=  23.25  X  0.25  X  7/144  X  1  25  ft* 

=  0.226 
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Hot  fluid:  tube  side,  steam 
(6)  Gt  =  W/at 

-  10,350/0.44 

=  23,500  lb/ (hr) (ft2) 

(6)  At  225°F, 

fx  =  0.013  X  2.42  =  0.0314  lb/(ft)(hr) 

[Fig.  15] 

D  =  0.834/12  =  0.0695  ft 

Ret  =  DG,/n  (for  pressure  drop  only) 

=  0.0695  X  23,500/0.0314 
=  52,000 


(9)  hiv  =  1500  Btu/ (hr)  (ft2)  (°F) 


Cold  fluid:  shell  side ,  alcohol 
(5')  G,  =  w/as  [Eq.  (7.2)] 

=  115,000/0.226 

=  508,000  lb/ (hr)  (ft2) 

(6')  At  to  =  140°F, 

n  =  0.60  X  2.42  =  1.45  lb/(ft)(hr) 

[Fig.  14] 

I)e  =  0.72/12  =  0.06  ft  [Fig.  28] 

Re,  =  D,G,/n  [Eq.  (7.3)] 

=  0.06  X  508,000/1.45  =  21,000 
(7')  jH  =  83 
(8')  At  140°F, 

k  =  0.085  Btu/(hr)(ft2)(°F/ft)  [Table  4] 
(cn/k)H  =  (0.72  X  1.45/0.085)^  =  2.31 

(90  ho  =  ju  ±  [Eq.  (6.156)) 

-  =  83  X  0.085  X  2.31/0.06  =  270 

<t>s 

(10')  <t> .  =  1.0, 

h0  =  ^  =  270  Btu  /(hr)  (ft2)  (°F) 

<p* 


Pressure  Drop 


(1)  For  Ret  =  52,000, 
f  =  0.000175  ft2/in.2  [Fig.  26] 

From  Table  7  the  specific  volume  is  ap¬ 
proximately  21  ft 3 /lb . 
p  =  Hi  =  0.0477  lb  /ft3 
s  =  0.0477/62.5  =  0.00076 


(2)  A P,  = 


1  fG)Ln 

2  5.22  X  10 ™Ds<t>t 


[Eq.  7.53)] 


0.000175  X  23,5002  X  12  X  2 

5.22  X  1010  X  0.0695  X  0.00076 


X  1.0 


=  0.42  psi 

(3)  A PT:  Negligible  because  of  partial  con¬ 
densation  at  end  of  first  pass. 


i 

(13)  Clean  overall  coefficient  Uc: 


(1')  For  Re,  =  21,000, 

/  =  0.0018  ft2/in.2  [Fig.  29] 

$  =  0.78 


(2')  No.  of  crosses,  N  +  1  =  12 L/B 

[Eq.  (7.43)] 

=  12  X  12/7  =  21 
D,  =  23.25/12  =  1.94  ft 


(3')  A P,  = 


-f- 


[Eq.  (7.44)1 


5.22  X  10 l0DeS<t>, 

0.0018  X  508, OOP2  X  1.94  X  21 


5.22  X  1010  X  0.06  X  0.78  X  1.0 

=  7.8  psi 


Tr„  _  hl0h„  1500  X  270 

hio  +h0~  l500“+  270  =  229  Btu/(hr)(ft2)C>F)  (6.38) 
1 14)  Dirt  factor  Rd :  UD  from  (c)  is  200. 

/? .  &  uc  -  Up  _  229  -  200 

UcUD  ~  229  X  200  =  0  000633  (hr)(ft2)(°F)/Btu 


(6.13) 


244 


PROCESS  HEAT  TRANSFER 

Summary 


1500 

h  outside 

270 

Uc 

229 

uD 

200 

Rd  Calculated  0 . 000633 

Rd  Required  0.002 

0.42 

Calculated  P 

7.8 

Neg. 

Allowable  P 

10.0 

Discussion.  This  is  clearly  an  instance  in  which  UD  was  assumed  too  high.  It  is 
now  a  question  of  how  much  too  high.  With  the  aid  of  the  summary  it  is  apparent 
that  in  a  larger  shell  a  clean  overall  coefficient  of  about  200  may  be  expected.  To 
permit  a  dirt  factor  of  0.002  the  new  U d  should  be 


UD  Uc  +  Rd  200  +  0  002 


UD  =  143 


Trial  2: 
A  = 


Q 


U D  At 
No.  of  tubes  = 


9,950,000 
143  X  68.3 
1020 


12'0"  X  0.2618 


=  1020  ft2 
=  325 


Nearest  count:  334  tubes  in  a  27  in.  ID  shell  (Table  9). 

The  same  baffle  pitch  should  be  retained,  since  the  pressure  drop  increases  with  the 
inside  diameter. 


Summary 


1500 

h  outside 

250 

Uc 

214 

UD 

138.5 

Rd  Calculated  0.0025 

Rd  Required  0 . 002 

0.23 

Calculated  A P 

7.1 

Neg. 

Allowable  A P 

10.0 

If  a  25-in.  exchanger  had  been  used,  the  dirt  factor  would  be  less  than  0.002  and  a 
6-in.  baffle  space  would  give  a  pressure  drop  exceeding  10  psi.  The  final  exchanger 
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Shell  side 
ID  =  27  in. 
Baffle  space  =  7  in. 
Passes  =  1 


Tube  side 

Number  and  length  =  334,  \2'0" 

OD,  BWG,  pitch  =  1  in.,  14  BWG,  l^-in.  tri. 
Passes  =  2 


Split  Flow.  Sometimes  it  is  not  possible  to  meet  the  pressure-drop 
requirements  in  a  1-2  or  2-4  exchanger.  Instances  will  occur  when  (1) 
the  true  temperature  difference  or  Ud  is  very  great  and  a  small  exchanger 
is  indicated  for  the  quantity  of  heat  to  be  transferred,  (2)  one  fluid  stream 
has  a  very  small  temperature  range  compared  with  the  other,  or  (3)  the 
allowable  pressure  drop  is  small.  In  gases  and  vapors  the  last  is  the  more 
critical  because  of  the  low  density  of  the  gas  or  vapor.  In  liquids  an 
excellent  example  of  (2)  is  found  in  the  quenching  of  steel,  where  it  is 
customary  to  cool  a  large  volume  of  circulated  quench  oil  over  a  small 
range.  It  is  also  characteristic  of  a  number  of  near-constant  tempera¬ 
ture  operations  such  as  the  removal  of  heat  from  exothermic  reactions  by 
continuous  recirculation  of  the  reacting  fluids  through  an  external  1-2 
cooler. 


Thefailure  to  meet  the  allowable  pressure  drop  by  the  conventional 
methods  in  a  1-2  exchanger  should  be  construed  as  an  indication  that 
flmd  flow  and  not  heat  transfer  is  the  controlling  factor.  Reducing  the 
ngth  of  the  tubes  and  increasing  the  diameter  of  the  shell  provides  one 
means  of  reducing  the  pressure  drop,  but  other  means  are  available  By 
locatmg  the  shell  inlet  nozzle  at  the  center  instead  of  at  the  end  of  the 
ell  and  using  two  outlet  nozzles  as  shown  in  Fig  116  the  shell 

KZ.  7,k?  h*  buK*  rr,!h,h  *• 

exchanger  of  the  same  shell  diameter.  The  reduction  k  i  v  1  • 
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continuous  at  the  shell  mid-point.  A  direct  solution  of  the  equation1 
for  the  true  temperature  difference  is  somewhat  tedious,  since  the  values 
of  t['  and  %  are  related  to  the  actual  temperature  differences  and  heat 
transferred  in  both  parts  of  the  exchanger  on  either  side  of  the  shell  inlet. 
If  Tz  >  f2,  it  is  satisfactory  to  obtain  At  by  multiplying  the  LMTD  by 
the  value  of  Ft  obtained  for  a  -2  exchanger.  For  services  in  which 
there  is  a  temperature  cross  the  actual  split-flow  equation  should  be  used. 

Another  type  of  flow  giving  even  lower  pressure  drops  is  divided  flow, 
which  is  usually  reserved  for  low-pressure  gases,  condensers,  and  reboil¬ 
ers.  It  will  be  discussed  in  Chap.  12. 


Example  11.6.  Calculation  of  a  Flue  Gas  Cooler.  10,500  cfm  of  flue  gas  (mol.  wt.  = 
30)  at  2  psig  and  250°F  is  to  be  cooled  to  125°F  with  an  allowable  pressure  drop  of  1.0 
psi.  Cooling  will  be  effected  by  water  from  80  to  100°F  and  with  an  allowable  pres¬ 
sure  drop  of  10  psi.  An  overall  dirt  factor  of  0.005  should  be  provided  with  a  reason¬ 
able  minimum  water  velocity. 

Plant  practice  uses  1  in.  OD,  14  BWG  tubes  on  square  pitch  for  all  services,  and 
because  it  is  sometimes  difficult  to  meet  the  pressure  drop  in  gas  coolers,  no  tube  length 
is  specified. 


Solution: 

(1)  Heat  balance: 

Gas:  10,500  cfm  of  flue  gas  at  250°F 

10,500  X  60  X  30 


=  41,300  lb/hr 


Total  gas  -  359  x  (7n/492)  x  (14.7/16.7) 

Gas,  Q  =  41,300  X  0.25(250  -  125)  =  1,290,000  Btu/hr 
Water,  Q  =  64,500  X  1(100  -  80)  =  1,290,000  Btu/hr 

(2)  A t: 


Hot  Fluid 

Cold  Fluid 

Diff. 

250 

Higher  Temp 

100 

150 

125 

Lower  Temp 

80 

45 

125 

Differences 

20 

105 

i  Unpublished  notes,  D.  Q.  Kern  a.  d  C.  L.  Carpenter.  The  equation  m  terms 
terminal  temperatures  for  a  split-flow  exchanger  with  two  tube  passes  is 

_ _ (T i  -  T q)X/2 _ _ _ 

(Ti  -  T t)2\n  -  Ti)  (I  "  0/2A*  _  (Ti  -  T2)(X  +  2)  +  h  +  U 

n  +  1  4T2  4-  2(n  -  1  )T\ 


2.3  log 


n  +  1 


— - “  "  4 Tt  +  2(n  -  l)Ti 

(T i  -  T2)(X  -  2)  +  ti  +  U  n  +  1 


where  n  =  Qb/Qa 


X  = 


V4  R2  +  1 

TT 


and 


qb/Qa  =  ratio  of  heat  transfer  in  each  half 


CALCULATIONS  FOR  PROCESS  CONDITIONS 


247 


LMTD  =  87.4°F  (5-14) 

«=W=6-25  S=25ra=°-118  ^-°'935 

A  conventional  1-2  exchanger  will  be  satisfactory. 

At  =  0.935  X  87.4  =  81.6°F  (7.42) 

(3)  Te  and  tc:  The  average  temperatures  Ta  and  ta  will  be  satisfactory  because  of  the 
small  variations  in  the  individual  viscosities. 


Trial: 


(a)  Assume  U d  =  15:  From  the  examples  of  Chap.  9,  at  atmospheric  pressure  and 
2  psi  allowable  pressure  drop  a  coefficient  of  about  20  might  be  anticipated.  Since 
the  allowable  pressure  drop  in  this  example  is  only  1.0  psi,  the  trial  value  of  U d  must 
be  reduced  accordingly.  Assume  12'0"  tubes  to  increase  the  shell  cross  section. 

Q  1,290,000 


A  = 


UD  At  15  X  81.6 


=  1055  ft2 


a"  =  0.2618  ft2/lin  ft 


Number  of  tubes 


1055 

12'0"  X  0.2618 


336 


(6)  Assume  eight  tube  passes:  Because  of  the  low  design  coefficient  gas  exchangers 
are  large  for  the  amount  of  cooling  medium  required. 

From  the  tube  counts  (Table  9):  336  tubes,  eight  passes,  1  in.  OD  on  l)4-in.  square 
pitch 

Nearest  count:  358  tubes  in  a  31  in.  ID  shell 
(c)  Corrected  coefficient  Ud’- 


A 

U 


=  358  X  12'0"  X  0.2618  =  1125  ft2 


Q  _  1,290,000 

A  At  1125X81.6 


14.0 


When  solved  in  a  manner  identical  with  the  preceding  examples  and  using  the  small¬ 
est  integral  number  of  bundle  crosses  (five)  corresponding  to  a  28  8-in  sparine  the 
summary  is 


Sum  mar y 

24.0 

h  outside 

392 

Uc 

22.7 

UD 

14.0 

Rd  Calculated  0.027 

Rd  Reqi 

fired  0.005 

5.2 

Calculated  A P 

1.0 

1  0 

Allowable  A P 

10.0 

co„dit“hich “  S?  T?  rhC  re(1U— 1 -  combines  two 

than  necessary,  and  the  press”  ^dronT* V  ^  ^  “  COnsidcrably  greater 
8-ft  tubes  been  used  L  pCS  f?  t.mes  greater  than  the  allowable.  Had 

— ctory,  since  gases  £  Z,  ^  Z 
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the  first  and  third  bundle  crosses  would  be  poor  and  the  conditions  of  allowable  pres¬ 
sure  drop  would  still  not  be  met.  The  solution  is  found  in  a  split-flow  arrangement. 


Trial  2.  Split  flow: 


(a)  Assume  Up  =  15.  Referring  to  the  summary  of  the  first  trial  it  is  evident  that, 
if  the  pressure  drop  is  to  be  met,  the  mass  velocity  must  be  reduced  so  that  the  new 
gas  film  coefficient  will  be  considerably  below  the  value  of  24.0  obtained  for  ordinary 
flow. 

(b)  Assume  12  tube  passes.  The  low  water  coefficient  of  392  corresponds  to  a 
velocity  of  only  1.7  fps  which  is  extremely  low  for  corrosion  and  dirt  even  where  good 
water  may  be  employed.  Since  the  size  of  the  shell  will  not  be  altered  appreciably, 
having  a  large  inside  diameter,  it  is  justifiable  that  12  passes  be  employed.  Fewer 
tube  passes  would  be  needed  if  tube  cores  were  inserted  in  the  tubes.  These  may  be 
calculated  in  the  manner  of  Example  10.3.  When  using  more  than  8  passes  in  large 
shells,  the  tube  count  for  8  passes  should  be  reduced  by  5  per  cent  for  12  passes  and 
10  per  cent  for  16  passes.  For  smaller  shells  it  is  advisable  to  avoid  the  use  of  12  and 
16  passes.  Using  the  same  shell  as  in  Trial  1  for  12  passes,  the  new  tube  count  will  be 
358  X  0.95  =  340  tubes. 

(c)  Corrected  coefficient  Up: 

A  =  340  X  12'0"  X  0.2618  =  1070  ft2 


Q  _  1,240,000 

A  At  1070  X  81.6 


14.8 


Hot  fluid:  shell  side,  flue  gas 
(4')  Flow  area, 

a,  =  IDX  C'B/U4Pt  [Eq.  (7.1)] 

There  must  be  an  odd  number  of  crosses  in 
each  half  of  the  shell  and  the  largest  spac¬ 


ing  is  31  in. 

72  in./31  in.  =2  crosses;  say  3  crosses 
(odd) 


Actual  spacing  = 


12  X  12 
2X3 


24  in. 


a,  =  31  X  0.25  X  24/144  X  1.25  =  1.03 
ft2 

(6')  Mass  vel,  split  flow: 

G.  =  y2W/a,  [Eq.  (7.2)] 

-  y2  x  41,300/1.03 

=  20,000  lb /(hr Aft2) 


(6')  At  Ta  =  187. 5°F, 
u  =  0.0206  X  2.42  =  0.050  lb/(ft)(hr) 

[Fig.  15] 

De  =  0.99/12  =  0.0825  [Fig.  28] 

Res  =  DeG./n  [Eq-  (7-3)] 

=  0.0825  X  20,000/0.05  =  33,000 

(7')  jH  =  105  [Fig-  28] 

(8')  At  187. 5°F, 
k  =  0.015  Btu/ (hr)  (ft2)  (°F/ft) 

(Table  5) 

(cft/k)*  =  (0.25  X  0.050/0.015)*  =  0.94 


Cold  fluid:  tube  side,  water 
(4)  Flow  area, 

a\  =  0.546  in.2  [Table  10] 

at  =  A,a^/144n 

=  340  X  0.546/144  X  12  =  0.107  ft2 


(6)  Gt  =  w/at 

=  64,500/0.107 

=  602,000  lb/ (hr) (ft2) 

Vel,  V  =  Gt/SGOOp 

=  602,000/3600  X  62.5  =  2.68  fps 
(6)  At  ta  =  90°F, 

u  =  0.81  X  2.42  =  1.96  lb/(ft)(hr) 

[Fig.  14] 

D  =  0.834/12  =  0.0695  ft 
Ret  —  DGt/p. 

=  0.0695  X  602,000/1.96  =  21,300 
( Ret  is  for  pressure  drop  only) 
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Hot  fluid:  shell  side,  flue  gas 
(9 ')  A. [Eq.  (6.15)] 

—  =  105  X  0.015  X  0.94/0.0825 

=  17.9 

(10')  (11')  (12')  4>s  =  1.0 

ho  =  ^  =  17.9  Btu/(hr)(ft2)(°F) 

<?« 


CoW  ./Zuid:  tube  side ,  water 


(9)  /ii  =  710  X  0.94  =  667  [Fig.  25] 

(10)  /ii0  =  X  ID/OD 

=  667  X  0.83/1.0 

=  557  Btu/(hr)(ft2)(°F) 


Pressure  Drop 


(1')  For  Res  =  33,000, 

/  =  0.0017  ft2/in.2  [Fig.  29] 

(2')  No.  of  crosses,  N  +  1  =  3  [Eq.  (7.43)] 
D,  =  31/12  =  2.58  ft 
8  =  0.0012 


(3')  AP s  = 


JG>D.(N  +  1) 


[Eq.  (7.44)] 


5.22  X  1010ZWS 
0.00167  X  20,0002  X  2.58  X  3 
5.22  X  1010  X  0.0825  X  0.0012  X  1.0 

=  1.0  psi 


(13)  Clean  overall  coefficient  lie'. 


(1)  For  Ret  =  21,300, 
/  =  0.00012  ft2/in.  2 

fGfLn 

(2)  A Pt  = 


5.22  X  10 l0Ds<t>t 


[Fig.  26] 
[Eq.  (7.45)] 


0.00022  X  602, 0002  X  12  X  12 
-  5.22  X  1010  X  0.0695  X  1.0  X  1.0 

=  3.1  psi 

(3)  A Pr  =  4n/s(V*/2gf)  [Fig.  27] 

=  (4  X  12/1)0.052  =  2.5  psi 


(4)  APt  =  AP t  +  A Pr  [Eq.  (7.47)] 

=  3.1  +  2.5  =  5.6  psi 


hioho  _  557  X  17.9 
hi0  +  h0  557  +  17.9 


17.3  Btu/ (hr)  (ft2)(°F) 


(14)  Dirt  factor  Rd :  UD  from  (c)  =  14.8 

c,  _UC  -  UD  17.3  -  14.8 

Rd  ~  UcU d  =  I7T3  X  14.8  =  °'0098  (hr)(^2)(°F)/Btu 


(6.38) 


(6.13) 


Summary 


17.9 

h  outside 

557 

Uc 

17.3 

UD 

14.8 

Rd  Calculated  0 . 0098 

Rd  Required  0.005 

1.0 

Calculated  AP 

5.6 

1.0 

Allowable  AP 

10.0 
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A  16-pass  unit  would  also  be  suitable  but  is  not  warranted.  The  final  exchanger  is 

Shell  side  Tube  side 

ID  =  31  in.  Number  and  length  =  340,  12'0" 

Baffle  space  =  24  in.  OD,  BWG,  pitch  =  1  in.,  14  BWG,  l^£-in.  square 

Passes  =  split  flow  Passes  =  12 


PR  >BLEMS 

For  the  following  process  conditions  determine  the  size  and  arrangement  of  exchanger 
to  fulfill  the  conditions  allowing  pressure  drops  of  10  psi  each  stream  and  a  combined 
dirt  factor  of  0.004.  Employ  1-2  exchangers  wherever  possible. 

11.1.  60,000  lb /hr  of  42°  A  PI  kerosene  is  cooled  from  400  to  225°F  by  heating 
35°API  distillate  from  100  to  200°F. 

Use  in.  OD,  16  BWG  tubes,  16'0"  long  on  triangular  pitch. 

11.2.  120,000  lb  /hr  of  aniline  is  cooled  from  275  to  200°F  by  heating  100,000  lb  /hr 
of  benzene  from  100  to  200°F. 

Use  %  in.  OD,  14  BWG  tubes,  16'0"  long  on  1-in.  square  pitch. 

11.3.  84,000  lb/hr  of  42°API  kerosene  is  cooled  from  300  to  100°F  using  water  from 

85  to  120°F.  Calculate  the  requirement  using  the  1-2  exchangers  in  series. 

Use  %  in.  OD,  16  BWG  tubes,  16'0"  long  on  1-in.  triangular  pitch. 

11.4.  22,000  lb  /hr  of  35°API  distillate  is  heated  from  200  to  300°F  by  28°API  gas 
oil  from  an  inlet  temperature  of  500°F. 

Use  1  in.  OD,  14  BWG  tubes,  12'0"  long  on  1 34-in.  triangular  pitch. 

11.6.  68,000  lb  /hr  of  56°API  gasoline  is  cooled  from  200  to  100°F  using  water  at 
85°F. 

Use  1  in.  OD,  14  BWG  tubes,  12'0"  long  on  square  pitch. 

11.6.  32,000  lb /hr  of  oxygen  at  5  psig  is  cooled  from  300  to  150°F  using  water  at 
85°F.  (Allowable  pressure  drop  for  oxygen  2.0  psi.) 

Use  H  in.  OD,  16  BWG  tubes,  12'0"  long  on  1-in.  square  pitch. 


NOMENCLATURE  FOR  CHAPTER  11 


A 

Acr,  Ab,  Ah 
a 

a " 

B 

C 

Cs 

Ct 

Cw 

Ccr,  Ce,  Ch 

C' 

c 

D 

D. 

D„  D\ 
d 

d.,d't 

Fe 

Ft 


Heat-transfer  surface,  ft2 

Heat-transfer  surface  of  cooler,  exchanger,  and  heater,  ft2 
Flow  area,  ft2 

External  surface  per  linear  foot,  ft 
Baffle  spacing,  in. 

Specific  heat  of  hot  fli  d  in  derivations,  Btu/(lb)(°F) 

Cost  of  steam,  dollars/ Btu 
Total  annual  cost,  dollars 

Cost  of  water,  dollars/Btu  . 

Fixed  charges  of  cooler,  exchanger,  and  heater,  respectively,  dollars/ 


ft2)  (year) 

sarance  between  tubes,  in. 

;cific  heat  of  fluid,  Btu/(lb)(  F) 
ide  diameter  of  tubes,  ft 
ide  diameter  of  shell,  ft 

uivalent  diameter  for  heat  transfer  and  pressure  drop,  ft 
ide  diameter  of  tubes,  in. 

uivalent  diameter  for  heat  transfer  and  pressure  drop,  in. 

loric  fraction,  dimensionless  , 

mperature-difference  factor,  M  =  Ft  X  LMTD,  d.mena.onlea 
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f 

G 

Q 

Q' 

h ,  hi  ho 

h-io 

in 

ICc 

k 

L 

LMTD 

N 

Ni 

n 

Pt 

APt,  a  Pt,  A  Pr 

Q 

R 

Ra 

Re,  Re' 

S 


s 

Tu 

Ta 

Te 

Ts 

Tx 

tv 

to 

tc 

tv 


T« 


Li  ^2 
t"  t" 

I  l2 

At 

A tc,  Atk 

Uc,  UD 
UcR,  U E,  U H 

V 

w 

w 

<t> 

M 

e 


Friction  factor,  ft2/in.2 
Mass  velocity,  lb /(hr)  (ft2) 

Acceleration  of  gravity,  ft/hr2 
Acceleration  of  gravity,  ft /sec 2 

Heat-transfer  coefficient  in  general,  for  inside  fluid,  and  for  outside 
fluid,  respectively,  Btu/(hr)(ft2)(°F) 

Value  of  hi  when  referred  to  the  tube  outside  diameter,  Btu/(hr)(ft2) 

(°F) 

Factor  for  heat  transfer,  dimensionless 
Caloric  constant,  dimensionless 
Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Tube  length,  ft 

Log  mean  temperature  difference,  °F 
Number  of  shell-side  baffles 
Number  of  tubes 
Number  of  tube  passes 
Tube  pitch,  in. 

Total,  tube  and  return  pressure  drop,  psi 
Heat  flow,  Btu/hr 

Temperature  group  ( Ti  -  T2)/(t2  —  h),  dimensionless 
Dirt  factor,  (hr)(ft2)(°F)/Btu 

Reynolds  number  for  heat  transfer  and  pressure  drop,  dimensionless 
Temperature  group  (t2  -  h)/(T i  -  U ),  dimensionless 
Specific  gravity,  dimensionless 
Inlet  and  outlet  temperature  of  hot  fluid,  °F 
Average  temperature  of  hot  fluid,  °F 
Caloric  temperature  of  hot  fluid,  °F 
Temperature  of  steam,  °F 

Optimum  exchanger  hot-fluid  outlet  temperature, 

Optimum  exchanger  cold-fluid  outlet  temperature, 

Average  temperature  of  cold  fluid,  °F 
Caloric  temperature  of  cold  fluid,  °F 
Tube-wall  temperature,  °F 
Inlet  and  outlet  water  temperatures,  °F 
Temperatures  in  a  split-flow  exchanger,  °F 
True  temperature  difference  in  Q  =  Ut>A  At,  °F 
Cold  and  hot  terminal  temperature  difference,  °F 
Clean  and  design  overall  coefficient  of  heat  transfer,  Btu/(hr)  (ft*)  (»F) 

Overall  coefficrent  of  heat  transfer  for  cooler,  exchanger,  and  heater 
respectively,  Btu/(hr)(ft2)(°F) 

Velocity,  fps 

Weight  flow  of  hot  fluid,  lb  /hr 
Weight  flow  of  cold  fluid,  lb  /hr 
Viscosity  ratio,  (m/mu»)0-14 
Viscosity,  centipoises  X  2.42  =  lb/(ft)(hr) 

Viscosity  at  tube-wall  temperature,  centipoises  X  2.42  =  lb/(ft)fhr^ 
Annual  operating  hours  ^  ) 


°F 
°F 


Subscripts  (except  as  noted  above) 

s  Shell 

t  Tube 


CHAPTER  12 

CONDENSATION  OF  SINGLE  VAPORS 


Introduction.  A  fluid  may  exist  as  a  gas,  vapor,  or  liquid.  The  change 
from  liquid  to  vapor  is  vaporization ,  and  the  change  from  vapor  to  liquid 
is  condensation.  The  quantities  of  heat  involved  in  the  vaporization  or 
condensation  of  a  pound  of  fluid  are  identical.  For  a  pure  fluid  com¬ 
pound  at  a  given  pressure  the  change  from  liquid  to  vapor  or  vapor  to 
liquid  occurs  at  but  one  temperature  which  is  the  saturation  or  equilibrium 
temperature.  Since  vapor-liquid  heat-transfer  changes  usually  occur  at 
constant  or  nearly  constant  pressure  in  industry,  the  vaporization  or  con¬ 
densation  of  a  single  compound  normally  occurs  isothermally.  When  a 
vapor  is  removed  upon  formation  from  further  contact  with  a  liquid,  the 
addition  of  heat  to  the  vapor  causes  superheat,  during  which  it  behaves 
like  a  gas.  If  a  mixture  of  vapors  instead  of  a  pure  vapor  is  condensed 
at  constant  pressure,  the  change  does  not  take  place  isothermally  in  most 
instances.  The  general  treatment  of  vapor  mixtures  differs  in  certain 
respects  from  single  compounds  and  will  be  studied  in  the  next  chapter 
with  the  aid  of  the  phase  rule  of  J.  Willard  Gibbs. 

Condensation  occurs  at  very  different  rates  of  heat  transfer  by  either 


of  the  two  distinct  physical  mechanisms,  which  will  be  discussed  pres¬ 
ently,  dropwise  or  filmwise  condensation.  The  condensing  film  coefficient 
is  influenced  by  the  texture  of  the  surface  on  which  condensation  occurs 
and  also  by  whether  the  condensing  surface  is  mounted  vertically  or 
horizontally.  In  spite  of  these  apparent  complications  condensation, 
like  streamline  flow,  lends  itself  to  direct  mathematical  study. 

Dropwise  and  Filmwise  Condensation.  When  a  saturated  pure  vapor 
comes  into  contact  with  a  cold  si  rface  such  as  a  tube,  it  condenses  and 
may  form  liquid  droplets  on  the  surface  of  the  tube.  These  droplets 
may  not  exhibit  an  affinity  for  the  surface  and  instead  of  coating  the  tube 
fall  from  it,  leaving  bare  metal  on  which  successive  droplets  of  conden¬ 
sate  may  form.  When  condensation  occurs  by  this  mechanism,  it  is 
called  dropwise  condensation.  Usually,  however  a  distinct  film  may 
appear  as  the  vapor  condenses  and  coats  the  tube.  Additional  vapor 
is  then  required  to  condense  into  the  liquid  film  rather  than  form  directly 
on  the  bare  surface.  This  is  film  or  filmwise  condensation.  The  tv 
mechanisms  are  distinct  and  independent  of  the  quantity  of  vapor  con¬ 
densing  per  square  foot  of  surface.  Filmwise  condensation  is  therefo 
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not  a  transition  from  dropwise  condensation  because  of  the  rapidity  at 
which  condensate  forms  on  the  tube.  Due  to  the  resistance  of  the 
condensate  film  to  the  heat  passing  through  it  the  heat-transfer  coeffi¬ 
cients  for  dropwise  condensation  are  four  to  eight  times  those  f 01  filmw  ise 
condensation.  Steam  is  the  only  pure  vapor  known  to  condense  in  a 
dropwise  manner,  and  special  conditions  are  required  for  its  occurrence. 
These  are  described  by  Drew,  Nagle,  and  Smith1  and  principally  result 
from  the  presence  of  dirt  on  the  surface  or  the  use  of  a  contaminant  which 
adheres  to  the  surface.  Materials  have  been  identified  by  Nagle2  which 
promote  the  dropwise  condensation  of  steam  although  these  also  intro¬ 
duce  an  impurity  into  the  steam.  Dropwise  condensation  also  occurs 
when  several  materials  condense  simultaneously  as  a  mixture  and  where 
the  condensate  mixture  is  not  miscible,  as  in  the  case  of  a  hydrocarbon 
and  steam.  However,  during  various  periods  in  the  normal  operation  of 
a  steam  condenser  the  mechanism  may  initially  be  filmwise  condensa¬ 
tion,  shift  to  dropwise  condensation,  and  at  some  later  time  revert  to  film 
condensation.  Because  of  the  lack  of  control  it  is  not  customary  in 
calculations  to  take  advantage  of  the  high  coefficients  which  have  been 
obtained  in  dropwise-condensation  experiments.  This  chapter  conse¬ 
quently  deals  with  the  calculation  of  condensers  for  various  conditions 
and  is  based  solely  upon  film-condensation  heat-transfer  coefficients. 

It  is  fortunate  that  the  phenomenon  of  film  condensation  lends  itself 
to  mathematical  analysis,  and  the  nature  of  condensation  on  a  cold  sur¬ 
face  may  be  considered  one  of  self-diffusion.  The  saturation  pressure  of 
vapor  in  the  vapor  body  is  greater  than  the  saturation  pressure  of  the 
cold  condensate  in  contact  with  the  cold  surface.  This  pressure  differ¬ 
ence  provides  the  potential  for  driving  vapor  out  of  the  vapor  body  at  a 
great  rate.  Compared  with  the  small  resistance  to  heat  transfer  by 
diffusion  from  the  vapor  into  the  condensate,  the  film  of  condensate  on 
the  cold  tube  wall  contributes  the  controlling  resistance.  It  is  the  slow¬ 
ness  with  which  the  heat  of  condensation  passes  through  this  film  that 
determines  the  condensing  coefficient.  The  ultimate  form  of  an  equation 
for  the  condensing  coefficient  may  be  obtained  from  dimensional  analysis 
where  the  average  condensing  coefficient  h  is  a  function  of  the  properties 
of  the  condensate  film,  fe,  p,  g,  M>  and  L,  At,  and  X,  the  last  being  the  latent 
heat  of  vaporization.  Nusselt  theoretically  derived  the  relationships  for 
the  mechanism  of  film  condensation,  and  the  results  he  obtained  are  in 
excellent  agreement  with  experiments. 

Process  Applications.  In  chemical  industry  it  is  a  common  practice 
to  separate  a  liquid  mixture  by  distilling  off  the  compounds  which  have 

•  SS.  w  BMWU.a  PaS'  Smith'  AIChE-  31’  (**35) 
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lower  boiling  points  in  the  pure  condition  from  those  having  higher  boil¬ 
ing  points.  In  a  solution  of  several  compounds  each  exerts  a  partial 
pressure  and  the  most  volatile  cannot  be  boiled  off  from  the  rest  without 
carrying  some  of  the  heavier  or  higher  boiling  compounds  along  with  it. 
The  proportion  of  heavier  compounds  carried  off  when  a  solution  starts 
to  boil  is  less  than  existed  in  thf  original  solution  before  boiling  com¬ 
menced.  If  the  vapor  coming  oh  initially  is  condensed,  it  has  a  lower 
boiling  point  than  the  original  solution,  indicating  the  increase  in  the 
proportion  of  the  more  volatile  compounds.  By  successively  boiling  off 


Vapor 


Wafer 


Condenser 
Wafer 


Vapor 
U  sea! 


OH  product 
cooler 


Downcomer 
Liquid  level 
Plate 

Bubble  cap 
Vapor  riser 

Vapor 

Reboiler 


Bottoms 

Produc, 
cooler 

Fig.  12.1.  Distilling  column  with  auxiliaries. 

only  part  of  a  liquid  mixture,  condensing  the  vapor  formed,  and  boiling 
off  only  a  part  of  the  condensate,  it  is  possible  to  obtain  a  nearly  pure 
quantity  of  the  most  volatile  compound  by  numerous  repetitions  of  the 
procedure.  Thus  the  separation  by  distillation  is  accomplished  by  partial 

vaporization  and  subsequent  condensation. 

In  distillation  it  is  customary  to  obtain  a  number  of  partial  vaporiza¬ 
tions  and  condensations  by  directly  contacting  a  vapor  and  a  liquid  cool- 
SI  in  a  continuous  distilling  column.  The  bubble  cap  d.stdlmg 

s:'r«  ,sr;j  onL.«  ** 

risers  on  -h  pM,  of  .ho  roluroo.  V.por  from  P1" 

hi,  tPup  risers  and  is  broken  into  bubbles  as  it  passes  through  the 

slotted  bottoms  of  the  bubble  caps  and  thence  through  the  layer  o  iqui 
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maintained  by  the  downcomer  on  each  plate.  The  feed,  which  is  usually  a 
liquid,  is  a  mixture  of  more  and  less  volatile  compounds  and  enteis  the 
distilling  column  at  the  feed  plate  where  the  volatile  compounds  are 
partially  vaporized  by  the  rising  vapors  as  the  feed  travels  across  the 
plate.  The  remainder  of  the  liquid  on  the  plate  is  less  volatile  tnan  the 
feed  and  overflows  to  the  plate  below  through  the  downcomer.  The  boil¬ 
ing  points  of  the  liquids  on  each  of  the  lower  plates  is  consequently  higher. 

To  vaporize  a  portion  of  the  feed,  vapor  from  below  the  feed  plate  must 
exchange  heat  with  the  liquid  on  the  feed  plate,  thereby  driving  the  more 
volatile  compounds  to  the  plate  above  the  feed.  By  supplying  heat  at 
the  bottom  of  the  column  where  the  increased  concentration  of  the  least 
volatile  compounds  represents  the  highest  boiling  temperature  in  the 
system,  a  thermal  gradient  is  established  plate  by  plate  between  the 
bottom  of  the  column  and  the  top.  Heat  supplied  at  the  bottom  by 
vaporization  in  a  reboiler  is  transmitted  to  the  top  of  the  column  plate-by¬ 
plate  due  to  the  temperature  differences  corresponding  to  the  differences 
in  boiling  points  between  plates.  Continuous  distillation  requires  the 
presence  of  liquid  at  all  times  on  the  plates,  so  that  vapors  of  the  less 
volatile  compounds  in  the  feed  may  be  condensed  and  carried  downward. 
To  accomplish  this,  some  volatile  liquid  from  the  condenser,  which  repre¬ 
sents  one  plate  above  the  top  plate  and  which  is  therefore  colder,  is  intro¬ 
duced  onto  the  top  plate  and  flows  downward  in  the  column.  The 
volatile  liquid  which  is  poured  back  into  the  column  from  the  condenser 
is  the  reflux.  The  quantity  of  volatile  components  removed  from  the 
system  at  the  top  and  having  the  same  composition  as  the  reflux  is 
called  the  distillute  or  overhead  product.  The  heavier  compounds 
removed  at  the  bottom  are  variously  called  waste  or  residue  or,  if  they 
are  of  value,  bottoms  product.  The  quantitative  aspects  of  the  heat  bal¬ 
ance  are  treated  in  Chap.  14. 

It  is  the  condensing  temperature  in  the  condenser  which  determines 
the  operating  pressure  of  the  distilling  column,  since  the  saturation  tem¬ 
perature  of  a  vapor  varies  with  its  pressure.  The  overhead  product 
must  condense  in  the  condenser  at  a  temperature  sufficiently  high  so  that 
its  latent  heat  can  be  removed  by  cooling  water.  The  size  of  the  con¬ 
denser  is  dependent  upon  the  difference  between  the  condensing  tempera¬ 
ture  and  the  range  of  the  cooling  water.  If  the  condensing  temperature 
.s  very  close  to  the  cooling  water  range  at  atmospheric  pressure,  the  dis¬ 
tillation  pressure  must  be  elevated  to  permit  the  attainment  of  a  larger 


In  the  power  industry  the  term  surface  condenser  is  reserved  for  tubular 

engine?  S  ,  cond<™es  steam  from  the  exhaust  of  turbines  and 
gi  es.  Since  a  turbine  is  primarily  designed  to  obtain  mechanical  work 
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from,  heat,  tne  maximum  conversion,  is  obtained  in  the  turbine  by  main¬ 
taining  a  low  turbine-discharge  temperature.  If  the  turbine  were  to 
discharge  to  the  atmosphere,  the  lowest  attainable  steam  temperature 
would  be  212  F,  but  if  the  steam  were  to  discharge  into  a  condenser  under 
vacuum,  it  would  be  possible  to  operate  at  discharge  temperatures  of 
75°F  and  lower  and  to  convert  the  enthalpy  difference  from  212  to  75°F 
into  useful  work. 

Condensation  on  Surfaces — Nusselt’s  Theory.  In  condensation  on  a 
vertical  surface  a  film  of  condensate  is  formed  as  shown  in  Fig.  12.2  and 
further  condensation  and  heat  transfer  to  the  surface  occurs  by  conduc¬ 
tion  through  the  film  which  is  assumed  to  be  in  laminar  flow  downward. 

The  thickness  of  this  film  greatly  influences  the 
rate  of  condensation,  since  the  heat  accompany¬ 
ing  the  removal  of  vapors  from  the  vapor  phase 
encounters  the  condensate  film  as  a  resistance 
which  may  be  quite  large.  The  thickness  of  the 
film  is  a  function  of  the  velocity  of  drainage 
which  varies  with  the  deviation  of  the  surface 
from  a  vertical  position.  For  a  vertical  surface 
the  thickness  of  the  film  cumulatively  increases 
from  top  to  bottom.  For  this  reason  the  con¬ 
densing  coefficient  for  a  vapor  condensing  on  a 
vertical  surface  decreases  from  top  to  bottom, 
and  for  the  attainment  of  a  large  condensing 
coefficient  the  height  of  the  surface  should  not 
be  very  great.  The  velocity  of  drainage  for 
equal  quantities  of  condensate  is  also  a  func¬ 
tion  of  the  viscosity  of  the  condensate:  The 
lower  the  viscosity  the  thinner  the  film.  For  all  liquids  the  viscosity 
decreases  as  the  temperature  increases,  and  the  condensing  coefficient 
consequently  increases  with  the  condensate  temperature.  The  deriva- 
tions  given  in  this  chapter  throe  ;h  Eq.  (12.34)  are  those  of  Nusselt.1 
The  following  assumptions  are  involved: 

1  The  heat  delivered  by  the  vapor  is  latent  heat  only. 

2.  The  drainage  of  the  condensate  film.from  the  surface  is  by  laminar 
flow  only,  and  the  heat  is  transferred  through  the  film  by  conduction. 

3.  The  thickness  of  the  film  at  any  point  is  a  function  of  the  mean 
velocity  of  flow  and  of  the  amount  of  condensate  passing  at  that  point. 

4.  The  velocity  of  the  individual  layers  of  the  film  is  a  function  of  the 
relation  between  frictional  shearing  force  and  the  weight  of  the  him  (sec 

Chap.  3). 

1  Nusselt,  W.,  Z.  Ver.  deut.  Ing.,  60,  541  (1916). 
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5.  The  quantity  of  condensate  is  proportional  to  the  quantity  of  heat 
transferred,  which  is  in  turn  related  to  the  thickness  of  the  film  and  of 
the  temperature  difference  between  the  vapor  and  the  surface. 

6.  The  condensate  film  is  so  thin  that  the  temperature  gradient 

through  it  is  linear. 

7.  The  physical  properties  of  the  condensate  are  taken  at  the  mean 
film  temperature. 

8.  The  surface  is  assumed  to  be  relatively  smooth  and  clean. 

9.  The  temperature  of  the  surface  of  the  solid  is  constant. 

10.  The  curvature  of  the  film  is  neglected. 

Condensation.  Vertical  Surfaces.  In  Fig.  12.2  the  rate  at  which  heat 
passes  from  the  vapor  through  the  liquid  condensate  film  and  into  the 
cooling  surface  per  unit  area  is  given  by 

%  =  W  7  ^  =  XTF'  =  h(t'  -  t)  (12.1) 

A  y 


where  X  is  the  latent  heat  of  vaporization,  W'  the  pounds  of  condensate 
formed  per  hour  per  square  foot,  and  y'  is  the  thickness  of  the  condensate 
film  at  the  generalized  point  in  the  figure  whose  coordinates  are  x',  y'. 
The  other  symbols  have  their  conventional  meaning. 

The  rate  at  which  the  vapor  condenses  is  then  given  by 

w  =  (12.2) 

The  liquid  flows  downward  over  the  vertical  surface  with  a  velocity  u 
varying  from  zero  at  the  tube-film  interface  and  increasing  outward  to 
the  condensate-vapor  interface.  The  velocity  also  increases  vertically 
as  the  condensate  flows  downward. 

Consider  a  small  cube  of  unit  depth  dz  =  1,  defined  by  dx  dy  1  in  the 
moving  condensate  film  of  Fig.  12.2.  On  the  side  near  the  cold  vertical 
surface  there  is  a  tangential  force  acting  upw'ard  and  tending  to  support 
the  cube.  On  the  side  away  from  the  cold  vertical  surface  there  is  a 
tangential  force  acting  downward  due  to  the  more  rapid  movement  of  the 
liquid  downward  as  the  distance  from  the  surface  is  increased.  If  the 
resultant  force  upward  through  the  cube  is  designated  by  r  then  the 
respective  forces  are  r  -  dr/ 2  and  r  +  dr/ 2.  The  differential  tangential 
force  must  be  offset  by  gravity  acting  down. 

P  dx  dy  1  =  (T  —  —  —  (T  +  —  -  A  /100, 

V  dy  2)  \r+d^Y)-~dT  (12-3) 

On  unit  area,  dx  dz  =  1 

dr 

P  ~  ~  Ty 
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From  the  basic  definition  of  viscosity  in  Chap.  3  the  tangential  stress 
is  defined  by  Eq.  (3.3),  using  (lb-force)  (hr) /ft2  as  the  dimensions  for  the 
viscosity.  Since  it  is  customary  to  use  the  dimensions  (lb-mass) /(ft) (hr) 
for  the  dimensions,  Eq.  (3.3)  becomes 


Take  p/y  as  constant. 


y  du 

(12.4) 

T 

’  9  % 

dr 

y  d-U 

(12.5) 

dy 

g  dy'1  P 

d2u 
dy 2 

=  — 

p-l 

M 

(12.6) 

u  ■ 

=  — 

PQV  1  n  ..  1  n  ' 

2y  ■“ 

(12.7) 

The  constants  C i  and  C 2  must  now  be  evaluated.  Since  the  liquid 
adheres  to  the  wall,  u  must  equal  zero  at  y  —  0,  making  C 2  equal  zero. 


At  the  outer  boundary  of  the  film  (condensate-vapor  interface)  there  is 
no  tangential  stress  and  from  r  =  y  du/dy  w hen  y  —  y  , 


At  a  distance  x  from  the  top  of  the  condensing  surface  the  average  veloc¬ 
ity  downward  ii  is  given  by 


a 


?  s:  “ dy  =  & y " 


(12.9) 
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When  the  value  of  x  from  the  top  of  a  vertical  wall  is  taken  to  be  unity 
as  shown  in  Fig.  12.3a,  the  quantity  of  downward  flow  across  a  horizontal 
plane  of  area  1  y'  of  the  condensate  is 

1  y'up 

At  x  +  dx  there  is  a  gain  in  the  amount  of  downward  flow  of  condensate 
as  shown  in  Fig.  12.36.  Using  the  value  for  ii  from  Eq.  (12.9),  multiply¬ 
ing  by  py',  and  differentiating  with  respect  to  x  to  obtain  the  increase 
from  .t  to  x  +  dx, 


d(puy 


d  (0 


pW 


dy' 


(12.10) 


And  this  increase  must  come  from  condensation  out  of  the  vapor  and  into 
the  condensate  film 

d(puy')  =  W'l  dx 

where  W  is  the  condensate  flow  out  of  the  vapor  and  “normal”  to  the 
falling  condensate  layer  per  unit  area  as  in  Fig.  12.36.  From  Eq.  (12.2), 
however,  W  was  defined  in  terms  of  the  heat  transfer  as 

k(t'  -  t) 


W  = 


Substituting  for  W’  in  Eq.  (12.10)  the  value  from  Eq.  (12.2), 


k 


7  ( t '  —  t)  dx  = 


p2gy 


dy' 


(12.11) 


W  H 

Vll'* 

(12.12) 

For  a  limited  range  set  t!  —  t,  p,  X,  p,  and  k  constant  and  integrate. 
When  yf  =  0,  x  =  0 

V  =  (('  _  t)x  (12.13) 

4ju  k 


y  = 


_p2^ 


(t'  - 


H 


(12.14) 


rfhe  heat-transfer  coefficient  across  the  condensate  layer  at  the  distance 
.i  fiom  the  origin  per  unit  of  interfacial  area  is  given  from  Eq.  (12  1)  by 

Qx/Ax  k 

P  (12.15) 


hx  = 


t'  -  t 


Substitute  y'  from  Eq.  (12.14): 

h  =  [  kzp2\g  Y*  1 

x  L4 p(t'  -t)  J  ^ 


(12.16) 
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The  total  heat  through  the  condensate  layer  from  0  to  £  is  Q2 


hx(t'  —  t)  dx  — 


=/; 


kzp2\g 

LW  -  0 


H 


(*  -  0  $ 


(12.17) 


If  the  average  coefficient  between  he  two  points  is  /i, 

.  _  4«  ej 


h  = 


(Qx)x=Z, 

(«'  -  t)L 


&*Y  [(('  -  t)L\* 

M/  / 


(*'  -  t)L 


h  =  0.943  (  - y  Y 
\m/L  A/// 


n 


(12.18) 


where  &/,  p/,  and  p/  are  evaluated  at  the  film  temperature  t/  and  where 
the  film  temperature  is 

tf  =  W  +  t)  =  %{TV  +  tw)  (12.19) 

and 

A tf  —  tf  tw 


In  the  above,  as  in  the  derivation  which  follows,  the  stress  caused  by  the 
passage  of  the  saturated  vapor  over  the  condensate-vapor  interface  has 
been  neglected.  It  can  be  included,  although  it  is  not  of  practical  conse¬ 
quence.  The  variation  of  the  film  thickness  and  local  heat-transfer 
coefficient  are  shown  in  Fig.  12.4.  The  shapes  of  the  curves  follow  the 
thickness  and  consequently  the  resistance  of  the  condensate  film. 

Inclined  Surfaces.  Consider  a  cube  making  the  angle  a  as  shown  in 
Fig.  12.5.  The  gravity  component  acting  in  a  plane  parallel  to  the 
surface  is  p  sin  a,  and  Eq.  (12.3)  becomes 

P  sin  adydx  1  =  (r  ~  jf,  ~  (r  +  ^  C2-20) 

On  unit  area  dx  dz  =  1 

Equation  (12.6)  becomes 

Equation  (12.7)  becomes 

u  = 


p  sin  a  = 


dr 

dy 


d2u 

w 


c ip  . 

—  —  sin  a 


(12.21) 


(12.22) 


Hr  V2  sin  a  +  C\\y  4-  C? 


~%v 


(12.23) 


At  the  start  of  condensation  on  the  tube  where  y  =  0  and  there  is  no 
velocity  along  the  tube,  «  =  0  and  C2  =  0 


P 
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Pig.  12.4.  Vertical  film  thickness  and  con¬ 
densing  coefficients  for  a  descending  film. 
( After  Nusselt.) 


Fig.  12.6.  Condensate  film  on  a  horizontal 
tube. 


and  Eq.  (12.9)  becomes 


and  Eq.  (12.18)  becomes 

h  =  0.943 


3m 


sin  a 


(  k/P/^g 


sin 


-f 


(12.24) 


(12.25) 


\  ti/L  A tf 

Horizontal  Tubular  Surjaces.  Consider  a  cube  of  unit  length  at 

r  making  an  angle  a  with  the  vertical  as  seen  in  Fig  12  6  Th  fl1US 

.1  v.p„  lh,  „,m  thtough“ " 
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thickness  y'  is  given  by  the  conduction  equation. 

ur>  —  k(tf  ~  t)r  da 

«  W 

The  condensation  must  give  rise  to  an  increase  in  the  inclined  falling  film. 
For  a  differential  amount  of  condensation  the  increase  through  the 
condensing  area  r  da  is  d(puy')  a*  d  for  Eq.  (12.10) 

d(puy')  =  ^  d(yr  sin  a)  =  W  dx 

6p 


Substituting  for  W',  Eq.  (12.11)  becomes 


kit'  —  t)r  da  p^q  7/  . 

. \y  -  r, d(y  sm 

-  t)r  do,  =  ,d(yl,  sjn  ^ 

p  g  a 

3  pk(t'  —  t)r 
m  = - 2  \ - 

m  da  =  y'd(y '*  sin  a) 


Let 


Differentiating 


m  da  =  y'{3y''  sin  a  dy'  +  y '*  cos  a  da) 

=  3 y'1  sin  a  dy'  +  y '*  cos  a  da  (12.26) 

In  Eq.  (12.26)  the  term  3 y,%  dy'  appears,  but  d{y '*)  =  Ay'1  dy'  and 

3 1/  dy'  =  %  dy'*. 

Rearranging  Eq.  (12.26)  and  substituting, 


da  =  -7—  sin  a  dy'*  +  —  cos  a  da 
Am 


m 


Let  y'*/m  =  =  z 


da  =  sin  adz  +  2  cos  a  da 

Y  sin  a  +  z  cos  a  —  1  =  0 
4  da 


(12.27) 

(12.28) 


Equation  (12.28)  is  a  linear  differential  equation  whose  solution  is 

2  =  .  f  sin^  a  da  C^j  (12.29) 

sin**  a  \3  J  / 


When  a  =  0,  Cz  —  0, 


^  _  4 _ 1_ 


f 


sin**  a  da 


(12.30) 
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The  value  of  this  integral  for  different  values  of  a  may  be  determined 
by  graphical  methods.  From  the  substitution  in  Eq.  (12.27) 


y 


=  \f/my*  =  \p 


[ 


Zyk{t'  —  t)r 

P2g x 


Vi 


(12.31) 


As  shown  in  Eq.  (12.15),  hx  =  k/y'. 

The  thickness  of  the  film  actually  decreases  slightly  as  a  increases 
from  0  to  5°,  and  then  it  increases  steadily  and  breaks  into  drops.  The 
local-heat  transfer  coefficient  at  any  point  is  then 


,  _  k  1 

“  y'  + 


k3p2\g 


<12-32) 

The  average  heat-transfer  coefficient  ha  of  the  segment  between  angles 

— i  r  t  (i2-33> 

-  ai)  Jai  Y 


oci  and  «2  is 


k 


my*(a2 


Employing  graphical  methods  as  before,  where  D0  is  the  outside 
diameter  of  the  tube,  the  average  heat-transfer  coefficients  are  found  to 


hc 

ha 


90° 

0° 

180° 
90° 


=  0.860 


=  0.589 


(  kV-\g  \A 

W.  A<// 

/  i'  VXf/  \ 1/1 
\pDv  At/) 


From  0  to  180°  which  is  one-half  the  tube,  the  other  half  being  sym< 
metrical, 

h  =  0.725 

\PfD0  AtfJ 


(12.34) 


The  variation  of  the  film  thickness  and  heat-transfer  coefficient  for 
steam  on  a  horizontal  tube  is  shown  in  Fig.  12.7.  As  in  the  preceding  case 
t  is  governed  by  the  resistance  of  the  condensate  film  to  conduction 
Development  of  Equations  for  Calculations.  McAdams1  found  from 
.he  correlation  of  the  data  of  several  investigations  that  observed  con- 
ensing  coefficients  for  steam  on  vertical  tubes  were  75  per  cent  greater 

?n,t  e;“  coeffic>ents  calculated  by  Eq.  (12.18).  The  values 
.a  culated  from  Eq.  (12.18)  agree,  however,  for  a  condensate  in  stream¬ 
ing  flow  with  the  values  calculated  from  Eq.  (6.1)  for  ordinary  streamline 

When  a  liquid  descends  vertically  on  the  outside  of  a  tube,  it  is  certainly 
1  McAdams,  op.  cit.,  p.  264.  L-uniy 
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Fig.  12.7.  Plot  of  the  heat-transfer  coefficient  and  film  thickness  of  water  on  a  horizontal 
tube.  ( After  Nusselt .) 


in  streamline  flow  at  the  top  of  the  tube,  where  the  accumulation  of 
condensate  is  small.  If  a  relatively  large  amount  of  vapor  is  condensed 
on  the  tube,  it  is  possible  that  at  some  point  below  the  top  the  film  will 

change  to  turbulent  flow.  This  may  be  esti¬ 
mated  1  om  the  diameter  and  length  of  the  tube, 
the  viscosity  of  the  condensate,  and  the  quan- 
Af  tity  being  condensed.  Referring  to  the  tube  as 
shown  in  Fig.  12.8,  the  crosshatched  area  out¬ 
side  the  tube  represents  condensate  film  as  seen 
at  any  point  looking  down.  This  is  similar 
to  the  flow  in  the  annulus  of  a  double  pipe 
rio  ,2.8.  vortical  de-  exchanger  except  that  the  outer  surface  of  the 
scending  film.  film  is  not  formed  by  a  concentric  pipe, 

the  case  of  the  double  pipe  exchanger  the  equivalent  diameter  was  ta  en 
as  four  times  the  hydraulic  radius. 
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Then 


,nd 


free  flow  area 

D0  —  4 rh  —  X  we^ed  perimeter 


Re 


DjG 


i"or  vertical  tubes  let 
A/  =  cross-sectional  area  (shaded) 
p  =  wetted  perimeter  per  tube 

De  =  4X  Af/P 


yetting  the  loading  per  tube  be  w’  =  W/Nt ,  where  Nt  is  the  number  of 
ubes, 

G  =  w'/Af  lb/(hr)(ft2) 


Re  =  DeG/n  =  (4Af/P)(w'/Af)/n  =  Aw’/nP 

(12.35) 

falling  the  condensate  loading  per  linear  foot  G', 

G'  =  lb/(hr)(lin  ft) 

(12.36) 

]q.  (12.35)  becomes 

Re  =  «L 

"he  total  heat  load  is  given  by  Q  =  \w'. 

p  _  Q  _  \w'  X  G' 

A  A tf  PL  At/  L  A tf 

(12.37) 

ubstituting  in  Eq.  (12.18), 

h  -  0.943  (k'p% 

\  /*/  Gy 

(12.38) 

Multiplying  the  right  term  by  (4/z/4 m)I/4, 

h*  -  0.943 

V  46'/ 

‘(4)”--er 

(12.39) 

or  horizontal  tubes  Eq.  (12.39)  becomes 

s(4)"=-(fr 

(12.40) 

^here  the  loading  for  a  single  horizontal  tube  is 

II 

(12.41) 

266 


PROCESS  HEAT  TRANSFER 


Using  the  corresponding  loading  as  given  by  either  Eq.  (12.36)  or  (12.41) 
as  the  case  may  be,  Eqs.  (12.39)  and  (12.40)  may  both  be  represented  by 


h 


(12.42) 


Equations  (12.39)  and  (12.40)  v  ere  obtained  for  condensation  on  single 
tubes.  In  a  vertical-tube  bundle  the  presence  of  one  or  more  tubes  does 
not  alter  the  assumptions  on  which  the  derivation  was  predicated.  How¬ 
ever,  on  horizontal  tubes  in  tube  bundles  it  has  been  found  that  the 
splashing  of  the  condensate  as  it  drips  over  successive  rows  of  tubes  causes 
G"  to  be  more  nearly  inversely  proportional  to  NtH  rather  than  Nt  so  that 
it  is  preferable  to  use  a  fictitious  value  for  horizontal  tubes 


G”  =  lb/ (hr)  (lin  ft) 


(12.43) 


Figure  12.9  is  a  line  chart  of  solutions  of  Eq.  (12.42)  prepared  for  con¬ 
venience.  Its  use  requires  that  the  film  be  in  streamline  flow  correspond¬ 
ing  to  an  average  Reynolds  number  of  about  1800  to  2100  for  the  flow 
gradient  assumed  by  the  condensate.  For  steam  at  atmospheric  pres¬ 
sure  Eq.  (12.42)  reduces  to  the  equations  given  by  McAdams:1  For 
horizontal  tubes 


and  for  vertical  tubes 


where  At /  ranges  from  10  to  150°F. 

It  is  frequently  desirable  to  apply  Eqs.  (12.39),  (12.40),  and  (12.42)  to 
the  calculation  of  condensers  which  are  modifications  of  the  1-2  exchanger 
with  condensation  in  the  shell.  Such  condensers  have  baffled  tube  bun¬ 
dles.  The  baffles  do  not  affect  the  condensing  film  coefficients  in  hori¬ 
zontal  condensers,  since  the  co  efficients  are  independent  of  the  vapor 
mass  velocity,  but  they  do  influence  the  accumulation  of  condensate  on 
the  tubes  of  vertical  condensers.  Moreover,  in  condensers  with  multi¬ 
pass  tubes  the  tube-wall  temperature  is  different  at  every  point  in  each 
pass,  whereas  the  surface  temperature  was  assumed  constant  in  the  deri¬ 
vations.  A  correction  for  the  latter  cannot  be  accounted  foi  in  t  e 
calculations  except  by  the  treatment  of  small  surface  increments  of  each 
pass  individually.  The  error  introduced  by  using  the  mean  tube-wall  tem¬ 
perature  as  being  effective  over  all  the  surface  is  apparently  too  small  to 
justify  the  lengthier  calculation.  Since  the  baffle  holes  are  ordinarily 

i  Ibid.,  p.  270. 
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h  ~  D0*  A tf* 

(12.44a) 

4000 
h  =  L* 

(12.44b) 

Condensing  coefficient  h  = 
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100  1000  10,000  100,000 
Condensing  load  6*or  6"  lb/(hr)(lin  ft) 

Fig.  12.9.  Condensing  coefficients.  Graphical  solution  of  Eq.  (12.42). 
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about  }4 2  in-  greater  in  diameter  than  the  tube  outside  diameter,  the 
baffles  in  vertical  condensers  prevent  the  condensate  film  from  reaching  a 
thickness  greater  than  ^34  in.  before  impinging  on  the  baffle.  This, 
however,  is  a  favorable  limitation  except  at  high  tube  loadings  where  the 
condensate  film  might  otherwise  grow  sufficiently  to  change  to  turbulent 
flow. 

Comparison  between  Horizontal  and  Vertical  Condensation.  The 

value  of  the  condensing  film  coefficient  for  a  given  quantity  of  vapor  on  a 
given  surface  is  significantly  affected  by  the  position  of  the  condenser. 
In  a  vertical  tube  about  60  per  cent  of  the  vapor  condenses  in  the  upper 
half  of  the  tube.  By  combining  Eqs.  (12.18)  and  (12.34)  the  ratio  of  the 
theoretical  horizontal  and  vertical  condensing  coefficients  is  given  by 


with  condensation  in  shell  and 
gravity  return  of  reflux. 


(0.725/0.943)  (L/Z))*4.  For  a  %  in.  OD  tube  16'0"  long,  the  horizontal 
coefficient  should  be  3.07  times  as  great  as  the  vertical  coefficient,  pro¬ 
vided  that  the  condensate  film  is  in  streamline  flow  throughout.  Ordi¬ 
narily,  however,  the  advantage  is  not  quite  so  great  due  to  the  other 
modifications  which  prevail  suci .  as  a  transition  of  the  vertical  film  into 
turbulent  flow. 

For  the  condensation  of  exhaust  steam  from  turbines  with  vacuum  dis¬ 
charge  the  condenser  surface  is  usually  very  great,  from  10,000  to  60,000 
ft2  per  shell,  and  the  economics  are  such  that  tubes  up  to  26  ft  long  are 
employed.  These  large  condensers  are  designed  with  overall  transfer 
coefficients  as  high  as  800  Btu/(hr)(ft2)(°F)  as  treated  later.  Condensers 
for  such  services  are  universally  installed  in  a  horizontal  position  to  facili 
tate  the  distribution  of  the  vapor  and  the  removal  of  the  condensate. 

When  a  condenser  is  employed  on  a  distillation  column,  several  specific 
factors  must  be  taken  into  consideration.  A  typical  arrangement  of  such 
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,  condenser  is  shown  in  Fig.  12.10,  in  which  the  reflux  is  returned  to 
he  column  by  gravity.  The  condensate  leg  1-2  of  height  zh  must  supply 
ufficient  hydrostatic  head  to  return  the  condensate  to  the  column 
hrough  the  seal.  In  Fig.  12.11  a  vertical  condenser  is  employed  for  the 
ame  service,  but  it  is  not  well  suited  for  gravity  return  of  the  condensate, 
ince  it  must  be  elevated  considerably  above  the  column,  which  in  many 
ases  is  very  tall  by  itself.  Maintenance  and  structural  support  for  the 
-ertical  condenser  may  be  costly  and  considerably  more  difficult.  On  the 
'ther  hand  if  it  is  desired  not  only  to  condense  the  overhead  vapor  but 
Iso  to  subcool  the  condensate,  the  vertical  condenser  is  admirably  suited. 
hibcooling  is  the  operation  of  cooling  the  condensate  below  its  saturation 
emperature,  and  this  is  done  very  frequently  when  the  overhead  product 
3  a  volatile  liquid  to  be  sent  to  storage.  By  subcooling  it  is  possible  to 
void  large  evaporation  losses  during  initial  storage.  The  combination 
»f  condensation  and  subcooling  in  a  single  unit  eliminates  the  need  for  a 
eparate  overhead  product  cooler,  as  shown  in  Fig.  12.1. 

Condensation  inside  Tubes.  Horizontal  Condensers.  The  equations 
leveloped  so  far  give  excellent  results  when  applied  to  condensation  out- 
ide  tubes,  although  the  deviations  in  commercial  condensers  have  not 
>een  reported  except  in  isolated  instances.  Often,  however,  the  con¬ 
densate  is  corrosive,  or  it  is  desired  to  recover  the  latent  heat  from  the 
rapor  by  using  it  to  preheat  the  feed  to  a  column.  In  such  cases  it  may 
>e  preferable  to  condense  the  vapor  in  the  tubes  rather  than  on  the  tubes 
therein  the  original  derivation  is  no  longer  applicable.  Within  the 
ubes  of  a  single-pass  horizontal  condenser  each  tube  condenses  an  equal 
.mount  of  vapor  and  there  is  no  change  in  the  coefficient  due  to  the 
plashing  of  condensate  from  one  tube  row  to  another.  As  the  conden- 
ate  flows  along  the  inside  bottoms  of  the  tubes,  however,  it  builds  up  a 
hicker  condensate  resistance  film  than  that  anticipated  in  the  derivation, 
kittle  is  available  of  a  theoretical  nature  to  permit  a  rational  analysis,  but 
t  has  been  found  that  the  film  coefficient  may  be  safely  computed  by 
5q.  (12.40)  when  G ",  which  is  theoretically  W/LNt,  is  replaced  by  the 
ictitious  loading 

W 

=  OlLNt  lb/  (hr)  (lin  ft)  (12.45) 

equation  (12.45)  is  especially  useful  when  condensation  occurs  in  the 
nner  pipe  of  a  double  pipe  exchanger.  For  condensation  in  the  tubes  of 
i  condenser  with  multipass  tubes  it  is  preferable  to  compute  the  average 
ilm  coefficient  for  each  pass.  The  condensate  formed  in  the  first  pass  is 
carried  through  the  second  pass  by  one  or  more  of  the  lower  tubes  in  the 
Dass,  which  may  flow  full  of  condensate  and  therefore  expose  no  surface 
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for  condensation.  The  calculation  is  then  carried  out  by  trial  and  error 
to  determine  the  true  tube  loading  in  each  pass. 

Vertical  Condensers.  Condensation  inside  vertical  tubes  follows  essen¬ 
tially  the  same  mechanism  as  condensation  outside  vertical  tubes  if  the 
interference  of  the  shell  baffles  is  neglected.  Since  the  condensate  film 
has  the  ability  to  grow  continuously  in  its  descent  down  the  inside  or 
outside  of  tubes,  it  may  change  f  om  streamline  to  turbulent  flow  at  some 
height  between  the  top  and  the  bottom.  The  local  condensing  coefficient 
decreases  continuously  from  the  top  downward  until  at  some  point  the 
film  changes  to  turbulent  flow.  After  the  transition  to  turbulent  flow 
the  coefficient  increases  in  accordance  with  the  usual  behavior  of  forced 
convection.  By  semiempirical  means  Colburn1  has  combined  the  effect 


Fig.  12.12.  Semiempirical  condensation  curve  for  vertical  tubes.  ( Colburn ,  Trans¬ 

actions  of  American  Institute  of  Chemical  Engineers.) 


of  streamline  flow  in  the  upper  portion  of  the  tube  with  that  of  turbulent 
flow  below  the  point  where  4 G'/nf  =  2100.  This  required  the  selection 
of  a  heat-transfer  factor  for  forced  convection  such  that  h  at  the  transition 
point  was  roughly  the  same  for  both  Nusselt  condensation  and  turbulent 
flow.  He  then  obtained  the  mean  coefficient  for  the  entire  height  of  the 
tube  by  weighting  the  average  coefficient  for  the  upper  portion  of  the 
tube  and  h  for  forced  convectior  in  the  lower  portion  of  the  tube.  The 
mean  coefficients  of  condensation  for  the  entire  tube  when  4 G'/nr  >  2100 
are  given  in  Fig.  12.12.  This  plot  contains  the  values  recommended  by 
McAdams.  The  distance  from  the  top  of  the  tube  at  which  the  change 
from  laminar  to  turbulent  flow  occurs  may  be  obtained  from  Nusselt’s 
semiempirical  derivation  based  on  the  transition  occurring  at  4 G’/m 
=  1400  for  steam  and  employing  Eqs.  (12.8)  and  (12.14).  If  xc  is  the 

distance  in  feet  from  the  top, 

2668A/x/%  f+  112  46) 

-  P»kgHT*  ~  ««•) 

1  Colburn,  A,  P.,  Trans.  AIChE,  30,  187-193  (1934). 
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Where  there  is  evidence  that  the  transition  occurs  a  g 

han  AG'/nf  =  1400,  as  for  organic  vapors,  the  value  of  should  b( 
ciultiplied  by  the  ratio  of  the  corrected  value  of  4 G  //*/  divided  by  1400. 

Naturally  if  a  vertical  condenser  is  to  operate  with  condensation  inside 
he  tubes,  it  will  have  but  one  tube  pass  as  shown  m  Fig.  12.13. 

Condenser  Calculations.  Condensers  are  better  classified  by  what  goes 
in  inside  them  than  by  their  process  locations  or  services.  Often  in 
iddition  to  condensation  they  may  also  perform  vapor  desuperheating  oi 
ondensate  subcooling  so  that  a  separate  shell  need  not  be  employed  for 
he  sensible-heat  transfer.  A  convenient  classification  in  which  each  class 
s  indicative  of  a  different  modification  of  the  calculation  is  given  below: 


L.  Single  vapors  (the  vapor  of  a  pure  com¬ 
pound  or  a  constant  boiling  mixture) 

a.  Saturated  vapor:  Total  or  partial 
condensation  outside  tubes 

b.  Superheated  vapor:  Desuperheating 
and  condensation  outside  tubes 

c.  Saturated  vapor:  Condensation  and 
subcooling  outside  tubes 

d.  Condensation  inside  tubes :  Desuper¬ 
heating,  condensing,  subcooling 

e.  Condensation  of  steam 
2.  Vapor  mixtures  (Chap.  13).  The  ap¬ 
plication  of  the  phase  rule. 

a.  Binary  mixture 

b.  Vapor  mixture  with  long  condensing 

range 

c.  Vapor  mixtures  forming  immiscible 
condensates 

d.  Single  vapor  or  vapors  with  noncon¬ 
densable  gas 

e.  Vapor  mixtures  and  noncondensable 
gases  forming  immiscible  condensates 

For  cases  la  through  Id  the  majority  of  condensers  are  modifications 
of  the  1-2  exchanger  and  may  be  referred  to  as  1-2  condensers.  The  use 
of  a  1-2  exchanger  as  a  condenser  usually  requires  provision  for  a  larger 
entrance  space  so  that  the  vapor  is  not  subjected  to  too  great  a  pressure 
drop  on  entering  the  shell.  This  may  be  accomplished  in  either  of  three 
ways:  The  vapor  may  be  introduced  through  a  vapor  belt  as  shown  in 
Fig.  12.14  or  by  means  of  a  flared  shell  inlet  nozzle  as  shown  in  Fig.  12.15. 
A  third  method  is  the  elimination  of  some  of  the  tubes  from  the  bundle 
which  lie  close  to  the  inlet  nozzle. 

Although  condensation  reduces  the  volume  of  the  vapor,  it  occurs  at 
constant  pressure  except  for  the  frictional  pressure  drop  between  the 
inlet  and  the  outlet.  In  a  horizontal  condenser  using  conventional  seg 


Fig.  12.13.  Vertical  condenser  with  con¬ 
densation  in  the  tubes  and  gravity  return 
of  reflux. 
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mental  baffles  it  is  imperative  that  they  be  arranged  for  side-to-side  flow 
and  not  up-and-down  flow  as  shown  in  Fig.  7.6.  This  involves  merely 
rotating  the  bundle  90°  before  bolting  the  channel  to  the  shell  flange. 
Failure  to  provide  side-to-side  flow  causes  pools  of  condensate  to  form 
between  each  pair  of  baffles  whose  cutout  areas  are  on  the  top  of  the  shell 
thereby  impeding  the  passage  ot  vapor. 

The  Allowable  Pressure  Drop  for  a  Condensing  Vapor.  In  the  original 
Nusselt  assumptions  the  condensing  coefficient  was  considered  to  be 
independent  of  the  vapor  velocity  across  the  bundle  of  the  condenser  and 
to  depend  only  upon  G'  or  G ",  the  loading  as  pounds  of  condensate  per 
hour  pei  linear  foot.  It  is  customary  for  the  sake  of  good  vapor  distribu¬ 
tion  to  have  the  vapor  travel  across  the  bundle  as  rapidly  as  the  pressure- 
drop  considerations  will  allow  and  to  space  the  baffles  accordingly.  To 
account  for  the  shrinkage  in  the  total  pounds  of  vapor  as  it  travels  the 


length  of  the  bundle,  the  baffle  spacing  may  be  staggered  to  give  a  nearly 
constant  vapor  mass  velocity.  At  the  inlet  the  baffles  are  spaced  far 
apart  but  are  spaced  more  closely  toward  the  outlet.  The  use  of  stag¬ 
gered  pitch  is  not  universally  accepted,  since  it  reduces  the  adaptability 
of  the  equipment  to  other  services  in  the  event  that  the  original  process 
is  discontinued.  With  uniform  baffle  pitch  the  condenser  may  be  readily 
adapted  to  gas-liquid  and  liquid  -liquid  heat  exchange. 

In  distillation  the  allowable  pressure  drop  for  a  vapor  coming  off  a 
column  is  usually  very  small  if  the  condenser  is  installed  for  the  gravity 
return  of  the  reflux  to  the  column.  Referring  to  Fig.  12.10  the  hydraulic 
circuit  consists  of  the  weight  of  the  overhead  vapor  line  z3  —  z2,  condenser 
pressure  drop  A Pc,  the  weight  of  the  condensate  leg  zh  and  the  pressure 
drop  in  the  condensate  return  line,  which  is  usually  neglected.  The  equa¬ 
tion  is  given  closely  in  pounds  per  square  inch  by 

PvZl  |  A  £>  PlZl 

144  +  c  144 
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vffiere  Pv  =  density  of  vapor,  lb/ft 
Pl  =  density  of  liquid,  lb/ft3 
APC  =  pressure  drop  in  condenser,  psi 
Expansion  and  contraction  losses  from  and  to  the  tower  have  also  been 
leglected.  For  all  practical  purposes  the  minimum  available  hydrostatic 
lead  must  exceed  Plzx  =  144  A Pr.  To  this  must  usually  be  added  an  addi- 
ional  factor  to  permit  the  use  of  a  flow-control  valve  in  the  reflux  line. 
Tor  a  liquid  with  a  specific  gravity  of  1.0  the  minimum  elevation  of  the 
•ondensate  line  above  the  level  of  the  top  plate  for  a  2.0  psi  allowable 
iressure  drop  in  the  condenser  is  (2.0/14.7)  X  34  =  4.62  ft,  and  foi 
iquids  of  lower  specific  gravity  the  elevation  of  the  condenser  will  be 
iroportionately  greater.  For  this  reason  the  condenser  is  frequently 
nstalled  at  the  ground  level  and  a  condensate  return  pump  is  substi- 
,uted  for  gravity  return  of  reflux.  This  is  especially  true  at  higher  pres¬ 
sures,  where  hydraulic  control  is  more  difficult  and  serious  surging  may 
>ccur  at  the  top  of  the  column.  To  prevent  surging  the  condensate 
eaving  the  condenser  first  enters  a  condensate  accumulator  and  then 
roes  to  the  pump.  With  pumped  return  a  vapor  pressure  drop  of  5  psi 
s  often  allowed  in  the  condenser.  For  gravity  systems  the  allowable 
vrapor  pressure  drop  in  the  condenser  will  be  usually  1  to  2  psi. 

In  the  condensation  of  a  pure  saturated  vapor,  the  vapor  enters  the 
condenser  at  its  saturation  temperature  and  leaves  as  a  liquid.  The 
Dressure  drop  is  obviously  less  than  that  which  would  be  calculated  for  a 
ras  at  the  inlet  specific  gravity  of  the  vapor  and  greater  than  that  which 
tfould  be  computed  using  the  outlet  specific  gravity  of  the  condensate, 
rhe  mass  velocity  of  inlet  vapor  and  outlet  liquid  are,  however,  the  same, 
fn  the  absence  of  extensive  correlations  reasonably  good  results  are 
obtained  when  the  pressure  drop  is  calculated  for  a  mass  velocity  using 
the  total  weight  flow  and  the  average  specific  gravity  between  inlet  and 
outlet.  This  method  can  be  further  simplified,  as  in  the  condensation  of 
steam,  by  taking  one-half  the  conventional  pressure  drop  computed 
entirely  on  inlet  conditions.  Thus  for  condensation  in  the  shell, 


A P  _  1  fG*D.(N  +  1) 

8  2  5.22  X  10 l0Des 


(12.47) 


where  s  is  the  specific  gravity  of  vapor.  For  condensation  in  tubes 


ad  _  1  fG?Ln 

1  2  5.22  X  10 lQDes  (12.48) 

where  s  is  the  specific  gravity  of  the  vapor.  No  contraction  or  expansion 
losses  need  be  considered.  Both  Eqs.  (12.47)  and  (12.48)  are  on  the 
safe  side,  since  the  mass  velocity  of  the  vapor  decreases  nearly  linearly 
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in  the  presence  of  a  large  At  from  inlet  to  outlet  whereas  the  pressure  drop 
decreases  as  the  square  of  the  velocity. 

When  circumstances  make  it  difficult  to  meet  the  allowable  drop 
through  a  1-2  condenser,  a  lower  pressure  drop  can  be  obtained  by  resort¬ 
ing  to  split  flow  as  shown  in  Fig.  12.16.  Still  another  arrangement 


Fig.  12.16.  Condenser  with  split  flow  and  gravity  return  of  reflux. 

whose  characteristics  will  be  discussed  later  is  the  double-flow  or  divided- 
flow  condenser  shown  in  Fig.  12.17.  This  condenser  consists  of  a  con¬ 
ventional  bundle  with  a  removable  longitudinal  baffle  and  transverse 
support  plate  as  well  as  smaller  baffles  to  induce  side-to-side  flow  of  the 
vapor  and  condensate.  The  support  plate,  in  addition  to  supporting  all 


Fig.  12.17.  Divided-flow  1-2  condenser. 


the  tubes,  also  serves  to  divide  the  flow.  To  prevent  the  condensate  and 
vapor  in  the  upper  half  of  the  shell  from  passing  between  the  longitudinal 
baffle  and  the  inside  diameter  of  the  shell,  it  is  customary  to  provide 
sealing  strips,  which  force  the  vapor  and  condensate  to  travel  the  hall 
lengths  of  the  divided  flow  condenser. 


Example  12.1.  Calculation  of  a  Horizontal  n-Propanol  Condenser.  A  horizontal 
1-2  condenser  is  required  for  the  condensation  of  60,000  lb /hr  of  substantially  pur 
Lpropanol  (propyl  alcohol)  coming  from  the  top  of  a  distilling  column  operating  at 


CONDENSATION  OF  SINGLE  VAPORS 


275 


5  paig  at  which  pressure  it  boils  at  244°F.  Water  at  85»F  will  be  used  as  the  cooling 
fedium.  A  dirt  factor  of  0.003  is  required  with  allowable  pressure  drops  of  2.0  psi  for 

^  Bee  a  u  se  ^f h  elo  ca  t  i  o  n  of  the  condenser,  assume  that  8'0"  tubes  are  used.  Tubes 
re  to  be  H  in.  OD,  16  BWG  on  in.  triangular  pitch. 

I Solution : 

1)  Heat  balance: 

n- Propanol,  Q  =  60,000  X  285  =  17,100,000  Btu/hr 
Water,  Q  =  488,000  X  1(120  -  85)  =  17,100,000  Btu/hr 

2)  At: 

Hot  Fluid  Cold  Fluid  Diff. 


244 

Higher  Temp 

120 

124 

244 

Lower  Temp 

85 

159 

0 

Differences 

35 

35 

At  =  LMTD  =  141°F  #  (5-14) 

The  exchanger  is  in  true  counterflow,  since  the  shell-side  fluid  is  isothermal. 

3)  Te  and  tc:  The  influence  of  the  tube-wall  temperature  is  included  in  the  con- 
lensing  film  coefficient.  The  mean  ta  —  102. 5°F  can  be  used  for  tc. 

Trial: 

(a)  Assume  Ud  =  100:  Condensing  film  coefficients  will  generally  range  from  150  to 
300.  Assuming  a  film  coefficient  of  1000  for  water  Uc  will  range  from  130  to  230. 

Q  =  17,100,000  __  1213  ft2 


A  = 


UD  At  100  X  141 


Number  of  tubes  = 


1213 


=  773 


8'0"  X  0.1963 

( b )  Assume  four  tube  passes:  The  quantity  of  water  is  large,  but  the  condenser  will 
have  a  large  number  of  tubes,  making  a  two-pass  assumption  inadvisable. 

From  the  tube  counts  (Table  9):  773  tubes,  four  passes,  %  in.  OD  on  tri¬ 

angular  pitch 

Nearest  count:  766  tubes  in  a  31  in.  ID  shell 

(c)  Corrected  coefficient  Ud: 

A  =  766  X  S'O"  X  0.1963  =  1205  ft2 


UD  = 


Q  _  17,100,000 
A  At  1205  X  141  101 


Hot  fluid:  shell  side,  n-propanol 
(4')  Assume  maximum  baffle  space.  This 
will  be  32)^,  31,  and  32)^  in.  equal  to  96  in. 
or  2  baffles  and  3  crosses  for  side-to-side 
flow. 

a.  =  IDX  C'B/UAPt  [Eq.  (7.1)] 

=  31  X  0.1875  X  31/144  X  0.937 

=  1.34  ft* 


Cold  fluid:  tube  side,  water 
(4)  Flow  area,  at  =  0.302  in.2  [Table  10; 
at  =  NtaJIUn  [Eq.  (7.48)) 

=  766  X  0.302/144  X  4  =  0.402  ft* 
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Hot  fluid:  shell  side,  n-propanol 
(6')  G,  =  W /ax  (for  pressure  drop  only) 

[Eq.  (7.2)] 

=  60,000/1.34 

=  44,700  lb/ (hr)  (ft2) 
Loading,  G"  =  W/LNfi  [Eq.  (12.43)] 
=  60,000/8  X  766** 

=  89.3  (lb)/(hr)(lin  ft) 
Assume  h  =  h0  =  200 
From  (10)  hio  =  1075 

tw  =  ta  +  j— irrr  ( T *  ~  *«)  [Eq.  (5.31)] 

hio  i  ho 

=  102.5  +  200/1275(244  -  102.5) 

=  125°F 

tf  =  (Tv  +  tw)/2  [Eq.  (12.19)] 

=  (244  +  125) /2  =  184.5°F 
k/  =  0.094  Btu/(hr)(ft2)(°F/ft)  [Table  4] 
s,  =  0.80  [Table  6] 

M/  =  0.62  cp  [Fig.  14] 

From  Fig.  12.9  or  Eq.  (12.42) 
h  =  h0  =  172  Btu/(hr)(ft2)(°F) 


Cold  fluid:  tube  side,  water 
(6)  Gt  =  w/at 

=  488,000/0.402 

=  1,210,000  lb/(hr)(ft2) 

Vel,  V  =  (r</3600p 
=  1,210,000/3600  X  62.5  =  5.42  fps 

(6)  At  ta  =  102.5°F, 

M  =  0.72  X  2.42  =  1.74  lb/(ft)(hr) 

D  =  0.62/12  =  0.0517  ft  [Table  10] 

Ret  =  DGt/n  (for  pressure  drop  only) 

=  0.0517  X  1,210,000/1.74  =  36,200 

(9)  hi  =  1300  [Fig.  25] 

(10)  hio  =  hi  X  ID/OD  [Eq.  (6.5)] 

=  1300  X  0.62/0.75 

=  1075  Btu/(hr)(ft2)(°F) 


Based  on  h  =  172  instead  of  the  assumed  200  a  new  value  of  tw  and  t{  could  be  obtained 
to  give  a  more  exact  value  of  h  based  on  fluid  properties  at  a  value  of  tf  more  nearly 
correct.  It  is  not  necessary  in  this  example  because  the  condensate  properties  will 
not  change  materially. 

Pressure  Drop 


(1')  At  Tv  =  244°F 

M vapor  =  0.010  X  2.42 

=  0.0242  lb/(ft)(hr)  [Fig.  15] 

De  =  0.55/12  =  0.0458  ft  [Fig.  28] 

Re,  =  DeG,/n  [Eq-  (7-3)l 

=  0.0458  X  44,700/0.0242  =  84,600 
f  =  0.00141  ft2/m.2  [Fig.  29] 


(2')  No.  of  crosses,  N  +  1 


=  3 


(1)  For  Ret  =  36,200, 
/  =  0.00019  ft2/in.2 


(2) 


^t  = 


jG\Ln 

5.22  X  10 l0I)s4>t 


[Fig.  26] 


[Eq.  (7.45)] 


Mol.  wt.  =  60.1 

60.1 

Density,  p  -  359/794/492) (14.7/29.7) 

=  0.238  lb/ft3 

s  =  0.238/62.5  =  0.00381 
D,  =  3M2  =  2.58  ft 

_  1  fG]D,{N  +  1) 

(3  )  A P,  -  -  5  22  X  1010Dts 

[Eq.  (12.47)] 

1  0.0014  X  44,7002  X  2.58  X  3 
—  2  5.22  X  1010  X  0.0458  X  0.00381 

=1.2  psi 


0.00019  X  1,210, 0002  X  8  X  4 
“  5.22  X  1010  X  6.0517  X  1.0  X  1.0 


=  3.3  psi 

(3)  APr 

=  (4n/s)(F2/2f7') 

[Eq.  (7.46)] 

=  (4  X  4/1)0.20  = 

3.2  psi 

(4)  APr 

=  APt  +  APr 

[Eq.  (7.47)] 

=  3.3  +  3.2  =  6.5 

psi 
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(13)  Clean  overall  coefficient  Uc- 

^  =  ra;  =  msrm  = 1485 


(14)  Dirt  factor  Rd'-1  UD  from  (c)  =  101 

ft,  =  Ucrr,FD  =  f  3  =  0.0032  (hr)(ft2)(°F)/Btu 

UcUd  148.5  X  101 


(6.38) 


(6.13) 


Summary 


172 

h  outside 

1075 

Uc 

148.5 

UD 

101 

Rd  Calculated  0 . 0032 

R d  Required  0.003 

1.2 

Calculated  A P 

6.5 

2.0 

Allowable  A P 

10.0 

The  first  trial  exchanger  is  satisfactory  and  will  be 

Shell  side  Tube  side 

ID  =  31  in.  Number  and  length  =  766,  8'0" 

Baffle  space  =  31  in.  (approx.)  OD,  BWG,  pitch  =  %  in.,  16  BWG,  i^6-in.  tri. 

Passes  =  1  Passes  =  4 

It  is  interesting  at  this  point  to  compare  a  vertical  condenser  with  the 
horizontal  condenser  which  fulfilled  the  process  conditions  of  Example 
m.  The  horizontal  and  vertical  condensing  film  coefficients  are  both 
affected  by  W  and  N ,,  and  the  best  basis  for  comparison  is  obtained  when 
the  number  of  tubes  in  both  condensers  is  the  same.  To  this  end  a 
vertical  condenser  will  be  assumed  which  employs  the  same  tube  count 

the  Precedm«  example  except  that  the  tube  length  may  be 
12  or  16  ft  as  needed  to  account  for  the  lower  coefficients  obtained  in 
vertical  condensation. 


rtrUl  Co“d— r.  Process  conditions 

in  the  tubes.  P  corroslon  °f  «*>  shell  the  water  will  flow 


Solution: 

(2)  Slim<;  aS  ExamPle  12.1,  Q  -  17,100,000  Btu/hr 

A t.  same  as  Example  12.1,  At  =  14l°F  7 

(3)  Tc  and  tc :  same  as  Example  12.1 

introduce  a  Should  ^chwk^L  rGSiStanCe  °f  the  tube  metal  ma^ 
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Trial: 

(a)  Assume  Ud  =  70.  The  equation  for  the  condensing  film  coefficient  gives 
greater  values  for  horizontal  tubes  than  for  vertical  tubes.  It  will  consequently  be 
necessary  to  reduce  the  value  of  U d. 


A  = 


Q 

UD  M 


17,100,000 
70’  X  141 


=  1730  ft2 


Nearest  oommon  tube  length: 


1730 

766  X  0.1963 


11.5  ft 


(use  12'0") 


(6)  The  layout  of  Example  12.1,  using  ^4  in.  OD  tubes  on  triangular  pitch 

and  four  passes  will  be  retained  for  comparison. 

(c)  Corrected  coefficient  U d: 

A  =  766  X  12'0"  X  0.1963  =  1805  ft2 
r7  Q  17,100,000 
UD=TKt~  1805  X  141  " 


Hot  fluid:  shell  side,  n-propanol 
(4')  See  (1')  under  Pressure  Drop 
Do  =  0.75/12  =  0.0625  ft 
(6')  Loading,  G'  =  W/3. 14.\*A> 

[Eq.  (12.36)] 

=  60,000/3.14  X  766  X  0.0625 

=  399  lb/(hr)(lin  ft) 

Assume  h  =  h0  =  100 

<-  =  <•  +  rrir  -  '*>  >Eci- (5  31)1 

flio  1  Ho 

=  102.5  +  (100/1175)  (244  -  102.5) 

-  114. 5°F 

tf  =  H(TV  +  U)  [Eq.  (12.19)] 

=  (244  +  114.5)/2  =  179°F 
kf  =  0.0945  Btu/ (hr) (ft2) (°F/ft) 

[Table  4] 

0  70 

n'f  =  0.65  cp  (4 G'/m  =  1025)  14] 

From  Fig.  12.9  or  Eq.  (12.41), 
h  =  ho  =  102  Btu /(hr)  (ft2)  (°F) 


Cold  fluid:  tube  side,  water 
(4)-(10)  Same  as  Example  12.1 
hi0  =  1075 


Pressure  Drop 


(1')  It  will  be  necessary  to  arrange  the 
12-ft  bundle  into  a  minimum  number  of 
bundle  crosses  or  N  +  1  =  5-  Tiie  spac' 


(1)  Same  as  Example  12.1  except  for  the 
tube  length. 


ing  will  be 
r  =  144^  =  29  in. 

a  =  ID  X  C"B/144Pr  l^q.  ('-1)] 

*  =  31  X  0.1875  X  29/144  X  0.937 

=  1.25  sq  ft 
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Pressure  Drop 


Gs  -  W/a,  [Eq.  (7.2)] 

=  60,000/1.25  =  48,000  lb/(hr)  (ft2) 

At  Tv  =  244°F,  Mvftpor  [Fig.  15] 

=  0.010  X  2.42  =  0.0242  lb/(ft)(hr) 

De  -  0.55/12  =  0.0458  ft  [Fig.  28] 
Re .  -  D/7./m  [Eq.  (7.3)] 

=  0.0458  X  48,000/0.0242  =  91,000 
/  =  0.0014  ft2/in.2 
(2')  No.  of  crosses, 

N  +  1=5  [Eq.  (7.43)] 

s  *=  0.00381  [Example  12.1] 

D.  =  3K  2  =  2.58  ft 

(30  AP.  _  1  jfflW  +  *> 

v  '  2  5.22  x  1010D*s 

[Eq.  (12.47)] 

_  1  ^  0.00142  X  48,0002  X  2.58  X  5 
2  X  5.22  X  1010  X  0.0458  X  0.00381 
—  2.3  psi 

The  pressure  drop  is  high,  and  if  it  cannot 
be  compensated  for  by  elevating  the  con¬ 
denser,  it  will  be  necessary  to  use  the  half- 
circle  support  baffles  as  in  Example  7.8. 


fG\Ln 

p  _  _ J  1 _ 

‘  5.22  X  10 l0Ds<t>t 

0.00019  X  1,210,000*  X  12  X  4 
5.22  X  1010  X  0.0517  X  1.0  X  1.6 

—  5.0  psi 


(3)  A Pr  as  in  Example  12.1  =  3.2  psi 

(4)  A P T  =  A P t  "l-  A P r 

=  5.0  +  3.2  =  8.2  psi 


(13)  Clean  overall  coefficient  Uc : 


Uc 


hioho 


hio  -j-  h0 


1075  X  102 
1075  +  102 


93.2  Btu/ (hr)  (ft2)  (°F) 


(14)  Dirt  factor  Rd :  UD  from  (c)  =  67.2 


Rd 


Uc  -  UD  93.2  -  67.2 
UcUD  ~  93.2  X  67.2  =  0  00415 


(6.38) 


(6.13) 


Summary 


102 

h  outside 

1075 

Uc 

93.2 

uD 

67.2 

Rd  Calculated  0.00415 

Rd  Requ 

ired  0.0030 

2.3 

Calculated  A P 

8.2 

2.0 

Allowable  A P 

10.0 
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Discussion.  The  condenser  is  somewhat  safe  from  a  heat-transfer  standpoint  but 
exceeds  the  allowable  pressure  drop,  although  not  seriously.  The  advantage  of  hori¬ 
zontal  condensation  may  be  observed  from  the  Uc  of  148.5  in  the  horizontal  condenser 
as  compared  with  93.2  in  a  vertical  condenser  in  an  identical  service.  The  vertical 
condenser  has  advantages,  however,  when  the  condensate  is  to  be  subcooled. 

The  final  vertical  condenser  is 

Shell  side  Tube  side 

ID  =  31  in.  Number  and  length  =  766,  12'0" 

Baffle  space  =  29  in.  OD,  BWG,  pitch  =  %  in.,  16,  x;HVin.  tri. 

Passes  =  1  Passes  =  4 


Partial  Condensers  and  the  Balanced  Pressure  Drop.  Sometimes  it  is 
desirable  to  condense  only  a  portion  of  the  vapor  in  a  condenser  such  as 
may  be  needed  only  for  reflux.  Such  a  condenser  is  a  partial  condenser 
although  the  term  dephlegmator  was  formerly  used.  The  calculation  of  a 
partial  condenser  does  not  alter  the  method  of  computing  the  condensing 
film  coefficient.  The  calculation  of  the  pressure  drop  for  a  partial  con¬ 
denser  is  obtained  with  sufficient  accuracy  from  the  average  of  the  pres¬ 
sure  drops  based  on  inlet  and  outlet  conditions.  The  pressure  drop  for 
the  inlet  conditions  has  already  been  treated  and  for  the  outlet  conditions 
it  is  obtained  for  practical  purposes  by  computing  the  mass  velocity  and 
Reynolds  number  from  the  weight  flow  of  vapor  still  in  the  vapor  phase 


at  the  outlet. 

A  more  precise  calculation  of  the  pressure  drop  involves  an  additional 
factor.  During  partial  condensation  in  a  horizontal  condenser  the  a  apoi 
stream  travels  in  the  upper  portion  of  the  shell  and  the  layer  of  conden¬ 
sate  travels  in  parallel  with  it  on  the  bottom  of  the  shell.  Both  must 
traverse  the  length  of  the  exchanger  with  the  same  pressure  drop,  since 
the  terminal  pressures  for  both  are  identical.  This  is  called  the  condition 
of  balanced  pressure  drops,  and  it  applies  whenever  two  fluids  flow  in 
parallel  in  the  same  channel.  For  condensation  inside  horizontal  tubes 
particularly  in  tube  bundles,  the  pressure  drop  can  be  computed  by  trial 
and  error  by  assuming  the  average  segments  of  the  pipe  in  which  the 
condensate  and  vapor  flow.  The  equivalent  diameter  can  then  be  calcu¬ 
lated  for  each  portion  from  the  free-flow  area  and  the  wetted  perimeter. 
The  mass  velocity,  Reynolds  number,  and  pressure  drops  can  s.milarly 
be  calculated.  If  the  pressure  drops  for  the  assumed  dms.on  of  the 
segments  do  not  check,  a  new  assumption  must  be  made  and  the  ealeu 
tion  repeated  The  principle  of  balanced  pressure  drops  is  particularly 

w  When  it  is  desired  to  subcool  the  condensate  to  a  very  specific 
important  when  it  is  desnea  trangfer  must  be  determined 

^dv  When  dealing  with  the  shell  side  of  1-2  horizontal  condensers, 

o  predict  «.  "  "* 
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bottom  of  the  shell  unless  it  can  be  determined  by  planimeter  from  the 
actual  layout,  although  the  principle  of  balanced  pressure  drop  must  also 
apply. 

Influence  of  Impurities  upon  Condensation.  In  distillation  operations 
the  volatile  component  is  always  only  partially  separated  from  the  less 
volatile  components  and  the  overhead  product  is  never  100  per  cent  pure. 
Instead  it  may  contain  from  a  trace  to  a  substantial  concentration  of  the 
heavier  components,  and  it  does  not  condense  isothermally  except  when 
the  overhead  is  a  constant  boiling  mixture  or  a  mixture  forming  two 
immiscible  liquids.  When  the  temperature  range  over  which  the  con¬ 
densation  of  a  mixture  occurs  is  small,  perhaps  not  exceeding  10  to  20°F, 
it  may  be  treated  as  a  pure  compound  with  the  true  temperature  differ¬ 
ence  being  the  LMTD  for  1-1  condensers  or  FT  X  LMTD  for  1-2  con¬ 
densers.  The  use  of  the  conventional  LMTD  in  either  case  assumes  that 
the  heat  load  removed  from  the  vapor  per  degree  of  temperature  decrease 
is  uniform.  Particularly  where  close  approaches  to  the  temperature  of 
the  cooling  medium  are  involved,  this  may  lead  to  serious  error  as  demon¬ 
strated  in  Chap.  13.  For  the  majority  of  services  the  assumption  does 
not  cause  a  serious  error. 


Another  type  of  impurity  causing  a  deviation  from  isothermal  con¬ 
densation  is  the  presence  of  a  trace  of  noncondensable  gas,  such  as  air, 
mixed  with  the  vapor.  A  noncondensable  gas  is  actually  a  superheated 
gas  which  is  not  cooled  to  its  saturation  temperature  while  the  vapor  itself 
is  condensed.  A  common  example  is  the  presence  of  air  in  the  condensa¬ 
tion  of  steam.  The  presence  of  only  1  per  cent  of  air  by  volume  may 
reduce  the  condensing  coefficient  of  steam  by  50  per  cent.  The  mecha¬ 
nism  of  the  condensation  becomes  one  of  diffusion  of  the  vapor  through 
the  air,  the  latter  serving  as  a  resistance  to  the  transfer  of  heat.  Under 
conditions  of  superatmospheric  pressure  there  is  little  hazard  that  air 
will  leak  into  a  system  except  for  the  small  quantities  which  may  have 
been  dissolved  m  the  feed  water  before  it  was  vaporized.  In  vacuum 

FTC  the  p°sslblIlty  of  air  leakage  into  the  system  requires  that  pro- 
\ision  be  made  for  its  continuous  removal. 

Condensation  of  a  Superheated  Vapor.  The  condensation  of  a  super¬ 
heated  vapor  differs  from  that  of  a  saturated  vapor  in  so  far  as  there  is 
sensible  heat  to  be  removed.  The  superheat  may  be  the  result  of  an 

contact  with  th  1*  ■  i  .  ed  vapor  after  removal  from 

contact  with  the  liquid  from  which  it  was  formed  or  from  passing 

- --7—' -Messse 


282 


PROCESS  HEAT  TRANSFER 


considered  transferred  by  the  temperature  difference  between  the  steam 
saturation  temperature  and  the  tube  wall  temperature,  or 

Q  =  hA(Ts  -  tw)  (12.49) 

where  h  is  the  condensing  film  coefficient  and  Ts  is  the  saturation  temper¬ 
ature  of  the  superheated  steam  c  ^responding  to  its  inlet  pressure.  This 
is  actually  a  compromise  rule.  It  simplifies  the  calculation  by  balancing 
the  greater  temperature  difference  that  should  be  used  for  the  desuper¬ 
heating  alone  against  a  film  coefficient  which  may  be  somewhat  lower 
than  the  condensing  coefficient.  In  the  light  of  less  conclusive  evidence 
one  may  speculate  on  what  possibility  occurs  in  a  desuperheater-con- 
denser.  Consider  a  horizontal  true  counterflow  or  1-1  condenser  with 
the  vapor  in  the  shell.  When  the  superheated  vapor  enters  at  the  hot 
end  of  the  condenser,  the  temperature  of  the  tube  wall  may  be  lower  than 
the  saturation  temperature  of  the  vapor.  The  superheated  vapor  con¬ 
tacting  the  tube  wall  condenses  at  its  saturation  temperature  and  may 
possibly  even  be  subcooled.  As  the  condensate  drips  from  the  tubes,  it 
probably  exchanges  heat  by  reflashing  into  the  hot  superheated  vapor  at 
a  great  transfer  rate,  thereby  effecting  most  of  the  desuperheating. 
Here,  then,  the  desuperheating  is  probably  controlled  by  the  rate  of  sub¬ 
cooling,  which  should  be  relatively  high  for  a  film  on  a  cold  tube  wall 
provided  the  condensate  does  not  drain  too  rapidly  to  be  subcooled. 

It  is  also  possible  to  have  a  reverse  condition.  If  the  cooling  medium 
has  been  heated  so  that  the  tube-wall  temperature  near  the  hot  terminal 
is  greater  than  the  saturation  temperature,  the  tube  wall  will  be  dry 
toward  the  hot  end  and  desuperheating  will  occur  only  as  if  the  super¬ 
heated  steam  were  a  dry  gas.  In  this  case  it  is  necessary  to  divide  the 
unit  into  a  desuperheating  and  a  condensing  zone,  and  this  method  will 

be  treated  presently. 

In  the  condensation  of  vapors  other  than  steam  it  must  be  noted  that  a 
different  relationship  exists  betw  ^en  the  relative  heat  content  of  the  super¬ 
heat  and  the  latent  heat  of  evaporation.  When  steam  at  atmospheric 
pressure  and  superheated  100°F  is  condensed,  the  desuperheat  represents 
slightly  less  than  5  per  cent  of  the  total  heat  load.  If  an  organic  vapor 
whose  boiling  point  is  in  the  same  range,  such  as  n- heptane,  is  super¬ 
heated  100°F  and  then  condensed,  the  desuperheat  represents  over  25  per 
cent  of  the  heat  load.  Furthermore,  water  vapor  has  a  very  low  density 
compared  with  organic  vapors,  and  the  mechanics  of  rehashing  and 
diffusion  in  the  vapor  phase  is  probably  more  active  for  steam  than  fo 
organic  vapors.  In  condensers  with  multiple  tube  passes  condensation 
does  not  occur  where  the  tube-wall  temperature  is  higher  than  theTiatura- 
tion  temperature  of  the  vapor,  so  that  it  is  possible  to  have  only  pa 

of  the  surface  wetted. 
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The  Weighted  Clean  Coefficient  and  Temperature  Difference  in 
Desuperheater-Condensers.  In  establishing  the  true  temperature  differ¬ 
ence  for  counterflow  and  1-2  exchangers  it  was  assumed  that  no  partial 
phase  change  occurred  in  the  exchanger.  The  desuperheater-condenser 
is  a  distinct  violation  of  this  assumption,  requiring  the  development  of  a 
new  method  of  computing  the  true  temperature  difference.  In  Fig.  12.18 
tne  temperatures  during  the  condensation  of  a  pure  vapor  are  shown.  In 
Fig.  12.19  are  shown  the  temperatures  during  the  desuperheating  and 
condensation  of  a  superheated  vapor.  It  is  convenient  to  consider  the 


12.18.  Temperature  distribution  vs.  Fig.  12.19.  Temperature  distribution  vs. 
tube  length  during  isothermal  condensation  tube  length  in  a  1-2  desuperheater-con- 
in  a  1-2  condenser.  denser. 


condenser  as  being  subdivided  into  two  zones  in  series,  one  for  desuper¬ 
heating  and  the  other  for  condensation.  The  length  L  in  the  liquid 
condensate  loading,  G"  =  W /LN t%,  for  a  horizontal  desuperheater-con- 
denser  is  then  the  length  of  tube  corresponding  only  to  condensation  and 
not  the  overall  tube  length.  It  will  be  seen  that  this  requires  an  estimate 
of  the  length  of  tube  corresponding  only  to  condensation  before  h  can  be 
obtained.  This  difficulty  in  calculation  does  not  arise  in  vertical  units. 

The  temperature  relations  in  the  condensing  zone  of  Fig.  12.19  are 
identical  with  those  of  a  1-2  exchanger,  but  those  of  the  desuperheating 
zone  differ  from  any  type  encountered  previously.  For  a  two-tube  pass 

enH  d“uperheater-condf nser  desuperheating  occurring  at  the  channel 

the ’be  6t  t.empefrature  tl  Lmay  be  obtained  from  differential  equations  for 

ThenTis  ^venb.v'"  ^  ^  "  °f  the  desup-heating  zone. 


1  2(100  +  2Tl  +  ~  <*) 


wc 

4- 


(2Tl  -  l2)tt  + 


'  Unpublished  notes,  D.  Q.  Kern  and  C.  L.  Carpenter. 


m  q 
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By  a  heat  balance  t'2  can  also  be  found.  For  four  or  more  tube  passes  the 
calculation  of  the  temperature  difference  is  considerably  more  involved 
but  may  be  simplified  semiempirically.  For  desuperheating  and  con¬ 
densation  in  a  counterflow  apparatus  no  problem  arises.  In  a  1-2  con¬ 
denser  if  the  condensation  is  isothermal  or  the  condensing  range  is  small, 
and  if  there  is  no  temperature  foss  between  the  condensing  range  and 
the  range  of  the  cooling  medium,  it  is  possible,  with  small  error,  to  consider 
the  entire  heat  load  delivered  in  counterflow  regardless  of  the  nozzle 
orientation.  Temperature  crosses  in  parallel  flow-counterflow  desuper¬ 
heater-condensers  should  always  be  avoided  if  at  all  possible.  Then  the 
temperature  rise  of  the  water  during  condensation  corresponds  to  the 
condensing  heat  load.  This  method  is  not  so  unsafe  in  the  desuper¬ 
heating  zone  as  it  appears  if  the  tube-wall  temperature  at  the  hot  terminal 
of  the  condenser  is  lower  than  the  saturation  temperature  of  the  vapor. 
The  calculation  of  the  surface  required  for  desuperheating  by  using  a  dry 
gas  film  coefficient  without  regard  to  possible  desuperheating  by  reflash¬ 
ing  in  the  desuperheating  zone  more  than  compensates  for  the  error  in  the 
temperature  difference  encountered  in  real  problems.  If  d  and  c  indicate 
the  desuperheating  and  condensing  zones,  respectively,  and  q  is  the  heat 
transferred  in  each,  the  two  zones  may  be  computed  by  q<i  =  UdAd(At)d 
and  qc  =  UcAc(At)c  where  Ud  and  Uc  are  the  clean  overall  coefficients  and 

Ad  and  Ac  the  corresponding  surfaces. 

The  use  of  the  two  zones  permits  the  calculation  of  individual  values 
of  Ud  and  Uc,  for  each  zone,  but  in  the  preceding  examples  the  practice  was 
established  to  judge  the  suitability  of  an  exchanger  by  the  size  of  the  dirt 
factor,  which  was  obtained  from  the  difference  between  the  clean  and 
design  overall  coefficients.  In  each  zone  of  a  desuperheater-condenser 
there  is  a  separate  clean  coefficient,  and  each  is  effective  over  an  inde¬ 
pendent  surface.  The  two  overall  coefficients  may  be  replaced  by  a  single 
value,  the  weighted  overall  clean  coefficient,  which  is  obtained  from 


XUcAc  UcAc  +  IjdAd 
Uc  (weighted)  =  ■  ^ 


(12.50) 


where  Uc  is  the  weighted  dean  overall  coefficient. 

To  calculate  a  value  of  UD  from  the  Fourier  equation  Q  =  UDA  At 
it  is  necessary  first  to  obtain  a  single  value  for  At.  This  may  be  w eightec 
in  terms  of  the  heat  transferred,  respectively  by  the  temperature  di  er- 
cnces  for  condensation  and  desuperheating.  Since  V  DA  -  Q/At, 


Q 

qe  ,  Qd 
(A  t)e  (AO  <1 


At  (weighted)  = 


(12.51) 
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where  At  is  the  weighted  temperature  difference  and  (At)c  and  (A t)d  are 
LMTD  in  counterflow.  The  assumptions  in  the  weighting  method 
should  be  completely  understood  before  attempting  the  solution  of 
problems.  They  serve  as  a  consistent  means,  if  not  entirely  precise,  for 
comparing  the  performance  and  design  of  desuperheater-condensers. 

In  the  calculation  of  desuperheater-condensers  for  the  fulfillment  of 
process  conditions,  it  is  difficult  to  establish  a  fast  rule  for  assuming  a 
reasonable  value  of  UD  for  the  trial  calculation.  It  is  not  only  dependent 
upon  the  film  coefficients  of  the  superheated  and  saturated  vapor  but  to 
an  equal  extent  upon  the  distribution  of  the  heat  load  between  condensa¬ 
tion  and  superheat  which  may  have  any  value.  By  weighting  UD  from 
the  individual  heat  loads  and  anticipated  individual  design  coefficients 
it  permits  a  reasonably  good  approximation.  Thus  for  a  trial  calculation 


UD  (weighted)  =  - - - 

Qc  ,  Qd 

( UD)e  ^  (UD)d 


(12.52) 


Example  12.3.  Calculation  of  a  Butane  Desuperheater-condenser.  27,958  lb /hr 
ol  isobutane  with  small  amounts  of  n-butane  issues  from  a  gas  reactor  at  200°F  and 

85  psig.  The  gas  becomes  saturated  at  130°F  and  is  completely  condensed  at  125°F 
Cooling  is  by  well  water  from  65  to  100°F. 

A  minimum  combined  dirt  factor  of  0.003  is  required  along  with  allowable  pressure 
drops  of  2.0  psi  for  the  butanes  and  10.0  psi  for  the  water 

Ava,lable  for  the  sen-ice  is  a  23^  in.  ID  horizontal  1-2  gas  exchanger  with  352 

The  hnfflD’  16  BWG  ,U  o3  16  °"  long  lald  0ut  on  1'™-  trianKular  pitch  for  four  passes. 
The  baffles  are  spaced  12  in.  apart. 


Solution: 

Exchanger: 


Shell  side 

ID  =  2334  in. 
Baffle  space  =  12  in. 
Passes  =  1 


Tube  side 

Number  and  length  =  352,  16'0" 

OD,  BWG,  pitch  =  %  in.,  16  BWG,  1  in.-tri 
Passes  =  4 


(1)  Heat  balance: 

Butanes:  Desuperheating  range,  qd  =  27,958  X  0.44(200  -  130) 

„  ,  =  860,000  Btu/hr 

Condensing  range  (From  Fig.  9) : 

Enthalpy  of  n-butane  vapor  at  100  psia  and  130°F  =  309  Bt„  /IK 

Q  860,000  +  3,880,000  =  4,740,000  Btu/hr 
Water,  Q  =  135, 500  X  1(100  -  65)  =  4  740  non  to  m 
=  3,880,000/135,500  =  28  7»F  ’  ’°°0  Btu/hr 


(Fig.  5  or  9) 


286 


PROCESS  HEAT  TRANSFER 


\ 


V  ’ 

i  > 


\ 


(2)  At  weighted: 


Desuperheat  (A t)d 


Hot  Fluid  Cold  Fluid  Diff. 


200 

Higher  Temp 

100 

100 

130 

Lower  Temp 

93.7 

3(  3 

70 

Differences 

6.3 

63.7 

Condensation  (A t)c 


Hot  Fluid 

Cold  Fluid 

Diff. 

130 

Higher  Temp 

93.7 

36.3  j 

125 

Lower  Temp 

(55.0 

60.0 

5 

Differences 

28.7 

23.7 

(A  t)d  =  LMTD  =  63.0°F 

Qd  860,000 


(5.14) 


(A  t)d 


63.0 


=  13,650 


Weighted  At  = 


Q 


(A  t)c  =  LMTD  =  47.0°F 
qc  3,880.000 


(5.14) 


(A  t)e  47 

_  ^  4,740,000 

zq/At  13,650  +  82,500 


=  82,500 


=  49.3°F 


(12.51) 


(3)  Tc  and  tc :  Average  values  will  be  satisfactory. 


Hot  fluid:  shell  side,  butanes 
(4')  as  =  ID  X  C'B/U4J>t  [Eq.  (7.1)] 
=  23.25  X  0.25  X  12/144  X  1.0 

=  0.484  ft2 


Cold  fluid:  tube  side,  xoater 

(4)  at  =  0.302  in.2  [Table  10] 

at  =  Ntat/l^n 

=  352  X  0.302/144  X  4  =  0.185  ft2 


Desuperheating  ( dry  gas): 

(S')  Gs  =  W/at  [Eq.  (7.2)] 

=  27,958/0.484 

=  57,800  lb /(hr)  (ft) 


(6')  At  Ta  =  165°F,  the  mean  for  the 
superheated  gas, 

M  =  0.01  X  2.42  =  0.0242  lb/(ft)  (hr) 

[Fig.  15] 

De  =  0.73/12  =  0.0608  ft  [Fig.  28] 

Ree  —  DjG./p 

=  0.0608  X  57,800/0.0242  =  145,000 

(7')  jH  =  239  [Ei'?-  28] 

(8')  At  165°F, 

k  =  0.012  Btu/(hr)(ft2)(°F)  [Table  5] 
(cM/]fc)#  =  (0.44  X  0.0242/0.012)^ 

=  0.96 


O') 


ho 


[Eq.  (6.156)] 


=  239  X  0.012  X  0.96/0.0608 

=  45.2  Btu/(hr)(ft2)(°F) 


(6)  Gt  =  w/at 

=  135,500/0.185 

=  732,000  lb/(hr)(ft2) 

Vel,  V  =  Ct/3600p 

=  732,000/3600  X  62.5  =  3.25  fps 
(6)  At  ta  =  82.5°F, 
n  =  0.87  X  2.42  =  2.11  lb/(ft)(hr) 

[Fig.  14] 

D  =  0.62/12  =  0.0517  ft 

ftet  =  DGt/n  (for  pressure  drop  only) 

=  0.0517  X  732,000/2.11  =  18,000 


(9)  hi  =  800  [Fig-  251 

hi.  =hiX  ID/on  (6-5) 

=  800  X  0.62/0.75 

=  662  Btu/(hr)(ft2)(°F) 


Clean  overall  coefficient  U d,  desuperheat: 

hioho  _  662  X  45.2  =  42  3 
Ud  =  h~Thu  662  +  45.2 


(6.38) 
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Clean  surface  required  for  desuperheating: 


Ad 


<ld 

U  d(At)d 


860,000 
42.3  X  63.0 


=  323  ft* 


Condensation 

(6')  Assume  condensation  occurs  over 
60%  of  the  tube  length. 

Le  =  16'0"  X  0.60  =  9.6  ft 

G"  - 

=  58.3  lb/ (hr)  (lin  ft)  [Eq.  (12.43)] 
Assume  h  =  h0  =  200; 

From  (9),  hi0  =  662 
Average  temp  of  condensation: 

Tv  =  (130  +  125) /2  =  127.5°F 

tv,  =  ta  +  ,  h°  .  {Tv  -  ta)  [Eq.  (5.31)] 

flio  r 

200 

“  82  5  +  662-+^00  (127-5  *  82’5) 

=  93°F 

It  =  {Tv  +  tv)/ 2  =  (127.5  +  93) /2 

=  110°F  [Eq.  (12.19)] 
kf  is  not  given  in  Table  4  for  butane  or 
isobutane,  but  from  the  values  for  pentane 
and  hexane  it  should  be  about  0.076  at 
86°F  and  0.074  at  140°F.  A  value  of 
0.075  will  be  used. 

Sf  =  0.55  (110°API)  [Fig.  6] 

n'f  =  0.14  cp  [Fig.  14] 

h  =>  h0  =  207  [Fig.  12.9] 

The  assumption  of  h  =  200  is  satisfactory. 


Average  temp  during  condensation 
ta  =  82.5°F 


<jlean  overall  coefficient  Ue,  condensation: 

U  =  hjoho  =  662  X  207 
hi0  +  h0  662  +  207 


158  Btu/ (hr)  (ft2)  (°F) 


Clean  surface  required  for  condensation: 

A  =  9*  _  3,880,000 

Uc{U).  158  X  47 

Total  clean  surface  required  Ac'. 


523  ft2 


Ac  =  Ad  +  Ar  =  323  +  523  =  846  ft2 
Check  of  assumed  condensing  length  Lc: 

37TX,  X  100  -  fg  X  100  -  62% 

Assumed  length  =  60%  (satisfactfiry) 


(6.38) 
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(13)  Weighted  clean  overall  coefficient: 


Uc 


: xU  Ac 
2.4  c 


42.3  X  323  +  158  X  523 
846 


114  Btu/(hr)(ft* 2)(°F)  (12.50) 


(14)  Design  overall  coefficient  U r»: 

a "  =  0.1963  ft2/lin  ft 


(Table  10) 


Total  surface  =  352  X  16'0"  X  0.1963  =  1105  ft2 
Q  _  4,740,000 

A  At  1105  X  49.3 


UD  = 


87.2 


(16)  Dirt  factor  Rd'. 


Rd 


Uc  -  UD 
UcUd 


114  -  87.2 
114  X  87.2 


0.0027 


(6.13) 


Pressure  Drop 


(1')  Desuperheat: 

For  Re,  =  145,000,  /  =  0.0013  ft2/in.2 

[Fig.  29] 

(2')  No.  of  crosses 
( Ld  =  16'0"  X  0.40  =  6.4  ft) 

12 L/B  =  6.4  X  12/12  =  6  [Eq.  (7.43)] 
Mol.  wt.  =  58.1 

-p.  •  j.  _  58.1 

Density,  p  -  359(625/492  )  (14.7/99.7) 

=  0.863  lb/ft3 4 * 

s  =  0.863/62.5  =  0.0138 
D,  =  23.25/12  =  1.94  ft 
f<?.D.(N  +  1) 

(3)  AP*  5.22  X  10 10DeS<t>s 


(1)  For  Ret  =  17,900,  /  =  00023  ft2/in. 

[Fig.  26] 


(2)  A Pt  = 


fG\Ln 


[Eq.  (7.45)] 


5.22  X  lOloDs0( 

0.00023  X  730, 0002  X  16  X  4 

5.22  X  1010  X  0.0517  X  1.0  X  1.0 


=  3.0  psi 

(3)  APr  =  (4n/s)(72/2^')  [Eq.  (7.46)] 

[Fig.  27] 

=  (4  X  4/1)0.075  =  1.2  psi 

(4)  A  P  T  =  A  Pt  4"  A P  r 

=  3.0  +  1.2  =  4.2  psi 


[Eq.  (7.44)] 

0.0013  X  57,8002  X  1.94  X  6 
“  5.22  X  1010  X  0.0608  X  0XU38  X  1.0 

=  1.  psi 


(1')  Condensation: 

Use  of  the  same  Reynolds  number  will  be 

satisfactory,  s  =  0.0146 

(2')  No.  of  crosses  (Lc  =  9.6  ft) 

jV  - f  1  =  12  X  9.6/12  =  10  [Eq.  (7.43)] 

1  fG]D*{N  +  1) 

(3')  A Ps  -  2  5  22  X  1010Des 

[Eq.  (12.47)1 

1  0  0013  X  57,800 2  X  1-94  X  10 

“  2  X  5.22  xlO10  X  0.0608  X  0.0146 

=  0.90  psi 

(4')  AP.  =  1.1  +  0.9  =  2.0  psi  (total) 


CONDENSATION  OF  SINGLE  VAPORS  289 


Summary 


45.2/207 

h  outside 

662 

Uc 

114 

UD 

87.2 

Rd  Calculated  0.0027 

Rd  Required  0 . 0030 

2.0 

Calculated  A P 

4.2 

2.0 

Allowable  A P 

10.0 

The  Vertical  Condenser-subcooler.  It  is  often  desirable  to  subcool  a 
vapor  to  a  temperature  lower  than  the  saturation  temperature  of  the 
vapor.  This  occurs  in  distillation  when  the  overhead  product  is  volatile 
and  it  is  desired  to  send  it  to  storage  at  a  lower  temperature  to  prevent 


excessive  evaporation  losses.  Vertical 
condensers  are  excellent  for  use  as 
condenser-subcoolers  whether  they  be 
of  the  1-2  type  as  shown  in  Fig.  12.11 
with  condensation  in  the  shell  or  the 
1-1  type  in  Fig.  12.13  with  condensa¬ 
tion  inside  or  outside  the  tubes. 

If  a  saturated  vapor  passes  into  the 
shell  of  a  vertical  condenser,  it  is 
possible  to  divide  it  into  two  distinct 
zones  operating  in  series,  the  upper 
for  condensation  and  the  lower  for 
subcooling.  This  is  accomplished  by 
means  of  a  loop  seal  as  shown  in  Fig. 
12.20.  The  object  of  the  loop  seal  is 
to  prevent  the  condensate  from  drain¬ 
ing  from  the  exchanger  at  so  rapid  a 
rate  that  it  emerges  without  subcool- 
ing.  Since  the  shell  will  flow  full  of 


Fig.  12.20.  Loop  seal  on  vertical  con¬ 
denser-subcooler. 


liquid  m  the  subcooling  zone,  when  a  loop  seal  is  used,  the  film  coeffi 

cients  for  subcoohng  can  be  computed  through  the  use  of  Fie  28  in  th 

same  manner  employed  heretofore  for  liquids.  The  same  is  fn,»  f  In 

tube  side  of  a  1-1  exchanger  using  tube-side  heat  transfer  data  Fie  9i 
for  calculating  coefficients.  SIer  data’  Fl§-  24, 
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In  establishing  the  true  temperature  difference  for  the  condenser-sub¬ 
cooler  in  Fig.  12.20  there  is  no  margin  of  safety  such  as  occurs  in  the 
desuperheater-condenser.  In  the  subcooling  zone  the  temperatures  are 
identical  with  a  1-2  exchanger  having  water  inlet  and  outlet  temperatures 
t[  and  t'2 ,  whereas  in  the  condensing  zone  the  pattern  again  differs.  For  a 
precise  calculation  of  the  true  emperature  difference  it  is  necessary  to 
estimate  t[  and  t2  and  to  solve  for  the  two  condensing  passes  separately. 
This  entails  a  lengthy  trial-and-error  calculation.  For  four  or  more  tube 
passes  the  solution  is  even  lengthier. 

The  cooling  medium  is  heated  over  a  greater  temperature  range  in  the 
first  condensing  pass  than  in  the  second,  so  that  T i  —  h  is  greater  than 
T i  —  U.  The  temperature  t['  at  the  bottom  of  the  subcooling  zone  is 
actually  higher  than  the  mean  of  h  and  U. 

As  in  the  case  of  the  desuperheater-condenser,  the  calculation  of  the 
effective  temperature  difference  may  be  simplified  by  means  of  a  similar 
assumption.  Avoid  process  conditions  which  involve  a  cross  between 
the  cooling  medium  outlet  temperature  and  the  subcooled  condensate 
outlet  temperatures.  Then  for  1-2  condensers  with  any  even  number  of 
tube  passes  consider  the  cooling  medium  to  be  in  counterflow  and  calcu¬ 
late  the  weighted  temperature  difference  accordingly. 

Example  12.4.  Calculation  of  a  Vertical  Condenser-subcooler.  21,000  lb /hr  of 
mixed  n-pentane  and  f-pentane  comes  from  a  distilling  column  at  130  F  and  25  psia 
and  condenses  completely  at  125°F.  The  condensate  is  to  be  subcooled  from  125  to 
100°F  for  storage.  Cooling  will  be  effected  by  water  from  80  to  100°F.  A  shell-side 
pressure  drop  of  2.0  psi  is  permissible  for  the  vapor  and  10.0  psi  for  water.  A 
minimum  fouling  factor  of  0.003  should  be  provided. 

Available  for  the  service  is  a  25  in.  ID  vertical  1-2  condenser  containing  370  K  in. 
OD,  16  BWG,  16'0"  tubes  laid  out  on  1-in.  square  pitch.  Shell  baffles  are  12  in.  apart, 
and  the  bundle  is  arranged  for  four  tube  passes. 

Will  the  condenser  be  a  satisfactory  vertical  condenser-subcooler? 


Solution: 

Exchanger: 

Shell  side 

ID  =  25  in. 
Baffle  space  =  12  in. 
Passes  =  1 


Tube  side 

Number  and  length  =  370,  16'0" 

OD,  BWG,  pitch  =  %  in.,  16  BWG,  1  in.-square 
Passes  =  4 


(1)  Heat  balance: 

Condensing  range  (130  to  125°F):  (Data  from  Fig.^9). 
Enthalpy  of  n-pentane  vapor  at  25  psia  and  130°F  = 
Enthalpy  of  n-pentane  liquid  at  25  psia  and  125°F  = 
qe  =  21,000(315  -  170)  =  3,040,000  Btu/hr 


315  Btu/lb 
170  Btu/lb 


CONDENSATION  OF  SINGLE  VAPORS 


291 


Subcooling  range  (125  to  100°F): 
qs  =  21,000  X  0.57(125  -  100)  =  300,000  Btu/hr 
Q  =  Zq  =  3,040,000  +  300,000  =  3,340,000  Btu/hr 
Water,  Q  =  167,000  X  1(100  -  80)  =  3,340,000  Btu/hr 
During  condensation  Abater  =  3,040,000/167,000  =  18.2°F 


(2)  At  weighted: 

Condensing,  (A t)e  =  36.4;  qe/(At)c  =  3,040,000/36.4  =  83,500  Btu/(hr)(°F) 
Subcooling,  (At),  =  30.2;  q,/(At),  =  300,000/30.2  =  9,930 

93,430  Btu/(hr)(°F) 


At 


3,340,000 

93,430 


35.8°F 


(12.51) 


(3)  Te  and  te:  Average  values  will  be  satisfactory. 


Hot  fluid:  shell  side,  pentanes 
(4')  Condensation: 

Do  =  0.75/12  =  0.0625  ft 
G'  =  W/rNtD0  [Eq.  (12.42)] 

=  21,000/3.14  X  370  X  0.0625 

=  290  lb/(hr)(lin  ft) 
Assume  h  —  h0  =  125 
Average  temp  of  condensing  vapor: 

Tv  =  (130  +  125)/2  =  127. 5°F 

tw  =  h~k°+  K  ( Tr  ~  ta)  [Ec^-  (5‘31)] 

125 

=  90  +  777"+  125  (127-5  ~  9°)  =  95°F 
tf  =  (Tv  +  *„•)/ 2  =  (127.5  +  95) /2 

=  111°F  [Eq.  (12.19)] 
kf  =  0.077  Btu/(hr) (ft2) (°F/ft) 

[Table  4] 

Sf  =  0.60  (92°API)  [Fig.  6] 

=  0.19  cp  [Fig.  H] 

h  =  h0  =  120  (vs.  125  assumed,  tf  will 
not  be  changed  materially  by  recalcu¬ 
lation.) 


Cold  fluid:  tube  side,  water 
(4)  a\  =  0.302  in.2  [Table  10] 

at  =  Ntat/mn  [Eq.  (7.48)] 

=  370  X  0.302/144  X  4  =  0.194  ft2 
(6)  Gt  =  w/at 

=  167,000/0.194 

=  860,000  lb/ (hr) (ft2) 
Vel,  V  =  <7,/3600p  =  860,000/3600 

X  62.5 

=  3.84  fps 

(9)  hi  =  940  [Fig.  25] 

hi0  =  hi  X  ID/OD  .[Eq.  (6.5)] 

=  940  X  0.62/0.75 

=  777  Btu / (hr)  (ft2)  (°F) 


Clean  overall  coefficient  for  condensation  Uc: 


rr  _  hiche  777  X  120 
f  KTTTo  -  777T120  =  104  BW(hr)(ft2)(°F) 


(6.38) 


Clean  surface  required  for  condensation  Ae: 


Ae  = 


9c 

Ue(At)c 


3,040,000  _  , 

104  X  36.4  “  803  ft2 
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(4')  Subcooling: 

fl.  =  ID  X  CB/UAPt  [Eq.  (7.1)] 

=  25  X  0.25  X  12/144  X  1.0  =  0.521  ft2 
(6')  G3  =  W/a,  [Eq.  (7.2)] 

=  21,000/0.521 

=  40,300  lb/(hr)(ft2) 
(6')  At  Ta  =  112.5°F, 
m  -  0.19  X  2.42  =  0.46  lb/(ft)(hr) 

[Fig.  14] 

De  =  0.95/12  =  0.0792  ft 
Res  =  DeG,/n  [Eq.  (7.3) 

=  0.0792  X  40,300/0.46  =  6950 
(7')  jH  =  46.5 
(8')  At  112. 5°F, 

k  =  0.077  Btu  / (hr)  (ft2)  (°F /ft)  [Table  4] 
(cn/k)^  =  (0.57  X  0.46/0.077)^  -  1.51 

(9')  h.  =  Jh  ~  (f  )*  [Eq.  (6.156)] 

=  46.5  X  0.077  X  1.51/0.0792 

=  68.0  Btu/(hr)(ft2)(°F) 


(6)  At  90°F,  n  =  0.82  X  2.42  =  1.98 

[Fig.  14] 

D  =  0.62/12  =  0.0517  ft 

Ret  =  DGt/n  (for  pressure  drop  only) 

=  0.0517  X  860,000/1.98  =  22,500 


(9)  hi0  =  777  Btu/(hr)  (ft2)(°F) 


Clean  overall  coefficient  for  subcooling  h 

_  K*.  =  777  X  68.0  _  62  5  Btu/(hr)(fta)(°F)  (6.38) 

hio  +  h0  777  +  08. U 


Clean  surface  required  for  subcooling  As' 


As 


Q>  _  300,000  _  icq  e * t 

“  17, (A0.  62.5  X  30.2  “ 


Total  clean  surface  required  Ac: 

Ac  =  Ac  +  A,  =  803  +  159  =  962  ft2 


(13)  Weighted  overall  clean  coefficient  Uc- 

T7  XU  Ac  _  10x  X  803  +  62.5  X  159  =  Q?  t  (12  50) 

Uc  =  ~XA^  ~  962~ 

(14)  Design  overall  coefficient  U D: 

a"  =  0.1963  ft2/lin  ft  (Table  10) 

Total  surface  =  370  X  16'0"  X  0.1963  =  1160  ft2 

=  3340000^  =  8Q  5 
Ud  “  A  At  1160  X  35.8 

#  ' 

(15^  Dirt  factor  Rd'-  •  w 

Uc  -  Un  _  97.1  -  80.5  =  0_002i  (hr) (ft2) (°F) /Btu 
Rd  ~  UcUiT  97.1  X  80.5 


(6.13) 
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Pressure  Drop 


Height  of  zones: 

Condensing:  Lc  =  LAJ  Ac 

=  16  X  803/962  =  13.4  ft 
(!')  Condensation: 


At  Tv  =  127. 5°F, 

n  =  0.0068  X  2.42  =  0.0165  lb/(ft)(hr) 

[Fig.  15] 

Re,  =  DeG,/n 

=  0.0792  X  40,300/0.0165  =  193,000 
/  =  0.0012  ft2/in.2  [Fig.  29] 

Mol.  wt.  =  72.2 

72.2 

PvBpor  359(590/492)  (14.7/25) 

=  0.284  lb  /ft3 

s  =  0.284/62.5  =  0.00454 
(2')  No.  of  crosses,  N  +  1  =  YIL/B 
=  12  X  13.4/12  =  13.4,  say  14 
D,  =  2^2  =  2.08  ft 

(30  ^ = im 

2  5.2210 10De« 

[Eq.  (12.47)] 

_  1  w  0.0012  X  40, 300 2  X  2.08  X  14 
2  5.22  X  1010  X  0.0792  X  0.00454 

=  1.6  psi 

(4')  A P  of  subcooling  is  negligible. 


(1)  For  Ret  =  22,500 ,/  =  0.00022  ft 2/in. 2 

[Fig.  26] 

(2)  APt  = - -  [Eq.  (7.45)] 

W  5.22  X  1010Ds(f>t 

0.00022  X  860, 0002  X  16  X  4 
5.22  X  1010  X  0.0517  X  1.0 

X  1.0 
=  3.9  psi 

(3)  A Pr  =  (4n/s)(F2/2<7')  [Fig.  27] 

=  (4  X  4/1)0.10  =  1.6  psi 

[Eq.  (7.46)] 

(4)  APr  =  APt  +  A Pr  [Eq.  (7.47)] 

=  3.9  +  1.6  =  5.5  psi 


Summary 


12%8 

h  inside 

777 

Uc 

97.1 

UD 

80.5 

Pd  Calculated  0.0021 

Pd  Required  0.003 

1.6 

Calculated  A P 

5.5 

2.0 

Allowable  A P 

10.0 

The  dirt  factor  is  too  small  to  warrant  installation  of  the  unit 
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The  Horizontal  Condenser-subcooler.1  The  horizontal  condenser  can 
also  be  equipped  with  a  loop  seal  as  shown  in  Fig.  12.21  to  provide  sub¬ 
cooling  surface.  This  can  also  be  accomplished  by  means  of  a  dam  baffle, 
as  shown  in  Fig.  12.22.  The  loop  seal  has  the  advantage  of  external 
adjustability.  In  cither  case  the  flow  of  vapor  is  predominantly  the  same 
as  in  a  condenser.  The  cond  ising  and  subcooling  zones  are  in  parallel 
instead  of  in  series  as  in  the  vertical  unit.  This  requires  that  the  con¬ 
densing  vapor  and  the  condensate  both  travel  the  length  of  the  exchanger 
with  a  balanced  pressure  drop,  and  since  the  specific  gravity  of  the 
condensate  is  so  much  greater  than  that  of  the  vapor,  the  flow  area 
required  for  the  condensate  must  indeed  be  very  small.  The  calculation 
of  a  horizontal  condenser-subcooler  brings  up  the  problem  of  balancing 


Vapor 

in 


Water 

out 


— 

FT 

JL, 

/ Liquid  level 

f. 

Condensate 

V1 

Water 

Fig.  12.21.  Loop  seal  on  horizontal  con¬ 
denser-subcooler. 


the  pressure  drops  and  at  the  same  time  balancing  the  performance  for 
the  sensible  and  condensing  heat  loads  to  correspond  to  the  assumed 
proportion  of  the  bundle  submerged  for  subcooling. 

The  calculation  of  the  weighted  clean  overall  coefficient  to  be  employed 
here  presupposes  the  presence  of  the  two  zones  in  parallel.  It  is  further 
assumed  that  the  surface  for  subcooling  is  not  more  than  50  per  cent  of  the 
total  surface.  If  subcooling  represents  more  than  50  per  cent,  it  would 
often  be  preferable  to  use  a  s  qmrate  shell  for  subcooling  alone  where  a 
higher  condensate  velocity  can  be  attained.  When  the  condensation 
surface  requirements  are  more  than  50  per  cent  of  the  total  surface 
requirement,  the  vapor  may  be  assumed  to  travel  as  in  an  ordinary 
condenser  and  its  film  coefficient  is  computed  by  Eq.  (12.43),  except  that 
Nt  in  G"  is  the  number  of  tubes  which  are  not  submerged.  The  value  ot  L 
used  in  calculating  the  vapor  loading  is  the  overall  tube  length.  For 
simplicity,  subcooling  may  be  assumed  to  occur  at  a  heat  transfer  coe  - 
cient  corresponding  to  free  convection  although  all  the  correlations  for 

i  The  method  of  computing  this  type  of  apparatus  is  arbitrary  although  it  gives 
overall  coefficients  which  have  proved  satisfactory  in  a  large  num  cr  o 
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free  convection  in  Chap.  10  were  for  heating  only,  lor  light  materials, 
such  as  organic  solvents  and  petroleum  fractions  like  kerosene  and  lighter, 
it  is  safe  to  assume  a  subcooling  film  coefficient  of  about  50,  and  for 
heavier  condensates,  such  as  aniline,  straw  oil,  etc.,  it  is  about  25  or  lower. 

The  calculation  of  the  weighted  temperature  difference  is  also  modified. 
In  the  orientation  of  the  tube  passes  in  a  horizontal  1-2  condenser-sub¬ 
cooler  the  coldest  pass  is  always  placed  in  contact  with  the  flooded  portion 
of  the  shell,  and  it  is  a  safe  practice  to  consider  the  temperature  rise  of  the 
cooling  medium  proportional  to  the  transferred  heat  load.  Thus  if  the 
subcooling  heat  load  is  25  per  cent  of  the  total  heat  load,  the  cooling 
medium  will  rise  the  first  25  per  cent  of  its  temperature  range  while 
traveling  through  the  subcooling  passes. 

The  pressure  drop  in  the  shell  should  be  computed  on  the  basis  of  bal¬ 
ancing  the  pressure  drops  in  the  two  zones,  but  this  requires  a  number  of 
additional  assumptions  which  cannot  be  entirely  justified.  Instead,  for 
any  given  submergence,  it  is  possible  to  approximate  the  pressure  drop 
by  calculating  the  average  pressure  drop  for  the  vapors  alone,  using  a 
segmental  flow  area  equivalent  to  the  vapor  space  and  assuming  that  the 
pressure  drop  so  calculated  is  identical  with  that  of  the  condensate. 

Example  12.5.  Calculation  of  a  Horizontal  Condenser-subcooler.  Using  the 
same  process  conditions  and  condenser  as  in  Example  12.4,  which  were  unsatisfac¬ 
tory,  what  dirt  factor  would  be  achieved  if  the  condenser-subcooler  was  operated 
horizontally? 

It  is  understood  that  the  baffle  pitch  will  have  to  be  somewhat  greater  if  the  unit 
is  operated  horizontally,  since  flooding  the  horizontal  shell  reduces  the  vapor  flow 
area  and  therefore  increases  the  pressure  drop.  But  the  baffle  pitch  is  not  regarded 
as  influencing  the  transfer  coefficients  in  the  horizontal  condenser-subcooler  and  this 
example  may  be  considered  an  illustration  of  the  effectiveness  of  horizontal  vs.  vertical 
surface  in  condenser-subcoolers. 


Solution: 

Exchanger:  Same  as  Example  12.4. 

(1)  Heat  balance:  Same  as  Example  12.4. 

(2)  At  weighted: 

Temperature  rise  of  water  during  condensation  =  18.2°F 
Condensation  (A()c 

Hot  Cold  Fluid  Diff 


130 

Higher  Temp 

100 

30 

125 

Lower  Temp 

81.8 

43.2 

Subcooling  (At), 

Hot  Fluid  Cold  Fluid  ^ 


(At)t  ~  LMTD  =  36.4°F 


125 

Higher  Temp 
- - 

81.8 

43.2 

100 

Lower  Temp 

80. 

20. 

[Eq.  (5.14)]  (At).  =  LMTD  -  30.2°F 


[Eq.  (5.14)] 
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Condensing,  (A t)e  =  36.4 
Subcooling,  (At),  =  30.2 


qc  3,040,000 

(At)c  36.4 
q,  300,000 

(At),  30.2 


83,500  Btu/(hr)(°F) 
9,930 


At 


3,340,000 

93,430 


35  8°F 


93,430  Btu/(hr)(°F) 


(12.51) 


(3)  Tc  and  tc :  Average  values  will  be  satisfactory. 


Trial: 

Assume  shell  is  flooded  to  a  height  of  0.3D3.  Originally  subcooling  represented 
15%62  =  16.5  per  cent  of  the  total  surface.  For  the  horizontal  condenser  h  will  be 
much  higher  than  for  the  vertical,  hence  about  25  per  cent  of  the  surface  will  be 
required  for  subcooling. 

From  mathematical  tables  determine  the  area  of  shell  cross  section  which  is  flooded 
at  to  obtain  the  number  of  submerged  tubes. 

For  0.3D„  Ci  =  0.198  in  the  formula 

a,  =  C>D]  =  0.198  X  252  -  124  in.2 

124 

Number  of  submerged  tubes  =  370  X  ,  =  93  (approx.) 

(7t/4)  X  25^ 

Number  of  tubes  for  condensation  =  370  —  93  =  277 

Flooded  surface  =  (9% 70)  100  =  25% 


Condensation: 

W 


G"  = 


_  21,000  _  qq  q 

LN,n  ~  16  X  277?*  ou- 


Assume  the  same  film  temperature  as  before. 
h  =  h0  =  251 

hio  =  777  from  Example  12.4 

Clean  overall  coefficient  for  condensation  Uc: 


Uc  = 


hioho 


777  X  251 


=  190  Btu/(hr)(ft2)(°F) 


hio  +  h0  111  +  251 

Clean  surface  required  for  condensation  Ac' 

a  _  _  3,040,000  _ 

Ae  ~  Ue(At)  190  X  36.4 

Subcooling:  (Free-convection  rate  assume  h  =  50) : 

Clean  overall  coefficient  for  subcooling  U 

_  hioho  =  111  X_50  =  4?  Q  Btu/(hr)(ft2)(°F) 
U *  hio  +  ho  HI  +  60 


Clean  surface  required  for  subcooling  A,: 

A. 


q,  _  300,000  _  nil  2 

U7( At).  "  47.0  X  30.2 


Total  clean  surface  required  Ac’. 

Ac  =  Ac  +  A*  =  440  4*  211  =  651  ft2 


(12.43) 
(Fig.  12.9) 


(6.38) 


(6.9) 
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(13)  Weighted  clean  overall  coefficient  Uc' 

SC/A  190  X  440  +  47.0  X  211 
Uo  =  TAi  =  651 


144  Btu/ (hr)  (ft2)  (°F)  (12.50) 


(14)  Design  overall  coefficient  U d- 


Ud  = 


Q 

A  At 


3,340,000 
11  GO  X  35.8 


=  80.5  Btu/ (hr)  (ft2)  (°F) 


(16)  Dirt  factor  Rd’. 

R<  -  =  T3OTB  -  0.0054(hr)(ft>)CF)/Btu  (6.13) 


Pressure  Drop 


It  will  be  necessary  to  spread  the  baffles  to  a  spacing  of  18  in.  to  compensate  for  the 
reduction  in  crossflow  area  due  to  the  flooded  subcooling  zone.  The  tube-side  pressure 
drop  will  be  the  same  as  before.  Assume  bundle  flooded  to  0.3/),. 


a.  =  0.7  X  ID  X  C'j^Ft  =  0.7  X  25  X  0.25  X  — 

(?.  =  -=  =  38,400  lb/ (hr)  (ft2) 

Re .  =  —  =  0.0792  X  =  185,000 

n  U.Uloo 

/  =  0.00121  ft2/in.2 

Number  of  crosses,  N  +  1  =  =  12  X  75  =  11 

D,  =  2.08  ft  18 


0.547  ft2  (7.1) 

(7.2) 

(7.3) 
(Fig.  29) 

(7.43) 


1  fG*D,(N  +  1)  l  '0.00121  X  3 8, 400 2  X  2.08  X  11 

2  5.22  X  10 10Des  2  5.22  X  1010  X  0.0792  X  0.00454  "  10  psi  (12-47) 


Summary 


25K  0 

h  inside 

777 

Uc 

144 

UD 

80.5 

Rd  Calculated  0  0054 

Rd  Required  0.003 

1.0 

Calculated  A P 

5.5 

2.0 

Allowable  A P 

10.0 

or^mIbaffle3^!1pproximatelyCone^tbrd~theCheightSof'tlfe^sheUU*P,:>e^  ^  *  ’°0P 
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It  is  possible  to  draw  some  general  conclusions  from  the  summaries  of 
Examples  12.4  and  12.5  which  shed  light  on  the  relative  orders  of  magni¬ 
tude  between  horizontal  and  vertical  condenser-subcoolers.  The  vertical 
condenser  has  the  advantage  of  well-defined  zones,  but  it  is  restricted  by 
the  height  available  at  the  top  of  a  column  when  employed  with  a  column 
and  the  smaller  size  of  the  (  mdensing  film  coefficient.  On  the  other 
hand,  the  horizontal  condenser-subcooler,  though  less  adaptable  to  close 
calculations,  gives  considerably  higher  overall  clean  coefficients.  The 
majority  of  the  condenser-subcoolers 
used  in  industry  are  consequently  of 
the  horizontal  type. 

Vertical  Refluxing  inside  Tubes. 

It  is  often  necessary  to  treat  a  solid 
material  with  a  volatile  boiling  liq¬ 
uid  or  to  maintain  a  liquid  mixture  at 


Water 
•  • 

m 


Condensate 


Vapor 

sea! 


Fig.  12.23.  Reflux-type  condenser. 


its  boiling  point  so  as  to  complete  a  chemical  reaction.  To  maintain  a 
constant  pressure  the  volatile  liquid  is  boiled  overhead  in  the  reactor 
and  returned  at  a  continuous  rate  as  shown  in  Fig.  12.23.  The  rate  at 
which  the  volatile  liquid  is  boiled  overhead  is  called  the  boil-up  rate  and 
is  usually  expressed  in  pounds  per  hour  per  square  foot  of  liquid  surface. 
A  condenser  operated  in  a  closed  circuit  in  this  manner  is  a  reflux-type 
condenser.  When  the  vapor  enters  the  bundle  at  the  bottom  as  in  *  ig. 
12.24  it  is  a  special  case  of  the  reflux  type  known  as  a  knock-back  con¬ 
denser.  The  reflux  type  of  condenser  is  not  intended  to  produce  su  - 
cooling,  and  the  condensate  drains  back  freely  into  the  treating  vesse^ 
Very  often  the  boil-up  rate  is  so  great  that  the  condensing  film  m  y 
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partially  in  turbulent  flow,  whence  the  film  coefficient  is  calculated  front 

Colburn’s  relationship  as  given  in  Fig.  12.12. 

Greater  headroom  is  required  for  a  knock-back  condenser,  although 
it  has  some  advantage  over  a  horizontal  condenser  due  to  its  excellent 
drainage.  If  the  Reynolds  number  for  a  vertical  condenser,  4 G'/nf,  is 
less  than  1800  to  2100  corresponding  to  the  transition  point  in  Fig.  12.12, 
all  the  condensation  will  occur  in  streamline  flow  as  computed  by  Eq. 
(12.42).  If  the  Reynolds  number  is  greater  than  about  1800,  the  upper 
surface  where  the  condensate  film  is  in  streamline  flow  may  be  computed 
separately  from  that  below  it  in  turbulent  flow.  Knock-back  condensers 
differ  from  reflux-type  condensers,  since  the  vapor  enters  at  the  bottom 
and  may  not,  in  fact,  even  reach  the  top. 

Example  12.6.  Calculation  of  Vertical  Reflux-type  CS2  Condenser.  A  solid 
material  is  treated  in  a  vessel  with  carbon  disulfide  and  traces  of  corrosive  sulfur  com¬ 
pounds  at  25  psig  corresponding  to  a  boiling  point  of  176°F  and  a  total  boil-up  of 
30,000  lb /hr.  A  negligible  pressure  drop  will  be  required  for  the  tube  side,  and  10  psi 
is  available  for  the  water,  which  enters  at  85°F.  A  combined  dirt  factor  of  0.003  will 
be  necessary 

Available  for  the  purpose  is  17 Vi  in.  ID  1-1  exchanger  having  177  %  in.  OD,  16 
BWG  tubes  16'0"  long.  They  are  laid  out  for  1-in.  square  pitch,  and  the  baffle  spac¬ 
ing  is  6  in. 

Will  the  exchanger  be  satisfactory? 


Solution: 

Exchanger: 


Shell  side  Tube  side 

ID  =  17H  in.  Number  and  length  =  177,  16'0" 

Baffle  space  =  6  in.  OD,  BWG,  pitch  =  %  in.,  16  BWG,  1-in.  square 

Passes  =  1  Passes  =  1 


(1)  Heat  balance: 

Carbon  disulfide,  Q  =  30,000  X  140  =  4,200,000  Btu/hr 
Water,  Q  =  120,000  X  1(120  -  85)  =  4,200,000  Btu/hr 
At:  At  =  LMTD  =  72.1°F 

Tc  and  tc:  The  use  of  average  temperatures  will  be  satisfactory. 

In  this  particular  problem  it  will  be  advisable  to  compute  the  shell  side  first  since 
the  water  rate  is  needed  to  establish  the  tube-wall  temperature  for  condensation. 


(2) 

(3) 


(Fig.  12) 
(5.14) 


Hot  fluid:  tube  side,  carbon  disulfide 
Assume  hio  =  300 

(T,  -  t.) 

=  102.5  +  30°4o86  (176  -  102.5) 

=  122.5°F 

tf  =  (122.5  +  176)  /2  =  149°F 

[Eq.  (12.19)] 


Cold  fluid:  shell  side,  water 
(4')  a,  *  ID  X  C'B/UAPr  [Eq.  (7.1)] 
=  17.25  X  0.25  X  6/144  X  1.0 

=  0.18  ft2 

(6  )  G‘  =  *>/<*•  [Eq.  (7.2)] 

=  120,000/0.18 

=  667,000  lb /(hr)  (ft2) 
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Hot  fluid:  tube  side,  carbon  disulfide 
Uf  =  0.28  X  2.42  =  0.68  lb/(ft)(hr) 

[Fig.  24] 

kf  =  0.09  Btu/ (hr)  (ft1)  (°F/ft)  [Fig.  14] 

sf  =  1.26;  pf  =  62.5  X  1.26  =  78.8  lb /ft3 
D  =  0.62/12  =  0.0517  ft 
G'  =  W/vNtD  [Eq.  (1  42)] 

=  30,000/3.14  X  177  X  0.0517 

=  1045  lb/(hr)(lin  ft) 
Ret  =  4 G'/uf  [Eq.  (12.37)] 

=  4  X  1045/0.68  =  6150 
The  film  will  be  in  turbulent  flow. 
h{u)/k)P)g)H  =  0.251  [Fig.  12.12] 

hi  =  h  =  0.251 

/0.0933X78.8*X4.17  X  10*\VS 

=  0251  K - o^ - ) 

=  400 

hio  =  400  X  0.62/0.75 

=  331  Btu/ (hr)  (ft*)  (°F)  [Eq.  (6.5)] 


Cold  fluid:  shell  side,  water 
(6')  At  ta  =  102.5°F, 
m  =  0.70  X  2.42  =  1.70  lb/(ft)(hr) 

^  [Fig.  14] 

D,  =  0.95/12  =  0.0792  ft  [Fig.  28] 
Re,  =  D,G./u  [Eq.  (7.3)] 

=  0.0792  X  667,000/1.70  =  31,000 
CO  jn  =  103  [Fig.  28] 

(8')  At  ta  =  102.5°F, 
k  =  0.36  Btu/ (hr)  (ft2)  (°F/ft) 

{cu/k)U  =  (1  x  1.70/0.36)  =  1.68 

(90  fc,=,-fl±(!)*  (Eq.  (6.156)] 

=  103  X  0.36  X  1.68/0.0792 

=  786  Btu/(hr)(ft2)(°F) 


Clean  overall  coefficient  Uc : 


Uc  “  fcTTT.  =  331  +  786  =  233  Btu/(hr)(ft*)(°F)  (6-38) 


Design  overall  coefficient  U d  : 

Total  surface  =  177  X  16'0"  X  0.1963  =  556  ft* 

UD- fir,  =  =  105  Btu/(hr)(ft’)(°F) 

A  At  556  X  72.1 

Dirt  factor  Rd- 

Rd  =  =  233  ~  ™  =  0.00522  (hr)  (ft2)  (°F) /Btu  (6.13) 


Pressure  Drop 


(1)  Flow  area:  a\  —  0.302  in.2  [Table  10] 

at  =  Nta't/lUn  [Eq.  ('  48)] 

=  177  X  0.302/144  X  1  *  0.372  ft2 

(2)  Gt  =  W/at  [Eq.  (6.3)] 

=  30,000/0.372 

=  80,500  lb/(hr)  (ft2) 

At  inlet, 

fx  =  0.012  X  2.42  =  0.029  lb/(ft)(hr) 

[Fig.  15] 

D  =  0.62/12  =  0.0517  ft 
Re  =  0.0517  X  80,500/0.029  =  143,000 
/  =  0.000138  ft*/in.2  [Fig.  26] 

Mol.  wt.  =  76.1 

_ _ -  =0.443  lb /ft 3 

p  359(636/492)  (14.7/39.7) 


(1')  For  Res  =  31,000 
/  =  0.0017  ft2/in.2  [Fig.  29] 

(2;)  No.  of  crosses,  N  +  1  =  12 L/B 

[Eq.  (7.43)] 

=  12  X  16/6  =  32 
D,  =  17.25/12  =  1.44  ft 
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Pressure  Drop 


s  =  0.443/62.5  =  0.0071 

_  1  fG**Ln 
(3)  APt  -  2  5  22  x  10l0Ds 

[Eq.  (12.48)] 

0.000138  X  80,5002  X  16 
“  5722  X  1010  X  0.0517  X  0.0071 
=  0.4  psi 


fG*D,(N  +  1) 

z'O/')  Ap  _  —1 - - — - - - — 

1  ;  4  5.22  X  1010DeS^. 

[Eq.  (7.44)] 
0.0017  X  667, 0002  X  1.44  X  32 
"  5.22  X  1010  X  0.0792  X  1.0 

X  1  o 

=  8.4  psi 


Summary 


331 

h  outside 

786 

Uc 

233 

UD 

105 

Rd  Calculated  0.00522 

R d  Required  0 . 004 

0.4 

Calculated  AP 

8.4 

neg. 

Allowable  A P 

10.0 

The  unit  is  satisfactory. 


THE  CONDENSATION  OF  STEAM 

The  Surface  Condenser.  Any  saturated  vapor  can  be  condensed  by  a 
direct  spray  of  cold  water  under  appropriate  conditions  of  temperature 
and  pressure  provided  contamination  of  the  condensate  by  water  is  not 
objectionable.  Steam,  on  the  other  hand,  as  generated  in  power  stations 
is  an  extremely  pure  form  of  water  substantially  free  of  the  impurities 
causing  scale.  The  term  surface  condenser  is  reserved  for  tubular  appa¬ 
ratus  employed  for  the  condensation  of  steam. 

In  the  design  and  operation  of  a  steam  turbine  or  engine  the  exhaust 
temperature  of  the  heat  is  kept  as  low  as  possible  so  that  a  maximum 
change  in  enthalpy  occurs  during  the  conversion  of  heat  into  work  This 
is  a  natural  deduction  of  the  Carnot  cycle.  The  exhaust  temperature  is 
limited  only  by  the  coldness  and  abundance  of  the  cooling  medium  and 
the  allowance  of  a  reasonable  temperature  difference.  4^”^ 

hereTuTwith^T  dlStr'butlon  ,of  Power  is  beyond  consideration 
here,  but  with  cooling  water  available  at  70°F  or  thereabouts  a  turbine 
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will  exhaust  at  75°F,  which  corresponds  to  a  vacuum  saturation  pressure. 
Consequently,  such  apparatus  is  usually  designed  for  vacuum  operation 
on  the  steam  side. 

The  surface  condenser,  as  a  development  of  the  power  rather  than 
chemical  industry,  is  handled  differently  from  preceding  illustrations,  and 
the  purpose  here  is  to  indicatt  the  exceptions.  Equations  (12.44a)  and 
(12.446)  for  the  condensation  of  steam  at  atmospheric  pressures  have 


Fig.  12.25.  Influence  of  air  on  the  condensing  coefficient  of  230°F  steam.  ( Data  of 
Othmer.) 


already  been  presented.  The;  9  equations  give  steam-condensing  coeffi¬ 
cients  at  atmospheric  pressure  and  are  of  little  use  in  estimating  the 
condensation  rate  under  a  vacuum  of  1  to  134  in-  Hg  abs.  Furthermore, 
air  dissolved  in  the  boiler  feed  water,  despite  deaeration,  tends  to  accumu¬ 
late  in  the  condenser,  where  it  impedes  heat  transfer.  Othmer1  has  shown 
that,  when  as  little  as  1  per  cent  of  air  by  volume  is  mixed  with  the  inlet 
steam,  the  condensing  coefficient  falls  from  2000  to  1100  with  a  tempera¬ 
ture  difference  between  the  steam  and  cooling  medium  of  20°F.  When 
the  air  concentration  is  2  per  cent  by  volume,  the  condensing  coefficient 
falls  from  2000  to  750  at  the  same  temperature  difference.  It  is  also 
found  that  during  steady-state  transfer  the  air  tends  to  surround  the 
1  Othmer,  D.  F.,  Ind.  Eng.  Chem.,  21,  576  (1929). 
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Exhaust  steam  inlet 
^"1 


Circulating  water  outlet 


Tube  plate 


Hand  hole 
or 

man  hole 
cover 


Water  box  cover 

Return  water  box 


Wafer  box 
cover 
Circulating  water  inlet 


Condensate  outlet 
(a)-LONGITUDlNAL  SECTION 


Exhaust  steam 


Exhaust  steam 


oat/et 

Air 

cooler 


Water  inlet 
Hot  well 

I  *■—  Condensate  outlet 
ONE  PASS 


Water 

outlet 


_A/r 

outlet 


Air 
cooler 


TWO  PASS 


Condensate  outlet 


(b)- SECTIONS  THROUGH  HOT  WELL  AND  AIR  OUTLET 

Fig.  12.26.  Surface  condenser.  ( Foster  Wheeler  Corporation.) 

tube  surface,  setting  up  a  resistance  through  which  the  steam  must  diffuse. 
Othmer’s  data  are  reproduced  in  Fig.  12.25. 

Surface  condensers  are  usually  much  larger  than  other  types  of  tubular 
equipment,  some  containing  over  60,000  ft2  of  condensing  surface  The 
attainment  of  a  very  small  steam-side  pressure  drop  directly  affects 
t  e  piessure  of  the  condenser  exhaust  and  the  cycle  efficiency  for  a  given 
cooling-water  inlet  temperature.  A  typical  small  surface  condenser  is 
s  o\\  n  in  Fig.  12.26.  To  permit  a  low  pressure  drop  and  a  deep  penetra- 
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Exhaust  steam 
inlet 


Water 

outlet 


Air 

outlet 


Atr 
cooler 


Water  inlet* 


Water  inlet 


Hot  Well 


Strainer 


Condensate 
pump  suction 

Fio.  12.27.  Large  dual-bank  surface  condenser.  ( Foster  Wheeler  Corporation.) 


tion  of  the  steam  into  the  bundle  tubes  are  laid  out  for  crossflow ,  using 
radial  pitch  as  shown  in  Fig.  12.266.  Another  important  consideration 
is  the  removal  of  air,  since  an  accumulation  of  air  increases  the  tota 
pressure  in  the  condenser  and  raises  the  condensation  temperature.  Only 
when  surface  condensers  contain  15,000  ft2  or  less  are  they  apt  to  ha\e 
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cylindrical  bodies.  When  they  contain  surface  in  excess  of  15,000  ft  , 
they  are  made  in  the  boxlike  manner  shown  in  the  elevation  of  Fig.  12.27. 
In  large  condensers  the  steam  is  not  required  to  pass  through  the  entire 
tube  bundle  but  instead  through  a  divided  portion  of  the  tube  bundle. 

The  principal  parts  of  surface  condensers,  in  addition  to  the  shell  and 
water  boxes  or  channels,  are  a  large  exhaust  steam  inlet  port,  shell-side 
air-removal  outlets,  and  a  hot  well  equipped  with  condensate  and  air 
outlets.  The  condenser  shown  in  Fig.  12.26  is  arranged  horizontally  for 
two  passes  or  double  flow  on  the  water  side  as  are  the  majority  of  such 
condensers.  The  tubes  are  usually  22  to  26  ft  in  length  with  support 
plates  through  which  all  the  tubes  pass,  since  the  steam  travels  in  cross- 
flow.  The  lower  portion  of  the  bundle  is  separated  to  permit  the  cooling 
of  the  air-vapor  mixture  which  leads  to  the  vacuum  apparatus.  This  is 
usually  an  air  jet  pump  as  discussed  in  Chap.  14.  Since  the  steam  con¬ 
denses  isothermally,  the  LMTD  in  crossflow  is  identical  with  that  for 
counterflow.  The  method  of  calculation  outlined  in  the  remainder  of 
this  chapter  is  in  agreement  with  the  recommended  practices  of  the  Heat 
Exchange  Institute,  whose  member  companies  include  the  larger  manu¬ 
facturers  of  surface  condensers. 

Definitions.  There  are  a  number  of  definitions  which  apply  to  surface 
condensers.  The  more  important  are  given  here:  The  steam  load  is 
expressed  in  pounds  per  hour  of  steam  having  an  assumed  heat  rejection 
to  the  cooling  water  of  950  Btu/lb.  When  used  in  connection  with  the 
exhaust  of  a  steam  engine  the  rejection  is  taken  as  1000  Btu/lb.  The 
condenser  vacuum  is  the  difference  between  atmospheric  pressure  and  the 


pressure  measured  at  the  steam  inlet  and  is  expressed  in  in.  Hg  at  a 
temperature  of  32°F.  The  absolute  'pressure  in  a  condenser  is  the  differ¬ 
ence  between  the  barometric  pressure  and  condenser  vacuum  and  is 
expressed  in  in.  Hg  abs.  The  heat  head  is  the  difference  between  the 
inlet  circulating  water  temperature  and  the  temperature  corresponding 
to  the  absolute  pressure  at  the  steam  inlet  to  the  condenser,  Ts.  The 
temperature  rise  refers  to  the  circulating-water  temperatures  t2  —  ti  and 
the  terminal  difference  is  defined  as  Ts  —  t2. 

Since  the  condensate  is  also  under  vacuum,  it  collects  in  a  hot  well 
at  the  bottom  of  the  condenser  and  requires  pumping  out.  The  conden¬ 
sate  depression  is  the  difference  between  the  temperature  of  the  condensate 
m  e  hot  well  and  the  temperature  corresponding  to  the  absolute  pressure 
t  le  steam  at  the  inlet  to  the  condenser.  It  is  the  actual  number  of 
grees  the  condensate  is  subcooled,  and  must  be  maintained  within  close 
limits  since  subcoohng  reduces  the  saturation  pressure  and  hence  the 

pertormance.  It  is  also  customary  to  compute  the  total  surface  in  a 


306 


PROCESS  HEAT  TRANSFER 


surface  condenser  using  the  tube  length  between  the  facing  sides  of  the 
tube  sheets  instead  of  the  overall  tube  length.  This  is  equivalent  to  the 
effective  surface  described  in  Chap.  7. 

There  are  several  conventions  employed  in  surface  condensers  which 
are  rarely  violated.  Surface  condensers  are  seldom  designed  to  operate 
at  an  absolute  pressure  below  0  7  in.  Hg  abs  with  a  terminal  difference  of 
less  than  5°F,  with  a  dissolved  oxygen  content  in  the  condensate  of  less 
than  0.03  cm3/liter,  or  with  a  steam  loading  [not  to  be  confused  with  G ' 


or  G ",  lb/(hr) (lin  ft)]  exceeding  8  lb/(hr) (ft2).  Water  velocities  of  less 
than  3  fps  are  not  used.  The  quantity  of  air  which  leaks  into  the  system 
must  be  estimated  for  the  desi;  n  of  the  air  pump  whether  a  mechanical 
pump  or  a  jet-type  ejector  is  used.  The  Heat  Exchange  Institute  gives 
a  graph  of  overall  clean  heat-transfer  coefficients  to  be  used  as  shown  in 
Fig.  12.28  and  with  the  maximum  loading  of  8  lb/(hr)(ft2)  of  steam  con¬ 
densed  when  the  inlet  water  is  at  70°F.  The  clean  overall  coefficient  for 
different  tube  diameters  and  a  loading  of  8  lb/(hr)(ft2)  can  also  be 

obtained  by  /10 

Ur  =  Ct  W  (12-53) 


where  Ct  is  a  constant  as  shown  in  Fig.  12.28  for  each  tube  outside  diam¬ 
eter  and  V  is  the  water  velocity  in  feet  per  second.  Dirt  factors  are 
defined  as  a  percentage  of  the  clean  overall  coefficients  called  the  cleanlv - 
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ness  factor.  Thus  a  cleanliness  factor  of  85  per  cent  means  that  the  design 
overall  coefficient  will  be  85  per  cent  of  the  clean  overall  coefficient.  The 
design  overall  coefficient  U d  for  a  loading  of  8  lb/ (hr)  (ft-)  and  inlet  water 
temperature  of  70°  is 

UD  =  CciCt  w  (12.54) 

And  the  coefficient  for  any  other  loading  and  temperature  is 

UD  =  CLCTCciCt  VV  (12.55) 

where  CL  is  the  loading  correction  equal  to  >yioading/8  and  CT  is  the 
temperature  correction. 

Surface  Condenser  Calculation.  The  condenser  pressure-drop  calcula¬ 
tion  is  far  more  complex  than  for  previous  types  of  equipment  and  hinges 
very  greatly  upon  the  geometric  design  of  the  surface  condenser.  There 
is  no  published  correlation  between  the  pressure  drop  of  condensing  steam 
in  crossflow  and  radial  pitch,  and  the  calculations  performed  here  deter¬ 
mine  the  surface  required  for  the  heat  load  without  layout  refinements. 
The  calculations,  however,  permit  the  evaluation  of  a  condenser  for 
conditions  other  than  those  for  which  it  was  designed. 

The  pressure  drop  on  the  tube  side  is  conventionally  determined  by  a 
formula  of  the  Williams  and  Hazen  type  using  a  constant  of  130,  so  that 

AP‘  =  0.00G7  ~  (12.56) 

where  V  =  water  velocity,  fps 
d  =  tube  ID,  in. 

It  differs  somewhat  on  the  unsafe  side  from  Eq.  (7.45)  at  velocities  of 
6  fps  and  less  but  agrees  very  closely  at  velocities  approaching  10  fps. 
The  return  losses  suggested  by  the  Heat  Exchange  Institute  correspond 
to  less  than  the  four  velocity  heads  given  by  Eq.  (7.46).  The  relation- 
ships  for  the  condenser  are 

Q  =  wl(t2  -  (,)  =  500G„(f2  -  h) 

where  G.  are  the  gallons  per  minute  and  multiplication  by  500  gives  the 
flow  in  pounds  per  hour. 


A  t  =  LMTD 
A 


=  (Ts  -  h)  -  (Ts  -  t2) 


t\ 


In  (Ts  -  ti)/(Ts  -  t2)  in  (Ts  -  U)/(TS  -  f,) 
Q  500 (?.«,  -  (,) 


U  At 


u 


(ti  —  t\) 


500 Goln  Ts  -  h 


V 


t%  =  Ts  - 


In  (Ts  -  h)/(Ts  -  L) 
Ts  — 


Ts  —  t 


antilog  UA  /(2.3  X  500 G0) 


(12.57) 

(12.58) 
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The  outlet  temperature  of  the  water  t2  depends  upon  gallons  per  minute 
circulated  G0  or  the  velocity  V.  But  U  is  also  dependent  upon  V. 
Equation  (12.58)  can  be  solved  directly  for  f2,  since 


A  =  La"Nt 

where  a"  are  the  square  feet  of  e:  ernal  surface  per  foot  of  tube  length  and 

UA  _  U  La"Ntn  0.00279  ULna" 

2.3  X  500Go  2.3  X  500  7.5  X  Q>0V(a't/lM)Nt  Va\ 

and 


t2  —  Ts 


Ts  —  t\ 

antilog  0.00279  ULna"/Va't 


(12.59) 


Example  12.7.  Calculation  of  a  Surface  Condenser.  A  steam  turbine  exhausts 
250,000  lb /hr  of  steam  at  a  pressure  of  1.5  in.  Hg.  Cooling  water  is  available  at  70°F. 
A  preference  has  been  designated  for  the  use  of  in.  OD,  18  BWG  tubes  and  a  cleanli¬ 
ness  factor  of  85  per  cent. 

To  permit  estimation  of  the  cost  of  thd  condenser  on  the  basis  of  dollars/ft2,  how 
much  surface  will  be  required  and  what  will  be  the  operating  quantity  and  range  of  the 
cooling  water? 

Solution.  Assume  the  maximum  loading  of  8  lb/(hr)(ft2)  and  a  water  velocity  of 
7.5  fps. 

Cci  =  0.85  CT  =  1.0  Cl  -  1.0 
UD  =  CciCrCLCt  VV  (12.55) 

=  0.85  X  1.0  X  1.0  X  263  V7\5  =  612 


A  = 


250,000 

8 


31,250  ft2 


The  necessary  outlet  terminal  water  temperature  will  be 

Ts  —  1 1 


t-2  —  Ts  — 


(12.59) 


antilog  0.000279  X  ULna" /Vat 

For  a  Va  in.  OD,  18  BWG  tube,  a"  =  0.229  ft2/ft,  ID  =  0.777  in.,  and  a't  =  0.475  in.2 
(computed  from  Table  10). 

Ts  -  l.r'  in.  Hg  =  91.72°F 

Since  this  will  be  a  relatively  large  condenser,  assume  a  maximum  tube  length  of 
26'0'/  and  two  tube  passes. 

_  91.72  —  70 _ _ _ _ _ _  85.90°F 

t2  =  91.72  -  .^iojr (0.000279  X  612  X  26  X  2  X  0.229)/(7.5  X  0.475) 


The  circulation  rate  is 


Go  = 


250,000  X  950 
(85.90  -  70)  X  500 


29,800  gpm 


Individual  Film  Coefficients  for  Steam  Condensers.  The  method  of 
calculating  surface  condensers  has  been  based  on  the  use  o  overa  coe 
c^entsinstead  of  individual  coefficients.  Individual  coeffictents  are  dtffi- 
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cult  to  obtain  from  direct  experimentation  but  can  be  computed  from  the 
overall  coefficients.  Unlike  condensers  employing  organic  vapors,  the 
condensing  coefficient  for  steam  is  considerably  greater  than  that  for  the 
water,  and  under  these  circumstances  the  tube  metal  resistance  is  a 
sufficiently  sizable  portion  of  the  total  resistance  to  require  inclusion  in 
the  calculation.  For  a  clean  tube  the  overall  coefficient  of  heat  transfer 
may  be  equated  thus: 


and  for  a  dirty  tube: 


Rc  “H  R  m  +  RW 


TT  —  Rm  +  Rd  +  R%0 

U  D 


where  Rc  is  the  resistance  of  the  condensing  vapor,  Rm  is  the  resistance 
of  the  tube  metal,  and  Rw  the  resistance  of  the  water  in  the  tubes,  all 
based  on  the  tube  outside  diameter.  Wilson1  has  shown  that  the  sum  of 
the  first  three  resistances  for  a  series  of  tests  is  essentially  constant  and 
that  Rw  is  the  controlling  resistance.  Furthermore,  the  film  coefficient 
for  water  in  tubes  is  proportional  to  the  0.8  power  of  the  velocity  through 
the  tubes,  Rw  can  then  be  replaced  by  1/aiU0-8,  and  the  equations  above 
can  be  rewritten  with  a0  and  cq  constants. 

h  =  a° +  snkii  (12.60) 

A  plot  of  \/U  vs.  1/F°-8  on  rectangular  coordinates  should  yield  a 
straight  line  permitting  the  evaluation  of  both  constants  o0  and  at  a„ 
is  actually  the  intercept  for  an  infinite  water  velocity,  and  when  the  metal 

and  dirt  resistances  are  subtracted,  the  true  value  of  the  condensing 
coefficient  can  be  obtained. 

1 

h 


>*.  »  condensed  by  water  from 

allowable  for  the  va^  a^d  fo  oTr  “/r  Pr°V‘ded-  A  P”  °f  2 

pitch°ntal  COnd—  —  1  *  OD,  -  BWG 
12A  Ca'CUlate  the  a  «  vert‘eal  condenser 

con^S^ftl\°efsPr°b-  I2A  CakUlate  ‘he  ^  °f  a  1-1  -tieal  condenser  with 


1  Wilson,  R.  E.,  Trans.  ASME,  37,  47  (1915). 
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12.4.  24,000  lb /hr  of  nearly  pure  methyl  ethyl  ketone  vapor  at  2  psig  (boiling  point 
180°F)  is  to  be  condensed  and  cooled  to  160°F  by  water  from  85  to  120°F.  Pressure 
drops  of  2.0  psi  for  the  vapor  and  10.0  for  the  water  are  permissible. 

Available  for  the  service  is  a  25  in.  ID  1-2  horizontal  condenser  with  468  %  in.  OD, 
16  BWG  tubes,  16'0"  long  arranged  for  four  passes  on  1^{6-in.  triangular  pitch. 
Baffles  are  spaced  25"  apart. 

(а)  What  is  the  true  temperature  c  inference? 

(б)  What  are  the  dirt  factor  and  the  pressure  drops? 

12.6.  For  the  data  of  Prob.  12.4  calculate  the  true  temperature  difference  and  size 
of  a  horizontal  1-2  condenser-subcooler  required  to  fulfill  the  conditions  using  %  in. 
OD,  16  BWG  tubes  12'0"  long  on  1^6-in.  triangular  pitch  with  a  dirt  factor  of  0.003. 

12.6.  50,000  lb /hr  of  ethyl  acetate  at  35  psig  (boiling  point  248°F)  enters  a  hori¬ 
zontal  1-2  desuperheater-condenser  at  300°F  and  leaves  at  248°F.  Cooling  is  effected 
by  water  from  85  to  120°F. 

Available  for  the  service  is  a  27  in.  ID  1-2  condenser  containing  432  in.  OD,  16 
BWG  tubes  12'0"  long  arranged  for  four  passes  on  1-in.  square  pitch.  Baffles  are 
spaced  24  in.  apart. 

Calculate  the  true  temperature  difference  and  the  dirt  factor  and  pressure  drops. 

12.7.  57,000  lb  /hr  of  nearly  pure  hexane  enters  the  shell  of  a  vertical  1-2  condenser 
at  5  psig  and  220°F.  The  condensing  range  is  from  177  to  170°F,  at  which  temper¬ 
ature  it  goes  to  storage.  Cooling  water  is  used  between  90  and  120°F. 

Available  for  the  service  is  a  31  in.  ID  condenser  containing  650  %  in.  OD,  16  BWG 
tubes  16'0"  long  on  four-pass  layout  using  1-in.  triangular  pitch.  Baffles  are  spaced 
18  in.  apart. 

Calculate  the  true  temperature  difference,  the  dirt  factor,  and  the  pressure  drops. 

12.8.  59,000  lb  /hr  of  a  mixture  of  light  hydrocarbons,  principally  propane,  enters  a 
1-2  horizontal  condenser  at  the  initial  condensing  temperature  of  135°F  at  275  psig. 
The  condensing  range  is  from  135  to  115°F,  at  which  temperature  49,000  lb /hr  is  con¬ 
densed  by  cooling  water  from  90  to  110.  The  remainder  of  the  condensation  occurs 
with  refrigerated  water. 

Available  for  the  service  is  a  37  in.  ID  1-2  horizontal  condenser  with  1100  %  in. 
OD  16  BWG  tubes  16'0"  long  arranged  for  four  passes  on  1^6-in.  triangular  pitch. 

Baffles  are  spaced  36  in.  apart. 

What  is  the  dirt  factor,  and  what  are  the  pressure  drops? 

NOMENCLATURE  FOR  CHAPTER  12 

Heat-transfer  surf  ce,  ft2 

Heat-transfer  surface  for  condensation,  desuperheating,  and  sub¬ 
cooling,  respectively,  ft2 
Cross-sectional  area  of  a  film,  ft2 
Total  clean  heat-transfer  surface,  ft2 
Flow  area,  ft2 

External  surface  per  linear  foot,  ft 
Submerged  cross  section  of  shell,  ft2 
Flow  area  per  tube,  in.2 
Constants 

Baffle  spacing,  in.  ,,iuwot?\ 

Specific  heat  of  hot  fluid  in  derivations,  Btu/ (lb)( 

Cleanliness,  temperature,  and  loading  factors,  dimension  ess 

Tube  factor,  dimensionless 


A 

Ac,  A d,  A$ 


A/ 

Ac 


a 

a 


ff 


a. 

f 

at 

do,  di 

B 

C 

Ca,  Ct,  Cl 
C i 
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C' 

Ci,  C2,  C, 

c 

D 

D0 

Dt 

d 

do 

f 

G 

G' 

G" 

Go 

9 

9' 


K 

ha 

h 

JH 

k 

L 

Lc 

LMTD 

m 

N 

n 

Nt 

P 

Pt 

A P 

APr,  A Pt,  A Pr 
A Pc 
Q 

Qx 

Qc *  Q  di  Q a 


Rd 

Fey  Rrny  Ryj) 


r 


Re 

s 


T ,  T  h 


T, 


Clearance  between  tubes,  in. 

Constants 

Specific  heat  of  cold  fluid,  Btu/(lb)(°F) 

Inside  diameter  of  tubes,  ft 
Outside  diameter  of  tubes,  ft 

Equivalent  diameter  for  heat  transfer  and  pressure  drop,  ft 
Inside  diameter  of  tubes,  in. 

Outside  diameter  of  tubes,  in. 

Friction  factor,  ft2/in.2 
Mass  velocity,  lb/(hr)(ft2) 

Condensate  loading  for  vertical  tubes,  lb/(hr)(ft) 

Condensate  loading  for  horizontal  tubes,  lb/(hr)(ft) 

Circulating  water  rate,  gpm 
Acceleration  of  gravity,  ft/hr2 
Acceleration  of  gravity,  ft/sec2 

Heat-transfer  coefficient  in  general,  for  inside  fluid,  and  for  outside 
fluid,  respectively,  Btu/(hr)(ft2)(°F) 

Value  of  hi  when  referred  to  the  tube  OD,  Btu/(hr)(ft2)(°F) 
Condensing  film  coefficient  at  a  distance  x  from  the  top  of  the  tube 
Btu/(hr)(ft2)(°F) 

Condensing  film  coefficient  at  angle  <x°,  Btu/(hr)(ft2)(°F) 

Average  value  of  the  condensing  film  coefficient  between  two  points 
Btu/(hr)(ft2)(°F) 

Factor  for  heat  transfer,  dimensionless 
Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Tube  length,  ft 

Tube  length  exposed  to  condensation,  ft 
Log  mean  temperature  difference,  °F 
A  constant 


Number  of  shell-side  baffles 
Number  of  tube  passes 

Number  of  tubes  effective  for  condensation 
Perimeter,  ft 
Tube  pitch,  in. 

Pressure  drop  in  general,  psi 

Total,  tube,  return  pressure  drop,  respectively,  psi 

Pressure  head  of  condensate,  psi 

Heat  flow,  Btu/hr 

Heat  flow  at  distance  x  from  top  of  tube,  Btu/hr 

t^rBf”ur/hrndenSati0n’  de8UPerheatin|?and  Pooling  respec- 
Combined  dirt  factor,  (hr)(ft2)(°F)/Btu 

(hr)(ftC2)(°F)C/BtunSatG  film’  tUbe  mCta1,  and  Water>  resPectively, 
Radius  of  tube,  ft 

Hydraulic  radius,  rh  =  flow  area /wetted  perimeter  ft 
Reynolds  number,  dimensionless  P  ’  ft 

specific  gravity,  dimensionless 

Temperature  in  general,  in.et  and  outlet  of  hot  fluid,  respectively, 
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T. 

Te 

Ts 

t,  1 1,  t 2 


ta 

te 

t /,  tw 
t' 

At 

(A t)c,  (A t)d,  (At.) 


A tf 

U,  Uc,  Ud 


Ue,  Ud,  U . 


u 

u 

V 

w 

W' 


w 


Xc 


y,  y' 

z 

a 

X 

M 

/ 

M 

Mu’ 


P 


<t> 

* 


Average  temperature  of  hot  fluid,  °F 
Caloric  temperature  of  hot  fluid,  °F 
Steam  temperature,  °F 

Cold-fluid  temperature  in  general,  inlet,  and  outlet,  respectively, 

op 

Average  temperature  of  cold  fluid,  °F 
Caloric  temperatur  of  cold  fluid,  °F 
Temperature  of  film  and  tube  wall  respectively,  °F 
Temperature  at  outer  surface  of  condensate  film,  °F 
True  temperature  difference  in  Q  —  U dA  At,  °F 
True  or  fictitious  temperature  difference  for  condensation,  desuper¬ 
heating,  and  subcooling,  respectively,  °F 
(Tv  -  0/2,  °F 

Overall  coefficient  of  heat  transfer,  clean  coefficient,  and  design 
coefficient,  respectively,  Btu/(hr)(fta)(°F) 

Clean  overall  coefficient  for  condensation,  desuperheating,  and 
subcooling  respectively,  Btu/(hr)(ft1)(°F) 

Film  velocity  along  axis  of  tube,  ft /hr 
Average  film  velocity,  ft  /hr 
Velocity,  fps 

Weight  flow  in  general,  weight  flow  of  hot  fluid,  lb/hr 
Rate  of  condensation,  lb /(hr)  (ft*) 

Weight  flow  of  cold  fluid,  lb /hr 

Rate  of  condensation  per  tube  W/Nt,  lb/(hr)(tube) 

Length  of  film,  ft 

Distance  from  top  of  tube  at  which  change  from  streamline  to 
turbulent  flow  occurs,  ft 
Width  of  film,  ft 

Distance,  ft;  height  of  a  hydrostatic  leg,  ft;  a  synthetic  function 
Angle  of  tube,  deg 

Latent  heat  of  condensation  or  vaporization,  Btu/lb 
Viscosity,  centipoises  X  2.42  =  lb/(ft)(hr) 

Viscosity,  centipoises  t  .  .  ...  . 

Viscosity  at  tube-wall  temperature,  centipoises  X  2.42  - 

(hr) 

Density,  lb  /ft8 

Tangential  stress,  b/ft2 

Viscosity  ratio,  (m/  MuO0-14*  dimensionless 

A  function 


Subscripts  (except  otherwise  noted) 

c  Condensate,  condensing 

f  Film  or  film  temperature 

l  Liquid 

Shell  side 
Vapor 
Tube  side 


v 

t 


CHAPTER  13 

CONDENSATION  OF  MIXED  VAPORS 


Introduction.  In  the  preceding  chapter  it  was  assumed  that  the  con¬ 
densing  vapor  consisted  of  a  pure  or  substantially  pure  compound  which 
condensed  isothermally.  If  the  vapor  was  mixed  with  another  com¬ 
pound  having  a  slightly  different  boiling  point,  the  mixture  condensed 
over  a  small  condensing  range.  It  wras  further  assumed  that,  where 
there  was  a  condensing  range,  the  latent  heat  of  condensation  was  trans¬ 
ferred  to  the  cooling  medium  uniformly  over  the  entire  condensing  range. 


However,  consider  a  mixture  of  two  diverse  fluids  having  a  condensing 
range  of  100°F.  In  order  to  effect  the  first  10  per  cent  reduction  in  the 
vapor  temperature  it  may  be  necessary  to  remove  50  per  cent  of  the  total 
heat  load  from  the  vapor  mixture,  since  the  less  volatile  component  con¬ 
denses  more  rapidly  as  the  vapor  temperature  is  reduced.  Previously,  in 
using  the  LMTD  for  condensing  vapors  in  counterflow  it  was  assumed 
that  during  the  first  10  per  cent  reduction  in  the  vapor  temperature  only 
10  per  cent  of  the  heat  was  removed.  The  substitution  of  the  logarithmic 
mean  for  the  true  temperature  difference  based  on  assumed  uniform  con¬ 
densing  characteristics  for  the  vapor  mixture  mav  lead  to  a  conservative  or 
an  unsafe  value  of  At  and  the  selection  of  the  wrong  condenser.  The  prob- 
ems  imposed  by  the  condensation  of  a  vapor  mixture  do  not  end  there, 
epen^  mg  upon  the  nature  of  the  mixture,  the  average  cnnripnsino- 


mixture  consisting  of  a  vapor  and  a  noncondensable 


1S  particularly  true  of  a 
able  gas,  such  as  steam 


and  air. 


.  1  The  treatment  of  the  phase  rule  i 


in  this  book. 


rule  is  simplified  here  for  the  particular  applications 


2  In  nonthermodynamic  texts  these 


these  are  frequently  referred  to  as  states. 
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There  are  many  organic  chemical  compounds  which  are  not  soluble  in 
water,  forming  immiscible  mixtures  with  it.  If  a  cylindrical  vessel  is 
filled  to  the  top  with  a  mixture  of  pentane  and  water,  an  interface  appears 
between  the  water  on  bottom  (s  =  1.0)  and  the  pentane  on  top  (s  =  0.8) 
and  the  system  contains  two  liquid  phases.  While  agitation  may  be  used 
to  disperse  the  water  into  the  pc  tane  layer  as  droplets,  it  does  not  affect 
the  number  of  phases,  since  only  the  nature  of  the  interface  is  of  conse¬ 
quence  and  not  its  shape.  On  the  other  hand,  a  mixture  of  two  gases 
readily  forms  a  homogeneous  mixture  in  a  vessel,  and  as  in  all  gas  mix¬ 
tures,  all  the  gaseous  compounds  form  but  one  phase.  An  interesting 
relationship  is  obtained  if  a  mixture  of  water  and  pentane  is  brought  to  a 
boil  in  an  enclosed  vessel :  There  is  a  mixture  of  pentane  and  water  in  the 
gas  phase  and  two  liquid  phases,  so  that  the  bounded  matter  or  system 


is 


consists  of  three  phases. 

Suppose  a  mixture  of  two  mutually  soluble  or  miscible  compounds  is 
olaced  in  an  insulated  vessel  at  its  boiling  point  as  shown  in  Fig.  13.1. 

If  the  vapor  and  liquid  are  in  equi¬ 
librium,  no  heat  can  escape  and  the 
system  continues  to  vaporize  and 
condense  indefinitely.  The  boiling 
point  of  the  system  is  related  to  the 
total  pressure  of  the  system  as  well 
as  the  ratio  of  the  two  compounds 
in  the  original  liquid.  Assume  next 
that  it  is  desired  to  change  the  pres¬ 
sure  on  the  system.  Does  the  liquid 


Heating 

element 


Fig.  13.1.  Equilibrium  vessel. 


SUIC  UU  - - - 

still  continue  to  boil  at  the  same  temperature  if  the  enthalpy  remains 
constant?  Do  the  chemical  compositions  of  the  vapor  and  liquid  phases 
remain  the  same?  If  these  questions  can  be  answered,  it  is  possible 
without  running  experiments  to  determine  whether  or  not  a  given  mixture 
condenses  isothermally .  If  coi  densation  is  isothermal  the  t^e  tempera- 
ture  difference  may  be  taken  as  being  identical  with  the  LMTD.  I 
condensation  is  not  isothermal,  then  other  methods  must  be  app  jed  fo 
the  calculation  of  the  true  temperature  difference,  the  commo 

which  will  be  developed  later  in  this  chapter.  ,  , 

Gibbs1  formulated  a  rule  to  determine  the  number  of  independen 

i  Gibbs,  J.  W.,  Trans.  Conn.  Acad.  Arts  Set.,  HI,  108  248  (1876). 
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of  phases  from  changing?  Changes  in  the  relative  sizes  of  the  phases  are 
of  no  consequence.  The  numbers  of  variables,  such  as  the  temperature, 
pressure,  and  compositions  of  the  system,  which  the  process  engineer  is 
free  to  fix  so  as  to  fix  the  number  and  kinds  of  phases  permanently  are  the 
degrees  of  freedom  (of  selection).  Sometimes  it  is  possible  to  fix  the  num¬ 
ber  of  phases  in  a  system  by  simply  fixing  the  pressure.  This  is  true  of  a 
pure  boiling  fluid  such  as  water.  If  it  is  desired  to  boil  water  by  estab¬ 
lishing  a  gas  and  a  liquid  phase,  can  it  be  done  under  any  combination  of 
pressure  and  temperature  the  engineer  desires  to  fix?  If  the  pressure  is 
regarded  as  a  degree  of  freedom,  since  it  may  be  freely  and  independently 
chosen,  and  it  is  fixed  at  14.7  psia,  it  suffices  to  fix  all  the  conditions  for 
the  existence  of  the  two  phases.  But  the  temperature  may  not  be  freely 
and  independently  chosen,  since  it  is  not  an  independent  variable  but  in 
the  equilibrium  system  it  is  a  property  dependent  upon  the  saturation 
(pressure)  curve  of  the  liquid.  It  is  consequently  not  possible  to  have 
the  water  present  in  two  phases  at  a  pressure  of  14.7  psia  at  any  other 
temperature  than  212°F. 

The  boiling  of  a  single  compound  is  a  relatively  simple  matter.  If 

several  compounds  are  mixed  together,  it  is  considerably  more  difficult  to 

determine  how  the  compositions,  pressure,  and  temperature  serve  to  fix 

permanently  the  number  and  kinds  of  phases  in  the  original  system. 

Gibbs  s  phase  rule  allows  the  rapid  determination  of  the  number  of 

degrees  of  freedom  in  systems  of  greater  complexity.  The  phase  rule  is 
written 


t  =  v 


r  -V  A 


where  F  is  the  number  of  degrees  of  freedom,  C  the  number  of  individual 
chemical  compounds  or  chemical  substances  in  the  system,  and  P  is  the 
number  of  phases  Nothing  in  the  phase  rule  determines  how  many 

comp'on^ LreS  Th  ^  8d?“JUre  of  any  Particular  group  of  chemical 

components.  The  number  of  phases  which  a  group  of  chemical  com¬ 
pounds  may  form  in  a  boiling  system  must  be  known  beforehand  from  a 

ture  in  a  condenser  three  of  the  7  the  condensation  of  a  vapor  mix- 

emphasized  that,  in  ordinary  process' des'ien  6  1'Iustrated-  !t  is  a§air. 

ary  process  design,  condensers  operate  at  sub- 
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Table  13.1.  Common  Condensation  Requirements 


Case 

Type  of  components 

Example 

Degrees 

of 

freedom 

Tempt  dur¬ 
ing  con¬ 
densation 

1 

Pure  vapor 

Water 

1 

Isothermal 

2 

Two  miscible 

Butane- 

pentane 

2 

Decreasing 

3 

n-Miscible 

Butane-pen¬ 

tane-hexane 

n* 

Decreasing 

4 

Vapor  and  noncondensable 

Steam-air 

2 

Decreasing 

5 

n-Miscible  -f  noncondensable 

Butane- 

pentane-air 

n  -f  1 

Decreasing 

6 

Two  immiscible 

Pentane-steam 

1 

Isothermal 

7 

n-Miscible  +  one  immiscible 

Butane-pen¬ 

tane-steam 

n 

Decreasing 

8 

n-Immiscible  -f  noncondensable 

Pentane- 

steam-air 

2 

Decreasing 

9 

n-Miscible  +  one  immiscible  4-  non¬ 
condensable 

Butane- 

pentane- 

steam-air 

n  +  1 

Decreasing 

*  Where  there  are  more  than  three  degrees  of  freedom,  the  additional  degrees  represent  concentrations 
which  must  be  fixed.  Thus  a  mixture  of  butane,  pentane,  and  hexane  requires  fixing  not  only  the  butane 
in  relation  to  hexane  but  also  the  amount  of  pentane  in  relation  to  hexane. 


t  For  constant-pressure  processes. 


stantially  constant  pressure  and  that  one  degree  of  freedom  is  usually 
fixed  by  the  operating  pressure  of  the  process. 

For  the  analyses  below  reference  should  be  made  to  Fig.  13.2  which 
shows  the  inlet  end  of  a  condenser.  Directly  under  the  inlet  nozzle  at 

1-1'  the  inlet  temperature  is  T i,  and  at 
another  section  such  as  2-2',  after  par¬ 
tial  condensation  has  occurred,  the 
temperature  is  designated  as  T 2,  which 
may  or  may  not  be  identical  Avith  T\. 
When  a  vapor  is  to  be  condensed,  it  is 
convenient  to  consider  condensation 
as  the  transfer  of  material  between 
a  gas  phase  and  one  or  more  liquid 
phases.  Since  condensation  occurs 
because  the  heat-transfer  surface  is 
below  the  dew  point  of  the  vapor,  it  is 
proper  to  assume  that  the  heat-trans- 
fer  surface  directly  under  the  inlet  nozzle  is  wet  and  supplies  the  liquid 
phases  immediately  after  the  vapor  enters  the  condenser. 


Fio.  13.2. 
inlet. 


Conditions  at  condenser 
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Case  2.  Condensation  of  a  Mixture  of  Two  Miscible  Components. 
Example:  Butane-pentane. 

F  =  C  -  P  +  2 

=  2  —  2  +  2  =  2  (2  deg  of  freedom) 

At  the  inlet  to  the  condenser  the  pressure  p  i  and  the  composition  Ci  of 
the  vapor  are  fixed  by  the  process  operation  preceding  the  condenser  such 
as  distillation.  The  system  is  completely  defined  by  the  process  which 
has  already  fixed  the  two  degrees  of  freedom  p  i  and  Ci,  and  T i  at  1-1'  is 
fixed  therefore  as  a  dependent  variable  as  in  the  case  of  water  boiling 
at  14.7  psia.  Between  1-1'  and  2-2'  heat  is  removed  and  with  it  a  quan¬ 
tity  of  the  high-boiling  compound  and  a  lesser  quantity  of  the  low-boiling 
compound  condense  into  the  liquid  phase.  The  composition  C2  of  the 
vapor  at  2-2'  differs  from  Ci  at  1-1',  the  vapor  being  leaner  in  the  high- 
boiling  compound.  Apply  the  phase  rule  again  at  2-2'.  There  must 
still  be  two  degrees  of  freedom,  since  it  is  desired  to  retain  the  same 
number  of  phases.  The  pressure  is  constant  at  ph  but  the  composition 
has  changed  to  C2.  According  to  the  laws  governing  vapor-liquid  equi¬ 
librium,  the  temperature  T2  at  ph  C2  cannot  be  the  same  as  T1  at  ph  Ch 
since  the  latter  is  a  point  on  a  vapor-liquid  equilibrium  line  just  as  212°F 
and  14.7  psia  is  a  point  on  the  equilibrium  line  for  water.  The  tempera¬ 
ture  of  condensation  must  consequently  vary  from  1-1'  to  2-2',  and  the 
condensation  is  not  isothermal. 

Case  4.  Condensation  of  a  Vapor  from  a  Noncondensable  Gas.  Exam¬ 
ple:  Steam-air-water. 


F  2  2  +  2  —  2  (2  deg  of  freedom) 

The  operating  pressure  is  fixed,  and  Cl  is  fixed  at  the  inlet  to  the  condenser 
by  the  ratio  of  steam  to  air  in  the  inlet  gas.  Since  two  degrees  of  freedom 

V'T  P.1  are  fix,ed’  the  temperature  Tj  is  again  a  dependent  variable  at 
.  Moving  along  to  2-2',  where  the  pressure  on  the  system  is  still  v, 
some  of  the  steam  is  condensed  while  the  gas  is  not  condensed  and  a  new 
composition  Cs  results.  The  temperature  T2  for  ph  C2  must  differ  from 

'  °l  i0\  the  sam®  reason  as  before.  The  temperature  at  2-2'  or 
any  other  point  is  actually  the  dew  point  for  the  mixture  remaining  in 
the  gas  phase  and  varies  from  the  inlet  to  outlet  as  the  composition  of 
vapor  phase  changes.  Condensation  is  not  isothermal 

e™p„6;  Tm  c->=- 


^  =  2  —  3  +  2  =  1 


(1  deg  of  freedom) 
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The  condensate  consists  of  two  liquid  phases.  With  but  one  degree  of 
freedom  the  system  is  completely  fixed  at  1-T  by  selecting  the  operating 
pressure  pi.  The  temperature  T i  then  corresponds  to  pi.  At  2-2'  the 
pressure  is  the  same,  pi,  and  since  this  fixes  the  system,  T2  and  Tx  must 
be  identical,  both  being  dependent  upon  plm  Condensation  is  isothermal. 


1.  CONDENSATION  OF  A  BINARY  MIXTURE 

Vapor-liquid  Relationships.  In  the  derivation  of  the  Nusselt  equation 
for  a  single  component  it  was  assumed  that  the  rate  at  which  the  vapor 
enters  the  condensate  film  is  nearly  infinite.  A  vapor  entering  a  con¬ 
denser  at  its  saturation  pressure  condenses  because  the  surface  is  at  a 
temperature  below  its  dew  point  or  saturation  temperature.  The  rate 
at  which  the  vapor  passes  from  the  vapor  phase  to  the  liquid  phase,  how¬ 
ever,  is  dependent  upon  the  mechanism  of  diffusion.  This  means  that, 
if  the  temperature  of  the  condensate  film  is  lower  than  the  saturation 
temperature  of  the  bulk  of  the  vapor,  the  pressure  of  the  component  at 
the  condensate  film  is  less  than  that  of  the  vapor  and  a  pressure  differential 
is  established.  The  direction  of  the  differential  promotes  the  flow  out 
of  the  vapor  phase. 

In  the  condensation  of  a  binary  mixture  the  problem  of  diffusion  is 
slightly  more  involved,  although  it  does  not  produce  a  significant  resist¬ 
ance  in  series  with  the  resistance  of  the  condensate  film.  In  a  binary 
mixture  unless  it  is  a  constant  boiling  mixture  such  as  95  per  cent  ethanol- 
water,  the  higher  boiling  component  condenses  in  greater  proportion  near 
the  condenser  inlet.  The  rate  of  condensation  of  both  components  is 
related  to  their  individual  pressure  differentials  between  the  bulk  of  the 
vapor  and  the  condensate  film.  Colburn  and  Drew1  pointed  out  that  the 
ratio  of  the  partial  pressures  exerted  by  the  condensate  film  for  a  binary 
mixture  is  dependent  upon  the  temperature  of  the  film,  which  in  turn  is 
related  to  the  temperature  of  the  cold  surface  and  the  cooling  water 
range.  Thus  for  a  given  binai  /  mixture  entering  a  condenser  not  only 
the  overall  rate  but  also  the  chemical  composition  of  the  condensate  are 
influenced  by  the  temperature  of  the  cooling  water.  This  is  not  of  par¬ 
ticular  concern  in  the  total  condensation  of  a  vapor,  but  it  can  influence 
the  composition  of  the  product  from  a  partial  condenser.  Colburn  and 
Drew  give  equations  for  calculating  the  composition  and  temperature  at 
the  vapor-condensate  interface  for  binary  mixtures.  It  is  customary 
however,  to  assume  the  temperature  of  the  condensate  at  the  vapor-liqui 

interface  to  be  the  same  as  that  of  the  vapor.  . 

In  the  condensation  of  the  overhead  vapor  coming  from  a  binary  dis- 

1  Colburn,  A.  P.,  and  T.  B.  Drew,  Trans.  AIChE,  33,  197-215  (1937). 
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tillation  the  vapor  is  almost  entirely  composed  of  the  more  volatile  com¬ 
ponent  and  the  presence  of  the  second  component  establishes  a  condensing 
range  as  predicted  by  the  phase  rule.  The  second  component,  being  less 
volatile,  condenses  more  rapidly  near  the  inlet  than  the  outlet.  It  is 
conceivable,  then,  for  a  binary  mixture  with  a  condensing  range  of  20°F 
that  the  higher  boiling  component  comes  out  in  greater  proportion  during 
the  first  10°  than  it  does  during  the  second  10°.  Similarly,  more  of  the 
heat  may  be  removed  from  the  vapor  in  the  second  10°  than  in  the  first. 
The  use  of  the  LMTD  is  slightly  in  error  on  the  unsafe  side  in  the  case 
of  binary  overhead  vapors,  although  the  size  of  the  error  does  not  usually 
justify  its  rejection.  Where  a  number  of  compounds  are  contained  in 
the  overhead  vapor  as  in  multicomponent  distillation,  the  temperature 
range  and  the  distribution  of  the  heat  transfer  differ  greatly  from  the 
straight-line  relationship  of  Q  vs.  t  on  which  the  LMTD  is  predicated. 
Methods  of  treating  multicomponent  mixtures  are  dealt  with  in  the  next 
section. 

Film  coefficients  for  the  transfer  of  heat  by  condensation  from  binary 
mixtures  may  be  treated  in  the  same  manner  as  heretofore  for  a  single 
vapor  using  the  weighted  film  properties  of  the  mixture. 


2.  CONDENSATION  OF  A  MULTICOMPONENT  MIXTURE 

Vapor-liquid  Relationships  in  Mixtures.  The  phase  rule  has  been 
used  only  qualitatively,  but  it  is  important  for  the  identification  of  the 
various  types  of  mixture  problems.  Except  in  binary  mixtures  or  mix¬ 
tures  of  several  compounds  whose  boiling  points  in  the  pure  condition  do 
not  differ  greatly,  the  condensation  of  the  vapor  mixture  occurs  over  a 
long  temperature  range.  The  fraction  of  the  total  heat  load  delivered 
during  a  fractional  decrease  in  the  vapor  temperature  need  not  be  uniform 
over  the  entire  condensing  range,  and  this  invalidates  the  use  of  the 
logarithmic  mean  alone  or  FT  X  LMTD  in  the  case  of  a  1-2  condenser. 

The  solution  of  such  problems  requires  the  determination  or  calculation 
ol  the  condensing  curve  for  the  mixture. 

li^T  a  Si!'i8'e  VaP°r  'S  in  equilibrium  with  its  liquid,  the  vapor  and 
quid  have  the  same  composition.  For  a  mixture  some  of  the  compo¬ 
nents  are  more  volatile  than  others  (except  in  constant-boiling  mixtures) 
and  the  vapor  and  liquid  in  equilibrium  have  different  compels  the 
percentage  of  the  more  volatile  components  being  greater  fn  the  vapor 
The  following  discussion  applies  particularly  to  mixtures  which  formal 

™isr~8h  f”  “■  ■»■»“<»■  x" 

An  ideal  solution  is  one  in  which  the  presence  of  the  several  components 
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has  no  effect  upon  the  behavior  of  each  and  which  is  governed  by  Dalton’s 
and  Raoult’s  laws.  For  such  a  system  Dalton’s  law  states  that  the  total 
pressure  is  the  sum  of  the  partial  pressures  in  the  phase  above  the  liquid 
solution.  Raoult’s  law  states  that  the  partial  pressure  of  a  component 
in  the  phase  above  a  liquid  solution  is  equal  to  the  product  of  its  pressure 
as  a  pure  component  and  its  m<  fraction  in  the  solution.  The  latter  is 
not  true  of  nonideal  solutions  in  which  the  presence  of  the  various  com¬ 
ponents  tends  to  reduce  the  partial  pressures  of  the  others  so  that  the 
total  pressure  is  not  the  sum  of  the  products  of  the  mol  fractions  and  vapor 
pressures  in  the  pure  condition.  Materials  of  an  electrolytic  or  ionic 
nature  deviate  from  the  laws  of  ideal  solutions  to  a  great  extent.  For  an 
ideal  solution: 

Dalton’s  law: 

Pt  =  Pi  +  P2  +  Pz  Pi  =  pty  i  (13.2) 

and  Raoult’s  law: 

Pi  =  PpiXi  (13.3) 

where  pt  is  the  total  pressure,  pi  the  partial  pressure  of  component  1,  pp i 
the  vapor  pressure  of  the  pure  component  1  at  the  temperature  of  the 
solution,  2/1  the  mol  fraction  of  component  1  in  the  vapor  phase,  and  xx 
the  mol  fraction  of  component  1  in  the  liquid.  Subscripts  2,  3,  etc.,  refer 
to  other  components.  The  mol  fraction  is  the  ratio  of  the  number  of 
mols  of  a  single  component  to  the  total  number  of  mols  in  the  mixture 
and  is  sometimes  abbreviated  by  mf.  The  mol  per  cent  is  the  mol  frac¬ 
tion  multiplied  by  100. 

Solving  Eqs.  (13.2)  and  (13.3)  for  pXf 

(13.4) 

(13.5) 

Solutions  which  are  ideal  at  moderate  pressures  appear  to  deviate  from 
ideality  at  high  pressures,  each  component  tending  in  some  degree  to 
lower  the  pressure  of  the  other.  The  total  pressure  is  then  no  longer  the 
summation  of  the  partial  pressures,  and  Eq.  (13.5)  is  not  valid.  Fugaar 
ties  or  corrected  pressures,  designated  by  the  letter/,  are  then  introduced. 
The  fugacities  are  the  partial  pressures  of  the  compounds  such  that  the 
various  criteria  of  ideality  may  be  retained,  and  their  values  originate 
with  experimental  pressure-volume-temperature  studies  on  the  actua 

chemical  compounds. 

/,,*>  =  f.y  1  (13-6) 


Rearranging, 


Pi  =  PpiXi  =  pty  1 


y  i  = 


Pp \Xi 
Pt 
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where  /,  replaces  the  total  pressure  pt 


V  i  = 


fplXi 

ft 


or 

where  K\  =  fPi/ft 


y  i  =  K\Xi 


2y  i  =  2(KiXi) 


(13.7) 

(13.8) 

(13.9) 


/l  is  called  the  equilibrium  constant. 

When  a  mixture  is  in  vapor-liquid  phase  equilibrium,  the  vapor  pos¬ 
sesses  a  greater  percentage  of  the  more  volatile  components  than  the 


liquid.  It  is  possible  from  Eqs.  (13.4)  to  (13.9)  at  any  given  total  nres 
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liquid  phase.  The  vapor  pressures  of  the  pure  components  must  be 
known  at  the  temperature  at  which  the  vapor-liquid  equilibrium  is 
assumed  to  exist.  Given  butane,  pentane,  and  hexane,  as  seen  in  Fig. 
13.3,  the  butane  possesses  the  highest  vapor  pressure  at  any  given 
temperature.  If  several  mixtures  of  the  three  compounds  are  formulated 
Avith  equal  ratios  of  pentane  to  I  xane,  the  one  Avith  the  largest  percent¬ 
age  of  butane  Avould  start  to  boil  most  nearly  at  the  boiling  point  of  pure 
butane.  Other  mixtures  having  a  preponderance  of  hexane  boil  nearer 
the  boiling  point  of  hexane.  Any  mixture  of  the  three  compounds  starts 
to  boil  at  an  initial  temperature  higher  than  the  boiling  point  of  pure 
butane  and  loAver  than  the  boiling  point  of  pure  hexane,  since  boiling 
starts  only  when  the  sum  of  the  partial  pressures,  pi  +  P2  +  Vh  is  infini¬ 
tesimally  greater  than  the  total  pressure  on  the  system. 

Boiling  is  presumed  to  start  Avhen  the  first  bubble  is  forced  out  of  the 
solution.  This  temperature  is  called  the  bubble  point  of  the  mixture,  the 
term  boiling  point  being  reserved  for  a  pure  compound.  If  the  mixture 
is  boiled  at  constant  pressure  Avith  a  full  expansion  of  the  volume  of  vapor 
formed,  the  liquid  phase  does  not  disappear  until  the  last  droplet  is 
vaporized.  For  the  mixtures  referred  to  above  the  last  droplet  consists 
mainly  of  hexane  and  it  disappears  at  a  higher  temperature  than  that  at 
Avhich  the  initial  bubble  of  the  mixture  formed.  Upon  complete  vapor¬ 
ization  the  composition  of  the  total  vapor  is  the  same  as  the  composition 
of  the  liquid  before  vaporization  began.  Conversely,  if  the  equilibrium 
were  to  start  Avith  all  the  mixture  in  the  vapor  phase,  the  liquid  phase 
begins  with  the  formation  of  the  first  droplet  of  condensate  which  is 
identical  in  composition  to  the  last  droplet  vaporized.  The  temperature 
of  formation  of  the  first  droplet  by  heat  extraction  from  the  vapor  phase 
is  again  called  the  dew  point  The  difference  between  the  bubble  point 
and  deAV  point  is  the  boiling  range ,  Avhich  must  exist  for  any  miscible  mix¬ 
ture  as  predicted  by  the  phase  rule. 


Example  13.1.  Calculation  of  the  bubble  Point,  Dew  Point,  and  Vapor  Composi¬ 
tion  of  a  Mixture.  The  following  mixture  is  to  be  heated  and  vajxmzed  at  atmospheric 
pressure  What  is  the  temperature  at  which  boiling  will  start  (i.e.,  the  bub  e  pom  ), 
and  what  is  the  composition  of  the  first  vapor  formed? 


Compound 

Lb /hr 

Mol. 

wt. 

Mol/hr 

mf 

1,625 

58.12 

28.0 

0.077 

Blllcillvj  VyTrrro •  • 

16,200 

72.15 

224.0 

0.613 

Jl  1 611 bcLnc  j  vprn  • .  •  •  • 

9,750 

86.17 

113.0 

0.310 

IlCAclllCj  v 1  ^  * 

27,575 

365.0 

1.000 

CONDENSATION  OF  MIXED  VAPORS 


323 


Solution: 


(a)  Bubble  point:  At  atmospheric  pressure,  p<  =  14.7  psi  =  760  mm  Hg. 


pt  =  760  mm 

Assume  T  =  100°F 

Assume  T  =  96°F 

Assume  T  =  97°F 

xi,  mf 

Pp  1.100°F 

Pl  =  PplXi 

Ppl.  96°F 

Pi  =  Ppi^i 

Ppl.97°F 

Pl  =  PplXi 

CP 

0.077 

3,170 

244 

2,990 

230 

3,040 

234 

Ci 

0.613 

790 

484 

725 

444 

740 

454 

Cl 

0.310 

250 

77.5 

229 

71 

234 

72.4 

1.000 

Pt  =  2p  i 

=  805.5 

745 

760.4 

Too  high 

Too  low 

Check 

*  The  use  of  the  letter  C  with  a  subscript  is  the  usual  abbreviation  for  a  straight-chain  organic  mole¬ 
cule  where  the  subscript  indicates  the  number  of  carbon  atoms.  If  not  straight-chain  as  isobutane,  the 
subscript  designates  the  number  of  carbon  atoms  but  the  C  is  preceded  by  i-.  Thus  butane  C 4,  iso¬ 
butane  i-Ci,  pentane  Ci,  isopentane  i-Ci,  etc. 


The  composition  of  the  first  bubble  is  found  from  Eq.  (13.5),  yi  =  ?plXl 

Pt 


PplXi 

——  =  y  i 

Pt 

C4 

234/760.4  =  0.308 

C6 

454/760.4  =  0.597 

Ci 

72.4/760.4  =  0.095 

1.000 

(b)  Similarly  at  what  temperature  will  the  mixture  start  to  boil  if  the  system  is  under 
a  pressure  of  35  psia  and  what  will  the  composition  be?  p,  =  35  psia  =  1810  mm 


xit  mf 

Assume  T  =  150°F 

Assume  T  =  149°F 

Ppi^i 

Ppl.lS0°F 

Pl  =  PplXi 

Ppl,149°F 

Pl  =  PplXi 

p,  ~v' 

Ct 

Ci 

Cl 

0.077 

0.613 

0.310 

6100 

1880 

680 

469 

1153 

211 

6050 

1850 

670 

467 

1135 

208 

4%io  =  0.258 
113Ksio  =  0.627 
30K8io  =  0.115 
1.000 

1.000 

Pt  =  2p,  =  1833 
Too  high 

1810 

Check 

pressure  curve  for  the  18  compounds  indicated  The,  if  „  t  eff®ct> the  ™Por 

““XT1”8  PreSSUre  and  through  K  I  1 

Since  K  -  1,  from  Eq.  (13.8), /p//,  - 
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must  be  identical  with  the  total  pressure  ft  or  pt  when  there  is  no  other  fluid  present. 
At  t 60  mm  or  14.7  psia  the  bubble  point  computed  from  the  fugacity  data  represented 
by  Fig.  7  will  be  higher  than  in  (a)  owing  to  the  mutual  reduction  of  partial  pressures 
resulting  from  nonideality. 


Bubble  Point 


Assume  T  =  95°F 

Assume  T  =  100°F 

Assume  T  =  102°F 

xi,  mf 

K  9B°F 

y  i  =  KiXi 

XlOO’F 

y  i  =  K  ax 

K  102°F 

y  i  =  KiXi 

C 4 

0.077 

3.13 

0.241 

3.35 

0.258 

3.45 

0.266 

c6 

0.613 

0.92 

0.564 

1 .00 

0.613 

1.02 

0.625 

c, 

0.310 

0.30 

0.093 

0.335 

0.104 

0.35 

0.109 

1.000 

2t/i 

=  0.898 

0.975 

1.000 

Too  low 

Too  low 

Check 

(d)  The  use  of  K  values  gives  y  i  directly  and  permits  use  of  the  total  mol  fraction  of 
Si/i  =  1.00  as  the  criterion  for  equilibrium.  Similarly  for  35  psia 


Xi 

Assume  T  =  150°F 

Assume  T  =  153°F 

K  150°F 

2/i  =  K\X\ 

K  163°F 

2/i  =  K  ixi 

Ci 

0.077 

2.80 

0.216 

2.90 

0.223 

C6 

0.613 

1.01 

0.619 

1.06 

0.650 

Cs 

0.310 

0.40 

0.124 

0.415 

0.1285 

1.000 

Syi 

=  0.959 

1.0015 

Too  low 

Check 

(e)  The  temperature  at  which  the  liquid  phase  disappears  if  boiling  occurs  in  an 
enclosed  vessel  is  the  temperature  at  which  only  the  last  droplet  is  left.  But  this  is 
the  same  as  the  physical  picture  of  the  dew  point  when  the  first  droplet  is  formed 
The  initial  compositions  are  then  the  vapor  mol  fractions  or  y’s,  and  for  the  liquid 

formed  X\  —  y\/K\. 


Dew  point :  At  pt  —  14.7  psia,  760  mu. 


y  i 

Assume  T  —  130°F 

Assume  T  =  120°F 

Assume  T  =  123°F 

Kuo°F 

y  i 

Zl  "  Ki 

E 1 2  0°F 

_  _  2/i 

Xl  "  Ki 

Al23°F 

-r  -  Vl 

Xx  -  Ki 

Ci 

c6 

C6 

0.077 

0.613 

0.310 

5.0 

1.65 

0.62 

0.015 

0.371 

0.500 

4.4 

1.40 

0.51 

0.0175 

0.437 

0.608 

4.60 

1.49 

0.545 

0.0167 

0.412 

0.568 

1.062 

0.9967 

Check 

1.000 

=  0.886 

The  dew  point  is  123°F. 
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At  pt  =  35  psia 


y  i 

Assume  T  =  174°F 

X 1 7  4°F 

II 

C4 

0.077 

3.70 

0.0208 

Cb 

0.613 

1.38 

0.444 

cb 

0.310 

0.58 

0.533 

1.000 

=  0.998 

The  dew  point  is  174°F. 


The  Operating  Pressure  of  a  Condenser.  In  Example  13.1  may  be 

found  the  quantitative  requirements  for  setting  the  operating  pressure 
of  a  distilling  column  and  condenser.  If  the  condenser  is  operated  at 
atmospheric  pressure,  the  condensing  range  is  from  123  to  102°F.  The 
application  of  1-2  condensers  for  these  temperatures  is  not  very  satisfac¬ 
tory  when  cooling  water  is  available  at  85°F,  since  the  water  temperature 
range  must  be  kept  small  to  prevent  a  large  temperature  cross  above  the 
102°F  condensate  outlet.  It  would  be  necessary  for  atmospheric  pressure 
condensation  to  operate  the  condenser  with  a  At  of  about  16.5°F  with  the 
use  of  a  large  amount  of  water.  If  the  distilling  column  pressure  were 
raised  to  35  psia,  the  range  of  condensation  would  be  from  174  to  153°F. 
The  cooling-water  range  could  be  from  85  to  120°F,  and  the  At  would  be 
about  57°F,  requiring  approximately  one-quarter  as  much  surface  as  at 
atmospheric  pressure.  It  must  be  realized,  however,  that  raising  the 
pressure  on  the  column  increases  the  column  first  cost  and  also  the  temper¬ 
ature  of  the  heating  medium  in  the  reboiler.  The  selection  of  the  opti¬ 
mum  process  operating  pressure  is  a  matter  of  economic  analysis.  The 
total  annual  operating  cost  for  several  pressures,  which  includes  utilities 
and  fixed  charges,  is  plotted  against  operating  pressure,  the  optimum 
occurring  when  the  total  annual  cost  is  a  minimum 

Relative  Volatilities.  Another  method  of  obtaining  the  composition 
during  phase  equilibrium  is  by  relative  volatilities.  This  method  utilizes 
the  principle  that  in  a  mixture  of  several  components  some  are  more  and 
ome  are  less  volatile  (have  larger  or  smaller  K’s)  than  an  intermediate 
compound.  Although  the  K’ s  may  change  greatly  even  over  a  small 

-  *h; 

y'  -  K i*!  yi  =  Ktxt  y3  =  k3x3 

Ul  =  E&l  Vl  _  K3X 3 
yi  Ktx%  y%  KiXi 


(13.10) 
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Ki/Kt  —  o!i_2  is  the  relative  volatility  of  compound  1  to  compound  2  and 
K3/K2  =  a3.2  is  the  relative  volatility  of  compound  3  to  compound  2. 

For  vaporization: 

2/i  +  2/2  +  2/3  =  1.00 


Relative  to  2/2 


Substituting, 


Rearranging, 


and  since 


2/_i  +  2/3  =  1.00 


2/2 


2/2 


2/2 


xi  x3  1.00 

Of  1-2 - r  1  +  «3-2  —  =  - 

X-2  X2  2/2 


2/2  = 


x2 


_  =  x2 

a  1.2X1  +  X2  +  013-2X3  Sax 


2/i  = 


of  l- 2X1 

Sax 


x2  Xi 

—  —  ai-2  — 

2/2  2/i 

2/2  =2/2  2/3  = 


Of  3- 2X3 

Sax 


For  condensation: 


Xi  +  x2  +  x3  =  1.00 

El  X  — 

x2  '  x2  x2 


2/i 


2/2  or  1.2 

2/i 

2/2  o;i.2 
X2  = 


+  1  + 
+  1  + 


2/3  _  1 


2/2  Of 3. 2  X2 

2/3  =  j_ 

2/2  Of3-2  X2 

2/2 


y  i/<*i-2 
1_  2y/a 


(13.11) 

(13.12) 


(13.13) 


(13.14) 

(13.15) 


(13.16) 


yi/ai-2  +  2/2  +  J/s/as-2 

1/2  _  _  ga/g»-t 

12  _  2y7“  2y/a 

Example  13.2.  Calculation  of  the  Bubble  Point  and  Vapor  Composition  by  Relative 
Volatilities.  As  before,  make  the  assumption  that  the  bubble  point  is  95°F,  which  is 
considerably  off. 


Bubble  point:  pt  =  14.7  psia.  Assume  T  =  95°F. 
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Look  up  the  temperature  of  C5  in  Fig.  7  corresponding  to  a  K2  of  1.025  and  pt  =  14.7 
psia. 

K2  =  1.025  T  =  102°F  (Checks  Example  13.1  on  first  trial) 

Dew  point;  pt  =  14.7  psia.  Assume  T  =  130°F. 


y  1 

Ai30°F 

O!l30OF 

y± 

«i 

_  2/i/ai 

1  2y/« 

c< 

0.077 

5.0 

3.03 

0.0254 

0.0175 

Cs 

0.613 

1.65 

1.00 

0.613 

0.419 

C6 

0.310 

0.62 

0.376 

0.824 

0.5635 

1.000 

2f//« 

=  1.462 

1 . 0000 

rr  _  2/2  ..  /  y/a 


0.613 

0.419 


=  1.46 


Look  up  the  temperature  of  C 5  corresponding  to  a  iv2  =  1.46  and  pt  =  14.7  psia. 

K2  =  1.46  T  =  122°F 

The  value  computed  from  K  values  was  123°F,  showing  a  small  variation  in  the  actual 
relationship  of  the  volatilities. 


Calculation  of  Compositions  between  the  Dew  Point  and  Bubble 
Point.  The  calculation  of  dew  points  and  bubble  points  from  mol  frac¬ 
tions  is  usually  an  unnecessary  step,  and  it  is  desirable  to  carry  out  multi- 
component  calculations  on  the  total  number  of  the  mols  directly. 

Since 


it  is  the  same  as 


V 1  =  K 1X1 


Lx 

L 


where  Vl  is  the  number  of  mols  of  a  component  in  the  vapor  and  Lx  the 
number  of  mols  of  the  component  in  the  liquid.  V  and  L  are  the  total 
number  of  mols  of  vapor  and  liquid,  respectively. 

At  the  dew  point, 

At  the  bubble  point,  ^  =  <13-17> 

Li  =  ^ 


(13.18) 


is  given  by  ’  ’  eaCh  comPound.  the  amount  condensed 

Y  =  V  +  L  K,  =  F,  +  L, 
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where  V  is  the  total  mols  of  vapor  remaining  and  L  is  the  total  mols  of 
liquid  formed.  Then 


and 


Vx 


-U 


Vx  =  KXLX 

U  = 


V 
L 

Y  x 


1  +  KX{V/L ) 


(13.19) 


To  determine  the  mols  condensed  at  any  given  temperature  between  the 
dew  point  and  bubble  point,  assume  a  ratio  of  V/L  and  calculate  by 
Eq.  (13.19)  the  number  of  mols  of  liquid  formed  for  the  assumed  value 
of  V /L.  If  the  ratio  of  the  mass  of  vapor  remaining  to  the  mols  of  liquid 
formed  does  not  check  the  assumed  value  of  V/L,  a  new  assumption  must 
be  made. 

Differential  Condensation.  The  equilibrium  in  a  condenser  causes 
differential  condensation.  Consider  a  condenser  as  shown  in  Fig.  13.4 
divided  into  a  number  of  condensing  intervals  as  0-0  to  1-1,  1-1  to  2-2, 
etc.  At  0-0  there  is  perhaps  one  droplet  of  condensate,  but  in  the  zone 


from  0-0  to  1-1  considerable  condensate  is  formed.  At  1-1  there  is  now  a 
layer  of  condensate,  and  the  tota.  mols  of  vapor  plus  condensate  is  the  same 
as  at  0-0,  but  the  mols  of  vapor  is  less  and  its  composition  differs  from 
the  original  feed.  The  equilibrium  at  1-1  differs  from  the  dew  point, 
in  so  far  as  there  is  now  a  definite  number  of  mols  of  liquid  present  instead 
of  one  droplet.  In  the  interval  from  1-1  to  2-2  where  a  new  equilibrium 
is  established,  the  vapor  is  in  equilibrium  not  merely  with  the  liquid 
which  has  been  formed  by  condensation  during  the  interval  but  also 
with  a  liquid  whose  composition  consists  of  all  the  precondensed  hqu 
from  previous  intervals.  The  similarity  between  this  behavior  and  that 
which  occurs  in  a  constant-pressure  batch  vessel  can  ^  demonstrated 
If  L .  are  the  total  mols  of  liquid  condensed  m  the  zone  0-0  to  1-1  befo 
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the  zone  from  1-1  to  2-2,  LCI  the  mols  of  component  1  condensed  from 
0-0  to  1-1,  and  V  and  L[  the  total  mols  and  mols  of  component  1  formed  in 
the  zone  from  1-1  to  2-2  in  Fig.  13.4,  then  at  2-2 


Vi 
V 
Vi 

Y1  -  L[ 


L[  +  LCl 


=  Kx 


L'  +  Lc 
Yi  -  L[ 

L[  -f-  LCl 


L[  =  Yi  —  Kx 


U  +LC 

V(L[  +  Lex) 


Li  = 


L'  +  Lc 
Y  -  Ki(V/L'  +  Lc)Lcx 
1  +  Ki(V/L'  +  Lc) 


(13.20) 


At  any  point,  however,  L'  +  Lc  =  L,  L[  -f-  LCl  =  Lx,  and  Eq.  (13.20) 
reduces  to  Eq.  (13.19).  Figure  13.4  is  obviously  idealized  and  does  not 
take  into  account  the  hydrodynamics  of  such  a  condensate  layer. 

The  Calculation  of  the  Condensing  Curve  for  a  Multicomponent  Mix¬ 
ture.  The  calculation  of  the  weighted  temperature  difference  is  depend¬ 
ent  upon  the  shape  of  the  condensing  curve  which  is  a  plot  of  vapor  heat 
content  vs.  vapor  temperature  for  the  condensing  range.  The  weighted 
temperature  difference  is  then  obtained  by  taking  increments  of  the 
condensing  range  and  computing  the  average  temperature  difference 
between  the  vapor  and  water  temperatures.  From  a  practical  stand¬ 
point  it  is  necessary  to  choose  only  a  reasonable  number  of  temperatures, 
since  the  solution  of  Eq.  (13.19)  is  by  trial  and  error.  The  best  selection 
of  the  intervals  should  give  equal  increments  of  dQ/At  or  UA,  but  this  is 
rather  difficult  to  accomplish  by  inspection.  It  is  usually  helpful  to 
observe  whether  the  vapor  to  be  condensed  has  fronts  or  tails.  Tails 
indicate  that  for  a  high  dew  point  the  main  portion  of  the  vapor  does  not 
condense  until  a  considerably  lower  temperature  is  reached.  Thus  in 
example  13.1  if  a  small  number  of  mols  of  C9  or  C10  was  added  to  the  mix- 
ure,  the  dew  point  would  be  considerably  higher  than  before  although 
the  major  heat  load  removed  by  condensation  would  start  only  at  the 
emperature  which  previously  was  the  dew  point  or  near  130°F  at  14  7 
psm  With  small  amounts  of  C9  and  C10  the  temperature  of  the  vapor 
would  fall  rap.dly  upon  the  removal  of  a  small  amount  of  heat  sfm- 

Cr!ed,n  thT  Iur”‘S’  the  Presence  of  the  sma11  of  propane 

and  new  bubhl  t  P°int’ ' llthouSh  the  h«a*  removal  between  the  old 

centaee  of  the  totTh  "  7?“  a  “0t  necessarily  represent  a  significant  per- 

Thfw  “iheat  load  removed  in  the  condenser. 

ine  Weighted  Temperature  Difference  Tn  a  ~  i 

denser  and  condenser-subcooler  it  was  as'sumed  that  tWouXflTw 
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temperature  differences  could  be  applied  over  the  entire  length  of  the 
shell  to  obtain  the  weighted  At.  In  the  case  of  a  multicomponent  mix¬ 
ture,  because  it  requires  an  integration  to  obtain  the  weighted  At,  it  is 
similarly  very  convenient  to  assume  that  the  cooling  medium  is  in  counter¬ 
flow  with  the  multicomponent  vapor  even  if  a  1-2  condenser  is  employed. 
The  percentage  rise  in  the  temp  rature  of  the  cooling  medium  at  any  cross 
section  of  the  shell  is  then  taken  as  proportional  to  the  percentage  of  the 
heat  load  removed  from  any  condenser  cross  section  to  the  exit.  The 
weighted  At  is  then  the  averaged  temperature  difference  between  the 
condensing  curve  (vapor  heat  content  vs.  Tv  plot)  and  a  straight  line 
representing  the  cooling  medium.  When  a  1-2  condenser  is  employed,  if 
the  value  of  FT  based  on  inlet  and  outlet  temperatures  is  not  very  nearly 
1.0,  the  assumption  above  may  not  be  admissible.  If  q  is  the  heat  load 
for  an  interval  on  the  condensing  curve,  then  the  weighted  At  is  obtained 
from  the  total  heat  load  Q  divided  by  the  summation  of  the  values  of 
q/ Akv  where  ALV  is  the  average  temperature  difference  for  the  interval. 

Heat-transfer  Coefficients  for  a  Multicomponent  Mixture.  When  a 
multicomponent  mixture  is  condensed,  the  condensing  range  between  the 
dew  point  and  the  bubble  point  may  be  greater  than  100°.  The  liquid 
which  is  formed  near  the  inlet  differs  greatly  in  composition  from  that 
formed  near  the  outlet  and  must  be  cooled  to  the  bubble  point  at  the  end 
of  the  shell  before  it  drains  from  the  condenser.  The  film  coefficient  in 
the  condenser  differs  somewhat  from  the  Nusselt  assumptions  in  that  the 
first  liquid  to  condense  is  the  higher  boiler  and  higher  boilers  in  any 
homologous  chemical  series  are  more  viscous  than  the  lower  ones.  For 
vertical  or  horizontal  tubes  this  means  that  the  Reynolds  number  for  the 
inlet  portion  of  the  tubes  might  well  be  lower  than  might  be  calculated 
using  the  mean  properties  of  the  total  mixture  for  the  condensate  film. 
Nevertheless,  to  avoid  the  tediousness  of  an  integration  to  determine  the 
changes  in  h  due  to  changing  liquid  properties  for  differential  changes  in 
area  dA,  it  is  possible  to  use  a  method  of  averaging  the  inlet  and  outlet  film 
coefficients.  This  can  be  done  by  using  the  mean  properties  of  the  mix¬ 
ture,  or,  if  there  is  a  great  difference  in  the  characteristics  of  the  conden¬ 
sate’ between  inlet  and  outlet,  to  calculate  h  at  both  terminals  and  take 
the  mean.  The  compositions  of  the  final  condensate  on  the  tubes  of 
vertical  and  horizontal  condensers  condensing  the  same  mixture  are  not 
identical,  since  the  condensate  is  cumulative  on  vertical  tubes.  There 
appears  to  be  little  need,  however,  in  view  of  the  other  assumptions  which 
also  apply,  to  take  this  into  account  except  with  viscous  condensates. 

In  either  vertical  or  horizontal  condensers  it  is  helpful  to  consider,  as 
in  the  development  of  Eq.  (13.20),  that  the  phase  equilibrium  at  a  cross 
section  exists  between  the  residual  vapor  and  all  the  liquid  formed  up  o 
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that  point.  In  condensing  a  multicomponent  mixture  between  its  dew 
point  and  bubble  point  the  vapor  is  cooled  and  the  condensate  formed  at 
the  inlet  leaves  at  the  temperature  of  the  outlet,  which  may  be  colder  by 
some  100°F  or  more.  The  vapor  and  condensate  must  be  cooled  sensibly 
as  they  travel  the  length  of  the  shell,  although  this  is  not  the  same  as 
desuperheating  or  subcooling,  since  it  occurs  concurrently  with  conden¬ 
sation  rather  than  in  distinct  zones.  The  clean  surface  required  for 
condensation  is  frequently  calculated  from  the  entire  heat  load,  the 
weighted  At,  and  a  value  of  UC\^n,  using  h  obtained  from  either  of  the  two 
methods  described  above.  The  main  problem  of  sensible-heat  transfer 
appears  to  be  in  cooling  the  condensate  rather  than  the  vapor,  since  the 
vapor  coefficient  in  the  presence  of  condensation  is  quite  high  as  discussed 
for  steam  in  Chap.  12.  One  method  of  treating  the  sensible-heat  transfer 
is  to  allow  additional  surface  equivalent  to  the  percentage  which  the 
sensible-heat  load  is  to  the  total  heat  load.  The  sensible-heat-transfer 
surface  is  then  an  additional  percentage  of  the  condensing  surface.  This 
is  equivalent  to  the  use  of  a  sensible-heat-transfer  coefficient  about  one- 
half  the  condensing  coefficient.  Another  method  is  to  compute  conden¬ 
sate  cooling  surface  using  the  free-convection  coefficient  of  about  50  but 
applied  only  to  the  average  liquid  cooling  sensible-heat  load.  Actually 
both  methods  give  about  the  same  answer.  The  effectiveness  of  the 
surface  required  for  sensible-heat  transfer,  and  particularly  for  cooling 
the  condensate,  is  assured  by  submerging  all  the  additional  surface 
allowance  through  the  use  of  a  loop  seal  or  dam  baffle  as  discussed  previ¬ 
ously  .  The  overall  clean  coefficient  is  then  the  weighted  coefficient  based 
on  the  total  clean  surface.  If  the  vapor  enters  above  the  dew  point  or 
condensate  leaves  below  the  bubble  point,  the  desuperheating  and  sub- 
coolmg  zones  are  weighted  along  with  the  condensing  zone  as  in  Chap.  12. 


Example  13.3.  Condenser  Calculations  for  a  Multicomponent  Mixture.  The 

overhead  vapor  from  a  distilling  column  operating  at  50  psia  contains  only  saturated 
ydrocarbons  such  as  propane,  butane,  and  hexane  and  has  the  following  analysis: 


Lb  /hr 

Mol /hr 

c, 

7,505 

170.5 

c4* 

16,505 

284.0 

c« 

4,890 

56.8 

Cr 

34,150 

341.1 

c8 

32,400 

284.0 

95,450 

1136.4 

*  A  trace  of  C.  has  been  combined  half  with  C<  and  half  with  C.  to  8imp,ify  the  calculation 
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It  is  to  be  condensed  in  a  1-2  horizontal  condenser  using  cooling  water  from  80  to 
120  F.  Pressure  drops  of  2.0  psi  for  the  vapor  and  10.0  psi  for  the  water  should  be 
adequate.  A  minimum  dirt  factor  of  0.004  should  be  provided.  Available  for  the 
service  is  a  33  in.  ID  1-2  condenser  having  774  %  in.  OD,  16  BWG  tubes  16'0"  long 
and  laid  out  on  1-in.  triangular  pitch.  The  bundle  is  arranged  for  four  passes,  and 
baffles  are  spaced,  except  at  the  inlet  and  outlet,  30  in.  apart. 

(a)  Determine  the  condensing  rang 

( b )  Compute  the  condensing  curve. 

(c)  Compute  the  weighted  At. 

(d)  Establish  the  suitability  of  the  condenser. 

Solution,  (a)  Condensing  range:  This  is  the  temperature  spread  between  the  dew 
point  [Eq.  (13.17)]  and  the  bubble  point  [Eq.  (13.18)]. 


Dew  point:  Assume  T  =  283°F  Bubble  point:  Assume  T  =  120°F 


Vi 

E 1  at  283°F 

Vi 

K i 

Zu 

K x  at  120°F 

KiLi 

C3 

170.5 

13.75 

12.40 

170.5 

4.1 

700 

C< 

284.0 

6.18 

46.0 

284.0 

1.39 

395 

Ce 

56.8 

1.60 

35.5 

56.8 

0.17 

9.66 

C7 

341.1 

0.825 

414. 

341.1 

0.06 

20.44 

c8 

284.0 

0.452 

628. 

284.0 

0.023 

6.54 

1136.4 

1147.0 

1136.4 

1132.6 

Check 

Check 

Assume  intervals  at  270,  250,  230,  200,  160°,  and  the  dew  point,  and  solve  for  V/L  by 
Eq.  (13.19)  to  obtain  the  condensation  in  each  interval  and  from  it  the  heat  load  for 

the  interval. 


Range:  283  to  270°F 
Trial:  Assume  V/L  =  4.00. 


Y\ 

KiTQ° 

KiV 

L 

1  4-  KlV 

r  Y * _ - 

1  +  L 

Ll  ~  1  +  KX(V/L) 

170.5 

12.75 

51.0 

52.0 

3.28 

C3 

284.0 

5.61 

22.4 

23.4 

12.13 

C  4 

56.8 

1.40 

5.60 

6.60 

8.60 

Ct 

341.1 

0.705 

2.82 

3.82 

89.3 

Cl 

284.0 

0.375 

1.50 

2.50 

113.7 

c3 

1136.4 

L  = 

SLi  =  227.0 

V  =  1136.4  -  227.0  =  909.4 
V /L  calculated  =  4 . 0< 

V/L  assumed  = 


Check 
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If  the  assumed  and  calculated  values  of  V/L  had  not  checked,  a  new  value  would 
have  been  assumed.  A  check  in  this  type  of  calculation  generally  infers  a  variation 
of  0.01  or  less  as  the  ratio  of  V/L  decreases.  For  the  next  range,  270  to  250°F,  pro¬ 
ceed  as  above  and  obtain  the  actual  mols  of  condensation  for  the  interval  by  subtract¬ 
ing  the  liquid  in  equilibrium  at  270°F  from  that  in  equilibrium  at  250°F.  Then  Lel 
are  the  mols  of  the  individual  compounds  formed  before  the  interval  and  Lx  are  the 
mols  of  the  individual  compounds  formed  in  the  interval.  Lx  is  obtained  by  subtract¬ 
ing  Ld  from  Li,  which  is  in  turn  obtained  from  a  checked  assumption  of  V/L  where 
SLi  =  L.  A  summary  of  the  point-to-point  calculations  is  given  in  Table  13.2. 

(6)  Condensing  curve:  This  step  requires  the  calculation  of  the  heat  load  between 
intervals.  Except  at  the  inlet  and  outlet  of  the  condenser  there  is  a  change  in  both 
vapor  and  liquid  quantities  over  the  interval.  The  heat  changes  are  determined  from 
the  change  in  enthalpies  as  given  in  Fig.  10.  A  representative  interval  is  calculated 
following  Table  13.2. 

The  LMTD  would  be  87.7°F,  and  the  error  resulting  from  its  use  would  have  been 
(13/100.7)  X  100  =  12.9  per  cent  on  the  safe  side.  In  any  system  without  serious 
fronts  or  tails  the  use  of  the  LMTD  is  usually  satisfactory,  although  there  is  no  assur¬ 
ance  that  the  error  will  always  be  on  the  safe  side. 

The  condensing  curve  for  true  counterflow  is  shown  as  a  straight  line  in  Fig.  13.5. 
The  actual  condensing  curve  is  shown  as  a  curved  line,  and  the  area  enclosed  by  the 
two  represents  the  actual  increase  in  temperature  potential  which  is  available. 

Table  13.2.  Point-to-point  Compositions 
L\  —  Lc\  +  Lx  L  —  (Li) 


TVapor  (DP)  283°  270°  250°  230°  200° 


Ki 

Li 

Yi 

Lel 

Lv 

Y\ 

Lel 

Lv 

yi 

Lel 

Li' 

Ci 

170.5 

3.28 

167.2 

3.28 

5.85 

161.4 

9.13 

8.02 

153.3 

17.15 

16.40 

Ci 

284.0 

12.13 

271.9 

12.13 

20.81 

251.1 

32.94 

26.04 

225.0 

58.98 

46.6 

C  6 

56.8 

8.60 

48.2 

8.60 

12.00 

36.2 

20.60 

11.02 

25.2 

31.62 

11.88 

Ci 

341.1 

89.3 

251.8 

89.3 

94.5 

157.3 

183.8 

63.6 

93.7 

247.4 

51.6 

Cs 

284.0 

113.7 

170.3 

113.7 

82.4 

87.9 

196.1 

41.7 

46.2 

237.8 

28.2 

1136.4 

227.0 

909.4 

227.0 

215.6 

693.9 

442.5 

150.3 

543.4 

593.0 

154.7 

V/L  - 

4. 

00 

1.567 

0.916 

0.5 

C, 

Ci 

C« 
C; 
C . 


V/L  - 


200° 


Y  i 


136.9 

178.4 

13.3 

42.1 

18.0 


388.7 
0.520 


Lel 


33.55 

105.6 

43.5 

299.0 

266.0 


160° 


747.7 


u 


40.2 

83.7 
9.30 

31.8 
14.30 


179.3 


Y  i 


96.7 

94.7 
4.0 

10.3 

3.7 


120°  (BP) 


209.4 


0.226 


Lel 


73.8 

189.3 

52.8 
330.8 

280.3 


927.0 


U 


170.5 

284.0 

56.8 

341.1 

284.0 


1136.4 


334 


PROCESS  HEAT  TRANSFER 


Heat  Load  for  the  Interval  270  to  250° 


Mol. 

wt. 

Hv,  270° 

y7 

Hv 

Hi,  270° 

Eci 

Hi 

c, 

44 

324 

167.2 

2,384,000 

210 

3.28 

30,300 

c< 

58 

334 

271.1 

5,260,000 

212 

12.13 

149,200 

c« 

86 

352 

48.2 

1,460,000 

226 

8.60 

167,000 

c7 

100 

359 

251.8 

9,030,000 

236 

89.3 

2,105,000 

c8 

114 

368 

170.3 

7,150,000 

239 

113.7 

3,100,000 

25,284,000 

5,551 ,500 

5,551,500 

H 27o°  =  30,835,500  Btu/hr 


Mol. 

wt. 

H v,  260° 

Fx 

Hv 

#2,260° 

Lei 

Hi 

Cj 

44 

313 

161.4 

2,221,000 

195 

9.13 

78,400 

58 

323 

251.1 

4,700,000 

197.5 

32.94 

377,000 

c« 

86 

341 

36.2 

1,060,000 

212.5 

20.60 

376,000 

c7 

100 

350 

157.3 

5,500,000 

224 

183.8 

4,110,000 

c8 

114 

358 

87.9 

3,580.000 

225 

196.1 

5,040.000 

17,061,000 

9,981,400 

9,981,400 

#260»  =  27,042,400  Btu/hr 


£>270-260°  =  30,835,500  -  27,042,000  =  3,793,100  Btu/hr 


Heat  Load  for  the  Entire  Range 


T  vapor  ,°F 

H 

q  =  AH 

A  tw* 

tw,  ° 

F 

Ata.v 

At 

^cumulative 

283 

34,312,000 

3,476,500 

6.55 

120 

0 

270 

30,835,500 

3,793,10 0 

7.15 

113 

.4 

159.8 

21,780 

3,476,500 

250 

27,042,000 

2,839,400 

5.35 

106 

3 

150.1 

25,210 

7,269,600 

230 

24,203,000 

3,359,000 

6.34 

100 

9 

136.4 

20,800 

10,109,000 

200 

20,844,000 

3.931,100 

7.42 

94 

6 

117.2 

28,620 

13,468,000 

160 

16,912,900 

3,803,900 

7.17 

87 

2 

88. 2t 

44,550 

17,399,100 

120 

13,109,000 

80 

0 

54. 9f 

69,450 

21,203,000 

21,203,000 

39.98 

St/A 

=  210,410 

*  Water  requirement:  tw  is  the  water  temperature. 


21,203,000  =53Q  qqq  ib/hr  of  cooling  water  —  1060  gpm 
120  -  80 


2<7  _  21,203,000  _ 

“  S  UA  "  210,410 


t  LMTD 


Weighted  At 
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Fia.  13.5.  Straight-line  and  differential  condensing  curves 


The  calculation  of  the  exchanger  for  Example  13.3  follows: 


Exchanger: 

Shell  side  Tube  side 

ID  =  33  in.  Number  and  length  =  774,  lG'O" 

Baffle  space  =  30  in.  OD,  BWG,  pitch  =  %  in.,  16  BWG,  1-in.  tri. 
Passes  =  1  Passes  =  4 


(1)  Heat  balance: 

Q  shell  =  21,203,000  Btu/hr 

Q  water  =  530,000  X  1(12C  -  80)  =  21,203,000  Btu/hr 

Average  molecular  weight  =  -5>45Q  =  84 

1136.4 

This  corresponds  very  closely  to  hexane  (mol.  wt.  =  86.2)  whose  properties  will  be 
used  throughout. 

Condensate  sensible  heat  load  =  95,450  X  — --832~  12Q)  =  4,670,000  Btu/hr 

Submergence  =  4,670,000  X  ^/(^OOO  =  22%  (aPP«>*> 

(2)  At:  Weighted  At  =  100.7°F 

(3)  Te  and  tc :  The  use  of  average  temperatures  will  be  satisfactory. 


Hot  fluid:  shell  side ,  vapor 
(4')  Unsubmerged  tubes 

=  774  X  (1  -  0.22)  =  604 
°"  =  W/LNP  =  95,450/16  X  604^ 

=  83.7  [Eq.  (12.43)] 


Cold  fluid:  tube  side,  water 
(4)  Flow  area,  a[  =  0.302  in.2 


,  [Table  10] 

a‘  =  ^Wl44n  [Eq.  (7.48)] 

=  774  X  0.302/144  X  4  =  0.406  ft2 
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Hot  fluid:  shell  side ,  vapor 
Assume  h  =  200 
Tv  =  (283  +  120) /2  =  201. 5°F 

*»-<•+  <~T-  -  t.)  lEq.  (5.31)1 

200 

=  100  +  1120  +  200  (2°1,5  "  10n 

=  115°F 

tf  =  H(TV  +  tw)  =  H  (201.5  +  115) 

=  158°F 

sf  =  0.60  [Fig.  6] 

Uf  =  0.21  cp  [Fig.  14] 

kf  =  0.077  Btu/  (hr)  (ft2)  (°F /ft)  [Table  4] 
h  =  206  [Fig.  12.9] 

Clean  overall  coefficient  Uc,  condensation: 

rT  _  hioho  _  1120  X  206 
c  hi0  +  h0  ~  1120  +  206 

Clean  surface  required  for  condensation: 


Cold  fluid:  tube  side  water 

(5)  Gt  =  w/at 

=  530,000/0.406 

=  1,300,000  lb / (hr)  (ft*) 
V  =  (zt/3600p  =  1,300,000/3600  X  62.5 
=  5.79  fps 

(6)  hi  =  1355  [Fig.  25] 

hio  =  hi  X  ID/OD 

=  1355  X  0.62/0.75 
=  1120  Btu/ (hr)  (ft2)  (°F)  [Eq.  (6.5)] 


=  174  Btu/ (hr)  (ft2)  (°F) 


(6.38) 


A  -  -  21,203,000 

Ac  Uc  At  174  X  100.7  1210  ft 

Clean  surface  required  for  subcooling: 

As  =  1210  X  0.22  =  267  ft2 

Total  surface  required: 

Ac  =  1210  +  267  =  1477  ft2 

Weighted  overall  clean  coefficient  Uc'- 

tj  _  _Q_  _  21,203,000  _ 

Uc  A  At  1477  X  100.7  6 


Design  overall  coefficient  U d- 


a"  =  0.1963  ft2/lin  ft 
Total  surface  =  774  X  16'0" 
Q  21,203,000 
Ud  ~  A  At  2430  X  100.7 


X  0.1963  =  2430  ft2 
=  86.7  Btu/ (hr) (ft2)  (°F) 


(Table  10) 


Dirt  factor  Rd- 


„  Uc  -UD  _  143  -  86.7 
lid  ~  UcUD  143  X  86.7 


=  ,0.00455  (hr)  (ft2)  (°F)  /Btu 


(6.13) 


Pressure  Drop 


(1')  a,  =  ID  X  C’B/UAPt  [Eq.  (7.1)] 
=  33  X  0.25  X  30/144  X  1.0 

=  1.72  ft2 

Submergence  may  be  neglected  unless  the 
calculated  pressure  drop  is  close. 

G,  =  W/a,  [Eq-  (7-2)l 

=  95,450/1.72  =  55,500  lb/(hr)  (ft2) 


(1)  At  100°F, 

n  =  0.72  X  2.42  =  1.74  lb/(ft)(hr) 

[Fig.  14] 

D  =  0.62/12  =  0.0517  ft 
Ret  =  DGt/n 

=  0.0517  X  1,300,000/1.74  =  38,600 
/  =  0.00019  ft2 /in.2  [Fig.  26] 
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Pressure  Drop 


At  Ti  =  283 °F, 

n  =  0.009  X  2.42  =  0.0218  lb/(ft)(hr) 

D,  =  0.73/12  =  0.0608  ft  [Fig.  15] 

Re,  =  D,G,/n 

=  0.0608  X  55,500/0.0218  =  155,000 
/  =  0.00125  ft*/in.2  [Fig.  29] 

(2')  No.  of  crosses  (N  +  1)  =  12 L/B 

[Eq.  (7.43)] 

=  12  X  16/30  =  7 


84 

p  ~  359  X  743/492  X  14.7/50 

=  0.527  lb /ft3 

s  =  0.527/62.5  =  0.00844 


D,  =  33/12  =  2.75  ft 

1  fG]D,{N  +  1) 
(3')  AP,  =  —  -  — 

K  ’  2  5.22  X  1010D,s 


[Eq.  (12.47)] 

1  0.00125  X  55,5002  X  2.75  X  7 

2  5.22  X  1010  X  0.0608  X  0.00844 

=1.4  psi 


(2)  A Pt  = 


}G\Ln 


[Eq.  (7.45)] 


5.22  X  10 10Ds<h 
0.00019  X  1,300, 000 2  X  16 


X  4 


"  5.22  X  1010  X  0.0517  X  1.0 

X  1.0 

=  7.6  psi 


(3)  APr  =  (4n/s)(F2/2<7')  [Eq.  (7.46)] 

=  4  X  4  X  0.23  =  3.7  psi 

[Fig.  27] 

(4)  APr  =  APt  +  APr 

=  7.6  +  3.7  =  11.3  psi 

[Eq.  (7.47)] 


Summary 


206* 

h  outside 

1120 

Uc 

143 

UD 

86.7 

Rd  Calculated  0.00455 

Pd  Required  0.004 

1.4 

Calculated  AP 

11.3 

2.0 

Allowable  A P 

10.0 

*  Condensation  only. 


The  slightly  excessive  tube-side  pressure  drop  for  water  should  not  be  objectionable 
lhe  bundle  should  be  submerged  about  25  to  30  per  cent. 


3.  CONDENSATION  OF  A  MIXTURE  OF  MISCIBLES  AND  ONE  IMMISCIBLE 

This  case  arises  in  the  steam  distillation  of  organics  which  are  miscible 
among  themselves  but  not  with  water.  The  stripping  of  the  volatile 
compounds  from  absorption  oil  is  a  typical  example  as  shown  in  Fig  11.1 
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The  introduction  of  the  steam  permits  part  of  the  total  operating  pressure 
in  the  distilling  column  to  be  contributed  by  the  steam,  so  that  the  mix¬ 
ture  of  volatiles  and  oil  need  not  be  raised  to  a  high  temperature  to 
accomplish  distillation.  In  this  way  and  without  resorting  to  vacuum 
a  greater  separation  can  be  made  between  the  volatiles  and  the  oil,  which 
boils  over  a  somewhat  higher  rs  ge  than  that  at  which  the  distillation  is 
carried  out.  If  the  overhead  vapor  is  a  mixture  of  a  single  compound 
and  steam,  the  condensation  occurs  isothermally.  If  the  mixture  con¬ 
tains  more  than  one  compound  miscible  with  the  first  but  immiscible 
with  water,  there  is  a  condensing  range.  Since  the  total  pressure  in  the 
latter  consists  of  water  plus  the  miscibles,  the  equilibrium  relationships 
for  the  miscibles  corresponds  to  the  sum  of  their  partial  pressures  instead 
of  the  total  pressure  on  the  system.  The  partial  pressure  of  the  steam 
depends  only  upon  the  saturation  pressure  corresponding  to  its  tempera¬ 
ture  in  the  mixture  as  given  by  the  properties  of  saturated  steam  in  Table 
7.  The  total  pressure  is  constant,  but  the  relative  partial  pressures  of  the 
miscibles  and  steam  change  from  point  to  point.  The  problems  involved 
in  the  calculation  of  the  condensing  curve  for  this  system  are  included  in 
the  more  comprehensive  problem  demonstrated  in  Sec.  5  of  this  chapter. 
Ordinarily  the  calculation  is  so  lengthy  that  the  use  of  the  LMTD  or 
the  use  of  FT  X  LMTD  is  justifiable  as  the  case  may  be. 

Hazelton  and  Baker1  carried  out  experimental  work  on  a  single  vertical 
tube  condensing  benzene,  toluene,  and  chlorbenzene  with  steam.  It  was 
found  that  the  presence  of  the  organic  tended  to  favor  the  dropwise 
condensation  of  the  steam.  Film  coefficients  were  found  to  be  inde¬ 
pendent  of  the  temperature  drop  across  the  condensate  film  and  inde¬ 
pendent  of  the  properties  of  the  liquid  condensed  with  water.  Hazelton 
and  Baker  were  able  to  correlate  their  work  with  the  experimental  results 
of  others.  For  vertical  tubes  they  obtained 


(wt-%)xX,4  +  (wt-%)flXg 


Y\ 


(wt-%)xL 


(13.21a) 


where  A  and  B  refer,  respectively,  to  the  organic  and  the  water  in  the 
condensate  film  and  L  is  the  tube  length  in  feet.  They  were  able  to  corre¬ 
late  the  work  of  several  investigators  on  horizontal  tubes  by 


h 


=  6l[ 


(wt-  %)a\a  +  (wt-%)BXg 


V* 


(13.21  6) 


(wt  -%)aD0 

For  tube  bundles  in  horizontal  exchangers  it  is  unlikely  that  the  coeffi¬ 
cient  differs  greatly  from  the  value  predicted  by  Eq.  (13.216). 

1  Hazelton,  R.,  and  E.  M.  Baker,  Trans.  AIChE,  40,  1-29  (1944). 


CONDENSATION  OF  MIXED  VAPORS 


339 


4.  CONDENSATION  OF  A  VAPOR  FROM  A  NONCONDENSABLE  GAS 

As  in  the  case  of  a  gas  compressor  intercooler  (Chap.  9)  if  a  mixture 
of  a  vapor  and  a  gas  is  cooled  in  a  constant-pressure  operation,  the  temper¬ 
ature  at  which  the  first  droplet  of  condensate  appears  is  the  dew  point. 
The  dew  point  is  the  saturation  temperature  of  the  vapor  corresponding 
to  its  partial  pressure  in  the  mixture.  The  calculation  of  the  dew  point 
of  a  mixture  of  a  vapor  and  a  noncondensable  gas  was  demonstrated  in 
Example  9.3.  The  calculation  of  the  compressor  intercooler  is  covered  in 
this  section. 

When  a  mixture  of  a  vapor  and  a  noncondensable  gas  is  fed  to  a  con¬ 
denser  and  the  temperature  of  the  tubes  is  below  the  dew  point,  a  film 


h - 

pq+pv=< 

- Tg 

Constant. Total  pressure 

Pg 

pv> Vapor 

Tube  wall, 

I 

Condensate  film 

_ 

Pci 

</> 

c 

o 

Length 


Fiq.  13.6.  Condensation  potentials  with  noncondensables. 

of  condensate  forms  on  the  tubes.  The  relationship  of  the  partial  pres¬ 
sures  is  shown  in  Fig.  13.6.  A  film  of  noncondensable  gas  and  vapor 
collects  about  the  condensate  film  as  suggested  by  the  data  of  Othmer  in 
Fig.  12.25.  If  an  equilibrium  is  presumed  to  exist  on  the  surface  of  the 
condensate  film,  the  partial  pressure  of  the  vapor  at  the  tube  wall  cor¬ 
responds  to  the  cold  condensate  pc  and  the  partial  pressure  of  the  vapor 
in  the  gas  film  lies  between  that  at  the  condensate  film  pc  and  that  in 
the  gas  body  pv.  In  order  for  the  vapor  in  the  gas  body  to  continue 
condensing  into  the  condensate  film,  it  must  be  driven  across  the  gas  film 
by  the  difference  between  the  partial  pressure  of  the  vapor  in  the  gas  body 
and  in  the  condensate.  The  passage  of  one  component  through  another 
is  called  diffusion  or  mass  transfer,  and  in  a  diffusion  system  the  rate  at 
w  ich  the  steam  condenses  is  no  longer  dependent  entirely  upon  Nusselt’s 
condensing  mechanism  but  upon  the  laws  governing  diffusion.  When 
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vapor  diffuses  through  a  noncondensable  gas  film  and  liquefies  at  the 
tube  wall,  it  also  carries  with  it  its  latent  heat  of  condensation.  In 
addition  to  the  partial-pressure  difference  promoting  diffusion  there  is 
also  a  temperature  difference  between  the  gas  body  T0  and  the  condensate 
film  T c  by  which  the  gas  is  sensibly  cooled.  It  will  be  shown  that  the  rate 
of  diffusion  and  the  rate  of  heat  t  msfer  are  not  independent  of  each  other. 

Relationships  between  Heat  and  Mass  Transfer.  The  theory  of  diffu¬ 
sion  will  be  treated  in  greater  detail  in  Chap.  17,  which  is  devoted  to 
diffusional  heat  transfer. 

It  was  shown  in  Chap.  3  that  there  is  an  analogous  behavior  between 
heat  transfer  and  fluid  friction  when  a  fluid  flows  in  a  tube.  Another 
analogy  exists  for  a  system  in  which  a  transfer  of  matter  by  diffusion  is 
accompanied  by  a  transfer  of  heat.  A  number  of  authors  have  con¬ 
tributed  to  the  refinement  and  extension  of  this  analogy,  but  the  deriva¬ 
tions  employed  here  are  essentially  those  of  Colburn,1  Colburn  and 
Hougen,2  and  Chilton  and  Colburn.3  The  paper  of  Colburn  and  Hougen 
forms  the  basis  for  design  calculations. 

It  was  shown  in  Chap.  9  that  when  dealing  with  gases  it  is  advantageous 
to  express  the  heat-transfer  factor  jH  for  a  fluid  flowing  inside  a  tube  by 


J"¥(5 

A  new  factor  jh  may  then  be  defined  as  jh  =  ju/(DG/n )  or 

* = (f r  (i3-23) 

By  employing^  it  is  possible  to  eliminate  the  variation  of  k  with  tempera¬ 
ture  in  making  a  sensible-heat-transfer  calculation,  since  ( cn/k )  is  nearly 
constant  over  a  wide  temperature  range.  Since 


Q  =  wc(t2  —  t\)  =  h'K  DL  At 


and  G  =  Aw/ttD2,  on  substitutir  r  for  both  h  and  G  Eq.  (13.23)  becomes 


h  (cn Y  _  <2  -  <1  D_  ( cAM 
]h~cG\k)  At  iL\k  / 

Multiplying  the  last  term  by  irD/irD, 

h  ( cmY'  _  ^2  ~  h  /  a  \  l 

3k  ~  cG\j)  ~  At  \AJ\k ) 
where  a  is  the  flow  area  rD*/ 4,  and  A  is  the  tube  surface  t  DL 


(13.24) 


(13.25) 


1  Colburn,  A.  P.,  Trans.  AIChE,  29,  174  (1933). 

2  Colburn,  A.  P,  and  O.  A.  Hougen,  Ini.  Eng.  Chen.,  26,  1  78  934  . 
j  Chilton,  T.  H.,  and  A.  P.  Colburn,  Ind.  Eng.  Chem.,  26,  1183  (193  ). 
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When  a  vapor  is  absorbed  from  a  gas,  which  is  not  saturated  with  mole¬ 
cules  of  the  solvent,  diffusion  may  occur  in  two  directions:  Molecules  of 
the  vapor  may  pass  into  the  absorbent,  and  molecules  of  the  absorbent 
may  pass  into  the  gas.  In  the  passage  of  water  vapor  from  the  gas  body 
into  a  condensate  film  consisting  of  liquid  water  alone  the  transfer  of 
matter  is  in  one  direction  and  the  mols  of  matter  transferred  from  the 
gas  to  the  liquid  is  given  by 

/  Gapv  \ 

dN d  =  d  i][fmptj  =  A V  dA  (13.26a) 


where  A 
a 
G 
K0 
Mm 

Nd 

Pc 

Pv 

Pt 

Ap 


diffusion  surface,  ft2 

flow  area  of  gas  and  vapor,  ft2 

mass  velocity,  lb/(hr)(ft2) 

mass  diffusion  coefficient,  mol/(hr)(ft2)(atm) 

mean  molecular  weight  of  the  vapor  and  noncondensable, 

lb/ mol 

material  transferred,  mol/hr 

partial  pressure  in  atmospheres  of  the  vapor  at  condensate 
film,  atm 

partial  pressure  in  atmospheres  of  the  vapor  in  gas  body, 
atm 

total  pressure  on  the  system  in  atmospheres,  atm 
instantaneous  driving  potential  in  atmospheres,  pv  —  pc , 
atm 


The  coefficient  Ka  is  simply  the  dimensional  rate  constant  which  makes 
dNd  equal  to  the  right  side  of  the  equation.  Ka  is  determined  experi¬ 
mentally,  and  therefore  K0  and  U  are  similar  in  function,  K„  being  to  An 
m  mass  transfer  what  U  is  to  At  in  heat  transfer.  If  the  initial  concentra¬ 
tion  of  the  condensable  vapor  is  small,  it  is  convenient  to  use  the  simplifi¬ 
cation  that  the  mass  velocity  of  the  mixture  does  not  vary  appreciably 
during  the  diffusion  of  the  vapor  out  of  the  gas  and  that 


JL  -  V'  \ 

Mm  Mi  \pt  -  pj 


where  the  subscript  i  refers  to  the  inert  gas.  Replacing  p,  -  p  bv  „ 
he  pressure  of  the  inert  gas  in  the  gas  body,  and  keeping  p,  c’onLnt 
m  the  tube  with  constant  a,  the  differentiation  of  th*  Q  8  V  a  +  %  . 

Eq.  (13.26a)  yields  eren t  on  °f  the  second  term  ln 


dNd 


Ga  dpv 

At  mPt 


Ka  A p  dA 


(13.266) 
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The  second  and  third  terms  can  be  readily  regrouped  to  give 


KoPvf  _  / dpv\  ( pof\  (  a  \ 
G/Mm  \Ap)\pJ\Za) 


where  paf  is  the  log  mean  of  p0  of  the  inert  in  the  gas  body  and  p'g  =  pt  - 
pc  the  pressure  of  the  inert  at  tl  a  condensate  film.  In  integrated  form 
it  becomes 


K«P>/  =  ( Pi  -  Pi\  ( PjA  (  a\ 
G/Mm  \  A  p  )\pJ\A ) 


(13.27) 


where  p\  and  p2  are  the  partial  pressures  of  the  diffusing  component  at 
A\  and  A2. 

When  a  fluid  flows  along  a  surface,  the  particles  within  the  fluid 
exchange  momentum  with  the  stationary  film  at  the  surface,  causing  a 
pressure  drop  in  the  fluid  in  the  direction  of  flow.  This  assumption  led 
to  Eq.  (3.51)  in  the  Reynolds  analogy.  It  is  entirely  conceivable  that  a 
similar  condition  occurs  when  a  vapor  traveling  along  a  surface  condenses 
against  the  condensate  film  which  it  enters  by  moving  at  right  angles  to 
the  direction  of  flow  and  giving  up  its  momentum.  In  Eq.  (3.51)  and 
subsequent  equations  it  became  apparent  that  the  ratio  of  the  loss 
of  momentum  by  skin  friction  to  the  total  momentum  of  the  stream 
depended  upon  how  much  stationary  surface  there  was  for  the  total 
amount  of  fluid  flowing.  For  a  given  quantity  of  fluid  flowing  in  a  tube 
and  a  given  total  diffusion  or  heat-transfer  surface,  the  amount  of  skin 
friction  will  be  greater  if  the  path  consists  of  a  long  small-bore  tube  than 
for  a  short  tube  of  large  diameter.  The  index  of  these  possibilities  is  the 
ratio  A/a  or,  when  used  in  a  diffusion  factor,  its  reciprocal  a/ A.  Just 
as  it  was  found  in  the  refinement  of  the  Reynolds  analogy  that  the  ratio 
of  p/k  influences  the  heat  transfer,  so  it  can  be  inferred  that  the  properties 
of  the  fluid  also  affect'  diffusion.  The  properties  associated  with  skin 
friction  are  contained  in  the  dimensionless  Schmidt  number  p/pkd,  where 
kd  is  the  diffusion  coefficient  (di  fusivity)  in  square  feet  per  hour  of  one 
gas  through  another  and  p  and  p  are  the  viscosity  and  density  of  the 
mixture.  If  the  influence  of  p/kd  on  diffusion  is  comparable  to  that  of 
u/k  in  heat  transfer,  then  it  is  reasonable  to  multiply  Eq.  (13.27)  by 
(p/pkd).  Assuming  pgf/p0  =  1.0,  designating  the  diffusion  factor  jd,  and 

arbitrarily  using  the  two-thirds  power 


(13.28) 


Attention  is  now  directed  to  the  similarity  between  Eqs.  (13.25)  «>d 
(13.28).  From  an  extension  of  the  Reynolds  analogy  to  distillation, 
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where  the  analogy  between  mass  and  heat  transfer  is  very  close,  there  is 
good  reason  to  believe  that  jd  and  jh  are  the  same  function  of  the  Reynolds 
number  and  equal.  The  relationship  between  diffusion  and  heat  trans¬ 
fer  is  then  obtained  by  equating  Eqs.  (13.25)  and  (13.28)  and  solving 
for  Ka. 


h(cn/k)K 
C'PgfJ^Frn^^/ Pkd)* 


(13.29) 


The  principal  deduction  from  Eq.  (13.29)  is  that  the  rates  of  diffusion 
and  heat  transfer  do  not  occur  independently.  When  the  vapor  concen¬ 
tration  is  high,  as  in  many  industrial  applications,  Eq.  (13.28)  must  be 
calculated  for  incremental  changes  in  the  surface,  since  pgf/p0  will  no 
longer  be  unity. 

The  overall  coefficient  of  heat  transfer  varies  greatly  during  the  con¬ 
densation  of  a  vapor  from  a  noncondensable  gas  which  is  initially  at  its 
dew  point  because  the  potential  for  diffusion  varies  greatly  as  the  vapor 
is  removed  from  the  gas  body  leaving  a  higher  percentage  of  inert.  At 
the  inlet  the  composition  of  a  mixture  of  vapor  and  noncondensable  may 
be  almost  all  vapor  and  the  film  coefficient  may  be  very  nearly  that  of  the 
pure  condensing  coefficient  for  the  vapor  alone.  But  after  much  of  the 
vapor  has  condensed,  the  outlet  may  consist  of  substantially  pure  non¬ 
condensable  gas  with  a  low  accompanying  film  coefficient.  It  is  often 
possible  to  have  a  variation  of  Uc  for  the  condensation  of  steam  from  air 
from  1500  Btu/(hr)(ft2)(°F)  at  the  inlet  to  a  value  of  15  at  the  outlet. 

Inasmuch  as  the  film  coefficient  varies  from  inlet  to  outlet,  the  heat 
distribution  may  also  vary  owing  to  a  differential  rate  of  change  in  the 
enthalpy  of  the  vapor  mixture  as  the  temperature  falls.  In  other  words 
a  though  the  temperature  of  the  gas  declines  50  per  cent  of  the  total  gas- 
temperature  range,  it  is  probably  untrue  that  50  per  cent  of  the  total  heat 
oad  will  have  been  delivered.  This  is  not  merely  the  case  of  finding  the 
nie  temperature  difference  but  the  heat-transfer  coefficient  also  varies 

equation  ?  Van6S'  SUrfaCe  *  the"  defined  by  the  fundamental 


■/ 


dQ 

(U  At) 


(13.30) 

Equation  (13.30)  cannot  be  integrated  unless  U  and  At  are  exDresseH  „ 
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the  reader  is  referred  to  Sherwood’s  excellent  book.1  Gilliland2  has 
established  an  empirical  equation  for  the  determination  of  the  diffusivity 
of  one  gas  through  another  which  is  given  by 

_  /  i  i  Y* 

kd  =  0.0166  ,  , - r— A  ^  +  tt  )  (13.31) 

Pt(vAy  +  vbH)2\Ma  Mb)  1 

where  kd  =  diffusivity,  ft2/hr 
pt  =  total  pressure,  atm 

vA,  vb  =  molecular  volumes  of  diffusing  and  inert  gases  computed 
from  the  data  on  atomic  volumes  in  Table  13.3 
T  =  absolute  temperature  °K(°C  abs) 

Ma,  Mb  =  molecular  weights  of  the  diffusing  and  inert  gases,  respec¬ 
tively 

Table  13.3.  Atomic  Volumes 


Bromine .  27.0 

Sulfur.... .  25.6 

Oxygen .  7.4 

In  methyl  esters .  9.1 

In  higher  esters  and  ethers .  11.0 

In  acids .  12.0 

Carbon .  14.8 

Chlorine .  24.6 

Hydrogen .  3.7 

Nitrogen .  15.6 

In  primary  amines . .  10.5 

In  secondary  amines .  12.0 

For  benzene  ring  formation  deduct .  15 

For  naphthaline  deduct .  30 

For  the  hydrogen  molecule  use .  v  —  14 . 3 

For  air  use .  v  =  29.9 


Example  13.4.  Calculation  of  the  Diffusivity  of  a  Mixture.  Calculate  the  diffu¬ 
sivity  of  a  steam-COo  mixture  at  267°  '  and  30  psig. 

For  steam,  H20:  »i=2X3.7  +  7.4  =  14.8  MA  =  18 

For  C02:  vB  =  14.8  +2X7.4  =  29.6  MB  =  44 

1 4:  T  4*  30 

T  =  267°F  o  273  +  130  =  403°K  30  psig  o  ‘14j —  =  3  04  atm 

1  n  mfifi  v _ 403- _ (—  +  AY"  “  °-41  ft2/hr 

kd  =  0.0166  X  3  04(14.8^  +  29. 6H)*  \18  44/ 

Development  of  an  Equation  for  Heat  Transfer.  Chilton  and  Colburn 
have  shown  that  the  results  of  their  analogy,  culminating  in  Eq.  (13.^1, 

■  Sherwood,  T.  K„  "Absorption  and  Extraction,"  McGraw-Hill  Book  Company, 
Inc.,  New  York,  1937. 

2  Gilliland,  E.  R.,  Ind.  Eng.  Chem.,  26,  516  (1934). 
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hold  on  the  safe  side  for  flow  inside  tubes,  flow  across  a  single  tube,  and 
flow  along  plane  surfaces.  In  each  case  the  appropriate  value  of  h  is 
substituted  in  Eq.  (13.29).  It  appears  likely  that  these  equations  are 
valid  in  most  cases  of  a  vapor  forming  a  nonviscous,  noncontrolling 
condensate  film.  The  use  of  h0  calculated  for  the  gas  from  Fig.  28  and 
substituted  in  Eq.  (13.29)  for  the  condensation  of  steam  from  air  and  C02 
in  the  shells  of  horizontal  baffled  condenser  has  been  known  to  hold  suc¬ 
cessfully  in  a  number  of  applications. 

To  establish  an  equation  which  may  be  solved  from  point  to  point  for 
U  and  At  as  in  Eq.  (13.30)  it  should  be  necessary  only  to  sum  up  all  the 
resistances  in  series  at  an  average  cross  section  in  each  increment  of  q. 
In  the  condensation  of  a  vapor  from  a  noncondensable  gas  the  quantity 
of  heat  which  leaves  the  gas  film  must  equal  the  quantity  picked  up  by 
the  cooling  water.  The  total  heat  flow  across  the  gas  film  is  the  sum  of 
the  latent  heat  carried  by  vapor  diffusion  into  the  condensate  film  plus 
the  sensible  heat  removed  from  the  gas  because  of  the  temperature  differ¬ 
ence  Ta  —  Tc.  The  heat  load  expressed  in  terms  of  the  shell-side,  tube- 
side,  and  overall  potentials  per  square  foot  of  surface  when  the  mixture  of 
gas  and  vapor  flows  in  the  shell  is 


(a)  (b)  (c) 

h°(r<>  ~  T<)  +  K0Mv\(pv  -  Pe)  =  hi0(Tc  -  tw)  =  U{Tg  -  tw)  (13.32) 
where  h0  =  shell-side  dry-gas  coefficient,  Btu/(hr)(ft2)(°F) 
hi0  =  tube-side  water  coefficient,  Btu/(hr)(ft2)(°F) 

Tg  =  temperature  of  the  gas,  °F 

Te  =  temperature  of  the  condensate,  °F 

tw  =  water  temperature,  °F 

pv  =  partial  pressure  of  vapor  in  the  gas  body,  atm 
Vc  =  partial  pressure  of  the  vapor  at  the  condensate  film,  atm 
=  molecular  weight  of  vapor,  dimensionless 
X  =  latent  heat,  Btu/lb 


fVom^t^p'h^'Tl?^ subc00J'nS  the  vapor  at  the  tube  wall  has  been  omitted 
rom  the  heat  balance,  smce  it  is  not  usually  significant  compared  with 

several  tube  passes  with  water  in  the  tubes  this ^  &  C°.ndenSer  havin» 

H  there  is  a  long  condensing  range  a  Ir  °bV’?Sly  n0t  Possible- 

temperature  cross  so  that  FT  for  a  19  j  coollI>g-water  range,  and  no 

mat  t  T  tor  a  1-2  condenser  would  be  substantially 
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1.0,  then  little  harm  results  in  the  assumption  of  a  true  counterflow 
distribution  of  water  temperatures.  At  whatever  point  the  gas  gives  up 
half  of  the  total  heat  load,  the  water  can  be  assumed  to  have  received 
half  the  total  heat  load.  This  may  appear  rather  arbitrary,  but  in  the 
final  analysis  it  is  a  problem  of  maintaining  Tg  —  Tc  and  pv  —  pc  in  their 
proper  relation,  and  both  require  he  presence  of  the  same  single  value  of 
Tc  at  any  point.  Otherwise  the  solution  must  be  extended  to  cover  each 
of  the  passes  as  a  related  condenser. 

The  Calculation  of  a  Vapor-Noncondensable  Mixture.  The  method  of 
applying  Eqs.  (13.29),  (13.30),  and  (13.32)  are  outlined  below: 

1.  A  complete  exchanger  must  be  assumed  to  fix  the  shell-side  and  tube- 
side  flow  areas.  The  surface  is  obtained  by  integration  on  the  assump¬ 
tion  of  true  counterflow. 

2.  From  the  process  conditions  compute  hQ  and  hi0  for  the  gas  and 
cooling  medium,  respectively.  The  use  of  an  average  value  for  hio  is 
acceptable  but  not  for  h0,  since  the  mass  velocity  of  the  gas  changes  from 
point  to  point. 

3.  From  the  value  of  h0  obtain  Ka/Vof  from  Eq.  (13.29). 

4.  Fix  the  first  interval  of  calculation  by  fixing  Tg,  which  also  fixes 

the  heat  load  q  for  the  interval. 

5.  Assume  values  of  Tc,  the  condensate  temperature,  so  that  Eqs. 
(13.32a)  and  (13.326)  balance.  For  each  assumed  value  of  Tc  it  is  neces¬ 
sary  to  compute  a  new  value  of  pgf ,  since  the  pressure  of  the  vapor  at  the 
condensate  film  is  the  saturation  pressure  corresponding  to  Tc. 

6  When  Eqs.  (13.32a)  and  (13.326)  balance,  the  total  heat  load  trans¬ 
ferred  per  square  foot  of  each  is  the  same  as  the  load  which  must  have 

been  transferred  overall,  U{Tg  —  tc). 

7.  From  q  obtained  in  4  and  U(Tg  -  tc)  obtain  dA  for  the  interval. 

8.  Proceed  with  the  next  interval  by  assuming  a  lower  value  of  T0. 


Example  13.5.  Calculation  of  a  Steam-Carbon  Dioxide  Condenser.  Steam  is  to 
be  condensed  from  carbon  dioxide  in  he  following  exchanger: 

2iU  in  ID  shell  with  12-in.  baffle  spacing. 

246  tubes,  H  in.  OD,  16  BWG,  12'0"  on  1-in.  square  pitch. 

The  tube  bundle  has  four  passes.  q0nsie  entering 

The  hot  stream  is  a  mixture  of  4500  lb  of  steam  and  1544  lb  of  C  Os  at  30  PSUS  ente  8 

at  the  dew  point  and  leaving  at  120”F.  Cooling  water  w.ll  enter  at  80  F  and 

The” diffusivity  of  steam-CO,  mixtures  calculated  by 
ft2 /hr,  and  WpM*  may  be  taken  for  s.mplicrty  as  constant  at  ag 

0.62  between  inlet  and  outlet.  Dctermine  the  dirt  factor  for  the  condenser. 

Ta^^nlt  £  S ^ 

^rrerr  u  considered  in  true 

counterflow  with  the  condensate. 
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Basis:  One  hour 


Entering 

Lb /hr 

Mol  /hr 

C02 

1544 

35 

h2o 

4500 

250 

Total 

6044 

285 

Total  pressure  =  30  +  14.7  =  44.7  psia  =c=  3.05  atm  where  psi/14.7  =  atm 
Partial  pressure  of  water  =  2  5  %8  5  X  44.7  =  39.2  psi  o  2.68  atm 
Dew  point  =  267°  from  Table  7  =  2.68  atm 
Mean  molecular  weight,  Mm  =  604^j85  =  21.2 
(a)  Weighted  temperature  difference  At: 

Overall  balances: 

Inlet:  Water  vapor  pressure,  pv  =  2.68  atm 

Inert  pressure,  pg  =  3.05  —  2.68  =  0.37  atm 
Total  pressure  =  3.05  atm. 

Exit:  Partial  pressure  of  water  at  120°F  =  0.1152  atm 
Water  vapor  pressure,  pv  =  0.115  atm 
Inert  pressure,  pa  =  2.935  atm 
Total  pressure  =  3.05  atm 
Pound  mols  steam  inlet  =  250 

Pound  mols  steam  exit  =  35  X  =  1.37 

Pound  mols  steam  condensed  =  250  —  1.37  =  248.63 

Heat  load:  Assume  points  at  267,  262,  255,  225,  150,  120°F,  and  compute  the  heat 
load  q  for  each  interval. 


For  the  interval  from  267  to  262 °F: 


From  Table  7,  pv  at  262°F  =  2.49  atm 

p0  =  3.05  —  2.49  =  0.56  atm 


Mol  steam  remaining  =  35  X 


2.49 

0.56 


156 


Mol  steam  condensed  =  250  —  156  =  94 

Heat  of  condensation  =  94  X  18  X  937.3  +  0.46(267  -  262)  X  94 


X  18 


Heat  from  uncondensed  steam  =  156  X  18  X  0.46(267  -  262) 
Heat  from  noncondensable  =  1544  x  0.22  X  5  0 

Heat  balance:  T°tal  f°r  interval 


1,590,000  Btu 
6,450 
1,700 
1,598,150 


Interval,  °F 
267-262 
262-255 
255-225 
225-150 
150-120 
Total 


1,598,000 

1,104,000 

1,172,000 

751,000 

177,000 

4,802,000 


Total  water  = 


4,802,000 

=  137,000  11 
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Water  coefficient ,  h\: 


at  =  Nt 


a. 


144 n 


=  246  X 


0.302 
144  X  4 


=  0.129  ft2 


(7.48) 


G,  =  j  =  1|71’^°  -  1,060,000  lb/(hr)(ft>) 


F  - 


<? 


_  1,060,000  =  4  72  f  g 

3600p  3600  X  62.5  p 

=  1120 

hi0  =  Ji,  X  =  1120  X  =  926 


(Fig.  25) 
(6.5) 


Now  procead  to  determine  U  At  from  point  to  point  in  the  unit  by  assuming  tem¬ 
peratures  for  the  condensate  film  so  that  Eqs.  (13.32a)  and  (13.325)  are  equal. 
Shell-side  coeif  cient  for  entrance  gas  mixture. 

Mean  properties  for  Point  1 1 

1544  X  0.22  +  4500  X  0.46 


Mean  c  = 
Mean  k  = 
Mean  n  = 


6044 

1544  X  0.0128  4-  4500  X  0.015 


6044 

1544  X  0.019  +  4500  X  0.0136 


=  0.407  Btu/(lb)(°F) 

=  0.0146  Btu/ (hr)  (ft2)  (°F/ft) 


a,  =  ID  X  C' 


B 


144Pr 
6044 


6044 

=  21.25  X  0.25  X 


=  0.015  X  2.42  =  0.0363  lb/(ft)  (hr) 
12 


144  X  1.0 


=  0.442  ft2 


_  w 
~  a7  “  0)442 


Res  = 


DeG» 


=  13,650  lb/(hr)  (ft2) 
0.95 


De  = 


12 


=  0.0792  ft 


-  0. 0792  X  =  29,800 


jH  =102 


0.407  X  0.0363NH 


0146 


) 


=  1.0 


/cM\^  /'0.407  : 

U;  -v  o.( 

K  =  in  £  (f  )*  =  102  X  0.0146  X  5^5  =  «.9 

/cu\K  /0.407  Xa0363\^  ,  m 

(n/pkd)H  =  0.62  (j: J  ~  \  O0l46  ) 


(7.1) 

(7.2) 
(Fig.  28) 

(7.3) 
(Fig.  28) 

(6.156) 


h0(cn/k)K 


18.9  X  1.01 


Ka  =  ~  0.407  X  p„  X  21.2  X  0.62  p„ 


Point  1: 

T  —  267°F  (entrance)  Pv  =  2.68  atm 


Po 


=  3.05  -  2.68  =  0.37  atm 


tw  =  115°F 


At 


=  T  tw  =  267  -  115  =  152°F 


pc  =  1.83  atm  V0 


Try 

Tc  =  244°F 

p'.-p.  1.22  —  0.37 

Pof  2.3  log  v'g/Vo  2.3  log  1.22/0.37 


=  3.05  -  1.83  =  1.22  atm 
0.715  atm 


h0{Ta  -  Tc)  +  KqMMPv  ~  Pc)  ~  h<°(Te  tw) 


(13.32) 


18.9(267 


-  244)  +  ^  X  18  X  933.8(2.68  -  1.83)  -  926(244  -  115) 
0.715 


71,400  X  129,000  No  check 
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Try 

Te  =  220°F  pc  =  1.17  atm  pg  =  1.88  atm  pai  =  0.93  atm 
18.9(267  -  220)  +  X  18  X  933.8(2.68  -  1.17)  =  926(220  -  115) 

98,400  =  97,500  Check 
U  At  =  98,400  +  97->jQ9  -  97>95Q 


__  97,950 

0  267  -  115 


644 


Having  determined  the  conditions  at  the  inlet,  proceed  from  point  to  point  in  the 
exchanger.  Since  the  partial  pressure  of  water  changes  rapidly  at  high  temperatures, 
it  follows  that  most  of  the  condensation  will  occur  near  the  inlet.  (Refer  to  the 
saturation  curve  for  water.)  To  obtain  a  reasonable  distribution  of  heat  loads  over 
the  condenser,  a  second  point  very  near  the  inlet  has  been  chosen. 

Point  2: 

TB  =  262°F  and  saturated  pv  =  2.49  atm  pa  =  3.05  —  2.49  =  0.56 

2  49 

Mol  steam  remaining  =  35  X  ttvt;  =  156 

0.56 

New  gas  rate  =  1544  +  156  X  18  =  4352  lb /hr 
Mean  properties:  Mm  =  22.8  c  =  0.382  k  =  0.0143 
m  =  0.0154  X  2.42  =  0.0373 
W 

ft=-ST  =  042  =  985°lb/(hr)(ft’) 

Re  =  £T  =  °-0792  X  sirs  -  20,900 

=  83.5  (f)*  =  i.o  (I)54  =  1.0 

h0  =  15.0 

Kr  _ _ 15.0  X  1.0  _  2.80 

"  0.382  X  pof  X  22.8  X  0.62  ~  ^7 
Water  rise  =  1,598,000/137,000  =  11.7°F 
tw  =  115  -  11.7  =  103.3°F 


Try 

Tc  =  182  F  pc  =  0.534  atm  pg  =  2.51  atm  pof  =  1.305  atm 

15.0(262  -  182)  +  ML  X  18  X  937.3(2.49  -  0.534)  =  926(182  -  103.3) 

71,900  =  72,800  Check 
U  At  =  ZiigPO  +  72,800  =  72350 

JT  _  72,350 

262  -  103.3  ~  456 

Points  3,  4,  and  5  are  calculated  in  the  same  manner. 

Point  6: 


Tg  —  120°F  and  saturated 
Mol  steam  remaining  =  35 


X 


pv  =  0.115  atm 
0.H5  ,  _ 

2.035  1,37 


Po  -  3.05  -  0.115  =  2.935  atm 
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New  gas  rate  =  1544  +  1.37  X  18  =  1568.7 
Mean  properties: 

Mm  =  43.1,  c  =  0.214,  k  =  0.0102, 

M  =  0.016  X  2.42  =  0.0387 

G,=J,=  ^55?  “  3570  Ib/(hr)(ft») 

Re  =  0.0792  X  MOL  =  7300 


0.0387 


Jh  =  47.5 

(i  r  - «■ 


CiT  - 0 


935 


872 


ho  =  5.7 


K0  = 


0.87 

Vo! 


Water  rise  =  177)000  =  i  3°F 
water  rise  137>qoo 

tw  =  81.3  -  1.3  =  80°F 


Try 

Tc  =  80.7°F  pc  =  0.0352  atm  v[  =  3.05  -  0.0352  =  3.015  po/  = 
5.7(120  -  80.7)  X  18  X  1025.8(0.115  -  0.0352)  =  926(80.7  -  80) 

654  =  648 


U  At 


654  +  648 
2 


651 


2.97 


U  = 


651 

(120  -  80) 


16.2 


Having  determined  both  q  and  U  At,  it  need  only  be  recalled  that  A  =  Zq/ZU  At 
and  proceed  to  evaluate  A.  This  may  be  done  in  any  of  several  ways.  More  accu¬ 
rately  Zq  should  be  plotted  against  l/U  At,  the  area  of  the  graph  corresponding  to  A. 
A  simpler  and  generally  acceptable  method  involves  tabulation  of  the  results  obtained 
so  far  and  a  numerical  summation.  This  last  will  be  demonstrated. 


*  LMTD. 
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The  LMTD  based  on  a  shell  range  from  267  to  120°F  and  tube  range  from  80  to 
115°F  is  84.0°F,  but  when  weighted  by  the  summation  of  ZUA  =  Q/At, 


and 


Weighted  At 


Q 

2q/  Ata.v 


4,802,000 

35,990 


133°F 


f-^Clean 


Q  __  4,802,000 

A  At  378.8  X  133 


External  surface/ft  =  0.1963 

Total  surface  available  =  246  X  12'0"  X  0.1963  =  580  ft2 


UD 

Rd 


Q  _  4,802,000  _ 

A  At  580  X  133 
Uc  -  UD  _  95.3  -  62.3 
UCUD  95.3  X  62.3 


0.0055 


(Table  10) 


Remarks.  The  pressure  drop  for  the  shell  side  can  be  computed  from  the  average 
based  on  the  inlet  and  outlet  total  gas  conditions.  The  0.0055  dirt  factor  is  greater 


Fig.  13.7.  Condensation  of  C02-steam  mixture. 


tZZEZZZT?-  ^  faCt0rS  are  because  of  the 

Fr  3 T  Not  thl?  )  m  ce  later  Stages-  A  plot  oiU  «•  «  fa  shown  in 

g.  13.7  Note  that  Uc  varies  from  644  to  16.2  from  inlet  to  outlet 

the  orteli““»  ‘o  account  for  heat  for  subcooling  all  the  condensate  to 

tivity  when  condensing  on  thetubewaT  Wten  th^  A  ^  ^  thema‘  C°nduc- 
wiUhe  necessary  to  alfow  extract  ^3^  * 
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5.  CONDENSATION  FROM  A  NONCONDENSABLE  OF  A 
MIXTURE  IMMISCIBLE  WITH  WATER 

The  Influence  of  Components  on  the  Condensing  Curve.  This  section 
corresponds  to  Case  9  in  Table  13.1.  The  methods  used  here  refer  par¬ 
ticularly  to  steam  distillation  in  1  le  petroleum  industry,  although  varia¬ 
tions  of  the  method  can  be  applied  to  other  problems  as  well. 

When  an  organic  vapor  mixture  immiscible  with  water  enters  a  con¬ 
denser  and  contains  a  noncondensable  gas  as  well  as  steam,  the  calculation 
can  be  carried  out  using  Eq.  (13.20)  with  modifications.  The  total 
pressure  is  the  sum  of  three  distinct  pressures:  the  pressure  of  the  mis- 
cibles,  pressure  of  the  gas,  and  the  pressure  of  the  immiscible.  The 
equilibrium  among  the  miscibles  is  unaffected  by  the  presence  of  the  other 
components  except  that  the  equilibrium  exists  only  at  the  sum  of  the 
partial  pressures  of  the  miscibles  and  not  at  the  operating  pressure  of  the 
condenser.  Since  the  steam-gas  and  miscibles-gas  mixtures  attain  their 
separate  equilibrium  relationships,  the  system  may  have  two  dew  points, 
one  for  the  steam  and  the  other  for  the  miscibles,  although  both  need  not 
be  passed  in  the  condenser.  If  there  are  a  large  number  of  miscible  com¬ 
pounds,  the  calculation  of  the  condensing  curve  will  be  considerably 
lengthier  than  the  direct  calculation  of  a  multicomponent  mixture. 

A  vapor  mixture  of  miscibles  is  affected  in  definite  ways  by  the  presence 
of  a  noncondensable  and  steam.  The  noncondensable  reduces  the  curva¬ 
ture  of  the  condensation  curve  for  the  miscibles.  This  is  due  to  the  fact 
that  the  mols  of  noncondensable  remain  constant  while  the  miscibles 
leave  the  vapor.  The  noncondensables,  however,  reduce  the  condensing 
coefficient  for  both  the  vapor  of  the  miscibles  and  the  steam.  The  dew 
point  of  the  miscibles  can  be  obtained  from  the  sum  of  the  pressures  of 
the  miscibles  and  the  noncondensable  by  the  summation  of  the  KiU 
values  with  the  mols  of  noncondensable  included  as  a  constant.  Since 
the  steam  is  immiscible  with  the  miscibles,  its  dew  point  is  a  function  only 
of  the  partial  pressure  and  temperature  at  which  the  noncondensable 
becomes  saturated  with  steam  as  found  in  tables  of  steam  properties  such 
as  Table  7.  Which  of  the  two  dew  points  occurs  at  the  higher  tempera¬ 
ture  depends  upon  the  composition  of  the  initial  vapor.  It  is  entirely 
nossible  to  have  either  the  steam  or  the  miscibles  condense  first,  or  both 
may  have  dew  points  close  together.  Since  the  latent  heat  of  the  steam 
is  about  six  to  eight  times  as  great  as  that  of  an  oil,  it  is  extremely  impor¬ 
tant  to  determine  just  where  the  steam  starts  to  condense,  and  the  con¬ 
densing  curve  may  exhibit  a  greater  divergence  from  a  straight  me  on 
heat  capacity  vs.  Tv  plot  than  is  usually  encountered  with  multicomp 
pent  mixtures  of  miscibles  alone.  The  calculation  of  this  type  of  problem 
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can  be  facilitated  by  empirical  methods.  A  problem  of  this  type  will  be 
solved  presently  using  an  empirical  method  developed  for  petroleum 
fractions. 

Development  of  an  Empirical  Solution.  In  the  petroleum  industry  it 
is  customary  to  take  liquid  samples  of  complex  vapors  and  actually  distill 
them  in  the  laboratory  at  atmospheric  pressure  by  either  of  two  methods. 
The  first  is  the  ASTM  distillation,  which  is  carried  out  in  a  standardized 
manner  with  prescribed  equipment  as  outlined  in  the  ASTM  Standards, 
1930,  Part  II.  A  100-cm3  sample  is  distilled  batchwise  in  a  distillation 
flask  with  a  thermometer  submerged  in  the  neck.  The  temperature  is 
recorded  at  the  initial  boiling  point  (IBP)  and  for  successive  10-cm3 
portions  distilled  over.  The  percentages  distilled  over  are  plotted  against 
the  temperature.  This  is  called  the  ASTM  distillation  curve.  Anothei 
method  which  is  more  accurate  but  much  more  elaborate  is  the  true 
boiling  point  (TBP)  distillation.  This  consists  of  introducing  the  sample 
of  material  into  a  round-bottom  flask  which  is  then  connected  to  a  Pod^ 
bielniak  distilling  column  containing  a  large  number  of  theoretical  dis¬ 
tilling  plates.  The  material  is  distilled  over  with  a  reflux  ratio  of  10:1 
to  30:1.  The  TBP  curve  is  plotted  in  a  similar  manner  to  the  ASTM 
distillation  except  that  a  nearly  complete  separation  takes  place  and  the 
percentages  distilled  can  be  identified  by  their  boiling  points  as  pure 
compounds.  The  first  material  to  come  overhead  in  a  TBP  distillation 
has  a  lower  initial  boiling  point  than  the  ASTM,  since  the  most  volatile 
fraction  will  have  been  separated  almost  individually  from  the  next  less 
volatile  fraction.  The  presence  in  an  ASTM  distillation  of  the  unsep¬ 
arated  fractions  shortens  the  range  of  temperatures  between  the  initial 
boiling  point  and  the  end  point  of  the  distillation  by  comparison  with 


A  number  of  correlations  have  been  made  by  Piroomov  and  Beiswenger1 
and  Packie,2  of  which  the  latter  is  used  here.  These  studies  undertake 
the  problem  of  correlating  a  batch  distillation  such  as  the  ASTM  or  TBP 
with  the  performance  to  be  expected  in  a  distilling  column  where  the 
vaporization  occurs  by  a  continuous  process.  Thus  suppose  a  still  were 
continuously  operated  at  its  boiling  point  by  the  introduction  of  liquid 
feed  which  separates  continuously  into  a  vapor  rising  upward  and  a 
liquid  Which  , s  withdrawn  at  the  bottom.  Consider  such  an  equilibrium 
system.  It  is  assumed  that  boiling  produces  a  liquid  of  uniform  compo¬ 
sition  and  that  the  vapor  is  in  equilibrium  with  the  still  liquid.  A  similar 
condition  exists  m  distilling  columns,  reboilers,  and  condensers  in  which 
hqu,  contmuously  in  equilibrium  with  the  vapor  above  H 

•p ”•  -■  *  *.  »»• 
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point  to  point.  A  curve  which  indicates  the  temperature  of  the  liquid 
as  a  function  of  composition  and  for  a  given  pressure  when  it  is  maintained 
in  equilibrium  with  its  vapor  over  its  entire  boiling  or  condensing  range 
is  called  an  equilibrium  flash  curve  (EF).  An  EF  curve  is  necessary  for 
the  calculation  of  the  condensing  curve,  and  it  naturally  differs  from  an 
ASTM  curve  in  which  the  mati  ial  previously  vaporized  is  removed 
from  the  system.  The  method  given  below  permits  the  conversion  of  an 
ASTM  or  TBP  curve  to  an  EF  curve  empirically  as  the  result  of  a  correla¬ 
tion  of  many  flash  distillations  which  have  been  compared  with  their 
respective  ASTM  and  TBP  distillations.  The  procedure  for  obtaining 
the  condensing  curve  and  the  true  temperature  difference  from  the  ASTM 
or  TBP  curve  is  as  follows: 

The  true  temperature  difference: 

1.  Draw  the  ASTM  distillation  curve  with  per  cent  vaporized  as  the 
abscissa  and  temperature  as  the  ordinate. 

2.  Draw  the  distillation  reference  line  which  is  a  straight  line  through 
the  10  and  70  per  cent  points  of  the  ASTM  or  TBP  curves. 

3.  Determine  the  slope  of  the  distillation  reference  line  by  the  follow¬ 
ing  formula,  where  percentages  represent  points  on  the  respective  curves. 

Temp  °F  at  70%  —  temp  °F  at  10%  _  c-p  IOf 

00  '  /o 

i 

4.  Compute  an  average  50  per  cent  point  for  the  distillation  curve  by 
averaging  the  20,  50,  and  80  per  cent  points,  or  if  the  80  per  cent  point  is 
lacking,  use  the  50  per  cent  point  of  the  distillation  reference  line. 

5.  Enter  the  appropriate  curves  in  Fig.  13.8  or  13.9,  which  is  the 
key  to  the  correlation.  It  relates  the  50  per  cent  point  of  the  ASTM 
distillation  reference  line  to  the  5C  per  cent  point  on  the  equilibrium  flash 

reference  line. 

6.  Using  the  slope  calculated  in  3  enter  Fig.  13.10,  which  relates  the 
slope  of  the  ASTM  reference  line  to  the  slope  of  the  equilibrium  flash 

reference  line. 

7.  The  50  per  cent  point  and  slope  determine  the  flash  reference  line, 
which  is  assumed  to  be  straight  through  the  10  and  70  per  cent  points 
of  the  flash  vaporization  curve. 

8.  At  the  various  percentages  read  temperatures  from  the  AS1 M  oi 
TBP  curve  and  its  reference  line,  and  subtract  the  temperature  for  t  e 
reference  line  from  that  for  the  distillation  curve  noting  the  sign  of  the 

difference. 
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9.  For  each  percentage  distilled  read  on  the  appropriate  curve  in  Fig 
13.11  or  13.12  the  corresponding  value  of  the  ratio 

(Temp  on  flash  vaporization  curve)  —  (temp  on  flash  reference  line) 

(Temp  on  distillation  curve)  —  (temp  on  distillation  reference  line) 

10.  Multiply  the  ratio  obtained  in  9  by  the  difference  obtained  in  8  to 
obtain  the  difference  between  the  temperatures  on  the  flash  vaporization 
curve  and  the  flash  reference  line  for  a  given  percentage  distilled.  This 
enables  a  translation  for  the  curvature  of  the  ASTM  to  the  EF  curve. 

11.  For  the  same  percentage  distilled  and  used  to  obtain  the  product 
in  10,  read  a  value  of  the  temperature  on  the  flash  reference  line  and  add 


to  or  subtract  from  it,  according  to  the  sign,  the  product  obtained  in  10. 

Proceed  point  by  point  to  determine  the  entire  flash  vaporization  curve 

12.  The  curve  obtained  thus  is  the  EF  or  flash  vaporization  curve  for 

1  atm  pressure,  since  it  refers  to  the  ASTM  curve  at  atmospheric  pressure. 

lo  obtain  a  curve  at  other  pressures  when  the  distilling  column  is  to  be 

operated  at  sub-  or  superatmospheric  pressure,  refer  to  Fig  8  in  the 
Appendix.1  6  uie 


•  8  18  a  Plot  of  the  vaPor  pressure  of  hydrocarbons  It  is  not  nlottprl  K 

haveV'atUatCOm^UndS  ^  by  the  b°U“g  points  pure  impounds  have  or  may 

sure.  boils  at  140°F  at  atmospheric  pres- 

for  isohexane.  Normal  hexane,  however  boUs  atlSeV^d^t  PreSSUre  CUrve 

will  be  a  curve  in  Fig.  8  proportionately  between  the  140  and  fio°3P°r  pTe**™e  Curve 
upward  or  downward  alomr  flip  I4n°  o  ,  .  40anc*160  curves.  Traveling; 

compand  as  the  ordinate  and  the  saturattonttmMT  3  Va'Ue  ^  ^  pre8sure  of  the 

sure.  Thus  at  14.7  psia  isohexane  has  a  boihng  poinToMW^read^s  £  ^h4  PreS' 

« the  pressure  at  100‘F  is  desired,  move  downward  on  the  wVZ  ZZpenZ 
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Observe  the  temperature  at  the  intersection  of  the  flash  reference  and 
the  distillation  reference  line.  On  the  vapor  pressure  chart  (Fig.  8) 
estimate  the  number  of  degrees  of  displacement  in  boiling  point  that  the 
change  in  pressure  would  cause  for  a  pure  hydrocarbon  with  an  atmos¬ 
pheric  boiling  point  the  same  as  the  temperature  at  the  intersection  of 
the  two  reference  curves.  Displace  each  point  of  the  flash  vaporization 
curve  by  the  same  number  of  degrees  by  which  a  pure  compound  with 
atmospheric  boiling  point  at  the  temperature  of  the  intersection  would  be 


Fig.  13.9.  Relation  between  50  per  cent  points  of  TBP  and  EF  curves.  ( Packie ,  Trans¬ 
actions  of  American  Institute  of  Chemical  Engineers.) 


displaced  by  the  change  from  atmospheric  pressure.  For  operating  pres¬ 
sures  greater  than  25  psi  greater  accuracy  may  be  expected  by  employing 
the  method  of  Katz  and  Brown.1 

The  method  of  calculating  the  heat-transfer  coefficients  for  such 
systems  is  deferred  following  an  illustrative  example  on  the  calculation 
of  the  weighted  true  temperature  differences,  so  that  the  problems  origi¬ 
nating  in  the  calculation  of  the  condensing  curve  can  be  clarified  first. 


Example  13.6a.  Calculation  of  a  Hydrocarbon-Noncondensable-steam  Mixture. 

The  overhead  of  a  distilling  column  operating  at  5  psig  contains  13,330  lb  /hr  of  oil 
vapor  90  lb /hr  of  noncondensable  gas  of  50  mol.  wt.,  and  370  lb /hr  of  steam.  On 
condensation  the  oil  vapor  has  an  average  gravity  of  50°API.  The  overhead  is  at  a 

of  100°  read  on  the  abscissa,  giving  a  value  at  the  left  of  6.5  psia.  In  a  mixture  of 
organic  compounds,  if  its  boiling  temperature  is  known  at  14.7  Fig.  8  permits :  w  t 
equal  facility  the  determination  of  the  pressure  and  corresponding  temperature  to 
any  new  condition.  This  type  of  graph  has  certain  inherent  advantages  ove  ^ 
more  conventional  Cox  chart,  particularly  when  it  is  preferable  to  dmde  a  b  y 
mixture  of  hydrocarbons  into  a  number  of  fictitious  pure  compounds  so  as  to  approx, 

mate  the  total  composition  of  the  mixture.  ok  ,o7o_  1S84  (19331 

i  Katz,  D.  L.,  and  G.  G.  Brown,  Ind.  Eng.  Chem.,  26,  1373-1384  (1933). 
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Fig.  13.10.  Slope  of  ASTM  and  TBP  reference  lines  to  EFC  reference  lines. 
Transactions  of  American  Institute  of  Chemical  Engineers.) 


01  tne  AbiM  curve  froi 
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temperature  of  305°F  and  is  to  be  completely  condensed  (as  far  as  practicable)  with 
water  from  85  to  120°F. 

Determine  the  weighted  true  temperature  difference. 

The  ASTM  distillation  on  the  oil  abne  in  the  overhead  is  as  follows: 


%  distilled 

Temp,  °F 

IBP 

90 

10 

145 

20 

180 

30 

208 

40 

234 

50 

260 

60 

286 

70 

312 

80 

338 

90 
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Solution:  Basis  1  hour. 

(1)  and  (2)  Plot  the  ASTM  curve  and  reference  line  as  shown  in  Fig.  13.13. 

Applying  the  method  outlined,  determine  the  dew  point  of  (a)  oil  vapor  and  (6) 
steam,  (c)  the  condensing  curve,  ( d )  the  heat  load,  ( e )  the  weighted  true  tem¬ 
perature  difference,  and  lastly  (/)  the  condenser. 


(3)  Slope  of  the  ASTM  = 

(4)  Average  50%  point  = 


70%  -  10% 


60% 

20  +  50  +  80% 
3 


312  6Q  H-5  =  2.79°F/% 

180  +  260  +  338 
3 


259. 3°F 


(5)  For  the  50  per  cent  point  on  the  equilibrium  flash  curve  (EFC)  from  Fig.  13.8 
where  the  slope  on  the  ASTM  =  2.79°F/%  and  259. 3°F 

50%  point  ASTM  =50%  point  flash  curve  =  38°F 

50%  on  EFC  =  259  —  38°  =  221°F  fixing  first  point  on  EFC 

(6)  From  Fig.  13.10,  upper  curve 

Slope  of  flash  reference  line  =  1.65°F/% 

10%  on  EFC  =  50%  -  40%  =  221  -  40  X  1.65  =  155°F 
70%  on  EFC  =  50%  +  20%  =  221  +  20  X  1.65  =  254 °F 

(7)  Draw  this  line  as  a  reference  through  the  50  per  cent  point.  Calculate  the  flash 
curve  for  different  percentages  off. 

(8)  AT  ASTM  =  °F  ASTM  -  °F  ASTM  reference 

(9)  AT  ASTM  X  (factor  Fig.  13.11)  =  AT  EFC 

(10)  °F  EFC  reference  +  AT  EFC  =  °F  EFC 

(11)  0%  off: 

AT  ASTM  =  90  -  117  =  -27°F. 

AT  EFC  =  -27  X  0.50  =  13.5°F. 

°F  EFC  =  139  -  13.5  =  125.5. 

10%  off: 

AT  ASTM  =  145  -  145  =  0. 

20%  off: 

AT  ASTM  =  180  -  173  =  +7.0°. 

AT  EFC  =  +7.0  X  0.82  =  5.7°. 

°F  EFC  =  172  +  5.7  =  177.7. 

30%  off: 

AT  ASTM  =  208  -  201  =  +7.0°. 

AT  EFC  =  +7.0  X  0.67  =  4.7°. 

°F  EFC  =  188  +  4.7  =  192.7. 

40%  off: 

AT  ASTM  =  234  -  229  =  +5.0°. 

AT  EFC  =  5.0  X  0.57  =  2.9°. 

°F  EFC  =  204  +  2.9  =  206.9. 

70%  off: 

AT  ASTM  =  312  -  312  =  0. 

(12)  Correct  for  pressure:  Intersection  ASTM  reference  and  EFC  reference  at  170“F 

atr°I87^  AdV  117^  ^  ^  to  **  ™  P-' 


Calculation  of  the  80  per  cent  point : 


The  following  vapor  enters,  13,330  lb /hr  oil  50°API 
50  mol.  wt.  ’ 


370  lb /hr  steam,  90  lb /hr  gas 
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Fig.  13.14.  Molecular  weights  of  petroleum  fractions.  ( JVatson ,  Nelson,  and  Murphy, 
Industrial  and  Engineering  Chemistry.) 
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.  13.15.  Computed  vs.  actual  vapor  pressure  of  steam. 
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For  80  per  cent,  13,330  X  0.80  =  10,664  lb /hr  oil  uncondensed. 

Average  boiling  point  from  the  EFC  at  1  atrn  is  269  F  from  Fig.  13.13. 

Average  boiling  point  from  the  EFC  at  19.7  psia  add  17  F  =  269  +  17  =  286  F. 

The  molecular  weight  of  the  vapors  from  point  to  point  is  determined  from  Fig.  13.14. 

For  50°API  oil  and  269°F,  mol.  wt.  =■  113. 

The  mols  of  oil  still  to  be  condensed  =  10,664/113  =  94.3. 

The  following  are  also  present :  Mols  gas  =  9  %  o  =  1.80 

Mols  steam  =  37Hs  —  20.6 

Mols  total  =  116.7 

The  total  pressure  is  19.7  psia,  and  the  partial  pressure  of  each  component  is  pro¬ 
portional  to  its  mol  fraction. 

Partial  pressure  of  oil  =  (94.3/116.7)19.7  =*  15.9  psia. 

Partial  pressure  of  NC  gas  =  (1.8/116.7)19.7  =  0.304  psia. 

The  temperature  at  which  the  oil  will  condense  in  the  presence  of  noncondensable 
corresponds  to  its  partial  pressure. 

Refer  to  Fig.  8  in  the  Appendix,  which  relates  the  temperature  at  which  a  fraction 
will  boil  at  a  higher  or  lower  pressure  if  the  temperature  at  a  given  pressure  is  known. 

At  19.7  psia  the  boiling  point  is  286°F.  At  the  intersection  of  this  ordinate  and 
abscissa  follow  the  oblique  to  an  ordinate  of  15.9  psia  and  read  the  new  abscissa,  277°F. 
These  values  are  the  actual  condensing  temperatures  of  the  oil  vapor  in  the  presence  of 
noncondensable  gas  and  steam. 

To  determine  the  heat  load  it  is  also  necessary  to  determine  the  temperature  at 
which  the  steam  starts  to  condense,  since  the  ultimate  condensate,  water,  is  immiscible 
with  the  condensed  oil.  The  steam  may  condense  before  the  dew  point  of  the  oil  is 
reached,  during  condensation  of  the  oil,  or  after  nearly  all  the  oil  has  condensed.  The 
dew  point  of  the  steam  is  a  function  only  of  its  partial  presure  in  the  vapor  and  the 
saturation  temperature  of  pure  steam  at  the  partial  pressure. 

At  19.7  psia,  if  only  pure  steam  were  present,  it  would  condense  at  227°F.  The  dew 
point  in  this  case  must  be  considerably  lower. 


Calculation  of  Dew  Point  of  the  Steam 


T,  °F 

\Vt  —  (poii  +  Pnc) 

Pst-eam 

95 

19.7 

6.73 

12.97 

127 

19.7 

9.40 

10.30 

163 

19.7 

12.25 

7.45 

205 

19.7 

14.64 

5.06 

240 

19.7 

15.65 

4.05 

Psat  (steam  tables) 


0.815 

2.050 

5.09 

12.77 

24.97 


0fTheTrl0tted  “  Fig'  13'15,  the  POint  0f  “tereecti°n.  173”F,  being  the  dew  point 
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At  173°F,  the  dew  point  of  steam,  p8at  =  6.417  psia 
Voa  +  Pnc  =  19.7  -  6.417  =  13.29  psia 

Mol/hr 
Oil  =  X 
NC  gas  =  9%0  =  1.8 
Steam  =  *'  <K8  =  20.55 

22.35  +  X 

But  the  20.55  mol  steam  o  6.417  psia. 

19.7  X  20.55/(22.35  +  X)  =  6.417 

X  =  40.75  mols  oil 

The  partial  pressures  of  the  components,  being  in  the  mol  ratios,  are 


Psi 

Oil . 

.  12.74 

NC  gas . 

.  0.56 

Steam . 

.  6.42 

19.72 

173°F  and  12.74  psia  are  equivalent  to  180°F  at  14.7.  From  Fig.  13.14  the  molecular 
weight  of  the  vapors  is  85. 

Lb  /hr  vapor  =  40.75  X  85  =  3470  lb 

„  ^  ,  ,  (13,330  -  3470)100  ^ 

%  Condensed  =  - 13~330 -  =  74% 

It  is  now  necessary  to  determine  the  amounts  of  steam  and  oil  condensed  at  tempera¬ 
tures  below  the  steam  dew  point.  In  constructing  Table  13.4  the  partial  pressure  of 


steam  and  the  mols  in  the  gas  phase  were  considered  constant 
when  the  steam  is  condensed,  it  is  the  result  of  a  continuously 
pressure.  This  correction  is  made  below 


Actually,  however, 
decreasing  partial 
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The  reduction  in  the  partial  pressure  of  steam  in  the  mixture  increases  the  partial 
pressure  of  oil,  thereby  increasing  the  percentage  condensation  for  a  given  tempera¬ 
ture.  Thus  for  80  per  cent  condensation  if  both  the  steam  and  noncondensable  gas 
were  removed,  the  temperature  would  correspond  to  195°F  on  the  19.7  psia  El  C 
instead  of  163°F  when  the  steam  and  noncondensable  gas  are  present. 

Trial  1: 

At  163°F,  assume  90  per  cent  of  oil  vapor  is  condensed. 


Mol/hr 

mf 

Oil  vapor  13,300  X  0.10/78. . 
NC  gas . 

17.1 

1.8 

X 

17.1/(18.9  +  X) 

1. 8/(18. 9  +  X) 
X/(18.9  +  X) 

Steam . 

Total . 

18.9  +  X 

Then  19.7Ar/(18.9  +  X)  is  the  partial  pressure  of  the  steam.  Since  water  is 
insoluble  in  the  hydrocarbons,  the  partial  pressure  is  also  fixed  by  the  saturation 
pressure  given  in  the  steam  tables. 

For  163°F  p8team  =  5.09  psia 

19.7A7(18.9  +  A)  =5.09 

X  =  6.58  mols  steam 


Mol /hr 

mf 

mf  X  P  t  —  Ppartial 

Oil  vapor . 

17.1 

0.672 

13.23 

NC  gas . 

1.8 

0.070 

1.38 

Steam . 

6.58 

0.258 

5.09 

Total . 

25.48 

1.000 

19.70 

A  temperature  of  163°F  at  13.23  psia  is  equivalent  to  a  temperature  of  188°F  at  19  7 
psia.  From  the  EFC  at  19.7  psia  in  Fig.  13.13  it  will  be  seen  that  16.5  per  cent  will 
be  vaporized  at  188°F  or  83.5  per  cent  condensed.  It  was  assumed  that  90  per  cent 

was  condensed;  hence  the  amount  of  oil  assumed  to  be  condensed  was  in  error  reauir- 
mg  a  new  trial.  ’  H 

Trial  2: 


At  163°F  assume  85  per  cent  of  vapor  condensed. 


Mol  /hr 

mf 

mf  X  pt 

Oil  vapor,  13,330  X  .15/81 

24.7 

1.8 

(A  =  9.23) 

0.692 

0.050 

0.258 

13.62 

NC  gas,  9%0 . 

Steam,  X 

0.99 

5.09 

1.00 

19.70 
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163  F  at  13,62  psia  =c=  185°F  on  the  19.7  psia  EFC.  This  point  corresponds  to  15  per 
cent  liquid  or  85  per  cent  condensed.  The  assumption  checks  the  curve. 

Initial  steam  =  37  % 8  =  20.55  mols 

Uncondensed  steam  at  163°F  =  9.23 

Mols  condensed,  173  —  163°F  =  11.32 
Similarly 


T,  °F 

Oil  cond,  % 

Oil  cond,  lb 

Steam  cond,  lb 

173 

74 

9,863 

0 

163 

85 

11,350 

204 

127 

97.5 

13,000 

357 

95 

100 

13,330 

370 

Condensing  Curve.  The  following  enthalpy  data  have  been  taken  from  Fig.  11  in 
the  Appendix  and  the  steam  tables.  The  limitations  of  this  type  of  petroleum 
enthalpy  data  may  be  found  in  the  literature.  The  inconsistency  of  the  enthalpy 
datum  temperatures  for  steam  and  the  oil  vapor  does  not  affect  this  solution,  since 
only  differences  are  involved. 


Oil 

Steam 

Tc,  °F 

Hv, 

vapor 

Hi, 

liquid 

H0  or  Hv, 
gas  or  vapor 

Hi,  liquid 

305 

368 

242 

1197.0 

Superheated 

277 

359 

225 

1184.1 

Superheated 

240 

337 

204 

1167.0 

Superheated 

205 

322 

185 

1150.6 

Superheated 

173 

310 

168 

1135.4 

140.9 

163 

306 

163 

1131.4 

130.9 

127 

293 

144 

1116.6 

94.9 

95 

283 

128 

1103.1 

63.0 

Heat  load 
305°F : 

Oil  vapor  =  13,330 
Steam  =  370 

NC  gas  =  90 

277°F: 

Oil  vapor  =  10,664 
Oil  liquid  =  2,666 
Steam  =  370 

NC  gas  =  90 


H 

X  368  =  4,920,000 

X  1197.0  =  443,000 

X  0.46(273)  =  11,300 

5.374.300 

X  354  =  3,770,000 

X  225  =  595,000 

X  1184.1  =  438,000 

X  0.46(245)  =  9,300 

4.812.300 


7 


0 


5G2,000 
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240°F : 

Oil  vapor  =  7,998  X 
Oil  liquid  =  5,332  X 
Steam  =  370  X 

NC  gas  =  90  X 


205°F: 

Oil  vapor  =  5,332  X 
Oil  liquid  =  7,998  X 
Steam  =  370  X 

NC  gas  =  90  X 


H 

337 

=  2,695,000 

204 

=  1,088,000 

1167 

=  432,000 

0.46(208) 

=  8,600 

4,223,600 

322 

=  1,715,000 

185 

=  1,480,000 

1150.6 

=  426,000 

0.46(173) 

=  7,200 

3,628,200 

9 


588,700 


595,400 


173°F  (dew  point  of  steam): 

Oil  vapor  =  2,666  X  310 
Oil  liquid  =  10,664  X  168 
Steam  =  370  X  1135.4 

NC  gas  =  90  X  0.46(141) 


163°F: 

Oil  vapor  =  1,980  X  306 
Oil  liquid  =  11,350  X  163 
Steam  =  166  X  1131.4 

Water  =  204  X  130.9 

NC  gas  =  90  X  0.46(131) 


127°F : 

Oil  vapor  =  330  X  293 

Oil  liquid  =  13,000  X  144 
Steam  =  13  X  1116.6 

Water  =  357  X  94.9 

NC  gas  =  90  X  0.46(95) 

95°F: 

Oil  liquid  =  13,300  X  128 
Water  =  370  X  63 

NC  gas  =  90  X  0.46(63) 

These  calculations  are  plotted  in  Fig.  13.16 
Summary: 

Inlet  to  steam  dew  point: 

5,374,300  -  3,042,800  = 
Steam  dew  point  to  outlet: 


=  827,000 

=  1,790,000 
=  420,000 

=  5,800 

3,042,800  585,400 

=  606,000 
=  1,850,000 
=  188,500 

=  26,700 

=  5,400 

2,676,600  366,200 

=  96,600 

=  1,870,000 
=  14,400 

=  33,900 

=  3,900 

2,018,800  657,800 

=  1,710,000 
=  23,300 

=  2,600 

=  1,735,900  282,900 


2,331,500  Btu/hr 


3,042,800  - 
Total 

Total  water  = 


1,735,900  =  1,306,900 


3,638,400 
120  -  85 


3,638,400  Btu/hr 
104,000  lb /hr 
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Fig.  13.16.  Condensation  of  mixed  hydrocarbons  with  gas  and  steam. 

In  this  particular  problem  the  condensing  curve  from  the  inlet  to  the  dew  point 
of  the  steam  is  nearly  straight.  When  both  the  shell  and  tube  steam  temperature 
changes  are  proportional  to  the  heat  load,  the  LMTD  may  be  applied. 

Water  temperature  at  dew  point  of  steam, 

- 85  +  x  35  -  97-5°F- 

Weighted  true  temperature  difference ,  At: 

Inlet  to  dew  point  of  steam: 

Ti  305  120.0  <2 

Tx  173  97.5  tv  LMTD  =  122.2°F 

VA=ft=  2*°  “ 

Dew  point  of  steam  to  outlet  (from  Fig.  13.16): 


q 

A q 

Tc 

tw 

Afcv 

A1  -  UA 
A/av 

2,331,500 

173 

97.5 

2,285 

2,500,000 

169,000 

169 

96 

74 

2,750,000 

250,000 

161 

93 

70.5 

3,550 

3,000,000 

250.000 

149 

91 

63 

3,970 

3,250,000 

250 . 000 

134 

89 

51.5 

4,850 

3,500,000 

250.000 

112 

86 

35.5 

7,040 

3,638,000 

138.000 

95 

85 

18.5 

7,460 

UA  =  V% 

w  At 

29,155 
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Q  1,306,900 
Weighted  At  -  YX^/At  ~  29,155 

Overall  weighted  temperature  difference: 

w  •  ,  +  ,  A,  _  3,638,500  = 

Weighted  At  29,155  +  19,050 


=  44.8°F 


75.5°F 


The  uncorrected  LMTD  is  60.1°F. 

The  Overall  Coefficient  of  Heat  Transfer.  The  condensing  curve  of 
Example  13.6a  is  typical  of  the  condensation  which  may  occur  for  the 
phase  system  indicated.  It  is  repeated  here  that  the  steam  dew  point 
may  be  higher  than  the  oil  dew  point  and  that  the  steam  may  start  to  con¬ 
dense  first.  When  the  latter  occurs,  the  surface  from  the  steam  dew 
point  to  the  oil  dew  point  can  be  treated  as  the  ordinary  condensation  of  a 
vapor  from  a  noncondensable  with  the  superheated  oil  vapor  combining 
with  the  gas  to  form  the  total  noncondensables.  If  the  vapor  enters  at  a 
temperature  above  either  dew  point,  it  is  cooled  to  the  first  dew  point  as  a 
dry  gas,  although  this  does  not  happen  after  a  distilling  column,  since  the 
top  plate  vapor  is  always  at  a  dew  point. 
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10  20  30  40  50  60  70  80  90  100 

Non  condensables  in  vapor,  mol  or  volume. % 

Condensing  coefficients  for  vapors  and  noncondensables. 

Where  steam  is  above  its  dew  point,  it  is  regarded  as  a  noncondensable 

gas  as  a  matter  of  safety  even  though  the  tube-wall  temperature  may  be 

below  the  dew  point  of  the  steam  and  therefore  wet.  When  oil  vapor 

condenses  in  the  presence  of  noncondensables,  the  problem  is  again  one 

of  diffusion  except  that  the  equations  employed  heretofore  for  diffusion 

are  not  very  reliable  when  calculated  from  the  properties  of  vapors  of 

lgh  molecular  weight.  A  curve  for  the  condensing  and  diffusion  coeffi- 

cient  for  off  vapors  in  the  presence  of  noncondensable  gases  is  plotted  in 

lg.  13. 17  as  a  function  of  the  percentage  of  noncondensables.  Its  origin 
is  discussed  presently.  ® 
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When  steam  diffuses  through  a  noncondensable  gas  and  the  vapor  of 
miscibles,  the  rate  of  heat  transfer  is  quite  different  from  that  of  pure 
diffusion.  An  unpublished  correlation  has  been  made  of  the  overall  clean 
coefficients  Uc  obtained  by  calculating  the  pure  diffusion  of  steam,  using 
the  method  under  Sec.  4  of  this  chapter,  through  gases  with  molecular 
weights  between  16  and  50.  Th  calculated  data  define  a  common  line 
when  Uc  is  plotted  against  the  percentage  of  noncondensables  even 
though  the  operating  pressures  on  the  systems  varied.  The  curve 
obtained  from  this  data  is  taken  as  the  base  curve,  and  to  it  is  added  a 
film  resistance  corresponding  to  an  oil  layer  of  0.002  in.,  which  gives  an 
average  resistance  of  0.0020.  The  steam  curve  shown  in  Fig.  13.17  was 
arrived  at  in  this  manner.  The  oil  diffusion  curve  was  established  by 
taking  the  pure  condensing  coefficient  for  a  vapor  and  reducing  it  in  the 
same  percentage  as  the  steam  curve  is  reduced  by  the  increase  in  the  per¬ 
centage  of  the  noncondensables.  The  base  value  for  the  oil  curve  in 
Fig.  13.17  was  300,  but  any  other  condensing  coefficient  can  be  used  and 
reduced  according^.  This  will  usually  not  be  a  necessary  refinement. 
The  use  of  the  curves  at  low  vacuums  or  very  high  pressures  is  question¬ 
able,  but  a  large  number  of  condensers  have  been  designed  at  rates 
corresponding  to  those  obtained  by  this  method  and  have  operated 
successfully. 

While  a  method  based  on  using  fictitious  coefficients  as  suggested 
above  may  not  be  so  desirable  as  a  method  employing  individual  film 
calculations,  it  has  the  advantage  of  being  rapid.  The  cooling  of  the 
condensate  to  the  outlet  temperature  in  horizontal  condensers  may  be 
treated  similarly  to  that  in  Sec.  2,  by  using  the  free  convection  rate  U  of 
about  50  and  applied  to  the  average  liquid-cooling  sensible  heat  load. 
The  water  is  considered  to  be  in  the  coldest  passes,  and  the  temperature 
rise  of  the  water  is  figured  accordingly. 

Example  13.6b.  Calculation  of  a  C  ndenser  for  the  Condensation  from  Noncon¬ 
densable  of  a  Mixture  Immiscible  with  Water.  The  vapor  of  Example  13.6a  is  to  be 
condensed  with  a  fouling  factor  of  at  least  0.0030  and  pressure  drops  not  exceeding 
2.0  psi  for  the  vapor  and  10.0  psi  for  the  water. 

Available  for  the  purpose  is  a  27  in.  ID  exchanger  containing  286  1  in.  OD,  14  BWG 
tubes  12'0"  long  laid  out  on  lJ4-in.  triangular  pitch.  The  bundle  is  arranged  for 
eight  tube  passes  and  baffles  are  spaced  16  in.  apart. 

Solution: 

Exchanger: 


Shell  side 


Tube  side 


Baffle  space  =  16  in. 


ID  =  27  in. 


Number  and  length  =  286,  12'0" 

OD,  BWG,  pitch  =  1  in.,  14  BWG,  IK  in.  tri. 


Passes  =  1 


Passes  =  8 
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Clean  surface  requirements: 

Heat  load  inlet  to  dew  point  of  steam  =  2,331,500  Btu/hr 
At  =  122.2°.  hio  for  water  is  700  Btu/(hr)(ft2)(°F). 

From  Table  13.4  at  inlet 

NC  gas  +  steam  =  1.8  +  20.6  =  22.4  mol/hr 

Total  =  129.9  mol/hr 

%  NC  gas  =  =  0.1735 

From  Fig.  13.17,  h„  =  205  Btu/(hr)(ft2)(°F) 

At  dew  point  of  steam 

Mol /hr 

N  C  gas  +  steam .  22.4 

Oil .  40,75 

Total .  63.2 

oo  4 

%  NC  =  =  0.354 

From  Fig.  13.17,  K  =  140 

Log  mean  overall  coefficient  =  136.5  Btu/(hr)(ft2)(°F) 

At  =  122.2°F 

a  —  Q  —  2,331,500  _  ~  _  ,,2 

Aci  U  At  136.5  X  122.2  139  5  ft 

At  the  dew  point  of  the  steam  the  water  vapor  is  no  longer  considered  a  noncondens¬ 
able  gas.  And  since  the  remainder  of  the  oil  vapor  is  condensing,  it  is  not  to  be  con¬ 
sidered  a  noncondensable  in  the  presence  of  water  vapor  although  the  presence  of  each 
influences  the  rate  of  diffusion  of  the  other. 

At  dew  point  of  steam  to  outlet: 

Mol/hr 

NC  gas .  1.8 

Steam .  20.6 

Total .  22.4 

%  NC  gas  =  ~  =  0.080 

From  Fig.  13.17,  Uc  =  212  (weighted  for  oil  and  steam) 

At  outlet 

NC  gas  =  1.8  mols 
Steam  =  neg 

From  Fig.  13.17,  Uc  =  15 

Log  mean  overall  coefficient  =  74.5  Btu/(hr)(ft2)(°F) 

At  =  44.8°F 

a  _  Q  1,306,900 

02  U  At  ~  74.5  X  44:8  =  391  ft* 

mngT11118  ratC:  C°nSider  a11  the  condensate  cooled  over  half  the  entire  condensing 

Heat  of  liquid  (50°API)  =  13,330  X  0.55(305  -  95)/2  =  770,000  Btu/hr 
-  ssume  the  coldest  water  passes  are  in  contact  with  the  condensate 

Water  rise  =  X  35  =  7.4°F 

Condensate,  305  to  95°F 
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Water,  85  to  92.4°F 
LMTD  =  66.3°F 

Use  a  value  of  U  =  50  for  free  convection. 
A  Q  770,000 

U  At  50  X  66.3  ~  232,5  ft 


Total  clean  surface,  Ac  =  139.5  +  3'  l  +  232.5  =  763  ft2 
Clean  overall  coefficient  Uc: 


Q  _  3,638,400 
Ac  At  763  X  75.5 


63.2  Btu/ (hr) (ft2) (°F) 


Design  overall  coefficient  U d  : 


External  surface /ft  of  length  =  0.2618  ft 


A  =  286  X  12'0" 
„  _  3,638,400 
D  897  X  75.5 


X  0.2618  =  897  ft2 
=  53.7 


Dirt  factor: 


R*  =  Tw!r  "  X  53J  =  0  0028  a>r)(ft*)CF)/Btu 

The  pressure  drop  is  computed  in  the  usual  manner. 
Submerge  (232.5/763)897  =  274  ft2  of  surface 


Summary 


* 

h  outside 

700 

Uc 

63.2 

UD 

53.7 

Ra  Calculated  0.0028 

Rd  Required  0.003 

0.8 

Calculated  AP 

5.6 

2.0 

AMowable  AP 

10.0 

*  Composite.  Low  dirt  factor. 

PROBLEMS 


(Table  10) 


13.1.  The  following  vapor  enters  a  condenser  at  40  psia: 


Alois /hr 
C<  6.4 

Cb  219.7 

C 6  2.3 

228.4 


Assume  a  pressure  drop  of  5  psi  in  the  condenser. 
25  in.  ID  1-2  horizontal  condenser  containing  222  1  in 
arranged  for  eight  passes  on  lK-in.  square  pitch. 
Cooling  is  by  water  from  85  to  120  F. 


Available  for  the  service  is  a 
.  OD,  14  BWG,  12'0"  long  tubes 
Baffles  are  spaced  18  in.  apart. 
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(а)  What  is  the  true  temperature  difference? 

(б)  What  are  the  dirt  factor  and  pressure  drops? 

13.2.  The  following  overhead  vapor  enters  a  condenser  at  20  psia. 


Mols/hr 

Ck 

10.5 

c6 

150.0 

c6 

39.6 

c7 

63.7 

c8 

191.5 

Cooling  is  effected  by  water  from  85  to  120°F. 

Available  for  the  service  is  a  2334  in.  ID  1-2  horizontal  condenser  containing  308 
%  in.  OD,  14  BWG,  12'0"  long  tubes  arranged  for  four  passes  on  1-in.  square  pitch. 
Baffles  are  spaced  24  in.  apart. 

(а)  What  is  the  true  temperature  difference? 

(б)  What  are  the  dirt  factor  and  the  pressure  drop? 

13.3.  The  following  overhead  vapor  enters  a  condenser  at  50  psia. 


Mols/hr 

c4 

31 

Cs 

245 

c6 

124 

HoO 

40 

440 

Cooling  is  effected  by  water  from  85  to  120°F. 

(а)  What  is  the  true  temperature  difference? 

(б)  Calculate  the  size  of  1-2  horizontal  condenser  required  for  the  service  providing 

a  minimum  dirt  factor  of  0.004  and  a  pressure  drop  of  2.0  for  the  vapor  and  10.0  for 
water.  Use  1-in.  tubes  on  square  pitch  and  a  minimum  water  velocity  of  3.0 

fps. 

13.4.  2800  lb/hr  of  air  is  saturated  with  water  vapor  at  203°F  at  5  psi,  and  the 
mixture  enters  a  condenser  where  it  is  cooled  to  100°F  by  water  from  70  to  100°F. 
Available  for  the  service  is  a  27  in.  ID  1-2  condenser  containing  462  %  in.*OD, 

16  BWG,  12'0"  tubes  arranged  for  four  passes  on  1-in.  triangular  pitch.  Baffles  are 
spaced  24  in.  apart. 

(а)  What  is  the  true  temperature  difference? 

(б)  W  hat  are  the  dirt  factor  and  the  pressure  drops? 

13.6.  An  oil  has  the  following  ASTM  distillation  curve: 


%  distilled 

°F 

IBP 

310 

10 

328 

20 

338 

30 

346 

40 

354 

50 

360 

60 

367 

70 

372 

80 

377 

90 

382 

100 

387 

372 
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28,000  lb /hr  of  oil  (mol.  wt.  =  154)  and  4400  lb /hr  of  steam  enter  a  condenser  at 
20  psia.  Cooling  will  be  effected  by  water  from  85  to  100°F.  Available  for  the 
service  is  a  31  in.  ID  1-2  vertical  condenser  16'0"  tall  containing  728  %  in.  OD, 
16  BWG,  16'0"  long  tubes  arranged  for  two  passes  on  1-in.  triangular  pitch. 

(а)  What  is  the  weighted  A t? 

(б)  What  are  the  dirt  factor  and  pressure  drops? 

13.6.  A  48°API  oil  has  the  followii  ;  ASTM  distillation  curve: 


%  distilled 

op 

IBP 

100 

10 

153 

20 

190 

30 

224 

40 

257 

50 

284 

60 

311 

70 

329 

80 

361 

90 

397 

End  point 

423 

15,300  lb  /hr  of  oil  vapor,  3620  lb/hr  of  steam,  and  26,200  lb /hr  of  noncondensable  gas 
(mol.  wt.  =  46)  at  2.0  psi  are  to  be  condensed  using  cooling  water  with  an  inlet  temp¬ 


erature  of  85  °F. 

Available  for  the  service  are  two  33  in.  ID  1-2  horizontal  condensers  connected  in 
series  and  containing  680  %  in-  CD,  14  BW  G  tubes  16'C)"  long  laid  out  for  four  passes 
on  1-in.  square  pitch.  Baffles  are  at  full  pitch. 

(a)  Considering  the  condenser  to  be  at  atmospheric  pressure,  what  is  the  weighted 

At? 

( b )  What  are  the  dirt  factors  and  the  pressure  drops? 


NOMENCLATURE  FOR  CHAPTER  13 


A 

Ac 

Ac,  As 
A  <7 
a 
B 
C 


c 

c 

D 

Do 

d 

Do 

d. 

F 

f 

f»h 


Heat-transfer  surface,  ft2 
Clean  heat-transfer  surface,  ft2 

Heat-transfer  surface  for  condensation  and  subcooling  respectively,  ft2 
Heat-transfer  surface  corresponding  to  the  heat  load  interval  q,  ft2 
Flow  area,  ft2 

Baffle  spacing,  in.  „„  wo_x  ,  , 

Specific  heat  of  hot  fluid  in  derivations,  Btu/(lb)(  I);  number  of 

components  in  the  phase  rule,  dimensionless 
Clearance  between  tubes,  in. 

Specific  heat  of  cold  fluid,  Btu/(lb)(  F) 

Inside  diameter  of  tubes,  ft 
Outside  diameter  of  tubes,  ft 

Inside  diameter  of  tubes,  in.  . 

Equivalent  diameter  for  heat  transfer  and  pressure  drop,  ft 
Equivalent  diameter  for  heat  transfer  and  pressure  drop,  in. 

Degrees  of  freedom  in  the  phase  rule 

Fugacity  of^he  pure  compound,  fugacity  at  the  total  pressure,  atm 
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G 

Gm 

G' 

G" 

9' 

Hv,  Hi 
ht  h\)  ho 

hio 

h 

in 

jh 

id 

K 

Kr 

Kq 

k 

kd 

L 

Lx 

L[ 

Lc 

he 


M A,  M B 

Mm 

Mv 

mf 

N 

Nd 

Nt 


P 
Pt 
A  P 

A  Pt,  APt,  APr 
V 

Pu  Pi 

Pt,  Pp 
Po,  P„ 

Pef 
A  P 

Q 

9 

Qc 


Mass  velocity,  lb /(hr)  (ft2) 

Mol  mass  velocity,  mol/(hr)(ft2) 

Condenser  loading  for  vertical  condensers,  lb/(hr)(ft) 

Condenser  loading  for  horizontal  condensers,  lb /(hr)  (ft) 

Acceleration  of  gravity,  ft/sec2 

Enthalpy  of  the  vapor,  enthalpy  of  the  liquid,  Btu/lb 
Heat-transfer  coefficient  in  general,  for  inside  fluid,  and  for  outside 
fluid,  respectively,  Btu/(hr)(ft2)(°F) 

Value  of  hi  when  referred  to  the  tube  OD,  Btu/(hr)(ft2)(°F) 

The  average  condensing  film  coefficient,  Btu/(hr)(ft2)(°F) 

Factor  for  heat  transfer,  (hD/k)(cfi/k)~^}  dimensionless 
Factor  for  heat  transfer,  ( h/cG){cn/k )^,  dimensionless 
Factor  for  diffusion,  dimensionless 
Equilibrium  constant,  dimensionless 

Equilibrium  constant  for  any  single  compound  or  the  first  compound, 
dimensionless 

Diffusion  coefficient,  (lb-mol)/(hr)(ft2)(atm) 

Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Diffusivity,  ft2/hr 

Tube  length,  ft  or  total  liquid,  mol  or  mol /hr 

Liquid  of  a  single  compound  or  the  first  compound,  mol  or  mol/hr 
Liquid  of  a  single  compound  or  the  first  compound  condensed  in  an 
interval,  mol  or  mol/hr 

Length  of  tube  on  which  condensation  is  effective,  ft 

Liquid  of  a  single  compound  condensed  prior  to  an  interval,  mol  or 
mol  /hr 


Molecular  weight  of  diffusing  and  inert  gases,  respectively 
Mean  molecular  weight  of  vapor  mixture,  lb  /mol 
Molecular  weight  of  diffusing  component,  lb  /mol 
Mol  fraction,  dimensionless 
Number  of  baffles,  dimensionless 

Number  of  mols  transferred  by  diffusion,  dimensionless 

Number  of  tubes  effective  for  condensation  in  a  partially  submerged 
bundle,  dimensionless 

Number  of  tube  passes;  number  of  compounds  in  a  mixture 
Number  of  phases  in  the  phase  rule 
Tube  pitch,  in. 


Pressure  drop  in  general,  psi 

Total  tube,  and  return  pressure  drop,  respectively,  psi 
1  artial  pressure  in  general,  atm 

Partial  pressures  of  the  components;  partial  pressures  for  one  com¬ 
pound  at  two  different  points,  atm 
Total  pressure  and  pressure  of  the  pure  compound,  atm 

fflm  ato  UrC  °f  the  Inert  gaS  in  the  8aS  b°dy  and  at  the  condensate 


Log  mean  pressure  difference  of  the  inert  gas  between  p  and  p 

°f  diffUSin?  betWee"  and  * 

Heat  flow  for  interval,  Btu/hr 
Heat  flow  for  condensation,  Btu/hr 
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Rd 

Re 

s 

T 

T i,  To 

Tc 

Ts 

t ,  t1:  t2 

tc 

tf 

tw,  tw 
At 

U,  Uc,  Ur 

Ue,  U, 

V 

Vi 

Va,  vb 
W 

w 

X,  xh  x2 

Y,  Y i,  Yt 
y,  v i,  2/2 

a 

X 

M 

Hu, 

P 

4> 


Combined  dirt  factor,  (hr)(ft2)(°F)/Btu 
Reynolds  number,  dimensionless 
Specific  gravity,  dimensionless 
Temperature  of  a  gas  mixture,  °K 
Inlet  and  outlet  temperatures  of  hot  fluid,  °F 

Temperature  of  cond<  isate  film ;  caloric  temperature  of  hot  fluid,  °F 
Steam  temperature,  °i 

Cold-fluid  temperature  in  general,  inlet,  and  outlet,  respectively,  °F 
Caloric  temperature  of  cold  fluid 
Temperature  of  film,  °F 

Temperature  of  water,  tube-wall  temperature,  °F 
True  temperature  difference,  °F 

Overall  coefficient  of  heat  transfer,  clean  coefficient,  and  design  coeffi¬ 
cient,  respectively,  Btu/(hr)(ft2)(°F) 

Clean  overall  coefficient  for  condensation  and  subcooling,  respectively, 
Btu/(hr)(ft2)(°F) 

Velocity,  fps  or  total  vapor,  mol  or  mol /hr 

Vapor  of  a  single  compound  or  the  first  compound,  mol  or  mol/hr 
Molar  volumes  of  diffusing  and  inert  gas,  dimensionless 
Weight  flow  of  hot  fluid,  lb /hr 
Weight  flow  of  cold  fluid  ,  lb /hr 
Mol  fraction  in  liquid 

Total  vapor  feed  or  each  component,  mol  or  mol/hr 

Mol  fraction  in  vapor 

Relative  volatility 

Latent  heat  of  vaporization,  Btu/lb 

Viscosity,  centipoises  X  2.42  =  lb/(ft)(hr) 

Viscosity  at  the  tube-wall  temperature,  centipoises  X  2.42  =  lb/ 
(ft)  (hr) 

Density,  lb/ft3 
Viscosity  ratio,  (m/mu>)°‘14 


Subscripts  (except  as  noted  above) 

a  Average 

c  Condensate  or  condensing 

f  Film 

g  Gas  (inerts) 

i  Inert 

l  Liquid 

s  Shell  side 

/  Tube  side 

Vapor 


v 


CHAPTER  14 

EVAPORATION 


The  Mechanism  of  Vaporization.  Much  of  our  present  knowledge  of 
the  boiling  phenomenon  is  obtained  from  the  work  of  Jakob  and  Fritz1 
and  later  researches  of  Jakob.2  When  steam  flows  through  a  tube  which 
is  submerged  in  a  pool  of  liquid,  minute  bubbles  of  vapor  form  at  random 
points  on  the  surface  of  the  tube.  The  heat  passing  through  the  tube 
surface  where  no  bubbles  form  enters  the  surrounding  liquid  by  convec¬ 


tion.  Some  of  the  heat  in  the  liquid  then  flows  toward  the  bubble,  caus¬ 
ing  evaporation  from  its  inner  surface  into  itself.  When  sufficient 
buoyancy  has  been  developed  between  the  bubble  and  the  liquid,  the 
bubble  breaks  loose  from  the  forces  holding  it  to  the  tube  and  rises  to 
the  surface  of  the  liquid  pool.  Kelvin  postulated  that,  in  order  for  this 
behavior  to  prevail,  the  liquid  must  be  hotter  than  the  saturation  temper¬ 
ature  in  the  incipient  bubble.  This  is  possible,  since  the  spherical  nature 
of  the  bubble  establishes  liquid  surface  forces  on  it  so  that  the  saturation 
pressure  inside  the  bubble  is  less  than  that  of  the  surrounding  liquid. 
The  saturation  temperature  of  the  bubble  being  lower  than  that  of  the 
liquid  surrounding  it,  heat  flows  into  the  bubble.  The  number  of  points 
at  which  bubbles  originate  is  dependent  upon  the  texture  nf 


m-.,  i\ew  York,  1949. 


Transfer,”  Vol.  1,  John  Wiley  & 
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is  approximately  75  dynes/cm  at  room  temperature,  whereas  the  majority 
of  organics  have  surface  tensions  ranging  from  20  to  30  dynes/cm  at 
room  temperature.  The  surface  tensions  of  most  liquids  at  their  respec¬ 
tive  boiling  points,  however,  are  probably  not  so  far  apart  as  at  room 
temperature.  The  surface  tensions  of  the  liquids  against  metals  may  also 
differ  from  their  surface  tensions  against  air,  since  the  rate  of  vaporization 
of  water  is  actually  much  greater  than  that  of  organics  under  identical 
conditions.  If  the  surface  tension  of  the  liquid  is  low  it  tends  to  wet 
surfaces,  so  that  the  bubble  in  Fig.  14.1a  is  readily  occluded  by  the  liquid 
and  rises.  For  liquids  with  intermediate  surface  tensions,  as  in  Fig. 
14.1b,  a  momentary  balance  may  exist 
between  the  bubble  and  the  tube  wall, 
so  that  it  is  necessary  to  form  larger 
bubbles  before  the  buoyant  force  can 
free  it  from  the  surface.  The  bubble 
in  Fig.  14.1c  indicates  the  influence  of 
high  surface  tension. 


— Liquid  ~  


( b )  f  L Heating  surface 

(r) 

Q 


Fig.  14.1.  Effect  of  interfacial  tension  on  bub¬ 
ble  formation.  ( After  Jakob  and  Fritz.) 


Fig.  14.2.  Boiling  curve  of  water  from 
pools.  ( After  McAdams .) 


Consider  the  typical  boiling  coefficient  curve  of  McAdams'  based  on 
the  data  on  several  investigator  i  for  water  as  shown  in  Fig.  14.2  hrom 
a  (M)w  above  5°F  there  is  a  relatively  straight  logarithmic  relations  ip 
between  the  coefficient  of  vaporization  and  the  temperature  difference, 
where  (A <)„  is  the  difference  between  the  tube  wall  and  the  vapor  tempera- 
ures  This  relationship  changes,  however,  at  the  critical  temperature 
difference  which  occurs  at  about  45°F  for  water  evaporating  from  pools. 
Afthat  temperature  difference  the  hot  surface  and  liquid  appr°ach 
condition  shown  in  Fig.  14.3.  There  is  a  predominance  of  ^por  a  the 

tube  wall  because  of  the 

liquid  actually  contacts  the  hot  tube  wan. 

>  McAdams,  W.  H„  “Heat  Transmission,”  p.  296,  McGraw-Hill  Book  Company, 
Inc.,  New  York,  1942. 
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Q 

Fig.  14.3.  Incipient 
Jakob  and  Fritz.) 


^  j  'w' 

f  ‘ Heating  surface 


blanketing  or  vapor  binding,  wherein  the  large  amount  of  vapor  iormed  at 
the  tube  wall  actually  serves  as  a  gas  resistance  to  the  passage  of  heat 
into  the  liquid  and  reduces  the  film  coefficient  for  vaporization  as  the 
temperature  difference  increases.  Drew  and  Mueller1  have  reported  the 
critical  temperature  differences  for  a  number  of  organic  compounds  under 
varying  conditions  of  surface  and  the  organics  exhibit  a  critical  tempera¬ 
ture  difference  of  roughly  60  to  120°F.  When  vaporization  takes  place 
directly  at  the  heating  surface,  it  is  called  nuclear  boiling,  and  when  it 
takes  place  through  a  blanketing  film  of  gas,  it  is  film  boiling. 

A  useful  criterion  of  performance  during  vaporization  is  that  of  the 
maximum  attainable  heat  flux  defined  as  (Q/A) max  or  (U  A Qmax.  The 
heat  flux  vs.  (A t)w  is  plotted  for  boiling  water  as  the-  upper  curve  of  Fig. 
14.2.  It  represents  the  number  of  Btu  per  hour  being  transferred  per 
square  foot  of  surface  with  the  maximum  attainable  flux  corresponding 
to  the  heat  flow  at  the  critical  tem¬ 
perature  difference.  For  water  at  — -  ■  —  -  - _Z 

atmospheric  pressure  this  occurs, 
according  to  McAdams,2  when 
K  =  8800  and  (Q/A)mai  =  400,000 
and  at  higher  pressures  both  val¬ 
ues  increase.  More  than  (Q /A  )max 
Btu/ (hr)  (ft2)  cannot  be  forced 
through  the  heating  surface  be¬ 
cause  of  the  appearance  of  a  gas 
film.  When  a  higher  (A t)w  than  the  critical  is  employed,  a  smaller  vapor¬ 
ization  coefficient  results  and  the  flux  similarly  decreases.  It  follows 
then  that  the  large  temperature  differences  so  favorable  to  conduction 
and  convection  may  actually  be  a  hindrance  to  vaporization. 

The  following  factors  are  found  to  affect  the  rate  of  heat  transfer  by 
vaporization  from  pools  and  have  defeated,  to  a  great  extent,  the  possi- 
bility  of  obtaining  one  or  two  simple  correlations  applicable  to  the  major¬ 
ity  of  liquids:  (1)  nature  of  the  surface  and  distribution  of  bubbles-  (21 
properties  oi  the  fluid  such  as  surface  tension,  coefficient  of  expansion, ’and 
viscosity,  and  (3)  the  influence  of  the  temperature  difference  upon  the 
evolution  and  vigor  of  the  bubbles.  1 

Effect  of  Pressure  and  Properties  on  the  Vaporizing  Coefficient.  Much 
O  the  present  method  of  calculation  of  vaporization  from  pools  consists  of 

re0pmtedmatreatman  T  ^  ° f  °bSerVed  COefficients  individual  liquids 
epoited  at  atmospheric  pressure.  If  the  coefficient  for  vaporization 

om  a  pool  has  been  reported  for  a  fluid  at  atmospheric  pressure,  it  can 

2  McAdams,  op^t.  33’  449~471  (1939)- 
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be  converted  to  subatmospheric  pressures  by  the  equation  of  Jakob:1 

hy  fly  f  1 4  #  7  pgia 

For  superatmospheric  pressures  up  to  226  psi  the  coefficient  is  given  by 


V,  14.7  psia 


(14.2) 


where  hv  and  p  refer  to  the  new  conditions. 

Since  blanketing  is  caused  by  the  accumulation  of  vapor  bubbles,  the 
pressure  on  the  system  is  important  in  defining  the  size  of  individual 
bubbles.  The  influence  of  the  viscosities  and  surface  tensions  of  liquids 
on  their  respective  atmospheric  coefficients  as  functions  of  the  absolute 
values  of  the  properties  has  not  been  correlated.  From  experiments  on 
single  liquids  outside  single  tubes  with  variable  pressure  Cryder  and 
Finalborgo,2  working  at  low  fluxes,  obtained  a  family  of  curves  of  nearly 
uniform  slope  when  plotting  hv  vs.  (At)w.  Their  mean  equation  is 

log  =  0,015((i4,7i..i  -  o  (14.3) 

fly 


where  hv  and  t  refer  to  the  new  conditions. 

Classification  of  Vaporizing  Equipment.  There  are  two  principal 
types  of  tubular  vaporizing  equipment  used  in  industry:  boilers  and  vapor¬ 
izing  exchangers.  Boilers  are  directly  fired  tubular  apparatus  which 
primarily  convert  fuel  energy  into  latent  heat  of  vaporization.  Vapor¬ 
izing  exchangers  are  unfired  and  convert  the  latent  or  sensible  heat  of 
one  fluid  into  the  latent  heat  of  vaporization  of  another.  If  a  vaporizing 
exchanger  is  used  for  the  evaporation  of  water  or  an  aqueous  solution,  it 
is  now  fairly  conventional  to  call  it  an  evaporator.  If  used  to  supply  the 
heat  requirements  at  the  bottom  of  a  distilling  column,  whether  the  vapor 
formed  be  steam  or  not,  it  is  a  r  ’ boiler .  When  not  used  for  the  formation 
of  steam  and  not  a  part  of  a  distillation  process,  a  vaporizing  exchanger  is 
simply  called  a  vaporizer.  When  an  evaporator  is  used  in  connection 
with  a  power-generating  system  for  the  production  of  pure  water  or  foi 
any  of  the  evaporative  processes  associated  with  power  generation,  it  is  a 
power-plant  evaporator.  When  an  evaporator  is  used  to  concentrate  a 
chemical  solution  by  the  evaporation  of  solvent  water,  it  is  a  chemical 
evaporator.  Both  classes  differ  in  design.  Unlike  evaporators  it  is  the 
object  of  reboilers  to  supply  part  of  the  heat  required  for  distillation 
and  not  a  change  in  concentration,  although  a  change  generally  cannot 

1  Takob  M.  Tech.  Bull.  Armour  Inst.  Tech.,  2,  No.  1  (1939). 

2  Cryder,  D.  S.,  and  A.  C.  Finalborgo,  Trans.  AIChE,  33,  346-361  (193  ). 
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be  avoided.  Very  often  the  term  evaporator  is  also  applied  to  a  combina¬ 
tion  of  several  pieces  of  equipment  each  of  which  can  also  be  defined  as 
an  evaporator. 

Unfortunately  certain  classes  of  evaporators  are  still  designed  as  part 
of  an  art  rather  than  the  rational  summation  of  the  individual  resistances 
to  heat  flow  as  practiced  heretofore.  This  is  due  to  the  high  transfei 
coefficients  with  which  certain  classes  of  evaporators  operate  and  the 
difficulty  of  identifying  each  of  the  small  individual  resistances  which 
make  up  the  overall  resistance.  As  in  the  case  of  surface  condensers  in 
Chap.  12,  numerous  classes  of  evaporators  are  designed  on  the  basis  of 
accepted  overall  coefficients,  and  it  is  these  classes  and  their  processes 
which  are  treated  in  this  chapter.  Generally  they  involve  vaporization 
from  pools  as  compared  with  vaporization  in  the  shell  or  tubes  of  a  1-2 
exchanger.  Evaporators  which  may  be  or  are  usually  designed  from 
individual  coefficients  will  be  treated  in  Chap.  15. 


POWER-PLANT  EVAPORATORS1 

Introduction.  One  of  the  main  purposes  of  power-plant  evaporators  is 
to  provide  relatively  pure  water  for  boiler  feed.  The  principal  features 


Safety  valve 
connection 


Vapor  outlet 


Spray 

inlet 


Blowdown 
( The  Lummus  Company.) 


Feed  Blowdown 

Fig.  14.4.  Power-plant  evaporator. 

incorporated  in  power-plant  evaporators  are  a  tubular  heating  element  a 
space  ,n  which  the  liquid  droplets  which  are  carried  up  bv  the  bursting 

iSsTth6  aDd  a  meanS  °f  rem°Ving  the'scale  from  the 

the  tubes,  three  typical  examples,  each  with  merit  are 
and 'tnhmf  T  -  t0 ,14'6'  In  Flg'  144  the  tube  bundle  is  laid  oui  fiat 

cy  ndrL  rand^heT  d^-l  In  Fig-  14'5  the  bundle  « 

.  ™  d.  h  f  d  13  lntrodueed  just  below  the  liquid  level.  All 

his  generous  ‘A  F°"heeler  Corporation  for 

chemical  evaporation  may  omit  pages  379  to  393 “ut  >^7ol“ed  ^  “ 
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operate  half  full  of  water,  the  upper  half  being  the  disengaging  space,  and 
all  are  equipped  with  separators  which  return  the  entrained  liquid  below 
the  liquid  level  in  the  evaporator. 

The  Treatment  of  Feed  Water.  When  a  pound  of  steam  is  evaporated 
from  a  pool  of  boiling  water,  most  of  the  impurities  originally  in  the  water 


Safety 

valve 


Steam 

inlet 


Shell  vent 


Raw 

water 

jn/eti 


Cracking 

water 

inlet 


Surface 
blowdown 


Float 
controlled 
feed  valve 


Coil . 
drain 


Shell  dram 

Fig.  14.6.  Power-plant  evaporator.  ( Foster  Wheeler  Corporation .) 

remain  behind  and  in  time  tend  to  form  scale  on  the  submerged  heating 
surface.  All  natural  water  contains  mineral  salts,  of  which  those  of 
calcium  and  magnesium  in  particular  form  scale.  The  scale  forms  more 
rapidly  on  hot  surfaces  and  is  an  additional  resistance  to  the  flow  of  heat. 
This  is  detrimental  to  the  performance  of  evaporators  which  are  designe 
for  high  rates  of  heat  transfer.  Water  is  classified  as  hard  or  soft  prin¬ 
cipally  from  its  behavior  in  household  use.  Soap  reacts  with  the  ca  cium 
and  magnesium  salts,  forming  insoluble  compounds,  but  water  which  is 

considered  soft  in  the  home  may  still  be  unsatisfactory  as  feed  to  a  c« 

tinuous  evaporator.  In  order  to  reduce  the  accumulation  of  the 
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forming  materials,  it  is  customary  to  vaporize  only  90  per  cent  of  the 
water  feed  continuously,  the  remaining  10  per  cent  being  drained  con¬ 
tinuously  as  blowdown. 

There  are  three  principal  chemical  means  by  which  waters  are  softened. 
These  are  (1)  the  cold  lime-soda  process,  (2)  the  hot  lime-soda  process,  and 
(3)  the  zeolite  process.  The  last  is  by  far  the  commonest  on  new  installa¬ 
tions.  In  the  sodium  zeolite  process  a  complex  sodium  silicate  reacts 
continuously  with  the  scale-forming  compounds  of  the  feed  water,  replac¬ 
ing  the  positive  ions  of  the  calcium  and  magnesium  compounds  with 
sodium  ionr  and  at  the  same  time  retaining  the  calcium  and  magnesium 
compounds  as  calcium  and  magnesium  zeolites.  It  is  therefore  necessary 
to  have  two  zeolite  beds  in  operation  so  that  the  calcium  and  magnesium 
can  be  removed  from  one  bed  while  the  other  accumulates  calcium  and 
magnesium  as  zeolites.  A  detailed  discussion  of  water  conditioning  is 
beyond  the  scope  of  this  chapter,  but  since  evaporation  is  itself  a  purifica¬ 
tion  process,  the  question  arises  as  to  the  need  for  preliminary  chemical 
purification.  The  reasons  are  as  follows:  When  bubbles  of  vapor  are 
disengaged  from  the  liquid  at  the  surface  of  a  pool,  the  vapor  entrains ,  or 
carries  off,  some  of  the  liquid  water  with  it  which  has  not  been  distilled 
and  consequently  contains  the  impurities  of  the  concentrated  blowdown. 
When  these  small  quantities  of  carry-over  are  continuously  fed  to  a 
boiler,  they  cause  scale  deposition  on  the  boiler  tubes.  In  addition  they 
increase  the  quantity  of  blowdown  which  must  be  removed  from  the 
boiler  where  the  temperature  is  greater  than  in  the  evaporator  and  which 

represents  an  added  loss  in  sensible  heat  from  the  power  generating 
system. 


The  softening  of  water  prior  to  entering  the  evaporator  is  in  no  sense  a 
guarantee  of  the  purity  of  the  final  boiler  feed  since  a  number  of  factors 
in  uence  the  amount  of  entrainment  occurring  at  the  surface  of  the 
liquid.  Significant  is  the  ratio  of  the  total  solids  to  suspended  solids 
or  the  ratio  of  total  solids  to  sodium  alkaline  solids,  particularly  when 
accompanied  by  a  large  quantity  of  suspended  solids  or  a  minute  quantity 
inorgamc  solids  When  the  softening  reduces  the  surface  tension  of 
the  water  appreciably,  excessive  priming  or  foaming  invariably  results 
The  control  of  foaming  is  consequently  one  of  the  most  important  con- 
sidera  ions  in  evaporator  design.  The  standard  required  purity  of  a 

wo'To  rPOrr  *  in  the  United  States  contains  not  more  than 
two  to  four  parts  of  mineral  solids  per  U  S  aallon  £ 

” nx*  :*h "  zizt jh:t  “ 
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ally,  and  (3)  hard  scale  which  can  be  shocked  from  the  tube.  All  three 
evaporators  in  Figs.  14.4  to  14.6  are  equipped  for  the  removal  of  the  last 
type  of  scale.  The  principle  of  scale  removal  by  shocking  is  as  follows: 
In  Figs.  14.4  and  14.5  the  distance  between  the  tube  sheets  is  fixed  by 
external  bars  connecting  them  In  order  to  descale,  all  the  hot  water  is 
removed  from  the  shell  and  sh  am  is  circulated  through  the  tubes,  caus¬ 
ing  expansion  of  the  tubes  alone  so  that  they  bow  if  originally  straight 
or  straighten  if  originally  installed  with  a  bend  at  their  centers.  The  hot 


scale  is  stressed  owing  to  the  expansion,  and  cold  water  is  sprayed  on  the 
tubes,  resulting  in  a  sudden  differential  contraction  which  cracks  the 
scale  and  causes  it  to  be  shed.  If  the  evaporator  is  small,  100  to  600  ft2, 
it  is  customary  to  flood  the  shell  with  cold  water  instead  of  spraying.  I1  or 
large  installations  the  time  required  to  fill  and  drain  the  shell  would  cause 
too  long  a  shutdown  period,  and  spraying  is  employed.  Another  varia¬ 
tion  of  the  power-plant  evaporator  is  shown  in  Fig.  14.0  using  serpentine 
tubes.  The  bundle  is  stressed  between  the  vertical  support  pieces  so 
that  the  scale  is  effectively  removed  from  the  curved  portions  as  well  as 

the  flat  portions  of  the  tube. 
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Heat-transfer  Coefficients  in  Power-plant  Evaporators.  The  rates  of 
heat  transfer  in  power-plant  evaporators,  as  mentioned  before,  are  not 
treated  on  the  basis  of  individual  film  coefficients.  Because  of  the 
rapidity  of  scale  formation  and  the  nature  of  the  scale  resistance,  the 
overall  rates  are  based  on  the  normal  operating  cycle  of  about  one 
descaling  every  24  hr.  In  Fig.  14.7  the  percentages  of  a  base  average 
overall  coefficient  UD  are  plotted  against  At  which  in  an  evaporator  is  the 
difference  between  the  saturation  temperature  of  the  heating  steam  and 
the  saturation  temperature  on  the  shell  side.  This  temperature  differ¬ 
ence  is  always  employed  when  evaporators  are  designed  from  overall 
coefficients.  In  the  power-plant  evaporator  it  is  called  the  temperature 
head,  and  in  chemical  evaporators  it  is  the  apparent  temperature  difference, 
designated  (A t)a.  The  values  of  Ud  and  At  so  defined  permit  the  direct 
substitution  of  Ud  in  Q  =  UDA  At.  The  overall  coefficient  is  greatly 
influenced  by  the  pressure  on  the  system,  since  the  vapor  volume  of  the 
bubbles  is  less  at  high  pressure  than  at  low  pressures  so  that  larger  coef¬ 
ficients  may  be  expected  for  the  former.  This  is  reflected  by  the  curves 
which  have  been  plotted  in  Fig.  14.7  as  functions  of  the  vapor  temper¬ 
ature  and  which  represent  indirectly  the  operating  pressure  of  the  shell  side. 
The  curves  level  off  abruptly  at  high-temperature  heads  owing  to  incipient 
vapor  blanketing.  The  base  value  of  the  overall  coefficient  is  varied  in 
industry  owing  both  to  special  problems  suggested  by  a  chemical  analysis 
of  the  water  and  to  changing  competition  among  manufacturers. 

A  value  of  700  Btu/(hr)(ft2)(°F)  is  a  fair  average  for  the  base  value  of 
U D,  although  higher  base  coefficients  have  frequently  been  used. 

Example  14.1.  Calculation  of  Evaporator  Surface.  10,000  lb /hr  of  distilled  water 
is  required  from  untreated  water.  Steam  is  available  at  300°F,  and  the  condenser 
will  vent  to  the  atmosphere.  How  much  surface  is  required? 

.  As8111116  a  pressure  drop  through  the  condenser  and  lines  of  about  5  psi.  The  satura¬ 
tion  temperature  in  the  evaporator  shell  will  be  19.7  psia  or  226°F. 

Heat  balance: 

Qevap  =  10,000  X  961  =  9,610,000  Btu/hr 

Q »o<fF  =  10,550  X  910  =  9,610,000  Btu/hr 

Temperature  head: 

At  =  300  -  226  =  74°F 


Overall  coefficient: 

147  at  a  head  °f  74°F  and  a  vaP°r  temperature  of  226°F  the  coeffi. 
nt  is  86.5  per  cent  of  base.  Using  a  base  of  700  Btu/ (hr)  (ft2) °F 
Ud  =  700  X  0.865  =  605  v  1 

Q  9,610.000  n ,  rn  r 
- -  =  - - 1 - 2150  ft2 


A  = 
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Temperature  Differences  at  Less  than  Maximum  Flux.  The  preced¬ 
ing  calculation  is  of  value  only  to  estimate  the  surface  requirement.  The 
surface  will  fill  half  of  the  shell  or  less,  and  the  method  of  spacing  the  sur¬ 
face  varies  greatly  with  different  manufacturers.  Tubes,  as  a  rule,  are 
spaced  farther  apart  in  evaporators  than  in  exchangers. 

According  to  Fig.  14.7  it  wou  1  be  possible  to  obtain  increasing  overall 
coefficients  up  to  a  temperature  head  of  100°F  although  the  vapor  temper¬ 
ature  is  212°F  corresponding  to  atmospheric  pressure.  Previously  it  was 
stated  that  the  critical  temperature  difference  at  atmospheric  pressure 
was  45°F.  A  temperature  head  of  At  of  100°F  corresponds  to  a  critical 
temperature  difference  (A t)w  of  about  75°F  but  the  limitation  of  the 
critical  temperature  difference  holds  only  when  operating  at  maximum  flux. 
In  Fig.  14.7  the  flux  for  212°F  vapor  and  At  =  100°F  is 

700  X  0.85  X  100  =  60,000  Btu/(hr)(ft2) 

If  the  flux  has  a  value  less  than  maximum,  the  temperature  difference  (A t)w 
may  be  greater  than  the  critical  temperature  difference.  The  flux  is 
the  principal  index  of  vapor  binding,  and  for  this  reason  it  is  always 
restricted  to  a  fraction  of  the  maximum  attainable  when  designing  com¬ 
mercial  evaporators.  Restricting  the  flux  to  a  design  maximum  amounts 
to  an  increase  in  the  total  surface  for  the  purpose  of  reducing  the  amount 
of  vaporization  per  unit  of  heat-transfer  surface. 

Multiple -effect  Evaporation.  In  the  production  of  distilled  water  the 
vapor  formed  in  the  evaporator  is  useful  steam  as  well  as  relatively  pure 
water.  If  a  pound  of  steam  is  supplied  to  an  evaporator  as  shown  in 
Fig.  14.8a,  it  can  be  used  to  produce  about  0.9  lb  of  steam  from  a  pound 
of  water.  The  remaining  0.1  lb  of  water  contains  the  bulk  of  the  impuri¬ 
ties,  and  it  is  removed  from  the  evaporator  as  evaporator  blowdown. 
The  0.9  lb  of  vapor  from  the  evaporator  can  be  condensed  by  partially 
preheating  the  evaporator  feed,  or  in  the  power  plant,  it  can  lx  mixed 
directly  with  cold  return  condensate  before  being  fed  to  the  boih  r. 

If,  however,  the  original  pound  of  steam  was  supplied  to  a  process 
as  shown  in  Fig.  14.86  and  the  vapor  produced  in  the  first  evaporator 
was  then  used  as  a  heat  source  in  a  second  evaporator  operat  ng  at  a 
lower  pressure  than  the  first,  an  additional  utilization  could  be  made  of 
most  of  the  heat.  If  both  evaporators  in  Fig.  14.86  were  fed  in  parallel 
with  raw  water,  about  0.85  lb  of  pure  water  would  be  formed  in  the  first 
effect  and  about  0.75  lb  would  be  formed  in  the  second  effect.  For  each 
pound  of  steam  supplied  about  1.6  lb  of  pure  water  would  be  produced. 
The  original  pound  of  steam  can  also  be  considered  a  pound  of  pure  water. 
When  the  vapor  formed  in  the  first  effect  is  reused  as  the  heating  me  mm 
in  a  second  effect,  it  is  a  double-effect  evaporator.  When  applied  to  three 
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(a)  SINGLE  EFFECT-1  LB  STEAM  PRODUCES  1  +  0.9  LB  DISTILLED  WATER 


10  lb  steam  0.85 /b  vapor 


0. 75  tb  vapor 


(b) DOUBLE  EFFECT-1  LB  STEAM  PRODUCES  1+1.60  LB  DISTILLED  WATER 
J.O  tb  steam  0. 85  /b 


0. 75  tb 


0.65  tb 


^  ^ Condenser 


2.49 /b 


feed 


1  " — r 
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-  0.94 

FT 
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1 1 
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r  0.83 

lb  t 

0.72  / 

0.091b 

0.081b 

—L 

blowdown  

blowdown 

1.0  lb 

0.85 /b  1 

0.75  /b 

0.07  lb 
blowdown 


0.65 /b 


3.25  tb 


(c)  triple  EFFECT- 1  LB  STEAM  PRODUCES  1+2.25  LB  DISTILLED  WATER 
Fio.  14.S.  Multiple-effect  evaporation  with  parallel  feed. 
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effects  as  shown  in  Fig.  14.8c,  it  is  a  triple-effect  evaporator  and  the  original 
pound  of  steam  produces  about  2.25  lb  of  pure  water. 

In  older  to  maintain  temperature  differences  for  heat  transfer  between 
the  v  apoi  from  one  effect  and  the  boiling  liquid  of  the  next  effect,  the 
pressure  on  each  succeeding  evaporator  must  be  lower  than  its  prede¬ 
cessor.  "lhe  quantity  of  blowd  wn,  which  is  arrived  at  from  experience 
with  water  of  different  impurities,  carries  with  it  considerable  sensible 
heat  and  thereby  reduces  the  amount  of  vaporization  which  can  be 
realized  in  succeeding  effects.  Due  in  part  to  this  escape  of  heat  from  the 
system  there  is  a  limit  to  the  number  of  effects  which  are  justifiable.  The 
fixed  charges  for  additional  effects  ultimately  dissipate  the  savings  in 
energy  which  result  from  the  use  of  a  large  number  of  effects. 

Power-plant  Evaporation  Processes.  Power-plant  evaporation  proc¬ 
esses  fall  into  four  classes: 

1.  Make-up  evaporators  for  boiler  feed 

2.  Process  evaporators  for  the  production  of  purified  water 

3.  Heat-transformer  evaporators 

4.  Salt-water  distillers 

These  processes  are  discussed  below  with  typical  flow  sheets  which  con¬ 
tain  all  the  necessary  information  computed  from  simple  heat  balances. 
Since  only  enthalpy  differences  are  involved,  it  has  not  been  felt  necessary 
to  include  the  individual  heat  balances  for  each  case. 

1.  Make-up  Evaporators.  Make-up  evaporators  supply  boiler  feed 
water  to  replace  leakage  and  losses  from  the  system  as  process  steam  in 
plants  or  as  discarded  condensate.  This  is  by  far  the  largest  class  of 
evaporation  process  and  is  usually  accomplished  in  a  single-effect  evapo¬ 
rator,  although  occasionally  a  double-effect  evaporator  may  be  used 
depending  upon  the  characteristics  of  the  condensate  cycle  in  the  power 
plant  and  the  amount  of  make-up  required.  There  is  hardly  a  power 
plant  built  today  which  does  not  inolude  such  equipment.  The  evapo¬ 
rators  themselves  are  small,  coniaining  about  100  to  1000  ft3  of  surface. 
Typical  process  examples  of  the  use  of  single-effect  make-up  evaporators 
are  shown  in  Figs.  14.9  and  14.10.  In  Fig.  14.9  a  turbine  operating  on 
150,000  lb/hr  of  steam  at  400  psig  and  superheated  to  800°F  is  bled  in 
three  stages  to  supply  sufficient  high-temperature  superheated  steam  so 
that  the  make-up  can  be  heated  to  the  saturation  temperature  of  the 
boiler  corresponding  to  400  psig.  Naturally  saturated  steam  at  400  psig 
cannot  be  used  to  heat  feed  up  to  its  saturation  temperature.  It  can  be 
shown  by  an  economic  balance  that  it  would  be  wasteful  to  use  steam 
directly  from  the  superheater  at  800°F  for  feed-water  heating  m  prefer- 
ence  to  the  use  of  partially  spent  superheated  steam  from  the  turbine. 
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Bleed  steam  from  the  eighth  stage  of  the  turbine  is  run  directly  to  the 
evaporator  where  it  vaporizes  9000  lb/hr  of  make-up.  The  vaporized 
make-up  and  evaporator  steam  are  both  condensed  in  an  evaporator- 
condenser  by  the  bulk  of  boiler  feed  with  a  5°F  temperature  approach. 
The  remainder  of  the  diagram  is  obtained  by  trial-and-error  calculation 
for  the  optimum  efficiency  of  the  cycle. 

A  variation  of  this  flow  arrangement  is  shown  in  Fig.  14.10  in  which 
some  of  the  steam  formed  in  the  evaporator  is  combined  with  the  make-up 


in  a  preheater.  The  remainder  of  the  steam  formed  in  the  evaporator 
goes  to  an  evaporator-condenser,  where  it  is  condensed  by  the  boiler  feed. 
The  condensate  from  the  evaporator  tubes  and  the  evaporator-condenser 
is  then  combined  in  the  flash  tank.  In  the  flash  tank  the  condensate 
from  the  evaporator  comes  out  as  superheated  (339.4°F)  liquid  compared 
with  the  condensate  from  the  evaporator-condenser  (313. 3°F)  and  a 
portion  flashes  hack  to  the  evaporator-condenser,  thereby  providing  all 
the  pressure  differences  necessary  for  the  operation  of  the  equipment.  In 
*  g.  14.11  a  triple-effect  evaporator  is  shown  for  cases  where  an  exces¬ 
sively  large  amount  of  make-up  water  is  required. 
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The  location  of  the  evaporator-condenser  is  important.  In  the  modem 
power  plant  the  evaporator  is  heated  by  turbine  bleed  steam  and  the 
vapor  produced  discharges  either  into  a  stage  heater  on  the  next  bleed 
point  below  or  into  an  evaporator-condenser  located  between  the  two 
stage  heaters  A  and  C  (see  Fig.  14.9)  where  B  is  a  feed-water  heater. 


Fig.  14.10.  Single-effect  make-up  evaporator  with  preheater,  evaporator-condenser,  and 
flash  tank. 


2620  /b/hr 
128  ° F 


Fig.  14.11.  Triple-effect  make-up  evaporator. 

The  latter  arrangement  is  generally  the  most  economical  particulaily  if 
the  vapor  condensed  is  on  the  suction  side  of  the  boiler  feed  pump,  i.e., 
the  low-pressure  end  of  the  bleed  cycle.  If  there  is  sufficient  temperature 
difference  between  the  two  stages  in  question,  A  and  C,  the  evaporator 
will  receive  steam  from  the  same  bleed  point  from  which  the  higher  stage 
heater  C  receives  steam.  The  evaporator-condenser  is  then  located 
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between  that  particular  stage  heater  and  the  next  lower  one  B.  This 
arrangement  permits  taking  all  the  heat  for  heating  feed  water  in  the 
evaporator-condenser  and  for  the  higher  of  the  two  feed  heaters  C,  from 
the  high  bleed  point  without  displacing  the  bleed  steam  from  the  next 
lower  bleed  point.  It  can  readily  be  seen  that,  if  the  evaporator  dis¬ 
charges  into  the  next  lower  bleed  heater,  the  heat  absorbed  in  the  next 
lower  heater  will  come  from  the  next  higher  bleed  point  and  will  have 
by-passed  several  stages  of  the  turbine  in  so  doing,  resulting  in  a  loss  of 
kilowatts. 

2.  Process  Evaporators.  There  are  a  number  of  industries  which  con¬ 
tinuously  require  large  quantities  of  distilled  water.  This  type  of  plant 
employs  double,  triple,  or  quadruple  effects  and  receives  heat  either 
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Triple-effect  process  evaporator. 


from  a  bleed  point  or  from  the  boiler  directly.  The  selection  of  the 
number  of  effects  is  closely  allied  to  the  relationship  among  the  fixed 
charges  and  the  steam  operating  cost.  Multiple-effect  evaporators  with 
parallel  feed  need  not  have  all  effects  simultaneously  in  operation  and 
can  therefore  be  adjusted  if  the  demand  for  distilled  water  varies  Evap- 

500tOto  2nnnthft*  ****  {*„*"?*  are  *?enerally  of  medium  size,  about 
500  to  2000  ft*  Per  shell.  A  typical  triple-effect  process  evaporator 

is  shown  m  Fig.  14.12,  where  83,205  lb/hr  of  steam  at  35  psia  (20  lb 

gage)  and  saturated  is  split  to  mix  directly  with  the  cold  feed  at  70°F 

and  for  vaporization  in  the  evaporator.  This  process  employs  several 

is  222  niMh/h  fT!  nU!!der  make'up  evaP°rators.  The  final  product 
is  222,015  lb/hr  of  distilled  treated  water.  In  order  to  obtain  a  • 

mum  quantity  of  vaporization  from  a  given  quantity  of  steam  initially 

r,  irr 

P  a  W  225  F’  the  Second  at  8-6  P^a  or  186°F,  and  the  third  at 
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2.5  psia  or  134°F.  This  establishes  differences  in  the  effects  of  34, 
39,  and  52°F.  The  operating  pressures  for  each  of  the  effects  is  deter¬ 
mined  by  trial  and  error,  so  that  all  three  effects  will  have  the  same 
surface  as  calculated  by  A  =  Q/UD  At.  This  procedure  will  be  demon¬ 
strated  in  detail  in  the  treatment  of  a  chemical  evaporator.  If  the 
vacuum  were  not  applied,  the  i  aximum  available  temperature  difference 
over  the  three  effects  would  be  from  259  to  212°F  or  47  instead  of  125°F 
as  shown  in  the  flow  sheet. 

The  principle  of  vacuum  evaporation  is  extensively  used  in  chemical 
evaporation.  Since  the  vapor  from  the  last  effect  is  at  a  low  temperature, 
it  has  little  value  in  the  preheating  of  the  feed,  its  temperature  in  this 
case  being  134°F.  The  evaporator-condenser,  therefore,  operates  with 
cooling-tower  water  instead  of  feed  water.  It  will  be  noted  that,  although 
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the  heat  from  the  last-effect  vapor  is  rejected,  the  blowdown  heat  losses 
of  such  a  system  are  reduced  considerably  by  being  at  a  low  heat  level. 
The  steam  required  for  the  vacuum  pump  must  also  be  taken  into  account 
in  computing  the  efficiencies  of  vacuum  processes. 

3.  Heat-transformer  Evaporators.  The  heat-transformei  e\  aporator  is  a 
single-effect  system  of  one  or  more  shells  in  parallel  iecei\ing  steam 
from  the  exhaust  of  a  high-nressure  turbine  or  high-pressure  engine. 
Flow  sheets  are  shown  in  Figs.  14.13  and  14.14.  The  purpose  of  this 
type  of  evaporator  is  to  condense  steam  from  a  high-pressure  boiler  which 
has  passed  through  a  high-pressure  turbine  and  into  the  evaporator.  The 
condensate  is  then  returned  directly  to  the  high-pressure  boiler  by  a 
pressure  booster,  thereby  keeping  the  high-pressure  circuit  closed  and 
continuously  supplied  with  high-pressure  boiler  water  and  steam.  Obvi¬ 
ously  high-pressure  boiler  and  turbine  installations  are  favorably  affecte 
bv  this  circuit.  By  the  condensation  of  the  exhaust  steam  from  the  high 
5SS  turbine  ."engine  the  b»<  t, in  the  ev.p.,.»  .»  J*  » 
nroduce  large  quantities  of  process  steam,  all  or  a  large  part  of  iv  Inch  is 
never  returned  to  the  evaporator  system.  If  the  condensate  ,s  not 
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returned,  it  is  because  it  may  be  difficult  to  collect  or  the  vapor  may  be 
consumed  in  a  chemical  or  heating  process  or  it  may  be  continuously 
contaminated. 

This  type  of  evaporator  is  relatively  large,  having  been  built  in  a  single 
unit  in  sizes  up  to  11,000  ft2  of  surface  and  capable  of  producing  150,000 
to  200,000  lb /hr  of  steam.  Single  evaporators  of  this  size  are  10  to  11  ft 


ammeter  and  40  to  50  ft  in  length.  There  are  not  many  of  the  larger 

reltmdT’  Ho""6  ‘T^  quantities  of  P™cess  «*  heating  steam  are 
at  HOO  n  h  rT  y  Uridei'St00d  that  a  high-pressure  boiler  operating 

quantities  of  ‘‘  b'v-prodtmt  "'power  **  f0duCeS  ^ 

heat  extracted  on/he  ^Hf  £ 

remammg  charges  being  debited  to  the  cost  of  prodding  h  g^  ^ 

<» -»«- ««.  ,h.  p,; is'dTsr, Z" 
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from  its  similarity  to  a  stepdown  electrical  transformer  and  also  a  reduc- 
ing-valve  transformer.  It  is  actually  the  only  way  in  which  high-pressure 
saturated  steam  can  be  converted  to  low-pressure  saturated  steam  with¬ 
out  superheat.  The  reason  for  the  reducing-valve  evaporator,  however, 
is  primarily  to  preserve  the  pressure  on  the  high-pressure  side. 

Sometimes  the  heat  going  tc  process  must  be  transported  a  consider¬ 
able  distance.  To  prevent  condensation  the  vapor  should  be  somewhat 
superheated  before  leaving  the  generating  system,  although  the  heat- 
transformer  evaporator  produces  only  saturated  steam.  For  this  purpose 
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Fig.  14.15.  Heat-transformer  evaporator  supplying  superheat. 

the  arrangement  shown  in  Fig  14.15  is  generally  used  to  provide  a  heat 
exchanger  or  reheater  which  passes  the  steam  to  the  heat-transformer 
evaporator  through  the  tubes  and  the  vapor  from  the  evaporator  through 

the  shell,  thereby  providing  some  superheat. 

4.  Salt-water  Distillers.  A  pound  of  fuel  can  normally  yield  about 
10  lb  of  steam,  and  in  a  double-effect  evaporator  for  use  with  salt  water 
10  lb  of  steam  will  yield  a  total  of  18.5  lb  of  pure  water.  It  is  little 
wonder,  then,  that  ships  at  sea  commonly  produce  their  own  wate 
requirements  from  sea  water.  Sea  water  contains  about  3  per  cen 
by  weight  corresponding  to  about  34,000  ppm  compared  w  th  340  ppm 
in  fresh  water.  Instead  of  about  90  per  cent  vaporization  it  is  customary 
to  vaporize  only  about  one-third  of  the  feed.  The  remainder,  containing 
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about  5  per  cent  solids  or  51,000  ppm,  is  dumped  overboard.  Because 
of  the  largeness  of  the  blowdown  the  use  of  a  vacuum  system  with  low 
evaporation  temperatures  is  desirable,  since  low  temperatures  are  also 
favorable  to  low  rates  of  scaling.  Unlike  evaporators  in  stationary  power 


plants  salt-water  evaporators  or  distillers  operate  for  600  to  700  hr  with- 
^  descahng.  The  flow  sheet  of  a  typical  salt-water  distiller  isshowMn 

theV“ert  unde?  *  “  Evaporators  gently  operate  with 

last  effect  under  vacuum,  and  one  of  the  important  considerations  is 
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the  method  of  continuously  maintaining  the  vacuum.  The  use  of  a 
mechanical  compressor  on  the  last  stage  is  usually  prohibitive  because  of 
the  energy  required  for  compression.  The  specific  volume  of  water  vapor 
at  2  in.  Hg  abs  is  399.2  ft3/lb.  Furthermore,  there  is  little  reason  to 


Fig.  14.17.  Two-stage  ejector  with  jet  intercon¬ 
denser,  serving  a  barometric  condenser.  ( Foster 
Wheeler  Corporation.) 


operate  a  mechanical  com¬ 
pressor  when  the  required 
reduction  in  volume  can  be 
partially  achieved  by  conden¬ 
sation.  The  latter  is  one  of 
the  principles  embodied  in  the 
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Fig.  14. 18a.  Two-stage  ejector 
with  jet  inter-  and  after  condensers. 
(Foster  Wheeler  Corporation.) 


barometric  condenser  with  air  ejectors,  an  example  of  which  is  shown 
in  Fig.  14.17.  It  is  operated  by  the  two  steam  jet  ejectors. 

A  single  ejector  connected  to  a  condenser  is  capable  of  maintaining  a 
vacuum  of  about  26.5  in.  Hg  abs  and  can  be  made  with  several  jets 
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replacing  the  single-motive  steam  nozzle.  This  provides  a  more  uniform 
distribution  of  steam  in  the  mixing  zone.  When  a  vacuum  of  26.5  to 
29.3  in.  is  desired,  it  can  be  accomplished  by  means  of  a  two-stage 
ejector  as  shown  in  Fig.  14.18a  and  b.  For  higher  vacuums  the  use  of  a 
three-stage  ejector  is  required.  The  two-stage  detail  in  Fig.  14.18a  is 
the  same  as  that  employed  in  Fig.  14.17.  The  condenser  in  Fig.  14.17  is 
a  barometric  condenser  equipped  with  a  water  inlet  and  distribution  plates, 
so  that  the  water  entering  the  inlet  cascades  or  sprays  over  the  incoming 


Drain 


Fig.  14.186.  Two-stage  ejector  with  surface  inter-  and  aftercondensers.  (The  Lummus 
Company.) 


stream  from  the  evaporator  or  precondenser  and  removes  a  large  part  of 
the  steam  irom  the  process  as  condensate.  The  remaining  air  with  less 
steam  flovs  overhead  into  the  first  stage  ejector.  After  compression  in 
the  first  stage  the  partial  pressure  of  the  steam  will  have  been  increased 

and  most  of  the  remaining  vapor  can  be  condensed  by  another  direct 
contact  with  cooling  water. 

Again  referring  to  Fig.  14.17,  in  order  to  remove  the  water  and  con¬ 
densate  from  the  assembly  without  losing  vacuum  it  is  necessary  that 
a  leg  of  liquid  be  maintained  with  a  hydrostatic  head  zp  equal  to  the 
di  erence  between  the  vacuum  and  atmospheric  pressure,  where  z  is  the 
eight  and  p  the  density.  In  this  manner  the  upper  surface  of  the  liquid 
in  the  tail  pipe  is  at  a  pressure  corresponding  to  the  vacuum  and  the 

wTht  f  hilb0ut0r  °f  the  tal'  P'pe  'S  at  atmosPheric  pressure  due  to  the 
weight  of  the  hydrostatic  head.  Thus  liquid  under  vacuum  continu- 
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ously  enters  the  tail  pipe,  and  liquid  at  atmospheric  pressure  continually 
leaves  by  way  of  the  hot  well  at  the  bottom  of  the  tail  pipe.  Atmospheric 
pressure  corresponds  to  a  hydrostatic  head  of  34  ft  of  water,  and  complete 
vacuum  corresponds  to  zero  hydrostatic  head.  To  maintain  a  process  at 
substantially  complete  vacuum  requires  that  a  leg  of  34  ft  of  water  be 
maintained  between  the  baron  >tric  condenser  and  the  hot  well.  If  a 
vacuum  of  less  than  29.92  in.  Hg  is  to  be  maintained  by  the  ejectors 
but  a  leg  of  34  ft  equivalent  to  29.92  in.  Hg  has  been  provided,  it  means 
merely  that  the  height  of  liquid  in  the  tail  pipe  will  automatically  drop 


Fig.  14.19.  Barometric  condensers. 


to  provide  only  the  necessary  hydrostatic  difference  between  the  operat¬ 
ing  vacuum  of  the  ejector  and  the  atmospheric  pressure. 

Barometric  condensers  are  of  two  types,  counterflow  and  parallel  flow 
as  shown  in  Fig.  14.19a  and  b.  In  counterflow  types  the  temperature 
of  the  water  at  the  liquid  level  may  approach  the  vapor  temperature  more 
closely  than  in  parallel-flow  types.  Counterflow  types  are  preferable 
where  water  is  at  a  premium  or  it  is  difficult  to  have  the  vapor  enter  from 
the  top.  If  a  pump  is  used  to  remove  the  tail  liquid  instead  of  a  total 
barometric  height,  whatever  head  is  supplied  by  the  pump  can  be 
deducted  from  the  total  barometric  height  and  the  assembly  is  known  as 


a  low-level  condenser. 

The  quantity  of  water  required  in  the  barometric  condenser  can  be 
computed  from 

_ Q_ _ 

500 (Ts  -  tw  -  to) 


Gpm  = 


(14.4) 
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where  Ts  =  saturation  temperature  of  the  vapor,  °F 
tw  =  temperature  of  the  water,  °F 
ta  =  degrees  of  approach,  to  T8,  °F 
In  counterflow  barometric  condensers  ta  is  taken  as  5  F. 

The  two-stage  ejector  assembly  in  big.  14.18a  will  produce  the  same 
results  as  that  of  Fig.  14.186.  It  differs  only  in  that  the  condensation 
after  each  stage  is  accomplished  by  means  of  tubular  surface  instead  ot 
the  direct  contact  of  the  cooling  water  with  the  steam  or  vapor  mixture. 
The  tubular  intercondenser  and  aftercondenser  are  combined  in  a  single 
shell,  since  the  total  surface  required  is  usually  quite  small.  Surface 
condensation  is  mandatory  Avhere  the  vacuum  exhaust  cannot  be  mixed 
with  the  cooling  water  for  reasons  of  corrosion  or  chemical  reaction. 

Relief  Valve 


In  the  operation  of  a  steam  turbine  or  engine  the  surface  condenser  dis¬ 
cussed  in  Chap.  12  actually  serves  as  the  precondenser  for  the  main¬ 
tenance  of  vacuum  across  the  turbine.  The  surface  condenser  yields  not 
only  condensate  but  also  a  mixture  of  air  saturated  with  water  vapor, 
which  must  be  continuously  removed.  Failure  to  remove  the  air  causes 
an  increase  in  the  pressure  and  temperature  of  the  condenser,  as  well  as  a 
noncondensable  air  blanket  which  reduces  the  overall  heat-transfer  coeffi¬ 
cient,  The  air  removal  can  be  accomplished  as  shown  in  Fig.  14.20  with 
a  surface  intercondenser  and  a  removal  pump.  The  hot-well  pump  is 
provided  for  low-level  installation.  A  counterpart  using  a  low-level 
barometric  condenser  can  also  be  used.  For  the  design  and  selection  of 
ejectors  Jackson*  has  presented  a  comprehensive  discussion. 

Jackson,  D.  H.,  Chem.  Eng.  Progress,  44,  347-352  (1948), 
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CHEMICAL  EVAPORATION 

Comparison  between  Power-plant  and  Chemical  Evaporation.  The 

purpose  of  the  majority  of  power-plant  evaporators  is  the  separation  of 
pure  water  from  raw  or  treated  water.  The  impurities  are  continuously 
withdraw  n  fiom  the  system  <  5  blowdown.  In  chemical  industry  the 
manufacture  of  heavy  chemicals  such  as  caustic  soda,  table  salt,  and 
sugar  starts  with  dilute  aqueous  solutions  from  which  large  quantities  of 
water  must  be  removed  before  final  crystallization  can  take  place  in 
suitable  equipment.  In  the  power-plant  evaporator  the  unevaporated 


(ci)-FORWARD  FEED 


Fig.  14.21.  Quadruple-effect  chemicfc.  evaporator  arranged  for  forward  and  backward 
feed. 


portion  of  the  feed  is  the  residue,  "whereas  in  the  chemical  evaporator  it  is 
the  product.  This  leads  to  the  first  of  several  differences  between  power- 
plant  and  chemical  evaporation.  These  are  as  follows: 

Absence  of  Blowdown.  Chemical  evaporators  do  not  operate  with  blow¬ 
down,  and  instead  of  liquid  being  fed  in  parallel  to  each  body  it  is  usually 
fed  to  multiple-effect  systems  in  series.  Common  methods  of  feeding 
are  shown  in  Fig.  14.21a  and  b.  The  feed  to  the  first  effect  is  partially 
evaporated  in  it  and  partially  in  each  of  the  succeeding  effects.  When  the 
liquid  feed  flows  in  the  same  direction  as  the  vapor,  it  is  forward  feed,  and 
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when  fed  in  the  reverse  direction,  it  is  backward  feed.  From  the  stand¬ 
point  of  effectively  using  the  temperature  potentials  forward  feed  is 
preferable.  If  the  liquid  is  very  viscous,  there  is  an  advantage  to  the 
use  of  backward  feed,  since  the  temperature  of  the  first  effect  is  always 
the  greatest  and  the  corresponding  viscosity  will  be  less.  The  advantages 
and  disadvantages  of  both  will  be  discussed  later.  The  absence  of  blow¬ 
down  enables  greater  heat  recovery  in  a  chemical  evaporator. 

Boiling  Point  Rise  ( BPR ).  Although  chemical  evaporators  are  capable 
of  high  heat  efficiencies,  they  are  incapable  under  certain  conditions  of  a 
high  utilization  of  temperature  potentials  and  consequently  require 
greater  surfaces.  This  is  due  to  the  fact  that  a  concentrated  aqueous 
solution  undergoes  a  boiling  point  rise  above  the  saturation  temperature 
corresponding  to  pure  water  at  the  same  pressure.  Suppose  steam  enters 
the  tubes  or  chest  of  a  chemical  evaporator  at  45  psia  and  is  to  evaporate 
water  from  a  caustic  soda  solution.  The  steam  temperature  is  274°F. 
If  pure  water  is  evaporated  at  18  in.  Hg,  the  temperature  of  the  vapor 
formed  would  be  169°F.  But  because  of  the  dissolved  salt  the  liquor 
boils  at  246°F  at  18  in.  Hg  instead  of  at  169°F.  The  temperature  differ¬ 
ence  across  the  heat-transfer  surface  is  only  274  —  246  =  28CF,  and  the 
difference  of  246  —  189  =  77°F  represents  lost  potential  which  cannot  be 
attained  owing  to  the  presence  of  the  dissolved  material.  The  difference 
between  the  temperature  of  heating  vapor  and  the  saturation  temperature 
corresponding  to  the  pressure  of  the  evaporating  vapor  is  the  apparent 
temperature  drop  (A t)a,  or  274  -  169  =  105°F  in  the  example  above. 
Heat-transfer  coefficients,  which  are  reported  on  a  basis  of 


are  apparent  overall  coefficients.  If  coefficients  are  based  on  the  tempera¬ 
ture  difference  across  the  heating  surface  between  the  heating  vapor  and 
the  evaporating  liquid,  as  in  most  cases,  UD  =  Q/A  At,  where  At  =  28°F 
in  the  example  above.  If  solutions  have  boiling  point  rises  above  about 
5°F,  the  latent  heat  of  vaporization  of  steam  from  the  solution  differs 
from  that  obtained  from  the  steam  tables  (Table  7)  at  the  saturation 
pressure  of  the  vapor.  The  latent  heat  of  vaporization  for  steam  from  a 
solution  can  be  computed  either  from  Duhring’s  relationship  or  from  the 
equation  of  Othmer.1  According  to  Duhring’s  rule, 


(14.5) 


1  Othmer,  D.  F.,  Ind.  Eng.  Chem.,  32,  841-856  (1940). 
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where  Xs  =  latent  heat  of  1  lb  of  pure  water  from  solution  at  the  tempera¬ 
ture  t  and  pressure  pt 

\w  =  latent  heat  of  1  lb  of  pure  water  at  the  temperature  t'w  but  at 
ps,  the  same  pressure  as  t 

=  boiling  points  of  the  solution  and  water  at  the  same  pressure 
P;  °R 

Ats/Atw  =  rate  of  change  of  the  twTo  boiling-point  curves  over  the  same 
pressure  range 

According  to  Othmer’s  method  and  based  on  the  Clausius-Clapeyron 
equation, 

Xs  d  log  p„ 

Xt v  d  log  pw  (!4.6) 

where  p8  and  pw  are  the  respective  absolute  vapor  pressures  of  the  solu¬ 
tion  and  pure  water  over  an  identical  range  of  temperatures. 

The  BPR  can  be  computed  but  only  for  dilute  solutions  which  are 
relatively  ideal.  For  real  solutions  the  data  on  boiling-point  elevation 
must  be  obtained  experimentally  by  measuring  the  vapor-pressure  curve 
for  a  given  concentration  at  two  different  temperatures.  Additional 
determinations  can  be  made  for  other  concentrations  if  more  than  a  single 
effect  is  used. 

Fluid  Properties.  In  the  power-plant  evaporator  the  water-softening 
process  is  modified  in  different  localities  so  that  the  evaporator  feed 
composition  causes  a  minimum  of  foaming  and  other  operating  difficulties. 
In  the  chemical  evaporator  the  residue,  a  concentrated  solution,  is  the 
desired  product,  and  usually  no  adjustment  can  be  made  to  the  solution 
to  prevent  foaming  or  to  eliminate  the  deposition  of  scale.  This  must  be 
taken  into  consideration  in  the  design  of  the  equipment.  Furthermore, 
concentrated  solutions,  as  discussed  in  Chap.  7,  produce  liquors  of  high 
viscosity.  Particularly  since  boiling  is  a  combination  of  vaporization 
and  free  convection  the  overall  coefficient  of  heat  transfer  is  a  function  of 
both  the  concentration  and  the  temperature  at  which  evaporation  occurs. 
The  influence  of  viscosity  may  be  so  great  that  a  negligible  Grashof  group, 
Dzp2gt3  At/ p2,  results  for  evaporators  operating  with  natural  circulation. 
Under  these  circumstances  the  liquor  cannot  be  relied  upon  to  circulate 
very  rapidly  about  the  heating  element  and  it  is  necessary  to  use  forced 
circulation  instead  of  natural  circulation  as  presumed  heretofore. 

CHEMICAL  EVAPORATORS 

Chemical  evaporators  fall  into  two  classes:  natural  circulation  and 
forced  circulation.  Natural-circulation  evaporators  are  used  singly  or  in 
multiple  effect  for  the  simpler  evaporation  requirements.  Forced- 
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circulation  evaporators  are  used  for  viscous,  salting,  and  scale-forming 
solutions.  Natural-circulation  evaporators  fall  into  four  main  classes: 

1.  Horizontal  tube 

2.  Calandria  vertical  tube 

3.  Basket  vertical  tube 

4.  Long  tube  vertical 

The  discussion  of  evaporator  design  in  this  chapter  deals  only  with 
those  which  are  designed  on  a  basis  of  flux  and  accepted  overall  coeffi¬ 
cients.  Those  employing  film  coefficients  are  treated  in  the  next  chapter. 

Horizontal-tube  Evaporators.  Horizontal-tube  evaporators  as  shown 
in  Fig.  14.22  are  the  oldest  type  of  chemical  evaporator.  Although  they 
once  enjoyed  widespread  use,  they  have  given  way  to  other  types.  They 
consist  of  a  round  or  square  shell 
and  a  horizontal  tube  bundle  which 
is  usually  square.  They  do  not  take 
very  good  advantage  of  the  thermal 
currents  induced  by  heating  and 
therefore  are  not  so  acceptable  as 
the  types  which  have  replaced  them. 

The  horizontal  evaporator  is  the 
only  distinct  type  of  chemical  evap¬ 
orator  employing  steam  in  the  tubes. 

The  principal  advantages  of  hori¬ 
zontal  evaporators  lie  in  the  rela¬ 
tively  small  headroom  they  require 
and  the  ability  to  arrange  the  bundle 
so  that  air  brought  in  with  the  steam 
does  not  collect  and  blanket  useful 
surface.  The  horizontal  evaporator  is  least  satisfactory  for  fluids  which 
form  scale  or  deposit  salt,  the  deposit  being  on  the  outside  of  the  tube,  and 
it  is  therefore  used  only  for  relatively  simple  problems  of  concentration 
rather  than  for  the  preparation  of  a  liquid  for  ultimate  crystallization. 
It  is  well  suited  to  processes  in  which  the  final  product  is  a  liquor  instead 
of  a  solid,  such  as  industrial  sugar  sirups,  where  the  large  volume  of 
liquid  stored  in  the  evaporator  can  permit  a  close  adjustment  of  the  final 
density  by  changing  the  holdup  in  the  evaporator.  The  tube  length  is 
determined  by  the  size  of  the  evaporator  body  itself.  Because  evapora- 
tion  occurs  on  the  outside  of  the  tubes,  eliminating  a  scale  problem  inside 

the  tubes,  the  horizontal-tube  evaporator  uses  smaller  tubes  than  anv 
other  type,  from  %  to  1%  in.  OD.  . 

^orfiors-  The  cal“dria  evaporator  is  shown  in 

g.  14.23.  It  consists  of  a  short  vertical-tube  bundle,  usually  not  more 


Fig.  14.22.  Horizontal-tube  evaporator. 
( Swenson  Evaporator  Company .) 
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than  6'0"  high,  set  between  two  fixed 


tube  sheets  which  are  bolted  to  the 
shell  flanges.  The  steam  flows  out¬ 
side  the  tubes  in  the  steam  chest, 
and  there  is  a  large  circular  space 
for  downtake  in  the  center  of  the 
bundle  whereby  the  cooler  liquid 
circulates  back  to  the  bottom  of  the 
tubes.  The  flow  area  of  the  down- 
take  is  from  one-half  the  flow  area 
of  the  tubes  to  an  area  equal  to  it. 
Tubes  are  large,  up  to  3  in.  OD,  to 
reduce  the  pressure  drop  and  permit 
rapid  circulation  and  are  installed 
in  tube  sheets  with  ferrule-type 
packing.  The  layout  of  a  typical 
calandria  is  shown  in  Fig.  14.24. 
One  of  the  problems  is  to  baffle 
the  steam  chest  so  that  there  is  a 
relatively  uniform  tube  coverage. 


Sfeam 

inle-h 


Fig.  14.24.  Typical  calandria  baffling.  Arrows  indicate  direction  of  steam  flow 
areas  indicate  location  of  noncondensable  bleed  points. 
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Another  is  to  provide  adequate  bleed  points  so  that  no  pockets  of  noncon¬ 
densable  gas  develop.  The  condensate  is  removed  at  any  convenient  point. 
The  space  above  the  liquid  level  on  the  tube  sheet  serves  primarily  to  dis¬ 
engage  the  liquid,  which  is  carried  along  by  the  vapor.  A  common  acces¬ 
sory  of  evaporators  is  a  catchall  which  is  installed  on  the  vapor  line  for  the 
purpose  of  removing  entrained  liquid  and  returning  it  to  the  bulk  of  the 
fluid.  Two  typical  catchalls  are  shown  in  Fig.  14.25a  and  b.  They  oper¬ 
ate  on  the  principle  of  centrifugally  removing  the  liquid  droplets. 

Calandria  evaporators  are  so  common  they  are  often  referred  to  as 
standard  evaporators.  Since  scaling  occurs  inside  the  tubes,  it  is  possible 
to  use  the  standard  evaporator  for  more  rigorous  services  than  the  hori- 


Drcrn'n 


Fig.  14.25a.  Catchall  with  bottom  outlet. 


zontal  tube  evaporator  and,  in  addition,  a  propeller  can  be  installed  in 
the  dished  or  conical  bottom  to  increase  the  rate  of  circulation. 

Basket-type  Evaporators.  A  basket-type  evaporator  is  shown  in 
Fig.  14.26.  It  is  similar  to  a  calandria  evaporator  except  that  it  has  a 
removable  bundle  which  can  be  cleaned  quite  readily.  The  bundle  is 
supported  on  internal  brackets,  and  the  downtake  occurs  between  the 
bundle  and  the  shell  instead  of  in  a  central  downtake.  Because  the  tube 
sheets  hang  freely,  the  problem  of  differential  expansion  between  the 
tubes  and  the  steam  chest  shell  is  not  important.  This  type  frequently  is 
designed  with  a  conical  bottom  and  may  also  have  a  propeller  installed 
to  inciease  circulation.  As  a  result  of  these  mechanical  advantages  the 
basket  evaporator  can  be  used  for  liquors  which  have  a  tendency  to  scale 
although  they  are  not  recommended  for  liquids  with  high  viscosities  or 
great  rates  of  scaling.  The  selection  of  a  basket  or  calandria  evaporator 
usually  follows  the  established  policies  of  the  different  industries  in  which 
they  are  used  after  years  of  experience,  or  modifications  suggested  bv 
manufacturers.  Some  manufacturers  have  preferences  for  the  one  type 
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in  a  certain  application,  whereas  another  will  prefer  the  second  type  for 
the  same  service. 

Long-tube  Vertical  Evaporators.  A  long-tube  vertical  evaporator  is 
shown  in  Fig  14.27.  It  consists  of  a  long  tubular  heating  element 
designed  for  the  passage  of  the  liquor  through  the  tubes  but  once  by 
natural  circulation.  The  stt  tm  enters  through  a  vapor  belt  as  dis- 


Fig.  14. 20.  Basket-type  evaporator.  Fig.  14.27.  Long-tube  vertical  evaporator. 
{Swenson  Evaporator  Company.)  {General  American  Transportation  Company.) 


cussed  in  Chap.  12,  and  the  bundle  is  baffled  so  that  there  is  a  free  move¬ 
ment  of  steam,  condensate,  and  noncondensable  downward.  The  upper 
tube  sheet  is  free,  and  just  above  it  there  is  a  vapor  deflector  to  reduce 
the  entrainment.  This  type  of  evaporator  is  not  especially  adapted  to 
scaling  or  salting  liquors,  but  it  is  excellent  for  the  handling  of  foamy, 
frothy  liquors.  The  velocity  of  the  vapor  issuing  from  the  tubes  is 
greater  than  in  the  short-tube  vertical  types.  Tubes  are  usually  1  to 
2  in.  OD  and  from  12  to  24  ft  in  length.  When  arranged  for  recirculation 
the  apparatus  will  be  as  shown  in  Fig.  14.28.  In  this  type,  disengagement 
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occurs  outside  the  evaporator  body.  The  calculation  of  this  type  of 
evaporator  for  aqueous  solutions  with  known  physical  and  thermal  prop¬ 
erties  will  be  discussed  in  Chap.  15. 

Forced-circulation  Evaporators.  Forced-circulation  evaporators  are 
made  in  a  variety  of  arrangements  as  shown  in  Figs.  14.29  through  14.31. 


Forced-circulation  evaporators  may 
not  be  so  economical  to  operate  as 
natural-circulation  evaporators,  but 
they  are  necessary  where  the  concen- 


Vapor 


Fig.  14.2 
evaporator 
element. 


9.  Forced-circulation-type 

with  inside  vertical  heating 
( Swenson  Evaporator  Company.) 
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form  scale  or  deposit  salts,  the  high  velocities  obtainable  by  the  use  of 
circulating  pumps  are  the  only  means  of  preventing  the  formation  of 
excessive  deposits.  Forced-circulation  evaporators  are  well  adapted  to  a 
close  control  of  flow,  particularly  when  a  long  time  of  contact  may  be 
injuiious  to  the  chemical  in  solution.  Tubes  for  forced-circulation  evap¬ 
orators  are  smaller  than  in  natui  d-circulation  types,  usually  not  exceed¬ 
ing  2  in.  OD. 


Fig.  14.30.  Forced-circulation  evaporator  with  vertical  external  element.  ( General 

American  Transportation  Corporation.) 


In  Fig.  14.27  the  steam  enters  the  bundle  outside  the  evaporator  body 
and  contacts  the  tubes  at  the  top  of  the  bundle  by  means  of  the  annular 
space  provided.  A  deflector  plate  is  installed  above  the  upper  tube  sheet, 
and  the  circulating  pump  is  installed  at  ground  level.  In  Fig.  14-30  th® 
same  effect  is  produced  by  means  of  a  vertical  external  bundle,  which 
simplifies  construction  to  a  degree  but  which  is  not  so  compact.  Figure 
14.31  is  a  variation  with  a  horizontal  bundle  which  is  particularly  adapt¬ 
able  where  the  headroom  is  low. 
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Effect  of  Hydrostatic  Head.  Consider  a  pure  fluid  with  a  boiling  sur¬ 
face  somewhat  above  the  top  of  a  bundle  of  horizontal  tubes.  The  boiling 
point  is  regarded  as  being  set  by  the  pressure  at  the  liquid-vapor  inter¬ 
face.  If  there  is  a  great  layer  of  liquid  above  the  tube  bundle,  it  will 
exert  a  hydrostatic  pressure  upon  the  liquid  in  contact  with  the  tube  sur¬ 
face.  The  added  pressure  upon  the  liquid  raises  the  boiling  temperature 


i14'31-  Forced-circulation  evaporator  with  horizontal 
American  Transportation  Corporation.) 


external  element. 


0 General 


at  the  heat-transfer  surface  above  that  necessary  to  produce  vapors  of  the 
saturation  temperature  corresponding  to  the  pressure  at  the  liquid-vapoi 
interface  The  effect  of  hydrostatic  head,  as  in  the  case  of  BPR,  reduces 
use  u  temperature  difference  effective  upon  the  heat-transfer  surface 

ryzrr:  °PTte  0“  fixed  apParent  temperature  differences,  the 
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At  high  temperatures  the  liquid  is  less  viscous  and  is  more  favorably 
suited  to  evaporation. 

The  effect  of  hydrostatic  head  may  be  estimated  from 


A  tk  = 


0.03 


(14.7) 


where  A th  =  hydrostatic  elevation  of  the  boiling  point,  °F 
Tr  =  solution  boiling  temperature,  °R 
v  =  specific  volume  of  water  vapor  at  TR  ft3/lb 
Xs  =  latent  heat  of  vaporization  corresponding  to  the  saturation 
pressure,  Btu/lb 
A p  =  hydrostatic  head,  ft 

Usually  A p  may  be  +aken  as  corresponding  to  one-half  the  indicated 
liquid  level.  It  is  ajr>»arent  that  the  influence  of  hydrostatic  pressure 
will  be  greater  as  the  vacuum  upon  the  system  is  increased,  since  v  varies 
considerably  with  the  pressure  whereas  Xs  varies  but  little. 

For  all  evaporators  operating  with  natural  circulation  a  loss  in  avail¬ 
able  capacity  due  to  hydrostatic  head  cannot  be  avoided  but  the  loss 
can  be  reduced  by  maintaining  the  lowest  liquid  levels  consistent  with 
the  efficient  operation  of  the  equipment.  If  the  froth  is  regulated  to 
10  in.  above  the  upper  tube  sheet  of  vertical  heating  elements,  good 
operating  control  can  usually  be  effected.  The  achievement  of  good 
operating  control  is  facilitated  by  the  choice  of  the  tube  diameter  and 
length  and  in  general  by  designing  for  a  high  fluid  velocity  into  the  dis¬ 
engaging  space.  Problems  of  arrangement  for  natural  circulation  will  be 
treated  in  Chap.  15. 

Multiple -effect  Chemical  Evaporation.  In  the  study  of  parallel-feed 
multiple-effect  power-plant  evaporators  it  was  shown  that  in  a  triple- 
effect  evaporator  1  lb  of  steam  evaporated  approximately  2.25  lb  of 
water.  The  use  of  parallel  feed  is  by  no  means  the  most  economical 
and  is  used  in  chemical  evaporation  only  when  the  feed  solution  is  nearly 
saturated  to  begin  with  and  evaporation  is  intended  for  the  purpose  of 
supersaturation.  In  chemical  evaporation .  it  is  customary  to  employ 
forward  feed,  backward  feed,  or  a  modification  of  both,  known  as  mixed 
feed.  Returning  to  Fig.  14.21  there  are  certain  opposing  advantages 
and  disadvantages  resulting  from  the  use  of  either  forward  or  backward 


1  eed 

In  forward  feed  if  the  feed  liquor  is  at  a  higher  temperature  than  the 
saturation  temperature  of  the  first  effect,  some  evaporation  will  occur 
automatically  as  vapor  flashing.  Since  a  vacuum  is  usually  maintained 
on  the  last  effect,  the  liquor  flows  by  itself  from  effect  to  effect  and  a 
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liquor  removal  pump  is  required  only  on  the  last  effect.  Similarly,  since 
the  saturation  temperature  of  the  boiling  solution  in  each  effect  is  lower 
than  the  temperature  of  the  effect  preceding  it,  there  is  flashing  or  “free” 
evaporation  in  each  succeeding  effect,  which  reduces  the  overall  steam 
requirement.  In  an  evaporator  the  boiling  film  is  the  controlling  resist¬ 
ance  and  the  numerical  value  of  the  overall  coefficient  decreases  with 
concentration  because  the  viscosity  is  increasing.  In  forward  feed  the 
concentrated  liquor  is  in  the  last  effect,  and  obviously  that  effect  has  the 
lowest  overall  coefficient,  since  the  liquor  is  most  concentrated  there  and 
at  the  same  time  coldest. 

When  backward  feed  is  employed,  it  overcomes  the  objection  of  having 
the  most  concentrated  liquor  in  the  coldest  effect.  Here  the  dilute  liquor 
enters  the  last  and  coldest  effect  and  leaves  concentrated  in  the  first 
effect,  which  is  at  the  highest  temperature.  In  this  feed  arrangement 
liquor  must  be  heated  in  each  effect  as  compared  with  solution  flashing 
in  each  effect  in  forward  feed.  Furthermore,  the  feed  must  be  pumped 
from  effect  to  effect,  which  means  that  the  number  of  places  for  air  leak¬ 
age,  such  as  the  pump  and  flanges,  increases  the  maintenance  and  power 
cost.  The  temperature  relations  in  backward  feed  usually  offset  these 
disadvantages  in  part,  since  the  system  is  in  counterflow  and  the  economy 
of  steam  is  greatest  under  these  conditions. 


If  the  feed  liquor  to  a  backward-feed  evaporator  is  initially  hot,  its 
introduction  into  the  last  effect  is  wasteful,  since  the  vapors  which  flash 
off  in  the  last  effect  are  lost  to  the  condenser.  In  forward  feed  not  only 
would  these  vapors  flash  but  in  each  succeeding  effect  they  would  reevap¬ 
orate  additional  water.  The  problem  of  the  direction  of  feed  to  be 
employed  is,  as  in  most  alternate  problems  of  heat  transfer,  an  economic 
Backward  feed  may  or  may  not  lead  to  smaller  surface  require¬ 
ments,  depending  upon  the  extent  of  concentration  and  the  viscosity  of 
le  desued  final  solution.  The  steam  cost  will  be  less  for  backward  feed 

matelv66^3  °  7  f  °*  f°rWard  feed  if  the  feed  Kquar  *  at  approxi- 

matelj  the  operating  temperature  of  the  first  effect  or  higher  The 

computation  of  problems  by  both  methods  will  readily  establish  the  most 
favorable  operating  relationship. 


THE  CALCULATION  OF  CHEMICAL  EVAPORATORS 

by  Joseph  Meisler1 

“  chid  “'.ctplrbf'””' 

™  *”h  i,,livM“lly  “*  * 
c  ion  ompany,  Inc.,  and  the  Polytechnic  Institute  of  Brooklyn. 
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over  the  whole  system.  The  following  nomenclature  will  be  employed 
for  a  quadruple  effect: 


cF 

If 

Wf 

Ts 

Ws 

Wl— 4 
Cl,  C2,  C 3,  C4 
^1,  £2,  £3?  £4, 
W2,  Wz,  W4 


=  specific  heat  of  feed,  Btu/(lb)(°F) 

=  temperature  of  feed,  °F 
=  feed,  lb/hr 

=  saturation  temperature  of  steam  to  first  effect,  °F 
=  steam  to  first  effect,  lb/hr 
=  total  water  removed  by  evaporation,  lb/hr 
=  specific  heat  of  liquor  in  effects  1  to  4,  Btu/(lb)(°F) 
=  boiling  points  of  liquor  in  effects  1  to  4,  °F 
=  water  removed  in  effects  1  to  4,  lb/hr 


Assume  that  there  are  no  chemical  heat  effects  as  a  result  of  the  concen¬ 
tration  (i.e.,  negative  heats  of  solution)  and  that  there  is  no  BPR. 


Forward  feed 

Heat  balance  on  first  effect: 

TTsXs  +  WfCf{If  —  £1)  =  w{K\  (14.8) 

Heat  balance  on  second  effect: 

W\\i  +  (wf  —  Wi)ci(fa  —  tf)  =  w2\2  (14.9) 

Heat  balance  on  third  effect: 

w2^2  4"  (wf  —  Wi  —  wf)c2{ti  —  tz)  —  W3X3  (14.10) 

Heat  balance  on  fourth  effect: 

W3A3  +  (WF  —  Wl  —  W2  —  Wz)Cz(U  —  tf)  =  W4X4  (14.11) 

Material  balance: 

W1-4  —  W\  -\-  w2  -\-  Wz  -\~  w\  (14.12) 

The  surface  requirements  will  be 

a  Q  —  IFsXs 

Al  =  TJTKt  ~  lh{Ts  -  U) 

A  -  W1X1 

M  ~  Utiti  -  h) 

A  _  ^2X2 

3  U  z(t2  —  h) 

Wz\z 

Ai  ”  Ui(t 3  -  U) 


(14.13) 
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Let 

Ax  =  A2  =  A*  =  A 4  (14.14) 

where  Uh  U2,  U3,  and  t/4  are  the  design  overall  coefficients  in  the  respec¬ 
tive  effects.  From  the  material  balance  and  the  heat  balances  there  are 
five  equations  and  five  unknowns:  Ws,  wh  w2,  w3,  and  w 4.  These  may  be 
solved  for  simultaneously. 

Backward  feed.  Referring  to  Figure  14.216: 

Heat  balance  on  fourth  effect: 

w3\3  T  —  tf)  —  IC4X4  (14.15) 

Heat  balance  on  third  effect: 

w2\2  +  (wP  —  wf)Ci(t3  —  tf)  =  w3\3  (14.16) 

Heat  balance  on  second  effect : 


W1A1  +  (wF  —  wA  —  w3)c3(t2  —  t3 ) 
Heat  balance  on  first  effect: 


w2\2 


(14.17) 


(14.18) 


TFsXs  +  (wF  —  W4  —  w3  —  w2)c2(ti  —  tf)  =  iciXi 
Material  balance: 

^1-4  =  Wi  +  w2  +  w3  +  W4  (14.19) 

The  surface  relations  will  be  the  same  as  before,  since  it  is  practical 
to  impose  the  restriction  that  the  surface  in  each  of  the  bodies  be  identical. 
It  has  also  been  shown  by  experience  that  under  this  condition  the  pres¬ 
sure  differences  between  effects  will  be  approximately  equal.  If  steam 
enters  the  first  effect  of  a  quadruple-effect  evaporator  at  atmospheric 
pressure  and  the  last  effect  is  at  26  in.  Hg  vacuum  corresponding  to  1.95 
psia,  the  pressure  difference  between  the  steam  and  the  first  effect  and 
from  effect  to  effect  will  be  (14.7  -  1.95)/5.  This  will  enable  selection 
of  the  saturation  pressures  in  the  individual  effects.  Since  the  heat- 
ranster  coefficients  will  be  different  in  the  individual  effects,  it  may  be 
found  that  the  surfaces  defined  by  Eqs.  (14.13)  and  (14.14)  are  unequal 
is  means  that  owing  to  the  inequality  in  the  overall  coefficient  in  the 
different  effects  the  Af  across  each  effect  does  not  correspond  to  Je 
assumption  of  an  equal  division  of  the  total  pressure  differential  This 
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difference  will  be  employed  in  the  effect  having  the  lowest  heat  transfer 
coefficient,  the  heat  loads  in  all  effects  remaining  nearly  equal. 

Multiple-effect  evaporators  may  be  designed  for  minimum*  surface  or 
minimum  initial  cost.  These  cases  have  been  treated  by  Bonilla.1  The 
design  of  multiple-effect  evaporators  for  optimum  conditions,  however,  is 
more  the  exception  in  industry  t\  m  the  rule,  the  trend  being  in  the  direc¬ 
tion  of  standardization. 


Example  14.2.  Calculation  of  a  Triple-effect  Forward-feed  Evaporator.  It  is 

desired  to  concentrate  50,000  lb  /hr  of  a  chemical  solution  at  100°F  and  10.0  per  cent 
solids  to  a  product  which  contains  50  per  cent  solids.  Steam  is  available  at  12  psig, 
and  the  last  effect  of  a  triple-effect  evaporator  with  equal  heat-transfer  surfaces  in  each 
effect  will  be  assumed  to  operate  at  a  vacuum  of  26.0  in.  Hg  referred  to  a  30-in. 
barometer.  Water  is  available  at  85°F  for  use  in  a  barometric  condenser. 

Assume  a  negligible  BPR,  an  average  specific  heat  of  1.0  in  all  effects,  the  conden¬ 
sate  from  each  effect  leaves  at  its  saturation  temperature  and  that  there  are  negligible 
radiation  losses.  Calculate:  (a)  Steam  consumption,  (6)  heating  surface  required  for 
each  body,  (c)  condenser  water  requirement.  The  accepted  overall  coefficients  of 
heat  transfer  for  the  different  effects  will  be  Ui  =  600,  U t  =  250,  and  U a  =  125  Btu/ 
(hr)(ft2)(°F), 


Solution: 

Total  feed  wf  =  50,000  lb  /hr 

Total  solids  in  feed  =  0.10  X  50,000  =  5000  lb  /hr 

Total  product  =  =  10,000  lb /hr 

Total  evaporation,  Wi-z  =  50,000  —  10,000  =  40,000  lb /hr 

cf  =  1.0. 


The  balances  applying  to  this  problem  are 

First  effect:  IFsXs  4*  wf($f  ti)  =  w{Ki 
Second  effect:  tci\i  +  ( u>f  —  Wi)(h  —  h)  =  w ^ 

Third  effect:  +  (wf  —  wi  —  iv*)(t«  —  tz)  —  wsM 

Material:  wi  +  wz  -f  wz  =  w\-z 
tF  =  100°F 

Ts  at  12  psig  =  244 °F 

Tz  at  26  in.  Hg  (1.95  psia)  =  125°F 

Total  temperature  difference  =  119°F 

When  a  forward-feed  multiple-effect  evaporator  employs  equal  surfaces  in  each 
effect  as  noted  above,  experience  indicates  that  the  differences  in  the  pressures  between 
effects  will  be  nearly  equal.  This  will  rarely  be  entirely  true,  but  it  forms  an  excelle 
rtfng tte Calculation  of  the  pressures  in  the  effects.  Any  drscrepanc.es 

can  be  adjusted  later.  26,70  _  ^  _  g  25  psi/effect 

Average  pressure  difference  -  ^  H 

i  Bonilla,  C.  F.,  Trans. AIChE,  41,  529-537  (1945). 
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Breakup  of  the  Total  Pressure  Difference 


Pressure,  psia 

A  P, 
psi 

Steam 
or  vapor, 
°F 

X,  Btu/lb 

Steam  chest,  1st  effect . 

26.70 

Ts  =  244 

Xs  =  949 

Steam  chest,  2d  effect . 

18.45 

8.25 

h  =  224 

Xi  =  961 

Steam  chest,  3d  effect . 

10.20  (20.7  in.  Hg) 

8.25 

U  =  194 

X2  =  981 

Vapor  to  condenser . 

1.95  (26  in.  Hg) 

8.25 

U  =  125 

X3  =  1022 

94917s  +  50,000(100  -  224)  = 
961^  +  (50,000  -  wi)  (224  -  194)  = 
981w>2  +  (50,000  —  Wi  —  w;2)(194  —  125)  = 

101  +  W2  +  103  = 

Solving  simultaneously, 


961i0i 

981i02 

lO22i03 

40,000 


I0x  =  12,400 

102  =  13,300 

103  =  14,300 


101-3  =  101  +  102  +  103  =  40,000 
17s  =  19,100 


A 1  = 
A  2  = 
A3  = 


17sXs  _  19,100  X  949 


UtiTs  - 

-h) 

600  X  20 

101X1 

12,400  X  961 

t/2(u  - 

ti) 

250  X  30 

102X2 

13,300  X  981 

U3(t  2  — 

to 

125  X  69 

=  1510  ft2 


(Use  1600  ft2/effect) 


Heat  to  condenser  =  w3\3  =  14,300  X  1022  =  14,710,000  Btu/hr 

Water  requirement  =  14,710,000/(120  -  85)  =  420,000  lb/hr  or  420,000/500 

Economy,  lb  evaporation /lb  steam  =  40,000/19,100  =  2.09  lb /lb  SPm 

its“  /?"' ring  °P.er+n  the  equal  pressure-drop  distribution  may  not  maintain 
ltselb  This  will  occur  if  there  is  undue  scaling  in  one  of  the  effects,  if  a  body  is  gas 

b  ,  "/  or  !f  'lq“or  leveIs  are  n°t  properly  maintained.  Another  factor  may' be  the 

Ture  dheaTal  ^  t  arg6  °f  Steam  fr°m  0ne  of  tho  effects  as  a  source  of  low-pres- 

sure  heating  steam.  Any  deviation  from  an  equal  pressure-droD  distribution 

not  mean  that  the  entire  multiple-effect  assembly  will  fail  to  operate  but  instead  that 
and  steam  econo^\  *  ^  P™  ~  a  reduced  capacity 

Nonalgebraic  Solution  of  Evaporators.  It  will  presently  be  shown 

scarcely  brannHed^d^T13  algfbraic  solution  such  as  that  above  can 
or  to  o  be  aPP  ?d  +antageously  to  more  complicated  arrangements 

hr been = 

the  evaporator  by  directfy  assuming  the  talue  of  W  f  ^  °U 
effect  by  a  d.rect  balance  on  itself  instead  of  through  the  use'of  simut 
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taneous  equations.  If  the  total  evaporation  based  on  the  assumed  value 
of  Ws  does  not  equal  the  required  quantity,  a  new  value  of  Ws  is  assumed 
and  the  calculation  repeated.  This  method  is  demonstrated  in  Example 
14.2a,  in  which  the  hint  that  Ws  =  19,100  from  Example  14.2  is  used. 

Example  14.2a.  Solution  of  Exan  )le  14.2  by  Assuming  Ws 

Heat  balance 

1.  Assume  steam  to  1st  effect  1FS  =  19,100  lb /hr,  wF  =  50,000  lb /hr 

19,100  lb  at  12  psig  =  19,100  X  949  =  18,100,000  Btu/hr 

Deduct  for  heating  feed  =  50,000(224  -  100)  =  6,200,000 

Available  for  evaporation  =  11,900,000  Btu/hr 

Xi  at  224°F  =  961  Btu/lb,  wx  =  11,900,000/961  =  12,400  lb /hr 
Transfer  to  2d  effect  =  50,000  —  12,400  = 

2.  Vapors  from  1st  effect  =  11,900,000  Btu/hr 

Add  flash,  37,600(224  -  194)  =  1,130,000 

Available  for  evaporation  =  13,030,000  Btu/hr 

X2  at  194 °F  =  981  Btu/lb,  w2  =  13,030,000/981  =  13,300  lb /hr 
Transfer  to  3d  effect  =  37,600  —  13,300  = 

3.  Vapors  from  2d  effect  =  13,030,000  Btu/hr 

Add  flash,  24,300(194  -  125)  =  1,680,000 

Available  for  evaporation  =  14,710,000  Btu/hr 

X3  at  125°F  =  1022  Btu/lb  w3  =  14,710,000/1022  =  14,300 
Product  =  24,300  -  14,300 

4.  Heat  to  condenser  =  14,710,000  Btu/hr 

If  the  quantities  failed  to  check  a  new  value  for  IPs  could  be  assumed. 

As  a  first  trial  the  steam  could  have  been  estimated  in  the  absence  of  the  hint 
obtained  from  Exercise  14.2  by  the  relationship 


37,600  lb/hr 


24,300  lb /hr 


10,000  lb /hr 


Ws  = - x-  (14.20) 

0.75  X  number  of  effects 

where  w,  is  the  total  pounds  of  evaporation.  Equation  (14.20)  is  based  on  feed  enter¬ 
ing  at  its  boiling  point.  If  the  feed  enters  below  its  boiling  point,  the  factor  0.75  must 
be  reduced  somewhat.  With  the  feed  at  only  100°F  and  the  boiling  point  at  125°F 
the  value  must  be  reduced  to  0.70. 

Example  14.3.  Backward-feed  Multiple -effect  Evaporator.  Conditions  are  the 
same  as  Example  14.2  except  using  backward  feed  with  overall  coefficients  of  Ux  =  400, 
U2  =  250,  and  U3  =  175  Btu/(hr)(ft2)(°F). 

Solution.  As  before, 

Wl  =  50,000  lb/hr  wX-z  =  40,000  lb/hr 

and 

=  1.0 

The  balances  applying  to  this  problem  are 
Third  effect:  w2\2  +  wF(tF  -  U)  = 

Second  effect:  wx\x  +  (wF  ~  vh)(tt  -  h)  =  u>tX, 

First  effect:  IFsXs  +  (wF  -  w*  -  w2)(h  -  it)  ~ 
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Material : 


Wi  4-  W2  4-  w 3 
98lw2  +  50,000(100  -  125) 
961i«i  +  (50,000  -  u>s)(125  -  194) 
949 Ws  +  (50,000  -  w3  -  to*)  (194  -  224) 

Wl  +  Wi  W 3 

w\  =  15,950 
w2  =  12,900 
wz  =  11,150 

Wi—z  —  W\  4"  w2  4"  Wz  =  40,000 
Ws  =  16,950 


Ai  = 


16,950  X  949 
400  X  20 


=  2010  ft2 


A  2 


15,950  X  961 
250  X  30 


=  2040  ft2 


A3 


12,900  X  981 
175  X  69 


1050  ft2 


Wi-Z 

1022itf3 

981m>2 

961wi 

40,000 


Since  the  heating  surfaces  for  the  three  effects  are  far  from  equal,  the  temperature 
differences  employed  in  the  effects  must  therefore  be  modified  to  meet  the  conditions 
of  the  problem.  For  the  first  trial  the  average  surface  was 


(2010  4-  2040  4-  1050) 
3 


=  1700  ft2 


With  a  better  distribution  of  temperatures  and  pressures,  however,  less  than 

3  X  1700  =  5100  ft2 


of  surface  may  be  expected,  since  the  At  in  both  of  the  first  two  effects  will  be  improved 
at  the  expense  of  only  the  last  effect. 

Recalculation:  * 

Assume  an  average  surface  of  1500  ft2/effect,  and  find  the  temperature  differences 
which  will  provide  these  surfaces.  Assume 

First  effect:  Ts  -  tx  =  28°F,  Ax  =  2%g  X  2010  =  1450  ft2 
Second  effect:  ti  -  t2  =  41°F,  A2  =  3%x  x  2040  =  1490  ft2 
Third  effect:  t2  -  U  =  50°F,  A3  =  *%q  X  1050  =  1440  ft2 
Ts  -  U  =  119°F. 


The  new  temperature-pressure  distribution  is 


Pressure, 

psia 

Steam  or 
vapor,  °F 

X,  Btu/lb 

Steam  chest,  1st  effect 

26.7 

16.0 

16.4  in.  Hg 
26.0 in.  Hg 

Ts  =  244 
h  =  216 
t2  =  175 
tz  =  125 

949 

968 

Steam  chest,  2d  effect 

Steam  chest,  3d  effect 

Vapor  to  condenser 

992 

- - - - - 

1022 
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Solving  again  for  wh  w2,  w3,  and  TFS, 

wi  =  15,450  Ai  =  1450 

wt  =  13,200  A2  =  1470 

w 3  =  11,350  As  =  1490  (Use  1500  ft2/effect) 

Ws  =  16,850 

Heat  to  condenser  =  11,350  X  102:  =  11,600,000  Btu/hr 

Water  requirement  =  11,600,000/(120  -  85)  =  332,000  lb  /hr  =  332,000/500 

=  664  gpm 

Economy,  lb  evaporation/lb  steam  =  40,000/16,850  =  2.37  lb/lb 


Comparison  of  Forward  and  Backward  Feed 


Forward 

Backward 

Total  steam,  lb /hr . 

19,100 

840 

4,800 

16,850 

664 

4,500 

Cooling  water,  gpm . 

Total  surface,  ft2 . 

Ihe  operating  conditions  for  both  forward  and  backward  feed  are  shown  in  Fig. 
14.32a  and  b.  Substantiating  the  simple  reasoning,  backward  feed  is  more  effective 
thermally  than  forward  feed.  Omitted,  however,  is  the  maintenance  and  investment 
on  backward-feed  pumps  between  each  effect  and  the  problems  of  air  leakage  and  flow 
control.  All  of  these  are  considerably  greater  in  backward  feed. 

Optimum  Number  of  Effects.  The  greater  the  number  of  effects  the 
larger  the  amount  of  evaporation  per  pound  of  steam  admitted  to  the  first 
effect.  The  operating  costs  will  be  less  the  larger  the  number  of  effects. 
This  is  offset,  however,  by  the  increased  first  cost  of  the  apparatus  and 
increased  maintenance  charges  for  cleaning  and  replacement,  both  of 
which  enter  as  fixed  charges.  Supervisory  labor  will  be  the  same  for  the 
operation  of  any  number  of  effects.  The  cost  of  condenser  water  must 
also  be  included,  and  it,  too,  will  decrease  the  greater  the  number  of 
effects  employed.  The  optimum  number  of  effects  may  be  obtained  by 
computing  the  process  requirem  mts  with  two,  three,  four,  or  up  to  six 
or  eight  effects  and  determining  the  fixed  charges  and  operating  cost 
resulting  from  each  arrangement.  When  the  total  cost  is  plotted  against 
the  number  of  effects,  a  minimum  will  occur  corresponding  to  the  opti¬ 
mum  number  of  effects.  Actually,  however,  the  number  of  effects  in  the 
various  heavy  chemical  industries  are  fairly  standardized.  For  example, 
table  salt  is  concentrated  in  four  effects  in  which  parallel  feed  of  liquor  is 
used,  caustic  soda  with  two  or  three  effects  and  backward  feed,  and  sugar 
with  five  or  six  effects  and  forward  feed.  Except  when  introducing  an 
entirely  new  chemical  process  it  will  rarely  be  necessary  to  carry  out  a 
complete  economic  analysis. 
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Bleed  Steam.  In  certain  industries  and  particularly  in  the  production 
of  sugar,  there  is  a  great  need  for  low-pressure  steam,  say  10  to  15  psia, 
for  the  large  amount  of  liquor  preheating  required  throughout  the  plant. 
For  the  preheating  it  is  found  advantageous  to  use  some  of  the  steam 
from  the  first  or  subsequent  effects  for  various  preheating  services  such 
as  in  the  decolorization  of  sugar  sirup.  Since  any  vapor  formed  in  the 
first  and  later  effects  will  have  already  been  used  one  or  more  times  for 


1 


WF  =50,000 
Ws=  I9JOO  • 


Pj  -18.45" 
/,  = 224 
h=96J 

— n — 

Ps  -  26. 7 
Ts  -  244  ° 


19/00 


P2  -20.7" 
1 2^/94 
*2=98/ 

— r~i — 

P,  ~/8.46 
t,  -  224- 
2,  f  96/ 

'J - u 


13,300 


(a) 


Pj=  26" 
h  -  125 
*3=1022 

P2  =20.7" 
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Fig.  14.32a.  Example  14.  Forward  feed. 


Fig.  14.326.  Example  14.  Backward  feed. 


evaporation,  the  cost  per  Btu  of  the  vapor  is  cheaper  than  that  of  fresh 
steam  Steam  can  be  bled  economically  from  one  or  more  effects  for 
t  ese  additional  services  while  reducing  the  overall  heating  cost  of  the 

through  14  ^8ff0Unt  01  ^hls  in  .the  beat-balance  equations  [Eqs.  (14.8) 

ft*  r rrt  s  -  ss  - 

e*  a*,.”*.?  ?.  rririrro  z 
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unknowns  than  there  are  simultaneous  equations,  WB  should  not  be 
entered  as  another  unknown  but  as  a  definite  number  of  pounds  of  bleed 
steam  or  as  a  percentage  of  the  total  evaporation  if  the  calculation  is  for 
an  existing  installation. 

The  Solution  of  Industrial  Problems.1  The  preceding  examples  have 
served  to  introduce  the  elemer  tary  methods  of  calculation  and  the 
principles  of  multiple-effect  evaporation.  Actually,  industrial  problems 
are  rarely  so  simple.  Instead,  the  evaporator  system  must  be  integrated 
with  the  operation  of  the  entire  manufacturing  process,  and  this  compli¬ 
cates  the  calculation  greatly.  The  element  of  experience  is  essential  to 
the  completion  of  a  calculation  within  a  reasonable  period  of  time.  In 
the  remainder  of  this  chapter  several  of  the  most  widely  met  commercial 
problems  will  be  analyzed.  These  are  sugar  concentration,  waste-liquor 
evaporation  in  the  paper  pulp  industry,  and  the  production  of  caustic 
soda.  The  analyses  involved  in  their  solution  should  be  readily  adaptable 
to  the  majority  of  other  problems.  A  fourth  process,  distillery  waste 
concentration,  has  been  omitted  in  favor  of  evaporation  by  thermocom¬ 
pression.  The  methods  indicated  may  be  employed  either  for  the  design 
of  a  new  evaporator  or  for  the  calculation  of  performance  in  an  existing 
evaporator. 


THE  CONCENTRATION  OF  CANE-SUGAR  LIQUORS— FORWARD  FEED 

Description  of  the  Process.  It  is  the  practice  in  cane-sugar  production 
to  strain  the  juice  containing  the  sugar  after  it  has  been  pressed  from  the 
sugar  cane  and  clarified  chemically.  In  the  initial  stage  of  clarification, 
called  defecation,  large  amounts  of  colloids  and  inorganic  and  organic 
salts  are  removed.  This  is  accomplished  by  the  addition  of  lime  to  the 
juice  at  200°F,  forming  a  heavy  slime  which  is  removed  by  settling, 
decantation,  and  filtration.  The  clear  solution  is  then  fed  to  the  multiple- 
effect  evaporator  for  concentration. 


Example  14.4.  An  evaporator  installation  is  to  have  a  capacity  for  concentrating 
229,000  lb  /hr  of  13°Brix  (degrees  Brix  is  the  per  cent  by  weight  of  sugar  in  the  solu¬ 
tion)  to  60°Brix,  at  which  concentration  it  will  be  decolorized.  This  quantity  of  sugar 
solution  results  from  milling  2300  tons  of  sugar  cane  per  20-hr  day.  The ;  raw  juices 
will  be  heated  from  82  to  212°F  by  the  use  of  exhaust  vapors  bled  from  the  first  and 
second  effects.  Steam  will  be  available  to  the  first  effect  at  30  psig. 

Solution.  The  arrangement  of  equipment  is  shown  in  Fig.  14.33  and  is  justifie  y 
the  fact  that  bled  vapor  is  a  cheaper  preheating  medium  than  fresh  steam  In  this 
analysis  it  is  arbitrarily  assumed  that  37,500  lb/hr  of  15  psig  vapor  is  bled  from  the 
first  effect  for  use  in  the  vacuum  pans  in  the  crystallizing  section  of  the  plant.  1 

i  Readers  who  are  not  directly  interested  in  chemical  evaporation  problems  may 
omit  the  remainder  of  this  chapter  without  affecting  the  context  of  later  chapters. 


EVAPORATION 


419 


M  ^ 

•1*% 

Ox' 


Fig.  14.33.  Six-body  sugar  evaporator  with  preheaters. 
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BPR  and  specific  heats  of  sugar  solutions  are  given  in  Fig.  14.34.  A  flow  diagram 
such  as  that  in  Fig.  14.33  is  usually  arrived  at  from  experience  or  from  preliminary 
studies  of  total  surface  requirements  as  in  Table  14.1. 

Table  14.1.  Average  Evaporation  per  Square  Foot  Heating  Surface  for 

Sugar  T  vaporators 

b  'ater  evaporated , 

Effects  lb/(hr)(ft2) 

1  14-16 

2  6-8 

3  5-6 

4  4-5 

5  3-4 

In  the  matter  of  choosing  the  number  of  effects  from  experience,  it  is  the  practice  to 
use  a  straight  quadruple  effect  if  little  or  no  vapor  bleeding  is  required  and  to  add  a 
“preevaporator ”  as  a  first  effect  if  excessive  bleeding  of  low  pressure  vapor  are 
required  for  preheating  feed,  etc.,  or  if  relatively  low-pressure  live  steam  is  bled  for 
other  plant  processes,  i.e.,  vacuum  pans.1 

The  forward-feed  arrangement  is  common  in  the  sugar  industry,  since  stronger 
\uices  or  sirups  are  sensitive  to  high  temperatures.  This  procedure  places  a  severe 
handicap  on  the  last  effect  of  a  multiple-effect  evaporator  where  the  most  viscous  juice 


Fig.  14.34a.  BPR  of  sugar  solutions. 


Fig.  14.345.  Specific  heats  of  sugar  solutions. 


boils  at  the  lowest  temperature.  However,  because  of  the  “caramelizing”  tendency 
of  high-concentration  solutions  this  procedure  is  of  paramount  importance  in 
preparation  of  a  product  of  high  purity. 

Table  14.2  is  a  convenient  reference  in  estimating  the  temperature-pressure  diet  ibu- 
tion  and  for  presenting  a  summary  of  all  the  important  process  and  design  conditions, 
terns  2^ to delusive  L  estimated  first,  and  from  these  the  heat  balance 
H  is  shown  in  item  2  of  Table  14.2  that  30  psig  steam  is  fed  in  parallel  to  effects 
14  and  IB  the  temperature  274°F  in  3  being  the  saturation  temperature  correspo 
Lg  to  the  ste"  s:™e  The  last-effect  vapor  body  is  designed  to  operate  under  a 

i  Futher  discussion  of  the  flow  diagram  will  be  given  at  the  conclusion  of  the 
heat  balance. 
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vacuum  of  23  in.  Hg  (147°F).  This  is  shown  in  7  and  8.  Item  13  shows  that  the  sirup 
leaving  the  last  effect  is  60°Brix.  From  Fig.  14.34a  this  concentration  corresponds  to  a 
boiling  temperature  of  147  or  154°F  as  shown  in  5.  For  6  of  Table  14.2  it  can  be 
assumed  tentatively  that  the  °Brix  concentration  is  divided  evenly  among  all  the 
effects;  thus,  the  BPR  for  each  effect  can  be  read  from  Fig.  14.34a.  The  ultimate 
material  distribution  determined  from  the  heat  balance,  however,  will  give  a  precise 


Table  14.2.  Evaporator  Summary 


Item 

Effects 

1A 

IB 

2 

3 

4 

5 

1.  Steam  flow,  lb /hr 

2.  Steam  pressure,  psi/in. 
Hg 

42,600 

30 

38,000 

30 

15 

5 

4" 

14K" 

3.  Steam  temp,  °F 

274 

274 

250 

227 

205 

181 

4.  At,  °F 

23 

23 

21 

20 

20 

27 

5.  Liquor  temp,  °F 

251 

251 

229 

207 

185 

154 

6.  BPR,  °F 

1 

1 

2 

2 

4 

7 

7.  Vapor  temp,  °F 

250 

250 

227 

205 

181 

147 

8.  Vapor  pressure,  psi/in. 
Hg 

15 

15 

5 

4 

14  K 

23 

9.  X,  Btu/lb 

946 

946 

960 

975 

990 

1,010 

10.  Liquor  in,  lb/hr 

229,000 

190,200 

154,000 

117,100 

87,800 

64,000 

11.  Liquor  out,  lb /hr 

190,200 

154,000 

117,100 

87,800 

64,000 

49 , 600 

12.  Evaporation,  lb /hr 

38,800 

36,200 

36,900 

29,300 

23,800 

14,400 

13.  °Brix  (out) 

15.7 

19.4 

25.5 

34.3 

46.5 

60.0 

14.  A,  ft2 

3,500 

3,500 

5,000 

5,000 

5,000 

3,500 

15.  U d,  Btu/(hr)(ft2)(°F) 

478 

425 

310 

264 

219 

138 

16.  UD  At,  Btu/(hr)(ft2) 

11,000 

9,780 

6,520 

5,270 

4,390 

3,740 

estimate  of  the  Bnx  distribution  in  the  different  effects.  Item  13  is  a  summary  of  the 
latter.  In  order  to  complete  2  to  9  inclusive,  the  distribution  of  temperature  differ¬ 
ences  m  each  effect  must  be  determined  as  in  4. 

The  total  temperature  difference  in  the  evaporator  system  is  274°  -  147  -  127°F 

?ff—  Tb*  -ter  is  distributed  “a, ong  ^l^ 
11//1  distributed  in  proportion  to  the  values  found  in  practice  for 

of  acceded  ^  Same  "Umber  of  effect3'  W  The  total  is  distributed  on  the  basis 
values  of  f/n  estimated  ^ 

CSS”  K*1?.;  Th^  b«  redistributed  for  a  different number* 

system.  Either  method* wUl^ve  a  ‘suffidently 'Xr elZ^T/hf  Y'he 

difference  distribution  for  obtainine  items  9  o  ,  '  f  the  tCTnpcrature 
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differences  are  found  to  be  very  much  out  of  line  with  those  found  in  practice,  they 
must  be  revised.  Having  estimated  the  distribution  of  the  temperature  difference 
the  saturated  vapor  pressure  above  the  liquor  or  the  saturated  steam  pressure  in  the 
following  effect  may  be  determined  from  the  steam  tables  (Table  7).  The  latent 
heats  corresponding  to  saturated  vapor  pressures  will  be  obtained  similarly. 

Since  it  is  planned  to  bleed  vapors  from  the  different  effects  for  preheating  both  the 
raw  and  clarified  sugar  solutions,  it  s  necessary  to  determine  the  quantities  which 
will  be  bled  from  each  effect.  The  raw  sugar  solutions  will  be  preheated  from  82  to 
212°,  a  range  of  130°F.  Vapors  from  the  fourth  effect  will  be  used  to  preheat  the  raw 
sugar  solution  from  82  to  144°F,  vapors  from  the  third  effect  from  144  to  184°,  and 
vapors  from  the  second  effect  from  184  to  212°.  Heat  quantities  and  surfaces  for  the 
juice  heaters  are  calculated  as  in  Table  14.3.  Similarly  juice  from  the  clarifier  is 
preheated  by  second-effect  vapors  from  200  to  220°  and  by  first-effect  evaporators 
from  220  to  243°F.  In  all  instances  the  preheaters  are  designed  to  permit  a  duplica¬ 
tion  of  surface,  although  in  some  instances  overdesign  obviously  results.  A  spare 
heater  is  usually  included  in  the  system  to  allow  continuity  of  operation  during  clean¬ 
ing.  In  arriving  at  the  temperature  range  for  the  individual  preheaters  a  mini¬ 
mum  terminal  difference  of  7°F  has  been  used.  Larger  terminal  differences  may  be 
employed  if  the  spread  of  temperatures  makes  them  permissible. 


Table  14.3.  Sugar-juice  Heaters 


Raw-juice  healers 
1.  229,000(212  -  184) (0.91) 

=  5,840,000  Btu/hr 
Vapor  temp.  =  227°F  At  =  26.6°F 
UD  =  231 


Surface,  A 


5,840,000 
26.6  X  231 


=  950  ft2 


2. 


229,000(184  -  144)  (0.90) 

=  8,250,000  Btu/hr 
Vapor  temp.  =  205°F  A t  =  37.6°F 


Surface,  A 


8,250,000 
37.6  X  230 


=  950  ft2 


3.  229,000(144  -  82) (.90)  =  12,800,000 
Vapor  temp.  =  181°F  At  =  62.2°F 


Surface,  A 


12,800,000 
62.2  X  217 


950  L2 


Use  3  heaters  at  1000  ft2  each  plus  1 


heater  as  spare 


Clear -juice  heaters 
1.  229,000(243  -  220) (0.91) 

=  4,800,000  Btu/hr 
Vapor  temp.  =  250°F  At  =  15.8°F 
UD  =  234 


0  .  .  4,800,000  10AA-,, 

Surface,  A  =  15  g  x  2s4  =  1300  ft> 

2.  229,000(220  -  200) (0.90) 

=  4,120,000  Btu/hr 
Vapor  temp.  =  227°F  At  =  14.8°F 

Surface,  A.  148X214  1300  ft 


Use  2  heaters  at  1300  ft2  each  plus  1 
heater  at  1300  ft2  as  spare 


Table  14.4  shows  the  heat  and  material  balance  for  the  evaporator.  To  effect  a 
balance  it  is  necessary  to  estimate  correctly  the  steam  flow  to  the  first  effect.  In  the 
simple  case  where  no  vapors  are  bled  for  process  heating  an  assumption  is  made  by 
using  a  quantity  of  steam  which  is  about  20  per  cent  above  theoretical,  i.e.,  the  hourly 
evaporation  divided  by  the  number  of  effects.  In  the  present  case  where  excessive 
vapors  are  bled,  the  “extrapolated  evaporation ”  is  divided  by  the  number  of  effects. 
The  extrapolated  evaporation  is  equivalent  to  the  actual  plus  that  which  the  vapors 
could  effect  if  not  bled  for  process  work.  Since  only  an  estimate  of  the  steam  is 
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Table  14.4. 


Effect 


IA.  Heat  in  steam  =  42,600  X  929  X  .97 . • 

Heating  liquor  =  229,000(251  —  243). 91. 

-  38,800 

Liquor  to  IB  =  190,200 

IB.  Heat  in  steam  =  38,000  X  929  X  .97 . 

Heating  liquor  =  190,200(251  —  251) 

-  36,200 

Liquor  to  2d  effect  =  154,000 

2.  Heat  in  1A  vapors . 

Heat  in  IB  vapors . 

Total  heat  available . 

First  effect  cond.  flash  =  80,600(274  —  250) 

Heat  to  vacuum  pans  =  37,500  X  946 . 

Heat  to  clear-juice  heaters . 

Heat  to  2d  effect . 

Liquor  flash  =  154,000(251  —  229)  .85 . 

36,900 

Liquor  to  3d  =  117,100 

3.  Heat  in  2d  vapors . 

Cond.  flash  =  37,500(250  -  227) . 

Heat  to  clear-juice  heaters . 

Heat  to  raw-juice  heaters . 

Liquor  flash  =  117,100(229  -  207).83 . 

29,300 

Liquor  to  4th  =  87,800 

4.  Heat  in  3d  vapors . 

Cond.  flash  =  74,200(227  -  205) . 


Heat  to  raw-juice  heaters . 

Liquor  flash  =  87,800(207  -  185). 80. . 
23,800 

Liquor  to  5th  =  64,000 

5.  Heat  in  4th  vapors . 

Cond.  flash  =  101,400(205  -  181) . 

Heat  to  raw-juice  heaters . 

Liquor  flash  =  64,000(184  -  154). 74 
14,400 

Prod,  discharge  =  49,600 


Heat  Balance 


Btu/hr 

38,400,000* 

1,670,000 

36,730,000/946 

34,200,000* 

34,200,000/946 

36,730,000 

34,200,000 

70,930,000 

1,940,000 

72,870,000 

-35,500,000 

37,370,000 
-  4,800,000 

32,570,000* 

+  2,880,000 

35,450,000/963 

35,450,000 

865,000 

36,315,000 
-  4,120,000 

32,195,000 
-  5,840,000 

26,355,000* 

+  2,150,000 

28,505,000/975 

28,505,000 

1,630,000 

30,135,000 
-  8,250,000 

21,885,000* 

+  1,540,000 

23,425,000/989 

23,425,000 

2,480, 000 

25,905,000 

-12,800,000 

13,105,000* 

+  1,470,000 

14,575,000/1010 
Total  hourly  evaporation 

Evaporation, 

lb/hr 


38,800 


36,200 


36,900 


29,300 


23,800 


14,400 

179,400 


*  Heat  supplied  by  heating  element. 
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required,  the  following  rule  can  be  used  to  obtain  the  extrapolated  evaporation:  Add 
to  the  actual  evaporation  the  equivalent  evaporation  of  the  bled  vapors  thus: 

/ 

(а)  Actual  evaporation . 

(б)  Equivalent  evaporation  from  vapors  of  1st  effect  used  for  vacuum  pans 

(4  X  35,500,000) /977 . 

(c)  Equivalent  evaporation  from  1st  ffect  vapors  used  for  clarified-juice 

heaters,  (4  X  4,800,000) /977 . 

( d )  Equivalent  evaporation  from  2d  effect  vapors  used  for  clarified-  and  raw- 

juice  heaters,  (3  X  9,960,000) /977 . 

( e )  Equivalent  evaporation  from  3d  effect  vapors  used  for  raw-juice  heaters 

(2  X  8,250,000) /977 . 

(/)  Equivalent  evaporation  from  4th  effect  vapors  used  for  raw-juice  heaters, 

(1  X  12,800,000) /977 . 

Extrapolated  evaporation . 

Estimated  steam  quantity  122^22  _  81,240  lb /hr 

Actual  steam  required  from  final  heat  balance  =  80,600 

Error  =  640  lb/hr 

This  method  of  estimating  the  steam  quantity  to  the  first  effect  gives  quite  con¬ 
sistent  results  and  can  be  used  as  a  “ first”  trial  in  Table  14.4.  One  or  two  trials  will 
determine  the  exact  steam  flow  for  obtaining  the  required  evaporation. 

It  will  be  noted  from  Table  14.4  that  liquor  and  steam  flow  in  series  through  all 
effects  (in  forward-feed  arrangement)  except  for  the  first  effect  where  the  total  steam 
is  divided  for  parallel  flow  between  effects  1A  and  IB.  The  latter  procedure  is  com¬ 
mon  where  excessive  evaporation  in  a  single  effect  would  require  a  very  large  vapor 
body.  The  division  of  the  total  steam  in  the  heat  balance  between  effects  1A  and  IB 
is  arbitrary,  especially  if  equal  heating  surface  will  be  supplied.  However,  it  is  the 
usual  practice  to  divide  the  total  steam  in  the  ratio  of  1. 1/1.0  for  effects  1A/1B  to 
simplify  calculations  and  to  take  into  account  the  fact  that  the  1A  effect  will  have  a 
higher  heat-transfer  coefficient  and  thus  use  more  steam  for  greater  evaporation. 

In  effects  1A  and  IB  liquor  must  be  preheated  to  its  boiling  point  before  evaporation 
commences.  In  all  other  effects  the  liquor  flashes  or  vaporizes  a  portion  of  its  water 
on  entering  the  following  body.  To  increase  the  steam  economy  still  further,  it  is 
customary  to  flash  the  condensate  to  the  vapor  space  of  the  following  effect.  Thus 
the  total  steam  condensate  is  flashed  to  the  vapor  space  in  the  first  effect,  and  the 
vapors  obtained  from  this  flash  are  ad  led  to  the  total  vapors  leaving  the  1 A  and  IB 
effects.  Likewise  the  net  condensate  in  the  second  effect  (38,800  -f  36,200  —  37,500, 
which  was  removed  for  vacuum  pans)  is  flashed  to  the  corresponding  second-effect 
saturated  vapor,  etc.  It  will  be  noted  that  the  total  flash  in  each  effect  is  cumulative, 
since  the  condensate  flows  in  series  to  a  common  discharge  header  through  a  series  of 
flash  tanks.  A  well-designed  condensate  flash  system  may  save  as  much  as  10  per  cent 
of  the  live-steam  requirement. 

The  heat  balance  is  completed  when  one  obtains  a  product  from  the  last  effect  equal 
in  quantity  and  °Brix  concentration  to  that  for  which  the  evaporator  is  being  designed. 
Thus  a  material  balance  in  the  present  case  shows: 

Feed  =  229,000  lb  /hr  X  0.13  =  29,800  lb/hr  sugar 

Discharge  =  =  49,600  lb/hr  of  60°Brix  sugar 

Evaporation  =  229,000  -  49,600  =  179,400  lb/hr  water  evaporated 


Lb  /hr 
179,400 

145,500 

19,700 

30,600 

17,900 

13 , 100 
406,200 
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If  an  incorrect  quantity  of  steam  is  assumed  or  a  very  poor  temperature  distribution 
is  made,  the  required  evaporation  or  product  discharged  will  not  be  obtained.  In  the 
latter  case,  an  apportionment  of  the  difference  between  the  required  evaporation  and 
that  obtained  in  die  first  trial,  based  upon  the  assumed  steam  quantity  and  a  recalcm 
lation  of  the  heat  balance,  will  give  results  close  enough  for  practical  purposes.  In 
general,  if  the  heat  balance  is  off  by  less  than  1  per  cent  in  product  or  evaporation,  it 
may  be  considered  to  check. 

The  vapors  from  the  last  effect  can  be  used  for  process  heating  or  carried  to  a  con¬ 
denser.  Evaporator  vapors  are  used  to  heat  the  juice  before  and  after  clarification  by 
means  of  two  sets  of  heaters.  In  Fig.  14.33  the  heaters  are  grouped  in  sets  of  four  and 
three.  The  first  set  is  for  preheating  the  raw  juice  with  vapors  of  the  second,  third, 
and  fourth  effects.  The  second  set  is  for  preheating  the  clarified  juice  before  it  enters 
the  first  effect  of  the  evaporator  and  uses  vapors  from  the  first  and  second  effects. 
Each  set  of  heaters  operates  with  one  less  than  that  indicated,  the  omitted  unit  acting 
as  a  spare. 

The  first  four  effects  of  the  evaporator  system  are  designed  to  have  bodies  of  the 
long-tube  vertical-film  type  (Fig.  14.27),  while  the  fifth  effect  is  provided  with  a 
calandria-type  body  (Fig.  14.23).  The  first  four  effects  have  catchalls  with  tangential 
vapor  inlets  and  bottom  outlets,  whereas  the  fifth  effect  is  designed  with  a  top  vapor 
outlet.  The  entire  evaporator  unit  is  arranged  to  allow  by-passing  any  unit  from  the 
system  for  cleaning  or  repair. 

Vacuum  is  maintained  by  a  barometric  condenser  and  ejector.  The  gallons  per 
minute  of  water  required  in  the  barometric  condenser  is  calculated  from  Eq.  (14.4). 
Where  low  vacuum  and  cold  water  are  combined  as  in  the  present  example,  a  value  of 
15°F  may  be  used  for  the  approach  temperature  difference  ta- 


Water  = 


14,575,000 
500(147  -  82  -  15) 


=  583  gpm 


(14.4) 


Discussion.  In  Table  14.2  items  10  to  13  inclusive  summarize  the 

data  obtained  from  the  material  and  heat  balance  in  Table  14.4.  The 

surface  design,  i.e.,  the  heating  element,  vapor  head,  etc.,  is  shown  in  14 

to  16  inclusive.  Item  16  lists  values  of  U D  At  employed  commercially 

dividing  these  values  of  UD  At  by  the  estimated  At  yields  the  values  of  u'D 

shown  in  15.  If  the  values  of  UD  are  much  out  of  line  with  correlated 

values  for  similar  operation,  then  a  redistribution  of  either  At  or  UD  At 

may  be  necessary.  Both  are  affected  simultaneously.  Surfaces  are 

found  by  dividing  the  starred  heat  loads  in  Table  14.4  by  respective 
values  of  UD  At. 


n  designing  heaters  for  both  raw  and  clear  juice  in  Table  14  3  the 
importance  of  equal  size  and  duplication  of  units  is  emphasized.  A  care¬ 
ful  dn  ision  of  the  total  heat  load  was  made  to  allow  large  temperature 
differences  when  using  the  bled  vapors  of  the  different  effects  Slightly 
larger  transfer  coefficients  could  have  been  used,  but  it  is  desirable  to 

coefficients.6  **  ^  6XPenSe  °f  arbitrarily  trying  the  transfer 
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bodies  are  designed  for  high  velocity  and  low  liquor  levels,  it  has  been 
assumed  that  any  capacity  loss  due  to  hydrostatic  head  is  compensated 
for  by  a  slightly  conservative  design  of  surface. 


THE  EVAPORATION  OF  PAPER  PULP  WASTE  LIQUORS — BACKWARD  FEED 

Description  of  Paper-pulp  F  oduction  Processes.  There  are  three 
standard  processes  for  producing  paper  pulp,  namely,  the  soda,  sulfate, 
and  sulfite  processes.  All  three  produce  wastes  which  are  recovered 
either  because  of  valuable  residues  or  to  avoid  public  nuisance. 

1.  In  the  soda  process  wood  chips  are  cooked  in  digesters  with  caustic 
soda  solution  of  about  12°Be.  After  digestion,  the  pulp  is  washed  clean 
with  a  hose  in  tanks  having  screen  bottoms  or  else  passed  through  a 
filter  which  is  used  for  washing  it.  The  liquor  separated  from  the  washed 
pulp,  called  black  liquor,  contains  the  resin  and  lignin  of  the  wood  and  all 
the  alkali  used  in  the  digester.  The  black  liquor  is  evaporated,  and 
solids  are  recovered  for  the  value  of  the  alkali. 

The  soda  process  is  applied  to  both  nonresinous  and  resinous  woods. 
In  the  latter  case  the  black  liquors  tend  to  foam  and  evaporators  of  the 
long-tube,  vertical-film  type  are  used  almost  exclusively.  The  solutions 
are  not  scale  forming,  undergo  little  elevation  in  boiling  point  (BPR),  and 
the  concentrated  product  is  not  excessively  viscous.  Liquors  are  usually 
concentrated  to  about  a  40  per  cent  solid  content  by  backward  feed  in  a 
sextuple  (or  higher)  effect  evaporator,  and  the  concentrate  is  subsequently 
fed  to  rotary  incinerators.  The  latter  produces  black  ash,  which  is 
leached,  and  the  resulting  solution  is  recausticized  for  use  in  the  digesters. 

2.  The  sulfate  pulp  process  uses  a  mixture  of  sodium  hydroxide,  sodium 
carbonate,  and  sodium  sulfide  for  digestion  of  wood  chips.  The  sulfide 
is  renewed  by  adding  sodium  sulfate  and  reducing  it  with  carbon  (thus, 
“sulfate”  process).  The  process  is  used  on  resinous  woods,  and  the 
content  of  inorganic  material  in  the  waste  liquor  is  higher.  It  is  usually 
concentrated  to  about  50  and  often  55  per  cent.  The  liquor  is  more 
viscous  than  the  soda  black  liquor  of  same  density,  foams  more,  and  has  a 
higher  elevation  in  boiling  point  owing  to  the  larger  content  of  inorganic 
solids.  The  usual  practice  is  to  use  long-tube  vertical-film-type  evapo¬ 
rators  with  six  effects  or  more  and  with  backward  feed.  Because  of  the 
high  viscosity  in  the  first  effect  it  is  customary  to  divide  the  latter  into 
two  bodies  with  parallel  steam  flow.  This  procedure  increases  the  liquor 
rate,  which  offsets  the  detrimental  effect  of  the  high  viscosity  on  the  heat- 

transfer  rate. 

3.  The  sulfite  pulp  process  uses  calcium  or  magnesium  bisulfite  as  the 
active  chemical  in  wood  chip  digestion.  The  active  material  is  not 
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recovered. 1  When  a  mill  is  located  in  an  isolated  area  the  waste  liquor  is 
discarded;  when  a  mill  is  located  in  nonisolated  districts,  evaporation  of 
the  liquors  and  burning  of  the  concentrate  are  required  to  prevent  surface 
or  subsurface  water  polution.  In  recent  years,  however,  much  develop¬ 
ment  work  has  been  carried  out  on  the  fermentation  of  sulfite  liquors  for 
alcohol  production. 


Example  14.6.  A  unit  concentrating  soda  pulp  black  liquor  will  be  designed  to 
evaporate  90,000  lb /hr  of  water  from  a  feed  of  144,000  lb /hr  which  enters  at  170°F  and 
contains  15.2  per  cent  solids.  This  is  equivalent  to  a  product  discharge  of  54,000  lb /hr 
containing  40.5  per  cent  solids.  These  quantities  are  based  on  the  production  of 
150  tons  of  pulp  per  day,  and  the  resulting  black  liquor  contains  3500  lb /ton  of  total 
solids.  Utilities  available  are  dry  saturated  steam  at  35  psig  and  condenser  water 
at  60°F. 

Solution.  Economy  studies  in  the  industry  indicate  that  a  six-body  sextuple- 
effect  evaporator  will  be  required.  In  this  type  of  unit  the  liquor  flow  is  arranged  for 
divided  feed  to  the  fifth  and  sixth  effects  to  eliminate  the  large  vapor  bodies  which 
would  otherwise  be  required  were  the  total  feed  passed  through  in  series.  From  the 
last  two  effects  the  liquor  is  pumped  through  the  remaining  bodies  in  series,  backward 
flow.  The  discharge  from  the  first  effect,  after  passing  through  a  liquid-level  control 
valve  to  a  liquor  flash  tank,  is  finally  sent  to  a  product  storage  tank.  Figure  14.35 
illustrates  schematically  the  arrangement  of  the  equipment  for  this  process. 

In  this  type  of  process  all  vapor,  liquor,  and  condensate  lines  are  designed  with 
by-pass  arrangements,  permitting  any  one  body  to  be  cut  out  for  cleaning  or  main¬ 
tenance  and  still  allowing  the  operation  of  the  unit  as  a  quintuple  effect. 

The  vapors  from  the  last  effect  are  condensed  in  a  multijet  barometric  condenser 
or  are  used  for  heating  mill  water  to  110°F.  If  the  latter  scheme  is  followed,  a  surface 
condenser  can  be  substituted  for  the  multijet  condenser. 

The  factors  entering  in  making  the  heat  balance  are  similar  to  those  discussed  under 
sugar  evaporation.  Referring  to  Table  14.5  it  is  important  first  to  estimate  correctly 
the  temperature-pressure  distribution,  items  2  to  8. 

The  overall  temperature  difference  is  280  -  125  =  155°F  (corresponding  to  35  psig 
and  26  in.  Hg).  For  the  estimated  per  cent  solids  distribution  in  each  body,  the  BPR 
can  be  obtained  from  Fig.  14.36a.  The  estimated  total  BPR  is  41°F,  and  the  effective 
temperature  difference  (disregarding  hydrostatic  head  factors  in  accordance  with  the 
discussion  under  sugar  evaporators)  is  155  -  41,  or  114°F.  Specific-heat  data  are 
given  in  Fig.  14.366.  The  distribution  of  temperature  differences  At  in  item  4  is  in 
accordance  with  general  practice,  using  higher  temperature  differentials  in  the  first 
and  last  effects  owing  to  the  larger  evaporation  loads  and  the  relatively  even  distribu¬ 
tion  in  the  other  effects.  Slight  deviations  in  the  estimated  values  of  the  temperature- 
difference  distribution  from  what  may  be  found  in  actual  operation  will  not  affect  the 
heat  balance  or  design  of  the  evaporator  too  greatly.  Poor  temperature-difference 
estimates,  however,  will  be  reflected  by  poorly  correctable  transfer  coefficients  The 
accepted  overall  coefficients  for  multiple-effect  soda-black-liquor  processes  are  given 


1  Recent  development  by  the  Weyerhaeuser  Timber  Co.  of  a  cyclic  recovery  sys- 
em  using  the  magnesium  bisulfite  base  has  increased  interest  in  this  method  of  piRp 
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Fig.  14.35.  Soda  black-liquor  evaporator. 
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Table  14.5.  Evaporator  Summary 
All  bodies  will  consist  of  300  2  in.  OD,  10  BWG  tubes  24 '0"  long 


Item 

Effects 

1 

2 

3 

4 

5 

6 

1.  Steam  flow,  lb/hr . . . 

2.  Steam  pressure,  psi/in.  Hg . 

20,000 

35 

14.5 

4 

7 " 

16.5" 

22" 

3.  Steam  temp,  °F . 

280 

249 

224 

199 

174 

151 

4.  A<,  °F . 

21 

17 

18 

19 

18 

21 

5.  Liquor  temp,  °F . 

259 

232 

206 

180 

156 

130 

6.  BPR,  °F . 

10 

8 

7 

6 

5 

5 

7.  Vapor  temp,  °F . 

249 

224 

199 

174 

151 

125 

8.  Vapor  pressure,  psi/in.  Hg . 

14.5 

4 

7" 

16.5" 

22" 

26" 

9.  X,  Btu/lb . 

946 

962 

978 

994 

1,008 

1,022 

10.  Liquor  in,  lb/hr . 

73,400 

88,300 

101,100 

113,000 

72,000 

72,000 

11.  Liquor  out,  lb/hr . 

56,200 

73,400 

88,300 

101,100 

58,300 

54,700 

12.  Evaporation,  lb/hr . 

17 , 200 

14,900 

12,800 

11,900 

13,700 

17,300 

13.  Total  solids,  %* . 

38.9 

29.8 

24.7 

21.6 

18.7 

20. C 

14.  4,  ft! . 

3,250 

3,250 

3,250 

3,250 

3,250 

3,250 

15.  17d,  Btu/(hr)(ft2)(°F) . 

262 

295 

252 

251 

221 

221 

16.  Ud  A<,  Btu/(hr)(ft2) . 

5,510 

5,000 

4,530 

4,770 

3,980 

4,650 

*  40.5  per  cent  from  flash  tank;  22,000  lb/hr  vaporized  in  flash  tank. 


Fio.  14.36a.  °Bc  vs.  °F  BPR 
and  total  dry  solids  for  soda 
black  liquor. 


(b) 

1 SPecific  heat  vs.  per  cent  solids  for 
soda  black  liquor. 
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in  Table  14.5.  If  the^  calculated  coefficients  differ  appreciably  from  the  accepted 
values,  the  At  distribution  will  have  to  be  altered  accordingly. 

Table  14.6  shows  the  procedure  in  determining  the  heat  balance.  It  will  be  observed 
that  this  balance  is  one  of  trial  and  error.  With  some  experience  in  backward-flow- 
evaporator  calculations,  however,  not  more  than  two  trials  are  necessary  to  obtain  the 
correct  balance.  A  first  trial  is  necessary  for  determining  the  approximate  quantity 
of  live  steam  to  the  first  effect.  Since  t'  e  overall  material  balance  (Table  14.5)  shows 
that  a  total  of  90,000  lb /hr  of  water  is  evaporated,  the  theoretical  amount  of  steam 
for  a  six-effect  evaporator  would  be  90,000/6,  or  15,000  lb/hr.  It  is  found,  however, 
that  the  economy  of  multiple-effect  black-liquor  evaporators  falls  in  the  order  of 
75  per  cent  of  theoretical  or  6  X  0.75  which  is  4.5.  Thus,  as  an  estimate 


90,000  lb 
4.5 


20,000  lb  /hr 


of  steam  will  be  used  for  a  trial  balance.  This  value  is  converted  to  its  total  evapora¬ 
tion  potential  by  multiplying  by  its  latent  heat  of  vaporization  and  a  factor  of  about 
0.97  to  take  into  account  heat  losses  by  radiation. 

Since  the  feed  is  backward,  the  quantity  of  liquor  being  pumped  from  the  second 
to  the  first  effect  is  unknown.  In  fact,  the  only  known  liquor  quantity  is  54,000  lb /hr 
of  product  discharge  leaving  the  flash  tank.  Ordinarily  the  black  liquor  in  the  first 
effect  is  not  concentrated  to  the  final  desired  solid  content,  but  several  of  the  last 
per  cent  of  water  are  allowed  to  vaporize  in  a  flash  tank  which  is  located  ahead  of  the 
first  effect  and  which  is  connected  to  one  of  the  low-pressure  evaporator  bodies  as 
shown  in  Fig.  14.35.  In  this  instance  the  flash  tank  receiving  the  discharge  from  the 
first  effect  is  piped  to  the  vapor  body  of  the  third  effect,  which  is  at  a  saturation 
temperature  of  199°F.  Since  the  solution  discharged  from  the  first  effect  has  a  BPR 
of  10°F,  its  actual  boiling  temperature  in  the  third  effect  is  199  +  10  =  209°F  and  a 
flash  corresponding  to  259  to  209 °F  is  effected. 

If  the  quantity  of  liquor  discharged  from  the  first  effect  were  known,  the  amount 
of  additional  water  evaporated  by  flash  could  easily  be  calculated.  An  estimate  is 
therefore  made  of  this  quantity  as  follows: 

Divide  the  total  evaporation  by  the  number  of  effects,  i.e.,  90,000/6  =  15,000,  and 
add  to  it  about  15  per  cent,  giving  a  total  of  17,200  lb/hr.  The  latter  is  an  estimate 
of  the  amount  of  evaporation  in  the  first  effect.  Since  the  flash  is  usually  a  few  per 
cent  of  the  product  (here  2200/54,000  =  4.1  per  cent),  an  estimated  value  of  the  flash 
is  added  to  the  evaporation  in  the  first  effect  and  the  total  added  to  the  product  dis¬ 
charge  from  the  flash  tank:  thus  54,CKK)  +  (17,200  +  2200)  =  73,400  lb /hr.  This 
quantity  is  the  estimated  discharge  fron  the  second  effect  and  must  be  preheated  from 
232  to  259°F,  the  boiling  point  in  the  first  effect.  The  latter  is  indicated  in  item  15 
of  the  heat-balance  calculations,  Table  14.6.  By  subtracting  the  preheat  from  la 
and  dividing  the  difference  (16,270,000/946)  by  the  latent  heat  of  vaporization  corre¬ 
sponding  to  the  saturated  vapor  pressure  in  the  first  effect,  the  amount  of  actual 
evaporation  in  the  first  effect  1  c  is  obtained.  The  latter  value  should  correspond 
to  that  estimated.  If  it  does  not  check,  the  value  of  the  discharge  liquor  from  the 
second  effect  16  is  revised  to  bring  the  estimated  and  the  calculated  evaporation 
rates  in  line.  Moreover,  since  the  preheat  load  16  is  usually  in  the  order  of  8 
to  10  per  cent  of  the  steam  load  la  only  a  small  change  is  ordinarily  required  in  the 
former  to  balance  the  estimated  and  calculated  evaporation  rates.  The  discharge 
to  the  flash  tank  is  the  difference  between  16  and  lc.  The  amount  of  flashed  vapor  is 
equal  to  the  heat  load  Id  divided  by  the  latent  heat  of  vaporization  corresponding  to 
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Table  14.6.  Heat  Balance 


Cooling  water  at  60  °F 


17,750,000 _ 

500(125  -  15  -  60) 


=  710  gpm 


Effect 

Btu/hr 

Evaporation 

lb/hr 

1.  a.  Heat  in  steam  =  20,000  X  924  X  .97* . 

6.  Heating  liquor  =  73,400(259  —  232). 82 . 

17,900,000f 

1,630,000 

c.  Evaporation  =  17,200 . 

16,270,000/946 

17 , 200 

d.  To  flash  tank  =  56,200(259  —  209). 78 .  . 

e.  Flashed  vapor  =  2,200 

/.  Product  =  54,000 

2,200,000/978 

2,200 

2.  a.  Heat  in  1st  vapors . 

b.  Heating  liquor  =  88,300(232  —  206). 85 . 

16,270,000f 
-  1,940,000 

c.  Evaporation  =  14,900 . 

d.  Liquor  to  16  =  73,400 

14,330,000/962 

14,900 

3.  a.  Heat  in  2d  vapors . 

6.  Condensate  flash  =  17,200(249  —  224) . 

c.  Total  heat  to  3d  effect  steam  chest . 

d.  Heating  liquor  =  101,100(206  —  180). 86 . 

14,330,000 
+  430,000 

14,760,000t 

2,250,000 

e.  Evaporation  =  12,800 . 

/.  Liquor  to  26  =  88,300 

12,510,000/978 

12,800 

4.  o.  Heat  in  3d  vapors . 

6.  Condensate  flash  =  32,100(224  —  199) . 

c.  Liquor  flash  from  flash  tank . 

d.  Total  heat  to  4th  effect . 

c.  Heating  liquor  =  113,000(180  —  143).88 . 

12,510,000 
+  800,000 
+  2,200,000 

15,510,000t 
-  3,680,000 

/.  Evaporation  =  11,900 . 

g.  Liquor  to  3d  =  101,100 

11,830,000/995 

11,900 

5.  a.  Heat  in  4th  vapors . 

6.  Condensate  flash  =  44,900(199  —  174).. 

c.  Total  heat  to  5th  effect . 

d.  Liquor  flash  =  72,000(170  —  156).90 _ 

11,830,000 
+  1,120,000 

12,950,000t 
+  900,000 

e.  Evaporation  =  13,700 . 

/.  Liquor  to  4c  =  58,300 

13,850,000/1008 

13,700 

6.  a.  Heat  in  5th  vapors . 

6.  Condensate  flash  =  56,800(174  —  151) 

c.  Total  heat  to  6th  effect. . 

d.  Liquor  flash  =  72,000(170  -  130).90 

13,850,000 
+  1,310,000 
15,160,000t 
+  2,590,000 

e.  Evaporation  =  17,300 

/.  Liquor  to  4e  =  54,700 

g.  Liquor  to  4c  from  5/  =  58,300 

A-  4e  =  113,000 

17,750,000/1022 

Total  hourly  evaporation 

„  90,000 

Jbiconomv  ^  -  =  4  . 

20,000 

17,300 

=  90,000  lb 

30  lb/lb 

*  Radiation  factor, 
f  For  surface  calculation. 
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saturated  pressure  in  the  third  effect.  Subtracting  the  flash  le  from  Id  should  give 
the  known  product  in  1/.  If  a  deviation  from  the  product  is  obtained,  slight  changes 
are  required  in  Id,  lc,  and  16  to  complete  the  balance  in  the  first  effect. 

.  IntuhefiSeC+01ff  GfeCt  !he  Val.Ue  °f  2a  corresPon4s  to  the  heat  load  of  the  vapors  leav¬ 
ing  the  first  effect  and  entering  the  second  effect  steam  chest.  The  value  of  2d  is 

equai  to  16,  which  has  already  been  determined.  An  estimate  of  26  determines  2c 
A  check  on  the  estimated  value  of  26  is  i  Gained  if  26  -  2c  =  2d.  If  they  are  unequal 
a  slight  change  in  26  will  establish  the  equality.  ’ 

The  value  of  item  3a  corresponds  to  the  heat  load  of  vapors  leaving  the  second 
effect  Moreover,  to  increase  steam  economy  the  condensate  from  the  second  effect 
is  discharged  through  a  flash  tank  into  a  condensate  header.  The  flash  tank  is  piped 
t°  the  steam  cIiest  of  the  third  effect.  Item  36  shows  the  equivalent  heat  load  added 
to  the  steam  chest  of  the  third  effect  by  flashing  the  condensate  of  the  second  effect 
into  it. 


Since  item  3 /  equals  26,  an  estimate  of  3d  determines  the  value  of  3e.  A  check  on  the 
estimate  3d  is  determined  by  the  equality  of  the  values  under  3d  -  Se  =  3f. 

Item  4a  is  the  net  heat  load  in  the  third  effect  vapors  and  46  is  the  combined  con¬ 
densate  flash  from  effects  2  and  3;  i.e.,  17,200  +  14,900  =  32,100  lb/hr.  Item  4c 
corresponds  to  Id,  since  it  was  stated  above  that  the  discharge  from  the  first  effect 
passed  through  a  flash  tank  piped  to  the  steam  chest  of  the  fourth  effect  (or  to  the 
vapor  line  of  the  third  effect).  The  flashed  vapors  are  therefore  used  as  an  additional 
source  of  heat  for  evaporation  and  are  included  in  the  total  heat  load  in  the  vapors 
entering  the  fourth-effect  steam  chest  4d.  Item  4e  is  estimated  similarly  to  3d,  etc. 
It  will  be  noted,  however,  that  in  using  a  temperature  differential  for  preheating  the 
liquor  to  the  boiling  temperature,  180°F,  the  liquor  was  preheated  from  143  to  180°F. 
From  Table  14.5  it  will  be  observed  that  the  boiling  points  in  effects  5  and  6  are,  respec¬ 
tively,  156  and  130°F.  Since  the  feed  is  passed  through  the  last  two  effects  in  par¬ 
allel,  the  common  temperature  of  the  combined  discharged  liquor  from  these  effects 
is  taken  as  their  arithmetic  average;  i.e.,  (156  -f-  130) /2  =  143°F. 

Item  56  in  Table  14.6  is  the  combined  condensate  flash  of  effects  2,  3,  and  4;  i.e., 
17,200  +  14,900  +  12,800  =  44,900  lb /hr.  Since  feed  enters  above  its  boiling-point 
temperature  in  both  the  fifth  and  sixth  effects,  a  certain  amount  will  flash  on  entering 
the  two  bodies.  Items  5 d  and  6d  show  the  flash  calculations.  The  discharge  from 
the  fifth  effect,  5 f,  combined  with  the  discharge  from  the  sixth  effect,  6/,  is  pumped  to 
the  fourth  effect. 

Item  66  is  the  combined  condensate  flash  of  effects  2  to  5  inclusive.  When  added 
to  6a  the  sum  gives  the  total  heat  load  to  the  steam  chest  of  the  sixth  effect. 

If  the  heat  balance  is  closed  so  that  the  total  calculated  hourly  evaporation  is  found 
to  be  equal  to  that  which  is  required  in  the  material  balance,  then  the  sum  of  5/  and 
6/  will  be  equal  to  4e  and  the  estimated  steam  requirement  will  be  satisfactory.  If 
the  heat  balance  does  not  close  on  the  first  trial,  a  revision  of  the  steam  estimate  is 
made  and  1  through  6  inclusive  are  repeated.  To  revise  the  steam  requirements  it  is 
seen  that  the  algebraic  difference  between  the  obtained  and  required  evaporation 
divided  by  the  estimated  economy  need  only  be  added  to  the  initial  estimate  of  steam. 
Thus,  if  the  calculated  evaporation  were  94,500  lb /hr,  (90,000  —  94,500)/4.5  =  —1000 
or  approximately  20,000  -  1000  =  19,000  lb /hr  of  steam  would  be  used  for  rework¬ 
ing  the  balance.  Ordinarily  not  more  than  two  trials  need  be  made  to  obtain  a 
closure  in  the  balance. 

Each  body  in  Fig.  14.35  is  of  the  long-tube  vertical-film  type  Fig.  14.27. 

The  water  rating  of  a  multi  jet  barometric  condenser  is  quite  similar  to  that  for  a 
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countercurrent  barometric  type  employed  on  sugar  evaporators.  The  major  di  er- 
ence  is  in  the  allowable  approach  to  the  vapor  temperature.  Whereas  in  the  counter- 
current  barometric  condenser  it  is  permissible  to  use  about  5°F  approach  for  a  good 
design,  the  multijet  is  designed  conservatively  for  a  15°F  approach.  Thus,  the  gallons 
per  minute  required  are 


Q 


17,750,000 


500(7*,  -  15  -  tw)  500(125  -  15  -  60) 


=  710  gpm 


In  using  a  surface  condenser  it  will  not  be  desirable  to  approach  the  saturated  vapor 
temperature  closer  than  15°F;  thus,  710  gpm  can  be  heated  from  60  to  110°F  for  use 
as  mill  water. 


CAUSTIC  SODA  CONCENTRATION— FORCED-CIRCULATION  EVAPORATORS 

Description  of  the  Process.  The  concentration  of  caustic  soda  solu¬ 
tions  obtained  either  from  the  reaction  of  soda  ash  and  lime  or  from  the 
electrolytic  decomposition  of  brine  present  certain  distinct  problems:  (1) 
Caustic  solutions  have  a  high  elevation  in  boiling  point  which  causes  a 
large  loss  of  available  temperature  difference  in  multiple-effect  evapo¬ 
rators.  (2)  The  concentrated  solutions  are  highly  viscous,  reducing 
sharply  the  heat-transfer  rate  in  natural-circulation  evaporators.  (3) 
Caustic  solutions  may  have  detrimental  effects  on  steel,  causing  caustic 
embrittlement.  (4)  Caustic  solutions  may  require  the  removal  of  large 
quantities  of  salt  as  the  solution  becomes  concentrated. 

In  order  to  avoid  caustic  embrittlement  of  steel,  solid  nickel  tubes 
are  used  along  with  nickel-clad  plate-steel  bodies.  All  auxiliary  equip¬ 
ment  which  comes  in  contact  with  the  caustic  solution  is  also  nickel  clad. 
Due  to  the  costliness  of  nickel  as  a  material  of  construction,  however,  it 
is  important  to  design  this  class  of  equipment  for  as  small  a  heating  sur¬ 
face  as  possible.  Since  the  liquor-film  heat-transfer  coefficient  is  a  func¬ 
tion  of  the  velocity  of  the  caustic  solution  through  the  tubes,  a  high 

velocity  must  be  established  in  order  to  obtain  a  large  transfer  coefficient 
in  the  tubes. 

The  process  flow  sheet  is  shown  in  Fig.  14.37.  Cell  liquor  feed,  along 
with  filtrate  and  wash  brine  from  the  salt  filter  or  centrifuge,  is  intro- 
duced  into  the  filtrate  feed  tank  a.  From  a  the  liquor  is  pumped  into 

partial  2  •  t°  ^  eVap°rat°r  where  Partial  concentration  and 

partial  salt  precipitation  occur.  The  resulting  semiconcentrated  effluent 

om  the  second  effect  is  pumped  into  the  weak-liquor  settler  c  along  with 

the  Slurry  underflow  from  the  50  per  cent  caustic  slier  d  The  undertow 

slum  C°tm1i  6  PreciPitated  from  the  system  in  the  form  of  a 
y.  his  slurry  is  pumped  to  the  filter  or  centrifuge  to  remove  tbe 
precipitated  salt  and  to  wash  the  salt  with  brine  The  filtll  ? 

th,  mo*,  oo*  . *****  llrou,b  the 
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e> 


Fig.  14.37.  Double-effect  forced-circulation  caustic  evaporator. 
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as  described  above.  The  overflow  from  c  is  pumped  into  the  first  effect 
of  the  evaporator  /  for  further  concentration  and  further  salt  precipita¬ 
tion.  The  effluent  from  the  first  effect  is  at  a  temperature  of  246°F  and 
contains  concentrated  caustic  solution  and  a  suspension  of  salt.  This 
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Fig.  14.38.  Boiling-point-pressure  relations  of  caustic  soda  solutions 
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( Columbia  Alkali 


slurry  is  pumped  to  the  forced-circulation  flash  tank  g  where  it  is  cooled 
to  approximately  192°F  and  where  further  flash  evaporation  and  further 
salt  precipitation  occurs.  The  flash-tank  effluent  is  pumped  to  d.  The 
underflow  from  this  settler  consists  of  a  salt  slurry  which  flows  into  c 
along  with  the  second-effect  effluent,  and  the  salt  is  eventually  removed 
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by  a  as  described  above.  The  overflow  from  d  is  the  product  liquor 
containing  50%  NaOH,  2.7%  NaCl,  and  47.3%  water. 

Steam,  usually  20  psig,  is  introduced  into  the  heating  element  of  the 
first  effect.  Here  the  steam  condenses  and  gives  up  its  latent  heat  to  the 
liquor  circulated  through  the  tubes,  causing  this  liquor  to  boil  when  it 


0.90  1.00  I 


0  1.40  1.50  1.60  1.70  1.80 


Specific  gravity 

Fig.  14.39.  Specific  gravity  of  caustic  soda  solutions.  ( Columbia  Alkali  Corporation.) 

reaches  the  vapor  body  of  the  first  effect.  The  condensate  from  the  first 
effect  passes  through  a  trap  into  a  flash  chamber  h,  where  flashing  occurs 
with  the  evolution  of  more  vapors.  The  vapors  from  the  first  effect 
leave  through  a  catchall  k,  returning  the  entrained  liquor  back  to  the 
bottom  of  the  first-effect  body.  The  stripped  vapors  leaving  the  catchall 
combine  with  the  condensate  flash  vapors  and  are  introduced  into 
second-effect  heating  eltr  ~nt,  where  they  are  condensed  and  removec  y 
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means  of  a  condensate  pump.  The  condensation  of  these  vapors  produce 
further  boiling  in  the  second-effect  vapor  body.  The  vapors  leaving  the 
second  body  pass  through  another  catchall  l  into  a  barometric  condenser 
m,  where  they  are  totally  condensed  by  contact  with  cold  water.  The 
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Fig.  14.40a.  Specific  heats  of  high-concentration  caustic  soda  solutions. 


(b) 


h6atS  °f  caustic  soda  solutions. 


( Columbia 


=^“:fr0mthe  TfT eventually  reach  the  condenser  through 
ejector  ru  PlPmg’  therG  they  are  removed  by  a  steam  jet 

and  m5%  water  fttttptature oUotTsTT  8'75%  Na°H’  166°%  NaC1- 
taining  50%  NaOH,  2.75%  Ld,  and  Z 
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capacity  of  the  unit  is  25  tons  per  20-hour  day  based  on  100%  caustic  soda.  Physical 
properties  are  given  in  Figs.  14.38  to  14.41. 

Solution.  Table  14.7  is  a  material  balance.  It  will  be  observed  that  the  calcula¬ 
tions  are  conveniently  based  on  1  ton  NaOH  production  per  hour,  and  therefore 
the  numerals  in  Fig.  14.37  are  obtained  by  using  a  factor  of  1.25  greater  than  those 
shown  on  Table  14.7. 

From  the  material  balance  and  \  Dm  the  temperature-pressure  distribution  in 
Table  14.8  the  heat  balance  (Table  14.9)  can  be  worked  out  rather  easily  for  this 
evaporator. 


Fig.  14.41. 
poration.) 


In  Table  14  8  the  total  temperature  difference  between  the  saturated  live  steam 
and  27  in.  Hg  vacuum  is  274  -  115  =  159“F.  From  Fig.  14.38  the  estimated  BPR 
of  the  solutions  in  the  first  and  second  effects  is  77  and  26»F,  respectively,  correspond- 
i„g  to  concentrations  appearing  in  Table  14.7.  Thus,  the  effect.ve  temperature 
difference  is  159  -  (77  +  26)  =  56°F.  The  latter  is  arb.trar.ly  divided  evenly 
between  the  two  effects.  In  addition  to  the  two  effects  of  the  evaporator,  an  addi¬ 
tional  amount  of  evaporation  is  obtained  in  the  forced-c.rculat.on  flaOUat  The 
lo+tpr  nnprates  at  27  in.  Hg  and  receives  the  concentrated  slurry  from  the  first 
and  cools  it  from  246  to  192°F.  The  last  column  of  Table  14.8  summarizes  the 

thermal  and  material  quantities  for  the  flash  tank. 
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Table  14.7. 

Basis:  1  ton/hr  NaOH 


Caustic  Evaporator  Material  Balance 


Cdl  liquor  at  120 °F 
8.75%  NaOH  =  2000 
16.6  %  NaCl  =  3800 
74.65  %  H2O  =  17050 

Total  cell  liquor  =  22850 


Wash  at  80 °F 

25%  NaCl  =  340 
75  %  HjO  =  1020 

Total  wash  =  1360 


Overall  operation: 

Cell  liquor . 

Wash . 

Total  in . 

Product . 

Removed . 

Weak-liquor  settler  operation:0 

From  2d  effect . 

From  50%  settler . 

Total  in . 

Solids . 

Salt  pptd . 

Centrifuge  operation:6 

From  weak  liquor  settler . 

Wash . 

Total  in . 

Solids . 

Salt  pptd . 

2d  effect  operation:' 

From  centrifuge . 

Cell  liquor . 

Evaporator  feed . 

Evaporation . 

Product . 

Solids . 

Salt  pptd . . 

1st  effect  operation  :d 

From  weak  liquor  settler . 

Evaporation . 

Product . 

Solids . ’ 

Salt  pptd . 

Flash- tank  operation:* 

From  1st  effect . 

Evaporation . 

Product . 

Solids . . 

Salt  pptd . 

From  nash  tank . 

50%  out . 7. . . . . ’ .  ’ 

Underflow. _ 

Salt  pptd - 

Solids . 


NaOH 


Lb 


8.75 


50.00 


50.00 


24.62 


23.05 


23.05 

8.75 


14.82 


19.  S5 


2000 


NaCl 


% 


Lb 


H20, 

Lb 


Total, 

Lb 


2000 

2000 


6000 

2500 


8500 

8500 


4000 


4000 

4000 


4000 

2000 


6000 


16.60 

25.00 


2.75 


8.22 


25.00 


9.84 


9.84 

16.60 


3800 

340 


4140 

110 


4030 

5505 

1390 


6895 

2835 


4060 

5395 

340 


5735 

1705 


13.60 


4030 

1705 

3800 


24.62 


47.05 


50.00 


50.00 


6000 

6000 


4500 


4500 

4500 


4500 


4500 

4500 


4500 

2000 


2500 


11.22 


8.22 


3.84 


2.75 


2.75 


5505 


5505 

3370 


2135 

1500 


1500 

367 


17,050 

1,020 


22 , 850 
1,360 


18,070 

1,890 


.24,210 

4,000 


16,180 

20,775 

2,360 


20,210 

32 , 280 
6,500 


23,135 

23,135 


38,780 

34,470 


10,905 

1.020 


20,300 

1,360 


11,925 

11,925 


21,660 

17,630 


11,925 

17,050 


17,630 

22,850 


28,975 

8,200 


40,480 

8,200 


20,775 

20,775 


12,230 

7,537 


1133 

1500 


1500 

248 


1252 

1500 

110 


1390 

1252 


4,693 

4,693 


4,693 

443 


4,250 

4,250 


4 , 250 
1,890 


2,360 


32 , 280 
30,045 


18,230 

7,537 


10,693 

9,560 


1,133 

10,693 

443 


10,250 

8,998 


1,252 

10,250 

4,000 


6,250 

1,252 


tion  surface  is  not  a  direct  func- 

vapor  temperature  in  the  steam  chest  Th  f  bo^ng  solution  and  the  saturated 

is  determined  by  an  econo^“e  heW tZl  -™or 

of  circulation  or,  what  amounts  to  the  same  thW  th  evaP°rator  a"d  the  rata 
pumps.  ame  thln&  the  power  requirements  of  th& 
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Table  14.8.  Caustic  Evaporator  Summary* 


Item 

Effect 

Flash  tank 

I 

II 

1.  Steam  pressure,  psi. . . . 

30 

2.  Steam  temperature,  °F 

274 

169 

3.  At,  °F . 

28 

28 

4.  Liquor  temperature,  °F .  .  . 

246 

141 

192 

5.  BPR,  °F . 

77 

26 

77 

6.  Vapor  temperature,  °F . 

169 

115 

115 

7.  X,  Btu/lb . 

997 

1,027 

1,027 

8.  Feed,  lb  /hr* . 

22,788 

50,602 

13,367 

9.  Product,  lb  /hr* . 

13,367 

40,352 

12,813 

10.  Evaporation,  lb /hr* . 

9,421 

10,250 

554 

11.  Heat  flow,  Btu/hr* . 

12.  UD,  Btu/(hr)(ft8)(°F) . 

11,890,000 

700 

11,020,000 

13.  A,  ft8 . 

683 

683 

14.  Tubes,  OD,  in.  and  BWG . 

1,  16 

1,  16 

15.  Tube  length,  ft . 

7 

7 

16.  No.  tubes . 

432 

432 

17.  Circulating  pump,  gpm . 

3200  at  20  ft 

3200  at  20  ft 

167  at  45  ft 

18.  Apparent  efficiencv,  % . 

54 

64 

18.  BHP . 

38 

35 

8.2 

20.  Motor,  hp . 

40 

40 

10.0 

*  Correspond  to  actual  flows  in  Fig.  14.37. 


A  method  generally  used  to  solve  for  surface  requirements  is  indicated  below.  In 
designing  for  optimum  surface  it  is  customary  to  use  about  8  fps  velocity  through  the 
tubes  of  the  heater.  Furthermore,  in  this  illustration  tubes  will  be  1  in.  OD,  16  BWG, 
solid  nickel,  7'0"  long  arranged  on  a  two-pass  layout.  The  heaters  must  be  designed 
for  sufficient  surface  to  transfer  enough  heat  from  the  vapor  or  steam  side  to  satisfy 

the  heat  quantities  under  11  of  Table  14.8. 

For  effect  I.  0.8w(<*  -  246)  =  11,840,000  =  UDA  At.  That  is,  by  circulating  w 
lb /hr  of  liquid  through  the  tubes  and  xi  ising  the  temperature  of  the  latter  to  tz,  a  small 
temperature  differential  above  the  saturated-solution  boiling  temperature  in  the  flash 
chamber,  a  gentle  flash  will  occur  with  not  too  rapid  a  crystal  growth.  By  assuming  a 
given  value  tx,  both  w  and  At  are  determined.  Furthermore,  by  designing  for  a  given 
velocity  of  8  fps,  the  value  of  Uc,  the  clean  overall  coefficient,  is  determined  from  the 
thermal  characteristics  of  the  solution.  This  is  illustrated  below: 


G  =  V(s  X  62.5  X  3600)  =  8  X  1.5  X  62.5  X  3600  =  2,700,000,  lb/(hr)(ft8) 

For  this  mass  velocity  a  tube-film  coefficient  approximately  equal  to  1375  can  be 
obtained  from  the  methods  employed  in  Chap.  7.  Combining  the  latter  w.th  a  steam 
film  coefficient  of  approximately  1500  will  give  a  value  for  Uc  or  UD  equal  to  700. 

Setting  up  the  following  table: 
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ts,  °F 

w,  lb /hr 

At 

Uc 

A,  ft2 

at,  flow  area 
per  pass,  ft2 

Ccalc 

UotAc 

251 

2,970,000 

25.4 

700 

670 

0.87 

3,420,000 

252 

2,480,000 

25.0 

700 

680 

0.88 

2,820,000 

252.5 

2,290,000 

24.7 

700 

686 

0.89 

2,570,000 

700 

253 

2,120,000 

24.5 

700 

695 

0.90 

2,520,000 

Thus  the  gain  per  minute  for  circulation  is  3200,  and  from  pressure-drop  calculations 
in  tubes,  the  static  head,  etc.,  a  total  dynamic  head  of  20  ft  is  found  to  be  required. 


Table  14.9.  Caustic  Evaporator  Heat  Balance 
Basis  =  1  ton  /hr  NaOH 


Effect 

Btu/hr 

Evaporation, 
lb /hr 

l.  a.  Heat  in  steam  =  10,500  X  930  X  0.974 
b.  Heating  liquor  =  18,230 

X  (246  -  150)  X  0.83 . 

9,500,000 

1,470,000 

c.  Resultant  heat . 

8,030,000 

300,000 

d.  Heat  of  concentrate . 

e.  Heat  of  vapors . 

7,730,000/997 

7,730,000 

1,090,000 

7,750 

2.  a.  Heat  of  vapors . 

b.  Condensate  flash  =  10,500(274  —  169) 

c.  Heat  flow . 

£  £9n  non 

d.  Heating  liquor 

=  40,480(141  -  130)0.92. 

O , O^U  j UUU 

410,000 

e.  Heat  of  vapors. . . 

£  Ain  nnn  /i 

8,200 

Flash  tank: 

a.  Liquor  flash  =  10,693(246  -  192)0.79). 

b.  Heat  of  concentrate. 

O)  * J-v  j uuu /  iUZ # 

460,000 
i  n  non 

c.  Heat  of  vapors . . 

1U , uuu 

450,000/1027 
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Total  evaporation 

Condenser : 

Heat  of  flash  tank  vapors  (above  1 10°F) 
Heat  of  vapors  2  (above  110°F) 

452,000 

8,450,000 

16 , 393 

Total  VlPflt.  in  /okmrA  IIAOTT'N 

“vat  iii  \d.uov6  llu  Jr  ) 

Water  At  =  (110  -  90)  =  20° 

8,902,000/20  =  445,000  1b 

=  890  gpm/(ton)(hr) 
of  NaOH 

For  effect  II.  0.92 w(tx  —  141)  =  11  020  000  —  77  a 
0  =  8  X  1.35  X  62.5  X  3600  =  2,430  000  ’lb/(hr)ffW  IT  •  1  °f  8  fp3 

l8tlCS  f°r  thb  SO,Utio"  an  approximate 
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As  for  effect  I: 


°F 

w,  lb /hr 

At 

Uc 

A,  ft2 

at,  flow  area 
per  pass,  ft2 

O' calc 

U  calc 

146 

2,400,000 

25.4 

7C 

620 

0.80 

2,790,000 

700 

146.5 

2,160,000 

25.2 

70o 

683 

0.89 

2,430,000 

From  the  design  coefficient  above  a  smaller  surface  could  have  been  used.  How¬ 
ever,  since  it  is  desirable  to  duplicate  both  the  surface  and  pump  of  the  first  effect, 
the  larger  surface  is  chosen. 


THERMOCOMPRESSION 


The  principle  of  thermocompression  is  continuously  finding  wider 
application  in  industry.  Consider  a  single-effect  evaporator.  It  is  fed 
with  steam  and  generates  vapors  which  have  nearly  as  much  heat  content 


as  tvas  originally  present  in  the  steam. 
These  vapors  are  condensed  with  water 
as  a  convenient  means  of  removal,  but 
this  is  a  severe  waste  of  both  Btu  and 
water.  Were  it  not  for  the  fact  that 
the  temperature  of  the  generated  va¬ 
pors  is  lower  than  the  steam,  it  would 
be  possible  to  circulate  the  vapor  back 
into  the  steam  chest  and  evaporate 
continuously  without  supplying  addi¬ 
tional  steam.  But  apart  from  the  heat 
balance,  a  temperature  difference  must 
exist  between  the  steam  and  the  gen¬ 
erated  vapors  or  no  heat  would  have 
been  transferred  originally.  If  the  va¬ 
pors  from  the  evaporator  were  com¬ 
pressed  to  the  saturation  pressure  of 
the  steam,  however,  the  temperature 
of  the  vapors  could  be  raised  to  that 


of  the  original  steam.  The  cost  of  supplying  the  necessary  amount  of 
compression  is  usually  small  compared  with  the  value  of  the  latent  heat 

in  the  vapors.  , 

The  practice  of  recompressing  a  vapor  to  increase  its  temperature  and 

permit  its  reuse  is  thermocompression.  Where  fuel  is  costly,  the  compres¬ 
sion  may  be  accomplished  with  a  centrifugal  compressor  as  m  the  kle  - 
schmidt  still  for  the  production  of  distilled  water  Where  steam  is 
available  at  a  pressure  higher  than  that  required  in  the  evaporator, 
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recompression  can  be  effected  in  a  steam  jet  booster.  The  latter  operates 
on  the  principle  of  an  ejector  and  is  used  to  compress  vapors  instead  of  a 
noncondensable  gas.  A  thermocompression  evaporator  of  the  type  using 
a  booster  ejector  is  shown  in  Fig.  14.42. 

The  pressure  at  which  steam  is  discharged  from  a  thermocompressor 
depends  upon  the  pressure  and  proportion  at  which  the  live  steam  and  the 
vapors  are  supplied.  It  will  be  apparent  from  the  analysis  below  that 
the  higher  the  desired  discharge  pressure  the  greater  the  percentage  of 
live  steam  required.  Table  14.10  compares  the  proportions  of  live  steam 
to  entrained  vapors  for  steam-chest  pressures  of  18  to  26  psig  when  live 
steam  is  available  to  the  jet  at  150  psig  and  the  entrained  vapors  are 
taken  off  at  15  psig. 


Table  14.10.  Thermocompressor  Economy 


Steam-chest  pressure,  psig . 

18 

20 

22 

24 

26 

Entrainment  ratio,  lb  entrained  vapor/lb  live 
steam . 

o  so 

3.33 

2 

1.43 

0^2 

1.08 

\ 

.87 

Amount  of  live  steam  saved,  % . 

66 

67 

59 

52 

46 

Table  14.10  shows  substantial  savings  of  live  steam  for  fixed  quanti¬ 
ties  of  low-pressure  steam  discharged  from  the  compressor.  Figure 
14.43  represents  the  variation  of  the  reciprocal  of  the  entrainment  ratio 
with  steam-chest  pressure  for  entrained  vapors  at  different  pressures. 

Derivation  of  charts  similar  to  Fig.  14.43  can  be  made  by  analyzing  the 
thermodynamic  conditions  imposed  on  the  jet  thermocompressor. 
Referring  to  Fig.  14.44,  high-pressure  steam  is  caused  to  expand  in  the 
nozzle  a  from  which  it  issues  with  a  high  velocity  into  the  mixing  space  b 
where  it  transfers  some  of  its  momentum  to  the  vapor  sucked  in.  In 
t  e  diffuser  section  d,  which  is  the  reverse  of  a  nozzle,  the  mixed  vapors 
are  compressed  to  the  steam-chest  pressure  p9.  The  work  of  compression 
results  from  the  conversion  of  kinetic  energy  of  the  high-velocity  mixture 
into  pressure  head.  Thus,  vapor  at  low  pressure  p2  is  entrained  and 
compressed  to  a  higher  pressure  p3  at  the  expense  of  energy  in  the  motive 
steam.  Lsing  the  treatment  of  Kalustian,1 

let  Ht  =  enthalpy  of  steam  at  ph  Btu/lb 

H'~  =  IurtpfBtu/lbam  after  iSentr°pic  expansion  «  nozzle  to  pres- 

=  Steam  aftCT  aCtUal  6XpanSi0n  in  "«>**  *0  Pressure 

ei  =  efficiency  of  the  nozzle 
1  Kalustian,  P.,  Refrig.  Eng.,  28,  188-193  (1934). 
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Then 


Let  Hz 


H  4 


02 

Then 


Hi  —  H 2'  _  actual  work  of  expansion 
gl  —  Hi  —  Hi  theoretical  work  of  expansion 


(14.21) 


enthalpy  of  the  mixture  at  start  of  compression  in  the  diffuser 
section  at  P2,  Btu/lb 

enthalpy  of  the  mixture  after  isentropic  compression  from  p2 
to  the  discharge  pressure  p3,  Btu/lb 
efficiency  of  compression  in  the  diffuser 


_ H 4  -  Hz 

actual  work  of  compression 


Let  Mi  =  entrained  vapor  at  pressure  p2  lb 

Mi  =  motive  high-pressure  steam  at  pressure  ph  lb 
The  actual  work  required  for  compressing  the  mixture  of  vapors  in  the 
diffuser  is  given  by  (Mi  +  M 2)  (#4  —  #s)/e2.  The  actual  work  obtain- 


Suc+ion  p2 
Vapors 
+9 


Fig.  14.44.  Ejector. 


able  from  the  expansion  of  the  high-pressure  steam  is  less  than  the 
theoretical  value  {Hi  -  H2)  because  of  friction  in  the  nozzle,  which  is 
taken  into  account  by  the  nozzle  efficiency  e1%  There  is  a  further  loss  in 
available  energy  in  the  transfer  of  momentum  from  the  high-velocity 
jet  to  the  relatively  slow-moving  entrained  vapor.  If  e3  is  the  efficiency 
of  momentum  transfer,  the  net  available  work  from  the  jet  is 


Mieiez{H1  -  H2). 


By  equating  the  net  available  work  obtained  from  the  jet  to  the  actual 
work  required  for  compressing  the  mixture  in  the  diffuser,  one  obtains 

(Hi  —  Hj)  >i 

(H 4  -  Hz)  616263  ”  1\> 


vapor  entrained/lb 


Equation  (14.22)  must  be  solved  by  trial  and  error  since  H  nnH  U 
are  functions  of  zs>  the  quality  of  the  steam  at  p,  which  is  in  itself  a  func- 
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tion  of  M2  and  Mi.  If  one  assumes  no  heat  and  no  enthalpy  change  due 
to  the  mixing  a  balance  on  the  mixing  process  gives 


M 2)  =  Xi"M\  -f-  X4M2 
^  Xi"M\  4-  x4M2 

X3  Mi  + 


(14.23) 

(14.24) 


where  rr2"  is  the  quality  of  motive  steam  after  expansion  to  p2  and  after 
it  has  lost  its  kinetic  energy  in  the  entraining  process,  x4  is  the  quality  of 
the  entrained  steam,  and  x2»  is  related  to  x2 ',  the  quality  after  expansion 
but  before  the  entrainment  step,  by  the  equation 

(1  -  €3) (Hi  -  H^)  =  ixi"  -  x2’)\  (14.25) 

where  X  is  the  latent  heat  of  vaporization  of  the  fluid  at  p2.  xr  is  related 
to  x2 ,  the  quality  after  isentropic  expansion,  by 

(1  -  ei)(Hi  —  Hi)  =  (xi>  —  Xi)\ 


As  an  illustration,  take  the  case  where  pi  =  150  psig,  p2  =  9  psig, 
Hi  =  1196  Btu/lb  (from  Table  7),  H2  =  1050  Btu/lb  (after  isentropic 
expansion  from  p  1  to  p2),  and  x2  =  0.885.  It  will  be  assumed  that  the 
values  of  eh  e2,  e3  are,  respectively,  0.98,  0.95,  and  0.85. 

Hi  -  H^  =  0.98(1196  -  1050)  =  143 
and  therefore  Hr  =  1053.  From  Table  7  X  =  954  and  from  Eq.  (14.22) 
954(z2'  -  x2)  =  (1  -  0.98)(1196  -  1050) 
and  therefore  xr  =  0.89.  From  Eq.  (14.25) 

(1  -  0.85)  (143)  =  954 (re 2»  -  0.89) 

and  therefore  x2»  =  0.91.  Assuming  x3  =  0.95, 

#3  =  1159(0.95)  =  1100. 

Since  the  entrained  steam  at  p2  is  assumed  saturated,  x4  =  1  and  there¬ 
fore  H 4  =  1164;  hence  from  Eq.  (14.22) 

E?  =  115  (0.79)  -  1  =  1.80  -  1  =  0.8 

Mi  64 

As  a  check  on  the  assumed  value  of  x3,  from  Eq.  (14.24)  above 

+  x4(M2/Mi)  _  0.91  +  0-80  =  1.71  _  n  05 

*3  -  x  +  Mi/M  1  1  +  0.80  1.8 


(which  checks  the  assumed  value). 

Since  the  entrainment  ratio  Mi/ Mi  is  a  function  of  the  thermal  (expan¬ 
sion  and  compression)  and  mechanical  (mixing)  efficiencies  of  the  com¬ 
pressor,  specialized  and  good  design  of  the  different  elements  of  the 
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unit  will  increase  the  overall  efficiency  exe2ez.  The  closer  this  product 
approaches  unity  the  higher  the  entrainment  ratio  or  the  greater  the 
saving  in  live  steam.  In  good  design,  overall  efficiencies  approach  0.75 
to  0.8,  with  individual  efficiencies  in  the  order  of  ex  =  0.95  —  0.98, 
e2  =  0.90  -  0.95,  and  e3  =  0.80  to  0.85. 

To  study  the  saving  in  steam,  the  reduction  in  water  requirements 
and  condenser  size,  a  comparison  will  be  made  of  a  straight  triple-effect 
evaporator  and  one  involving  the  use  of  a  thermocompressor  in  conjunc¬ 
tion  with  a  triple-effect  evaporator. 


THERMOCOMPRESSION  SUGAR  EVAPORATOR 


Example  14.7.  It  is  required  to  concentrate  100,000  lb  /hr  of  a  10°Brix  sugar  solu¬ 
tion  to  30°Brix.  Exhaust  steam  at  20  psig  is  available  in  limited  quantity.  Water  is 
available  at  85°F  and  also  in  limited  quantity  owing  to  cooling-tower  capacity.  The 
feed  will  enter  at  230°F.  The  thermocompressor  evaporator  will  recompress  vapors 
J’»Tom  the  second  effect  as  shown  in  Fig.  14.45  using  saturated  steam  at  150  psig. 


Solution.  The  analysis  is  shown  in  Tables  14.11  to  14.13.  The  live  steam 
lor  tne  thermocompressor  is  Mi  =  32,200  -  14,300*  =  17,900. 

Saving  in  live  steam  over  straight  triple  effect  =  20  per  cent 
Saving  in  water  over  straight  triple  effect  =  20  per  cent 


required 


*  Mx/M2  -  1.25  from  Fig.  14.43.  Mx  +  M2 
and  therefore  M2  =  32,200/(1.25  +  1)  =  14,300. 


32,200  from  heat  balance  above, 
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Table  14.11.  Evaporator  Summary 


Effect 

Straight  triple  effect 

Thermocompression 

1 

2 

3 

1 

2 

3 

Steam  flow,  lb  /hr . 

22,400 

17,900* 

Steam  pressure,  psi . 

20 

9 

2 

20 

9 

2 

Steam  temp,  °F . 

258 

237 

217 

258 

237 

217 

At,  °F . 

20 

18 

22 

20 

18 

22 

Liquor  temp,  °F . 

238 

219 

195 

238 

219 

195 

BPR,  °F . 

1 

2 

3 

1 

2 

3 

Vapor  temp,  °F . 

237 

217 

192 

237 

215 

192 

Vapor  pressure,  psi /in.  Hg . 

9 

2 

10" 

9 

2 

10" 

X,  Btu/lb . 

954 

965 

983 

954 

965 

983 

Liquor  in,  lb /hr . 

100,000 

79,400 

56,900 

109,000 

70,000 

52,400 

Liquor  out,  lb /hr . 

79,400 

56,900 

33,300 

70,000 

52,400 

33,300 

Evaporation,  lb /hr . 

20,600 

22,500 

23,500 

30,000 

17,600 

19,100 

°Brix  (out) .  . 

30 

Condenser  water  enm 

455 

365 

*  Live  steam  to  thermocompressor. 


Table  14.12.  Heat  Balance— Straight  Triple  Effect 

23,232,000 


Condenser  water  = 


500(192  -  5  -  85) 


=  455  gpm 


Effect 


1.  a.  Heat  in  steam  =  (22,400)  (940)  (.97) . 

b.  Heating  liquor  =  100,000(238  -  230).92. . . . 

c.  Evaporation  =  20,600 . 

d.  Liquor  to  2d  =  79,400 

2.  a.  Heat  in  1st  vapors . 

b.  Steam  cond.  flash  =  22,400(258  —  237) . 

c.  Liquor  flash  =  79,400(238  —  217).89 . 

d.  Heat  for  evaporation . 

e.  Evaporation  =  22,500  lb /hr 

3.  a.  Heat  in  2d  vapors . 

b.  Condensate  flash  =  20,600(237  —  217) . 

c.  Liquor  flash  =  56,900(217  —  192). 85 . 

d.  Heat  for  evaporation . 

e.  Product  =  56,900  —  23,600  =  33,300  lb /hr 

/.  Total  evaporation . 


Btu/hr 


20,400,000 

735,000 


19,665,000/954 

19,665,000 

470,000 

1,485,000 


21,620,000/965 

21,620,000 

412,000 

1,200,000 


23,232,000/983 


Evaporation, 
lb /hr 


20,600 


22,500 


23,600 


66,700 
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Table  14.13.  Heat  Balance— Thermocompression  Evaporator 

18,662,000  _  _ 

Condenser  water  =  50o(192  -  5  -85)  gP 


Effect 


1.  a. 

b. 

c. 

d. 

2.  a. 
b. 


c. 

d. 

e. 

/• 

g- 

a. 

b. 

c. 

d. 

e. 

/• 


Heat  in  steam  =  (32,200)  (940)  (.97) . 

Heating  liquor  =  100,000(238  —  230). 92. . 

Heat  for  evaporation . 

Liquor  to  2d  =  70,000  lb/hr 

Heat  in  1st  vapors . 

Heat  removed  entrained  vapors  by  thermo- 
/  32,200  \  l 

compression  =  ti  25  +  1/  954 . 

Heat  in  1st  vapors . 

Condensate  flash  =  32,200(258  —  237) . 

Liquor  flash  =  70,000(238  -  217).89 . 

Heat  for  evaporation . . 

Liquor  to  3d  =  70,000  -  17,600  =  52,400 
lb  /hr 

Heat  in  2d  vapors . 

Condensate  flash  =  30,000(237  —  217) . 

Liquor  flash  =  52,400(217  —  192). 85 . 

Heat  for  evaporation . 

Product  =  52,400  -  19,100  =  33,300  lb/hr 

Total  evaporation . 


Btu/hr 


29,300,000 

735,000 


28,565,000/954 

28,565,000 


13,600,000 


14,965,000 

677,000 

1,310,000 


16,952,000/965 


16,952,000 

600,000 

1,110,000 


18,662,000/983 


Evaporation 

lb/hr 


30,000 


17,600 


19,100 


66,700 


The  saving  in  utilities  illustrated  in  the  above  problem  is  of  importance 
only  if  there  is  a  shortage  of  them.  In  all  circumstances,  however, 
installation  of  a  thermocompressor  in  conjunction  with  a  multiple-effect 
evaporator  involves  balancing  the  initial  outlay  of  the  additional  equip¬ 
ment  against  the  reduction  in  utilities  and  in  condenser  size,  change  in 
evaporator  body  sizes,  etc.  If  auxiliary  motive  power  such  as  a  turbine- 
driven  pump  is  required  in  the  plant,  the  available  power  from  150  psig 
live  steam  exhausting  to  20  psig  should  be  included  in  the  economy. 

Although  the  above  treatment  of  thermocompression  is  of  interest 
because  of  the  large  savings  in  utilities  which  it  effects  when  used  in 
conjunction  with  a  multiple-effect  evaporator,  it  is  recommended  also  in 
applications  where  multiple-effect  evaporation  cannot  be  used.  Thus 
the  use  of  thermocompression  evaporators  is  particularly  advantageous  in 
concentrating  liquids  which  are  sensitive  to  high  temperatures  Low 
operating  temperatures  are  assured  because  a  high  vacuum  can  be  main- 
Ihe  steam  used  in  a  steam  chest  is  usually  below  atmospheric 
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PROBLEMS 


14.1.  It  is  desired  to  concentrate  a  caustic  soda  solution  from  12.5  to  40  per  cent  in 
a  double-effect  evaporator.  50,000  IbAr  of  feed  solution  enters  the  evaporator  at 
120  F,  and  steam  at  15  psig  is  available  for  effecting  the  concentration.  Vacuum  in 
the  second  effect  is  held  at  24  in.  Hg,  and  water  from  a  cooling  tower  is  available  at 
85  F.  Estimate  (a)  the  quantity  of  s  ;am  and  water  required  for  forward  feed  oper¬ 
ation;  ( b )  the  quantity  of  steam  and  condenser  water  required  for  backward  feed  oper¬ 
ation;  (c)  the  surface  required  for  operation  in  (a),  assuming  overall  coefficients  of  heat 
transfer  of  400  and  250  Btu/(hr)(ft2)(°F)  for  the  first  and  second  effects;  (d)  the  sur¬ 
face  in  (6)  for  values  of  Up  equal  to  450  and  350  in  the  two  effects  respectively;  ( e )  if 
equal  bodies  were  required  for  (c)  and  (d),  what  steam  economy  could  be  expected. 

14.2.  In  Prob.  14.1  it  is  desired  to  concentrate  the  caustic  soda  solution  in  a  forced- 
circulation  double-effect  evaporator  unit.  Only  a  limited  amount  of  steam  at  15  psig 
is  available,  and  it  is  therefore  decided  to  use  turbine-driven  circulation  pumps  taking 
150  psig  steam  and  exhausting  at  15  psig.  Assuming  feed  rate,  vacuum,  and  water 
temperature  as  in  Prob.  14.1  and  forward-feed  operation  and  equal  surface  for  both 
effects,  estimate  (a)  the  water  rate  required  for  the  turbine  if  its  efficiency  is  taken  at 
70  per  cent,  ( b )  the  pounds  of  15  psig  steam  required  for  the  desired  concentration, 
(c)  the  make-up  steam  at  15  psig  required  if  the  turbine  exhaust  is  used  for  the  con¬ 
centration  and  a  solution  circulation  rate  of  6  fps  is  assumed  in  the  heaters  of  the  two 
effects.  {Hint.  Assume  Ud  —  400;  estimate  surface,  cross-sectional  flow  area,  total 
circulation,  and  total  head  and  power  required.)  ( d )  Estimate  surface  required  for 
each  effect. 

14.3.  A  20,000  lb /hr  sugar  solution  at  180°F  is  to  be  concentrated  from  12  to 
30°Brix  in  a  double-effect,  forward-feed,  calandria-type  evaporator.  Assuming  that 
exhaust  steam  from  a  steam  engine  is  available  at  5  psig  and  the  vacuum  in  the  second 
effect  is  held  at  23  in.  Hg,  estimate  (a)  steam  economy;  (6)  surface  of  each  body, 
assuming  Ud  of  500  and  200  for  first  and  second  effects,  respectively,  and  equal  sur¬ 
face  for  each  effect;  (c)  water  required  for  a  barometric  condenser,  assuming  that 
90°F  water  is  available  and  a  10°F  approach  to  condensing  temperature  is  permitted. 

14.4.  A  triple-effect  sugar  evaporator  is  to  be  designed  to  concentrate  100,000  lb /hr 
of  solution  at  150°F  from  14  to  50°Brix.  Steam  is  available  at  150  psig,  and  water  at 
75°F.  Steam  to  the  first  effect  will  be  25  psig,  and  the  vacuum  in  the  last  effect  will 
be  held  at  24  in.  Hg.  Vapors  will  leave  the  first  effect  at  15  psig  and  will  partly  be 
compressed  by  a  thermocompressor  using  150  psig  steam  and  partly  enter  the  second 
effect  as  steam.  Assuming  equal  surfaces  for  the  three  bodies,  forward-feed  arrange¬ 
ment,  and  a  5°F  approach  in  the  condenser,  estimate  (a)  the  total  steam  required  to 
the  first  effect,  (6)  the  total  150  psig  steam  used,  (c)  economy,  (d)  water  required  in  the 
condenser,  ( e )  surface  required,  assuming  Ud  —  500,300,  and  150  for  the  three  effects, 


respectively. 

14.6.  A  paper  mill  producing  300  tons  of  pulp  per  24  hr  by  the  magnesium  sulfite 
process  concentrates  a  12  per  cent  waste  liquor  to  55  per  cent  in  a  quintuple-effect 
long-tube  evaporator.  The  solution  entering  the  last  two  effects  m  parallel  at  135 
is  evaporated  by  45  psig  saturated  steam.  Assume  the  following:  (a)  Feed  contains 
2800  lb  total  solids  per  ton  pulp  produced;  (6)  first  effect  is  divided  into  two  parallel 
bodies  of  4500  and  7000  ft2,  respectively;  (c)  water  is  available  at  75  F;  (d)  vacuum 
in  the  last-effect  vapor  body  is  26  in.  Hg ;  (e)  7°F  water  approach  to  condenser  satura¬ 
tion  temperature;  (/)  BPR  is  18,  16,  13,  10,  5,  7°F,  respectively,  for  all  bodies,  (g) 
product  from  first  effect  is  flashed  to  fourth-effect  steam  chest;  (h)  vapor  condensate 

flashes  between  effects. 
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Find  (a)  material  and  heat  balance  for  the  evaporator,  (6)  total  water  required  (gal¬ 
lons  per  minute),  (c)  the  total  surface  required,  (d)  steam  economy  of  the  evaporator. 

14.6.  Residual  liquor  from  the  electrolysis  of  brine  in  chlorine  cells  flows  to  a 
caustic  concentration  system  at  the  rate  of  1176  tons  per  21-hr  day.  Concentration 
to  50%  NaOH  is  effected  in  a  triple-effect,  forced-circulation  evaporator.  The 
latter  boils  off  the  water  content  in  three  successive  stages,  thereby  crystallizing  the 
salt  content  and  increasing  the  percentage  of  caustic  soda  contained  in  the  circulating 
solution. 

The  liquor  flow  is  as  follows: 


Analysis  of  outgoing  liquor  flow 


Order  of  flow 

%  crystal¬ 
lized  salt 

%  dis¬ 
solved  salt 

%  dis¬ 
solved 
NaOH 

%  water 

1.  Cell  liquor  at  160°F . 

0 

14.95 

11.00 

74.05 

2.  2d  effect  evaporator . 

3.56 

15.47 

13.97 

67.00 

3.  3d  effect  evaporator . 

7.55 

8.08 

22.43 

61.94 

4.  Weak-liquor  settler . 

0* 

8.00* 

25.70* 

66.30* 

5.  1st  effect  evaporator . 

8.23 

4.84 

42.10 

44.83 

6.  Flash  tank . 

11.35 

2.40 

44.30 

41.95 

7.  50%  caustic  settler . 

0* 

2.70* 

50.00* 

47.30* 

*  Per  ceut  changes  owing  to  removal  of  crystallized  salt  at  these  stages  to  salt-recovery  system. 


Utilities: 


Steam  at  75  psig 

Water  to  barometric  condenser  at  80°F 

Condenser  held  at  27 %  in.  Hg  vacuum  (third  effect  at  27  in.  Hg  vacuum) 

Determine  (a)  the  material  balance  in  the  system,  (5)  the  heat  balance  in  the 
system;  estimate  (c)  the  surface  required  (Arcs,  three  1800  ft2  external  heaters),  (d) 
total  water  required,  ( e )  steam  economy. 

14.7.  A  15°Brix  sugar  solution  is  to  be  concentrated  to  60°Brix  in  a  quadruple- 
effect  calandria-type  evaporator.  Part  of  the  vapors  from  the  first,  second  and  third 
effects  will  heat  the  cold  solution  from  100  to  220°F  in  heat  exchangers  prior  to  injec¬ 
tion  into  the  first  effect  of  the  evaporator  system.  Dilute  juice  is  concentrated  at  the 
rate  of  500  gpm,  using  live  steam  at  25  psig.  Estimate  the  following:  (a)  material 
balance  through  the  evaporator  system,  (6)  heat  balance  on  the  evaporator  system 
assuming  condensate  flashing  between  effects  and  26^  in.  Hg  vacuum  in  fourth  effect 
(c)  steam  economy,  (d)  water  rate  to  a  barometric  condenser  assuming  75°F  water 
available,  (e)  surface  required  for  the  heaters,  (/)  surface  required  for  the  calandria 
bodies,  assuming  equal  surface  for  each  body. 


at 

BPR 

C 

c 


NOMENCLATURE  FOR  CHAPTER  14 

Heat-transfer  surface,  fta 
Tube-side  flow  area,  ft2 
Boiling  point  rise,  °F 

Specific  heat  of  hot  fluid  in  derived  equations,  Btu/(lb)f0F) 
Specific  heat,  Btu/(lb)(°F)  '  J 
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D 

6l,  62,  63 


G 

g 

H 


Mi,  M2 

Ph  P-t  P* 
p»,  pw 
A  p 

Q 

T 

Tr 

t 

t  a,  t,,  tw 

i'  t  ' 

At,  (At)  a 
(At)w 
A  th 

At,,  Atw 

u 

Uc,  UD 

w 

w 

U'e 

V 

X 

Z 

0 

X 

X*,  Xtt 


Inside  diameter  of  tubes,  ft 

Efficiency  of  nozzle,  diffuser,  and  momentum  transfer,  respectively, 
dimensionless 
Mass  velocity,  lb/ (hr)  (ft2) 

Acceleration  of  gravity,  ft/hr2 

Enthalpy;  Hi,  motive  ste^m,  Hz  after  isen tropic  expansion  in  nozzle,  H'n 
after  actual  expansion  i  nozzle;  H3  at  start  of  compression  in  diffuser; 
Hi  after  compression  in  diffuser,  Btu/lb 
High-pressure  motive  steam  and  entrained  vapor,  respectively,  lb 
Pressure  of  motive  steam,  suction,  and  ejector  discharge,  respectively,  psi 
Vapor  pressure  of  solution  and  or  pure  water,  respectively,  psi 
Hydrostatic  pressure,  ft 
Heat  flow,  Btu/hr 
Temperature  of  the  hot  fluid,  °F 
Boiling  temperature,  °R 
Temperature  of  fluid  in  general,  °F 

Approach  temperature,  temperature  of  solution  and  of  pure  water,  °F 
Boiling  point  of  solution  and  of  pure  water,  °R 
True  temperature  difference,  apparent  temperature  difference,  °F 
Temperature  difference  between  the  wall  and  liquid,  °F 
Temperature  rise  due  to  hydrostatic  heat,  °F 

Temperature  change  of  boiling  points  of  solution  and  pure  water,  °F 
Overall  coefficient  of  heat  transfer,  Btu/(hr)(ft2)  (°F) 

Clean  and  design  overall  coefficient  of  heat  transfer,  Btu/(hr)(ft2)(°F) 

Weight  flow  of  hot  fluid,  lb  /hr 

Weight  flow  of  cold  fluid,  lb /hr 

Evaporation,  lb /hr 

Specific  volume,  ft3/lb 

Quality,  subscripts  correspond  to  pi,  pi,  and  p3,  per  cent 
Height,  ft 

Coefficient  of  thermal  expansion,  per  cent/°F 
Latent  heat  of  vaporization,  Btu/lb 

Latent  heat  of  vaporization  of  solution  and  pure  water,  Btu/lb 
Viscosity,  centipoises  X  2.42  =  lb/ (ft) (hr) 


Subscripts  (except  as  noted  above) 


F  Feed 

S  Steam 

v  Vapor  or  vaporization 

1,  2,  3,  4  Effect 


CHAPTER  15 

VAPORIZERS,  EVAPORATORS,  AND  REBOILERS 


In  the  preceding  chapter  calculations  were  included  for  only  those  types 
of  evaporators  which  are  usually  designed  on  the  basis  of  “accepted’’ 
overall  heat-transfer  coefficients.  It  is  unfortunate  that  so  important  a 
class  of  apparatus  is  designed  in  this  way,  but  the  properties  of  concen¬ 
trated  aqueous  solutions  present  problems  which  leave  little  alternative. 
When  applied  to  solutions  of  liquids  in  water  rather  than  solids  in 
water,  the  evaporator  may  be  calculated  by  methods  similar  to  those  of 
earlier  chapters.  Heat-transfer  coefficients  in  the  basket,  calandria,  and 
horizontal-tube  evaporators  are  excluded  from  further  discussion. 

For  the  sake  of  clarity  it  is  well  to  repeat  the  definitions  adopted  in 
Chap.  14  for  dealing  with  vaporizing  exchangers.  Any  unfired  exchanger 
in  which  one  fluid  undergoes  vaporization  and  which  is  not  a  part  of  an 
evaporation  or  distillation  process  is  a  vaporizer.  If  the  vapor  formed  is 
steam,  the  exchanger  is  referred  to  as  an  evaporator.  If  a  vaporizing 
exchanger  is  used  to  supply  the  heat  requirements  of  a  distillation  process 
as  vapors  at  the  bottom  of  the  distilling  column,  it  is  a  reboiler  whether 
or  not  the  vapor  produced  is  steam.  The  process  requirements  of  evapo- 
lators  have  already  been  treated,  and  those  of  vaporizers  and  reboilers 
will  be  discussed  presently.  The  principles  and  limitations  which  apply 
to  vaporizers  and  vaporizer  processes  specifically  apply  also  to  evapo¬ 
rators  and  reboilers  and  should  be  regarded  accordinglv. 

Vaporizing  Processes.  Vaporizers  are  called  upon  to  fulfill  the  multi¬ 
tude  of  latent-heat  services  which  are  not  a  part  of  evaporative  or  dis¬ 
tillation  processes.  The  heat  requirements  are  usually  very  simple  to 
compute.  Perhaps  the  commonest  type  of  vaporizer  is  the  ordinary 
horizontal  1-2  exchanger  or  one  of  its  modifications,  and  vaporization 
may  occur  in  the  shell  or  in  the  tubes.  If  steam  is  the  heating  medium 
the  corrosive  action  of  air  in  the  hot  condensate  usually  makes  it  advan¬ 
tageous  to  carry  out  the  vaporization  in  the  shell. 

There  are  some  fundamental  differences  between  the  operation  and 
calculation  of  vaporization  as  treated  in  Chap.  14  and  in  the  1-2  hori- 
zontal  or  vert, cal  vaporizer.  In  the  power-plant  evaporator,  for  example 
the  upper  50  or  60  per  cent  of  the  shell  is  used  for  the  purpose  of  dis¬ 
engaging  the  liquid  entrained  by  the  bursting  bubbles  at  the  surface  of 
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the  pool.  The  disengagement  is  further  implemented  by  the  use  of  a 
steam  separator  in  the  shell.  The  mechanical  design  and  thickness  of 
the  evaporator  shell,  flanges,  and  tube  sheets  are  based  upon  the  product 
of  the  shell-side  pressure  and  the  diameter  of  the  shell.  In  the  majority 
of  instances  the  pressure  or  vacuum  is  not  great  and  the  shell,  flange,  and 
tube-sheet  thicknesses  are  not  u  reasonable.  In  the  case  of  a  vaporizer, 
however,  operation  is  often  at  high  pressure,  and  it  is  usually  too  expen¬ 
sive  to  provide  disengagement  space  in  the  shell,  since  the  inclusion  of 
disengagement  space  at  high  pressures  correspondingly  increases  the  shell 
thickness.  For  this  reason  vaporizers  are  not  usually  designed  for 
internal  disengagement.  Instead  some  external  means,  such  as  an  inex¬ 
pensive  welded  drum,  is  connected  to  the  vaporizer  wherein  the  entrained 
liquid  is  separated  from  the  vapor. 

When  a  vapor  evaporates  from  the  surface  of  a  pool,  as  in  the  power- 
plant  evaporator,  it  is  possible  to  evaporate  100  per  cent  of  the  liquid  fed 
to  it  without  reducing  the  level  of  the  pool  provided  the  evaporator  was 
originally  filled  to  operating  level  with  liquid.  The  reason  less  than  100 
per  cent  of  the  feed  is  normally  vaporized  is  because  residue  accumulates 
and  it  is  necessary  to  provide  a  blowdown  connection  for  its  removal. 

When  a  1-2  exchanger  is  used  as  a  vaporizer,  it  is  filled  with  tubes  and 
cannot  be  adapted  for  blowdown,  since  all  the  feed  to  a  vaporizer  is 
usually  of  value  and  a  rejection  as  blowdown  is  prohibitive.  If  the  feed 
were  completely  vaporized  in  the  vaporizer,  it  would  emerge  as  a  vapor 
and  any  dirt  which  was  originally  present  would  be  left  behind  on  the 
tube  surface  over  which  total  vaporization  occurred,  fouling  it  rapidly. 


If  the  1-2  exchanger  (vaporizer)  were  over-designed,  that  is,  if  it  contained 
too  much  surface,  disengagement  would  have  to  occur  on  the  tubes  and 
due  to  the  excess  surface  the  vapor  would  superheat  above  its  saturation 


temperature.  The  latter  is  undesirable  in  most  processes,  since  super¬ 
heated  vapors  subsequently  require  surface  elsewhere  for  desuperheating. 
In  the  case  of  a  reboiler  it  will  be  shown  later  that  superheat  actually 
reduces  the  performance  of  the  distilling  column.  These  factors  establish 
a  rule  which  should  always  be  employed  for  the  calculation  of  vaporiza¬ 
tion  processes:  The  feed  to  a  vaporizer  should  not  be  vaporized  completely. 
The  value  of  this  rule  is  apparent.  If  less  than  100  per  cent  of  the  feed 
is  vaporized  in  a  1-2  exchanger,  the  residual  liquid  can  be  counted  on  to 
prevent  the  accumulation  of  dirt  directly  on  the  surface  of  the  heating 
element.  A  maximum  of  about  80  per  cent  vaporization  appears  to 
provide  favorable  operation  in  1-2  exchangers,  although  higher  percen  - 
ages  may  be  obtained  in  vessels  having  internal  disengagement  space 
Forced-  and  Natural-circulation  Vaporizer.  When  liquid  is  fed  to 
vaporizer  by  means  of  a  pump  or  gravity  flow  from  storage,  the  vaporizer 
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is  fed  by  forced  circulation.  A  typical  example  is  shown  in  Fig.  15. 1.  The 
circuit  consists  of  a  1-2  exchanger  serving  as  the  vaporizer  and  a  dis¬ 
engaging  drum  from  which  the  unvaporized  liquid  is  withdrawn  and 
recombined  with  fresh  feed.  The  generated  vapor  is  removed  from  the 
top  of  the  drum. 

Since  it  is  desirable  to  vaporize  only  80  per  cent  of  the  liquid  entering 
the  vaporizer,  the  total  liquid  entering  will  be  125  per  cent  of  the  quantity 
of  vapor  required.  Even  better  cleanliness  will  result  if  less  than  80  per 
cent  of  the  liquid  is  vaporized,  and  this  can  be  accomplished  by  recircula¬ 
tion.  Suppose  8000  lb/hr  of  vapor  is  required.  The  liquid  entering  the 
vaporizer  will  be  1.25  X  8000  =  10,000  lb/hr.  In  this  manner  80  per 
cent  will  be  vaporized  when  10,000  lb/hr  of  liquid  passes  into  the  vapor- 


Vapor 


izei.  The  2000  lb/hr  of  liquid  which  was  not  vaporized  will  be  recom- 
bined  with  8000  lb/hr  of  fresh  liquid  coming  from  storage  or,  if  the 
storage  is  hot,  returned  directly  to  storage. 

Now  suppose  that,  lor  greater  cleanliness  and  the  attainment  of  a  higher 
coefficient,  the  liquid  is  speeded  through  the  vaporizer  at  a  faster  flow 
rate  by  means  of  a  larger  pump.  It  may  be  desired  that  liquid  enter  the 
vaporizer  at  a  rate  of  40,000  instead  of  10,000  lb/hr  suggested  by  the 
process  Since  only  8000  Ib/hr  of  vapor  will  be  produced,  only  8000 

32/000°ib/hrh  Tlf  W1 !  C°ntmue  t0  come  from  St0rase-  The  difference, 
32,000  lb/hr,  will  have  to  be  supplied  by  recirculation  again  and  again  of 

unvaporized  liquid  through  the  vaporizer.  For  40,000  lb/hr  entering 

andTTT’  ?  8000  1Vhr'  °r  20  Per  Cent  wil1  dually  be  vaporized* 
and  the  higher  velocity  over  the  heat-transfer  surface  and  the  low  ner’ 

centage  vaporized  will  permit  longer  operation  without  excessive  fouling 
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The  advantage  of  recirculation  can  be  computed  economically.  The  high 
recirculating  rate  will  increase  the  power  cost  but  decrease  the  size  of  the 
equipment  and  the  maintenance  cost. 

The  vaporizer  may  also  be  connected  with  a  disengaging  drum  without 
the  use  of  a  recirculating  pump.  This  scheme  is  natural  circulation  and 
is  shown  in  Fig.  15.2.  It  requi  3S  that  the  disengaging  drum  be  elevated 
above  the  vaporizer.  Recirculation  is  effected  by  the  hydrostatic  head 
difference  between  the  column  of  liquid  of  height  zx  and  the  column  of 
mixed  vapor  and  liquid  of  height  z3.  The  head  loss  in  the  vaporizer  itself 
due  to  frictional  pressure  drop  corresponds  to  z2.  The  hydrostatic  head 
difference  between  z3  and  zx  is  available  to  cause  liquid  to  circulate  at 


Vapor 


such  a  velocity  that  it  produces  a  pressure  drop  z2  in  the  vaporizer  equal 
to  the  hydrostatic  difference  between  z3  and  zt.  The  cold  feed  is  usually 
fed  high  on  the  return  pipe  so  that  the  leg  Zi  will  have  as  great  a  density 
and  hydrostatic  pressure  zu>  as  possible.  If  the  pressure  of  the Teed  is 

greater  than  the  operating  pressure  of  the  system,  the  fee^  'v1^ 
foin  the  return  pipe  at  a  lower  point  unless  a  jet  is  used,  so  that  there  will 
be  a  sufficient  liquid  head  above  the  junction  to  prevent  feed  from  back¬ 
ing  up  directly  into  the  drum.  Piping  the  feed  directly  to  the  d.s pag¬ 
ing  drum  usually  makes  control  of  the  operating  variables  &&ndt. 
/there  is  a  sufficiently  great  pressure  difference  between  hefeed*md 
operating  pressure,  the  feed  can  be  used  as  the  motive  fluid  n  an  eject 
to  increase  the  recirculation  of  liquid  through  the  vaporizer.  This  is 
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inefficient  if  the  fresh  liquid  is  compressed  purposely  to  serve  as  the  motive 
fluid,  but  if  the  fresh  liquid  is  available  under  pressure  for  other  reasons, 
the  ejector  permits  recovery  of  some  of  the  pressure  head. 

The  advantages  of  forced  circulation  or  natural  circulation  are  in  part 
economic  and  in  part  dictated  by  space.  The  forced-circulation  ariange- 
ment  requires  the  use  of  a  pump  with  its  continuous  operating  cost  and 
fixed  charges.  As  with  forced-circulation  evaporators,  the  rate  of  feed 
recirculation  can  be  controlled  very  closely.  If  the  installation  is  small, 
the  use  of  a  pump  is  preferable.  If  a  natural-circulation  arrangement  is 
used,  pump  and  stuffing-box  problems  are  eliminated  but  considerably 
more  headroom  must  be  provided  and  recirculation  rates  cannot  be 
controlled  so  readily.  Natural-circulation  steam  generators  are  fre¬ 
quently  laid  out  in  accordance  with  Fig.  15.2  but  employing  a  vertical 


Bottom 

product 


Fig.  15.3.  Forced-circulation  reboiler  arrangement. 


1-1  exchanger  with  vaporization  in  the  tubes.  Water  is  especially  adapt¬ 
able  to  natural-circulation  arrangements,  since  the  density  differences 
between  the  liquid  and  vapor  at  a  given  temperature  are  very  large. 

Reboiler  Arrangements.  When  reboilers  are  used,  the  space  at  the 
bottom  of  the  column  between  the  liquid  level  and  the  bottom  plate  is 
employed  for  disengagement  and  the  bubble  caps  serve  as  separators.  A 
typical  arrangement  for  a  forced-circulation  reboiler  is  shown  in  Fig.  15.3. 
This  type  is  called  a  pump-through  reboiler.  All  the  liquid  on  the  bottom 
plate,  frequently  called  trapout  to  distinguish  it  from  bottom  product,  is 
carried  by  the  downcomer  below  the  liquid  level  of  the  column.  The 
liquid  can  be  recirculated  through  the  reboiler  as  many  times  as  is  econom- 
ical  y  feasible,  so  that  the  percentage  vaporized  per  circulation  is  kept  low 
while  the  bottom  product  is  withdrawn  from  a  separate  connection  In 
general,  forced-circulation  or  pump-through  reboilers  are  used  only  on 
small  installations  or  those  in  which  the  bottoms  liquid  is  so  viscous  and 
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the  pressure  drop  through  the  piping  and  reboiler  so  high  that  natural 
circulation  is  impeded. 

By  far  the  greater  number  of  large  reboiler  installations  employ  natural 
circulation.  This  can  be  achieved  in  either  of  two  simple  ways  as  shown 
in  Fig.  15.4a  and  6.  In  Fig.  1 5.4a  all  the  liquid  on  the  bottom  plate  is 
circulated  directly  to  the  rebo:  er,  whence  it  is  partially  vaporized.  The 
unvaporized  portion,  on  being  disengaged  under  the  bottom  plate,  is 
withdrawn  as  bottom  product.  In  Fig.  15.46  the  liquid  passes  through 
the  downcomer  below  the  liquid  level  of  the  column  as  in  forced  circu¬ 
lation.  The  bottom  liquid  is  free  to  recirculate  through  the  reboiler  as 
many  times  as  the  hydrostatic  pressure  difference  between  Zi  and  z3  will 
permit.  Because  there  is  no  opportunity  for  recirculation  in  the  arrange- 


(cd- ONCE -THROUGH  REBOILER  (b)- RECIRCULATING  REBOILER 

Fia.  15.4.  Natural-circulation  reboiler  arrangements. 

ment  in  Fig.  15.4a,  it  is  called  a  once-through  reboiler  arrangement. 
Figure  15.46  is  referred  to  as  a  recirculating  reboiler. 

Classification  of  Vaporizing  Exchangers.  There  is  a  greater  hazard  in 
the  design  of  vaporizing  exchangers  than  any  other  type  of  heat  exchanger. 
For  this  reason  it  is  convenu  nt  to  set  up  a  classification  based  on  the 
method  of  calculation  as  employed  for  each  distinct  type  of  service. 
Each  of  the  common  classes  below  is  distinguishable  by  some  difference 

in  calculation. 

A.  Forced-circulation  vaporizing  exchangers 

1.  Vaporization  in  the  shell  . 

a.  Vaporizer  or  pump-through  reboiler  with  isothermal  boiling 

b.  Vaporizer  or  pump-through  reboiler  with  boiling  range 

c.  Forced-circulation  evaporator  or  aqueous-solution  reboiler 

2.  Vaporization  in  the  tubes 

a.  Vaporizer  or  pump-through  reboiler  with  or  without  boiling  range 

b.  Forced-circulation  evaporator  or  aqueous  solution  reboi  er 
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B.  Natural-circulation  vaporizing  exchangers 

1.  Vaporization  in  the  shell 

a.  Kettle  reboiler 

b.  Chiller 

c.  Bundle-in-column  reboiler 

d.  Horizontal  thermosyphon  reboiler 

2.  Vaporization  in  the  tubes 

a.  Vertical  thermosyphon  reboiler 

b.  Long-tube  vertical  evaporator 


Heat-flux  and  Temperature-difference  Limitations.  It  may  be 

assumed  that  process  conditions  will  always  be  established  which  pro¬ 
vide  for  the  vaporization  of  only  part  of  the  liquid  fed  to  a  vaporizer. 
When  vaporizing  liquids  from  pools,  extremely  high  maximum  fluxes 
have  been  obtained.  For  water  a  maximum  flux  is  reported  at  400,000 
Btu/(hr)(ft2)  and  for  organics  from  70,000  to  125,000  Btu/(hr)(ft2), 
although  these  have  been  obtained  only  in  laboratory-scale  apparatuses 
with  perfectly  clean  surfaces.  It  is  again  pointed  out  that  the  maximum 
flux  occurs  at  the  critical  temperature  difference  and  is  a  limitation  of  the 
maximum  coefficient  which  may  be  attained.  Beyond  the  critical  tem¬ 
perature  difference  both  the  coefficient  and  the  flux  decrease,  the  decrease 
being  due  to  the  formation  of  a  layer  of  gas  on  the  tubes.  It  is  the 
phenomenon  of  vapor  blanketing  which  poses  the  principal  difficulty  in 
the  design  and  operation  of  vaporizing  exchangers. 

Fluxes  of  magnitudes  as  high  as  those  above  are  of  little  practical  value 
in  design.  It  will  be  recognized  that  vaporization  in  a  1-2  exchanger, 
occurring  as  it  does  without  continuous  disengagement,  is  very  different 
from  vaporization  out  of  liquid  pools.  By  restricting  disengagement  in 
the  1-2  exchanger,  the  possibility  of  vapor  blanketing  is  increased  greatly, 
so  that  it  is  necessary  also  to  restrict  the  flux  to  an  allowable  value  safely 
out  of  the  range  in  which  blanketing  might  occur.  The  flux  is  defined 
by  Q/A  or  Ud  At  but  not  by  hv(At)w,  where  hv  is  the  vaporization  coeffi- 
cient  and  (A t)v  is  the  temperature  difference  between  the  tube  Avail  and 
the  boilmg  temperature.  *,( AQ.  is  the  flux  based  on  the  clean  surface 
Ac,  while  Q/A  is  the  flux  based  on  the  actual  surface  A,  and  A  is  greater 
than  Ac  m  a  vaporizer  designed  with  a  dirt  factor.  However  it  is  cus 
omary  to  restrict  both  Q/A  and  hv  to  safe  maxima,  the  two  al’so  serving 

folio  •  r  p’'esence  °f  t0°  Sreat  a  temperature  difference  (A t)w.  The 
owing  restrictions  will  be  observed  throughout  this  chapter: 

L  Flux 

a.  The  maximum  allowable  flux  for  forced  oireida+i™ 

vaporizing  organics  is  20,000  Btu/(hr)(ft2^  and  for  Japo^lzers  an(?  reboilers 

Btu/(hr)(ftJ).  A  M  ,  and  for  natural  circulation  12,000 
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b.  The  maximum  allowable  flux  for  the  vaporization  of  water  or  aqueous  solutions 
of  low  concentration  using  forced  or  natural  circulation  is  30,000  Btu/(hr)(ft2). 

II.  Film  coefficient 

а.  The  maximum  allowable  vaporizing  film  coefficient  for  the  forced-  or  natural- 
circulation  vaporization  of  organics  is  300  Btu/(hr)(ft2)(°F). 

б.  The  maximum  vaporizing  fil  coefficient  for  the  forced-  or  natural-circulation 
vaporization  of  water  and  aqueous  solutions  of  low  concentration  is  1000  Btu/ 
(hr)(ft2)(°F). 


Relationship  between  Maximum  Flux  and  Maximum  Film  Coefficient. 

The  objects  of  the  limitations  above  are  the  elimination  of  all  vapor 
blanketing  possibilities.  Suppose  it  is  desired  partially  to  vaporize  an 
organic  compound  boiling  at  200°F  in  a  forced-circulation  vaporizer  using 
steam  at  a  temperature  of  400°F  so  that  At  =  200°F  and  the  flow  is  such 
that  a  vaporizing  coefficient  of  300  Btu/(hr)(ft2)(°F)  can  be  obtained. 
If  the  condensing  steam  coefficient  is  1500,  Uc  =  250,  and  if  Rd  =  0.003, 
Ud  =  142.  The  flux  will  be  142  X  200  =  28,400  Btu/ (hr) (ft2),  which 
exceeds,  limitation  la.  Since  Q/A  or  Ud  At  may  not  exceed  20,000,  any 
change  to  permit  compliance  with  la  amounts  to  an  increase  in  the  total 
surface  for  vaporization.  If  the  original  steam  and  vapor  temperatures 
are  retained,  the  new  overall  coefficient  Ud  will  be  20,000/200  =  100 
Btu/(hr)  (ft2)  (°F) .  The  temperature  difference  (A t)„  may  be  greater  than 
the  critical  temperature  difference,  since  it  does  not  occur  at  the  maximum 
attainable  flux  and  under  these  conditions  the  critical  temperature  differ¬ 
ence  can  be  exceeded  within  limits  without  the  danger  of  vapor  blanket¬ 
ing.  There  is  no  advantage  to  the  use  of  very  high  temperature  differ¬ 
ences,  however,  since  at  the  maximum  allowable  flux  any  increase  in  At 
must  be  offset  by  a  decrease  in  the  allowable  value  of  UD.  Only  when  UD 
is  naturally  small  may  the  use  of  a  high  At  be  partially  justified. 

The  test  of  whether  or  not  a  vaporizer  exceeds  the  allowable  flux  is 
always  determined  by  dividing  the  total  vaporizing  heat  load  by  the  total 
available  surface  for  vaporiza  ion.  By  the  same  token  the  maximum 
value  of  Ud  which  may  be  anticipated  is  given  by  UD  =  {Q/A.)  (I /At) 
regardless  of  the  dirt  factor  which  results.  When  setting  the  tempera¬ 
ture  of  the  heating  medium,  it  is  seen  that  the  use  of  a  large  At  and  cor¬ 
responding  (A t)w  also  requires  decreasing  UD  which  in  turn  gives  a  large 
value  of  Rd  =  1  /UD  -  1/C/c  The  large  dirt  factor  is  not  essential  to 
the  continued  operation  of  the  vaporizer  from  the  standpoint  of  dirt 
but  only  as  a  preventive  against  vapor  blanketing.  According  y,  w  en 
the  temperature  of  the  heating  medium  may  be  selected  independently 
such  as  by  setting  the  pressure  in  the  case  of  steam,  it  need  not  be  se  a  a 
value  of  M  greater  than  that  which  gives  a  UD  corresponding  to  the 

desired  dirt  factor. 
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FORCED-CIRCULATION  VAPORIZING  EXCHANGERS 


1.  Vaporization  in  the  Shell 


a.  Vaporizer  or  Pump-through  Reboiler  with  Isothermal  Boiling.  The 

calculations  employed  in  the  solution  of  this  type  of  vaporizer  are  common 
to  the  many  simple  vaporizing  problems  found  in  a  plant  whether  or  not 
connected  with  a  distilling  column.  If  a  liquid  is  substantially  pure  or  a 
constant-boiling  mixture,  it  will  boil  isothermally.  This  usually  applies 
to  the  bottom  liquid  of  a  distilling  column  separating  a  binary  mixture 
into  relatively  pure  compounds.  For  utility  boiling  operations,  such  as 
the  vaporization  of  a  cold  liquid  coming  from  storage,  the  liquid  may  not 
be  at  its  boiling  point  and  may  require  preheating  to  the  boiling  point. 
Since  the  shell  of  a  forced-circulation  vaporizer  is  essentially  the  same  as 
any  other  1-2  exchanger,  the  preheating  can  be  done  in  the  same  shell  as 
the  vaporization.  If  the  period  of  performance  of  a  vaporizer  is  to  be 
measured  by  a  single  overall  dirt  factor,  it  is  necessary  to  divide  the  shell 
surface  into  two  successive  zones,  one  for  preheating  and  one  for  vaporiza¬ 
tion,  in  much  the  same  manner  employed  in  condenser-subcoolers.  The 
true  temperature  difference  is  the  weighted  temperature  difference  for 
the  two  zones,  and  the  clean  coefficient  is  the  weighted  clean  coefficient 
as  given  by  Eqs.  (12.50)  and  (12.51). 

If  steam  is  the  heating  medium,  only  two  tube  passes  are  required  and 
these  need  not  be  equally  divided,  since  the  return  pass  carries  consider¬ 
ably  less  vapor  than  the  first  pass.  If  a  hot  stream  such  as  gas  oil  is  the 
heating  medium,  there  is  a  problem  in  determining  the  true  temperature 
difference  in  each  zone.  If  the  approach  between  the  heating-medium 
outlet  temperature  and  the  vapor  outlet  temperature  is  not  too  small,  the 


true  temperature  difference  can  be  approximated  by  considering  the 
temperature  fall  in  each  zone  proportional  to  the  heat  removed  from  the 
heating  medium.  The  method  of  using  zones  has  also  been  discussed  in 
Chap.  12  along  with  condenser-subcoolers. 

Film  Coefficients.  Where  there  is  a  preheating  zone,  it  can  be  computed 
by  the  use  of  Fig.  28  like  any  other  heater  with  the  cold  fluid  in  the  shell. 
The  isothermal  boiling  film  coefficient  is  also  obtained  by  the  use  of  Fig. 
28  based  on  the  premise  that  the  heat  must  first  be  absorbed  by  the  liquid 
by  forced  convection  before  passing  into  the  vapor  bubbles  and  that  the 
liquid  heating  coefficient  is  the  controlling  coefficient  in  the  sequence. 

Pressure  Drop.  The  shell-side  pressure  drop  for  the  vaporizing  zone 
is  computed  by  introducing  the  average  specific  gravity  into  the  denom¬ 
inator  of  Eq  (7.44).  If  the  vaporizing  liquid  boils  isothermally  at  t 

mV^Torsidetd:0”1  &  me<liUm  a  ^  Tl  ~  T ”  tw0 Possibili^ 
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Case  I.  The  vapor  and  heating  medium  may  be  in  counterflow. 

Case  II:  The  vapor  and  heating  medium  may  be  in  parallel  flow. 

CASE  i:  VAPORS  AND  HEATING  MEDIUM  IN  COUNTERFLOW.  Refer¬ 
ring  to  Fig.  15.5,  if  W  is  the  weight  flow  of  the  heating  medium,  C  its 
specific  heat,  and  T  is  the  temperature  of  the  heating  medium  at  any  tube 

length  x, 

WCdT  =  Ua"  dx(T  -  tt )  (15.1) 

where  a"  dx  is  the  surface.  Inte¬ 
grating  T  with  respect  to  x, 

In  (T  -  t.)  =  ~r  +  (15.2) 

At  x  =  0, 

Ci  =  In  (Tt  -  t.) 

T  -  U  Ua"x 


Fig.  15.5.  Temperatures  during  vapori¬ 
zation  of  an  isothermal  fluid  by  a  non- 
isothermal  heating  medium. 


ln  t2  - 1 

or 

T  =  U  +  (Tt 


WC 

ts)eUa"x/wc 


When  x  —  L,  T  =  T\, 

Q  =  WC(Ti  -  Tt)  =  WC(T2  -  tt)(eUa"L'wc  -  1) 
The  pounds  evaporated  we  at  any  point  x  are  given  by 


we  = 


WC 

X, 


(Tt  -  Q(eUa"x/wc  -  1) 


(15.3) 

(15.4) 

(15.5) 

(15.6) 

(15.7) 


If  w  is  the  weight  flow  of  all  the  isothermal  fluid  and  vav  its  average  specific 
volume,  then  for  the  entire  mixture  in  passing  from  inlet  to  outlet 


WV*y  = 


WC 

X. 


(T2  -  u)(eu*"x/wc  -  IK 


+ 


— 


WC 


(Tt  ~  Q(e 


,Ua"x/WC 


->] 


v,  (15.8) 


where  v,  is  the  specific  volume  of  the  vapor  and  v,  is  the  specific  volume 
of  the  liquid. 

For  the  pressure  drop  by  assuming  1/pav  =  !'»v 


fdAP  =  I 


2gp* 


dx  = 


J  2  gv' 


dx 


(15.9) 


2  gw  f  dAP  =  /TE^  (r,  -  -  IK  dx  +  vm  dx 

fC2  J  J  L  •  ip/r  , 

_  W  °  (eVo”x/WC  _  1)  Vl  dx 


X. 
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Integrating  and  simplifying, 


=  „  ,  =  [to,  -  t,)(LMTD)  -  (Ts  -  r.K*’.  -  »i)]  +  ”i  (151°) 
fG‘L  X.w; 

Generally,  however,  it  is  simpler  to  apply  the  law  of  mixtures  as  given 
below,  which  closely  resembles  Eq.  (15.10). 

Case  I:  Vapors  in  counterflow  to  heating  medium: 


= 


WC 

UA 


,  v  WC(Tt  -  ts)  f  x  ,  , 

fa  —  Vi) - r -  (Vv  ~  Vl)  +  Vi 


\3W 

1 


Sav 


yav(62.5) 

Case  II:  Vapors  in  parallel  flow  to  heating  medium: 

y*v  =  TFT  (yI  —  VA  +  (Ti  —  t,){vv  —  Vl)  +  Vl 


UA 


\sw 


Say  = 


1 


yav(62.5) 


(15.11) 

(15.12) 


(15.13) 


With  the  average  gravity  based  on  Eqs.  (15.11)  and  (15.13),  Eq.  (7.44) 
is  only  part  of  the  pressure  drop,  since  no  term  has  been  included  to 
account  for  the  acceleration  of  the  vapor  through  the  vaporizer  or  the 
contraction  loss  at  the  outlet.  Instead  of  using  Eqs.  (15.11)  and  (15.13), 
the  pressure  drop  can  be  computed  more  rapidly  by  an  arbitrary  assump¬ 
tion  of  the  value  of  the  average  specific  gravity.  At  the  start  of  the 
vaporizing  zone  the  gravity  is  that  of  the  liquid,  whereas  at  the  outlet 
it  is  considerably  less,  even  if  the  percentage  converted  to  vapor  is  not 
very  high.  Likewise  with  constant-flow  area  the  velocity  through  the 
shell  increases  toward  the  outlet  owing  to  the  large  volume  of  the  exit 
fluid,  although  the  mass  velocity  is  presumably  constant.  On  the  other 
hand,  the  viscosity  effective  upon  the  pressure  drop  probably  does  not 
vary  much  over  the  vaporizing  zone,  being  that  of  the  liquid  throughout. 
The  pressure  drop  can  be  computed  using  the  mass  velocity  as  hereto¬ 
fore,  the  Reynolds  number  based  on  liquid  properties  at  inlet  conditions 
and  the  mean  gravity  between  inlet  and  outlet.  Similar  reasoning  can 
be  applied  to  vaporization  on  the  tube  side.  The  comparison  between 
the  true  average  gravity  defined  by  Eqs.  (15.11)  and  (15.13)  and  the  mean 
ot  the  inlet  and  outlet  gravities  is  shown  below. 


Example  16.1.  Calculation  of  the  Average  Specific  Volume  A 

generate  10,000  lb  /hr  of  15  psig  steam  by  removing  heat  from  a  bottoL  product 

Thed50'000  T'  °f  *PP™tely  42»API  kerosene  feavtg  a 
column  at  400  F.  The  design  coefficient  in  the  vaporizer  will  be  about  100. 
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Compare  the  true  average  specific  volume  with  that  obtained  by  the  approximate 
method. 


t.  =  250°F  X.  =  945.3  Btu/lb 

Steam,  Q  =  10,000  X  945.3  =  9,450,000  Btu/hr 

Kerosene,  Q  =  150,000  X  0.63(400  -  300)  =  9,450,000  Btu/hr 


At  =  LMTD  =  91°F 

A 

WC  =  150,000  X  0.63  =  94,500  Btu/°F 


_Q_  _  9,450,000  _ 
U  d  Af  100  X  91 


From  Table  7 


vi  =  0.017  vv  =  13.75  ft3/lb 


(Table  7) 
(5.14) 


By  the  law  of  mixtures 

Assume  80  per  cent  of  the  outlet  fluid  is  vapor. 


v2 


V&v 


=  0.80  X  13.75  +  0.20  X  0.017  =  11.0  ft3/lb 

94,500(11.0  -  0.017)  94,500(300  -  250)  ,10  ^  AA1^  , 

= - 100  X  1040 - 945.3  X  10,000"  (1375  "  °°17)  +  °  °17 


=  3.04  ftJ/lb 


By  the  approximate  method 
vi  =  0.017  v2  =  11.0  ft3/lb 
vMV  =  0  017  +  -1-1—  =  5.5  ft3/lb 


Actual  density  =  =  0.329  lb /ft 3 

Approximate  density  =  =  0.182  lb /ft 


s  = 


0.329 


=  0.0053 


62.5 
s  =  0.0029 


Since  the  pressure  drop  is  inversely  proportional  to  the  gravity,  the  approximate 
method  is  safe.  The  acceleration  loss  is  usually  taken  at  about  two  velocities  heads 
and  can  be  omitted  when  using  the  approximate  method. 


While  the  condenser  is  usually  the  cleanest  part  of  a  distillation  or 
vaporization-condensation  as  nnbly,  the  vaporizer  is  usually  quite  the 
opposite.  Vaporizers  tend  to  accumulate  dirt,  and  for  this  reason  high 
recirculation  rates  and  large  dirt  factors  will  often  be  desirable.  Prefer¬ 
ence  should  be  given  to  the  use  of  square  pitch  and  a  removable  tube 
bundle  Although  it  may  reduce  the  possibility  of  using  a  1-2  vaporizing 
exchanger  for  other  services,  the  baffle  spacing  can  be  ^creased  or 
staggered  from  inlet  to  outlet  to  reduce  the  pressure  drop  of  the  fluid 

vaporizing  in  the  shell. 


Example  15.2.  Vaporizer  or  Pump-through  Reboiler  with  Isothermal  Boilmg.  lt 

•  Jpci:rpfi  +n  nrovide  19  750  lb  /hr  of  butane  vapor  at  285  psi  using  cold  feed  from  stor 
;"F°  P ^e  but-e  Will  boU  isothermally  at  235°F,  and  steam  will  be  available 

at  100  psi. 
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Available  for  the  service  is  a  15 K  in.  ID  1-2  exchanger  with  76  1  in^OD  16  BWG 
tubes  16'0"  long  laid  out  on  lK-in.  square  pitch  for  two  passes.  The  baffles  ar 

spaced  5  in.  apart. 

What  will  the  dirt  factor  and  pressure  drops  be?  .  . 

Solution.  To  prevent  total  vaporization  in  the  shell,  the  total  liquid  entering  the 
vaporizer  will  be  19,750/0.80  =  24,700  lb /hr.  The  vapor  should  then  be  disengaged 
from  the  liquid  in  a  drum,  and  the  excess  liquid  returned  to  the  pump  suction  for 
recombination  with  19,750  lb/hr  of  new  feed.  Thus  for  every  19,750  lb /hr  commg 
from  storage  at  75  °F,  4950  lb /hr  at  235°F  will  be  mixed  with  it  so  that  the  inlet  tem¬ 
perature  will  be  108°F. 


Solution: 


Exchanger: 

Shell  side 
ID  =  1534  in. 
Baffle  Space  =  5  in. 
Passes  =  1 


Tube  side 


Number  and  length 
OD,  BWG,  pitch 
Passes 


=  76,  16'0" 

=  1  in.,  16  BWG,  134-in.  square 

=  2 


(1)  Heat  balance: 

Preheat: 

Enthalpy  of  liquid  at  108°F  and  300  psia  =  162  Btu/lb  (Fig.  9) 

Enthalpy  of  liquid  at  235°F  and  300  psia  =  248  Btu/lb 
qp  =  24,700(248  -  162)  =  2,120,000  Btu/hr 


(2) 


Vaporization: 

Enthalpy  of  vapor  at  235°F  =  358  Btu/lb 
qv  =  19,750(358  -  248)  =  2,170,000  Btu/lb 
Butane,  Q  =  2,120,000  +  2,170,000  =  4,290,000  Btu/hr 
Steam,  Q  =  4880  X  880.6  =  4,290,000  Btu/hr  (Table  7) 

At.  weighted:  (Subscripts  p  and  v  indicate  preheating  and  vaporizing.) 

(A  t)P  =  LMTD  =  158.5°F  (5.14) 

(A  t)v  =  LMTD  =  103.0°F  (5.14) 


Qp 

(At), 


=  2,120,000/158.5  =  13,400 


=  2,170,000/103.0  =  21,100 

l£  =  **.»» 

Weighted  *  -  ^  _  124.5°F 


(12.51) 


(3)  Te  and  te :  Average  values  of  temperatures  will  be  satisfactory  for  preheat  zone 


Hot  fluid:  tube  side,  steam 

(4)  a't  =  0.594  in.2  [Table  10] 

at  =  Ntat/U4:n  [Eq.  (7.48)] 

=  76  X  0.594/2  X  144  =  0.157  ft2 
(6)  Gt  =  W/at 

=  4880/0.157 

=  31,100  lb/ (hr) (ft2) 


Cold  fluid:  shell  side,  butane 
Preheating: 

(4')  «,  =  IDX  C'B/IAVPt  [Eq.  (7.1)] 
=  15.25  X  0.25  X  5/144  X  1.25 

=  0.106  ft2 

(60  Gs  =  w/as  [Eq.  (7.2] 

=  24,700/0.106 

=  233,000  lb /(hr)  (ft2) 
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Hot  fluid:  tube  side ,  steam 
(6)  At  Ts  =  338°F, 
m  =  0.015  X  2.42  =  0.0363  lb/(ft)(hr) 

[Fig.  15] 

D  =  0.87/12  =  0.0725  ft  ( Ret  is  for  pres¬ 
sure  drop  ^nly) 

Ret  =  DGt/u 

=  0.0725  X  31,100/0.0363  =  62,000 


(9)  hi0  for  condensing  steam 

=  1500  Btu/(hr)(ft*)(°F) 


Cold  fluid:  shell  side,  butane 
(6')  At  To.  =*  172°F  (average  of  108  and 
235°F) 

M  =  0.115  X  2.42  =  0.278  lb/(ft)(hr) 

[Fig.  14] 

D,  =  0.99/12  =  0.0825  ft  [Fig.  28] 
Re,  =  DeG,/n 

=  0.0825  X  233,000/0.278  =  69,200 
(7')  jH  =  159  [Fig.  28] 

(8')  At  172°F(114°API) 
k(cu/k)H  =  0.12  Btu/(hr) (ft2) (°F/ft) 

[Fig.  16] 

<t>.  =  1.0 

O')  h.  =  ju  ±  [Eq.  (6.156)] 

=  159  X  0.12/0.0825 

=  231  Btu/(hr)(ft*)(°F) 


Clean  overall  coefficient  for  preheating  Up : 

U>  =  “  IZ  +  23l  -  200  Btu/(hr)(ft.)<"F)  (6.38) 


Clean  surface  required  for  preheating  Ap: 


Av  — 


Qp 

Up(At)p 


13,400 

200 


67.0  ft* 


(9)  hio  for  condensing  steam  —  1500 


Vaporization: 

(6')  At  235°F, 

M  =  0.10  X  2.42  =  0.242  lb/ (ft)  (hr) 

[Fig.  14] 

Re,  =  0.0825  X  233,000/0.242  =  79,500 
(7')  jH  =  170  [Fig.  28] 

(8')  At  235°F 

k{cu/k)H  =  0.115  Btu/ (hr)  (ft2)  (°F/ft) 

<t>,  =  1.0  (Fig.  16) 

(9')  [Eq.  (6.15)1 

=  170  X  0.115/0.0825  =  237 


Clean  overall  coefficient  for  vaporization  U 

JT  hioK  _  1500  X  237  __ 

Uv  “  hio  +  ho  “  1500  +  237  ~ 


(6.38) 


Clean  surface  required  for  vaporization  Av ' 

qv  _  21,100 

Av  ~  Uv(At)v  205 


103  ft* 


Total  clean  surface  Ac'- 

Ac  -  Ap  +  Av  =  67.0  +  103  =  170  ft* 
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(13)  Weighted  clean  overall  coefficient  Uc'. 

'LUA  _  13,400  +  21,100  =  ^ 


Uc  = 


(14)  Design  overall  coefficient: 


170 


(12.50) 


(Table  10) 


Surface/lin  ft  of  tube  =  0.2618 
Total  surface  =  76  X  16'0"  X  0.2618  =  318  ft2 
rr  _  Q  4,290,000  _  fto  - 

Ud  ~  A~M  ~  318  X  12475  "  108'5 

Check  of  maximum  flux: 

A  total  of  170  ft2  are  required  of  which  103  are  to  be  used  for  vaporization.  For  the 
total  surface  required  318  ft2  will  be  provided.  It  can  be  assumed,  then,  that  the 
surface  provided  for  vaporization  is 

10Hio  X  318  =  193  ft2 

The  flux  is  QJA  =  2,170,000/193  =  10,700  Btu/'(hr)(ft2).  (Satisfactory) 

(16)  Dirt  factor: 

Uc  -  UD  203  -  108.5 


Rd  = 


UcUd  203  X  108.5  0  0043  (br)(ft2)(°F)/Btu  (6.13) 


Pressure  Drop 


(1)  For  Ret  =  62,000, 

/  =  0.000165  ft2,/in.2  [Fig.  26] 

From  Table  7,  specific  vol  of  steam  at  115 
psia  =  3.88  ft3/lb 

S  =  3.88  X  62.5  =  0  00413 
1  fG*Ln 


(2)  A Pt  = 


2  5.22  X  1010D&4>( 


=  1  X 
2  X 


[Eq.  (7.45)] 


0.000165  X  31.1002  X  16  X  2 
5.22  X 1010  X0.0725  X  0.00413  X 1 


=  0.16  psi 


Preheat: 

(1')  Res  =  69,200,  /  =  0.00145  ft2/in.2 

[Fig.  29] 

(2')  Length  of  preheat  zone 
Lp  =  LAP/Ac 

=  16  X  67.0/170  =  6.3  ft 
(3')  No.  of  crosses,  N  +  1  =  12 Lp/B 

[Eq.  (7.43)] 

=  12  X  6.3/5  =  15 

s  =  0.50  [Fig.  6] 

Ds  =  15.25/12  =  1.27  ft 

,4')  a P  -  fG*D*W  +  V 

5.22  X  1010Des<^, 

[Eq.  (7.44)] 

0.00145  X  233, OOP2  X  1.27  X  15 


‘  5.22  X  1010  X  0.0825  X  050  X  1.6 

=  0.70  psi 

Vaporization: 

(1')  Re,  =  79,500,  /  =  0.00142  ft2/in.2 
(2')  Length  of  vaporization  zone 
Lv  =  16  -  6.3  =  9.7  ft 
(3')  No.  of  crosses,  N  - f  1  =  Y1L/B 

[Eq.  (7.43)] 

=  9.7  X  -  23 
Mol.  wt.  =  58.1 
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Pressure  Drop 


58.1 


Density,  p  359  x  69^g2  x  U7/m 

=  2.34  lb/ft3 

^outlet  liquid  =  0.43  [Fig.  6] 

Poutiet  liquid  =  0.43  X  62.5  =  26.9  lb /ft3 

Soutlet  mix  = 

24,700/62.5 

19,750/2.34  +  4950/26.9 
Sinlet  ~  0.50 

Smean  =  (0.50  +  0.046)  /2  =  0.28 

0.00142  X  233,000*  X  1.27  X  23 
A^s  ~  5.22  X  1010  X  0.0825  X  0.28  X  1.0 

=  1.9  psi 

A P,  (total)  =  0.7  +  1.9  =  2.6  psi 


Summary 


1500 

h  outside 

23H  37 

Uc 

203 

uD 

108.5 

Rd  Calculated  0.0043 

Rd  Required 

0.16 

Calculated  A P 

2.6 

Neg 

Allowable  A P 

5.0 

b.  Vaporizer  or  Pump-through  Reboiler  with  Boiling  Range.  If  a 
liquid  undergoing  vaporization  is  a  mixture  of  a  number  of  miscible  com¬ 
pounds,  it  does  not  boil  isothe-mally.  Instead  it  has  an  initial  boiling 
temperature  (bubble  point)  anu  a  final  boiling  temperature  (dew  point) 
at  which  the  last  bit  of  liquid  is  vaporized.  When  the  mixture  starts  to 
boil  at  its  bubble  point,  the  more  volatile  compounds  are  driven  out  of 
the  solution  at  a  greater  rate  and  as  the  volatile  compounds  enter  he 
vapor  phase  the  boiling  temperature  of  the  residual  liquid  rises.  This 
means  that  throughout  the  vaporizer  there  is  a  temperature  range  ov 
which  boiling  occurs,  and  the  greater  the  percentage  of  the  total  liquid 
vaporized  the  more  nearly  the  range  extends  from  the  bubble  point 

thp  dew  point  of  the  inlet  liquid.  .  .  i 

Because  of  the  boiling  range,  sensible  as  well  as  latent  heat 
absorbed  simultaneously  by  the  liquid  as  it  proceeds  through  ^ap 
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izer  so  that  it  will  possess  a  range  of  boiling  temperatures.  Furthermore 
the  sensible  heat  is  absorbed  over  the  same  surface  as  the  heat  for  vapor¬ 
ization  in  contrast  to  the  preheater-isothermal  vaporizer  in  which  the 
two  occur  in  separate  zones.  The  calculation  of  the  boiling  coefficient 
in  this  case,  however,  is  the  same  as  for  a  preheater-vaporizer  as  calcu¬ 
lated  in  Example  15.2.  Here  the  heat  from  the  tube  wall  is  first  absorbed 
by  the  liquid  as  sensible  heat  before  it  is  transformed  into  vaporization. 
Since  the  rate  of  heat  transfer  from  a  hot  liquid  into  an  incipient  vapor 
bubble  is  very  great,  it  may  be  assumed  that  the  sensible-heat-transfer 
coefficient  as  calculated  from  Fig.  28  for  either  direct  vaporization  or 
simultaneous  sensible-heat  transfer  is  the  limiting  resistance.  The 
coefficient  for  the  combined  sensible-heat  transfer  and  vaporization  is 
calculated  as  if  the  entire  vaporizing  heat  load  were  transferred  as  sen¬ 
sible  heat  to  the  liquid  over  its  boiling  range  in  the  vaporizer. 

The  true  temperature  difference  may  be  taken  as  the  LMTD  if  the 
heating  medium  is  isothermal.  This  assumes  that  the  heat  transferred 
is  proportional  to  the  change  in  temperature,  namely,  that  one-half  of 
the  total  load  is  delivered  while  the  temperature  rises  one-half  of  the 
total  temperature  range  for  vaporization.  If  the  bulk  of  a  mixture 
consists  of  closely  related  compounds  with  some  more  or  less  volatile 
compounds,  the  assumption  that  the  heat  and  temperature  proportions 
are  equal  may  cause  considerable  error.  The  true  temperature  differ¬ 
ence  can  be  obtained  by  graphical  integration  as  treated  in  Example  13.3. 

Film  Coefficients.  The  sensible-heat-transfer  coefficient  should  be 
regarded  as  the  boiling  coefficient  when  applying  the  restrictions  of  allow¬ 
able  flux  and  allowable  coefficient  even  though  it  is  computed  from  Fig. 
28.  When  a  liquid  has  a  boiling  range,  the  average  flux,  Q/A  may  be 
less  than  20,000  but  because  of  the  variation  in  temperature  difference, 
UD  At i  at  the  greater  terminal  temperature  difference  may  exceed 
20,000.  .  Discrepancies  of  this  sort  may  cause  bumping  or  erratic  vapor¬ 
ization  if  the  initial  compounds  to  vaporize  are  very  volatile  compared 
with  the  bulk  and  tend  to  separate  from  the  liquid  too  readily.  A  check 
of  the  inlet  flux  can  prevent  this  difficulty.  If  the  inlet  flux  does  not 
exceed,  say,  25,000  Btu/(hr)(ft2),  there  is  no  need  to  penalize  the  entire 
design  by  providing  excess  surface  simply  because  of  an  excessive  flux 
over  the  first  few  per  cent  of  the  vaporizing  surface. 

Pressure  Drop.  The  pressure  drop  is  computed  in  the  same  manner  as 
for  isothermal  boiling,  using  the  Reynolds  number  based  on  inlet  condi¬ 
tions  and  a  gravity  which  is  the  mean  of  inlet  and  outlet  gravities.  It  is 
a  o  quite  possible  that  a  fluid  with  a  boiling  range  may  enter  a  vaporizer 
below  its  bubble  point.  In  such  cases  the  surface  is  again  divided  into 
two  consecutive  zones,  one  for  pure  preheating  and  the  other  for  vapor  ° 
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zation  of  a  mixture  with  a  boiling  range.  The  weighted  coefficients  and 
temperature  difference  may  be  obtained  as  before  through  the  use  of 
Eqs.  (12.50)  and  (12.51). 

c.  Forced -circulation  Evaporator  or  Aqueous-solution  Reboiler.  As 

seen  in  Chap.  14,  the  shells  of  1-2  exchangers  are  not  used  in  forced- 
circulation-evaporator  process  3,  since  the  properties  of  water  are  excel¬ 
lent  for  natural-circulation  equipment.  However,  a  1-2  exchanger  can 
easily  serve  as  a  forced-circulation  evaporator.  In  distillation  processes 
such  as  the  distillation  of  an  acetone-water  or  alcohol-water  solution  the 
bottom  product  is  nearly  pure  water.  It  may  be  advantageous  in  smaller 
operations  of  this  nature  to  use  a  pump-through  reboiler  in  preference 
to  natural  circulation,  since  the  losses  in  the  connecting  piping  may  be 
unduly  high  and  the  use  of  larger  connecting  pipes  does  not  assure  smooth 
operation.  The  aqueous-solution  reboiler  can  be  calculated  in  the  same 
manner  as  the  pump-through  reboiler,  with  or  without  a  boiling  range, 
except  that  the  allowable  flux  and  film  coefficient  is  greater. 

This  type  of  equipment  is  usually  designed  with  the  dirt  factor  as  the 
controlling  resistance.  The  applicability  of  a  method  of  computing 
water-vaporization  rates  is  therefore  of  value  only  at  low  mass  velocities. 
Since  water  vapor  has  a  very  low  vapor  density,  low  mass  velocities  must 
be  employed  whenever  the  allowable  pressure  drop  is  small.  Film  coeffi¬ 
cients  for  boiling  water  and  aqueous  solutions  can  be  obtained  by  the 
use  of  Fig.  28,  although  these  will  be  about  25  per  cent  lower  than  those 
which  have  been  obtained  experimentally.  Where  data  on  the  physical 
properties  of  aqueous  solutions  are  lacking,  they  can  be  approximated  by 
the  methods  of  Chap.  7.  If  the  mass  velocity  is  very  low,  the  value  of 
the  coefficient  so  obtained  may  be  multiplied  by  1.25  and  the  overall 
value  of  U c  should  rarely  exceed  600  Btu/(hr)(ft2)(°F). 


2.  Vaporization  in  the  Tubes 

a.  Pump-through  Vaporizer  or  Reboiler  with  or  without  Boiling  Range. 

The  coefficients  for  vaporization  with  or  without  a  boiling  range  can  be 
obtained  from  Fig.  24  for  organic  liquids.  The  number  of  tube  passes 
may  be  as  great  in  horizontal  exchangers  as  the  pressure  drop  will  allow. 
If  the  number  of  tubes  in  the  final  passes  are  greater  than  the  number  in 
the  initial  passes,  it  is  possible  to  obtain  a  reduced  pressure  drop.  T  e 
shell  side,  when  employing  steam,  may  be  laid  out  on  triangular  pitc  , 
since  cleaning  will  be  infrequent  and  the  shell  side  can  be  leaned  by  boil¬ 
ing  out  The  pressure  drop  can  be  computed  using  Eq.  (7.45)  with  a 
Reynolds  number  based  on  the  inlet  properties  and  a  specific  gravity 
which  is  the  mean  between  inlet  and  outlet.  The  tube  fluid  should  Hoi 

upward. 
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b  Forced-circulation  Evaporator  or  Aqueous-solution  Reboiler.  1  he 

tube-side  data  for  the  evaporation  of  water  and  aqueous  solutions  can 
also  be  obtained  from  Fig.  24.  The  boiling  coefficients  will  be  about 
25  per  cent  greater  than  the  computed  values,  and  at  low  mass  velocities 
the  coefficient  can  be  multiplied  by  a  correction  factor  of  1.25.  _ 

This  class  also  includes  the  forced-circulation  evaporators  similar  to 
1-1  exchangers.  The  calculation  of  the  vertical  long-tube  evaporator 
will  be  treated  as  a  natural-circulation  vaporizer. 

NATURAL-CIRCULATION  VAPORIZING  EXCHANGERS 

1.  Vaporization  in  the  Shell 

a.  Kettle  Reboiler.  The  kettle  reboiler  is  shown  in  Fig.  15.6.  It  is  a 
modification  of  the  power-plant  evaporator.  The  relation  of  the  bundle 
to  the  shell  is  seen  better  from  an  end  elevation.  Another  form  of  the 
kettle  reboiler  employing  a  tube  sheet  which  covers  the  entire  shell  is 


Fig.  15.6.  Kettle-type  reboiler.  ( Patterson  Foundry  and  Machine  Co.) 


Fig.  15.7.  Kettle-type  reboiler  with  integral  tube  sheet.  {Patterson  Foundry  and  Machine 
Co.) 


shown  in  Fig.  15.7.  In  this  type  the  bundle  is  not  circular  but  conforms 
to  the  shell  as  seen  from  an  end  elevation.  The  method  of  connecting 
this  type  of  reboiler  to  the  distilling  column  is  shown  in  Fig.  15.8.  Kettle 
reb oilers  are  fitted  with  a  weir  to  ensure  that  the  liquid  level  in  the 
reboiler  is  maintained  and  that  the  tube  surface  is  not  exposed.  Since 
only  about  80  per  cent  of  the  liquid  bottoms  entering  at  the  inlet  are 
vaporized,  provision  must  be  made  for  the  removal  of  the  bottoms  prod¬ 
uct  which  is  on  the  discharge  side  of  the  weir.  There  are  a  number  of 
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arbitrary  rules  on  the  volume  required  above  the  liquid  level  for  disen¬ 
gagement  and  the  maximum  number  of  pounds  per  hour  which  may  be 
vaporized  from  the  liquid  surface.  If  the  top  row  of  tubes  is  not  higher 
than  60  per  cent  of  the  shell  diameter,  adequate  disengaging  space  will 


product 

Fig.  15.8.  Kettle  reboiler  arrangement. 

be  provided  when  a  liquid  level  covering  the  top  row  of  tubes  is  ensured 
by  the  weir. 

b.  Chiller.  The  chiller  is  shown  in  Fig.  15.9.  It  is  a  typical  kettle 
reboiler,  except  for  the  weir,  and  the  bundle  has  tubes  to  a  height  of  about 
60  per  cent  of  the  diameter.  The  vapor  space  above  is  for  disengagement 


of  the  vapor  from  the  liquid.  Chillers  are  used  in  refrigeration  processes 
of  the  vapor-compression  type  as  shown  in  Fig.  15.10.  The  refrigeration 
cycle  begins  at  the  point  a,  where  liquid  refrigerant  at  a  temperature 
higher  than  that  of  the  condenser  water  and  at  high  pressure  pws  J 
a  constant-enthalpy  throttle  valve  where  its  pressure  is  reduced.  The 
pressure  and  temperature  of  the  liquid  on  the  downstream  side^the 
valve  are  naturally  less  than  on  the  high-pressure  side.  The  exP“^ 
adiabatic,  and  some  of  the  liquid  flashes  into  vapor  coolm ^ ^Xger- 
nf  the  refrigerant  on  the  low-pressure  side  at  b.  it  the  coia  re  g 
a!it  is  to  be  circulated  directly  to  a  refrigerator,  the  saturation  temp 
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ture  at  b  is  often  about  5  or  10°F  lower  than  the  temperature  ultimately 
desired  in  the  chamber  being  refrigerated.  The  partially  vaporized 
refrigerant  may  enter  the  shell  of  a  chiller,  where  the  remainder  is  vapor¬ 
ized  isothermally  at  low  temperature  by  the  fluid  being  chilled  as  it  flows 
through  the  tubes.  The  vapor  then  passes  to  the  compressor  between  c 
and  d,  where  it  is  recompressed  to  the  higher  pressure  (and  temperature) 
such  that  it  can  be  recondensed  with  the  available  cooling  water. 

Cold  brine  is  often  circulated  to  the  chamber  being  refrigerated  in 
preference  to  the  refrigerant  itself.  Brines  are  usually  sodium  chloride 


Wafer 


Fig.  15.10.  Compression  refrigeration  system. 


or  calcium  chloride  solutions  in  concentrations  dp  to  25  per  cent  by 
weight,  depending  upon  the  coldness  of  temperature  to  be  maintained. 
They  are  cheap  and  have  little  susceptibility  toward  leakage.  On  accom¬ 
plishing  refrigeration  by  sensible  heat  absorption,  brines  remain  in  the 
liquid  phase  without  developing  high  pressures  and  eliminate  the  need 
for  costly  vapor  piping  through  the  refrigerating  system.  In  this  way 
contaminants  which  might  find  their  way  into  the  refrigerant,  particu¬ 
larly  under  vacuum,  are  kept  out  of  it  and  from  the  compressor,  con¬ 
denser  and  throttle.  Brines,  on  the  other  hand,  require  that  an  addi- 
mnal  temperature  difference  be  maintained.  When  the  refrigerant  is 
culated  directly  to  the  cold  chamber,  there  is  but  one  temperature 
.  "e“Ce  between  the  chamber  and  the  refrigerant.  Using  brines  how- 
6' er,  there  18  one  temperature  difference  between  the  refrigerant  and 
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brine  and  one  between  the  brine  and  cold  chamber,  and  this  arrangement 
increases  the  cost  of  the  refrigeration.  For  other  aspects  of  refrigerating 
cycles,  such  as  the  selection  of  optimum  conditions,  reference  may  be 
made  to  standard  thermodynamics  texts.  The  chiller  is  frequently  called 
the  evaporator  in  the  refrigeration  process,  although  this  use  of  the  term  is 
at  variance  with  the  nomenck  ure  used  herein.  When  used  in  large 


installations,  the  refrigerant  may  disengage  into  a  separate  drum  instead 

of  in  the  chiller  shell.  . 

Film  Coefficients  in  Chillers  and  Kettle  Reboilers.  When  a  liquid  is 
vaporized  from  a  pool,  the  velocity  of  the  liquid  flowing  over  the  heat- 
transfer  surface  is  very  low.  At  these  low  velocities  the  film  coefficient 
for  boiling  is  independent  of  the  velocity  and  dependent  instead  upon 
the  temperature  difference  between  the  tube  wall  and  the  saturation 
temperature  of  the  boiling  fluid.  A  curve  showing  tins  relationship  is 
represented  by  the  upper  line  in  Fig.  15.11.  The  coefficients  are  again 
limited  to  300  for  organics  and  1000  for  water,  except  that  the  maximum 


VAPORIZERS,  EVAPORATORS,  AND  RE  BOILERS  475 

allowable  flux  for  organics  is  12,000  Btu/(hr)(ft*).  The  latter  does  not 
permit  the  use  of  large  temperature  differences  for  natural-circulation 
vaporizers  and  reboilers,  which  require  more  surface  as  a  class  than  do 
forced-circulation  types.  The  difference  in  cost  of  surface  is  usually  more 
than  offset  by  the  saving  in  circulating  pump  power. 

Chillers  operate  isothermally  unless  the  vapor  space  of  the  chiller  also 
serves  as  a  flash  chamber  for  the  expansion,  in  which  case  the  inlet  tem¬ 
perature  will  be  that  at  the  throttle  valve  and  the  outlet  temperature  the 
saturation  temperature  of  the  refrigerant.  The  vaporization  out  of 
the  liquid  surface,  however,  is  isothermal.  Kettle  reboilers  also  operate 
under  nearly  isothermal  conditions,  particularly  when  employed  at  the 
bottom  of  an  aqueous-solution  distilling  column.  When  used  with 
organic  bottoms,  however,  there  is  usually  a  boiling  range,  and  it  is 
necessary  to  provide  for  the  introduction  of  sensible  heat.  The  sensible 
heat  is  regarded  as  entering  the  liquid  by  a  modification  of  free  convection , 1 
and  the  curve  for  free  convection  to  organics  in  natural  circulation  is 
given  by  the  lower  line  of  Fig.  15.11.  It  corresponds  fairly  closely  to  the 
results  obtained  from  Fig.  10.4.  In  the  case  of  kettle  reboilers  the  total 
heat  load  is  divided  into  sensible-  and  latent-heat  fractions,  and  the 
surface  required  for  each  fraction  is  computed  separately  at  its  respective 
boiling  or  sensible  coefficient.  While  there  are  several  ways  in  which 
this  procedure  can  be  justified,  it  is  nonetheless  an  empirical  means  of 
calculating  coefficients  comparable  to  those  obtained  in  practice.  This 
method  is  demonstrated  in  Example  15.4. 

Pressure  Drop  in  Kettle  Reboilers  and  Chillers.  The  height  of  bottoms 
maintained  in  a  distilling  column  naturally  seeks  its  own  level  in  the 
reboiler.  If  the  reboiler  is  not  mounted  much  below  the  liquid  level  in  the 
column,  there  is  a  negligible  hydrostatic  head  for  fluid  flow  from  the 
column  to  the  reboiler,  and  hence  the  circulation  rate  is  relatively  small. 
This  results  in  a  low  fluid  velocity  across  the  reboiler  surface,  and  the 
pressure  drop,  as  well  as  that  of  the  connecting  piping,  may  be  considered 
negligible.  The  kettle  reboiler,  in  fact,  is  the  most  suitable  of  all  natural- 
circulation  reboilers  where  the  reboiler  cannot  be  mounted  sufficiently 
below  the  liquid  level  in  the  column  to  provide  a  large  recirculation  rate. 


« J^m  P  *  15*3‘  (Talculation  of  a  Kettle  Reboiler.  45,500  lb/hr  of  bottoms  of 

oo  and  SmaU  b°llmg  range  at  400°F  enter  a  kettle  reboiler  from  which 

h  1m  "  °f  Vaf°r  1S,f ormed  at  an  operating  pressure  of  200  psig.  Heat  is  supplied 

by  28  API  gas  oil  m  the  range  from  575  to  475°F  and  120  psig  operating  pressure. 
A  pressure  drop  of  10  psi  is  permissible. 

Available  for  the  service  is  a  25  in.  ID  kettle  reboiler  containing  a  six-pass  15^-in. 

'  The  terms  natural  convection  and  natural  circulation  sometimes  cause  confusion 
The  former  refers  to  heat  transfer,  and  the  latter  to  fluid  flow. 
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circular  bundle.  The  bundle  contains  68  1  in.  OD,  14  BWG  tubes  12'0"  long  on 
lj^-in.  square  pitch.  The  bundle  is  baffled  only  by  quarter-circle  support  plates. 
Will  the  reboiler  be  satisfactory? 

What  are  the  dirt  factor  and  pressure  drops? 

Solution: 


Kettle : 

Shell  side  Tube  side 

15^-in.  circular  bundle  in  25  in.  Number  and  length  =  68,  12'0" 

ID  OD,  BWG,  pitch  =  1  in.,  14  BWG,  13^-in.  square 

3^-circle  support  plates  Passes  =  6 

(1)  Heat  balance: 

Enthalpy  of  liquid  at  400°F  and  215  psia  =  290  Btu/lb  (Fig-  H) 

Enthalpy  of  vapor  at  400°F  and  215  psia  =  385  Btu/lb 
Gasoline,  Q  =  28,100  X  (385  -  290)  =  2,670,000  Btu/hr 
Gas  oil,  Q  =  34,700  X  0.77(575  -  475)  =  2,670,000 

(2)  At :  Isothermal  boiling 
At  =  LMTD  =  118°F 


rn  .  Ate  _  475  400  _  Q  .0g 

(3)  T'-  M,  ~  575  -  400  0428 

Ke  =  0.37 
Fe  =  0.42 

Tc  =  475  +  0.42(575  -  475)  =  517°F 

Hot  fluid:  tube  side,  gas  oil 

(4)  Flow  area,  at  =  0.546  in.2  [Table  10] 

at  =  Ntat/U4n  [Eq.  (7.48)] 

=  68  X  0.546/144  X  6  =  0.043  ft2 
(6)  Gt  =  W /at 

=  34,700/0.043 

=  807,000  lb/ (hr)  (ft2) 

(6)  At  Tc  =  517°F, 

tx  =  0.27  X  2.42  =  0.65  lb/(ft)(hr)  (ex¬ 
trapolated)  [Fig.  14] 

D  =  0.834/12  =  0.0694  ft 
Ret  =  DGt/n 

=  0.0694  X  807,000/0.65  =  85,700 

(7)  jn  =  220  F  241 

(8)  At  517°F  (28°API)  [Fig-  16] 

Jc{cti/k)tt  =0.118  Btu/ (hr) (ft2) (°F/ft) 

O)  “  i-B  (f  )H  +•  tEq.  (6.15C7)] 

hi/4>t  =  220  X  0.118/0.0694  =  374 

(10)  hi  =  £  X  ££  [Eq-  (6-9)1 

<f>t  <t>t  gd 

=  374  X  0.834/1.0  =  311 

0.14 


The  correction  for 


GfJ 


is  negligible. 


(5.14) 


(Fig.  17) 


(5.28) 

Cold  fluid:  shell  side,  gasoline 


(9')  Assume  h0  =  300  for  trial. 

(Te  -  te) 


(10')  tw  =  tc+  r— r 

Ko  +  [Eq.  (5.31)] 

-  400  +  34T300  (517  - 

=  460  F 

(A t)v>  =  460  —  400  =  60°  I’ 

From  Fig.  15.11,  hv  >  300; 
hence  use  300. 
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(13)  Clean  overall  coefficient  Uc’- 

^=TO  =  l™  =  152Btu/(hr)(ft!)rF) 

(14)  Design  overall  coefficient  U  d' 

a"  =  0.2618  ft2/lin  ft 

Total  surface  =  68  X  12  X  0.2618  =  214  ft2 


Ud 


=  JL  =  2,670,000  =  1055 


A  At  214  X  118 


Check  of  maximum  flux: 


9.  =  2>6'Q’QQ-  =  12,500  Btu/(hr)  (ft2)  (satisfactory) 
A  214 


(15)  Dirt  factor  Rd’. 


Rd 


Uc  -  UD  152  -  105.5 
UcUD  =  152  X  105.5 


=  0.0029 


(6.38) 

(Table  10) 
(5.3) 


(6.12) 


Pressure  Drop 


(1)  For  Re,  =  85,700,/  =  0.00015  ft2/in.2 

[Fig.  26] 

s  =  0.71  [Fig.  6] 

fG\Ln 

(2)  A Pt  =  - — - 

5.22  X  10 10Ds<t>t 

0.00015  X  807, 0002  X  12  X  6 
5.22  X  1010  X  0.0694  X  0.71 

X  1.0 

=  2.8  psi 

(3)  Gt  =  807,000,  F2/2‘  =  0.090 

[Fig.  27] 

4 n  F2 


4X6 


[Eq.  (7.46)] 


X  0.09  =  3.1  psi 


0.71 

(4)  APt  =  APt  +  APr  [Eq.  (7.47)] 

=  2.8  +  3.1  =  5.9  psi 


Negligible 


Summary 


311 

h  outside 

300 

Uc 

152 

UD 

105.5 

Rd  Calculated  0.0029 

Rd  Required 

5.9 

Calculated  A P 

Neg 

10.0 

Allowable  AP 

Neg 
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c.  Bundle -in -column  Reboiler.  It  will  probably  occur  while  examin¬ 
ing  the  kettle  reboiler  (Fig.  15.6)  that,  if  the  bundle  is  to  be  submerged  in 
the  trapout,  it  can  be  inserted  directly  into  the  bottom  of  the  column,  as 
in  Fig.  15.12.  There  is  no  objection  from  a  heat-transfer  standpoint. 
As  seen  in  Example  15.3  only  214  ft2  of  surface  was  required  for  the  trans¬ 
fer  of  2,67 1,000  Btu/hr  and  this  in  a  15}^  -in.  cir¬ 
cular  bundle  16'0"  long.  The  column  required  for 
28,100  lb /hr  of  the  vapor  at  200  psig  has  a  diameter 
of  less  than  3  ft.  If  the  bundle  is  inserted  in  the 
bottom  of  such  a  column,  many  short  tubes  will  be 
required  and  the  height  of  the  bottom  of  the  column 
must  be  increased  so  as  to  maintain  the  same  holdup 
space.  Another  obvious  disadvantage  lies  in  the 
size  of  the  flanged  connection  which  must  be  welded 
to  the  side  of  the  column  to  accommodate  the  larger 
bundle.  Internal  supports  are  also  required  to  keep 
the  weight  of  the  bundle  from  forming  a  cantilever 
with  the  column  connection  flange.  These  difficul¬ 
ties  are  usually  surmountable  when  the  column  diameter  is  greater  than 
6  ft,  but  overall  experience  favors  the  use  of  external  reboilers  in  prefer¬ 
ence  to  the  small  savings  realized  by  eliminating  the  shell. 

The  calculations  for  the  bundle-in-column  reboiler  are  identical  with 
those  for  the  kettle  reboiler,  using  coefficients  from  Fig.  15.11. 


Liquid 
_{Jeve]_ 


h 


(7 

Total  volume 
S-IO  minutes 
holdup 


'Bottoms 
Fig.  15.12.  Bundle-in¬ 
column  reboiler. 


Fig.  15.13.  Horizontal  thermosyphon  reboiler.  (Patterson  Foundry  and  Machine  Co.) 


d.  Horizontal  Thermosyphon  Reboiler.  This  is  perhaps  the  common¬ 
est  type  of  reboiler.  Figure  15.13  shows  a  horizontal  thermosyphon 
reboiler.  It  consists  of  centrally  located  inlet  and  outlet  nozzles,  a 
vertical  circular  support  plate  between  the  nozzles,  and  a  horizontal 
longitudinal  baffle.  Horizontal  thermosyphons  operate  on  the  principle 
of  divided  flow  as  first  outlined  under  condensers  in  Fig.  12.17,  with 
halves  of  the  entering  fluid  flowing  away  from  each  other  below  the 
longitudinal  baffle  and  toward  each  other  above  it.  Disengagement 
takes  place  in  the  column,  and  the  reboiler  may  be  connected  by  the 
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arrangement  of  Fig.  15.4a  or  b.  In  Fig.  15.4a  as  stated  previously  all 
the  liquid  from  the  bottom  plate  is  led  directly  to  the  reboiler, 
rate  of  feed  to  the  reboiler  is  the  hourly  trapout  rate,  which  passes 
through  the  reboiler  but  once.  In  Fig.  15.46  the  reboiler  is  connected 
to  the  bottoms,  which  are  free  to  recirculate  at  a  rate  such  that  the  fric¬ 
tional  pressure  drop  in  the  reboiler  and  other  resistances  of  the  circuit 
just  balance  the  hydrostatic  head  difference  between  the  liquid  and 
liquid-vapor  legs.  The  hydrostatic  head  available  in  the  latter  arrange¬ 
ment,  however,  is  less  than  in  the  once-through  arrangement  although 
a  greater  head  is  required  for  recirculation.  The  head  is  provided  by 
raising  the  bottom  liquid  level  in  the  column  or  by  raising  the  column 
itself.  Occasionally  the  reboiler  may  be  set  in  a  well,  but  this  practice 
finds  little  favor  in  modern  plants. 

Film  Coefficients  in  Horizontal  Reboilers.  The  coefficients  used  for 
thermosyphons  are  substantially  the  same  as  those  employed  for  kettle 
reboilers  and  are  given  by  Fig.  15.11.  When  there  is  a  boiling  range,  it  is 
imperative  that  the  overall  clean  coefficient  be  weighted  for  sensible-  and 
latent-heat  loads  individually,  although  the  procedure  differs  from  the 
weighting  of  successive  zones,  since  both  sensible  heating  and  boiling 
occur  in  the  same  temperature  range.  This  problem  was  not  encount¬ 
ered  in  forced-circulation  reboilers  and  vaporizers  because  the  rates  of 
boiling  and  sensible-heat  transfer  are  ordinarily  very  nearly  identical. 
However,  in  a  shell  without  forced  convection  the  rate  of  sensible-heat 
transfer  by  free  convection  is  usually  less  than  one-sixth  the  natural- 
circulation  boiling  rate.  In  natural  circulation,  however,  where  both 
sensible-heat  transfer  and  boiling  occur  over  the  same  surface,  the  free 
convection  coefficient  is  undoubtedly  modified  by  the  bubble  movements 
which  far  exceed  the  agitation  derived  from  ordinary  free  convection 
currents.  To  account  for  this  modification,  the  sensible  portion  of  the 
heat  load  is  assumed  to  be  transferred  by  ordinary  free  convection  and  the 
boiling  portion  is  assumed  to  be  transferred  as  natural-circulation 
vaporization. 

Although  the  flow  is  not  counterflow,  it  usually  does  not  deviate  greatly 
from  it,  because  one  or  both  of  the  fluids  is  substantially  isothermal.  If 
steam  is  the  heating  medium,  the  counterflow  temperature  difference 
applies  directly.  If  a  liquid  is  the  heating  medium  rather  than  a  vapor, 
the  counterflow  temperature  difference  applies  only  if  the  range  on  the 
material  being  vaporized  is  small  and  the  approach  between  the  heating 
medium  and  vaporizing  medium  inlet  temperatures  is  appreciable.  If 
Ft  for  a  1-2  exchanger  exceeds  0.90  an  insignificant  error  may  be  antici¬ 
pated  from  the  use  of  the  1-2  parallel  flow-counterflow  temperature 
difference. 
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Since  the  temperature  differences  for  sensible  heating  and  vaporization 
are  the  same,  there  is  no  weighted  temperature  difference.  But  the 
sensible  heat  q8  is  transferred  with  a  free  convection  coefficient  of  ha,  and 
the  latent  heat  qv  is  transferred  with  the  considerably  higher  coefficient 
hv.  To  permit  obtaining  a  single  dirt  factor,  as  the  index  of  performance 
or  maintenance  of  the  reboiler,  Tie  weighted  coefficient  may  be  obtained 
as  follows:  From  q  =  hA  At, 

A. (At).  =  f* 
h8 

Av(  M),  = 

hv 

The  weighted  coefficient  is  then 

h  _  Q 

q»/h8  +  qv/hv 


Since  neither  hv  nor  h8  is  influenced  by  the  velocity  through  the  reboiler, 
it  will  be  of  no  consequence  in  the  calculation  whether  the  reboiler  has 
been  connected  for  once-through  or  recirculation  operation. 

Pressure  Drop.  There  is  an  obvious  need  in  the  recirculation  arrange¬ 
ment  to  keep  the  pressure  drop  through  the  thermosyphon  as  small  as 
possible.  When  studying  condensers  it  was  observed  that  the  greater  the 
pressure  drop  through  the  condenser  the  higher  the  condenser  must  be 
elevated  above  the  column  to  permit  the  gravity  return  of  condensate. 


The  effect  of  pressure  drop  on  the  elevation  of  the  bottom  tower  liquid 
level  above  the  reboiler  is  even  more  critical.  The  greater  the  pressure 
drop  through  the  reboiler  the  higher  the  entire  column  and  auxiliaries 
must  be  elevated  above  the  ground  level  to  produce  sufficient  hydrostatic 
head  to  overcome  the  pressure  drop.  Pressure  drops  of  about  0.25  psi 
are  generally  allowed  for  the  reboiler  and  attendant  losses.  If  the  column 
is  small  in  diameter  or  height,  a  pressure  drop  as  high  as  0.50  psi  may  be 
allowed,  but  concessions  of  this  nature  to  the  design  of  the  reboiler  are 
rare.  For  a  reboiler  vaporizing  a  small  fraction  of  the  liquid  entering  it, 
the  required  elevation  is  greatei,  since  the  return  leg  to  the  column  con¬ 
tains  more  liquid  than  vapor  and  the  difference  in  density  of  the  streams 

to  and  from  the  reboiler  is  small.  # 

While  half  baffles  may  occasionally  be  used  to  increase  the  turbulence 

in  the  shell,  the  tubes  are  usually  prevented  from  sagging  by  the  vertical 
support  plate  between  the  inlet  and  outlet  nozzles  and  additional  quarter- 
circle  support  plates.  The  liquid  entering  the  horizontal  thermosyphon 
flows  one-half  of  the  tube  length  on  the  underside  of  the  longitudinal  baffle 
and  one-half  the  tube  length  on  the  upper  side,  so  that  all  the  liquid  trave  s 
the  entire  tube  length  but  in  each  instance  with  a  mass-velocity  based  on 
one-half  the  total  flow.  The  length  of  path  of  each  parallel  stream  equals 
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the  tube  length,  and  it  is  sufficiently  accurate  to  treat  the  pressure  drop 
the  same  as  for  a  shell  without  baffles  and  with  axial  flow  as  m  Example 
7  8  The  diameter  of  a  horizontal  thermosyphon  reboiler  is  greater  than 
that  which  corresponds  to  the  tube  count  of  a  conventional  1-2  exchanger 
because  of  the  free  space  which  must  be  provided  in  the  upper  half  to 
allow  the  light  mixture  of  vapor  and  liquid  readily  to  reach  the  outlet 
nozzle  If  the  surface  of  a  25  in.  ID  layout  sufficed  for  heat  transfer,  the 
tubes  would  be  relocated  in  a  27  in.  ID  shell  while  retaining  the  tube 
pitch  so  as  to  leave  a  free  vapor  flow  channel  at  the  top  of  the  shell  and  a 

lesser  entrance  channel  at  the  bottom. 

The  equivalent  diameter  is  computed  directly  by  Eq.  (7.3)  from  the 
wetted  perimeter  of  the  tubes,  half  the  shell,  and  the  width  of  the  longi- 


Fig.  15.14.  Horizontal  thermosyphon  with  double  nozzles.  ( Patterson  Foundry  and 
Machine  Co.) 


tudinal  baffle.  The  flow  area  is  the  difference  between  half  a  circle  and 
the  number  of  tubes  in  the  upper  or  lower  shell  pass.  In  the  absence 
of  the  actual  tube  layout  these  may  be  assumed  to  be  equal.  The 
Reynolds  number  is  computed  from  the  inlet  liquid  viscosity  and  the 
equivalent  diameter.  The  pressure  drop  is  based  on  the  mean  specific 
gravity  between  inlet  and  outlet,  using  a  friction  factor  obtained  from 
Fig.  26  for  the  tube  side. 

When  there  is  a  single  inlet  nozzle  on  the  shell,  it  is  customary  not  to 
use  a  tube  length  more  than  five  times  the  shell  diameter.  Long,  thin 
reboilers  do  not  thermosyphon  well.  When  a  long,  thin  reboiler  is  indi¬ 
cated,  it  is  usually  equipped  with  two  inlet  nozzles  as  shown  in  Fig.  15.14 
with  a  mass  velocity  based  on  one-fourth  the  flow  rate  in  one-half  the 
flow  area.  The  following  table  will  serve  as  a  guide  to  well-proportioned 
horizontal  thermosyphons: 

Shell  ID,  in.  Tube  length 
12-17  H  8'0" 

19^-29  12'0" 

31  and  over  16'0" 

When  using  a  recirculating  arrangement  with  a  horizontal  thermo¬ 
syphon,  recirculation  can  be  computed  approximately  as  the  rate  at 
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which  the  pressure  drop  through  the  reboiler  equals  the  hydrostatic 
difference  of  zx  and  z3  in  Fig.  15.46  although  the  rate  does  not  affect  the 
film  coefficient.  Instead  of  the  recirculation  rate  it  is  preferable  in  reboil¬ 
ers  to  specify  the  recirculation  ratio ,  which  is  defined  as  the  pounds  per 
hour  of  liquid  leaving  the  reboiler  compared  with  the  pounds  per  hour  of 
vapor  alone.  This  should  not  be  confused  with  the  conventional  defini¬ 
tion  of  recirculation  rates,  which  is  defined  as  the  ratio  of  the  total  hourly 
throughput  to  the  hourly  requirement. 

In  a  recirculating  reboiler  the  temperature  range  is  not  identical  with 
that  of  a  once-through  arrangement.  If  the  liquid  recirculates,  only  a 
small  amount  of  vapor  is  formed  in  each  circulation  and  the  vaporization 
occurs  over  a  smaller  temperature  range,  although  the  outlet  tempera¬ 
tures  in  both  arrangements  are  identical.  In  the  recirculating  arrange¬ 
ment  the  temperature  difference  is  somewhat  smaller.  Usually  the  reduc¬ 
tion  in  temperature  difference  is  not  significant  unless  the  range  of  the 
heating  medium  is  very  close  to  that  of  the  vaporization.  A  recirculation 
ratio  four  times  or  greater  than  the  hourly  once-through  vapor  rate  is 
considered  favorable  from  a  cleanliness  standpoint.  The  method  of 
calculating  recirculation  ratios  will  be  discussed  in  connection  with  the 
vertical  thermosyphon  reboiler,  where  a  higher  order  of  recirculation  is 
usually  obtained. 

Example  15.4.  Calculation  of  a  Once-through  Horizontal  Thermosyphon  Reboiler. 

38,500  lb  /hr  of  60°API  naphtha  in  a  once-through  arrangement  is  to  enter  a  horizontal 
thermosyphon  reboiler  and  produce  29,000  lb/hr  of  vapor  in  the  temperature  range 
from  315  to  335°F  at  an  operating  pressure  of  5.0  psig.  Heat  will  be  supplied  by 
28°API  gas  oil  with  a  range  from  525  to  400°F. 

Available  for  the  service  is  a  21  in.  ID  reboiler  containing  116  1  in.  OD,  14  BWG 
tubes  12'0"  long  laid  out  on  lp£-in.  square  pitch.  The  bundle  has  a  support  plate 
above  the  single  inlet  nozzle  and  is  arranged  for  eight  passes. 

What  are  the  dirt  factor  and  the  pressure  drops? 


Solution: 


Reboiler : 

Shell  side 

ID  =  21K  in- 

Support  plates  =  circles 
Passes  =  divided 


Tube  side 

Number  and  length  =  116,  12'0" 

OD,  BWG,  pitch  =  1  in.,  14  BWG,  square 

Passes  =  8 


(1)  Heat  balance: 

Enthalpy  of  liquid  at  315°F  and  19.7  psia  =  238  Btu/lb 
Enthalpy  of  liquid  at  335°F  and  19.7  psia  =  252  Btu/lb 
Enthalpy  of  vapor  at  335°F  and  19.7  psia  =  378  Btu/lb 
Naphtha  qv  =  29,000(378  —  252)  =  3,650,000 
q,  =  38,500(252  -  238)  =  540,000 

q  =  -=  4,190,000  Btu/hr 

Gas  oil,  Q  =  51,000  X  0.66(525  -  400)  =  4,190.000 


(Fig.  11) 
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(2)  At: 


Hot  Fluid  Cold  Fluid 


525 

Higher  Temp 

335 

190 

400 

Lower  Temp 

315 

85 

125 

Differences 

20 

105 

LMTD  =  131°F 
125 


R  = 


=  6.25 


S  = 


20 


525  -  315 


=  0.095 


20 

Ft  =  0.97 

At  =  Ft  X  LMTD  =  0.97  X  131  =  127°F 
(3)  Tc : 

— e  =  ^  =  0.447 
Ath  190 


Kc  =  .0.42 
Fc  =  0.41 

Te  =  400  +  0.41(525  -  400)  =  451°F 
tc  =  315  +  0.41(335  -  315)  =  323°F 


(Fig.  17) 


(5.28) 

(5.29) 


Hot  fluid:  tube  side,  gas  oil 

(4)  a\  =  0.546  in.2  [Table  10] 

at  =  iV«a*/144rc 

=  116  X  0.546/144  X  8  =  0.055  ft2 

(5)  Gt  =  W/at 

=  51,000/0.055 

=  928,000  lb/(hr)(ft2) 

(6)  At  Te  =  451  °F, 

n  =  0.45  X  2.42  =  1.09  lb/(ft)(hr) 

[Fig.  14] 

D  =  0.834/12  =  0.0695  ft  [Table  10] 
Ret  —  DGt/n 

=  0.0695  X  928,000/1.09  =  59,200 

(7)  ja  =  168  [Fig.  24] 

(8)  At  Tc  =  451°F  (28°API)  [Fig.  16] 
k(Ctx/k)U  =0.142  Btu / (hr) (ft2) (°F/ft) 

(9)  hi  =  (jHk/D)(cn/k)^<t>t  [Eq.  (6.15a)] 


T"  =  168  x 

<pt 


0.142 

0.0695 


343 


<tu  *=  1.0 

(10)  hio  =  hiX  ID/OD  [Eq.  (6.6)] 

=  343  X  0.834/1.0 

=  286  Btu/ (hr)  (ft2)  (°F) 


Cold  fluid:  shell  side,  naphtha 
Assume  weighted  h0  =  200 
h^  from  (10)  =  286 

tv,  =  tc  +  T-^hr  ^  [Eq-  (5-31)] 

flio  i  ft o 

-  323  +  286^200  (451  -  323> 

=  382°F 

(At).  =  382  -  323  =  59°F 

From  Fig.  15.11,  hv  =  >  300,  use  300 
hs  =  60 

qv/hv  =  3,650,000/300  =  12,150 
q»/K  =  540,000/60  =  9,000 

21,150 


(10')  h0  =  4,190,000/21,150 

=  198  Btu/ (hr)  (ft2)  (°F) 
Checks  200  assumed  for  h0. 


(13)  Overall  clean  coefficient  Uc: 


Uc 


hioh0 
hio  + 


ho 


286  X  198 
286  +  198 


116  Btu/ (hr)  (ft2)  (°F) 


(6.38) 
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(14)  Design  overall  coefficient  U z>: 


Surface  per  linear  foot  =  0.2618 
Total  surface  =  116  X  12'0"  X  0.2618  =  364  ft2 


UD 


Q 

A  At 


4,190,000 
364  X  127 


=  90.7 


(Table  10) 


Check  of  maximum  flux  (based  on  tot  1  transfer  through  the  surface) : 


Q  _  4,190,000 
A  364 


11,500  vs.  12,000  allowable 


(16)  Dirt  factor  Rd'. 

Rd 


Uc  -  UD 
UcUD 


116  -  90.7 
116  X  90.7 


0.0024 


(6.13) 


Pressure  Drop 


(1)  Ret  =  59,200,  f  =  0.000168  ft2/in.2 

[Fig.  26] 

s  =  0.73  [Fig.  6] 


(2) 


APt  = 


fG]Ln 

5.22  X  10 l0Ds<t>t 


0.000168  X  928, 0002  X  12  X  8 
”  522  X  1010  X  0.0695  X  0.73  X  1 

=  5.3  psi 

(3)  Gt  =  928,000  72/2 g'  =0.11  [Fig.  27] 


A Pr  =  4 
(4)  APt 


nV*  =  4X8 
s  2 g'  0.73 

=  APt  +  APr 
=  5.3  +  4.8  = 


X  0.11  =  4.8  psi 

[Eq.  (7.46)] 
[Eq.  (7.47)] 
10.1  psi 


(1')  D[  =  4  X  flow  area/frictional  wetted 
perimeter 

Assume  half  of  tubes  above  and  half  of 
tubes  below  longitudinal  baffle. 

Flow  area  =  3^  shell  cross  section  —  H 
tube  cross  section 

=  l  (21.252  -  1.0  X  116)  =  132  in.2 

O 

as  =  13H  44  =  0.917  ft2 

Wetted  perimeter  =  x  ^  ^  |  X  1 

X  116  +  21.25  =  236.7  in. 
d'  =  4  X  132/236.7  =  2.23  in, 

[Eq.  (7.3)] 

D't  =  2.23/12  =  0.186  ft 
Gs  =  (w/2)/a, 

=  M38,500  X  0.917 

=  21,000  lb  /(hr)  (ft2) 
For  60° API  at  315  use  data  in  Fig.  14  for 
56°API  gasoline  as  an  approximation. 
fi  =  0.18  X  2.42  =  0.435  lb/(ft)(hr) 

Res  =  D[G./u 

=  0.186  X  21,000/0.435  =  8950 
/  =  0.00028  ft2/in.2  [Fig.  26] 

From  Fig.  13.14,  mol.  wt.  =  142 

142 

Density,  p  -  359  x  ™ M92  X  14.7/19.7 

=  0.337  lb  /ft3 


Sou  tie  t  liquid  at  335  F  —  0.61 

poutlet  liquid  =  0.61  X  62.5  =  38.1  lb /ft2 

38,500/62.5  __ 

Soutiet  mix  -  29  000/0.337  +  9500/38.1 

=  0.071 


Siniet  at  315°F  —  0.625 

Sav  =  0.625  +  0.071)  =  0.35 
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Pressure  Drop 

A  p  __ _ _ _ 

4  5.22  X  10 10D'es<t>, 

0.00028  X  21, OOP2  X  12 


fGKUui) 


[Eq.  (7.45)] 


“  5.22  X  1010  X  0.186  X  0.35  X  1.0 

=  0.0004  psi 


Summary 


286 

h  outside 

O 

£ 

o 

CO 

Uc 

116 

UD 

90.7 

Rd  Calculated  0.0024 

Rd  Required 

10.1 

Calculated  A P 

Neg 

10.0 

Allowable  A P 

0.25 

The  dirt  factor  is  somewhat  low  for  continued  service.  The  high  pressure  drop  on  the 
gas  oil  line  is  insignificant. 

When  a  reboiler  is  overdesigned,  it  may  operate  by  breathing.  As 
liquid  enters  the  reboiler,  it  may  be  completely  vaporized  very  quickly 
because  of  the  overdesign.  New  liquid  replaces  it  and  cools  the  surface 
down.  The  new  liquid  remains  in  the  reboiler  momentarily  and  is  heated 
and  completely  vaporized  also,  so  that  intermittent  bursts  of  vapor  issue 
from  the  reboiler  outlet  instead  of  a  smooth  continuous  flow  of  vapor 
and  liquid  mixture.  This  can  be  overcome  by  reducing  the  pressure  on 
the  steam  if  steam  is  the  heating  medium  or  by  placing  an  orifice  on  the 
shell  outlet  flange  so  as  to  cause  an  increased  pressure  drop  on  the  vapor. 

Horizontal  Thermosyphons  with  Baffles.  Horizontal  thermosyphons 
are  occasionally  designed  with  vertically  cut  baffles  such  as  were  discussed 
in  connection  with  the  2-4  exchanger.  The  baffles  do  not  affect  the  boil¬ 
ing  film,  but  they  do  affect  the  sensible-heating  coefficient,  increasing  it 
be>  ond  the  free-convection  value.  If  the  baffles  are  the  usual  25  per  cent 
vertically  cut,  segmental  baffles  arranged  for  side-to-side  flow,  the  sensible 
film  coefficient  can  be  computed  from  shell-side  data  as  given  in  Fig  28 
and  as  discussed  under  the  2-4  exchanger.  If  the  baffles  are  cut  50  per 
cent  corresponding  to  quarter-circle  support  plates,  the  coefficient  is 
treated  on  the  basis  of  axial  flow  as  above,  using  the  equivalent  diam¬ 
eter  as  calculated  in  Example  7.8  and  the  tube-side  data  of  Fig  24 
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2.  Vaporization  in  the  Tubes 

The  members  of  this  class  are  vertical  units  operating  with  a  relatively 
large  hydrostatic  head  and  a  low  pressure  drop.  For  this  reason  the 
vaporization  usually  occurs  in  the  tubes  of  a  one-tube-pass  exchanger, 
which  permits  a  greater  recircu*  \tion  rate  than  is  common  to  horizontal 
units  with  vaporization  in  the  shell.  The  three  main  classes  of  equipment 

employing  this  arrangement  are  the 
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4.  Static  pressure  of  a  column  of  mixed  liquid  and  vapor  (z>)  in  the 
reboiler 

5.  Frictional  pressure  drop  through  the  outlet  piping 

Expansion  Loss  Due  to  Vaporization.  This  is  taken  as  two  velocity 
heads  based  on  the  mean  of  the  inlet  and  outlet  specific  gravities. 


APi  = 


G2 

1440Pav 


psi 


(15.14) 


Particularly  where  the  recirculation  ratio  and  the  operating  pressure  are 
great,  the  difference  in  the  densities  between  the  inlet  and  outlet  are  not 


very  large  and  the  expansion  loss  is  negligible. 

Weight  of  a  Column  of  Mixed  Liquid  and  Vapor.  This  is 
difficult  to  evaluate  if  precision  is  required,  since  the  expan¬ 
sion  of  the  vapor  is  a  function  of  the  recirculation  ratio,  aver¬ 
age  specific  volume  of  the  vapor,  coefficient  of  expansion 
of  the  liquid,  etc.  For  nearly  all  practical  cases  it  may  be 
assumed  that  the  variation  of  the  specific  gravity  is  linear 
between  the  inlet  and  the  outlet.  If  v  is  the  specific  volume 
at  any  height  x  in  the  vertical  tube  of  Fig.  15.17  whose  total 
length  is  L  and  whose  inlet  and  outlet  specific  volumes  are 
Vi  and  v0, 


v  -  Vi  + 


(vo  —  vi)x 

L 


(15.15) 


If  the  weight  of  the  column  of  mixture  is  m,  the  change  in 
weight  with  height  is  dm,  and  if  a  is  the  cross-section  flow  area, 

dm  ~  7,  dx  (15.16) 


t 


Fig.  15.17. 
Volume 
change  in  a 
single  tube 


If  the  static  pressure  of  the  column  of  liquid  and  vapor  is  designated  by 
^3Pav  and  the  cross-section  area  a  is  unity, 


z  o  —  (L  —  f  d.r 

3P"'  ./  T~  J  «7+lt^^7Z  psi  (15-17> 

Integrating  and  dividing  by  144  to  obtain  the  head  per  square  inch 

^3  Pay  2.3 L  ,  Da 

144  _  144(1).  -  v<)  l0g  7i  psi  (15.18) 

taWngalUhfhfr  ^  **■  recirculatio11  rati°  can  be  established  by 
“T  '  the  ,heads  ln  the  circmt  into  account  as  functions  of  the  mass 

2  Be  solution  for  G  the  recirculation  rate  can  be  obtained 

tly.  Because  the  gravity  of  the  reboiler  outlet  mixture  also  varies 
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with  the  recirculation  ratio,  the  expression  becomes  complex  and  it  is 
simpler  to  solve  by  trial  and  error.  If  the  height  of  an  existing  reboiler 
is  given,  the  recirculation  ratio  can  be  computed.  If  the  recirculation 
ratio  is  given,  the  required  head  zxpx  may  be  computed. 

a.  Vertical  Thermosyphon  Reboiler.  The  vertical  thermosyphon  is 
usually  a  conventional  1-1  ex  hanger  with  the  channel  end  up.  The 
upper  tube  sheet  is  placed  close  to  the  liquid  level  of  the  bottoms  in  the 
distilling  column.  Since  the  reboiler  can  be  set  close  to  the  column, 
the  frictional  loss  in  the  inlet  and  outlet  piping  is  usually  negligible.  The 
recirculation  ratio  is  determined  from  the  difference  between  the  hydro¬ 
static  head  in  the  distilling  column  corresponding  to  the  tube  length  of 
the  reboiler  and  the  weight  of  the  vapor-liquid  mixture.  Recirculation 
ratios  exceeding  4:1  are  usually  employed. 

Example  15.6.  Calculation  of  a  Vertical  Thermosyphon  Reboiler.  A  vertical 
thermosyphon  reboiler  is  to  provide  40,800  lb/hr  of  vapor  which  is  almost  pure 
butane.  In  an  arrangement  identical  with  Fig.  15.16  the  column  operates  at  a  pres¬ 
sure  of  275  psig  corresponding  to  a  nearly  isothermal  boiling  point  of  228°F .  Heat 
will  be  supplied  by  steam  at  125  psig. 

A  recirculation  ratio  of  4: 1  or  greater  should  be  employed. 

What  is  the  optimum  exchanger  to  fulfill  this  requirement?  %  in.  OD,  16  BWG 
tubes  on  1-in.  triangular  pitch  will  be  used. 


Solution: 


(1)  Heat  balance: 

Enthalpy  of  liquid  at  228°F  and  290  psia  =  241  Btu/lb 
Enthalpy  of  vapor  at  228°F  and  290  psia  =  338  Btu/lb 
Butane,  Q  =  40,800(338  -  241)  =  3,960,000  Btu/hr 
Steam,  Q  =  4570  X  868  =  3,960,000  Btu/hr 

(2)  At:  Isothermal  boiling 
At  =  LMTD  =  125°F 

(3)  Tc  and  tc :  Both  streams  are  isothermal. 


(Fig.  9) 

(Table  7) 
(5.14) 


=  330  ft2 


Trial  1  (see  Chap.  11  for  method  of  approach): 

(a)  When  establishing  reboiler  surface  the  first  trial  should  always  be  taken  for  the 

maximum  allowable  flux  Q  3, 960,000 

A  ~  Q/A  12,000 

A  lfi'n"  Innu  tubes  These  will  reduce  the  shell  diameter  and  provide  the 

cheapest  reboiler  "^However,  twill  also  retire  the  greatest  elevation  of  ^column. 

Number  of  tubes  =  330/16'0  X  0.1963  105 

(h)  Since  this  will  be  a  1-1  exchanger,  only  one  tube  pass 

the  tube  counts:  105  tubes,  1  pass,  %  m.  OD,  1-m.  tnangu.ar  pttch 

Nearest  count:  109  tubes  in  a  13J4  m.  ID  shell 
(c)  Corrected  coefficient  U z>: 

A  =  109  X  16'0"  X  0.1963  =  342  ft2 

_  3,960,000  _  92  5 
Ud  ~  342  X  125 
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Static  pressure  of  reboiler  leg,  =  YU(vf-  "*><)  log  PS1  (15,18) 


58 

Vapor  density,  Pv  -  359  x  e%2  X  14.7/290 

1 


=  2.27  lb /ft3 


0.44  ft3/lb 


Wvapor  2.27 
vaauid  =  vi  =  62.5  X  0.43 


1 


=  0.0372  ft3/lb 


(Fig.  6) 


Weight  flow  of  recirculated  liquid  =  4  X  40,800  —  163,200  lb /hr 
Total  volume  out  of  reboiler: 

Liquid,  163,200  X  0.0372  =  6,100  ft3 
Vapor,  40,800  X  0.44  =  17,950  ft3 

Total  =  24,050  ft3 


24,050 


1,0  (163,200  +  40,800) 

2.3  X  16 


=  0.1175  ft3/lb 
0.1175 


„  .,  2j  pay  2.3  X  16  ,  0.1175  _  . 

Pressure  of  leg,  -  144(0  ill75  _  0.0372)  X  °g  0.0372  L6°  pS1 


Frictional  resistance: 
Flow  area: 


at  =  Nt 


/ 


144n 


0  302 

=  109  X  - -  =  0.229  ft2 

144 


(Table  10) 


~  w  163,200  +  40,800  „  ...  ... 

=  —  = - q^229 -  =  891>000  lb/ (hr) (ft2) 


At  228°F,  p  =  0.10  X  2.42  =  0.242  lb /(ft)  (hr) 

D  =  =  00517  ft 

*>„  DG  0.0517  X  891,000  . 

Be‘  =  V  “  - 6.242  -  190'°°0 

/  =  0.000127  ft2/in.2 

(0.43  +  1/0.1175  X  62.5)  _ 

—  2 - - -  =  0.285 


(Fig.  14) 


^mean 


APt  = 


fG'Ln 


0.000127  X  891, 0002  X  16 


5.22  X  lOloDs0t  5.22  X  1010  X  0.0517  X  0.285  X  1.0 
Total  resistance  =  1.60  +  2.09  =  3.69  psi 


(Fig.  26) 


=  2.09  psi  (7.45) 


Driving  force,  =  16  X  0.43  X  62.5/144  =  2.98  psi  no  check 

The  resistances  are  greater  than  the  hydrostatic  head  can  provide;  hence  the  recircu¬ 
lation  ratio  will  be  less  than  4 : 1 .  Of  the  resistances  the  frictional  pressure  drop  may  be 
reduced  by  the  square  of  the  mass  velocity  if  the  tubes  are  made  shorter.  The  other 
alternative  is  to  raise  the  liquid  level  in  the  column  above  the  upper  tube  sheet 

Trial  2:  Assume  12'0"  tubes  and  4:1  recirculation  ratio: 

(a)  Number  of  tubes  o  330  ft’  =  330/12'0"  X  0  1963  =  140 

Nea^”  omDHlTr^40  fri?:  °ne  paSS'  *  “•  0D.  !  “•  triangular  pitch 
nearest  count.  151  tubes  m  a  15 m.  ID  shell  F 
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(c)  Corrected  coefficient  U d' 

A  =  151  X  12'0"  X  0.1963  =  356  ft2 
UD  =  3,960,000/356  X  125  =  89.0 

Recirculation  ratio :  Assume  4 : 1  recirculation  ratio 


Vi  =  0.0372  as  before 
v0  =  0.1175 

Static  pressure  of  leg, 

Frictional  resistance: 


2.3  X  12  0.1175  . 

144(0.1175  -  0.0372)  g  0.0372  pS? 


at  =  151  X  =  0.316  ft2 
144 

Gt  =  2^3?6Q  =  645,000  lb/(hr)(ft2) 

Ret  =  0.0517  X  =  138,000 

/  =  0.000135  ft2/in.2 

0.000135  X  645, 0002  X  12 
AFt  5.22  X  1010  X  0.0517  X  0.285  X  1.0 
Total  resistance  =  1.20  +  0.88  =  2.08  psi 

Driving  force,  =  12  X  0.43  X  tt t  =  2-24  psi 


=  0.88  psi 


144 


Since  the  driving  force  is  slightly  greater  than  the  resistances,  a  recirculation  ratio 
better  than  4:1  is  assured.  With  a  mass  velocity  of  645,000  lb/ (hr) (ft2)  equivalent 
to  an  inlet  velocity  (V  =  G,/36O0p)  of  645,000/3600  X  62.5  X  0.43  =  6.7  fps  the 
butane  boiling  coefficient  may  be  computed  as  for  forced  circulation. 

Cold  fluid:  tube  side,  butane 
(4),  (6),  (6)  Ret  =  138,000 

(7)  jH  =  330  [Fig-  24] 

(8)  k(cn/k)M  =  0.115  Btu/(hr) (ft2) (°F/ft) 

(9)  hi  =  (jHk/D)(cn/k)M 
=  330  X  0.115/0.0517  =  735 

This  exceeds  the  maximum.  Use  300. 

(10)  hi0  =  h0  X  ID/OD  =  300 
X  0.62/0.75  =  248  Btu/(hr)(ft)(°F) 


TT  hioho  _  1500  X  248  =  213  Btu/(hr)(ft2)(°F)  (6-38) 

Uc  =  -  1500  +  248 


Hot  fluid:  shell  side,  steam 


(9')  Condensing  steam 
h„  =  1500  Btu/(hr)(ft2)(°F) 


(13)  Clean  overall  coefficient  Uc' 


(14)  Dirt  factor  Rd'- 

UD  has  been  obtained  above. 
Uc  -  UD  213  -  89 


Rd  = 


UcUd~  "  213  X  89 


=  0.0065  (hr)(ft2)(°F)/Btu 


(8.13) 


Press, ire  Ornp:  The  pressure  drop  through  the  reboUer  has 

The  head  elevation  a.  will  be  12  ft.  The  pressure  drop  on  the  shell  using 

support  plates  is  negligible. 
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Summary 


1500 

h  outside 

248 

Uc 

213 

UD 

89 

Rd  Calculated  0.0065 

Rd  Required  0.004-0.006 

Neg 

Calculated  A P 

0.88 

Neg 

Allowable  A P 

0.88 

The  large  dirt  factor  must  be  retained  because  of  the  flux  requirements.  This  is 
clearly  an  instance  in  which  the  high  temperature  of  the  steam  yields  no  advantage. 
If  the  steam  temperature  were  lower,  a  higher  value  of  U r>  could  be  used  and  the 
surface  would  remain  the  same. 


The  final  reboiler  will  be 

Shell  side  Tube  side 

ID  =  15 }i  in.  Number  and  length  =  151,  12'0" 

Baffle  space  =  K  circles  OD,  BWG,  pitch  =  %  in.,  16  BWG,  1-in.  tri. 
Passes  =  1  Passes  =  1 


b.  Long-tube  Vertical  Evaporator.  The  calculation  in  Example  15.5 
can  be  applied  directly  to  the  long-tube  verti¬ 
cal  evaporator  and  the  steam  generator.  The 
method  of  computing  the  recirculation  ratio  can 
also  be  applied  directly  to  horizontal  thermo¬ 
syphons,  although  it  is  seen  in  practice  that  the 
recirculation  ratio  is  usually  quite  low. 

CALCULATIONS  FOR  DISTILLATION  PROCESSES 
The  Reboiler  Heat  Balance.  The  heat  re¬ 
quirements  for  a  reboiler  can  be  determined 
readily  from  heat  balances  on  any  continuous 
distillation  column.  A  typical  column  is  shown 
in  Fig.  15.18  along  with  a  condenser  and  reboiler. 

The  function  of  reflux  has  already  been  dis¬ 
cussed  in  Chap.  12.  If  R  is  the  reflux  ratio, 
t  e->  the  number  of  mols  of  condensate  poured 
back  into  the  column  per  mol  of  product  with¬ 
drawn,  the  heat  balance  on  the  condenser  is 

(R  +  1)WdHdw  -  (R  +  1  )WDHD{1)  =  Q 


Fig. 
umn  with 
reboiler. 


15.18.  Distilling  col- 
condenser  and 


(15.19) 
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where  Wd  =  distillate  (overhead  product),  lb/hr 

HD  —  enthalpy  of  the  distillate  (overhead  product),  Btu/lb 
Qc  =  heat  removed  in  the  condenser,  Btu/hr 
Subscripts  (Z)  and  ( v )  refer  to  the  liquid  and  vapor,  respectively. 

The  heat  balance  on  the  entire  column  where  the  feed  may  be  liquid  or 
vapor  is 

In  Out 

WfH  F(Iotv)  +  Qr  =  Qc  +  WbHB(1)  +  W  dH  D(i)  (15.20) 

where  Qr  is  the  reboiler  duty  in  Btu  per  hour  and  subscripts  F  and  B 
refer  to  the  feed  and  bottoms,  respectively. 

Rearranging, 

Qr  —  ( R  +  1)W dH d(v)  —  RWdIId{jl)  "b  1 V bH B(i)  W fH f  (15.21) 

Assuming  that  enthalpy  data  are  available,  the  heat  load  for  the  reboiler 
can  be  determined  if  the  distillate,  feed  and  bottom  quantities,  and 
temperatures  are  known  and  if  the  reflux  ratio  is  also  given. 

Example  16.6.  Calculation  of  the  Reboiler  Duty.  20,000  lb  /hr  of  a  50-50  mixture 
by  weight  of  benzene  and  toluene  is  to  be  distilled  at  5  psig  total  pressure  to  produce 
a  distillate  or  overhead  product  containing  99.0  per  cent  by  weight  of  benzene,  the 
more  volatile  component,  and  a  bottom  product  containing  not  more  than  5  per  cent 
of  benzene.  A  reflux  ratio  of  2.54  mols  of  reflux  per  mol  of  distillate  will  be  used. 

What  heat  load  must  the  reboiler  deliver? 

First,  how  much  distillate  and  product  will  be  formed?  Two  balances  may  be 
applied  to  obtain  this  information :  the  overall  material  balance  and  a  balance  to 
determine  how  the  total  benzene  in  the  feed  is  distributed  between  the  distillate  and 

the  bottoms,  thus: 


Overall  balance,  20,000  =  WD  +  WB 

Benzene  balance,  20,000  X  0.50  =  0.99TFr>  +  0.05TFb 

Solving  simultaneously,  Wd  =  9570  lb/hr 

WB  =  10,430  lb /hr 


The  enthalpies  are  obtained  from  Fgs.  3  and  12  weighted  for  chemical  composition 
at  the  respective  temperatures 


Hsu )  =  108.0  Btu/lb  Latent  heat  =  153.0  Btu/lb 
How  =  85.8  Hd(v)  =  253.8 
Hfw  —  92.0 


Substituting  in  Eq.  (15.21), 


Qr  =  (2.54  +  1)9570  X  253.8  - 


2  54  X  9570  X  85.8  +  10,430  X  108.0  -  20,000 

X  92.0  =  5,800,000  Btu  /hr 


Vapor  which  must  be  generated  in  the  reboiler  =  5,800,000/153  -  37,900  lb/hr 
The  liauid  entering  the  reboiler  in  a  once-through  arrangement  is  the 

th,  KM.  «  trsr°ut*  Tl“  “ 
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turn,  is  equal  to  the  sum  of  the  material  vaporized  in  the  reboiler  and  the 
bottoms  product.  The  total  quantity  entering  the  reboiler  is 

37,900  +  10,430  =  48,330  lb/hr 


The  percentage  vaporized  is  37,900  X  100/48,330  =  78.5  per  cent  and 
the  vapor  and  liquid  are  disengaged  under  the  bottom  plate.  The  tem¬ 
perature  during  vaporization  does  not  remain  constant  in  the  reboiler, 
although  the  boiling  range  for  a  binary  mixture  with  a  fairly  pure  bottom 
product  is  very  small.  The  vapor-liquid  equilibrium  relationships  have 
already  been  treated  in  Chap.  13.  The  general  method  of  determining 
the  boiling  range  will  be  demonstrated  presently  with  a  multicomponent 
mixture. 

Temperature  Potentials  in  Distillation.  The  operating  pressure  of  a 
distillating  column  is  usually  determined  by  the  approach  of  the  bubble 
point  of  the  overhead  product  to  the  average  temperature  of  the  cooling 
water  available  to  the  condenser.  If  condenser  water  is  available  from 
80  to  100°F,  it  is  impossible  to  remove  the  latent  heat  of  condensation 
from  a  vapor  at  such  a  pressure  that  it  condenses  at  60°F.  In  such  a 
case  it  is  necessary  to  raise  the  operating  pressure  and  obtain  a  higher 
saturation  temperature  at  which  the  heat  can  flow  into  the  cooling  water. 
The  higher  the  pressure  the  greater  the  temperature  difference  across  the 
condenser  and  the  smaller  the  condenser.  This  is  offset  by  the  increased 
cost  of  the  reboiler,  column,  and  condenser,  all  of  which  must  be  designed 
for  a  greater  pressure.  If  steam  is  available  in  a  plant  at  a  definite 
maximum  pressure,  the  greater  the  temperature  difference  in  the 
condenser  the  smaller  the  temperature  difference  attainable  in  the 
reboiler. 

The  Quantitative  Relationships  in  Fractional  Distillation.1  Only  a 

brief  discussion  of  the  elements  of  fractional  distillation  are  within  the 
scope  of  this  chapter,  but  they  are  of  considerable  value  in  analyzing 
the  influence  of  the  process  variables  on  the  size  of  the  heat-transfer 
equipment  and  particularly  the  reboiler.  Excellent  treatments  of  dis¬ 
tillation  theory  will  be  found  in  a  number  of  standard  references.2  Con- 


1  Pages  493  to  502  are  preliminary  to  the  calculation  of  the  reboiler  duty  in  Exam¬ 
ples  15.7  and  15.8. 

Hil^Rnnt’r^’  L-’andy,L'  McCabe,  “Elements  of  Chemical  Engineering  ”  McGraw- 
New  York,  1M7.‘P  “  °  em‘Cal  En«mee™8.”  McGraw-Hill  Book  Company,  Inc., 
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sider  the  distillation  arrangement  in  P  ig.  15.19  enclosed  by  the  dash  line 
0-0'-3'-3.  The  upper  horizontal  dash  line  1-1'  cuts  the  distilling  column 
between  any  two  plates  above  the  feed  arbitrarily  designated  as  the  nth 
plate  and  the  n  +  1th  plate.  There  is  a  quantity  of  vapor  V  mols/hr 
entering  l-l'-O'-O  with  a  vapor  composition  corresponding  to  that  above 
the  liquid  of  the  composition  <  ?  the  nth  plate  and  designated  by  Fn. 
The  liquid  L  mols/hr  leaving  l-l-0'-0  are  those  coming  from  the  n  +  1th 
plate  of  the  column  and  are  designated  by  Ln+ 1.  In  addition  some  distil¬ 
late  W D  mols/hr  is  withdrawn.  The  material  balance  on  l-l'-O'-O  is  the 

equation  of  the  quantities  in  and  out 


Fig.  15.19.  Analysis  of  balances  about  a 
distilling  column. 


Fn  =  Ln+1  +  WD  (15.22) 

The  material  balance  applied  to 
the  mols  of  one  individual  compo¬ 
nent  also  holds. 


F ni/n  T  IF dXd  (15.23) 

where  yn  is  the  vapor  mol  fraction 
of  one  component  in  Vn,  xn+i  is  the 
liquid  mol  fraction  of  one  compo¬ 
nent  in  Ln+i,  and  xD  is  the  mol  frac¬ 
tion  of  the  same  component  in  the 
distillate.  Solving  for  yn,  the  vapor 
composition  on  any  plate  in  the 
section  above  the  feed  plate,  and 
eliminating  Fn, 

y"  =  (l„+i  +’h%)  Xn+l 


This  equation  defines  the  composition  of  the  vapor  throughout  the  uppei 
section  of  the  column.  When  a  separation  of  components  is  to  be  accom¬ 
plished  and  a  distilling  column  is  to  be  designed  for  it,  certain  data 
must  be  given,  namely,  the  quantity  and  composition  of  the  feed 
(Wf  Xf),  the  desired  overhead  distillate  composition  (xD),  and  t  e 
bottoms-product  composition  (xB).  The  quantities  of  distillate  an 
bottoms  (Wd  and  WB)  can  be  readily  obtained  by  an  overall  material 
and  component  balance  on  the  column  as  in  Eqs.  (15.22)  and  (15.23). 
In  Eq.  (15.24)  there  then  remain  three  unknown  variables,  yn ,  Ln+i,  an 
x  4.1.  If  one  of  these  variables  can  be  determined  at  some  point  in  e 
column,  only  two  will  remain  unknown.  Since  the  liquid  composition 
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of  the  feed  and  of  the  distillate  (top  plate)  must  be  given  at  the  start,  only 
yn  and  Ln+i  are  ordinarily  unknown.  Equation  (15.24)  is  soluble  when 
another  relationship  is  introduced  containing  yn  and  Ln+ i-  Referring  to 
Fig.  15.19  a  heat  balance  can  be  made  about  the  upper  portion  of  the 
column  alone  without  including  the  condenser. 

VJIn(v)  +  WRHD{1)  =  ( Wr  +  Wd)HD(v)  +  Ln+iHn+w)  (15.25) 

Similarly  for  the  section  below  the  feed,  2-2/-3  -3,  the  analogues  of  Eqs. 
(15.22)  to  (15.24),  where  any  plate  below  the  feed  is  taken  as  the  rath 
plate  and  the  plate  above  it  as  the  m  1th  plate,  the  balances  are 


V m  T  Wb  —  Lm+ 1 

km+l^’m+l  =  V ml) in  ~ t~  IF B%B 


(15.26) 

(15.27) 

(15.28) 


From  a  heat  balance  at  the  bottom 


Qr  ~b  Lm+iH m+i(i)  —  VmHm(V)  ~b  WbHb®  (15.29) 


It  has  been  observed  that  the  ratio  of  the  molar  latent  heats  of  vaporiza¬ 
tion  to  the  absolute  boiling  points  of  related  compounds  is  a  constant 
This  is  Trouton’s  rule.  If  it  is  further  assumed  that  the  latent  heats  of 
all  compounds  are  equal,  the  latent  heats  of  any  ideal  solutions  they  may 
form  are  also  equal  per  mol  of  mixture.  By  assuming  that  the  sensible- 
heat  change  from  plate  to  plate  is  negligible  compared  with  the  latent- 
heat  changes,  the  calculation  of  distillation  processes  is  greatly  simplified. 
If  the  temperature  difference  between  the  distillate  and  bottoms  is  several 
hundred  degrees,  however,  this  assumption  cannot  be  made.  Following 
this  assumption,  if  the  molar  latent  heats  of  the  vaporization  and  conden¬ 
sation  throughout  the  tower  are  constant,  the  mols  of  material  on  each 
plate  must  also  be  constant.  Then 


Hn{v)  =  HB(V)  (15.30) 

and 

V  n  =  Wr  +  WD 


And  from  Eq.  (15.25)  as  a  result  of  the  equality  in  vapor  heat  content, 

.  WRHR{1)  =  Ln+\Hn+i(V)  (15.31) 

Ey  assumption, 


H 


rt(D 


=  H 


n  +  Ul) 


(15.32) 


Wr  =  Ijn-L.\ 


and 
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The  mols  of  liquid  and  vapor  flow  have  thus  been  proved  constant  above 
the  feed.  It  is  now  necessary  to  determine  whether  it  is  also  constant 
below  the  feed  and,  if  constant,  whether  or  not  the  value  of  Vm  is  also 
equal  to  Vn .  Combining  the  heat  balance  for  the  section  below  the  feed 
[Eq.  (15.29)]  with  the  overall  heat  balance  [Eq.  (15.21)], 

T  m(ti)  f'm+lffm+l®  =  {W  R  +  nV d)H /)(,,)  —  W  fH  F(l)  —  W dH D(l)  (15.33) 

and  using  the  assumptions  established  previously, 

VmHm(V)  =  {W r  -j-  W d)H d(v)  (15.34) 

H  m(v)  H  D(v)  H  n(v) 

Vm  =  Wr  +  WD  =  Vn  (15.35) 


Equation  (15.34)  establishes  the  equality  of  vapor  flow  in  both  portions 
of  the  column. 

Similarly 

LmHm(i)  —  WfHfw  ~b  VtrHr(1)  (15.36) 

Hm(i)  =  Hfv  —  HR(l) 

Lm  =  Wf  +  Wr  (15.37) 


Equation  (15.24)  may  be  generalized  for  the  composition  at  any  plate 
above  the  feed  by 


y 


=  (ltwi)x  +  (rrk)1" _  rx 


WD 

+  ~v~  Xd 


(15.38) 


Equation  (15.28)  may  be  generalized  for  any  plate  below  the  feed  by 


y 


(r hr)  *  -  (zr^ir.) »  - 


=  — 


V 


Wi 

V 


X  B 


(15.39) 


The  McCabe-Thiele1  Diagram.  If  the  composition  of  a  binary  mix¬ 
ture  can  be  traced  by  the  analysis  of  only  one  component  throughout  the 
column,  the  solutions  of  Eqs.  (15.38)  and  (15.39)  can  be  obtained  rather 
simply,  since  these  apply  only  to  the  more  volatile  component, 
solution  can  be  accomplished  by  plotting  a  vapor-composition  curve  at 
constant  total  pressure  which  relates  the  mol  fraction  of  the  more  vo  a- 
tile  component  in  the  vapor  arising  from  and  in  equilibrium  with  a  given 
composition  of  liquid  as  calculated  by  Eq.  (13.7).  Such  an  equilibrium 
vapor-composition  curve  of  ordinate  y  vs.  the  values  of  *  as  the  abscissa 
for  a  benzene-toluene  mixture,  is  plotted  in  Fig.  15.20.  dhese  are  the 
equilibrium  changes  which  would  occur  if  an  individual  mixture  of  say, 
20  mol-per  cent  of  benzene  was  maintained  at  its  boiling  point  in  a  do 

ss  .1..™  the  ««■— 1»  »»« “d 'rir 

■  McCabe,  W.  L.,  and  E.  W.  Thiele,  Ind.  Eng.  Chem.,  17,  605  (1925). 


VAPORIZERS,  EVAPORATORS,  AND  REBOILERS  49/ 

required  at  equilibrium.  The  same  is  true  at  the  other  compositions,  40, 
60  per  cent,  etc.  These  are  also  the  changes  which  would  occur  to  the 
liquid  on  the  plates  of  a  distilling  column  if  no  liquid  entered  and  no  vapor 
left  the  plates.  Thus,  a  40  mol-per  cent  benzene  solution  on  a  plate  or 
Xn  =  0.40  is  in  equilibrium  with  a  vapor  of  61.4  mol-per  cent  or 

yn  =  0.614 

If  the  vapor  were  completely  condensed  on  the  plate  above  (n  -f*  1)  by 
a  cooling  coil  and  without  the  presence  of  liquid  reflux,  the  concentration 


Fig.  15.20.  Vapor-composition  curve  for  mixtures  of  benzene  and  toluene  at  5  psig. 

of  benzene  in  the  condensed  liquid  would  be  xn+l  =  0.614.  But  the 
liquid  reflux  constantly  enters  and  leaves  the  plates,  and  vapor  con¬ 
stantly  enters  through  the  bubble  cap  and  arises  from  it  with  a  different 
composition.  Although  an  equilibrium  change  occurs  on  each  plate, 
there  is  never  so  broad  an  equilibrium  change  from  plate  to  plate  as 
indicated  in  Fig.  15.20  due  to  the  continuous  addition  and  removal 
of  compounds  from  the  plates.  These  have  been  accounted  for  in  the 
balances  from  which  Eqs.  (15.38)  and  (15.39)  were  determined. 

It  is  interesting  to  note  that,  if  a  diagonal  is  drawn  across  Fig  15  20 
it  is  the  locus  of  the  points  at  which  a  horizontal  line  joins  a  vapor  and  a 
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liquid  of  the  same  composition.  Thus  if  the  61.4  mol-per  cent  vapor 
were  condensed  by  heat  removal  using  a  cooling  coil  rather  than  cold  reflux, 
the  new  condensate  at  a  would  also  be  61.4  mol-per  cent.  If  the  61.4 
mol-per  cent  condensate  were  vaporized  again,  it  would  describe  the  path 
ab  and  its  condensation  would  be  be.  The  function  of  a  plate  in  a  dis¬ 
tillating  column  is  to  provide  a  space  for  equilibrium  to  take  place,  and 
the  number  of  abc  paths  required  one  after  the  other,  as  abc ,  ede,  etc.,  to 
permit  the  separation  of  a  volatile  component  of  concentration  xF  in  the 
feed  to  a  concentration  xD  in  the  distillate  is  the  number  of  theoretical 


Fig.  15.21.  Effect  on  the  operating  line  of  varying  reflux  ratio. 


plates  required  for  the  separation  from  Xf  to  xD.  If  the  number  of  plates 
required  to  separate  xB  from  xr  is  added  to  it,  one  obtains  the  total  number 
of  required  theoretical  plates  to  produce  a  bottoms  and  distillate  of  desired 
compositions  from  a  feed  of  a  given  composition.  Instead  of  following 
the  diagonal  line  in  Fig.  15.20  the  composition  between  the  liquid  and 
the  vapor  passing  throughout  the  column  may  be  represented  by  the  two 
lines  in  Fig  15.21  with  their  identifying  equations  [Eqs.  (15.38)  and 
(15.39)1  written  directly  thereon.  Since  these  lines  describe  the  compo¬ 
sitions  with  which  the  column  operates  with  reflux  being  poured  back, 
they  are  the  operating  lines.  The  upper  line  represents  the  enrichment  of 
volatile  component  above  the  feed  plate  and  is  called  the  rectifying  se 
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tion.  The  lower  line  represents  the  depletion  of  volatile  component  and 
is  the  stripping  section. 

The  influence  of  the  reflux  can  be  seen  more  clearly  with  the  aid  of 
Fig.  15.21.  If  the  amount  of  reflux  is  increased  while  xD  is  fixed,  the 
slope  of  the  operating  line  for  the  rectification  above  the  feed  plate  also 
increases,  moving  the  point  o  downward  to  o'.  When  the  vapor  at  a  is 
condensed  at  b'  instead  of  b,  a  greater  composition  change  occurs  per  plate 
and  a  smaller  number  of  plates  are  required  for  the  separation.  In  terms 
of  height  a  shorter  column  can  be  used.  But  again  it  must  be  pointed 
out  that  the  greater  the  quantity  of  reflux  and  the  shorter  the  column 
the  greater  the  diameter  of  the  column  and  the  greater  the  heat  load  on 
the  reboiler  and  condenser.  For  this  reason  the  determination  of  the 
optimum  reflux  ratio  is  an  economic  consideration  obtained  by  adding 
the  operating  costs  and  fixed  charges  of  the  equipment  for  different  reflux 

ratios  and  determining  the  minimum  operating  cost  as  a  function  of  the 
reflux  ratio. 

It  is  now  apparent  that  the  45°  diagonal  line  in  Fig.  15.21  represents 
the  smallest  possible  number  of  plates  with  which  the  separation  of  feed 
into  distillate  and  bottoms  can  be  effected.  But  the  slope  of  the  diaeonal 
is  1.0,  and  in  Eq.  (15.38)  if  the  slope  is  unity,  L/(L  +  WD)  =  1  0  and 

wV  °u  <=orresP°nding  t0  a  Primed  colttmn  in  equilibrium  from  top  to 
bottom  but  without  feed  and  producing  no  distillate.  On  the  other  hand 

suppose  o  were  moved  up  to  a.  The  number  of  equilibrium  changes 
necessary  to  go  from  xF  to  xD  with  an  operating  line  between  xp  on  the 
diagonal  and  a  would  be  infinite,  although  the  reflux  would  be  a  minimum 
Thls  last  would  require  an  infinitely  high  column,  and  if  o  were  moved 

separation.  ^  ^  *  ™Uld  be  imP0-ble  to  achieve  the 

Mrnunum  Reflux.  The  determination  of  the  minimum  reflux  is  a  use 
Ul  limitation  for  establishing  a  practical  reflux  ratio.  The  optimum 
reflux  ratio  as  mentioned  before,  is  simply  one  of  economic  costs  uTo 
operating  line  connects  a  and  xn  eorresnon !  If  the 

by  reflux  “V  be  designated 


but 

or 


W ' 

VF  =  y- 


Xf 


,  WD 

+  ~y  xD 


(15.40) 


WD  =  V  -  Wi 

W r  _  Xd  —  yp 
Xd  Xf 


(15.41) 

(15.42) 
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where  W'R/\  is  the  ratio  of  the  mols  of  reflux  at  minimum  reflux  to  the 
total  vapor. 

Thermal  Condition  of  the  Feed — Effect  upon  the  Reboiler.  In  all  the 

heat  balances  employed  so  far  in  this  chapter  it  has  been  assumed  that 
the  feed  was  a  liquid  entering  at  its  boiling  point.  This  is  not  a  requisite 
of  a  distillation  process.  The  f  ^d  may  enter  the  column  directly  from 
storage  as  a  liquid  colder  than  the  boiling  point  corresponding  to  its 
composition,  or  it  may  come  from  the  partial  condenser  of  a  preceding 
distilling  column  as  a  saturated  vapor.  It  may  even  come  from  a  pre¬ 
ceding  column  as  a  liquid  or  vapor  at  a  higher  pressure  than  the  operating 
pressure  of  the  column  to  which  it  is  fed.  If  a  high-pressure  liquid,  it 
will  flash  on  being  released  to  the  low-pressure  column,  giving  a  feed 
which  is  a  mixture  of  liquid  and  vapor.  If  it  is  a  high-pressure  vapor  and 
passes  through  a  reducing  valve  before  entering  the  low-pressure  column, 
it  may  be  superheated.  How  do  these  possibilities  affect  the  column 
and  the  reboiler? 

For  the  case  of  a  liquid  feed  at  its  boiling  point  a  liquid  balance  around 
the  feed  plate  is 

Wf  —  I-*m+ 1  —  Ln+i  (15.43) 


Define  a  new  equation 
(15.43). 


to  correct  for  deviations  from  the  balance  in  Eq. 


<1  = 


n+1 


(15.44) 


If  q  =  l(  then  as  in  Eq.  (15.43)  all  the  feed  enters  as  liquid  at  its  boil- 
ing  point. 

If  q  <  i}  some  of  the  feed  is  vapor,  accounting  for  the  discrepancy 
in  the  liquid  balance. 

If  q  <  0,  qWF  must  be  negative.  This  means  that  there  is  less  liquid 
downflow  in  the  lower  portion  than  in  the  upper  section.  This 
could  occur  only  if  some  c  f  the  feed  was  superheated  so  that  less 


fluid  was  required  for  the  heat  transfer. 
q  —  qW F  =  0  and  the  feed  is  vapor  at  its  boiling  point. 

If  q  >  1,  the  feed  is  cold  liquid. 

If  these  are  the  possibilities,  how  do  they  affect  the  intersection  of  the 
upper  and  lower  operating  lines  of  the  column,  since  any  point  on  the 
vertical  line  from  *,  to  a  in  Fig.  15.21  represents  a  liquid  on  y  ?  Employ- 
ing  Eqs.  (15.23)  and  (15.27)  and  calling  the  coordinates  of  the  intersec 


tion  x',  y'y 


Vny'  =  Ln+ix'  +  W  dXd 
Vmy'  =  I'n.+irr'  +  WbXb 
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and  the  component  balance  for  the  volatile  component 

Wfx'f  =  Wdx'd  +  Wbx'b  (15.45) 

And  if  q  =  (i»+i  -  L.+i)/^y,  then  9  -  1  =  (7.  -  VJ/Wr,  from 

which 

v'  =  — — — —  z'  -  — (15.46) 


If  g  is  determined  from  Eq.  (15.44),  then  Eq.  (15.46)  describes  the  point 
of  intersection  in  terms  of  x  and  y.  The  various  positions  of  the  inter¬ 
section  in  terms  of  q  are  shown  in  Fig.  15.22.  Inspection  of  Fig.  15.22 


x 

Fig.  15.22.  Effect  of  thermal  condition  of  feed. 


indicates  that  for  a  given  reflux  ratio  the  colder  the  feed  the  fewer  the 
number  of  plates  required  for  the  separation,  since  the  reflux  ratio  in  the 
lower  section  is  increased  by  the  condensation  of  the  additional  vapors 
at  the  feed  plate.  The  increased  reflux  in  the  lower  section  must  be 
o  set  by  an  increase  in  the  size  of  the  reboiler  and  the  quantity  of  reboiler 
heat  This  brmgs  up  the  point  of  whether  it  is  cheaper  to  supply  the 
heat  for  cold  feed  in  a  feed  preheater  or  in  the  reboiler.  Very  obviously 
it  is  cheaper  to  do  so  in  nearly  all  cases  in  a  separate  preheater,  since  the 
emperature  at  which  the  feed  absorbs  the  heat  must  be  lower  than  the 
perature  at  which  the  bottoms  can  absorb  the  additional  heat  in  the 
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reboiler.  This  might  suggest  an  advantage  to  the  use  of  vapor  feed,  but 
this  is  offset  by  the  increased  cost  of  transporting  the  vapor  in  larger  lines 
and  by  an  increased  number  of  theoretical  plates.  Furthermore,  vapor 
feed  cannot  contain  sufficient  heat  to  offset  the  need  for  a  reboiler,  since 
almost  all  the  heat  entering  as  vapor  feed  must  be  removed  in  the  con¬ 
denser  to  give  product  and  the  atent  heat  required  for  reflux  must  still 
be  provided  by  the  reboiler.  If  feed  is  available  as  a  vapor,  it  is  unwise 
to  condense  it  first,  since  the  reduced  reboiler  duty  and  operating  cost  of 
vapor  feed  more  than  justify  the  addition  of  extra  theoretical  plates. 

Example  16.7.  Distillation  of  a  Binary  Mixture.  20,000  lb /hr  of  a  50  weight  per 
cent  mixture  of  benzene  and  toluene  is  to  be  distilled  at  an  operating  pressure  of 
5.0  psig  to  produce  a  distillate  containing  99.0  weight  per  cent  benzene  and  bottoms 
containing  95.0  weight  per  cent  toluene.  How  many  plates  are  required? 

Solution.  First  determine  the  pounds  of  distillate  and  bottoms  obtained  as  in 
Example  15.6.  Basis:  One  hour. 

Material  balance,  20,000  =  Wd  +  Wb 

Benzene  balance,  20,000  X  0.50  =  0.99  W d  +  0.0511rB 

Solving  simultaneously: 

Wd  =  9570  lb  /hr 
WB  =  10,430  lb /hr 


Compositions  and  Boiling  Points 


- f 

Lb /hr 

Mol. 

wt. 

Mol/hr 

Xi 

Vv  1,  214°F 

XiPpi 

2/i 

Feed: 

c6h6 

c7h8 

Distillate : 

c6h6 

c7h8 

Bottoms: 

c6h6 

c7h8 

10,000 

10,000 

78.1 

93.1 

128.0 

107.5 

0.543 

0.457 

1380 

575 

750 

262 

— - - 

0.741 

0.259 

20,000 

9,474 

96 

78.1 

93.1 

235.5 

121.5 
1.0 

1.000 

0.992 

0.008 

2  xpp  = 
pp  1  195°F 
1025 

410 

=  1012 

1015 

4 

1.000 

0.996 

0.004 

9,570 

520 

9,910 

78.1 

93.1 

122.5 

6.7 

106.3 

1.000 

0.059 

0.941 

2  xp,,  = 
pP  1  246°F 
2180 

940 

=  1019 

129 

882 

1.000 

0.128 

0.872 

10,430 

.... 

113.0 

1 .000 

2  xpP  = 

_ _ 

=  1011 

1.000 

Minimum  reflux:  The  equilibrium  data  plotted  in  Fig.  15.20  can  be  used 


W'R  xp  —  Vf  _  0.992  0.741  _  g  553  mol/mol  (15.42) 

y  ~~  xp  —  xf  0.992  —  0.543 

y  =  w'r  +  Wd  where  Wp  =  1 

Wr  =  0.5581F*  +  0.5581Fd 

W'r  =  1 .27  mol  reflux/mol  distillate 
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Assume  200  per  cent  of  the  theoretical  minimum  reflux  as  an  economic  reflux. 

Wr  =  1.27  X  2  =  2.54  mol/mol  distillate 
The  intercept  for  the  upper  operating  line  is 


WD 


Wr  +  1 


Xt>  = 


1 


2.54  +  1 


X  0.992  =  0.280 


Connecting  the  corresponding  lines  in  Fig.  15.23: 

Thirteen  plates  are  required. 

The  feed  plate  is  seventh  from  the  top. 

Total  reflux  =  122.5  X  2.54  =  310.5  mol 

Heat  Balances 

Enthalpies  are  computed  above  0°F  using  specific  heats  from  Fig.  3  and  latent  heats 
from  Fig.  12  of  the  Appendix. 


Heat  balance  around  con¬ 
denser  : 

Heat  in: 

Top  plate  vapor . 

Heat  out: 

Distillate . 

Reflux . 

Condenser  duty,  by  differ¬ 
ence  . 


Overall  heat  balance: 

Heat  in: 

Feed . 

Reboiler  duty,  by  differ¬ 
ence  . 


Heat  out: 

Distillate . 

Bottoms . 

Condenser  duty. 


Mol /hr 


433 

122.5 

310.5 


235.5 


122.5 

113.0 


Mol. 

wt. 


87.3 

78.3 
78.3 


84.8 


78.3 

92.8 


Lb  /hr 


33,900 

9,570 

24,330 


20,000 


9,570 

10,430 


Temp, 

°F 


195 

195 

195 


214 


195 

246 


Btu/lb 


253.8 

85.8 

85.8 


92.0 


85.8 

108.0 


Btu/hr 


8,600,000 

822,000 
2,090,000 

5,688,000 


8,600,000 


1,840,000 

5,900,000 


7,640,000 

822,000 
1,130,000 
5,688,000 


ouf and  th^  bottoma^Hquid8  are  at  Nearly  the*s  ^  ~d  that  th*  *»P- 

vaporization  per  pound  is  that  of  the  bottoms'*"18  emp*rature  and  the  latent  heat  of 
At  246°F ,  X  =  153  Btu/hr 

Reboiler  vapor  =  5,800.000/153  =  37,900  lb/hr 
Trapout  _  37,900  +  10,430  =  48,330  lb /hr 

bottrnns,  and  S  S Z “ 
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age  temperature  change  per  plate  is  only  (246  -  195)  /IS  =  S.9*F,  the  boiling  range 
can  be  neglected,  although  in  distillations  with  greater  average  temperature  cha  g 
per  plate  it  must  be  taken  into  account.  This  point  is  treated  in  Example  15.8. 


Heat  Balance  around  Reboiler 


Mol /hr 

Mol. 

wt. 

Lb/hr 

Temp, 

°F 

Btu/lb 

Btu/hr 

Heat  in: 

52? 

92.8 

48,330 

246 

108.0 

5,230,000 

5,800,000 

Reboiler  duty,  by  difference 

11,030,000 

Heat  out: 

409 

92.8 

37,900 

246 

261.0 

108.0 

9,900,000 

1,130,000 

|u7030,0O0 

XvCDOlltU  vapui . 

113 

92.8 

10,430 

246 

The  reboiler  requirements  are 

Total  liquid  to  reboiler  =  48,330  lb /hr 

Vaporization  =  37,900  0„ 

Temperature  (nearly  isothermal)  -  24b  t 

Pressure  =  5  psig 

Heat  load  =  5,800,000  Btu/hr 
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Reboiler  Duty  for  a  Multicomponent  Mixture.  The  method  of  Exam¬ 
ple  15.7  may  be  extended  to  the  calculation  of  the  reboiler  requirements 
for  a  multicomponent  mixture  (see  Chap.  13).  The  feed  quantity  and 
composition  as  well  as  the  distillate  and  bottoms  compositions  and  the 
reflux  ratio  must  be  known.  The  steps  in  the  calculation  of  the  heat 
balance  may  be  summarized: 

1.  Heat  balance  on  condenser  alone  to  determine  Qc 

Into  condenser:  Top  tray  vapor 
Out  of  condenser:  Distillate  and  reflux 

2.  Overall  heat  balance  on  column  to  determine  QR 

Into  column:  Feed  and  reboiler  heat 

Out  of  column:  Distillate,  bottoms  and  condenser  duty 

3.  Heat  balance  on  reboiler  alone:  The  quantity,  composition,  and  tem¬ 
perature  of  the  bottoms  are  known.  The  quantity,  composition,  and  tem¬ 
perature  of  the  trapout  to  the  reboiler  are  not  known.  The  heat  required 
of  the  reboiler  is  known,  but  the  quantity  of  the  reboiler  vapor  is  not 
known,  although  it  has  a  composition  which  must  be  in  equilibrium  with 
the  bottoms.  The  bottom-plate  liquid  will  be  at  a  lower  temperature 
than  the  reboiler,  and  the  liquid  to  the  reboiler  will  be  at  this  lower 
temperature.  It  is  customary  to  assume  this  temperature  difference  and 
check  the  bottom-plate  temperature  afterward.  For  columns  distilling 
a  small  range  of  components  the  difference  will  be  as  little  as  5  to  10°F, 
and  for  wide  ranges  the  liquid  on  the  bottom  plate  may  be  50°F  or  more 
below  the  reboiler  temperature. 


If  X  is  the  pounds  of  vapor  formed  and  the  subscript  p  refers  to  the 
bottom  plate,  the  heat  balance  around  the  reboiler  is 


XHa,’)  +  w‘UHm  =  XHm  +  WmHm  +  Qr  (15.47) 
from  which  X  can  be  obtained  (see  Fig.  15.18). 


bottom-plate  temperature  must  be  assumed  and  (3)  reworked' 
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Example  16.8.  The  Reboiler  Duty  for  a  Multicomponent  Mixture.  The  feed, 
distillate,  and  bottoms  quantities  and  compositions  are  given  below.  A  reflux  ratio 
of  2: 1  will  be  used.  What  is  the  reboiler  duty? 


Feed, 
mol  /hi 

Distillate, 
mol  /hr 

Bottoms, 
mol /hr 

c4 

c6 

6.4 

223.8 

6.4 

219.7 

4.1 

C6 

51.6 

2.3 

49.3 

c7 

71.9 

71.9 

c8 

52.5 

52.5 

c9 

54.7 

54.7 

Cxo 

82.5 

82.5 

Cn 

76.6 

76 . 6 

C 12 

22.4 

22.4 

642.4 

228.4 

414.0 

Solution: 


Dew  Point  of  Overhead 


Mol/hr 

if  148°F 

40  psia 

V 

K 

C4 

6.4 

2.8 

2.3 

c6 

219.7 

1.01 

217.5 

C« 

2.3 

0.34 

6.8 

228.4 

228.4 

Bubble  Point  of  Bottoms 


Mol /hr 

JS330°T 
^40  psia 

KL 

Lb /hr 

c6 

4.1 

5.8 

23.8 

1,700 

C« 

49.3 

3.0 

148.0 

13,900 

c7 

71.9 

1.68 

120.8 

13,030 

c8 

52.5 

.98 

51.4 

6,260 

Co 

54.7 

0.57 

31.2 

4,240 

C,0 

82.5 

0.35 

28.9 

4,330 

Cn 

76.6 

0.21 

16.1 

2,640 

C12 

22.4 

0.13 

2.9 

520 

414.0 

423.1 

46,620 

Average  mol.  wt.  =  46,620/423.1  -  110.3 


5  to  10  psi  lower  than  the  bottom. 
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Heat  Balances 


Mol  /hr 

Mol. 

wt. 

Lb  /hr 

Temp, 

°F 

Btu/lb 

Btu/hr 

Heat  Balance  on  Condenser 

Heat  in: 

Top  plate  vapor . 

685.2 

71.3 

48,894 

148 

286 

13,980,000 

Heat  out: 

Distillate . 

228.4 

71.3 

16,298 

124 

129 

2,100,000 

Reflux.  (2-1) . 

456.8 

71.3 

32,596 

124 

129 

4,200,000 

Condenser  duty,  by  dif- 

ferenee . 

7,680.000 

13,980,000 

Overall  heat  balance: 

Heat  in : 

Feed . 

642.4 

111.8 

71,775 

323 

275 

19,700,000 

Reboiler  duty,  by  differ- 

ence . 

4  280  000 

23,980,000 

Heat  out: 

Distillate . 

228.4 

71.3 

16,248 

124 

129 

2,100,000 

Bottoms . 

414.0 

134.0 

55,477 

330 

290 

14,200,000 

Condenser  duty . 

7  680  000 

23,980,000 

Heat  Balance  on  Reboiler 


Assume  30°  difference  between  reboiler  and  bottom  plate  giving  a  bottom-plate 

temperature  of  300°F 


Heat  in: 

Trapout . 

619.7* 

126.6 

78,177 

234 

Reboiler  duty . 

oUU 

Heat  out: 

Reboiler  vapor . 

205.7* 

414.0 

110.3 

134.0 

22,700 

An* 7 

330 

330 

369 

256 

Bottoms . 

*  YlttCl  1  1  A  c\r\r\  ». —   . 

DO , 4/ / 

*  X369  +  14,200,000  -  X234  +  55,477  X  234  +  4,280  000 

135X  =  3,080,000 


18,300,000 

4,280,000 

22,580,000 

8,380,000 

14,200,000 

22,580,000 


Eq.  (15.47) 


X 


22,700  lb/hr  of  vapor 
22,700 


Trapout 
Average  molecular  weight 


=  205.7  mol/hr 


110.3 

JFb  +  x  =  414.0  +  205.7  =  619.7  mol/hr 
78,177 


619.7 


126.6 
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Calculation  of  Bottom  Plate  Temperature 


y* 

Reboiler  vapor 
V  =  1/205.7  +  Bottoms 

=  Trapout 

r>-300oF 
rv40  psd 

Mol  X  K 

c6 

0.056 

11.6 

4.1 

15.7 

4.5 

70.6 

C6 

0.350 

71.9 

49.3 

121.2 

2.25 

273.0 

C-, 

0.285 

58.7 

71.9 

130.6 

1.20 

156.8 

C  8 

0.122 

25.0 

52.5 

77.5 

0.66 

51.1 

c9 

0.074 

15.2 

54.7 

69.9 

0.38 

26.6 

C10 

0.068 

14.1 

82.5 

96.6 

0.22 

21.2 

Cn 

0.038 

7.8 

76.6 

84.4 

0.13 

10.9 

c12 

0.007 

1.4 

22.4 

23.8 

0.07 

1.8 

1 . 000 

205.7 

414.0 

619.7 

612.0 

which  checks  619.7 


*  Mol  fraction  of  vapor  in  equilibrium  with  bottoms. 

This  checks  the  30°F  assumption  between  reboiler  and  bottom  plate. 
The  reboiler  requirements  are 


Vaporization . 

Total  liquor  to  reboiler 

Heat  load . 

Temperature  range 
Operating  pressure .... 


22,700  lb /hr 
78,177  lb /hr 
4,280,000  Btu/hr 
300-330°F 
40  psia 


PROBLEMS 

16.1.  20,000  lb /hr  of  hexane  vapor  is  required  from  a  liquid  feed  at  100°F  and  85 

psig.  Heat  is  to  be  supplied  by  steam  at  350°F.  .  .  3/  0D 

Available  for  the  service  is  a  17  X  in.  ID  1-2  exchanger  containing  160  " 

16  BWG,  16'0"  long  tubes  arranged  for  two  tube  passes  on  1-in.  square  pi  c 

baffles  are  spaced  16  in.  apart. 

properties  correspond  to  hexane  is 

Wb/hr  of  feed  at  its  bubble  point  at  105  psi.  The  bodmg  range 
is  from  300  to  350‘F,  and  heat  Staining  132  1  in.  OD, 

14^1WG^16'0''  long  tidres  arrangetbfor  two^tubf^passes  A  1**. pitch.  She,. 

baffles  are  spaced  12  in.  apart. 

What  are  the  dirt  0r  “f,^e^”ent™s  "a  once-through  horizontal  thermo- 

syphon  reboiler.  32  000  pressure  drop  through 

S80-F.  The  required  dirt  factor  is; 0.0030  and .tn  ^  ^  mo,ecular  weight  0f 

the  reboiler  is  <h25  psh  Vacation  oc^  ^  ^  vapor  u0  Btu/lb. 

the  vapor  may  be  taken  as  1  •  horizontal  thermosyphon  containing  324 

™  °ut  °n  ^ square  pitch  for  two  passes* 
Is  the  reboiler  satisfactory?  d  =  ?7  2)  is  to  be  recirculated 

iStrsi » o- 
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wt  vapor  =  74.7,  latent  heat  =  153  Btu/lb).  The  tower  and  exchanger  operate  at 
85  psig,  and  vaporization  occurs  from  225  to  245°F.  Heat  is  supplied  by  28°API  gas 
oil  from  470  to  370°F  with  a  maximum  pressure  drop  of  15  psi. 

A  23K  in.  ID  horizontal  thermosyphon  reboiler  contains  240  %  in.  OD,  13  BWG, 
8'0"  tubes  with  six  passes  on  1-in.  square  pitch.  A  pressure  drop  of  0.25  is  permissible. 

What  will  the  dirt  factor  and  approximate  recirculation  ratio  be? 

16.6.  A  reboiler  is  to  be  designed  for  the  vaporization  service  in  Prob.  15.4  with  a 
dirt  factor  of  0.004  except  that  the  heat  requirement  will  be  supplied  by  a  50  psig 
steam  line.  Using  %  in.  OD,  13  BWG  tubes,  establish  the  layout  of  a  reboiler  which 
most  reasonably  fulfills  the  conditions. 

16.6.  A  vertical  thermosyphon  reboiler  must  provide  120,000  lb /hr  of  butane  vapor 
to  a  tower  at  135  psig  (boiling  point  =  178°F,  latent  heat  =  122  Btu/lb)  using  steam 
at  12  psig  in  the  shell. 

Available  for  the  service  is  a  35  in.  ID  1-1  exchanger  containing  900  %  in.,  16  BWG, 
16'0"  long  tubes  on  1-in.  triangular  pitch.  Shell  baffles  are  half-circle  supports  on 
24  in.  centers. 

What  is  the  recirculation  ratio? 

16.7.  For  the  process  conditions  in  Prob.  15.6  determine  the  nearest  vertical  thermo¬ 
syphon  to  yield  approximately  a  4: 1  recirculation  ratio  and  a  dirt  factor  of  0.003  when 
the  heat  is  supplied  by  steam  at  250°F. 
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NOMENCLATURE  FOR  CHAPTER  16 

Heat-transfer  surface,  ft2 

Heat-transfer  surface  for  preheating,  sensible  heating,  and  vaporiza¬ 
tion,  ft2 

External  surface  per  linear  foot  of  pipe  or  tube,  ft 
Flow  area  per  tube,  in.2 
Baffle  spacing,  in. 


Specific  heat  of  hot  fluid,  Btu/(lb)(°F) 

Specific  heat  of  cold  fluid,  Btu/(lb)(°F) 

Inside  diameter  of  tube,  ft 

Equivalent  diameter  for  heat  transfer  and  pressure  drop,  ft 
Inside  diameter  of  shell,  ft 
Equivalent  diameter,  in. 

Napieran  base,  dimensionless 
Caloric  fraction,  dimensionless 


F 


Temperature-difference  factor,  At  =  Fr  X  LMTD 
Friction  factor,  ft2/in.2 
Mass  velocity,  lb /(hr)  (ft2) 

Acceleration  of  gravity,  ft /sec 2 
Enthalpy,  Btu/lb 

Heat-transfer  coefficient  in  general,  Btu/(hr)  (ft2)  (°F) 

HThr)“F)C°effiCient  f°r  inSidC  flUid  and  fOT  °UtSide  fluid’  Btu 


Va'U*°if-  when  referred  ‘he  tube  outside  diameter,  Btu/(hr) 


Film  coefficient  for  preheating,  sensible-heat 
tion,  Btu/(hr)(ft2)(°F) 

Inside  diameter  of  shell  or  tube,  in. 

Factor  for  heat  transfer,  dimensionless 


transfer  and  vaporiza- 
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K 

Ke 

k 

L 

LMTD 

m 

N 

Nt 

n 

OD 
Pt 
A P 

AP T,  AP  t,  A P r 
V 

Vr,  Pt 
9 


Qpj  Qv 

Q 

Qc,  Qr 

R 

Rd 

Re,  Re' 

S,  Sav 

Tc 

Ts 

t, 

t i,  r2 

tc 

Ate,  AtK 
At 

A/p,  A/,,  A/v 
(A/)  u, 

17,  t/c, 

7 

V,  Vv,  VI 


Vx,  Vo,  Vav 

W 

W'R 

w 

X 

x 

x,  y 
x\  y' 
z 
X 


Vapor-liquid  equilibrium  constant,  dimensionless 

Caloric  constant,  dimensionless 

Thermal  conductivity,  Btu/(hr)(ft2)(°F)/(ft) 

Tube  length,  ft;  liquid,  mol/hr 

Logarithmic  mean  temperature  difference,  °F 

Weight  of  a  column  of  liquid  and  vapor,  lb 

Number  of  baffles 

Number  of  tubes 

Number  of  tube  passes 

Outside  diameter  of  tube,  in. 

Tube  pitch,  in. 

Pressure  drop,  psi 

Total,  tube,  and  return  pressure  drop,  psi 
Pressure,  psi 

Pressure  of  a  pure  component  and  total  pressure  on  the  system,  atm 
or  psi 

Factor  in  distillation  describing  the  condition  of  the  feed,  dimension¬ 


less 

Heat  flow  for  preheating,  sensible  heating,  and  vaporization,  Btu/hr 
Heat  flow,  Btu/hr 

Condenser  and  reboiler  duties,  Btu/hr 

Reflux  ratio;  temperature  group  (Pi  —  P2)/(/2  —  t\),  dimensionless 


Dirt  factor,  (hr)(ft2)(°F)/Btu 

Reynolds  number  for  heat  transfer  and  pressure  drop,  dimensionless 

Specific  gravity,  average  specific  gravity,  dimensionless 

Caloric  temperature  of  hot  fluid  °F 

Steam  temperature,  °F 

Isothermal  boiling  temperature,  °F 

Inlet  and  outlet  temperatures  of  hot  fluid,  °F 


Caloric  temperature  of  cold  fluid,  °F 
Cold  and  hot  terminal  differences,  °F 
True  temperature  difference,  "T 

True  temperature  difference  for  preheating,  sensible-heat  transfer, 


and  vaporization,  °F  OTr 

Temperature  difference  between  tube  wall  and  boiling  liquid  t 
Overall  coefficient  of  heat  transfer,  clean  coefficient,  and  design 

coefficient,  Btu/(hr')(ff2)(  F) 

Velocity,  fps;  vapor,  mol/hr 

Specific  volume,  specific  volume  of  vapor,  specific  volume  of  liquid, 


Inlet,  outlet,  and  average  specific  volumes,  ft3/lb 
Weight  flow  of  hot  fluid,  lb /hr 
Minimum  reflux,  lb /hr 
Weight  flow  of  cold  fluid,  lb /hr 
Vapor  formed  in  reboiler,  lb /hr 


stance,  ft 

si  fraction  of  liquid  and  vapor 

ol  fraction  at  intersection  of  operating  lines 

itic  height  or  frictional  head,  ft 

tent  heat  of  vaporization,  Btu/lb 

scosity  at  the  caloric  temperature,  lb /(ft)  (hr; 
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Viscosity  at  the  tube  wall  temperature,  lb /(ft)  (hr) 
Density,  lb/ft3 
Viscosity  ratio,  (m/aO0-14 


Subscripts  (except  as  noted  above) 

B 

Bottoms 

D 

Distillate 

F 

Feed 

l 

Liquid 

m 

Plate  below  the  feed  in  a  distilling  column 

m  +  1 

Plate  below  the  m  plate 

n 

Plate  above  the  feed 

n  +  1 

Plate  below  the  n  plate 

V 

Bottom  plate 

R 

Reflux 

s 

Shell 

t 

Tube 

V 

Vapor 
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CHAPTER  16 

EXTENDED  SURFACES1 


Introduction.  When  additional  metal  pieces  are  attached  to  ordinary 
heat-transfer  surfaces  such  as  pipes  or  tubes,  they  extend  the  surface 
available  for  heat  transfer.  While  the  extended  surface  increases  the 
total  transmission  of  heat,  its  influence  as  surface  is  treated  differently 
from  simple  conduction  and  convection. 

Consider  a  conventional  double  pipe  exchanger  whose  cross  section  is 
shown  in  Fig.  16.1a.  Assume  that  hot  fluid  flows  in  the  annulus  and  cold 


Fig.  16.1.  Ordinary  and  finned  tube. 


fluid  in  the  inner  pipe,  both  in  turbulent  flow,  and  that  the  effective 
temperatures  over  the  cross  section  are  Tc  and  t„  respectively.  The  heat 
transferred  can  be  computed  from  the  inner  pipe  surface,  the  annulus 
coefficient,  and  the  temperature  difference  Tc  -  U,  where  t.  is  the  temper¬ 
ature  of  the  outer  surface  of  th  i  inner  pipe.  Next  assume  that  strips  of 
metal  are  welded  to  the  inner  pipe  as  shown  in  Fig.  16.16.  Since  the 
metal  strips  are  attached  to  the  cold  tube  wall,  they  serve  to  transfer 
additiona/heat  from  the  hot  fluid  to  the  inner  pipe.  The  total  surface 
available  for  heat  transfer  no  longer  corresponds  to  the  outer  circumfer 
ence  of  the  inner  pipe  but  is  increased  by  the  additional  surface  on  the 
X  of  the  strips  If  the  metal  strips  do  not  reduce  the  conventional 

.  Comprehensive  mathematical  ^tfsoHdC Clarendon  Press, 

SIX'  "47  '  Jakob,'  M„  "Heat  Transfer,"  John  Wiley  *  Sons,  Inc,  New  York, 
1949. 
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annulus  heat-transfer  coefficient  by  appreciably  changing  the  fluid-flow 
pattern,  more  heat  will  be  transferred  from  the  annulus  fluid  to  the  pipe 
fluid. 

Pieces  which  are  employed  to  extend  the  heat-transfer  surfaces  are 
known  as  fins.  It  will  be  shown  in  the  case  of  pipes  and  tubes,  however, 
that  each  square  foot  of  extended  surface  is  less  effective  than  a  square 
foot  of  unextended  surface.  Referring  again  to  Fig.  16.16,  there  is  a 
temperature  difference  Tc  —  tf  between  the  annulus  fluid  and  the  fin, 
and  the  heat  which  flows  into  the  fin  will  be  conducted  by  it  to  the  inner 


RussM  2Cofre'°mmercialf°rn's  “'Uncled  surface,  a.  Longitudinal  fins.  (Griscom- 

c£k  and  Wilcox  Co  { Tv*  \  fnocom-Ruooell  Co.)  c.  Discontinuous  fins,  (Bab- 
cock  and  Wilcox  Co.)  d.  Pegs  or  studs.  {Babcock  and  Wilcox  Co.)  e  Spines  (Thermek 
Corporation.)  {Gardner,  Transactions  of  the  AS  ME.)  e.  opines,  nermek 

pipe.  For  heat  to  be  conducted  to  the  pipe,  t,  must  be  greater  than  the 
pipe-wall  temperature  Then  Tc  -  t,  is  less  than  Tc  -  tw.  Since  the 
ective  temperature  difference  between  the  fluid  and  fin  is  less  than  that 
between  the  fluid  and  pipe,  it  results  in  less  heat  transfer  per  square  foot 

of  fin  than  for  the  pipe.  Furthermore,  the  temperature  difference 

Ity  ToThe  base  fatnh  «  ^  ChangeS  Continuously  fr0“  ‘he  outer  extrem- 
y  to  the  base  of  the  fin  owing  to  the  rate  at  which  heat  enters  the  fin 
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It  will  be  found  that  two  fundamental  heat-transfer  principles  enter 
into  the  various  relationships  in  fins:  (1)  to  determine  from  the  geometry 
and  conductivity  of  the  fin  the  nature  of  the  temperature  variation  and 
(2)  to  determine  the  heat-transfer  coefficient  for  the  combination  of  fin 
and  unextended  surface.  In  the  case  of  the  double  pipe  exchanger,  for 
example,  the  fins  suppress  the  £  >iral  eddies  about  the  annulus,  which  in 
turn  reduces  the  convection  coetficient  for  the  annulus  below  its  conven¬ 
tional  value  as  determined  from  Eq 
(6.2). 

Classification  of  Extended  Surfaces. 

Fins  of  a  number  of  industrial  types  are 
shown  in  Fig.  16.2.  Pipes  and  tubes  with 
longitudinal  fins  are  marketed  by  several 
manufacturers  and  consist  of  long  metal 
strips  or  channels  attached  to  the  outside 
of  the  pipe.  The  strips  are  attached 
either  by  grooving  and  peening  the  tube 
as  in  Fig.  16.3a  or  by  welding  contin¬ 
uously  along  the  base.  When  channels  are  attached,  they  are  integrally 
welded  to  the  tube  as  in  Fig.  16.36.  Longitudinal  fins  of  this  type 
are  commonly  used  in  double  pipe  exchangers  or  in  unbaffled  shell- 
and-tube  exchangers  when  the  flow  proceeds  along  the  axis  of  the  tube. 
Longitudinal  fins  are  most  commonly  employed  in  problems  involving 


Fig.  16.3.  Fin  attachment. 


Fig.  16.4.  Transverse  fins. 

gases  and  viscous  liquids  or  when  the  smallness  of  one  of  a  pair  of  heat- 

transfer  streams  causes  steamline  flow. 

Transverse  fins  are  made  in  a  variety  of  types  and  are  employed  pri¬ 
marily  for  the  cooling  and  heating  of  gases  in  crossflow.  The  helical  fins 
in  Fig.  16.4a  are  classified  as  transverse  fins  and  are  attached  in  a  variety 
of  ways  such  as  by  grooving  and  peening,  expanding  the  tube  metal  itsel 
to  form  the  fin,  or  welding  ribbon  to  the  tube  continuously.  Disc-type 
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fins  are  also  transverse  fins  and  are  usually  welded  to  the  tube  or  shrunken 
to  it  as  shown  in  Fig.  16.46  and  c.  In  order  to  shrink  a  fin  onto  a  tube  a 
disc,  with  inside  diameter  slightly  less  than  the  outside  diameter  of  the 
tube,  is  heated  until  its  inside  diameter  exceeds  the  outside  diameter  of 
the  tube.  It  is  slipped  onto  the  tube,  and  upon  cooling,  the  disc  shrinks 
to  the  tube  and  forms  a  bond  with  it.  Another  variation  of  the  shrunk-on 
fin  in  Fig.  16.4c  employs  a  hollow  ring  in  its  hub  into  which  a  hot  metal 


ring  is  driven.  Other  types  of  transverse  fins  are  known  as  discontinuous 
fins,  and  several  shapes  such  as  the  star  fin  are  shown  in  Fig.  16.5. 

Spine-  or  peg-type  fins  employ  cones,  pyra¬ 
mids,  or  cylinders  which  extend  from  the  pipe 
surface  so  that  they  are  usable  for  either 
longitudinal  flow  or  crossflow.  Each  type  of 
finned  tube  has  its  own  characteristics  and 
effectiveness  for  the  transfer  of  heat  between 
the  fin  and  the  fluid  inside  the  tube,  and  the 
remainder  of  this  chapter  deals  with  the 
derivation  of  the  relationships  and  the  appli¬ 
cations  of  the  commonest  types.  Perhaps 
the  principal  future  uses  will  be  in  the  field  of 
atomic  energy  for  the  recovery  of  controlled 
heat  of  fission,  in  the  reversing  exchanger  for 
commercial  oxygen  plants,  in  jet  propulsion, 
and  in  gas-turbine  cycles. 


Fig. 

fins. 


16.5.  Discontinuous 


LONGITUDINAL  FINS 

Derivation  of  the  Fin  Efficiency.  The  sim¬ 
plest  fin  from  the  standpoint  of  manufacture  as 
well  as  mathematics  is  the  longitudinal  fin  of 
uniform  thickness.  For  the  derivation  of  its 

characteristics  it  is  necessary  to  impose  the  limitations  and  assumptions 
given  by  Murray*  and  later  by  Gardner.2  P 

•  a  L  Tj6  hea/  fl°W  and  temPerature  distribution  throughout  the  fin  is 
independent  of  time;  i.e.,  the  heat  flow  is  steady. 

2.  The  fin  material  is  homogeneous  and  isotropic, 
o.  there  is  no  heat  source  in  the  fin  itself. 

proportion^to  the\emperature  ^diff^rence^betweeiT  the^^rface  "at Th' t 
point  and  the  surrounding  fluid.  C  at  that 

5.  The  thermal  conductivity  of  the  fin  is  constant. 

:  ^U*rav'  Applied  Mechanics,  6,  A78-80  110381 

1  Gardner,  K.  A.,  Trans.  ASMB,  67,  62K632  (!9«) 
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6.  The  heat-transfer  coefficient  is  the  same  over  the  entire  fin  surface. 

7.  The  temperature  of  the  fluid  surrounding  the  fin  is  uniform. 

8.  The  temperature  of  the  base  of  the  fin  is  uniform. 

9.  The  fin  thickness  is  so  small  compared  with  its  height  that  tempera¬ 
ture  gradients  across  the  width  of  the  fin  may  be  neglected. 

10.  The  heat  transferred  th  ough  the  outermost  edge  of  the  fin  is 
negligible  compared  with  that  passing  into  the  fin  through  its  sides. 

11.  The  joint  between  the  fin  and  the  tube  is  assumed  to  offer  no  bond 
resistance. 

At  any  cross  section  as  in  Fig.  16.6  let  Tc  be  the  constant  temperature 
of  the  hot  fluid  everywhere  surrounding  the  fin  and  let  t  be  the  tempera¬ 


ture  at  any  point 
difference  driving 
section.  Then 


in  the  fin  and  variable.  Let  0  be  the  temperature 
heat  from  tl  e  fluid  to  the  fin  at  any  point  in  its  cross 

O  =  T.-t  f16-1) 


If  l  is  the  height  of  the  fin  varying  from  0  to  b, 


dO  _  _  dl 
dl  dl 


(16.2) 


The  heat  within  the  fin  which  passes  through  its  cross  section  by  conduc 


tion  is 


Q  =  ka*dl 


(16.3) 
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where  o*  is  the  cross-sectional  area  of  the  fin.  This  is  equal  to  the  heat 
which  passed  into  the  fin  through  its  sides  from  l  =  0  down  to  the  shaded 
cross  section.  If  P  is  the  perimeter  of  the  fin,  the  area  of  the  sides  is  P  dl 
and  the  film  coefficient  from  liquid  to  fin  side,  whether  on  fin  surface  or 
tube  surface,  is  hf. 

dQ  =  h,eP  dl  or  'N  =  h,PO  (16.4) 


Differentiating  Eq.  (16.3)  with  respect  to  l 

dQ  _  ,  d20 

~dl  ~  xdP 

Equations  (16.4)  and  (16.5)  are  equalities. 


Rearranging, 


d20 

kax  -  hfPQ  =  0 
d20  hfPG 


dl 2  kax 

The  direct  solution  of  this  equation  is 


=  0 


/A/pys 
=  P.AkaJ  1 


Let 


0  =  C  ic 


+  C  26 

Yi 


(h/P\H 
\kax  ) 


l 


m 


The  general  solution  is 


At  l  =  0 


=  (hA 

\kaj 


0  =  Cieml  +  Cte 
O.  —  Ci  -j-  C. 


(16.5) 


(16.6) 


(16.7) 


(16.8) 


(16.9) 

(16.10) 


where  the  subscript  refers  to  the  outer  edge  of  the  fin 

lO^r/^o'Sne 


Equation  (16.8)  becomes 


or  in  general  terms 


Cl  =  C,  =  |t 

£  _  e”!  +  e~ml 
0.  2 

6  =  0.  cosh  ml 


(16.11) 

(16.12) 

(16.13) 
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At  the  base  of  the  fin  where  l  =  b 

06  =  0«  cosh  mb 


(16.14) 


where  the  subscript  refers  to  the  base  of  the  fin. 

Thus  an  expression  has  bee  obtained  for  the  temperature  difference 
between  the  constant  fluid  temperature  and  variable  fin  temperature  in 
terms  of  the  length  of  the  fin.  It  is  now  necessary  to  obtain  an  expression 
for  Q  in  terms  of  l.  From  Eq.  (16.4)  by  differentiation  with  respect  to 
the  fin  height  l , 


d2Q 

dP 

II 

(16.15) 

Substituting  in  Eq.  (16.3), 

» 

Q  = 

kax  d2Q 
'  hfP  dP 

(16.16) 

d2Q 

dP 

-£q  =  o 

IX/Ubx 

(16.17) 

As  before,  the  solution  is 

Q  =  C\ 

eml  +  C2e~ml 

(16.18) 

At  l  =  0 
and 


C [  -F  C'2  —  0  C[  —  C2 
dQ 


dl 


=  0 


dQ 


^  =  hfPOe  =  mC[  —  mC2  =  0 
dl 


(16.19) 


c;  = 

Q  = 


hfPQe 


2  m 
h/PQc 


C'  =  - 


hfPOg 


yml  _ 


hfPQe 


2  m 

-ml 


(16.20) 


2  m  '  2m 

In  terms  of  hyperbolic  functions 

q  _  sinh  ml 

m 

Qb  =  — - sinh  mb 

m 

The  ratio  of  heat  load  Q„  to  the  temperature  difference  ft  at  the  base  is 

(16.23) 


(16.21) 

(16.22) 


Qb  _  hfPQe  sinh  mb 
Wb  ~~  rnOe  cosh  mb 


or 


^  ss  — tanh  mb 
06  171 


(16.24) 
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Define  hb  as  the  value  of  hf  to  the  fin  surface  alone  when  referred  to  the 
base  area  of  the  fin  at  l  b.  Calling  the  ratio  hb/hf  =  ft  the  efficiency1 
of  the  fin,  the  average  value  of  the  heat-transfer  coefficient  at  the  base  of 
the  fin  is  given  by  Fourier’s  equation: 

QbbP  =  hb  (16.25) 

The  fin  efficiency  hb/hf  may  be  defined  by  Eqs.  (16.24)  and  (16.25). 


Qb/QbbP 


1 


mQb _ 

GtJP  tanh  mb 


tanh  mb 
mb 


(16.26) 


Equation  (16.26)  applies  only  to  the  fin  and  not  to  the  bare  portion  of  the 
tube  between  the  fins.  To  give  the  total  heat  removed  by  a  finned  tube, 
the  heat  flowing  into  the  fin  with  a  coefficient  hf  must  ultimately  be  com¬ 
bined  with  that  flowing  into  the  bare  tube  at  the  tube  outside  diameter. 
For  this  it  is  necessary  to  establish  some  reference  surface  at  which  the 
coefficient  on  the  different  parts  can  be  reduced  to  the  same  heat  flux. 
In  an  ordinary  exchanger  h0  is  referred  to  the  tube  outside  diameter. 
Because  there  is  no  simple  reference  surface  on  the  outside  of  finned  tubes 
it  is  convenient  to  use  the  inside  diameter  of  the  tube  as  the  reference 
surface  at  which  local  coefficients  are  corrected  to  the  same  heat  flux. 
By  definition  hf  is  the  coefficient  to  all  the  outside  surface,  whether  it  be 
the  fin  or  bare  tube.  Beneath  the  bases  of  the  fins  there  is  naturally  a 
greater  heat  flux  than  on  the  bare  tube  surface  between  fins,  since  the 
heat  flowing  through  the  bases  of  the  fins  is  greater  per  unit  of  tube  area 
It  may  also  be  expected  that  part  of  the  heat  passing  from  the  bases  of  the 
ns  is  conducted  into  the  tube  metal,  so  that  the  temperature  difference 
between  the  annulus  fluid  and  bare  tube  is  not  strictly  constant  It 
is  not  usually  necessary  to  correct  for  this  effect,  since  the  bare  tube  area 
o  affected  by  the  increased  flux  near  the  bases  of  the  fins  is  ordinarily 
mall  compared  with  the  total  bare  tube  area.  At  the  inside  diameter 
of  the  tube,  however,  the  heat  from  both  the  fins  and  the  bare  tube 
surface  is  assumed  to  have  attained  a  uniform  flux 
Th,  Wta,  rem0I,d  t„m  lh„  ,‘“d 

tube i  made  diameter  is  a  composite  of  the  heat  transferred  bv  the  fin! 
to  the  tube  outside  diameter  and  that  transferred  directlv  t/tfi 

Th«  „y  by  ^ 

tb.  b"»Tbf  ruiit,  'iw^t,*1 in'i'fS™”' "  *h“  11 
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ciency  If  the  heat  transferred  through  the  bare  tube  surface  at  the 
tube  outside  diameter  is  designated  by  Q0,  then 

Q0  =  hfA0eb  (16.27) 


where  A0  is  the  bare  tube  surface  at  the  outside  diameter  exclusive  of  the 
area  beneath  the  bases  of  the  fins.  If  there  are  Nf  fins  on  the  tube, 
bPNf  is  all  of  the  fin  surface.  The  total  heat  transfer  at  the  outside 
diameter  is  given  by 

Q  =  Qb  H-  Qo  —  hbbPN/Qb  4"  hfA0Qb 
hbbPNfA0  .  hfbPNfA<\ 

T,  +  '  bPNT)  e‘ 

=  (x.  +  mr) bPM  (1628) 

Substituting  Eq.  (16.26)  to  eliminate  hb 

Q  _  UPNf  *2^*  +  4.)  h,e„  (16.29) 

Calling  hf0  the  composite  value  of  hj  to  both  the  fin  and  bare  tube  sui- 
faces  when  referred  to  the  outside  diameter  of  the  tube,  the  weighted 
efficiency  is  by  definition  Q'  =  h„/h,.  Combining  Eqs.  (16.24)  and 

(16.29)  * 


But  as  in  Eq.  (6.2)  the  values  of  the  coefficients  vary  inversely  with  the 
heat-flow  area.  If  hfi  is  the  value  of  the  composite  coefficient  h„  referred 

to  the  tube  inside  diameter, 


h/i  bPNf  -b  A  o 

hf0  A  t 

(16.31) 

Substituting  in  Eq.  (16.31) 

/.njr  tanh  mb  i  W 

h/i  -  \  bPN/  mb  +  A.)At 

(16.32) 

From  Eq.  (16.32) 

/ fld/  +  X\  (At  +  4.)  i 
h,i  ~\A,  +  Ao)  Ai 

(16.33) 

or  simply  ^ 

hfi  =  {SlAf  +  A0) 

(16.34) 

,„,r  tanh  mb  .  , 

bPNf  — ^ - h  Ac 

bPNf  +  Ac 


(16.30) 
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Thus  an  equation  has  been  obtained  which  gives  directly  the  heat-trans 
fer  coefficient  on  the  inside  of  an  extended  tube  which  is  the  equivalent 
of  a  value  of  hj  on  the  outside  surface  of  the  tube.  By  substituting  the 
physical  and  geometrical  factors  for  a  given  tube  and  fin  arrangement  a 
weighted  efficiency  curve  can  be  developed  relating  hf  to  hf%  based  on  the 
inside  tube  surface. 

Bonilla1  has  presented  a  graphical  solution  of  Eq.  (16.34)  for  the  rec¬ 
tangular  fin  of  uniform  thickness.  The  method  of  derivation  employed 
here  is  applicable  to  other  types  of  longitudinal  fins  as  well,  although  it  is 
rather  awkward  for  the  longitudinal  fin  of  triangular  cross  section.  A 
table  of  the  hyperbolic  tangents  is  given  in  Table  16.1. 


Table  16.1.  Hyperbolic  Tangents 


mb 

Tanh  mb 

Tanh  mb 

mb 

0.0 

0.0000 

1.000 

0.1 

0.0997 

0.997 

0.2 

0.1974 

0.987 

0.3 

0.2913 

0.971 

0.4 

0.380 

0.950 

0.5 

0.462 

0.924 

0.6 

0.537 

0.895 

0.7 

0.604 

0.863 

0.8 

0.664 

0.830 

0.9 

0.716 

0.795 

1.0 

0.762 

0.762 

1.1 

0.801 

0.728 

1.2 

0.834 

0.695 

1.3 

0.862 

0.663 

1.4 

0.885 

0.632 

1.5 

0.905 

0.603 

2.0 

0.964 

0.482 

3.0 

0.995 

0.333 

4.0 

0.999 

0.250 

To  ill  tPle+  Cak,ul*tl0n  of  the  Fin  Efficiency  and  a  Weighted  Efficiency  Curve 

js t rate  the  use  of  Eq.  (16.34)  a  weighted  fin  efficiency  curve  will  be  develoned 
one  of  the  common  types  of  finned  tubes  used  in  double  pipe  exchangers  ? 

A  double  pipe  exchanger  employs  a  114  in  OH  TR  hwp  f  i  •  ,  , 

Tinser"  f  5“  ZVt  m'.highD^h  ■>“  bushings  thelnnjplpe 
various  values^  *  A/,  *(&)  the  we^ghtecfeificiency^urve!0^  ^  ^  °f  **  -  L 


Bonilla,  C.  F.,  Ind.  Eng.  Chem.,  40,  1098-1101  (1948). 
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Solution: 

Total  outside  surface,  A : 

Fin  surface,  Af  =  (20  X  0.75  X  12  X  2)/144  =  2.50  ft2/lin  ft 

Bare  tube  surface,  A„  =  (3.14  X  1.25  -  20  X  0.035)  ^44  =  0.268  ft2/lin  ft 

Af  +  A0  =  2.50  -F  0.268  =  2.77  ft2/lin  ft 

Total  inside  surface,  A,  =  (3.14  X  1.06  X  12)/144  =  0.277  ft2/lin  ft 
(a)  Fin  efficiencies: 


Efficiency,  S2  = 


tanh  mb 
mb 


(16.26) 


m 


2  X  20  X  144 
25  X  0.035  X  12  X  20 


5.24  hM 


hf 

5.24ft,H 

mb 

tanh  mb 

^  tanh  mb 
mb 

4 

10.48 

0.655 

0.5717 

0.872 

16 

20.96 

1.31 

0.864 

0.660 

36 

31.44 

1.97 

0.962 

0.498 

100 

52.4 

3.28 

0.995 

0.303 

400 

104.8 

6.55 

1.00 

0.152 

625 

131 

8.19 

1.00 

0.122 

900 

157 

9.82 

1.00 

0.102 

The  fin  efficiencies  are  given  in  the  last  column.  Note  that,  when  the  outside  coeffi¬ 
cient  hf  is  4.0,  both  sides  of  the  fin  contribute  heat-transfer  surface  which  is  87 .2  per 
cent  as  effective  as  bare  tube  surface.  When  h,  =  100,  the  surface  is  only  30.3  per 
cent  as  effective,  and  when  hf  =  900  (water  or  steam),  the  extended  surface  is  only 
10.2  per  cent  as  effective.  This  is  because  at  the  higher  film  coefficient  the  fin  metal 
more  nearly  attains  the  temperature  of  the  hot  fluid  and  the  temperature  difference 
between  the  fluid  and  fin  is  correspondingly  less  for  given  values  of  Tc  and  lc. 

(b)  The  weighted  efficiency  curve  directly  gives  the  value  of  hfi  obtained  at  the 
tube  inside  diameter  when  the  coefficient  to  the  fin  and  the  bare  tube  is  hf. 


hfi  =  (toAf  +  A0 ) 


(16.34) 


hf 

X 

(fiA/ 

+ 

4 

X 

(0.872 

X 

2.50 

+ 

16 

X 

(0.660 

X 

2.50 

+ 

36 

X 

(0.498 

X 

2.50 

+ 

100 

X 

(0.303 

X 

2.50 

+ 

400 

X 

(0.152 

X 

2.50 

+ 

625 

X 

(0.122 

X 

2.50 

+ 

900 

X 

(0.102 

X 

2.50 

+ 

A,)  /  Ai  =  hfi 

0.268)  /  0.277  =  35.4 

0.268)  /  0.277  =  110.8 
0.268)  /  0.277  =  193.5 
0.268)  /  0.277  =  370 
0.268)  /  0.277  =  935 
0.268)  /  0.277  =  1295 
0.268)  /  0.277  =  1700 


-  ,  ,T  l  in  Trio-  ifi  7  If  the  film  coefficient  to  the  fin  is 
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can  be  designed  to  give  a  high  efficiency  for  any  reasonable  value  of  hf,  but  as  hf 
increases,  the  size  and  cost  of  the  fin  also  increases.  Greater  efficiencies  can  also  be 
obtained  by  using  fins  which  are  not  uniformly  thick  such  as  are  treated  later  on. 


There  are  several  manufacturers  who  supply  completely  assembled 
double  pipe  exchangers  with  fins  on  the  inner  pipe.  Because  the  finned 
pipe  or  tube  cannot  be  inserted  through  a  packed  gland  as  in  Fig.  6.1, 


*1o.  16.8.  Longitudinal  6n  double  pipe  exchanger.  (.Griocom-Russdl  Co.) 

the  method  of  confining  the  inner  pipe  is  somewhat  more  complicated  A 

u  e..Tf*  ?,v^r5rt“  d°"b"  t 
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when  one  of  the  fluids  is  a  gas,  a  viscous  liquid,  or  a  small  stream.  Oper¬ 
ated  in  series  or  in  parallel  they  are  often  superior  to  shell-and-tube 
exchangers,  notwithstanding  the  increased  number  of  leakable  joints  they 
introduce.  When  connected  in  any  other  manner  but  in  series  the  true 
temperature  difference  is  computed  for  series-parallel  flow  by  Eq.  (6.35). 
When  operated  with  cooling  ater  in  the  inner  pipe  a  nonferrous  pipe 
may  be  selected  with  either  steel  or  nonferrous  fins  attached.  Three 


weighted  efficiency  curves  for  three  of  the  commonest  sizes  of  double  pipe 
finned  exchangers  are  given  in  Fig.  16.9.  These  do  not  correspond  to  the 
offerings  of  any  single  manufacturer  but  are  a  composite  of  the  three  sizes 

ordinarily  available  from  manufacturers’  stocks. 

Double-pipe-exchanger  Coefficients  and  Pressure  Drops.  The  addi¬ 
tion  of  fins  to  the  outsides  of  the  inner  pipes  of  double  pipe  exchangers 
generally  reduces  the  value  of  the  annulus  film  coefficient  by  smoothing 
the  flow  of  fluid  on  the  outside  of  the  tube  or  pipe.  Data  obtained  for 
bare  tube  surfaces  cannot  be  used  for  the  calculation  of  double  pipe 
extended-surface  exchangers.  While  a  design  curve  or  equation  relating 
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hf  to  the  flow  variables  and  heat-transfer  properties  can  be  determined 
by  experiment  in  the  usual  manner  (see  Chap.  3),  the  correlation  differs 
for  extended  surfaces.  Starting  with  a  double  pipe  finned  exchanger,  a 
fluid  is  passed  through  the  annulus  and  heated  by  the  dropwise  conden¬ 
sation  of  steam,  whose  condensing  coefficient  is  very  high  compared  with 
the  annulus  coefficient.  Any  other  heating  medium  can  be  substituted 


Fig.  16.10.  Longitudinal  fin  heat  transfer  and  pressure  drop. 

if  its  individual  coefficient  can  be  or  has  been  determined  accurately 
For  coding  experiments  water  is  usually  employed.  Readings  are  taken 
o  e  oil-temperature  change,  the  steam  or  water  temperatures,  and  the 
fluid  flow.  The  surface  is  known  from  the  inside  diameter  and  length 
of  the  inner  pipe  and  the  heat  load,  the  LMTD,  and  Ui}  the  clean  overall 
coefficient,  can  also  be  computed.  The  film  coefficient  for  the  annulus 
hfi  can  then  be  determined  from  the  following  equation: 
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The  value  of  hfi  so  obtained  represents  hf  to  the  fin  and  bare  tube  already 
combined  and  weighted.  If  four  or  more  fins  are  attached  to  the  inner 
pipe,  the  addition  of  a  greater  number  does  not  appear  to  affect  the  heat- 
transfer  coefficient  hf  significantly.  Naturally  the  weighted  efficiency 
and  the  total  heat  transfer  are  directly  influenced  by  the  number  of  fins. 
To  make  the  experimental  d.  ta  general  for  other  fin  and  tube  arrange¬ 
ments  than  those  tested,  the  value  of  hfi  must  be  transferred  from  the 
inside  diameter  of  the  inner  tube  to  the  annulus.  In  the  annulus  it  may 
then  be  resolved  between  the  fin  and  bare  tube  surface  by  converting  from 
h/i  to  hf  and  plotting  a  heat-transfer  factor  jf,  which  includes  the  average 
value  of  hf  to  both  types  of  surface. 

Figure  16.10a  is  an  isothermal  curve  which  was  obtained  in  this  manner 
from  numerous  heating  and  cooling  experiments  on  different  fin  and  tube 
double  pipe  arrangements  and  agrees  with  the  published  data  of  DeLo- 
renzo  and  Anderson.1  Friction  factors  are  given  in  Fig.  16.106.  The 
equivalent  diameter  D'e  for  pressure  drop  differs  from  De  for  heat  transfer 
because  of  the  inclusion  of  the  perimeter  of  the  outer  pipe  in  the  wetted 
perimeter.  Both  equivalent  diameters  are  computed  as  in  Chap.  6  for 
double  pipe  exchangers  using  four  times  the  hydraulic  radius. 

To  illustrate  the  method  of  treating  experimental  data  on  pipes  or 
tubes  with  extended  surface,  a  typical  test  point  will  be  computed  below. 
This  is  in  the  reverse  order  of  the  calculation  of  the  surface  requirements 
for  the  fulfillment  of  process  conditions  which  will  be  demonstrated  later. 

Example  16.2.  Calculation  of  a  Heat-transfer  Curve  from  Experimental  Data. 

Experimental  double  pipe  exchanger,  steel  hairpin. 

Shell,  3  in.  IPS 

Finned  inner  tube:  134  in-  CD,  13  BWG  to  which  are  attached  20  fins,  20  BWG, 
in.  high 

Length  of  finned  inner  tube,  lO'O"  per  leg  between  return  bends. 

Data  and  observations: 

Hot  fluid,  steam,  Ts  =  302°F  (in  inner  tube) 

Cold  fluid,  40.8°API  kerosene,  U  =  151  °F 

U  =  185°F 

Weight  flow,  w  =  15,200  lb/hr 

The  dropwise  condensation  of  steam  was  promoted  with  oil. 

Calculations: 

ID  of  3  in.  IPS  pipe  =  3.068  in. 

tt(3.0682  -  1.25)2  20  X  0.035  X  0-75  =  0  0395  fti 

Annulus  flow  area,  aa  =  - F3CT44  144 


i  DeLorenzo,  B.,  and  E.  D.  Anderson,  Trans.  ASME,  67,  697-702  (1945). 
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Wetted  perimeter  =  t  X 
Equivalent  diameter,  D, 


^  -  20  X  5^*  4  20  X  0.75  X  ^  =  2.77 

.  4  X  flow  area  _  4  x  0  0395  _  0  057  (t 

wetted  perimeter  2.77 


ft 


Heat  load,  Q  =  15,200  X  0.523(185  -  151)  =  271,000  Btu/hr 
LMTD  «  133°F 


Internal  surface /lin  ft,  Ai  =  0.277  ft2/ft 


Ui  = 


271,000 


=  368  Btu/(hr)(ft2)(°F) 


0.277  X  20  X  133 
hi  =  3000  (assumed  value  for  dropwise  condensation  of  steam) 


J_=i+_L  =  — — f.  _L 

Ui  hi  hfi  368  3000  h/i 

hfi  =  418  Btu/  (hr)(ft2)(°F) 

From  the  efficiency  curve  (Fig.  16.7)  for  h/i  =  418,  h/  =  120. 

At  the  average  temperature  n  =  0.80  cp  X  2.42  =  1.94  lb/(ft)(hr) 


(|)H  -  2.34 

De(cn\-'A  _  120  X  0.057 
J/  hf  k  \  k)  0.079  X  2.34 


=  15,200 
ha  0.0395 

Rea  =  0.057  X 


385,000  lb/(hr)(ft2) 


385,000 

1.94 


11,300 


37.0 


(16.36) 


This  single  point,  Rea  =  11,300  vs.,;/  =  37,  does  not  fall  exactly  on  the  isothermal 
curve  of  Fig.  16.10a.  It  is  off  by  more  than  is  first  apparent  (37  vs.  41  or  9.8  per 
cent),  since  it  represents  a  heating  run  and  j/  should  be  divided  by  a  viscosity  correc¬ 
tion  to  permit  its  representation  on  an  isothermal  curve  which  is  applicable  to  both 
heating  and  cooling.  The  general  implications  of  such  a  procedure  have  been  dis¬ 
cussed  in  Chaps.  5  and  6.  In  the  correlations  covered  in  Fig.  16.10a  the  viscosity 
correction  was  found  to  be  <f>a  —  (/*//*/»)  0,14>  where  n/w  is  the  viscosity  taken  at  the 
temperature  of  the  “wall”  t/w.  Thus  n/w  replaces  nw  when  the  pipe  wall  has  fins. 


The  Wall  Temperature  t/w  of  a  Finned  Tube.  The  wall  temperature 
of  an  extended-surface  pipe  or  tube  influences  the  values  of  the  heat- 
transfer  coefficients  which  are  obtained  when  a  fluid  is  heated  and  cooled 
over  the  same  operating  range.  Since  the  fin  and  tube  metals  will  not 
be  at  the  same  temperature,  the  use  of  any  single  temperature  such  as 
tfw  to  replace  the  fin  temperature  tf  and  the  tube-wall  temperature  U»  is 
naturally  fictitious.  Kayan1  has  developed  an  ingenious  experimental 
method  of  analyzing  for  the  wall  temperature  which  simulates  heat  trans¬ 
fer  by  means  of  an  electrical  analogy.  Theoretical  methods  of  obtaining 
e  wall  temperature  are  quite  complex,  and  even  the  most  typical  appli¬ 
cations  of  extended  surfaces  have  not  been  covered  by  adequate  deriva- 
T®'  The  meth°d  emPlQyed  below  is  semiempirical.  Its  principal 
nf  fi  1S  the  arCa  °f  the  bare  tube  beneath  the  bases  of  the  fins.  The  extremities 
not  includedTn  the  perTmeten  *  ^  ^  derivati™>  and  ^ngths  are 

Kayan,  C.  F.,  Trans.  ASME,  67,  713-718  (1945);  Ind.  Eng.  Chem. ,  40,  1044-1049 
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advantage  lies  in  the  brevity  with  which  a  solution  can  be  obtained.  It 
is  presented  here  in  the  sequence  which  is  most  adaptable  to  design  when 
an  isothermal  performance  curve  such  as  Fig.  16.10a  is  available.  If  an 
isothermal  curve  is  to  be  developed  from  heating  and  cooling  experiments, 
the  sequence  need  merely  be  rearranged: 

The  true  temperature  diffei  ence  At  corresponds  to  the  total  resistance 
1  /Um  in  the  design  equation  (Q/Ax)  =  Ud%  At.  The  sum  of  the  smaller 
temperature  differences  through  each  of  the  component  resistances 
between  the  annulus  and  inner  tube  fluids  must  equal  the  true  tempera¬ 
ture  difference.  The  dirt  factors  for  the  annulus  and  tube  may  not  be 
combined  in  extended  surface  equipment,  since  they  are  applicable  to 
such  widely  different  actual  surfaces  that  flux  corrections  must  be 
employed.  The  component  resistances  are  then  the  (1)  annulus  film,  (2) 


Fig.  16.11.  The  location  of  coefficients  and  temperature  drops  in  longitudinal  fins. 

annulus  dirt  factor,  (3)  fin  and  tube  metal,  compositely,  (4)  tube-side 
dirt  factor  and  (5)  tube-side  film.  The  component  temperature  differ¬ 
ences  are  obtained  by  multiplying  the  component  resistances  by  the  flux 
Q/Ai  when  the  latter  is  corrected  to  the  appropriate  surface  at  each  point. 
The  wall  temperature  tfw  occi  rs  between  temperature  drops  (2)  and  (3), 
and  by  obtaining  this  temperature  nfw  can  be  evaluated.  While  the  clean 
coefficient  Ux  is  obtained  from  individual  coefficients  calculated  for 
properties  at  Tc  and  tC}  the  summation  of  the  component  temperature 
differences  in  the  design  equation  corresponds  to  At  and  not  Tc  —  tc. 

The  value  of  the  wall  tfw  is  obtained  by  trial  and  error.  First  assume  a 
value  of  tfw  which  permits  the  calculation  of  4>a,  the  annulus  viscosity 
correction,  and  the  annulus  film  coefficient  corrected  for  heating  or  cool¬ 
ing.  The  reciprocal  of  the  annulus  film  coefficient  is  the  resistance  in 
(1) .  The  fouling  factor  is  the  resistance  in  (2).  If  the  temperature  after 
passing  through  these  two  resistances  corresponds  to  the  assumed  value 
of  tfw  and  if  the  total  temperature  drop  over  the  five  resistances  corre- 
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sponds  to  At,  the  assumed  value  was  correct.  If  no  check  is  obtained,  a 
new  value  of  tfw  must  be  assumed  and  the  procedure  repeated.  The 
location  of  the  various  temperatures  and  resistances  involved  in  this 
method  are  shown  in  Fig.  16.11.  The  nomenclature  differs  from  Eq. 
(16.35)  in  which  there  were  no  dirt  factors.  The  steps  in  summing  up 
the  resistances  and  correcting  for  the  different  surfaces  per  linear  foot  of 
extended  surface  pipe  or  tube  should  be  evident  in  the  outline  below. 

1.  Assume  a  temperature  tfw  to  establish  a  temperature  difference  between  the 
annulus  fluid  and  the  wall. 

2.  Obtain  <f>a  =  (m/m/u-)014  where  nfw  is  obtained  at  t/w. 

3.  Obtain  h//<t>a  from  a  design  curve  and  correct  for  the  viscosity  ratio  <f>a  and  obtain 
h/  by  hf  =  (hf/<t>a)<t>a.  Then  R /  =  1  /hf. 

4.  To  obtain  the  value  of  hf  effective  at  the  fin  surface  add  to  it  the  resistance  through 
the  annulus  dirt  factor  Rdo-  For  a  dirt  factor  of  Rdo , 


~7  =  Rf  “b  Rdo  (16.37) 

h{ 


where  h'f  is  the  effective  value  of  h /  at  the  fin. 

5.  Obtain  h'fi  for  the  value  of  h'f  in  4  from  an  appropriate  weighted  efficiency  curve 
such  as  Fig.  16.9. 

6.  Multiply  h'f  in  4  by  the  surface  ratio  (A/  +  A0)/A,-  giving  hfit  which  is  h'f  corrected 
for  flux  but  not  for  the  resistance  of  the  fin  and  wall  metals. 


h'f\  = 


hftA/^+jAo) 

Ai 


(16.38) 


The  difference  between  h'fi  and  h!}{  may  be  considered  due  to  the  resistance  of  the 
fin  and  tube  wall  metals. 

•Rmetal  =  J7  777  (16.39) 

H'fi  h'fi 

7.  Obtain  hi  for  the  tube  fluid  from  any  suitable  tube-side  data  such  as  Fig.  24  or  25, 
where  <f>t  =  (M/M/u,)°-n  instead  of  (m/m«00-14,  and  combine  with  the  tube-side  dirt 
factor,  Rdi.  Ri  =  1/hi,  and  if  h ^  is  the  value  of  hi  at  the  tube  wall, 


1 

^  “  Ri  +  Rdi  (16.40) 


8.  From  ht  and  hfi  obtain  UDi,  the  corrected  overall  design  coefficient  based  on  the 
inside  tube  diameter. 

J_  =  JL  i 

UDi  h’ri  +  h[  <16-41) 

9.  Obtain  the  flux  for  the  surface  actually  employed. 


9. 

Ai 


UDi  At 


(16.42) 


10. 


Impose  the  flux  from 
summation  of  the  first 


9  on  the  individual  resistances  and  determine  whether  the 
two  individual  differences  is  the  same  as  the  assumed  value 
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of  Te  -  tfw  and  if  the  sum  of  all  differences  equals  the  true  temperature  difference. 
In  the  same  order  as  before,  the  temperature  drops  are 
a.  Annulus  film: 

A,  Q/Ai 

=  ~T7-  (16.43a) 

h/i 


b.  Annulus  dirt,  corrected  to  tl  inside  diameter 

Atdo  =  Rdo  Ai 


c.  Fin  and  tube  metal: 


d.  Tube-side  dirt: 


e.  Tube-side  film: 


^rnetal 


Af  +  Ac 

=  (z;) 


Atd 


'  ~  ( A )  Rti 
Q/Ai 


A  ti  = 


hi 


(16.436) 

(16.43c) 

(16.43d) 

(16.43e) 


When  the  tube  fluid  is  a  gas,  water,  or  a  similar  nonviscous  fluid,  the 
tube-side  viscosity  correction  can  be  omitted  and  <pa  can  be  taken  as  1.0. 
The  metal  of  which  the  fin  is  fabricated  greatly  affects  the  efficiency, 
particularly  since  k  for  steel  is  26  and  for  copper  220  Btu/ (hr)  (ft2)  (°F/ft). 

The  Calculation  of  a  Double  Pipe  Finned  Exchanger.  The  method 
employed  here  closely  follows  that  of  the  outline  in  Chap.  6.  The  true 
temperature  difference  for  a  double  pipe  exchanger  is  the  LMTD  calcu¬ 
lated  for  true  counterflow  or  a  value  computed  from  Eq.  (6.35)  for  series- 
parallel  flow.  The  effective  tube  length  does  not  include  the  return  bend 
between  legs  of  a  hairpin  or  any  of  the  unfinned  portion  of  the  inner  tube. 
The  inside  of  the  tube  is  used  as  the  reference  surface.  Most  manufac¬ 
turers  prefer  to  use  the  outside  as  the  reference  surface,  since  it  has  a 
larger  numerical  value.  The  solutions  of  problems  can  be  converted  to 
manufacturers’  data  by  multiplying  the  inside  surface  by  the  ratio 
(Af  A/) /Ai  and  dividing  the  overall  coefficient  U &  by  this  ratio.  Tube 
lengths  of  12,  15,  20,  and  24  ;t  are  considered  reasonable  for  extended- 
surface  hairpins.  Large  tube  lengths  are  permissible,  since  the  fins  on 
the  inner  pipe  rest  snugly  on  the  outer  pipe  and  there  is  no  sagging.  As 
explained  previously,  fouling  factors  cannot  be  combined  as  in  ordinary 
double  pipe  exchangers  because  they  are  effective  on  widely  different 
surfaces  and  each  must  be  treated  separately. 


Example  16.3.  Calculation  of  a  Double  Pipe  Extended-surface  Gas  Oil  Cooler. 

It  is  deshed  to  cool  18,000  lb/hr  of  28°API  gas  oil  from  250  to  200  F  in  double  pipe 
exchangers  consisting  of  3-in.  IPS  shells  with  1^-in.  IPS  inner  pipes  onwhiA^ 
mounted  24  fins  X  in.  high  by  0.035  in.  (20  BWG)  wide  Water  from  80  to  1* F 
will  serve  as  the  cooling  medium.  Pressure  drops  of  10.0  psi  are  allowable  on  both 
streams,  and  fouling  factors  of  0.002  for  the  gas  oil  and  0.003  for  the  water  are  requir  . 
How  many  20-ft  hairpins  will  be  required? 
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Solution: 


(1)  Heat  balance:  Gas  oil,  Q  =  18,000  X  0.53(250  -  200)  =  477,000  Btu/hr 

(Fig.  4) 


(2) 

(3) 


Water,  Q  =  11,950  X  1.0(120  -  80)  =  477,000  Btu/hr 

A i:  Assume  true  counterflow  for  the  first  trial.  Unless  the  allowable  piessure  drop 
on  either  stream  is  exceeded,  it  will  not  be  necessary  to  consider  series-parallel 
arrangements  calculated  by  Eq.  (6.35). 

A  t  =  LMTD  =  124°F  (5-14) 

Caloric  temperatures  Tc  and  tc : 


=  0.92  Kc  =  0.27  Fc  =  0.47 

A  th  130 

Tc  =  200  +  0.47(250  -  200)  =  224°F 
tc  =  80  +  0.47(120  -  80)  =  99°F 


(Fig.  17) 

(5.28) 

(5.29) 


Hot  fluid:  annulus .  gas  oil 
(4')  3  in.  IPS,  ID  =  3.068  in.  [Table  11] 
1 V2  in.  IPS,  OD  =  1.90  in.  [Table  11] 
Fin  cross  section,  20  BWG,  in.  high 
=  0.035  X  0.5  =  0.0175  in.2 

[Table  10] 

aa  =  fc  X  3.0682  -  ^  X  1.902  -  24 


Cold  fluid:  inner  pipe,  water 
(4)  D  =  1.61/12  =  0.134  ft  [Table  11] 
at  =  7i  Z)2/ 4  =  7r  X  0.1342/4  =  0.0142  ft2 


X  0.0175  J 

=  4.13  in.2 

-  4.13/144  =  0.0287  ft2 
Wetted  perimeter*  =  (x  X  1.90  —  24 

X  0.035  +  24  X  2  X  0.5) 

=  29.13  in. 

de  =  4  X  4.13/29.13  =  0.57  in. 

De  =  0.57/12  =  0.0475  ft 
(5*)  Ga  =  W/aa 

=  18,000/0.0287 

=  628,000  lb/(hr)(ft2) 


(6')  At  Tc  =  224°F, 
n  =  2.50  X  2.42  =  6.05  lb/(ft)(hr) 


[Fig.  14] 

Rea  =  D  tG  a  / 

=  0.0475  X  628,000/6.05  =  4930 
(70  jf  =  18.4  [Fig.  16.10] 

(8')  At  Tc  =  224°F 
k(cu/k =  0.25  Btu/(hr)(ft2)(°F/ft) 


(90  h, 
hf 

<f>a 


H 


<f>a 


[Fig.  16] 
[Eq.  (6.15)] 


~T  =  18.4  x 


0.25 

0.0475 


=  96.7 


(6)  Gt  =  w/at 

=  11,950/0.0142 

=  842,000  lb/(hr)  (ft2) 
V  =  Ct/3600p  =  842,000/3600  X  62.5  = 

3.75  fps 

(6)  At  tc  =  99°F, 

u  =  0.72  X  2.42  =  1.74  lb/(ft)(hr) 

[Fig.  14] 

Ret  =  DGt/n(Ret  is  for  pressure  drop  only) 
=  0.134  X  842,000/1.74  =  65,000 


(9)  hi  =  970  X  0.82 

=  795  Btu/(hr)(ft2)(°F)  [Fig.  25| 


In  the  derivation,  the  outermost  edge 
transfer. 


of  the  fins  was  assumed  to  have  zero  heat 
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Calculation  of  </»  (numbers  refer  to  the  outline  procedure): 


vl)  Assume  7\.  —  t, 
#/•  -  224  -  40 
-  V:  1 S  4'  V  ,  = 


-  40 'F 
=>  l$4''F 
3.5  cp 


0.05 


(Fig.  14) 


(S)  h  -  96.7  \  0.95  -  91.S  Btu  thr)(ft*)(°F> 

(4)  R~  -  0.002.  R/  =  =  0.0109  (hr)(ft*)(*F)  Btu 

v  A  *0 

l 


ri  =  0.002  +  0.0109 

"/ 

k'f  =  77.5 

(16.37) 

(5)  k',*  -  255 

(Fig.  16.9) 

v6)  «  A;  A  -r-A  =  77.5  X  5.76  -  447 

(16.3$)  and  (Fig.  16.9) 

=  occ  =  0.00169 

•t'O  '4*44 

(16.39) 

v7)  Assume  ot  =  1.0  for  cooling  water: 

• 

R *  =  0.003  ff,  -  H95  -  0.00126 

n  =  0.00126  +  0.003 

(16.40) 

A,'  -  235 

8)  1  -  1  +  1 
(®  Ui>,  255  +  235 

(16.41) 

Ur*  -  122 

9'i  T0  obtain  the  true  flux  the  heat  load  must  be  divided  by  the  actual  heat-transfer 


surface. 

For  a  lH-in.  IPS  pipe  there  are  0.422  ft*  lin  foot  ^Table  11) 


TtM: 
Ai  « 


<>>  4 <.000  =  3i  5  ft* 

UiH  A/  122  X  124 


31  o 

Length  of  pipe  required  =  =  74.S  lin  ft 

Use  two  20-ft  hairpins  =  80  lin  :t 
Ai  =  SO  X  0.422  =  33. S  ft* 

R.  «  477-°2?  =  14.100  Btu  (hr) (ft*) 

Ai  33  ^  /Q\  /  k"  14.100 

(o'  Annulus  film  At-  =  I J  "/»  447 

/  <?  \  p  Ai  _  ..  1Q0  x  0-002 
(5)  Annulus  dirt.  A -  ( -j- J  4,  4-  4,  5.76 

Tt  - 

(«)  Fin  and  tube  metal,  =  (£)  «—  «  14,100  X  0.00169 

(<f|  Tubeside  dirt,  dla  =  “  14,100  X  0. 

,Q\  /  14,100 

tr)  Tube-side  film.  Ai,  =  795 


.003 


31.6® 

4,9 

36.5® 

23. S 

42.3 

17.7 
120  3® 
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Assumed  Te  —  //«>  —  40.0°  Calculated  Tc  t/w  —  36.5  LMTD  124 

The  difference  of  40  -  36.5  =  3.5°F  will  not  materially  change  the  value  of 

(m/m/»)0-14. 

Note:  The  temperature  drop  of  120.3°F  corresponds  to  a  fouling  factor  based  on 
74.8  lin  ft  while  the  flux  corresponds  to  80  lin  ft.  The  correction  appears  at  the  end 
of  the  solution. 


Pressure  Drop 


(1A)  d\  =  4  X  4.13/(29.13  +  7T  X  3.07) 

=  0.43  in. 

D'„  =  0.43/12  =  0.0359  ft 
Re  1  =  D'fiJn 

'  =  0.0359  X  628,000/6.05  =  3730 
/  =  0.00036  ft2/in.2  TFig.  16.10] 

s  =  0.82  [Fig.  6] 


(2')  AP„ 


fGlDn 

5.22  X  10 loZ>;S0a 


[Eq.  (7.45)] 

0.00036  X  628, 0002  X  80 
5.22  X  1010  X  0.0359  X  0.82  X  0.95 


=  7.9  psi 


(1)  Ret  =  65,000  (pipe) 

/  =  0.000192  ft2/in.2  [Fig.  26] 


(2)  A Pt  = 


[Eq.  (7.45) 


5.22  X  10 10Ds<t>t 
0.000192  X  842, 0002  X  80 
5.22  X  1010  X  0.134  X  1.0  X  1.0 

1.4  psi 


Summary 


0.002 

Dirt  Factor 

0.003 

255 

h  inside 

235 

UDi  122 

7.9 

Calculated  A P 

1.4 

10.0 

Allowable  A P 

10.0 

soli tllT!  -  n/™TtlfaCJ-7  Ud< ■  =  122  Was  based  °n  748  ,in  ft-  Based  on 
i  i  u  ~AU,  d  the  dlfference  18  excess  dirt  factor  equal  to  0  00057  This 

toaTaLyulus  by  taking  TtT'  "  Can  ^  added 

for  the  latter  will  then  be  0.002  +  0.00328  =  0.00528.  For  the  new”vahle rfh™*' 


1  1 
77  =  0.00528  +  — 
hf  91.8 

h,  =  62 

tifi  =  220 

UDi  =  b'ti  =  220  X  235 

h'n  +  K  220  +  235  ~~  114 


(16.37) 


(Fig.  16.9) 
(16.41) 
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The  corrected  summary  is 


0.0053 

Dirt  Factor 

0.003 

220 

h  inside 

235 

UDi  114 

7.9 

Calculated  A P 

1.4 

10.0 

Allowable  A P 

10.0 

Remarks:  There  is  no  need  to  readjust  the  calculation  of  t/w,  since  only  item  (6)  will 
be  affected  and  this  is  usually  insignificant  in  its  contribution  to  the  value  of  At. 
Thus  the  corrected  value  is 

At  do  =  14,100  X  =  13.0° 

o.7o 

This  gives  a  computed  At  of  128.4°  vs.  124.0°,  but  this  difference  does  not  justify  a 
new  trial  value  of  tfw.  The  need  for  readjusting  the  fouling  factor  is  of  particular 
value  when  checking  the  performance  of  an  existing  hairpin  or  battery  of  hairpins  for 
a  new  service. 

As  reported  by  a  manufacturer  the  total  surface  would  be  33.8  X  5.76  =  194  ft2. 
The  reported  overall  coefficient  would  be  114/5.76  =  19.8  Btu/(hr)(ft2)(°F). 

Extended-surface  Shell -and -tube  Exchangers.  The  use  of  extended 
surfaces  in  double  pipe  exchangers  permits  the  transfer  of  a  great  deal 
of  heat  in  a  compact  unit.  The  same  advantages  may  be  obtained 
from  the  use  of  longitudinally  finned  tubes  in  shell-and-tube  arrange¬ 
ments  equivalent  to  the  1-1,  1-2  or  2-4  exchanger.  Because  they  are 
relatively  uncleanable,  extended-surface  tubes  are  usually  laid  out  on 
triangular  pitch  and  are  never  spaced  so  closely  that  the  fins  of  adjacent, 
tubes  intermesh.  To  prevent  sagging  and  the  possibility  of  tube  vibra¬ 
tion  which  might  result  from  intermeshing,  each  tube  in  a  bundle  is  sup¬ 
ported  individually.  This  cannot  be  done  with  conventional  support: 
plates  because  they  introduce  a  certain  amount  of  flow  across  the  bundle* 
which  cannot  be  accomplished  very  well  with  longitudinal  finned  tubes.. 
Support  is  accomplished,  however,  by  welding  or  shrinking  small  circum¬ 
ferential  rings  about  each  tube  which  enclose  the  fins  but  at  differen  . 
points  along  the  length  of  each  tube.  The  rings  prevent  any  tubes  from, 
intermeshing  and  at  the  same  time  afford  a  positiye  elimination  o  * 
vibration  damage.  At  several  points  along  its  length  the  entire  bun  e 
is  then  bound  with  circumferential  bands  which  keep  all  of  the  hnneo 
tubes  firmly  pressed  against  the  rings  of  adjacent  tubes. 

Longitudinal  fin  exchangers  are  relatively  expensive  and,  since  they  are 
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not  cleanable,  can  be  used  only  for  fluids  which  ordinarily  have  very 
low  film  coefficients  and  which  are  clean  or  form  dirt  that  can  be  boiled 
out.  This  makes  them  ideal  for  gases  at  low  pressure  where  the  density 
is  low  and  the  allowable  pressure  drop  is  accordingly  small. 

The  prototype  of  this  exchanger  is  the  1-2  exchanger  without  baffles 
as  calculated  in  Example  7.8.  Longitudinal  fin  shell-and-tube  exchangers 
are  computed  in  the  same  manner  as  double  pipe  extended-surface 
exchangers  using  the  same  efficiency  curves  for  identical  tubes.  Only 
the  equivalent  diameters  for  heat  transfer  and  pressure  drop  differ. 
These  are  computed  in  the  conventional  manner  for  the  entire  shell  using 
four  times  the  hydraulic  radius  as  discussed  in  Chap.  6  and  demon¬ 
strated  in  Example  7.8. 


Example  16.4.  Calculation  of  a  Longitudinal  Fin  Shell-and-tube  Exchanger. 

30,000  lb/hr  of  oxygen  at  3  psig  pressure  and  250°F  is  to  be  cooled  to  100°F  using  water 
from  80  to  120°F.  The  maximum  allowable  pressure  drop  for  the  gas  is  2.0  psi  and 
for  the  water  10.0  psi.  F ouling  factors  of  not  less  than  0.0030  should  be  provided  for 

Available  for  the  service  is  a  19tf  in.  ID  1-2  exchanger  equipped  with  70  16'0" 

ODS12aBWr  f  Va  in‘  high  °f  20  B  WG  (°-035  in’}  SteeL  The  tubes  are  1  in- 

?  arG  aid  °Ut  °n  2_ln-  tnangular  Pitch  for  four  passes. 

WiU  the  exchanger  fulfill  the  service?  What  is  the  final  gas  side  dirt  factor? 

Solution: 


Exchanger: 

Shell  side  m  7  . . 

TD  -  101/  •  1  Ube  8l(*e 

n  m  c  •  m’  Number  and  length  =  70,  16'0"  20  fins  90  Bwn  • 

:  r supports  od’  bwg-  »itch  - 1  *•.  « *  r  -  • 

Passes  =  4 

(1)  Heat  balance: 

Oxygen  at  17.7  psia,  Q  =  30,000  X  0.225(250  -  100)  -  1  010  000  Rt„  n 
Water,  Q  =  50,500  X  1(100  -  80)  -  1,010,000  Btu/hr  '  ^ 

Hot  Fluid  Priiri  r’l.-.-j 


(2)  At: 


250 

Higher  Temp 

100 

150 

100 

Lower  Temp 

80 

20 

150 

Difference 

20 

130 

LMTD  =  64  6°F 

«  =  ^  =  75 

20  ~  250^80 

-  0.87  X  64.6  =  56.2°F 


S  = 


20 


0.1175  (7.18)  Ft  =  0.87 


(5.14) 
(Fig.  18) 
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(3)  Tc  and  tc:  The  average  temperatures  of  175  and  90°F  will  be  adequate. 


Hot  fluid:  shell  side ,  oxygen 
(4')  a.  =  |  X  19.252 

-  70  ^  X  ll  +  20  X  0.035  I  0.5^ 

=  211.5  in.2 
=  211.5/144  =  1.47  ft2 
Wetted  perimeter  =  70  (x  X  1  —  20 

X  0.035  +  20  X  2  X  0.5) 
=  1570  in. 

dt  =  4  X  211.5/1570  =  0.54  in. 

[Eq.  (6.4)] 

De  =  0.54/12  =  0.045  ft 
(50  G,  =  W/a, 

=  30,000/1.47 

=  20,400  lb/ (hr)  (ft2) 


(60  At  Ta  =  175°F,  n  =  0.0225  X  2.42 
=  0.0545  lb/ (ft)  (hr)  [Fig.  15] 

Re,  =  D,G,/fi 

=  0.045  X  20,400/0.0545  =  16,850 

(70  JH  =  59.5  [Fig.  16.10a] 

(80  At  175°F,  c  -  0.225;  k  =  0.0175 
(cM/fc)*  =  (0.225  X  0.0545/0.0175)* 

=  0.89 

<t>,  =  1.0  (for  gases) 

(90  h,  =  j,  £  (f Y  *.  [Eq.  (6.15)] 

=  59.5  X  0.0175  X  0.89/0.045 

=  20.5 

Rdo  =  0.003,  hd0  =  1/0.003  =  333 
,  hdohf  _  333  X  20.5  _  1Q  ^ 

hf  =  hdo  +hf-  333  +  20.5  ' 

[Eq.  (16.37)] 

h'fi  -  142  Btu/(hr)(ft2)(°F)  [Fig.  16.9] 
Overall  design  coefficient  based  on  inside 


Cold  fluid:  tube  side,  water 

(4)  a\  =  0.479  in.2  [Table  10] 

at  =  iV{a[/144n  [Eq.  (7.48)] 

=  70  X  0.479/144  X  4  =  0.0582  ft2 
D  =  0.782/12  =  0.0652  ft 


(6)  Gt  =  w/at 

=  50,500/0.0582 

=  868,000  lb/ (hr) (ft2) 
V  =  Gt/ZQ00p  =  868,000/3600  X  62.5 

=  3.86  fps 

(6)  At  ta  =  90°F, 

p  =  0.80  X  2.42  -  1.94  lb /(ft)  (hr) 

[Fig.  14] 

Ret  =  DGt/p  (for  pressure  drop  only) 

=  0.0652  X  868,000/1.94  =  29,100 


(9)  hi  =  940  X  0.96  =  903  [Fig.  25] 
Rdi  =  0.003,  hdi  -  1/0.003  =  333 

,  hdihi  _  333  X  903 
hi  =  hdi  +  hi  ~  333  +  903 

=  243  Btu/(hr)(ft2)(°F)  [Eq.  (16.40)] 


of  tube  U Di' 


_  K*h'i  =  142  X—  =  89.6  Btu/(hr)(ft*)(°F) 
UDi  ~  h'fi  +  K  142  +  243 

Actual  over afl  coefficient  based  on  inside  of  tube: 

Internal  surface  per  lin  ft  =  0.2048  ft 
Ai  =  70  X  0.2048  X  16'0"  =*  230  ft2 
Q  1,010,000  _7ft9 
UDi  “  I7T<  230  X  56.2 


(16.41) 


(Table  10) 
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Adjustment  of  the  fouling  factor: 

Excess  fouling  factor  =  (y^;)  ~  f/J,  =  JO  “  8^6  =  0  00165 
Adding  to  the  outside  fouling  factor:  —  9.27 


Rd0  =  0.003  +  9.27  X  00165  =  0.0183 
/^.actual  =  0.0183  +  —  =  14.9 

^U.O 

h/i  =  113 

Check  of  actual  overall  coefficient: 


rr  h'/<hi  113  X  243  _  „  _  , 

U"  =  =  113  +  243  =  77 -3  Check  VS-  78-2 

Pressure  Drop 


d')  <=  4  X  211.5/(1570  +7r  X  19.25) 
=  0.52  in.  [Eq.  (6.5)] 
D'e  =  0.52/12  =  0.0433  ft 
Re[  =  D'.G./n 

=  0.0433  X  20,400/0.0545  =  16,200 
/  =  0.00025  ft2/in.2  [Fig.  16.106)] 

Mol.  wt.  oxygen  =  32 

_  _ 32 

~  359  X  63%92  X  14.7/17.7 

=  0.083  lb/ft3 

s  =  0.083/62.5  =  0.00133 

(2')  A P3  =  - ^JLn _ 

5.22  X  1010D;s^ 

[Eq.  (7.45)] 

0  00025  X  20.4002  X  16 

5.22  X  1010  X  0.0433 

X  0.00133  X  1.0 

=  0.6  psi 


(1)  For  Ret  =  29,100 
/  =  0.00021  ft2/in.2 


[Fig.  26] 


AP‘  5.22  X  10 l0Ds<t>t  (7-45)] 

=  0.00021  X  868.0002  X  16  X  4 

5.22  X  1010  X  0.0652  X  1.0  X  1.0 

=  3.0  psi 


0.018 

Dirt  Factor 

0.003 

113 

h  inside 

243 

uDi 

78.2 

0.6 

Calculated  A P 

3.0 

2.0 

Allowable  A P 

10.0 
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pitch  into  a  17^^-in.  shell  is  only  54.  This  gives  a  required  value  of  U d%  of  102  which 
is  slightly  greater  than  can  be  performed  in  a  \iyi-\n.  exchanger. 


TRANSVERSE  FINS 

Derivation  of  the  Fin  Efficiency.  The  different  types  of  transverse 
finned  pipes  and  tubes  have  be  n  discussed  at  the  beginning  of  the  chap¬ 
ter.  Expressions  for  their  efficiencies  are  somewhat  more  difficult  to 
derive  than  for  longitudinal  fins,  since  even  the  transverse  fin  of  uniform 

cross  section  does  not  reduce  to  the  simple 
differential  equations  of  the  longitudinal  fin  of 
uniform  cross  section.  The  derivations  given 
here  are  those  of  Gardner,1  which  are  ingenious 
because  they  develop  a  general  expression  that 
is  applicable  on  modification  to  all  the  types 
of  manufactured  fins  including  the  longitudinal 
fins.  For  the  derivation  of  a  general  case,  a 
transverse  fin  of  varying  cross  section  will  be 
considered.  The  fluid  surrounding  the  fin  is 
again  assumed  to  be  hotter  than  the  fin  itself, 
and  the  flow  of  heat  is  from  the  outer  fluid  to 
the  fin.  The  same  assumptions  apply  as 
before.  Referring  to  Fig.  16.12,  let  0  =  Tc  —  t 
where  Tc  is  the  constant  hot-fluid  temperature 
and  t  is  the  metal  temperature  at  any  point  in 
the  fin.  The  heat  entering  the  two  sides  of  the 


Fig.  16.12.  Derivation  of  the 
transverse-fin  efficiency 


fin  between  2-2'  and  1-1'  is  dependent  upon  the  surface  between  the  two 
radii  r,  and  n.  Thus  the  total  surface  between  2-2  and  0-0  is  a  function 

of  T 

dQ  =  hfQ  dA 


(16.44) 


The  heat  which  enters  the  fin  between  2-2'  and  1-1'  flows  toward  its  base 
ine  neat  ,  Applying  the  Fourier 

through  the  cross  section  ol  the  tin  at  1  i  .  ^PP ^  6 

equation 

M  (16.45) 


7  de 

Q  _  kax  ^ 


where  it  is  the  thermal  conductivity  and  a,  is  the  cross-sectional  area  oi 
the  fin  which  in  this  case  also  varies  with  r 

Differentiating  Eq.  (16.45), 

*(ta?)-***°  ■  kda*d° 

dr  dr  \  dr  f 


H — jT" 


dr 2  dr  dr 


(16.46) 


i  Gardner,  op.  cit. 
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Equating  Eqs.  (16.44)  and  (16.46) 

d2Q  A  daA  dQ  (hf_  eL4\  = 

dr 2  \ax  dr  )  dr  \kax  dr  ) 


(16.47) 


This  second-order  differential  equation  is  somewhat  more  difficult  to 
evaluate  than  Eq.  (16.6),  which  had  simple  roots,  and  can  be  solved  by 
Bessel  functions. 

A  number  of  second-order  differential  equations  arise  in  the  solution 
of  engineering  problems  which  can  be  solved  by  a  power  series.  The 
solution  can  be  written  as  the  sum  of  two  arbitrary  functions  and  two 
arbitrary  constants  as  suggested  by  Eq.  (16.9).  In  a  general  form  the 
Bessel  equation  is 

2  d20  dQ  , 

T  d^  +  r  ~dr  +  (r  n  )0  =  0  (16.48) 


where  n  is  a  constant.  Many  types  of  functions  which  are  independent 
solutions  of  the  Bessel  equation  have  been  developed,  and  their  properties 
are  tabulated.1  Douglass  has  provided  the  following  solution  for  Eq 
(16.48)  into  which  Eq.  (16.47)  may  be  transformed  by  multiplying  by  r2' 

r2JP  +  [(1  ~  2m>  ~  2“‘rJ 

+  [psClr*»  +  a\ r2  +  a, (2m  -  1  )r  +  m2  -  pV ]0  =  0  (16.49) 

where  a,,  C3,  p,  m,  and  »  are  constants,  the  last  being  the  order  of  the 
Bessel  function. 

Equations  (16.48)  and  (16.49)  will  have  the  same  form  when 


and  “*  “  (16.50) 

(16.51) 

where  C,  and  C6  are  positive  constants.  If  the  cross  section  of  tt.  f, 
“ 1 *  Kr ' B>-  (18.50)  X  L  .h" 

jy  ^  »6-S|).  the  ml  solution  i,  I,,,  " 

x,  “  ?:r/edf  e.f  “*  ■ -  -  -  £ 

At  the  base,  r  =  rb  and  ©  =  Qb 
For  n  equal  to  zero  or  an  integer 


dA 

dr 


=  C^r2p(1~n'>~1 


ins, 


e  =  e6  (  “V  [  Uu)  +  fhKjiO 

_  \Ub/  L I n(uh)  +  fl3Kn(nb)  (16.52) 

Engineer- 
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where 


and 


In— l(we) 
Kn—li^Ue) 


U 


—  i  \rv  =  r 


hf  dA 
kax  dr 


(16.53) 

(16.54) 


where  ub  and  ue  are  found  by  substituting  r,  ax,  and  dA/dr  for  the  edge 

and  base,  respectively,  and  i  =  y/  —  1.  Since  9  is  a  function  of  A  as  well 
as  r,  the  heat  transferred  to  the  entire  fin  surface  from  the  fluid  is 

Q  =  h,  (A‘  6  dA  (16.55) 

where  Af  is  the  total  fin  surface.  The  same  heat  when  transferred 
through  the  base  of  the  fin  to  the  tube  is 

Q  =  hbebAf  (16.56) 


Defining  the  fin  efficiency  as  before, 
f  A/ 

hb  _  Jo  edA  _  2(1  -  n)  [ In-iM  -  01Kn-l(ub)'\ 

^  ~  hf  ~  ehAf  ~  ub[  1  —  ( ue/ub)2(1~n) ]  L  In(ub)  +  ^.(14)  J 

(16.57) 

For  a  fin  of  given  contour  the  exponent  of  r  is  known  in  Eq.  (16.50). 
Equation  (16.51)  may  be  eliminated  accordingly  to  permit  the  solution 

for  n,  the  order  of  the  Bessel  function. 

When  n  =  0,  the  introduction  of  Eqs.  (16.52)  and  (16.53)  and 

dA  =  CeU1~2n  du 

as  obtained  from  Eqs.  (16.51)  and  (16.54)  into  Eq.  (16.57)  gives  the  value 
of  12  for  the  annular  fin  of  constant  width. 


Equation  (16.57)  reduces  to 


2  r /,(«»)- 

^  ~  t/6[l  —  (Ue/Ub)]2  l_io(Wb)  +  PlKo(Ub)  J 

(16.58) 

where 

131  ~  Ki(uj 

(16.59) 

and 

(re  —  rb)  y/hf/kyb 

ATT7 P 

(16.60) 

V&  / 

=  Ub  (n) 

(16.61) 

Plots  of  these  equations  are  given  in  Fig.  16.13a. 
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For  the  case  where  n  equals  a  fraction, 


0 


-*©■[6 


(U)  +  PJ-n(u) 

( Ub )  +  (3iI-.n(Ub ) 


] 


where 


0i  = 


Fn—l(ue) 
1 1  —n(Ue) 


(16.62) 


(16.63) 


If  half  the  thickness  of  the  fin,  y,  is  given  by 


“ = (i  - n)  (£)~n  4 


rb 


(16.64) 

(16.05) 


When  n  equals  a  fraction,  Eq.  (16.57)  becomes 


<J  = 


n )  T  In~l{ub )  +  0\I\-n{Uh) 


— - T  MU  1  -n\Ub)  j 

Ub[l  ~  (Ue/Ub)^]  L  In{Ub)  +  TJ- n(uh)  J  (16*66^ 

When  n  =  yz,  corresponding  to  annular  fins  with  constant  heat  flux  at 
every  cross  section  from  rh  to  re 

ft  =  _ i _ I" I-%(ub)  H-  0iLft(ub)^\ 

3w»[l  -  (ue/ub)*]  L  h^{ub)  +  0lI^(ub)\ 

R,  = 

I%(ue) 


] 


(16.67) 


(16.68) 

(16.69) 

(16.70) 

IhpeSlValUeS  ^  P‘°tted  m  Fig'  16-136-  For  longitudinal  fins  and  spines 

Rg  m3cnCandCre\Vhe  ^  equations  are  included  in 

?„  Vn  d  r  .Wh  a  foulmg  factor  is  Present  replace  h,  bv  h' 
n  these  graphs  the  efficiency  ft  has  been  plotted  as  the  ordinate  and 
e  puncipal  shape  element  influencing  the  value  of  n  in  the  Re  1 

tion  has  been  plotted  as  the  abscissa  The  varLtLnVffi  the  7  ^ 
construction  of  transverse  finned  t„h»c  „  'anations  in  the  types  of 

ardized  than  for  U-SZfS  Th^' 

compute  weighted  efficiency  curves  of  h'  vs  h'  7  b  “ade  here  to 

curve  can  be  computed,  however,  using^q  (^34)  wllhfhe 

being  taken  from  Fie  16  13/7  onri  h  • 4  Wlth  the  values  of  ft 

the  frequent  u7e of  ££ 7n * sam«  ^nner  as  before,  when 
preparation.  tube  arra»gements  justifies  their 
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(a)- EFFICIENCY  OF  ANNULAR  FINS  OF  CONSTANT  THICKNESS 
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2.0  _ 3.0 

(re-rb)Vh'f/kyb 

(O-FIN  EFFICIENCY  OF  SEVERAL  TYPES  OF  STRAIGHT  FIN 
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The  Optimum  Thermal  Fin.  Schmidt1  has  undertaken  the  derivations 
for  the  shapes  of  various  types  of  fins  which  give  the  highest  heat  transfer 
for  the  minimum  amount  of  metal.  As  a  result,  the  optimum  fin  may  be 
considered  the  one  which  has  a  constant  heat  flux  at  any  cross  section 
between  the  outer  edge  and  the  base.  For  the  common  longitudinal  and 
transverse  fins  these  would  corr  spond  to  tall  narrow  shapes  with  small 
base  areas.  Furthermore,  the  sides  of  the  fins  should  have  parabolic 
curvatures.  Although  the  thermal  efficiency  for  ideal  fins  may  be  high, 
the  cost  of  their  manufacture  is  usually  excessive  and  they  are  not  often 
structurally  adaptable  to  industrial  applications.  The  calculations  of 
the  optimum  shapes  have  led,  however,  to  the  present  type  of  manufac¬ 
ture  using  20  BWG  and  lighter  metal  ribbons  except  where  the  conditions 
of  heat  transfer  requires  a  more  rugged  construction. 

The  metal  used  in  their  manufacture  greatly  affects  the  economics 
of  the  fins.  Schmidt  has  prepared  the  following  table  comparing  the 
ratio  of  the  quantity  of  metal  required  for  fins  with  identical  shapes  where 
the  weight  and  volume  of  a  copper  fin  is  taken  as  unity. 


Table  16.2.  Optimum  Volumes  and  Weights  of  Metal  Fins 


Metal 

k 

Gravity 

Volume 

Weight 

Copper . 

222 

8.9 

1.0 

1.0 

Aluminum . 

121 

2.7 

1.83 

0.556 

Steel . 

30 

7.8 

7.33 

0.43 

Jakob2  presents  an  excellent  survey  of  optimum  fins  defined  by  other 

criteria.  . 

Transverse  Fin  Exchangers.  Transverse  fin  exchangers  m  crossflow 

are  used  only  when  the  film  coefficients  of  the  fluids  passing  over  them  are 

low.  This  applies  particularly  to  gases  and  air  at  low  and  moderate 

pressures  Tubes  are  also  available  which  have  many  very  small  ns 

integrally  shaped  from  the  tul  e  metal  itself  and  which  are  usable  in 

conventional  1-2  exchangers  with  baffled  side-to-side  flow.  These  can 

be  calculated  using  a  suitable  shell-side  heat-transfer  curve  and  an 

"S"-— ■  <*  T  «"*  M 

in  the  larger  gas  cooling  and  heating  services  such  as  on  furnaces  (ecom 

mizers)  tempering  coils  for  air  conditioning,  air-cooled  steam  condense 
mizers)  t  P  S  miscellaneous  special  services.  An 

application  Rowing  ’in  popularity  is  the  air-cooled  steam  con- 

1  Schmidt,  E.,  Z.  Ver.  deut.  Ing.  885,  70  (1926). 

2  Jakob,  op.  cit. 
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denser  as  shown  in  Fig.  16.14  for  localities  with  inadequate  cooling- 
water  supply.  The  steam  enters  the  tubes,  and  an  induced-draft  fan 
circulates  air  over  the  transverse  finned  tubes.  In  this  way  it  is  possible 
to  attain  a  closer  approach  to  the  atmospheric  temperature  than  could 
be  done  with  a  reasonable  surface  composed  entirely  of  bare  tubes.  In 


Gots  outlet  I 

PLAN  SECTION 

Fio.  16.15.  Transverse-fin  gas  cooler.  {Foster  Wheeler  Corp.) 

Fig.  16.15  a  plan  is  shown  of  a  high-temperature  gas  cooler  used  in  an 
avia  ion  esting  laboratory.  With  the  exception  noted  before  all  other 
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extended-surface  gas  exchanger,  an  investigation  will  be  made  of  the 
influence  of  flow  pattern  on  the  true  temperature  difference  in  crossflow. 

True  Temperature  Difference  for  Crossflow  Arrangements.  Consider 
a  duct  in  which  a  hot  gas  (or  other  fluid)  passes  at  right  angles  to  a  bundle 
carrying  a  cold  tube  liquid  in  a  single  pass  as  in  Fig.  16.16.  Assume  that 
baffles  indicated  by  the  vertical  nes  are  placed  across  the  bundle  in  the 
direction  of  gas  flow  to  prevent  mixing  over  the  length  of  the  tubes.  At 
point  A  in  the  first  horizontal  row  of  tubes  and  in  the  plane  1-1'  there  is 
an  unique  temperature  difference  between  the  gas-inlet  temperature  and 


the  liquid-inlet  temperature.  Moving  to  plane  2-2'  there  is  a  smaller 
temperature  difference  at  A'  between  the  gas-inlet  temperature  and  the 
liquid  at  some  higher  temperature.  Similarly  at  3-3  and  the  point  .4 
the  temperature  difference  is  smaller  than  A',  and  further  reductions 
of  the  temperature  difference  may  be  expected  over  the  entire  length  of 
the  tubes  in  the  first  tube  row.  Carrying  the  analysis  to  a  lower  row 
tubes  the  gas  temperature  off  the  first  horizontal-tube  row  varies  ov  er  th 
ube  length  since  the  quantity  of  heat  transferred  in  passing  over  the 
“t  ,."‘^”<1  from  point  to  point  .iti.  the  decree.™ 
difference  Over  the  second  horizontal  row  the  temperatuie  d 
2 Z' bo.  th.  temperatures  of  the  ^  ~  « 

from  those  on  leaving  the  preceding  row  of  tubes  ™  S 
that  used  in  the  derivation  of  the  true  temperature  difference  foi 
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exchanger  as  given  in  Chap.  7,  in  which  the  shell-side  fluid  was  considered 
mixed  and  of  homogeneous  temperature  at  every  cross  section  and  where 
it  was  assumed  that  all  the  tube  rows  comprising  each  tube  pass  were  at 
the  same  temperature. 

Suppose,  on  the  other  hand,  that  the  baffles  in  the  exchanger  in  Fig. 
16.16  are  removed  and  that  the  tubes  are  not  very  long  so  that  the  gas 
passing  over  a  row  of  tubes  may  be  considered  thoroughly  mixed.  This 
is  much  different  from  the  preceding  analysis,  but  it  also  differs  from  that 
of  the  1-2  exchanger.  In  the  1-2  exchanger  the  uniform  cross-section 
temperature  varied  along  the  length  of  the  tube.  In  the  present  case  the 
gas  temperature  at  a  cross  section  varies  from  row  to  row,  and  it  can  be 
seen  that  the  true  temperature  difference  is  influenced  considerably  by 
whether  one,  both,  or  neither  stream  is  mixed. 

When  a  gas  passes  at  right  angles  to  a  bundle  composed  of  a  single 
row  of  single-pass  tubes,  both  fluids  may  be  considered  unmixed.  How¬ 
ever,  it  is  not  always  possible  to  determine  clearly  if  both  streams  are 
mixed,  the  definition  being  somewhat  arbitrary  in  the  case  of  tube  bundles 
vith  long  and  short  tube  lengths.  In  the  study  below,  four  common 
theoretical  mixing  possibilities  are  treated  to  permit  an  estimation  of  the 
error  resulting  from  the  assumption  of  any  particular  one  of  them.  Not 
all  the  possible  crossflow  temperature  differences  have  been  studied,  but 
the  principal  derivations  are  available. 

The  derivations  below  are  essentially  those  of  Nusselt1  and  Smith,2  and 
the  graphs  of  the  final  equations  are  in  the  form  developed  by  Nagle  and 
Bowman,  Mueller  and  Nagle.3  These  derivations  involve  the  usual 
assumptions  except  as  qualified  for  mixing.  If  T  refers  to  the  hot  fluid 
/  to  the  cold  fluid,  and  subscripts  I  and  2  to  the  inlet  and  outlet,  respec¬ 
tively,  it  is  convenient  to  define  three  parameters  as  follows: 


From  Eq.  (7.39)  for  counterflow  define 


W 


counterflow  — 


R  -  1 


In  (1  -  £)/(!  -  RS) 


(• K  -  S)/S 


In  (1  -  <S)/(1  -  K ) 

>  Smi>th'tf)W|vl  ^  Meck'  “■  Thernlodynam;  I>  417-422  (1930) 


548 


PROCESS  HEAT  TRANSFER 


Employing  the  factor  FT  to  correct  the  LMTD  to  the  true  temperature 
difference  At  in  crossflow  by  the  method  introduced  in  Chap.  7, 


Ft 


(r) 


(r) 


counterflow 


where  At  =  Fr  X  LMTD.  Wi  lout  a  subscript  (r)  refers  to  the  true 
value  in  crossflow. 

Referring  to  Fig.  16.16  and  applying  the  heat  balances, 


UAG  =  fSU(T  -  t)  dxdy 
WC(Ti  -  T2)  =  wc(tz  -  ti) 

T  MTD  =  (Ti  —  t2)  —  (T2  —  ti)  _  Ath  —  Ate 
In  (Tx  -  t2)/(T2  -  h)  In  Ath/Atc 


(16.71) 

(16.72) 

C 7  Ath  (16.73) 


and  where  C7  =  ^1  —  /^n  ZF  *S  a  ^unc^on  on^  Afo'  Let  be 


the  total  tube  area  swept  out  as  the  shell  fluid  moves  downward  in  the  <c 
direction  and  the  tube  fluid  moves  from  left  to  right  in  the  y  direction. 
Case  A.  Both  Fluids  Unmixed.  Referring  to  Fig.  16.17a, 


If 


then 


.  ,  _  WC  j  dT  ,  wc  ,  dt  ,  /1ft  «  j \ 

U(T  -  t)  dxdy  =  — y  dy  —  dx  =  y  dx  —  dy  (16.74) 


,  x  UA 

x  ~  x'  wc 


,  ,  y  UA 

and  V  =  Nr - 

*  Y  wc 


m  ,  dT  _  ,dt 
T  1  ~  dx'  +dy' 


(16.75) 


Solve  when  T  =  T\  x'  —  0  and  t  t\  at  y  0. 
The  solution  is  expressed  in  a  doubly  infinite  series. 


oo  oo 


U  =  1  v  =  1 


(16.76) 


T2  is  obtained  by  integration  as  the  mean  of  T  when  *  -  X  and  y  goes 
from  0  to  Y.  Then  WC{T\  -  T2)  =  Q,  x  =  X,  x'  =  K/{r),  y  =  Y, 
and  y'  =  S/(r). 


00  00 


M 


=  VV((- 


441 

u  =  0  v =0 


(  ^  u!(u  +  l)!td(v  +  1)1 


(u  +  v)  1 


iimn 


(16.77) 


Values  of  Fr  are  plotted  for  Ft  =  (r)/(r)cou*tcrflcw  m  terms  of  R  and  S  in 
Fig.  16.17a. 
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Case  B.  One  Fluid  Mixed,  Other  Fluid  Unmixed.  Referring  to  Fig. 
16.175  let  the  shell  fluid  be  mixed.  T  is  a  function  only  of  x,  but  t  is  a 
function  of  both  x  and  y.  Consider  a  strip  at  x i  of  width  dx.  The  fluid 
flowing  across  the  strip  is  at  the  constant  shell  temperature  Th  but  the 
fluid  flowing  along  the  strip  is  unmixed  and  varies.  If  t  is  the  unmixed 
varying  temperature,  at  the  in  t  where  t  =*  t\  at  y  =  0, 


dt_ 

dy 


UX 

wc 


(T-t) 


(16.78) 


At  the  outlet  of  the  strip  the  temperature  is  given  by 


T  -  txlY 
T-t ! 


e—UXY/wc 


(16.79) 


where  txi  refers  to  the  strip.  The  total  heat  transfer  in  the  strip  to 
the  mixed  fluid  is 

wc  ~  (h  -  U,Y)  =  WC  dT  (16.80) 


Substituting  for  tXiY  in  Eq.  (16.80),  integrating,  and  allowing  for  the 
boundary  condition  t  =  ti  at  x  =  0,  an  expression  is  obtained  for  T  which 
gives  To  when  x  =  X.  Thus 

jj-T  T1  =  i  _  ewc'wc(l  -  e-UXY/wc)  (16.81) 

T  \  —  t\ 

The  parameters  have  been  chosen  so  that 

wc  K  ,  UXY  _  S 

WC~~S  anCl  wc  (r) 

K  _  !  _  (16-82) 


Expressing  ( r )  as  an  implicit  function 


(r) 


(16.83) 


Factors  for  this  equation  are  plotted  in  hig.  16.175. 

Case  C.  Both  Fluids  Mixed.  Referring  to  Figure  16.17c,  T  is  a  tunc- 
tion  of  x  only  and  t  is  a  function  of  y  only.  The  total  heat  flow  across  a 

section  dy  is 

U  dy  F  (T  -  o  dx 
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where  T  is. variable  and  t  is  constant,  The  heat  transferred  is  wc  dt  and 


Similarly, 


wc  dt 
UXdy 

wc  dt 


"h  t 


UYdy 

Y 


-ir 

X  Jo 

-if 

y  )o 


T  dx 


t  dy 


(16.84) 


(16.85) 


i  rx  i  rY 

Let  /  T  dx  =  «2,  y  I  t  dy  =  (3z  where  a2  and  02  are  constants. 

Substituting,  integrating,  and  allowing  for  the  boundary  conditions 
T  =  Ti  at  x  =  0  and  t  =  ti  at  y  =  0,  equations  are  obtained  in  a2  and 


02- 


02  =  01  ~  T  {T 1  “ 


i) 


-  £2  a.  - 


02  =  a2 - -g  (t\  —  a2)(e  S/(r)  —  1) 


(16.86) 

(16.87) 


The  integration  also  gives  the  temperature  change  for  one  fluid. 

^  ~  ti  =  (a2  -  t i)(l  -  e~s/^)  (16.88) 

Solving  simultaneously  and  using  the  temperature  change  times  wc  to 
obtain  the  heat  transmitted, 


(r) 


K/(r) 


1  —  e~K,{r)  1  —  e~S/(r) 


S/(r) 


J- 


1 


(16.89) 


Factors  for  this  equation  are  plotted  in  Fig.  16.17c.  Many  of  the  cases 
for  one  crossflow  and  several  series  passes  have  not  been  solved  so  far. 

e  case  of  greatest  value  is  that  of  one  crossflow  and  two  series  passes 
in  parallel  flow-counterflow  when  the  shell  fluid  is  unmixed  and  the 
series  fluid  is  mixed  between  passes. 

ErrZi hi  Shf  FlUid rMiXed’  Tw°  Pass’  Counterfl<™,  fluid  Unmixed 

Z  t  Zm  ^  tll  nC  thC  miXed  temPer^e  between  passes 

and  Tn  the  corresponding  shell  temperature  as  shown  in  Fig  10  17rf 

From  CaseP s'  1  ^  '°Wer  Pa8S  each  with  surface  A /2- 

and  1  "  Kl  =  e~KI'Wl{1  ~  c'SI/(r)I)  (16.90) 

-  Ku  =  e-*n/«n(i  __  e-sn/(r)n)  (16.91) 

From  the  identity  of  flow  in  each  path 
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From  the  constancy  of  the  heat-transfer  coefficient  and  area  in  each  pass 


Mi  =  Mn 
Ki  Kn 


(16.93) 


Let  M  =  (T i  —  tn)/(Ti  —  t\ )  end  iV  =  {T i2  —  U)/{T\  —  h).  Since  the 
total  heat  transfer  is  the  sum-  c  both  passes, 

TJ  A  TJA 

UA  At  =  A ti  +  ~  Atn  (16.94) 

and 

(r)  =  %M(r)i  +  M-^Mn  (16.95) 

Also 

Ti  -  T2  =  {T\  -  Tn)  +  (Tn  -  T2)  (16.96) 

K  =  M  Kt  +  NKn 
T  \  —  t\  —  (T  \  —  t\i)  +  (^12  t\) 

1=1  +  NSn  (16.97) 

Ti  —  h  =  (7\  -  Tlt)  +  (I’m  -  h) 

1  =  MKi  +  N  (16.98) 


Solving  all  nine  equations  simultaneously  and  eliminating  the  eight 
unknowns  Ki,  Si,  (r)i,  Kn,  Su,  Mn,  M,  and  N  produces  a  solution  in 
terms  of  K,  S,  and  (r).  From  Eqs.  (16.92)  and  (16.93) 


Ki  _  Si  _  (r)i 

Kn  Sn  Mu 


(16.99) 


From  Eqs.  (16.90)  and  (16.91) 

Ki  =  Kn  Si  =  Sn  (r)  i  =  (r)n 


From  Eqs.  (16.94)  and  (16.96) 


1K_ 
M  i  2  (r) 


A  =  I  A 

Mi  2  (r) 


Eliminating 
Eq.  (16.92), 


M  and  N  between  Eqs.  (16.96)  to  (16.98)  and  applying 


—  SJ  —  2K,  +  K  =  0 
K  _ 

i  +  V(i  -  #)(i  -  w 


(16.100) 

(16.101) 


Substituting  in  Eq.  (16.90)  using  only  the  positive  root, 

-\/(l  —  S)/(  1  —  K)  —  S/R  _ 

- T^S/K 


(16.102) 
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or 


(r) 


S 


2  'n  1  -  (S/K)  In  V(1  -  *S)/(1  -  K)  -  ( S/K ) 

1  -  S/K 


(16.103) 


Factors  for  this  equation  are  plotted  in  Fig.  16.17d 

Dunn  and  Bonilla1  have  treated  the  case  of  fin  transfer  with  no  trans¬ 
verse  mixing  parallel  to  the  extended  surface  and  present  graphs  to  permit 
a  rapid  solution  for  the  system. 

Comparison  of  Thermal  Efficiency  in  Different  Arrangements.  Exami¬ 
nation  of  the  standard  types  of  fluid-flow  arrangements  will  indicate  the 
relative  thermal  efficiency  of  each.  There  are  three  true  fluid-flow 
patterns:  counterflow,  crossflow,  and  parallel  flow.  Consider  a  fluid 
being  cooled  from  400  to  200°F  by  a  fluid  being  heated  from  100  to  200°F 
so  that  the  approach  in  terms  of  a  1-2  exchanger  is  zero  or  200°F  for  a 
counterflow  exchanger. 

Hot  fluid  Cold  fluid 
400  200  =  200  =  Atc 

200  .WO  =  100  =  Ath 

Ti  -  To  =  200  t*  —  t\  —  100 
R  =  200Aoo  =  2.0  S  =  lo%00  =  0.333 


Type  of  Flow 

Counterflow,  1-1  exchanger . 

Parallel  flow-counterflow,  2-4  exchanger . 

Crossflow,  shell  mixed  and  two  unmixed  tube  passes  in  scries. 

Crossflow,  both  fluids  unmixed . 

Crossflow,  shell  fluid  mixed  and  tube  fluid  unmixed . 

Parallel  flow— counterflow,  1-2  exchanger . 

Crossflow,  both  fluids  mixed . 

Crossflow,  shell  mixed  and  two  unmixed  parallel-flow  tube  passes 
Parallel  flow . 


Ft 

1.00 

0.95 

0.98 

0.90 

0.87 

0.81 

0.77 

0 

0 


deductions  which  may  be  made  from  above  are  (1)  that  the  pres- 
ence  of  parallel  flow  greatly  decreases  the  utilization  of  the  thermal 
potential  for  heat  transfer  and  (2)  that  mixing  the  fluid  streams  also 

“  116  n  t,ll!Zttl°n'  The  curves  of  Ft  vs-  r  and  5  for  crossflow 
with  two  parallel  tube  passes  have  not  been  included  in  Fig.  16.17  since 

l  is  impractical  for  even  moderate  temperature  approaches  and  has 
little  value  as  a  means  of  heat  recovery.  pproacnes  and  has 

Film  Coefficients  to  Transverse  Fins.  Almost  all  the  „  i  u. 
on  commercial  scale  runs  have  been  made  with  air  or  flue  gas.  The  heat- 

1  Dunn,  W.  E„  and  C.  F.  Bonilla,  Ind.  Eng.  Chem.,  40,  1101-1104  (1948). 
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transfer  curve  employed  here  has  been  transposed  from  the  data  of 
Jameson,1  which  agree  within  reasonable  limits  with  the  published  results 
of  Tate  and  Cartinhour2  on  economizers.  It  has  been  found  that  the 
heat-transfer  coefficient  is  not  influenced  by  the  spacing  of  succeeding 
rows  although  nearly  all  the  data  were  obtained  for  triangular  pitch. 

The  actual  heat-flow  patter  in  a  transverse  fin  probably  differs  some¬ 
what  from  the  idealized  picture  used  in  deriving  the  fin  efficiency.  In 
triangular  pitch  the  air  or  gas  strikes  the  front  and  sides  of  the  annular 
fins  but  not  the  back  of  the  fin.  As  determined  experimentally  hf  is 
actually  only  an  average  value.  The  concentration  of  heat  on  the  lead 
side  of  an  annular  fin  probably  introduces  a  potential  for  heat  flow  around 
the  fin  metal  which  was  not  considered  in  the  derivation.  Discontinuous 
fins  such  as  stars  or  other  types  give  generally  higher  coefficients  than 
helical  or  disc  fins,  and  this  may  be  attributed  in  part  to  the  greater  ease 
with  which  the  gas  penetrates  the  space  between  adjacent  discontinuous 
fins. 

Because  so  many  of  the  applications  involve  gases,  it  has  become  a 
common  convention  in  extended-surface  heat  transfer  to  use  Colburn’s 
heat-transfer  factor  jh  =  {h/cG)(cp/k)*.  The  advantages  of  Colburn’s, 
form  of  the  factor  particularly  with  gases  have  been  discussed  in  Chap.  9. 
For  the  sake  of  a  consistent  presentation  the  data  of  Jameson  have  been 
converted  to  the  Sieder-Tate  heat-transfer  factor  as  shown  in  Fig.  16.18a. 
with  the  value  of  the  viscosity  correction  </>  taken  as  1.0  for  gases.  The 
equivalent  diameter  in  Jameson’s  correlation  has  been  defined  by 

=  2(A/  4-  Ao) _  (16.104) 

e  t r  (projected  perimeter) 


The  projected  perimeter  is  the  sum  of  all  the  external  distances  in  the- 
plan  view  of  a  transverse  finned  tube.  The  mass  velocity  is  computed 
from  the  free  flow  area  in  a  single  bank  of  tubes  at  right  angles  to  the  gas= 

Pressure  Drop  for  Transverse  Fins.  Unlike  the  heat  transfer  coeffi¬ 
cient  the  pressure  drop  is  greatly  influenced  by  the  spacing  of  the  succeed¬ 
ing  rows  of  tubes,  their  layout  and  closeness.  It  is  often  possible  in 
transverse-fin  equipment  that  the  vertical  and  transverse  pitches  will  be 
uneciual  Of  a  number  of  excellent  correlations  of  pressure  drop  in  cross¬ 
flow  that  Of  Gunter  and  Shaw’  is  used  here.  It  is  equally  satisfactory 

for  crossflow  calculations  over  bare  tubes  and  the  correlation  is  baaed  o„ 

oils,  water,  and  air.  While  there  has  been  some  objection  to  the  broa 


.  Jameson,  S.  L„  Tram.  ASMS,  67,  633-642  (1945). 

1  Tate,  G.  E„  and  J.  Cartinhour,  Tram.  ASMS ,  ' 67  687-692  (  945, 
i  Gunter,  A.  Y„  and  W.  A.  Shaw,  Tram.  ASME,  67,  643  660  (19  ). 
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ness  of  the  correlation  it  gives  relatively  safe  values  for  the  pressure  drop. 
The  Reynolds  numbers  are  computed  on  the  basis  of  a  volumetric  equiv¬ 
alent  diameter  which  reflects  the  proximity  and  arrangement  of  the  suc¬ 
ceeding  rows,  and  the  pressure-drop  equation  contains  two  dimensionless 
configuration  factors.  The  volumetric  equivalent  diameter  is  defined  by 


4  X  net  free  volume 
A/  +  A0 


(16.105) 


The  net  free  volume  is  the  volume  between  the  center  lines  of  two  vertical 
banks  of  tubes  less  the  volumes  of  the  half-tubes  and  fins  within  the 


center  lines.  A  configuration  factor  is  a  dimensionless  group  which  is 

edtrjr  m  the  deriVati0n  but  Whi0h  be  Eluded  at  thedis- 
cre  >on  of  the  experimenter.  The  factors  used  here  are  ST  and  SL  where 

7  IS  the  pitch  in  a  transverse  bank  and  SL  is  the  center-to-center  distance 
to  the  nearest  tube  in  the  next  Kant  tu  ,  '-iisiance 

thus  bank'  lhe  Pressure-drop  equation  is 


A  P  =  - _ (UXA{S,\“‘ 

5.22  X  1010  X  D'tM,  Vs;)  (g;)  (1.6.106) 

where  L,  is  the  length  of  the  path.  Friction  factors  are  given  in  Fig. 
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Example  16.6.  Calculation  of  a  Transverse-fin  Air  Cooler.  A  duct  4'0"  by  4'0" 
carries  100,000  lb  /hr  of  air  from  a  kiln  drier  at  250°F.  The  gas  is  to  be  used  to  preheat 
treated  water  from  150  to  190°F  by  revamping  a  section  of  the  duct  and  installing 
1  in.  OD,  14  BWG  tubes  with  %  in.  high  annular  brass  fins  of  20  BWG  metal  spaced 
M  in.  apart.  Assume  the  spacing  for  the  tubes  is  on  2%-in.  triangular  pitch. 

Use  dirt  factors  of  0.0030  on  bo+h  streams.  The  pressure  head  on  the  gas  side  is 
only  a  fraction  of  a  pound  per  squ  re  inch,  so  that  the  overall  pressure  drop  must  be 
low. 

How  many  tubes  should  be  installed?  How  shall  they  be  arranged? 


Solution: 

(1)  Heat  balance: 

Air  at  14.7  psia,  Q  =  100,000  X  0.25(250  -  200)  =  1,250,000  Btu/hr 
Water,  Q  =  31,200  X  1.0(190  -  150)  =  1,250,000  Btu/hr 

(2)  At:  Assume  that  in  the  final  arrangement  the  water  will  flow  in  series  from  one 
vertical  tube  bank  to  the  next,  so  that  there  will  be  as  many  passes  as  banks.  If 
there  are  more  than  several  banks  in  a  4-  by  4-ft  duct,  the  air  may  be  considered 
mixed.  Figure  16.17d  will  apply. 


Hot  Fluid  Cold  Fluid 


250 

Higher  Temp 

190 

60 

200 

Lower  Temp 

150 

50 

50 

Difference 

40 

10 

LMTD  =  54.6°F  (5-14) 

R  =  g  =  1.25  S  =  25o4ri50  =  °'40  Ft  =  0985  (Fig'  16-1W) 

At  =  54.6  X  0.985  =  53.7°F 

(3)  Tc  and  tc:  The  average  temperatures  of  225  and  170°F  will  be  adequate. 


Calculation  of  the  duGt  equivalent  diameter  and  flow  area: 


Equivalent  diameter  (refer  to  Fig.  16.19a): 

2  (fin  area  +  bare  tube  area) 

de  ~  t r  (projected^erimeter) 

Fin  area,  A/  =  \  G-752  -  1*)  X  2  X  8  X  12 
Bare  tube  area,  A„  *  *-  X  1  X  12  -  ^X  IX 


8 

X 


Total 


Projected  perimeter  =  2X^  X  2  X  8  X  12  + 


(16.104) 

=  310  in.2/ft 
12  =  27  2 

=  337^2  in.Vft,  (2.34  ft*/ft) 
2(12  -  8  X  0.035  X  12) 

=  161.3  in./ft 


_  2  X  337.2  =  l  33  jj 
d‘"rX  161.3 
Dt  -  1.33/12  -  0.111  ft 
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(a)- PROJECTION 


Fig.  16.19. 


Flow  area: 

21  tubes  may  be  fit  in  one  vertical  bank  (Fig.  16.196) 

20  tubes  in  alternating  banks  for  triangular  pitch 

«»=(4  X  12)  (4  X  12)  -  21  X  1  X  48  -  21(2  X  0.035  X  %  X  8  X  48)  =  1079  in. 2 
=  107%44  =  7.50  ft2 


Hot  fluid:  duct,  air 
(4')  a,  =  7.50  ft2 
De  =  0.111  ft 
(S')  Gs  =  W/a, 

=  100,000/7.50 


=  13,300  lb/(hr)(ft2) 

(6')  At  Ta  =  225 °F, 
m  =  0.0215  X  2.42  =  0.052  lb /(ft)  (hr) 


Res  =  DeG,/n 


[Fig.  15] 


-  0.111  X  13,300/0.052  =  28,400 
(7')  jf  =  157  [Fig.  16.18a] 

(8')  At  Ta  =  225°F, 
k  =  0.0183  Btu/ (hr)  (ft2)  (°F /ft) 

(cp/k)H  =  (0.25  X  0.052/0.01 83) W  =  o.89 
<t>>  =1.0  (for  air) 

(9')  hf  =*j/(k/De)(cn/k)H  [Eq.  (6.15)] 
=  157  X  X  0.89  =  23.1 

Rdo  =  0.003;  hd0  =.  1/0.003  =  333 

h'  =  hdoh/  =  333  X  23.1 
hdo  +  hf  333  4-  23.1 

=  21.5  Btu /(hr)  (ft2)  (°F) 
(Eq.  (16.37)1 


Cold  fluid:  tubes,  treated  water 

(4)  at  =  0.546  in.2  [Table  10] 

Assume  each  bank  carries  all  of  the  water. 
at  =  N <(at/144n)  [Eq.  (7.48)] 

=  21  X  0.546/144  =  0.0795  ft2 
D  =  0.834/12  =  0.0695  ft 

(5)  Gt  =  w/at 

=  31,200/0.0795 

=  392,000  lb/(hr)(ftl) 
V  =  Gt/SOOOp  =  392,000/3600  X  62.5 

=  1.74  fps 

(6)  At  ta  =  170°F, 

u  =  0.37  X  2.42  =  0.895  lb/(ft)(hr) 

[Fig.  14] 

Ret  =  DGt/p,  (for  pressure  drop  only) 

=  0.0695  X  392,000/0.895  =  30,400 
(9)  hi  =  710  X  0.94  =  667  [Fig.  25] 
Rdi  =  0.003,  hdi  =  1/0.003  =  333 
<t>t  =  1.0 

h>  =  hdihj  _  333  X  667 

hdi  +hi  ~  333  +  667  =  222 

[Eq.  (16.40)] 
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h/i  (see  Fig.  16.13a)  k  for  brass  =  60  Btu/(hr)(ft2)(°F/ft)  (Table  3) 

0.035 


(r. 


Vb  = 


21.5 


re 

rb 


12 
1.875 


60  X  0.00146 


2  X  12 
=  0.49 


0.00146  ft 


0.50 
8  =  0.91 


1.75 


hfi  =  (12  X  Af  +  A0 )  ~ 

Ai  =0.218  ft2/ft 

,,  310  .  27.2\  21.5 

hfi  =  I  0.91  X - - ) -  = 

/l  \  144  144/  0.218 


(Fig.  16.13a) 
(16.34) 


UDi  = 


h'X 


212 
212  X  222 


=  108 


h'fi  +  h[  212  +  222 

Inside  surface/bank  =21  X  4  X  0.218  =  18.3  ft2 

4  •  —  —  —  1.250,000  __  2i  c  ft 2 

1  UDi  At  108  X  53.7 

Use  215/18.3  =  11.8  banks,  say  12  banks.1 

Pressure  Drop 


(16.41) 


(1  )  D'  = 


4  X  net  free  volume 


frictional  surface 
Refer  to  Fig.  16.196 
Net  free  volume  =  4  X  4  X 


-  i  (21  +  20)  \  X 


l2  X  4  1 


144 


-7,(21  +20)^ 


(1.752  -  l2)^p  X  8  X  4 


=  1.91  ft3 

Frictional  surface*  =  ^  (21  +  20)2.34  X  4  =  192  ft2 


/  1.91 

=  4  X  —  =  0.040  ft 

G.  =  13,300  lb/ (hr)  (ft2) 

Re,  =  0.040  X  13,300/0.052  =  10,200 
/  =  0.0024  ft2/in.2  [Fig.  16.186] 

29 

p  359  X  68H 92 


=  0.058  lb/ft3 


7ky4 = (_ o 

\StJ  \2.2 

( 


(1)  Ret  =  30,400 
/  =  0.00020  ft*/in.2 


[Fig.  26] 


=  0.538 


s  =  0.058/62.5  =  0.000928 
Lp  =  12  X  1.95/12  =  1.95  ft 

0.040  \° 4 
.25/12/ 

^y-6  =  i.o 

ST) 

1  The  effective  path  for  pressure  drop  vnll  be  approximately  12  X  1.95  in.  -  23.4  in. 
*  The  walls  of  the  duct  may  be  neglected. 
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(2')  A P. 


fO]L, 

5.22  X  10"D'  s<t>, 

V 


0.0024  X  13,3002  X  1-95  X  0-538 
“  5.22  X  1010  X  0.040  X  0.000928  X  1 

=  0.23  psi 


0.6 


fG\Ln 

~  5.22  X  10 10Ds<t>t 

0.00020  X  392.0002  X  4  X  12 
"  5.22  X  1010  X  0.0695  X  1  X  1 


—  0.41  psi 

Return  losses  will  be  negligible. 


Double  Extended  Surface.  Another  type  of  heating  element,  which  at 
first  inspection  appears  to  offer  unlimited  possibilities,  is  the  double 
extended  surface.  Suppose  two  flowing  fluids  are  separated  by  a  metal 
wall  and  the  surface  is  extended  into  both  fluids  by  means  of  spines  or 
pegs  whose  bases  are  superimposed.  Per  square  foot  of  wall  area  it 
should  be  possible  to  add  as  much  surface  as  desired  as  long  as  there  are 
no  restrictions  along  the  axes  of  the  spines.  Such  an  arrangement  will 
be  called  for  only  when  the  coefficients  from  both  fluids  to  their  respec¬ 
tive  fins  is  small.  Under  these  conditions  it  is  usually  found  that  an 
unpractical  length  of  fin  is  required  for  even  a  moderate  total  heat  trans¬ 
fer  Ihe  fin  efficiencies  and  total  transfer  can  be  determined  by  the 
methods  already  treated  and  by  the  use  of  Fig.  16.13c  or  d.  The  heat- 
transfer  coefficients  generally  must  be  approximated  from  more  conven¬ 
tional  arrangements. 


PROBLEMS 

16.1.  A  double  pipe  exchanger  consists  of  a  3-in.  IPS  outer  pipe  and  a  1  W-in  IPS 

ConiDarfTthe  t,  TT '• arrangcments  of  fins  «  i"-  high  are  under  consideration. 
Compare  the  weighted  efficiency  curves  with  that  in  Fig.  16.9  when  the  followine  are 

I  “te  2(a4  otb  hfinSr20^  W  18  COPPCT  20  ™G;  M  18  steel  fins  iTeWG 

16.2.  4620  lb /hr  0i  a  28  API  gas  oil  will  be  used  to  preheat  5700  lb  /hr  of  a  1 10°  4PI 

zrF-  TT, - 0i! 

not  tuF  3  "r 

annulus  g“S  01‘  ‘S  the  COntroll“g  fluid  and  should  flow  in  the 

20  BWG,  y2  in.  high.  10  B'VG  nner  tubes  Wlth  24  6ns 

foT  rn„yri0n?h0Uld  be  Used’  and  how  shal‘  they  be  arranged  ? 

(s  =  1.115)  leaves  the  regenerator  at  240°F  i  •’  i  caustic  soda 

absorbed  by  10,300  Ib/hr  of“ « ^Lda  at  llS-F  be  10  VU'  The  heat  is 
Available  for  the  service  are  a  number  of  20  ft  h»i  •  b  gse!lt  40  the  regenerator, 
and  IH-in.  IPS  inner  tubes  with 24  ^  20 ot  3,in.  !PS  shells. 
10  psi  are  allowable.  Dirt  factors  of  0  nno  l  uil  /1  hlg  *'  Pressure  drops  of 
HOW  many  sections  are  ^ 
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16.4.  20,000  lb /hr  of  nitrogen  at  0  gage  pressure  is  to  be  heated  from  100  to  175°F 
using  exhaust  steam  at  212°F.  Fouling  factors  of  0.002  should  be  provided  for  both. 
Available  for  the  service  is  a  19)4  in.  ID  1-2  exchanger  containing  56  134  in.  OD  tubes, 
12'0"  long  and  having  24  fins  20  BWG,  34  in.  high  arranged  for  two  passes. 

Is  the  exchanger  satisfactory?  What  are  the  pressure  drops? 

16.6.  A  textile  impregnating  room  measures  50  by  100  by  12  ft.  Because  of  the 
possibility  of  developing  an  explosh  and  toxic  concentration  it  is  necessary  to  change 
the  air  eight  times  an  hour.  To  provide  comfortable  conditions  the  room  should  be 
kept  at  75°F,  although  no  provision  will  be  made  for  humidity  control.  The  lowest 
winter  temperature  to  be  anticipated  is  30°F  (Middle  Atlantic).  The  air  intake  will 
be  through  an  existing  4  by  4  ft  duct  in  which  a  tempering  coil  is  to  be  provided  using 
exhaust  steam  at  212°F. 

Available  are  4'0"  long  helical  fin  tubes  wfith  male  and  female  threads.  These  are 
%  in.  OD,  16  BWG  with  %  in.  high  brass  fins  0.018  in.  thick  spaced  six  to  the  inch. 
Assume  that  they  will  be  installed  on  1%-in.  triangular  pitch. 

How  many  tubes  are  required ?  What  static  pressure  must  be  available  in  the  duct? 

NOMENCLATURE  FOR  CHAPTER  16 

Total  outside  heat-transfer  surface,  ft2 
Surface  of  thin  fins  (both  sides),  ft2 

Surface  on  inside  of  tubes  and  bare  surface  on  the  outside 
of  a  finned  tube,  respectively,  ft2 
Flow  area,  ft2 
Flow  area/tube,  in2 

Cross-sectional  area  of  fin  at  right  angles  to  the  heat  flow,  ft2 
Length  of  fin  from  outer  edge  to  the  base,  ft 
Specific  heat  of  hot  fluid  in  derivations,  Btu/(lb)(°F) 
Constants,  dimensionless 
Constants,  dimensionless 

Specific  heat  of  cold  fluid,  Btu/(lb)(°F);  a  constant  in  the 
solution  of  the  Bessel  equation,  dimensionless 
Inside  diameter  of  tubes  or  pipes,  ft 
Inside  diameter  of  tubes,  in. 

Equivalent  diameter  for  heat  transfer  and  pressure  drop,  ft 
Volumetric  equivalent  diameter  for  crossflow,  ft 
Napieran  base 

Temper:  ture-difference  factor,  At  =  Ft  X  LMTD,  dimen¬ 
sionless 

Friction  factor,  ft2/in2 
Mass  velocity,  lb /(hr)  (ft2) 

Acceleration  of  gravity,  4.18  X  108  ft /hr 2  ^  ^ 

Heat-transfer  coefficient  in  general,  Btu/(hr)(ft2)(°F) 
Heat-transfer  coefficient  tif  or  hf  to  fin  delivered  at  the  base 
of  the  fin,  Btu/(hr)(ft2)(°F) 

Dirt  coefficient  equivalent  to  the  reciprocal  of  the  dirt 
factor  inside  the  tube  R«  and  outside  the  tube,  Rdo, 

respectively,  Btu/(hr)(ft2)(  F)  #  . 

Heat-transfer  coefficient  on  fin  side  of  a  pipe  or  tube,  hea  - 
transfer  coefficient  on  fin  side  of  a  pipe  or  tube  corrected 
for  the  dirt  factor,  Btu/(hr)(ft2)(°F) 


A 

A/ 

*4f,  A0 


a 

/ 

at 

ax 

b 

C 

Ci, 

c' 

°i> 

c 


C2,  C3,  Ck,  C6,  Ce,  C7 

c;, 


D 

d 

De,  D'e 

D'tv 

e 

Ft 

f 

a 

Q 

h 

hi , 

hdi ,  hdo 


hf,  h'f 
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h 


// 

/i 


h  So 


hi,  hi 
K 

U«) 


jf 

jff,  jh 
K 

Kn(u ) 

k 

L 

Lp 

LMTD 

l 

in 

N/ 

Nt 

n 

P 

AP 

V 

Q 

Qo 

R 


Re,  R6 


(r) 


(r) 


counterflow 


s 


hf  and  h!f  corrected  to  the  inside  surface  of  a  pipe  or  tube, 
respectively,  Btu/(hr)(ft2)(°F) 

Value  of  h'fi  if  there  were  no  resistance  in  the  fin  itself, 
Btu/(hr)(ft2)(°F) 

The  average  film  coefficient  of  the  outside  diameter  of  the 
tube  weighting  h/  to  the  fin  surface  and  to  the  tube  out¬ 
side  surface,  Btu/(hr)(ft2)(°F) 

Heat-transfer  coefficient  for  the  fluid  inside  the  tube,  hi 
corrected  for  the  dirt  factor,  Btu/(hr)(ft2)(°F) 
Heat-transfer  coefficient  for  outside  fluid,  Btu/(hr)(ft2)(°F) 
Modified  Bessel  function  of  the  first  kind  and  order  n, 
dimensionless 
V-i,  dimensionless 

Factor  for  heat  transfer  to  finned  pipes  and  tubes,  dimen¬ 
sionless 

The  Sieder-Tate  and  Colburn  heat-transfer  factors, 
dimensionless 

Temperature  group  for  crossflow  (T i  —  7,2)/(7,2  —  2i), 
dimensionless 

Modified  Bessel  function  of  the  second  kind  and  order  n, 
dimensionless 

Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Length  of  tube,  ft 
Length  of  path,  ft 

Logarithmic  mean  temperature  difference,  °F 
Height  of  fin  at  any  point,  ft 

Either  of  two  constants  used  in  the  derivation  of  longi¬ 
tudinal  or  annular  fins,  dimensionless 
Number  of  fins  (per  tube) 

Number  of  tubes  in  bundle 

Number  of  tube  passes;  a  constant  denoting  the  order  of 
the  Bessel  function,  dimensionless 
Perimeter,  ft 
Pressure  drop,  psi 

A  constant  in  the  Bessel  equation,  dimensionless;  pressure, 
atm 

Total  heat  flow  or  total  heat  flow  through  bases  of  fins  and 
bare  tube  surface,  Btu/hr 

Heat  flow,  heat  flow  through  bare  tube  surface,  Btu/hr 
Temperature  group  (7\  -  -  L),  dimensionless 

Dirt  or  fouling  factor,  outside  tube  and  inside  tube 
(hr)(ft2)(°F)/Btu 

Reynolds  number  for  heat  transfer  and  pressure  drop 
dimensionless 
Radius,  ft 

Temperature  group  in  crossflow,  M/(T,  -  (,),  dimension- 

Temperature  group  in  counterflow,  LMTD /(T,  —  t  1 
dimensionless  v’ 

Temperature  group  «,  -  ti)/(T,  -  (,),  dimensionless 
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s 

T 

Ts 

t 

Tc,  to 

tw,  fw  j  tfu> 
tf,  t'f 


At 

Ate,  A th 

At f ,  Atdoj  Atdiy  Ati 


UDi 


Ui 


u 

V 

V 

w 

w 

x,  Y ,  x,  y 

V 
a 

& 

e 

p 

f*iei  M/» 


p 

<t> 

n 

fi' 


Specific  gravity,  dimensionless 
Temperature  of  hot  fluid,  °F 
Temperature  of  steam,  °F 
Temperature  of  fin  or  cold  fluid  in  general,  °F 
Caloric  temperature  of  hot  fluid  and  cold  fluid,  respectively, 
from  F  ^s.  (5.28)  and  (5.29),  °F 
Tempera  are  of  tube  wall,  temperature  in  fin  metal, 
temperature  of  Avail  in  finned  tubes,  °F 
Temperature  of  clean  fin,  temperature  of  fin  beneath  dirt 
film,  °F 

True  temperature  difference,  °F 
Hot  and  cold  terminal  differences,  °F 
Temperature  drops  across  fin  coefficient,  outside  dirt, 
inside  dirt,  and  the  inside  fluid  film  corrected  for  viscos¬ 
ity  and  dirt,  °F 

Overall  design  coefficient  of  heat  transfer  based  on  the 
inside  tube  surface,  Btu/(hr)(ft2)(°F) 

Overall  clean  coefficient  of  heat  transfer  based  on  inside 
tube  surface,  Btu/(hr)(ft2)(°F) 

A  function 
Velocity  of  flow,  fps 
A  function 

Weight  floAv  in  general,  weight  flow  of  hot  fluid,  lb  /hr 
Weight  floAv  of  cold  fluid,  lb  /hr 
Distances,  ft 

Half  the  width  of  a  fin,  ft 

Constant  in  transverse  fin  and  crossflow  derivations 
Constant  in  transverse  fin  and  crossflow  derivations 
Temperature  difference  between  fluid  and  fin  T  —  t,  °F 
Viscosity  at  the  caloric  temperature,  lb /(ft)  (hr) 

Viscosity  at  the  tube  wall  or  fin  temperatures,  tw  or  tfw, 
lb/ (ft)  (hr) 

Density,  lb /ft 3 

Viscosity  ratio  (m/p/w)014,  dimensionless 
Fin  efficiency  h^/hf,  dimensionless 

Weighted  efficiency  for  fin  and  bare  tube,  dimensionless 


Subscripts  (except  as  noted  above; 

a  Annulus 

k  Base  (of  fin) 

e  Edge  (of  fin) 

i  Interface  of  film  or  inside  of  pipe  or  tube 

s  Shell 

l  Tube 

l  First  of  two  passes 

TT  Second  of  two  passes 
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DIRECT-CONTACT  TRANSFER:  COOLING  TOWERS 


Introduction.  In  all  preceding  chapters  the  hot  and  cold  fluids  were 
separated  by  impervious  surfaces.  In  tubular  equipment,  the  tube 
limits  the  intimacy  of  contact  between  the  hot  and  cold  fluids  and  also 
serves  as  a  surface  upon  which  resistances  accumulate  as  fouling  and  scale 
films.  In  order  that  a  turbulent  fluid  in  a  tube  may  receive  heat,  par¬ 
ticles  in  the  eddying  fluid  body  must  contact  a  warm  film  at  the  tube  wall, 
take  in  heat  by  conduction,  and  then  mix  with  the  eddying  fluid  body. 
A  similar  process  occurs  on  the  shell  side,  and  the  net  heat  exchange 
may  occur  through  as  many  as  seven  individual  resistances. 

One  of  the  principal  reasons  for  employing  tubes  is  to  prevent  the 
contamination  of  the  hot  fluid  by  the  cold  fluid.  When  one  of  the  fluids 
is  a  gas  and  the  other  a  liquid,  an  impervious  surface  is  often  unneces¬ 
sary  ,  since  there  may  be  no  problem  of  mutual  contamination,  the  gas 
and  liquid  being  readily  separable  after  mixing  and  exchanging  heat. 
Fouling  resistances  are  automatically  eliminated  by  the  absence  of  a  sur¬ 
face  on  which  they  can  collect  and  permit  a  direct-contact  apparatus  to 
operate  indefinitely  with  uniform  thermal  performance.  The  greater 
intimacy  of  the  direct  contact  generally  permits  the  attainment  of  greater 
heat-transfer  coefficients  than  are  usual  in  tubular  equipment. 

Perhaps  the  outstanding  application  of  an  apparatus  operating  with  a 
direct  contact  between  a  gas  and  a  liquid  is  the  cooling  tower  It  is 
usually  a  boxl.ke  redwood  structure  with  redwood  internals.  Cooling 
towers  are  employed  to  contact  hot  water  coming  from  process  coni  inf 
systems  with  air  forthe  purpose  of  cooling  the  Ler  an7ZvingTtf 
reuse  in  a  process.  The  function  of  the  wooden  internals,  or  fill  fs  to 
inci  ease  the  contact  surface  between  the  air  and  the  water  A  cooling 
tower  ordinarily  reduces  the  fresh  cooling-water  requirement  t,  !k  f 

8  per  cent  although  there  is  some  mutual  contamination  caused  by  the 
saturation  of  the  air  with  water  vapor.  by  the 

The  prospective  use  for  direct-contact  equipment  in  other 
requiring  rapid  rates  of  heat  transfer  is  perhaps  JL*  A  7  Servlces 
type  of  heat-transfer  apparatus  A  the  T  g  f  ,  than  f°r  ^  other 
Sively  to  the  humidification  of  air  or  theTooWof4  “7  eXC,U' 
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other  insoluble  gases  or  liquids.  This  is  especially  true  in  the  cooling  of 
gases  over  long  temperature  ranges.  The  jet  condenser  referred  to  in 
Chap.  14  is  also  an  example  of  direct  contact  as  applied  to  condensation 
in  which  a  large  heat  load  may  be  condensed  in  an  apparatus  of  small 
volume.  A  modification  of  tbrt,  same  principle  might  readily  be  applied 
to  the  condensation  of  organic  vapors  by  a  spray  of  water  and  particu¬ 
larly  to  the  problem  of  condensing  an  oil  vapor  in  the  presence  of  a  non¬ 
condensable  gas.  Future  developments  may  well  be  anticipated  for  the 
recovery  of  atomic  energy  in  commercial  fission  processes,  in  jet  pro¬ 
pulsion,  and  in  gas-turbine  cycles.  This  chapter  treats  the  theory  and 
develops  the  principal  calculations  applicable  to  direct-contact  heat 
transfer. 

Diffusion.  If  dry  air  at  constant  temperature  is  saturated  by  water 
at  the  same  temperature  in  a  direct-contact  apparatus,  the  water  vapor 
entering  the  air  carries  with  it  its  latent  heat  of  vaporization.  The 
humidity  of  the  air-water-vapor  mixture  increases  during  saturation 
because  the  vapor  pressure  of  water  out  of  the  liquid  is  greater  than  it 
is  in  the  unsaturated  air  and  vaporization  is  the  result.  When  the  vapor 
pressure  of  water  in  the  air  equals  that  of  the  liquid,  the  air  is  saturated 
and  vaporization  ceases.  The  temperature  of  the  water  can  be  kept 
constant  during  air  saturation  if  heat  is  supplied  to  it  to  replace  that  lost 
from  it  to  the  gas  as  latent  heat  of  vaporization.  Clearly,  then,  the  heat 
transfer  during  the  saturation  of  a  gas  with  a  liquid  can  be  made  to  pro¬ 
ceed  without  a  temperature  difference,  although  such  a  limitation  is 
rarely  encountered.  It  is  seen,  however,  that  there  is  a  fundamental 
difference  between  this  type  of  heat  transfer  and  conduction,  convection, 

or  radiation. 

When  a  movement  of  material  is  promoted  between  two  phases  by  a 
vapor  pressure  (or  concentration)  difference,  it  is  diffusion  and  is  charac¬ 
terized  by  the  fact  that  material  is  transferred  from  one  phase  to  another 
or  between  both  phases.  Thu  behavior  is  called  mass  or  material  transfer 
to  set  it  apart  from  the  ordinary  concepts  of  heat  transfer.  While  the 
phase-rule  definitions  apply  to  systems  at  equilibrium,  if  a  phase  is 
not  homogeneous,  self-diffusion  may  occur  as  the  phase  approaches 


For  the  condensation  of  a  vapor  in  the  presence  of  a  noncondensable 
gas  it  was  expedient  in  Chap.  13  to  introduce  Colburn’s  analogy  between 
heat  transfer  and  mass  transfer.  This  in  turn  was  compared  with 
Reynold’s  analogy  between  heat  transfer  and  fluid  friction  as  discussed  in 
Chap  3  The  Reynold’s  analogy  holds  more  closely  for  heat  transfer 
and  fluid  friction  than  do  the  Colburn  and  other  analogies  for  heat  trans¬ 
fer  and  mass  transfer.  In  the  condensation  of  a  vapor  from  a  noncon 
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densable  gas  an  inert  film  near  the  tube  wall  retards  the  condensable 
vapor  from  reaching  the  condensate  film  at  the  tube  wall.  The  rate  at 
which  the  vapor  passes  through  the  inert  film  is  a  function  of  the  pressure 
of  the  vapor  in  the  gas  body  and  in  the  condensate  film  adjoining  the  tube 
wall  and  follows  the  mechanism  of  diffusion. 

Several  of  the  illustrative  examples  solved  in  this  chapter  can  be  under¬ 
stood  without  a  thorough  background  in  the  theory  of  diffusion,  but  the 
advantages  of  a  good  foundation  are  evident.  The  elements  of  simple 
diffusion  are  presented  here  in  abbreviated  form,  drawing,  wherever  pos¬ 
sible,  upon  the  similarity  of  diffusion  to  convection  heat  transfer.  Excel- 
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lent  treatments  of  the  subject  may  be  found  in  Sherwood1  and  Perry2. 

Diffusion  Theory.  Diffusion  involves  the  passage  of  one  fluid  through 
another.  Consider  a  gas,  such  as  air,  containing  a  small  amount  of 
acetone  vapor  which  is  soluble  in  water 
while  the  air  may  be  considered  insolu¬ 
ble  in  water.  Suppose  the  air— acetone 
mixture  is  fed  to  a  tower  which  has 
fresh  water  flowing  continuously  down 
its  walls  so  that  any  acetone  molecules 
which  might  bound  into  the  water  are 
removed  by  it  from  the  gas  body.  How 
fast  will  acetone  molecules  be  removed 
from  the  gas  body? 

An  idealized  picture  of  the  problem 
is  shown  in  Fig.  17.1.  It  may  be 
assumed  that  a  relatively  stagnant 
air  film  forms  at  the  liquid  surface 
owing  to  the  loss  of  momentum  of 
the  air  molecules  striking  the  liquid 

fid  2-2*  bThgp  ^  “•  This  is  "ranted  between  1-1 

compared  with  the  air  bo^ThtoE  the  SrfSl  ‘  tvf-fihi '  >  Sry 

arrive  at  the liquid Mm  ire  T  h  in  the  air  film  which 

film  that  the  concentration  of  f  S°  ^  7  by  S°lution  in  the  “quid 

than  it  is  in  the  gas  S  Thi^tT.  T  “  the  air  film  is  less 

g  y'  Th‘S  e^afil'shes  a  pressure  or  concentration 

Inc.,C°YorkT  lf37. 'AbSOTPti0n  a"d  Extr“ction,”  McGraw-Hill  Book  Company, 

Colburn^aml  'kfe?  8  Pp.  523-559,  A.  1>. 

•  1  lnc.,  .New  ^  ork.  1950. 


‘  -  V. 


3'  2'  I' 

Fig.  17.1.  Film  theory  showing  prin¬ 
cipal  resistances. 
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gradient  between  the  air  body  and  the  air  film  which  continuously  pro¬ 
motes  the  movement  of  acetone  molecules  in  the  direction  of  the  liquid. 
This  picture  is  analogous  to  that  of  the  steady-state  film  theory  of  Chap.  3 
in  which  a  temperature  gradient  promoted  heat  transfer. 

The  air  and  liquid  films  ar  similar  to  thermal  resistances  in  series. 
In  the  case  of  diffusion  from  1-1'  to  2-2'  the  concentration  difference  of 
the  diffusing  air-acetone  mixture  is  the  potential  for  the  mass  transfer 
of  the  acetone  across  the  several  resistances  in  series.  Designating  the 
diffusing  gas  by  the  subscript  A  and  the  inert  or  insoluble  gas  (air)  by 
the  subscript  B  the  concentration  of  each  gas  may  be  expressed  indi¬ 
vidually  by  its  molar  density,  5  mols/ft3.  The  rate  at  which  the  concen¬ 
tration  of  A  in  the  air  body  decreases,  -dbA,  depends  upon  four  factors: 
(1)  the  number  of  mols  of  A,  bA;  (2)  the  number  of  mols  of  B,  SB;  (3)  the 
relative  difference  of  movement  between  the  velocity  of  A,  uA  and  the 
velocity  of  B,  uB  in  the  direction  of  diffusion;  and  (4)  the  length  of  the  air 

film  dl. 

—  ddA  =  cxAbSa?>b(va  —  uB)  dl  (17A) 


where  &ab  is  the  proportionality  constant.  If  the  net  diffusion  of  the 
insoluble  gas  is  zero,  Ub  —  0  and  Eq.  (17.1)  reduces  to 

—  dbA  =  (xAbI)a8bUA  dl  (D-2) 


If  Na  is  the  number  of  pound-mols  per  hour  transferred  through  A  ft- 
of  film  surface, 


=  UAdA  lb-mol/ (hr)  (ft2)  (17.3) 

A 

—  dbA  =  aABf>B-^dl  (17.4) 


and  since 


—  dbA  = 

A  dbs  _  A  d  In  dB 

~  aAB&B  dl  OlAB  dl 


(17.5) 

(17.6) 


and  for  equimolal  diffusion  of  A  into  B. 

^1  =  -  =  UA&A  =  ~UbSb  (17-7> 

A  -4 

From  Eq.  (17.1) 

-d&A  =  («ab6bUa6a  -  ^bSaUbSb)  dl  =  o,abUaSa(Sa  +  *.)  dl 

1 _ dbA 

ocAb(Sa  +  SB)  dl 


UAbA  = 


(17.8) 

(17.9; 
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From  the  continuity  equation,  input  —  output  =  accumulation.  At 
steady  state  there  Avill  be  no  accumulation  of  A  in  the  gas  film.  In 
pounds  per  cubic  foot  per  unit  time 


—Ma 


08a  d(uA8A ) 


dd 


-  M, 


dl 


=  0 


where  MA  is  the  molecular  weight  of  gas  A  and  0  is  time. 


(17.10) 


dd , 


1 


db. 


-f*  8b)  dl 


dd  dl 

Cali  8a  +  8b  =  8  the  total  number  of  mols  per  cubic  feet. 

d8A  _  /  <95a\ 

dd  ~  dl  \  d  ~dl  ) 

Defining  the  constant  kd  =  \/aA„b  or 


(17.11) 


(17.12) 


C*AU 


kd8 


(17.13) 

kd  is  the  diffusivity  or  diffusion  coefficient  introduced  in  f'hap  13  It  is 
Eq.1C(17y6)  ’  h°WeVer’  ^  EqS-  (1712)  and  (17J3>-  Returning  to 

Na  =  kt  U  .(17.14) 

And  for  a  perfect  gas,  which  the  insoluble  gas  usually  approximates, 


(17.15) 


8  =  -  =  lL 

,  v  RT 

where  n  —  total  number  of  mols 

Vt  =  total  pressure 

ft  =  gas  constant 

Nidl  =  W^In  *. 

tHe  SaS  fil”  fr°m  tHe  gaS  body  t0 


(17.16) 


Na  =  hiPlA.  ,  hdPtA  pB 


(17.17) 


ancl  where'th^subscript^^efMs  to'the  val"^^!  t>artia^  Pressures 

.reters  to  the  value  at  the  interface  2-2'.  Fora 
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driving  force  across  the  gas  film  consisting  of  the  two  pressures  pB  and 
pBi ,  let  pBm  be  the  log  mean  driving  pressure  of  the  inert  B.  Then 


P  Bm 


PB  —  PBi 


In  P B / P Bi 


(17.18) 


and 


In  =  V" 


Pm 


na  = 


P  Bi  P  Bm 

kdPtA 


liTlp 


Bm 


(: Pb  -  PBi) 


(17.19) 

(17.20) 


This  is  similar  to  the  ordinary  transfer  equation  Q  =  h0A{Tc  —  tw),  using 
the  nomenclature  of  Chap.  6,  where  1  c  tv>  is  the  tempeiature  diffeience 
at  a  single  cross  section  and  the  tube-wall  temperature  tw  corresponds 
to  the  interface  concentration.  Since  the  partial  pressure  of  a  component 
is  proportional  to  its  mol  fraction  in  a  mixture  of  perfect  gases, 


NA  =  lcGA(p  -  Pi)  =  kGApt(y  -  yi) 


(17.21) 


where  y  and  Vi  are  the  mol  fractions  in  the  gas  body  and  at  the  interface 

and 


,  kdpt 

kn  —  “ 


RTlp 


(17.22) 


Bm 


k0  may  be  compared  with  h  for  one  of  two  fluids  engaging  in  heat  transfer. 

The  diffusivity  can  be  determined  experimentally  by  measuring  t  le 
rate  of  evaporation  of  the  diffusing  gas  A  from  a  volumetric  container 
into  an  inert  which  is  passed  over  the  vessel.  Diffusivities  can  be  com¬ 
puted  by  the  Gilliland  equation  [Eq.  (13.31)]  It  wiU  be  noted  that  in 
Fn  113  31)  kd  is  inversely  proportional  to  the  total  pressure  on  the 
system  p,  so  that  in  Eq.  (17.20)  no  correction  need  be  made  for  pressure, 
since  the  product  kdpt  in  the  numerator  will  be  constant. 

In  an  ordinary  diffusion  ton  er  the  potential  difference  p  Pi  oi  y  y. 
differs  at  every  cross  section  or  height  of  the  tower  as  material  is  trans- 
,  ,  (  , ,  hodv  If  the  total  transfer  is  the  sum  of  a  numbe 

oef"ransfers  t£uggh  inlmental  surfaces  with  a  differential  potential  on 

the  surface  is  contained  becomes 


=  kG(p  -  Pi)  dA  =  k°P^y  ^  dA  (17.-3 

J». «  tt.  ..1.1 « ■ « <*»  sisrsiS 

film  coefficient,  the  total  surface,  and  th®  ,  r"!.Psfercan  be  determined  frorr 

the  fluid  and  the  tube  wall,  so  e  ma  ci  i.  The  total  materia 

the  change  in  the  gas  phase  alone,  using  Eq.  (17.21). 
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leaving  the  gas  phase  is  obviously  the  same  as  that  which  enters  the  liquid 
phase.  By  a  similar  analysis  to  that  above  it  can  be  shown  that,  for  the 
liquid-film-liquid-body  interface, 


dN A  =  kL{[c\Ai  —  [c]x)  dA  =  kL[c]^{Xi  —  x)  dA  (17.24) 

where  [c]  is  the  concentration  in  the  liquid  with  subscripts  as  above,  x 
the  mol  fraction  of  the  diffusing  material  in  the  liquid,  and  kL  is  the  liquid- 
side  diffusion  coefficient.  Expressed  as  an  equality, 

dNA  =  kaVt{y  ~  yi)  dA  =  kL[cU(Xi  -  x)  dA  (17.25) 

kG  and  kL  are  the  reciprocals  of  the  two  resistances  in  series  comprising 
the  gas  and  liquid  films.  In  terms  of  overall  coefficients  and  the  overall 
potential  for  diffusion 


dNA  =  K0{p  -  v')  dA  =  Kl([cYa  -  [c]A)  dA 
=  K«Vt{y  -  yf)  dA  =  KL[c]„{xf  -  x)  dA 


(17.26) 


where  p'  -  partial  pressure  of  the  diffusing  vapor  which  would  be  in 

equilibrium  with  liquid  of  the  concentration  of  the  liquid 
body,  atm 

[c]A  =  concentration  of  the  diffusing  vapor  which  would  be  in  equi- 

librium  with  the  partial  pressure  of  the  diffusing  vapor  in  the 
gas  body,  lb-mols/ft3 

*' and  y'  =  mo1  f  actions  corresponding  to  [c]'  and  p',  respectively,  dimen- 
sioniess. 

The  overall  coefficients  are  expressed  in  either  of  the  two  ways 

0  ~  T™11  coefficient  of  mass  transfer,  lb-moIs/(hr)(ft’)  (atmos- 
phere  of  partial  pressure  difference) 

*'■ =  c^lioTfcifT transfer’  lb‘raols/(hr)(ft2)  (con- 

ltrofHemyy-sbLwlated  *°  ^  MmS  and  to  ea«h  -‘her  by 

v  =  e,wi 

where  p'  is  the  equilibrium  partial  pressure  of  A  in  +K  , 

ponding  to  a  liquid  concentration  of  [c]'  lb-mob/ft°  corre- 

law  proportionality  constant.  The  law  hold,  „  i  r  C",’S  he  Henry  s 
solutions.  s  on  y  ^or  relatively  dilute 

Then 


Ka 


1 

( CH/kL )  +  (1  /k0) 

1 

cm) 


kl  = 


(17.27) 

(17.28) 
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Kg  and  Kl  are  really  the  same  except  for  the  dimensional  differences  in 
the  respective  equations  in  which  they  are  employed.  Equations  (17.27) 
and  (17.28)  will  be  seen  to  resemble  Eq.  (6.7)  for  obtaining  the  overall 
coefficient  of  heat  transfer  from  two  individual  film  coefficients. 

Colburn1  has  introduced  the  idea  of  a  unit  of  mass  transfer  which  is  a 
measure  of  the  number  of  intt  phase  equilibrium  changes  required  to 
effect  a  given  amount  of  diffusion.  It  is  identical  with  the  concept  of  a 
theoretical  plate  in  distillation  under  a  particular  condition.  If  Gm  is 
the  gas  rate  in  mols  per  hour  per  square  foot  of  tower  cross  section  and 
dy  is  the  change  of  concentration  of  the  diffusing  component,  dNA  =  Gm  dy 
and  Eq.  (17.26)  can  be  written 

Gm  dy  =  Kapt(y  —  yf)  dA  (17.29) 


If  the  surface  per  cubic  foot  of  tower  is  a  ft-/ft3,  the  total  surface  is 
dA  =  a  dV,  where  V  is  the  volume  of  the  tower  per  square  foot  of  tower 

cross  section. 

V 


nt 


[  dy  = 

J  y-y' 


Kgcl 


G 


(17.30) 


m 


The  integral  of  dy/(y  —  y')  over  the  entire  height  of  tower  gives  the 
number  of  times  the  average  potential  may  be  divided  into  the  total 
desired  concentrate  change.  This  is  an  index  of  the  size  of  the  absorp- 
tion  or  desorption  task  which  must  be  accomplished,  and  nt  is  called  the 
number  of  transfer  units.  When  n,  is  multiplied  by  Gm  ^  gives  A0al, 
which  is  the  total  number  of  mols  of  material  transferred.  Different 
heights  of  various  diffusion  towers  are  required  for  the  accomplishment 
of  one  transfer  unit  of  diffusion  depending  upon  how  a  particular  towei 
is  constructed  and  how  much  surface  it  contains  per  cubic  oot  of  volume^ 
From  experiments  on  a  particular  type  of  tower  of  overall  height  Z  it  is 
possible  to  determine  experimentally  the  number  of  transfer  units  of 
diffusion  accomplished  by  it,  and  the  height  of  a  single  transfei  un. 

HTU  will  be 

HTU  =  _  (17.31) 

nt 

1  Colburn,  A.  P.,  Trans.  AlChE,  36,  211  (1934). 
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since  it  will  be  shown  later  that  the  wet-bulb  temperature  is  also  the 
lowest  water  temperature  which  can  possibly  be  obtained  by  adiabatic 
humidification.  The  wet-bulb  temperature  is  described  here  because  it 
is  a  simple  concept  from  which  an  excellent  picture  of  simultaneous  mass 
and  heat  transfer  can  be  drawn.  Refer  to  Fig.  17.2  which  consists  of  a 
thermometer  surrounded  by  a  wick  dipping  into  water  at  the  same 
temperature  as  the  surrounding  air.  The  wick  is  always  wet.  A  second 
thermometer  is  suspended  in  the  surrounding  air  to  indicate  the  dry-bulb 
temperature. 


Assume  that  unsaturated  air  at  any  dry  bulb  is  circulated  over  the 
wick.  Because  the  wick  is  wet  and  the  air  is  unsaturated,  the  partial 
pressure  of  the  water  vapor  out  of  the  wick  is  greater  than  that  of  the 
water  vapor  in  the  circulated  air  and  water 
evaporates  from  the  wick  to  the  air.  But  1 


the  evaporation  of  water  from  the  wick 
i  equires  many  Btu  of  latent  heat,  which 
must  come  from  somewhere.  When  the 
air  is  initially  circulated  over  the  wick,  the 
Btu  could  come  from  the  wick  itself  by 
lowering  the  temperature  of  the  wick 
below  its  initial  temperature.  If  the 
initial  wick  temperature  was  the  same  as 
the  dry  bulb,  any  temperature  drop  in 
the  wick  would  establish  a  temperature 
difference  between  the  dry-bulb  tempera¬ 
ture  and  the  lower  temperature  of  the  wick. 


Wick 


///c/  ///urnerer 


Air 


Fig.  17.2. 
mometer. 


The  wet-bulb  ther- 


This  causes  sensib’ebeai  to  flow  from  the  air  into  the  wick,  thereby  reduc- 

ture continuesasTong^s aiHs circulated  untiulT  '™k  tempera' 
the  temperature  difference  between  the  dry  biflh  "  H  1,?Ched  ,at  whlch 
just  enough  heat  to  flow  into  tl,„  •  i  *  5  b  b  and  the  wick  causes 

from  the  lick  by ^  evaporation  Ta  ‘°  “Unto'baIa™e  the  loss  of  heat 
established  whereby  the  vaD0ri7.it condltlon  an  equilibrium  is 
is  offset  by  the  seni  e  heat  r?  ^lnt°  a  CUbiC  f°0t  0r  a  pound  air 
Thus  it  should  rk"  n0  fcTwt fheWh  CUWC  f°0t  "  a  P°Und  °f  tr¬ 
over  the  wick  when  the  ennilihri..  •  ,  Z6  a!‘  passes  s!o"'ly  or  rapidly 

wick  should  be  depressed  to  the  si™  ^  a  tamed;  the  temperature  of  the 

evaporating  into  each  pound  of  dry  airls  off*’  f'h™  ^  amount  of  water 

removal  from  the  same  pound  of  air  ‘  The  f  Z  ^ “  6l?Ual  sensible-heat 

wick,  however,  the  greater  will  be  the  h' e.fa-ster  a'r  is  circulated  over  the 

the  wick.  This  convenient^ tmnelt  °  'Vater  evapOTated  from 

fare.  The  wet  bulb  naturally  varied for^of  ^ 

v  anes  lor  air  of  a  given  dry  bulb  according 
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to  the  extent  to  which  it  is  saturated  before  contacting  the  wick,  since  the 
degree  of  saturation  affects  the  amount  of  water  vapor  which  can  be 
evaporated  into  the  air  and  consequently  the  amount  of  heat  which  can 
be  removed  from  it. 

The  depression  of  the  temperature  of  the  wet-bulb  thermometer,  in 
the  experiment  described  above,  started  when  the  water,  presumably  at 
the  dry-bulb  temperature,  evaporated  into  the  air  at  the  same  tempera¬ 
ture.  If  the  air  had  been  saturated  at  the  dry-bulb  temperature,  no 
water  would  have  evaporated  at  all.  If  instead  of  humidifying  air  our 
primary  interest  was  in  a  process  for  obtaining  cold  water  by  evaporating 
part  of  the  water  from  the  wick,  the  lowest  water  temperature  attainable 
would  be  the  wet-bulb  temperature.  Thus  a  cooling  tower  or  any  other 
humidifying  apparatus  which  transferred  no  heat  to  or  from  its  surround¬ 
ings  while  the  air  and  liquid  were  in  contact  could  cool  the  water  only 
to  the  wet-bulb  temperature  of  the  air,  which  is  a  function  of  the  degree 
of  saturation  of  the  air  or  inert  gas  with  the  liquid  being  evaporated.  In 
the  northern  part  of  the  temperate  zone,  where  a  wet-bulb  temperature 
of  75°F  occurs  in  the  summertime,  it  is  impossible  to  cool  water  lower  than 

75°F  except  by  refrigeration. 

The  process  between  the  air  and  the  wick  can  be  described  rather 
simply  for  the  equilibrium  condition  when  the  wick  has  presumably 
reached  the  wet-bulb  temperature.  Let  X  be  the  absolute  humidity  o 
the  original  air,  pounds  of  water  per  pound  of  dry  air,  which  is  related  to 
the  partial  pressure  of  the  water  vapor  in  the  original  air  by 

Pwater  vapor  v/  At  w 

A  =  77  ^  ]\f 

pi  P water  vapor  tAx  d 


where  Mw  and  Ma  are  the  molecular  weights  of  water  and  air-  Let  V 
he  the  humidity  (or  vapor  pressure)  of  the  water  out  of  the  " 
wet  bulbTemperature.  For  simplicity,  a  diffusion  overall  mass-transfe 
coefficient  Kx  will  be  used  in  v  hich  the  evaporative  potential from it 
•  u  („  the  air  is  expressed  in  terms  of  the  two  humidities  X  and  X, 

| 

the  wick  per  square  foot  of  surface  is  gn  en  >y 


$  =  Kx(X'  -  X)X 

A 


(17.321 
A 

The  heat  of  vaporization  per  square  foot  of  wick  is  offset  by  the  heat 
transferred  front  the  air  to  the  wick,  which  ,s  given  by 


5  =  }l(t  DB  —  tv**) 

A 


(17.33) 
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where  Idb  and  tWB  are  the  dry-bulb  and  wet-bulb  temperatures  of  the  air, 
respectively,  and  h  is  the  sensible-heat-transfer  coefficient  between  the 
air  and  the  wick. 

Since  Eqs.  (17.32)  and  (17.33)  are  identities,  and  can  be  equated. 

h(toB  —  twB )  =  Kx(X'  —  X)\  (17.34J 

.  (X'  -  X)X 


or 


A 

Kx 


t  _  t  (17.35) 

and  the  potential  for  Kx  is  pounds  of  water/pound  of  dry  air.  Using  K,; 
for  Kx  the  potential  is  atmospheres  of  water/atmosphere  of  air,  which 
employs  the  molar  ratio  of  water  to  air  for  a  perfect  gas.  Weight  and  mol 
ratios  are  obviously  not  equal,  although  both  are  dimensionless.  Thus  a 
1:1  mol  ratio  of  water  to  air  is  equal  to  an%  or  0.62 : 1  weight  ratio. 
The  net  effects  of  weight  transfer  must  be  the  same  as  the  product  of 
molar  transfer  and  the  molecular  weight  of  the  diffusing  vapor. 

Kx{X'  -  X)  =  K0MA(p'  -  p)  (17.36) 

X>  —  P'  _  j/_  M A  _  p'  Ma 

V-V'  Mb  pBm  Mb  ~  ptM~B  (17-37) 

Ihe  last  is  very  nearly  true  for  the  temperature  ranges  in  humidification 

V  d/x  _  p  Mj 
PBm  Mb 


X  = 

V  Ma 

V  ~  p'  Mb  ' 

Kx  | 

h’  -  p\  Ma 

\  PBm  )  ~M B 

Kx 

Vt  M  B 

=  KqMa(p'  —  p) 


(17.38) 

(17.39) 

TherltTn 

temperatures.  Both  srp  ncpH  vte  •  ^ et'bulb  and  dew-point 

wet  bulb  temperature  the  following  L  considered-' ts?8'  J°  °bta'n  th° 

accompanying  vapor  is  circulated  continuously  otei a^vick  *  ? “  ** 
initial  temperature  the  nir  nnri  y  vei  a  wick  at  a  given 

of  sensible  heat  from  it  into  the  tvick '"The^6  ^  ^  PaSSag0 

the  heat  back,  however  in  the  f  '  f  and  Vapor  mixture  get 

heat  is  equal  to  the  heai  wh  ch  Water  latent 

temperature  of  the  mixture  is  1^0^^°  *he  ,"'ICk  alth°ugh  the  final 

weight  of  vapor  per  pound  of  dry  air  increasesCU  Since  ,V°'Ume  °r 

leaves  the  system  during  the  direct  contact  it  • '  S  no  heat  enters  or 

-  *•  - . -  SKKaas  ;rr 
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pressure  process.  In  the  temperature-entropy  plot  of  Fig.  17.3  the  satura¬ 
tion  curve  for  water  is  described  by  BEF.  The  constant  pressure  cooling 
of  water  vapor  occurs  along  the  constant  pressure  path  AB.  Consider 
next  the  adiabatic  contact  between  water  and  air.  Being  adiabatic,  it  is 
described  by  a  fictitious  path  A"C",  which  is  an  adiabatic  although  not 
isentropic,  since  the  mixture  of  t  r  and  water  vapor  is  irreversible.  The 
cooling  of  the  air  and  evaporation  of  the  water  separately  are  not  true 
adiabatic  processes.  Only  the  gross  effects  between  the  two  are  truly 
adiabatic.  For  the  process  of  adiabatic  saturation  the  path  of  the  water 
vapor  alone  can  be  determined  by  experiment  and  is  found  to  be  along 
the  line  AC.  The  point  C  is  the  wet  bulb,  and  since  water  vapor  is  added 


during  the  adiabatic  saturation  the  partial  pressure  of  the  water  vapor 

at  the  wet  bulb  C,  is  somewhat 
higher  than  B.  When  air  is  initi¬ 
ally  70  per  cent  saturated  or  more, 
the  wet  bulb  exceeds  the  dew 
point  by  less  than  2  per  cent  of  the 
difference  between  the  dry  bulb 
and  the  wet  bulb.  If  gas  at  the 
dry-bulb  temperature  T A  possesses 
a  higher  degree  of  saturation,  the 
point  A  moves  to  A'  and  the  dew 
point  is  at  the  obviously  higher 
temperature  T'B. 


X  X  ■  .  w  — - - 

dew-point  temperatures. 


The  Lewis  Number.  The  relationship  between  the  heat-transfer  coeffi¬ 
cient  and  the  mass-transfer  coefficient,  h/Kx,  enters  into  nearly  every 
direct-contact  problem.  The  analogy  between  heat  transfer  and  fluid 
friction  in  Chap.  3  was  arrived  at  by  mathematical  similar,  y  Heat 

transfer  Chilton  and  Colburn  give 


f  hD/k  ( oA'J 

}’•  =  2  _  (DGNK^/k)  V&/ 


where /is  the  dimensionless  friction  factor. 
For  mass  transfer  (diffusion) 

/  __  KxD/pkd  (jL\ 

id  =  2  _  ( DG/n )  (m/ pfci)  VpW 


(17.41) 
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Dividing, 

jd  Kxc(n/pkd)H  _ 
jk  h(cp/k)K 

or 

±_  (jx/pk^  (k_  V‘ 

Kxc  (cp/k)K  \cpkd) 

and 


Kxc 


(17.42) 

(17.43) 

(17.44) 


Lewis1  called  attention  to  this  relation,  and  the  dimensionless  group 
h/Kxc  is  known  as  the  Lewis  number  Le.  It  conveys  the  extremely 
important  information  that  the  heat-transfer  coefficient  is  to  the  mass- 
transfer  coefficient  as  the  value  of  the  specific  heat  of  the  medium  which 
serves  for  both  heat  transfer  and  mass  transfer.  For  the  case  of  the  wick 


0  25  if,  mean  SP6Cific  heat  of  the  «oS«t  air  is 

.  Btu/(lb)(  F),  then  the  heat-transfer  rate  will  be  but  one-ouarter  of 

the  mass-transfer  rate.  It  thus  requires  four  times  as  great  a  poJentia 
equal ^umbe^rfhiBtu^by ^mass  transfer^The^  TtT  ^  “ 

shown  in  Fig.  17  4  Twn  •  j  .  u  ^ e  \E/pkdc )**  is 

also  included  in  the  plot  Values  of  h/K  feXper'mentaI1y  by  Hilpert2  are 
in  Table  17. 1 .  f  /Kx  for  other  sterns  are  tabulated 

J^S^ra^  *  was  seen  that  the 

gas  flow  over  the  wick  It  has  also  he  **  h'^  re^rdless  of  the  rate  of 
of  heat  transfer  varies 'with  the  0  8  no,  “  Chap'  11  that  the  rate 

should  be  true  for  mass  transfer.’  In  Ihe  Eq  h ( 1  f^'-Tt tf '  ^  Same 

liss.-i'j  Tr- r*  “■ » »«•  ra"°  "" 

Upert,  R.,  Forschungsheft ,  3,  355  (1932). 
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coefficients  is  constant,  the  film  for  both  heat  transfer  and  mass  transfer 
must  be  affected  to  the  same  degree  by  a  change  in  the  gas  rate.  Sher¬ 
wood1  has  presented  a  correlation  for  the  vaporization  of  numerous 
liquids  into  air,  including  water,  and  obtained 


D 

l 


0.023  ^ 


/jdgV'83 

.  m  /  \pkd/ 


(17.45) 


where  D  is  the  inside  diameter  of  the  tube  and  l  is  the  thickness  of  the 
film.  This  may  be  compared  with  Eq.  (6.2)  of  Sieder  and  Tate  for  heat 
transfer: 


hiD 

k 


(D( A0-8  /cmV*  f^V 

0027  (t)  w  v^) 


14 


Table  17.1.  Average  Values  of  h/Kx  Calculated  from  Wet-bulb 

Determinations* 

Diffusion  into  Air 


Vapor 

h 

Kx 

Calculated  from  Chilton-Colburn 
analogy,  Eq.  (17.43) 

Benzene  . 

0.41 

0.44 

Carbon  tetrachloride . 

0.44 

0.49 

Chlorobenzene . 

0.44 

0.48 

Ethyl  acetate . 

0.42 

0.46 

Ethvlene  tetrachloride.  .  .  . 

0.50 

0 . 51 

Toluene . 

0.44 

0.47 

Water . 

0.26 

0.21 

*  Sherwood,  T.  K.,  Trans.  AIChE,  28,  107  (1932). 


when  (mA*»)M1  is  substantially  1.0  for  gases.  Other  interesting  exten- 
tions  of  the  theory  have  been  made  by  Arnold’  and  Chilton  and  Colburn.’ 

HUMIDIFICATION  AND  DEHUMIDIFICATION 

Humidifiers :  The  Cooling  Tower.  The  largest  present-day  uses  of 
diffusional  heat  transfer  are  found  in  the  cooling  tower,  the  air-eondition 
ing  spray  chamber,  the  spray  drier,  the  spray  tower,  and  the  spiay  po. 
The  use  of  cooling  towers  has  grown  tremendously  in  the  last  twenty 

zfhiid  ==  rsa  £ssxi  sg 


1  Sherwood,  op.  cit.,  p.  39. 

a:4P.S“w  **  Chem.,  26,  1183  (1931) 
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required  to  develop  the  continual  reuse  of  the  limited  water  they  may 
obtain  from  public  or  private  sources.  In  some  communities  even  river 
water,  which  may  be  present  in  abundance,  requires  precooling  as  dis¬ 
cussed  in  Chap.  7.  This  is  especially  true  of  some  of  the  rivers  in  the 
southern  part  of  the  United  States  having  northern  sources  and  which 
are  heated  to  the  dry-bulb  temperature  by  the  time  they  reach  the  South. 

The  available  temperature  of  cooling  water  has  been  shown  to  be  an 
important  economic  factor  in  the  design  of  modern  chemical  and  power 
plants.  In  the  chemical  plant  it  fixes  the  operating  pressure  on  the  con¬ 
densers  of  distillation  and  evaporation  processes  and  consequently  on  the 
equipment  preceding  them.  In  the  power  plant  it  fixes  the  turbine-  or 
engine-discharge  pressure  and  the  ultimate  recovery  of  heat.  For  these 
vital  reasons  the  study  of  the  cooling  tower  and  the  temperature  of  the 
water  made  available  by  it  is  of  great  importance  in  the  planning  of  a 
process.  The  cooling  tower  is  also  the  simplest  member  of  a  class  of 
apparatus  whose  potentialities  have  scarcely  been  realized. 

Classification  of  Cooling  Towers.  Modern  cooling  towers  are  classified 
according  to  the  means  by  which  air  is  supplied  the  tower.  All  employ 
stacked  horizontal  rows  of  fill  to  provide  increased  contact  surface 
between  the  air  and  water.  In  mechanical-draft  towers  the  air  is  supplied 
in  either  of  the  two  ways  shown  in  Fig.  17.5a  and  b.  If  the  air  is  sucked 
into  the  tower  by  a  fan  at  the  top  through  louvers  at  the  bottom,  it  is 
induced  draft .  If  the  air  is  forced  in  by  a  fan  at  the  bottom  and  dis¬ 
charges  through  the  top,  it  is  forced  draft.  Natural-circulation  towers  are 
of  two  types,  atmospheric  and  natural  draft  as  in  Fig.  17.5c  and  d. 

Mechanical-draft  Towers.  Towers  of  this  class  are  the  commonest 
erected  in  the  United  States  at  present,  and  of  these  the  vast  majority  are 
now  induced-draft  towers.  The  trend  toward  the  induced-draft  tower 
has  been  pronounced  only  in  the  last  ten  years,  but  it  represents  a  logical 
transition,  since  there  are  advantages  to  its  use  which  exceed  all  others 
except  under  very  special  conditions.  In  the  forced-draft  type  as  in 
Fig.  17.56  the  air  enters  through  a  circular  fan  opening  and  a  relatively 

ge  ineffective  height  and  volume  of  tower  must  be  provided  as  air- 
mlet  space.  The  air  distribution  is  relatively  poor,  since  the  air  must 

tXkntb  ^  A,  6  at  h'gh  veIocity-  I"  the  induced-draft  tower  on 
the  other  hand,  the  air  can  enter  along  one  or  more  entire  lengths  of  vvaU 

anTna.S.  a  freSul*  the  height  of  tower  required  for  air  entry  is  very  small ' 
the  forced-draft  tower  the  air  is  discharged  at  low  velocity  from  a 
large  opening  at  the  top  of  the  tower.  Under  these  ennditi™  i 

“it'r,  r,  ss;; 

by  p”“"y  h»  *i~d,  p-.srr.rrr 
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before.  When  this  occurs,  it  is  known  as  recirculation  and  reduces  the 
performance  capacity  of  the  cooling  tower.  In  the  induced-draft  tower 
the  air  discharges  through  the  fan  at  a  high  velocity  so  that  it  is  driven 
up  into  the  natural  air  currents  which  prevent  it  from  settling  at  the  air 
intake.  In  induced-draft  towers,  however,  the  pressure  drop  is  on  the 
intake  side  of  the  fan,  which  int  eases  the  total  fan-power  requirements. 
The  higher  velocity  of  discharge  of  the  induced-draft  tower  also  causes  a 


Air 


Hot  water 
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(ob- NATURAL  DRAFT 


(c)-ATMOSPHERIC 

Fio.  17.5.  The  common  types  of  cooling  towers. 

somewhat  greater  entrainment  or  drift  loss  of  water  droplets  carried  from 
the  system  by  the  air  stream. 

Natural-circulation  Towers.  In  use  in  Europe  and  the  Orient  the i  popu¬ 
larity  of  the  types  in  Fig.  17.5c  and  d  is  declining  in  the  United  States. 

This  is  particularly  true  of  the  natural-draft  tower.  , . 

The  atmospheric  tower  avails  itself  of  atmospheric  wind  cuiients.  An 
blows  through  the  louvered  sides  in  one  direction  at  a  time,  shi  ing  n 
the  time  of  year  and  other  atmospheric  conditions.  In  exposed  places 
having  average  wind  velocities  of  5  or  0  mph  the  atmospheric  tower  may 
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prove  to  be  the  most  economical  type,  and  where  power  costs  are  high,  it 
may  even  be  preferable  with  wind  velocities  as  low  as  2)^  to  3  mph. 
Since  the  atmospheric  currents  must  penetrate  the  entire  width  of  the 
tower,  the  towers  are  made  very  narrow  by  comparison  with  other  types 
and  must  be  very  long  to  afford  equal  capacity.  Towers  of  this  type  have 
been  built  which  are  over  2000  ft  long.  Drift  losses  occur  over  the  entire 
side  and  are  greater  than  for  other  types.  These  towers  make  less  effi¬ 
cient  use  of  the  available  potential,  since  they  operate  in  crossflow  whereas 
it  was  shown  in  Chap.  16  that  the  most  effective  use  of  potentials  occurs 
in  counterflow.  When  cooling  water  is  desired  at  a  temperature  close  to 
the  wet  bulb,  this  type  is  incapable  of  producing  it.  Atmospheric  towers 
are  consequently  extremely  large  and  have  high  initial  costs,  and  when  the 
air  is  becalmed,  they  may  cease  to  operate.  They  have  one  great  advan¬ 
tage,  however,  in  that  they  eliminate  the  principal  operating  cost  of 
mechanical  draft  towers,  i.e.,  the  cost  of  fan  power.  In  areas  with  low 
average  wind  velocities  the  fixed  charges  and  pumping  costs  offset  the 
advantage.  Representative  average  July  wind  velocities  in  the  United 
States  are  shown  in  Fig.  17.6.  An  average  velocity  exceeding  5  or  6  mph 
is  not  a  sufficient  indication  that  an  atmospheric  tower  is  the  best.  With 
an  average  wind  velocity  of  5  mph  the  tower  will  operate  at  less  than 
esign  capacity  for  part  of  the  time.  The  placement  of  the  tower  in  a 
5-mph  wind  locality  must  be  such  that  it  is  free  of  obstruction  and  can 
avail  itself  very  fully  of  existing  currents. 

Natural-draft  towers  operate  in  the  same  way  as  a  furnace  chimney. 
ir  is  heated  in  the  tower  by  the  hot  water  it  contacts,  so  that  its  density 
is  lowered.  The  difference  between  the  density  of  air  in  the  tower  and 
outside  it  causes  a  natural  flow  of  cold  air  in  at  the  bottom  and  the 

be  t'a  lffi  ffiS  Tf’  Warm  air  at  the  t0p-  Natural-draft  towers  must 
be  all  for  sufficient  buoyancy  and  must  have  large  cross  sections  because 

draft?6  Naturll  H  ft *  “  drculates  comPared  with  mechanical 

aft.  Natural-draft  towers  consume  more  pumping  power.  However 

In  n  T  C0St  0f  fan  poWer  and  may  be  more  reliable  in  some 

boa  ities  than  are  atmospheric  towers.  In  atmospheric  towers  emphasis 

must,  be  placed  on  wind  characteristics  In  natunl  dr*ft  P 

SSlfTT*  ,h~  •— ”  «*» «™‘,  -  «»y 

'*  “*  t  >»»« 

P  ‘ pray  nozzles-  which  spray  water  into  the 
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I' IQ*  17.6.  Summer  wind  data.  The  length  of  each  line  indicates  the  number  of  hours  in  a  normal  July  that  the  wind  blows 
toward  the  center  circles  at  each  of  71  stations.  Figures  in  circles  are  average  July  velocities  in  miles  per  hour.  {The  Marley 
Company.) 
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Feed, 

r  droplet /sec 


Feed, 

I  droplet/sec 


6 

Discharge, 

I  droplet/sec 

(a)-  FREE  FALL 
TOWER 

Fig. 
fall. 


air  without  inducing  air  currents.  These  do  not  operate  with  an  orderly 
attempt  at  air  flow  and  consequently  are  not  capable  of  producing  water 
approaching  the  wet  bulb  as  closely  as  cooling  towers.  Where  the  water 
must  be  cooled  over  a  short  range  and  without  a  close  approach  to  the 
wet-bulb  temperature,  spray  ponds  may  provide  the  most  economical 
solution  to  a  water-cooling  problem.  Drift  losses  in  spray  ponds  are 
relatively  high.  Spray  towers  are  also  used  widely.  They  are  similar 
to  atmospheric  towers  except  that  they  employ  little  or  no  fill. 

Cooling  towers  are  occasionally  equipped  with  bare-tube  bundles,  which 
are  inserted  just  above  the  water  basin  at  the  bottom  of  the  tower. 
These  are  referred  to  as  bare-tube  or  atmos¬ 
pheric  coolers.  The  primary  cooling  water 
flows  inside  the  cooler  while  tower  water 
is  continuously  circulated  over  it.  The 
primary  cooling  water  is  thus  contained  in 
a  totally  closed  system.  The  calculation  of 
this  type  of  apparatus  will  be  treated  in 
Chap.  20. 

Cooling-tower  Internals  and  the  Role  of 
Fill.  If  water  passes  through  a  nozzle 
capable  of  producing  small  droplets,  a  large 
surface  becomes  available  for  air-water 
contact.  Since  the  water-air  interface  is 
also  the  heat-transfer  surface,  the  use  of  a 
nozzle  permits  the  attainment  of  consider¬ 
able  performance  per  cubic  foot  of  contact 
apparatus.  This  is  the  principle  of  the 
spray  pond  and  the  spray  tower.  Consider 
a  hypothetical  spray  tower  as  shown  in  Fig. 

17.7a.  Liquid  fed  to  it  falls  through  by 
gravity.  If  the  tower  is  16  ft  high  and  no 

‘v^lhrlrettini?T-dJ°«‘he  ?r°Plet’  H  fal'S  "  accord 

and  Wm 

a  droplet  may  impinge  or  be  deflecfe^it  f°rmS  °n  which 

take  4  sec  to  fall  through  the  height  of  the  P°SS,Me  ^“ake  a  dr°Plet 
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continuously  removed  at  the  bottom  but  four  droplets  remain  in  the 
tower.  The  effective  surface  in  the  latter  is  that  of  four  droplets  or  four 
times  the  free-fall  surface.  The  function  of  fill  is  to  increase  the  available 
surface  in  the  tower  either  by  spreading  the  liquid  over  a  greater  surface 
or  by  retarding  the  rate  of  fall  of  the  droplet  surface  through  the  appa¬ 
ratus.  In  ordinary  diffusion  to'v  3rs  such  as  chemical  absorbers  the  pack¬ 
ing  is  introduced  in  the  form  of  Raschig  rings,  Berl  saddles,  or  other 
objects  which  are  very  compact  and  provide  a  surface  on  which  the  liquid 
spreads  and  exposes  a  large  film.  This  is  film  surface.  In  the  cooling 
tower,  because  of  the  requirement  of  a  large  air  volume  and  small  allow¬ 
able  pressure  drop,  it  is  customary  to  use  spaced  wooden  slats  of  tri¬ 
angular  or  rectangular  cross  section,  leaving  the  tower  substantially  unob- 


(oO-TRIANGULAR  FILL 


(b)-  RECTANGULAR  FILL 


Fig.  17.8  Common  types  of  cooling-tower  fill. 

structed.  The  packing,  or  fill,  in  a  cooling  tower  is  almost  entirely  fabri¬ 
cated  in  either  of  the  forms  of  Fig.  17.8,  and  its  purpose  is  to  interrupt .  the 
descent  of  liquid.  Although  the  free  space  between  adjoining  fill  slats 
relatively  large,  the  horizontal  projection  of  the  fill  does  not  permit  the 
droplets  of  liquid  to  fall  through  the  tower  without  impinging  repeatedly 
on  successively  lower  slats.  Some  of  the  liquid  striking  the  top  of  a  slat 

.spatters,  but  a  large  part  flows  about  it  and  breaks  into 

T  ..  „  cn  to  form  new  droplets  automatically  and  recreate  ne 

i » .h. «» - »«”■“' - f” 

=: 

rectangular  slats.  1  y  .  ,  inwpr  nressure  drops, 

than  those  of  triangular  cross  section  and  causj  ^  re)ies 

The  mechanism  of  producing  ,10p  .  ‘  turbulent  flow.  Consequently, 
upon  the  draining  liquid  breaking  into  turbutant  fl 

the  method  by  which  the  droplets  are  formed  at  the  top  of 
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little  consequence  to  the  overall  formation  of  surface  as  long  as  there  is  a 
uniform  distribution  of  liquid  over  the  entire  cross  section  of  the  tower. 

To  demonstrate  the  effectiveness  of  these  types  of  fill  the  free-fall 
analysis  can  be  carried  still  further.  According  to  the  free-fall  equation 
a  droplet  will  fall  16  ft  in  1  sec.  In  3^  sec  a  droplet  with  zero  velocity 
at  the  top  falls  approximately  4  ft,  and  its  average  velocity  is  8  fps.  In 
the  second  %  sec  it  falls  the  remaining  12  ft  with  an  average  velocity  of 
24  fps.  The  droplets  traverse  the  lower  three-quarters  of  the  tower  so 
quickly  that  the  time  of  contact  in  the  last  three-quarters  of  the  tower 
equals  only  that  of  the  first  quarter.  The  advantage  of  interrupted  fall 
thus  becomes  apparent:  Each  time  the  fall  is  interrupted  (say  at  each 
quarter  of  the  tower  in  Fig.  17.76)  it  is  as  if  a  droplet  with  zero  velocity 
were  starting  to  fall  anew,  and  the 
interrupted  tower  is  equivalent  to  the 
effective  first  quarters  of  four  spray 
towers  in  series. 

In  most  cooling  towers  the  liquid  is 
introduced  by  spraying  the  water 
upward  at  the  top  so  that  it  travels 
up  and  then  down  before  striking  the 
first  row  of  fill.  This  provides  effec¬ 
tive  contact  inexpensively,  since  the 
\  eiocity  of  a  droplet  traveling  upward 
must  decrease  to  zero  when  its  direc¬ 
tion  reverses.  Another  means  of 
increasing  the  surface  or  time  of  con¬ 
tact  in  spiay  towers  and  cooling  towers 

leaved  wfthgathe  Tter  0f  formin6  droplets.  The  same  can  be 

wetZtent  Tht  T  at°mizer  b*  usinS  a  water-soluble 

S,  g  ‘  .  1S 1S  not  v ery  Poetical,  however,  since  very  fine  dronlets 

*?■ «“ ss  “ms  s 

fhe  Heat  Balance.  Consider  the  flow  diagram  in  Fie  17  o  r/ 

Water  from°the  basin  of  the  tower  a  ^  Source  in  a  closed  circuit 
condensers,  where  its  temperaturtttised  *  TU.4  of  surface 

back  onto  the  tower  along  with  mnV*  \  ^eatec^  water  passes 
the  evaporation  from  the  svstem  n  *  T  which  compensates  for 

ing  through  the  tower  7  ^  t0  the  Saturation  of  the  air  pass- 


Fig.  17.9. 
air  flow. 


-qAo 

Cooling-tower  water  and 


584 


PROCESS  HEAT  TRANSFER 


For  convenience,  cooling  towers  are  analyzed  on  the  basis  of  1  ft2  of 
tower  internal  ground  area.  The  air  rate  or  air  loading  is  taken  as  the 
bone-dry  gas  rate  per  unit  of  ground  area  G  lb/(hr)(ft2).  The  water 
loading  at  the  top  of  the  tower  is  the  water  rate  per  unit  of  ground  area  L 
lb/(hr)(ft2),  and  the  make-up  rate  is  Lo  lb/(hr)(ft2).  The  heat  load  per 
hour  per  square  foot  q  is  accordi  gly  the  total  hourly  rate  Q  divided  by  the 
internal  ground  dimensions  of  the  tower.  Using  the  subscript  1  for  the 
inlet  and  2  for  the  outlet,  the  balance  around  the  tower  in  terms  of  the  gas 
for  a  0°F  datum  is 

q  +  LoCTo  =  G(H 2  -  Hx )  (17.46) 


where  C  is  the  specific  heat  of  water  and  H  is  the  enthalpy  per  pound 
of  bone-dry  air  and  including  the  heat  of  the  vapor  associated  with  the 
pound  of  bone-dry  air.  In  terms  of  the  water  loading  the  heat  balance  is 

q  =  LC(Ti  -  T%)  +  LoC(Tt  -  T0)  (17.47) 


Combining  both  equations, 

G(H2  -  Hi)  =  LC(Ti  -  T2)  +  LoCT2  (17.48) 

The  quantity  of  make-up  water  required  to  compensate  for  evaporation  is 

Lo  =  G(X2  -  X 0  (17.49) 


Dividing  Eq.  (17.48)  by  Eq.  (17.49) 

G(H2  -  Hi)  _  LCjTi  -  T2)  +  UCT, 
G[x2  -  x~7)  Lo 

u  jb  ~  =  LC(1\  -  Tt)  +  LoCT 2 

(A  2  —  A  1) 


(17.50) 

(17.51) 


Combining  Eq.  (17.51)  with  Eq.  (1/.47) 

LC{Ti  -  T2)  +  LoCT2  =  q  +  LoCTo 

U  -  (H2  -  Hi)/(X 2  -  Xi)  -  CTo 


(17.52) 

(17.53) 


Equation  (17.53)  gives  the  quantity  of  make-up  corresponding  to  any 
fixed  terminal  conditions.  The  enthalpy  for  saturated  air  appears  on 
ordinary  psychrometric  charts.  Caution  is  suggested  in  the  use  of  the.  c 
charts,  since  they  invariably  have  differing  datums,  .ome  emp  y 
0°F  air  datum  and  a  32°F  water  vapor  datum  to  the  use  of  tl 

Keenan  and  Keyes  steam  tables  (Table  7).  W  hen  a  single  charti^used, 
the  enthalpy  differences  are  all  of  sufficient  accuiacy 
calculations.  When  part  of  the  data  is  taken  from  one  char  a  P 
from  another,  serious  error  may  result.  For  the  solution  of  all  an-uater 
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mixtures  in  this  chapter  the  enthalpy  of  saturated  air  above  0°F  can  be 
computed  by 

H’  =  X't  +  X'\  +  0.24£  (17.54) 

where  0.24  is  the  specific  heat  of  air. 

For  unsaturated  air 


H  =  Xtnr  +  X\DP  +  0A5X(t  -  tDp)  +  0.24^  (17.55) 

where  0.45  is  the  specific  heat  of  water  vapor  from  0  to  120°F  and  the 
subscript  DP  refers  to  the  dew  point. 


Example  17.1.  Calculation  of  the  Enthalpy  of  Saturated  Air.  What  is  the  satura¬ 
tion  enthalpy  of  air  at  75°F? 

At  75°F  the  saturation  partial  pressure  of  water  is  0.4298  psia  (Table  7). 


Humidity,  X ' 


Pv)  1 1  w 
pt  —  Pw  Ma 


0.4298 

14.696  -  0.4298 


1 8 

X^=  0.0187  lb 


water /lb  air 


Enthalpy  above  0°F,  H'  =  0.0187  X  75  +  0.0187  X  1051.5  +  0.24  X  75 

=  39.1  Btu/lb  dry  air  (17.54) 

The  enthalpies  of  Tables  17.2  and  17.3  have  been  computed  in  this  manner. 


Table  17.2.  Enthalpies  and  Humidities  of  Air-Water  Mixtures  at  14.7  Psia 


Temp, 


40 

45 

50 

55 

60 

65 

70 

75 

80 

85 

90 

95 

100 

105 

110 

115 

120 

125 

130 

135 

140 

145 

150 


°F 

Vapor 

pressure,  psia 

Humidity, 
lb  H20/lb  air 

Enthalpy, 
Btu/lb  air 

v  air, 
ft3/lb 

v  air  +  H20, 
ftyib 

0.1217 

0.1475 

0.1781 

0.2141 

0.2563 

0.3056 

0.3631 

0.4298 

0.5069 

0.5959 

0.6982 

0.8153 

0.9492 

1.1016 

1.2748 

1 . 4709 
1.6924 
1.9420 
2.2225 
2.5370 
2.8886 
3.2810 

3 . 7180 

- - 

0.005 

0.0063 

0.0076 

0.0098 

0.0110 

0.0130 

0.0160 

0.0189 

0.0222 

0.0262 

0.0310 

0.0365 

0.0430 

0.0503 

0.0590 

0.0691 

0.0810 

0.0948 

0.1108 

0.1300 

0.1520 

0.1810 

0.2160 

15.15 

17.8 

20.5 

23.8 

26.7 

30.4 

34.5 

39.1 

44.1 

50.0 

56.7 

64.2 

72.7 

82.5 

93.8 

106.7 

121.5 

138.8 

158.5 

181.9 

208.6 
243.8 
286.0 

12.59 

12.72 
12.84 
12.97 

13.10 

13.23 

13.35 

13.48 

13.60 

13.73 
13.86 
13.99 

14.11 

14.24 

14.36 

14.49 
14.62 
14.75 
14.88 
15.00 
15.13 
15.26 
15.39 

12.70 

12.85 

13.00 

13.16 

13.33 

13.51 

13.69 

13.88 

14.09 

14.31 

14.55 

14.81 

15.08 

15.39 

15.73 

16.10 

16.52 

16.99 

17.53 

18.13 

18.84 

19.64 

20.60 
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Table  17.3.  Enthalpies  and  Humidities  at  Various  Elevations 

Elevations  are  feet  above  sea  level 
Humidity,  X',  lb  water /lb  dry  air;  enthalpies,  H Btu/lb  dry  air 


Temp., 

2000 

4000 

6000 

8000 

°F 

A'' 

H' 

X  ’ 

H' 

X ' 

H' 

X ' 

H' 

40 

0 . 0056 

15.8 

0.0061 

16.4 

0.0065 

16.8 

0.0070 

17.3 

45 

0.00680 

18.4 

0.0073 

18.9 

0.0079 

19.6 

0.0085 

20.3 

50 

0 . 0082 

21.1 

0 . 0088 

21.8 

0.0095 

22.6 

0.0103 

23.4 

55 

0.0099 

24.3 

0.0106 

25.0 

0.0115 

26.0 

0.0124 

27.0 

60 

0.0119 

27.7 

0.0128 

28.7 

0.0138 

29.8 

0.0149 

31.0 

65 

0.01420 

31.5 

0.0153 

32.8 

0.0165 

34.1 

0.0178 

35.6 

70 

0.0170 

35.9 

0.0183 

37.3 

0.0197 

38.9 

0.0212 

40.6 

75 

0.0202 

40.7 

0.0217 

42.2 

0.0234 

44.4 

0.0253 

46.5 

80 

0.0239 

46.1 

0.0253 

47.7 

0.0278 

50.5 

0.0300 

53.0 

85 

0 . 0284 

52.5 

0.0306 

55.0 

0.0330 

57.7 

0.0358 

60.9 

90 

0.0334 

59.4 

0.0361 

62.4 

0.0390 

65.7 

0.0425 

69.6 

95 

0.0394 

67.5 

0.0425 

71.0 

0.0460 

75.0 

0.0499 

80.4 

100 

0.0465 

76.8 

0.0501 

81.0 

0.0544 

85.7 

0.0590 

91.0 

105 

0.0545 

87.2 

0.0590 

92.4 

0.0640 

98.1 

0.0695 

104.3 

110 

0 . 0645 

99.9 

0.0692 

105.4 

0.0751 

111.9 

0.0819 

119.8 

115 

0.0750 

113.4 

0.0812 

120.6 

0.0885 

128.8 

0.0964 

137.8 

120 

0.0880 

129.8 

0.0955 

130.3 

0.1040 

147.0 

0.1137 

158.8 

125 

0.1029 

148.0 

0.1120 

158.5 

0.1220 

170.0 

0.1340 

183.5 

130 

0.1208 

169.8 

0.1317 

182.4 

0.1440 

196.7 

0.1580 

212.7 

135 

0.1412 

195.1 

0.1548 

210.6 

0.1698 

227.9 

0.1870 

247.6 

140 

0 . 1665 

225.7 

0.1830 

244.8 

0.2010 

265.5 

0.2220 

289.7 

145 

0.1965 

261.8 

0.2190 

287.8 

0.2420 

314.8 

0.2690 

345.8 

150 

0 . 2320 

304.5 

0.2560 

332.3 

0.2842 

365.0 

0.3180 

404.0 

Heat  Transfer  by  Simultaneous  Diffusion  and  Convection.  In  the  wet- 
bulb  experiment  the  air  and  water  were  initially  at  the  same  temperature, 
although  this  was  not  a  necessary  requirement.  By  simply  referring  to 
Fig  17.3  it  can  be  seen  that  the  equilibrium  represented  by  the  wet- 
bulb  temperature  is  influenced  by  the  absolute  vapor  content  of  the  air. 

In  a  cooling  toryer  hot  water  is  cooled  by  cold  air.  When  water  passes 
through  the  tower,  the  water  temperature  may  fall  below  the  dry  bulb  of 
the  inlet  air  but  not  lower  than  the  wet  bulb  of  the  inlet  air.  Consider 
the  tower  to  be  divided  into  two  portions.  In  the  upper  portion  hot 
water  contacts  outlet  air  which  is  colder  than  the  water  Unlike  the 
wet-bulb  experiment,  in  this  case  the  partial  pressure  of  the  water  out 
of  the  liquid  is  greater  than  that  in  the  exit  air  while  the  temperature 
I  £  water  i.  -  greater  than  that  of  the  .alt  air.  ---* 
work  to  decreaa.  the  water  temperature  hy  e.apor.l.on  and 
transfer  to  the  air,  thereby  increasing  the  air  enthalpy.  In  this  manne  , 
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depending  upon  the  amount  of  air  and  the  amount  of  evaporation  it  is 
possible  for  the  temperature  of  the  water  to  fall  to  or  below  the  dry  bulb 
of  the  inlet  air  before  reaching  the  bottom  of  the  tower  where  the  air 
enters.  It  is  the  fact  that  both  potentials  may  operate  adiabatically  in 
the  same  direction  while  saturating  air  which  makes  the  cooling  tower  so 
effective  for  cooling  water.  In  the  lower  portion  of  the  tower  the  water 
may  possess  a  temperature  equal  to  or  lower  than  the  dry  bulb  of  the  air 
it  contacts,  and  sensible  heat  and  mass  transfer  are  in  opposite  directions, 
identical  with  the  wet-bulb  experiment.  The  limit  to  which  the  outlet 
water  temperature  may  then  fall  in  a  cooling  tower  is  that  which  is 
adiabatically  in  equilibrium  with  the  inlet  air,  namely,  the  wet  bulb. 

The  derivation  of  the  performance  of  a  cooling  tower  given  below  is 
essentially  that  of  Merkel.1  Since  the  total  heat  transfer  in  a  cooling 
tower  is  the  passage  of  heat  by  diffusion  and  convection  from  the  water 
to  the  air, 

q  =  qa  +  qc  (17.56) 


where  qd  Btu/(hr)(ft2)  is  the  portion  transferred  by  diffusion  and  qc 
Btu/ (hr)  (ft2)  is  the  portion  transferred  by  convection.  In  the  definition 
of  q  it  should  be  lemembered  that  the  area  implied  by  its  dimensions  is 
the  giound  area  of  the  tower  and  not  the  heat-transfer  surface. 

If  X  is  the  average  latent  heat  of  vaporization  of  all  the  water  vaporized 
in  the  tower, 

qd  =  L0\  (nearly)  (17.57) 

Combining  with  Eq.  (17.47) 


and 


qc  =  LC{TX  -  T2)  +  LC{T2  -  To)  -  L0\ 


(17.58) 


—  =  -hL0C(T2—T o)  — L0X  _  LC(Ti  -  TV)  +  LoC(T2  - 

Qd  LoX  Lo\ 


qa 
But 
and 

from  which 


1  o) 


-1 


L o  =  G(X2  -  X,) 

g(h2  -  Ht)  =  lc(tl  -  r2)  +  l„c(t2  -  r„) 


(17.59) 

(17.60) 
(17.48) 

(17.61) 

*  “r “ th' a.  h„, 


£c  __  Hi  —  H i\ 

qd  x  Xx^TxJ  - 


i 
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same  direction,  is  fixed  by  the  inlet  and  outlet  air  conditions,  which  are 
either  known  or  can  be  obtained  by  calculation.  While  Eq.  (17.61) 
establishes  the  quantities  of  heat  transfer  by  convection  and  diffusion, 
the  ratio  of  the  rates  of  heat  and  mass  transfer  has  been  set  by  the  Lewis 
number. 

Based  on  the  overall  rather  lan  the  individual  films,  the  sensible-heat 
transfer  from  the  water  at  temperature  T  to  the  air  at  temperature  t  is 
given  by 

dqc  =  h(T  -  t)a  dV  (17.62) 


where  a  is  the  surface  of  the  water  per  cubic  foot  of  tower  as  both  droplet 
and  film  surface  and  dV  is  the  differential  tower  volume  in  which  the 
surface  exists.  From  this  a  dV  =  dA,  where  A  is  the  heat-transfer 
surface.  If  c  is  the  humid  heat  of  the  air  defined  by  c  =  0.24  +  0.45X, 


dqc  =  Gc  dt  (17.63) 

dqd  =  \dL  (17.64) 


Since  dL  is  the  rate  at  which  material  diffuses,  the  differential  form  of 
Eq.  (17.26)  for  weight  flow  is 

Ks  dL  =  K0(p'  -  v)a  dV  (17.65) 


where  p'  is  the  partial  pressure  of  water  corresponding  to  the  water 
temperature  T  and  p  is  the  vapor  pressure  in  the  air.  For  all  practical 
purposes  the  humidity  can  be  considered  proportional  to  the  partial 
pressure,  at  least  in  the  range  encountered  in  cooling-tower  applications. 
Equation  (17.65)  becomes 

dL  =  Kx(X'  -  X)a  dV  (17.66) 

where  X'  is  the  humidity  at  the  water  temperature  T  and  X  the  humidity 
of  the  air. 

Substituting  in  Eq.  (17.64), 

dqd  —  Kx\(X'  —  X)a  d\  (17.67) 

The  water  evaporated  dL  increases  the  humidity  of  the  air  stream  above 
its  value  at  the  inlet  by 

dL  =  G  dX  (l'-(>8) 


The  combined  heat  transfer  dq  is  then  the  sum  of  both  modes  of  transfer 
dq  =  dq,  +  dqd  =  h(T  -  t)a  dV  +  KzHX’  -  X)a  dV  (17.69) 

^  dq-QdH  (17-70) 

Equation  (17.70)  is  useful  if  it  can  be  combined  with  Eq.  (17.69),  since 
it  expresses  the  total  heat  transfer  in  the  system  m  heat  units  alone, 
order  to  avoid  the  appearance  of  both  X  and  H  in  the  same  equation,  the 
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X  values  can  be  factored  out.  Using  an  average  value  for  the  humid 
heat  c  and  the  latent  heat  X  and  neglecting  superheat,  all  of  which  are 
permissible  in  the  relatively  close  range  in  which  the  cooling  tower  oper¬ 
ates,  for  an  air-water  mixture  consisting  of  1  lb  of  air  and  X  lb  of  water 


vapor, 


H  =  let  +  XX 
G  dH  =  G(c  dt  +  \  dX ) 


(17.71)* 

(17.72) 


Regrouping  Eq.  (17.69), 

dq  =  Kxa  dV 

Add  and  subtract  c(T  —  t). 


(£  +  xx  )  ~  Qh  + xx)]  (17-73> 


dq  =  Kxd  dV 


(cT  -f  XX')  -  (ct  +  XX)  +  c(T 


-»( 


( h  1 

\Kxc 

)\ 

Substitute  Eq.  (17.71)  into  Eq.  (17.74). 


dq  =  Kxa  dV  (H'  -  H)  +  c(T  -  t)  (jN  -  A 


(17.74) 


(17.75) 


dq  can  be  expressed  in  terms  of  the  enthalpy  decrease  of  the  total  water 
quantity  or  the  enthalpy  increase  of  the  total  air  mixture,  both  of  which 
are  equal. 

dq  =  d{LCT)  =  G  dH  (17.76.^ 

The  gas  loading  G  remains  constant  throughout  the  tower  because  it 
is  based  on  the  bone-dry  gas  only.  The  liquid  loading  is  not  quite  con¬ 
stant,  however,  owing  to  the  evaporation  of  water  into  the  bone-dry  air. 
The  saturation  loss  from  water  to  air  amounts  to  less  than  2  per  cent  of  the 
water  circulated  over  the  tower  and  may  be  considered  constant  without 
introducing  a  serious  error. 

Hence 


and 


d{L<JT)  =  LG  dT 


.i  i  j 


LC  dT  —  G  dH 

From  Table  17.1,  for  water  diffusing  into  air  the  Lewis  number  is  approxi¬ 
mately  h/Kxc  -  1,  and  the  last  term  of  Eq.  (17.75)  drops  out,  thus 

LC  dT  =  G  dH  =  Kx{H '  —  H)adV  (17.79) 

By  mtroduemg  the  mass-transfer-rate  equivalent  Kx  =  h/c  both  modes 
of  heat  transfer  can  be  combined  by  the  use  of  either  coefficient  ZcZ 

is  not  l  n  UaT  f  A  T'  Actually  h/KxC  for  the  system  air-water 
'  .  °  predlcted  by the  Lewis  number.  The  data  of  several  invest!- 

hW  18  an  approximation  for  Eqs.  (17.54)  and  (17.55). 
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gators  indicate  that  the  value  of  the  Lewis  number  is  nearer  0.9.  In 
practice  Eq.  (17.79)  is  always  evaluated  from  diffusion  potentials,  which 
means  that  only  the  convection  heat-transfer  coefficient  is  in  error  if  the 
theoretical  value  of  the  Lewis  number  is  used.  In  most  cooling-tower 
services  the  convection-heat  transfer  alone  represents  less  than  20  per 
cent  of  the  total  heat  load.  L  ne  development  of  equations  without  the 
convenient  simplification  that  the  Lewis  number  equals  1.0  will  be  treated 
later. 

The  Analysis  of  Cooling-tower  Requirements.  Equation  (17.79)  is 
the  key  equation  for  the  calculation  of  the  design  and  the  analysis  of  per¬ 
formance  in  cooling  towers.  Kx  is  the  overall  transfer-rate  term  analo¬ 
gous  to  Uc  in  exchangers,  and  it  should  be  remembered  that  there  is  no 
dirt  factor  in  direct-contact  heat  transfer.  However,  in  tubular  exchang¬ 
ers  the  heat-transfer  surface  is  usually  known  or  can  be  readily  computed. 
In  the  cooling  tower  the  value  of  a  cannot  be  determined  directly,  since 
it  is  composed  of  a  random  disposition  of  droplet  and  film  surface.  The 
film  surface  is  nearly  independent  of  the  thickness  of  the  film,  while  the 
droplet  surface  is  dependent  upon  both  the  portion  of  the  liquid  loading 
forming  droplets  and  the  average  size  of  the  droplets  formed.  In  a  tower 
having  interrupted  fall  other  factors  will  obviously  enter.  1  he  inability 
to  calculate  a  is  overcome  by  experimentally  determining  the  product 
Kxa  as  a  whole  for  a  particular  type  of  tower  fill  and  at  specific  rates  of 
flow  for  the  diffusing  fluids  comprising  the  system. 


In  the  development  of  diffusion  theory  it  was  shown  that  the  number 
of  transfer  units  nt  obtained  from  Eq.  (17.30)  provided  a  useful  means  of 
sizing  the  task  to  be  accomplished  in  fulfilling  a  required  amount  of  mass 
transfer  by  diffusion.  For  a  particular  type  of  fill  if  the  height  of  one 
transfer  unit  ( HTU )  is  known,  the  total  height  of  tower  required  for  the 
task  per  square  foot  of  ground  area  is  obtained  as  the  pi  oduet  of  tit(HTL ). 
The  units  of  mols  and  atmospheres  are  convenient  for  absorption  calcu¬ 
lations  but  the  pound  is  m<  re  convenient  in  diffusion-heat  transfer. 
Equation  (17.79)  is  seen  to  be  the  analogue  of  Eq.  (17.29)  except  that  the- 
portion  of  the  total  Btu  transferred  by  sensible-heat  transfer  has  first, 
been  converted  by  the  Lewis  number  into  an  equivalent  quantity  of 
Btu  mass  transfer  and  then  combined  with  the  actual  mass  transfer 
since  it  is  a  fixed  proportion  of  it.  Consequently,  G  dll  is  the  total  heat 
transfer  in  the  diffusion  tower.  Rearranging  Eq.  (17.79), 


(17.80) 


n,\  = 


(17.81): 
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While  Eq.  (17.80)  resembles  Eq.  (17.30)  except  for  its  dimensions,  it  is 
not  very  convenient  for  use  in  cooling-tower  calculations  where  the 
principal  interest  lies  in  the  temperature  of  the  water  produced.  Equa¬ 
tion  (17.80)  can  be  transformed  to  Eq.  (17.81)  when  multiplied  by  the 
ratio  G/L  and  recalling  that  C  =  1.0  for  water.  It  is  more  convenient  to 
use  Eq.  (17.81),  whose  value  will  be  called  the  number  of  diffusion  units 
n d  to  avoid  confusion  with  the  number  of  transfer  units  nt.  If  the  height 
of  one  diffusion  unit  II DU  is  known  for  a  given  type  of  fill,  the  total  height 
of  tower  required  for  a  given  service  can  be  computed. 

Determination  of  the  Number  of  Diffusion  Units.  The  number  of  diffu¬ 
sion  units  calculated  by  Eq.  (17.81)  is  equal  to  fdT/(H'  —  H)  and  is  deter¬ 
mined  only  by  the  process  conditions  imposed  upon  a  tower  and  not  the 


performance  of  the  tower  itself.  Only  the  HDU  is  obtained  experimen- 
a  y.  If  a  quantity  of  water  of  a  given  inlet  temperature  and  a  quantity 

number  of  dXs-  ^  T  ‘°  be  contacted>  *  "’ill  require  a  certain 
bei  ol  diffusion  units  as  determined  by  the  integration  of  Eq.  (17  81) 

o  reduce  the  water  to  any  desired  temperature.  The  number  of  diffusion 

^  Ai’artJss.' issr  "nl“  - 

Since  the  temperature  of  the  water  T  is  not  a  simple  function  of  W  and 
H,  it  .8  more  convenient  to  carry  out  the  integration  of  Eo  n -  « 

-  t-  «*■*.  -  f*  i“o“,  tjtas 
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saturation  enthalpies  of  air  H'  are  plotted  against  the  water  temperature 
T  throughout  the  water  range  in  the  tower.  The  saturation  values  of  H' 
form  a  curve  which  are  the  values  of  air  saturated  at  the  water  temperature 
and  which  may  be  regarded  to  exist  at  the  air  film  on  the  surface  of  the 
water.  Since  the  saturatior  enthalpies  also  include  the  saturation 
humidities,  this  line  is  equivalent  to  the  vapor  pressure  of  water  out  of 
the  water. 

The  next  requirement  is  to  determine  the  actual  enthalpy  at  any  point 
in  the  tower.  Equation  (17.78)  states  that  LC  dT  =  G  dll,  where 
C  =  1.0  for  water.  It  relates  the  change  in  enthalpy  in  the  gas  phase  dH 
to  the  accompanying  change  in  the  water  temperature  dT  in  contact 
with  the  gas.  This  change  can  be  represented  by  rearranging  Eq.  (17.78) 
to  give 


L  _  dH 
G  dT 


(17.82) 


which  is  the  equation  of  a  straight  line  in  Fig.  17.10a  whose  slope  is  the 
ratio  of  the  liquid  to  air  loading  L/G.  The  value  of  H  at  any  point  on  the 
operating  line  is  given  by 


2  =  +  §  (Tt  -  Ti) 


(17.83) 


since  the  enthalpy  of  the  inlet  air  II i  is  known  or  can  be  readily  deter¬ 
mined.  As  a  visual  aid  it  should  be  understood  that  the  area  on  the 
graph  between  the  saturation  curve  and  the  operating  line  is  an  indication 
of  the  size  of  the  potential  promoting  the  total  heat  transfer.  A  change 
in  process  conditions  such  that  the  operating  line  is  moved  downward  to 
include  a  greater  area  between  itself  and  the  saturation  line  means  that 
fewer  diffusion  units  and  a  lesser  height  of  any  type  of  tower  are  ulti¬ 
mately  required.  At  any  temperature  T  in  the  column  between  T i  and 
To  the  potential  driving  heat  out  of  the  saturated  film  at  the  water  surface: 
and  into  the  unsaturated  air  s  the  difference  between  the  value  of  H'  and. 
H  at  that  point.  By  taking  small  increments  of  T  and  dividing  by  the* 
average  difference  of  H'  -  H  for  the  increment,  the  number  of  diffusion, 
units  required  to  change  the  temperature  of  the  water  is  obtained.  Whem 
the  increments  are  summed  up,  the  total  change  in  the  water  temperature- 
gives  the  total  value  of  nd.  As  mentioned  above,  the  starting  point  foi 
the  operating  line  Hx  is  obtained  from  the  condition  of  the  atmospheric- 

air  entering  the  tower  at  the  bottom.  .  „  n-  OAN. 

When  the  number  of  diffusion  units  is  obtained  from  Eq.  (  '• 
instead  of  Eq.  (17.81),  (Hf  -  U)  can  be  obtained  as  the  log  mean  of  th  . 
enthalpy  difference  at  the  bottom  and  top  of  the  tower.  In  Tig.  . 

?his  is  equivalent  to  taking  the  area  between  the  operating  line  and  « 
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straight  line  drawn  between  H[  and  H2.  The  potential  obtained  in  this 
manner  is  greater  than  the  actual  potential  and  causes  errors  which  may 
be  on  the  unsafe  side.  To  obtain  the  number  of  diffusion  units  from  the 
/  dH/(H'  -  H),  the  expression  must  be  multiplied  by  G/L . 

Correction  for  the  Liquid-film  Resistance.  From  Eqs.  (17.46)  to 
(17.82)  the  derivation  was  based  upon  the  assumption  that  the  overall 
coefficient  and  the  gas-side  coefficient  were  identical.  This,  of  course, 
implied  that  the  liquid  film  does  not  offer  any  significant  resistance  to 
diffusion  and  that  the  gas  side  is  controlling.  This  may  be  in  error,  par¬ 
ticularly  when  the  humidifying  liquid  is  an  aqueous  solution.  McAdams 1 
has  devised  an  excellent  graphic  method  of  allowing  for  the  resistance 
of  the  liquid  film.  In  writing  Eq.  (17.62)  it  was  assumed  that  h  was 
identical  with  hG,  which  is  the  heat-transfer  coefficient  from  the  liquid- 
film-air-film  interface  to  the  air.  When  there  is  an  appreciable  liquid- 
film  resistance,  h  in  Eq.  (17.62)  should  more  correctly  be  written  as  an 
overall  coefficient  U,  since  it  is  the  resultant  of  ho  and  Kl,  the  latter 
being  the  convection  coefficient  from  the  liquid  film  to  the  interface,  h 
without  a  subscript  will  be  retained  for  cooling-tower  applications  in 
place  of  U  because  it  is  consistent  with  much  of  the  literature.  For  the 
actual  relationship  when  there  is  a  significant  liquid-film  resistance, 
rewrite  Eq.  (17.62). 

LC  dT  =  hL(T  -  Ti)a  dV  (17.62 a) 

which  is  the  rate  of  transfer  from  the  liquid  body  through  the  liquid 
film  to  the  liquid-air  interface.  The  rate  of  sensible  transfer  from  the 
interface  through  the  gas  film  to  the  gas  body  is  given  by 


Gcdt  =  hG(Ti  -  t)ad.V 

The  analogue  of  Eq.  (17.79)  may  be  obtained  in  terms  of  the  interface. 

G  dX  =  kx(Xi  -  X ) 

Applying  the  Lewis  number  h„/kxc  =  1,  where  kx  is  the  gas-side  diffu- 
sion  coefficient, 

GdH  =  kx(Hi  -  H)a  dV  (17.79a) 

Equating  (17.62a)  and  (17.79a)  gives 

hL_  _  Hi  -  II 
kx 


Ti  -  T 

fachrofThet0tFig;  ^'106’  ?  Hr,°f  negative  Sl°pe  ~hL,h*  is  drawn 

.  1  j  P01I!tS  °f  the  operatm«  llne  and  the  potential  is  the 

area  included  between  the  saturation  line,  the  operating  line,  and  the 

ComMp^  *  P-  290,  McGraw-Hill  Booh 
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two  lines  of  negative  slope.  The  interface  values  of  the  enthalpies  and 
temperatures  are  marked  accordingly. 

Cooling-tower  Process  Conditions.  From  the  standpoint  of  tube  cor¬ 
rosion  120°F  is  the  maximum  temperature  at  which  cooling  water  ordi¬ 
narily  emerges  from  tubular  equipment.  If  some  of  the  liquid  products 
in  a  plant  are  cooled  below  120°1  ,  the  outlet-water  temperature  is  usually 
lower  than  120°F  in  order  to  prevent  an  appreciable  temperature  cross 
inside  the  tubular  equipment.  The  temperature  of  the  water  to  a  cooling 
tower  rarely  exceeds  120°F  and  is  usually  less.  When  the  temperature 
of  the  water  from  a  process  is  over  120°F,  the  increased  evaporation  may 
justify  the  use  of  an  atmospheric  cooler  to  prevent  the  direct  contact 
between  hot  water  and  air. 

The  lowest  possible  temperature  to  which  water  can  be  cooled  in  a 
cooling  tower  corresponds  to  the  wet-bulb  temperature  of  the  air.  This 
is  not  a  practical  limit,  however,  since  the  vapor  pressure  out  of  the  water 
and  in  the  air  will  be  the  same  when  the  water  attains  the  wet-bulb 
temperature,  resulting  in  a  zero  diffusion  potential  for  which  an  infinite 
tower  is  required.  The  difference  between  the  water-outlet  temperature 
from  the  tower  T 2  and  the  wet-bulb  temperature  is  called  the  approach 
in  a  cooling  tower.  Since  most  cooling  towers  operate  over  nearly  the 
same  water  range,  the  approach  is  the  principal  index  of  how  difficult 
the  task  will  be  as  well  as  an  indication  of  the  number  of  diffusion  units 
which  will  be  required. 

In  Fig.  17.11  is  shown  a  map  of  the  United  States  on  which  are  recorded 
the  wet-bulb  temperatures  which  are  not  exceeded  for  more  than  5  per 
cent  of  the  total  hours  for  the  four  summer  months  from  June  through 
September.  In  the  northeastern  portion  of  the  country  the  5  per  cent 
wet-bulb  temperature  is  about  75°F,  and  it  is  customary  in  this  region  to 
cool  the  water  in  a  tower  to  a  10°  approach,  or  85°F.  On  the  Gulf  Coast 
the  5  per  cent  wet-bulb  temperature  is  about  80°F,  and  in  these  regions  it 
is  customary  to  invest  more  in  croling  towers  by  cooling  to  a  5°  approach, 
or  again  85°F.  Countless  installations  have  justified  the  economics  of 
these  approaches.  It  must  be  realized,  however,  that,  when  a  tower  is 
designed  for  a  definite  approach  to  the  5  per  cent  wet  bulb,  there  will  be 
some  hours  during  which  the  water  issuing  from  the  tower  will  be  warmer 
than  originally  specified  in  the  process  conditions. 

When  a  process  involves  volatile  materials  or  vacuum  operation,  the 
5  per  cent  wet  bulb  is  discarded  for  another  basis  of  selection.  The 
approach  may  be  selected  as  a  compromise  between  the  values  m  Fig. 
17  11  and  a  compilation  of  reasonable  maximum  temperatures,  buch  a 
compilation  is  contained  in  Table  17.4.  These  are  not  the  all-time  maxi- 
mums  but  temperatures  which  are  rarely  exceeded.  As  an  example,  dur- 
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Table  17.4.  Reasonable  Maximum  Temperatures  and  Absolute  Maximum 

Wind  Velocities  in  the  United  States* 


Reasonable  maxi- 

Max 

mum 

Temp,  °F 

recorded 

State 

City 

wind 

Dry 

Wet 

Dew 

velocity, 

bulb 

bulb 

point 

mph 

Alabama . 

Mobile 

95 

82 

80 

87 

40 

Arizona . 

Phoenix 

113 

78 

n  .  \ 
i  4 

Arkansas . 

Little  Rock 

103 

83 

78 

49 

California . 

Fresno 

110 

75 

66 

41 

Laguna  Beach 

82 

70 

68 

Oakland 

94 

68 

67 

50 

San  Diego 

88 

74 

72 

43 

Williams 

110 

80 

71 

Colorado . 

Denver 

99 

68 

64 

53 

Grand  Junction 

102 

68 

63 

Connecticut . 

Hartford 

82 

58 

District  of  Columbia . 

Washington 

Jacksonville 

99 

84 

80 

55 

Florida . 

99 

82 

79 

58 

Miami 

92 

81 

79 

87 

Georgia . 

Atlanta 

101 

82 

79 

51 

Idabo .  ...  . 

Boise 

109 

71 

65 

43 

Illinois .  . 

Chicago 

Moline 

104 

80 

77 

65 

103 

83 

80 

Tndla.rm.  . 

Evansville 

102 

82 

79 

60 

TCnnsas  . 

Wichita 

110 

79 

74 

68 

Tnnisin.na.  . 

New  Orleans 

95 

83 

81 

66 

Shreveport 

102 

83 

79 

50 

IVTflQsq.fiVmRetts  . 

Boston 

96 

78 

76 

60 

A/Tipliiomn 

Detroit 

101 

79 

76 

67 

A/Tirmpsrttn  . 

St.  Paul 

103 

79 

75 

78 

TVTics:iQ«inni  . 

Jackson 

103 

83 

80 

49 

Miasfuiri  . 

Kansas  City 

109 

79 

76 

57 

Kir1  sville 

108 

82 

79 

St.  Louis 

108 

81 

76 

91 

Springfield 

98 

79 

76 

52 

Helena 

97 

70 

60 

54 

Nebraska . 

North  Platte 

104 

76 

71 

73 

Omaha 

108 

80 

75 

53 

Elko 

101 

64 

58 

46 

Reno 

102 

66 

56 

Camden 

102 

82 

78 

68 

Newark 

99 

81 

77 

63 

59 

New  Mexico 

Albuquerque 

98 

68 

78 

66 

Albany 

97 

75 

,\  t  W  x  UI  iv  .  . 

Buffalo 

93 

7  ( 

74 

k  3 

I  New  York 

1  100 

81 

78 

73 
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Table  17.4.  Reasonable  Maximum  Temperatures  and  Absolute  Maximum 
Wind  Velocities  in  the  United  States.* * — ( Continued ) 


City 

Reasonable  maxi¬ 
mum,  Temp,  °F 

Dry 

bulb 

Wet 

bulb 

Dew 

point 

.  Raleigh 

98 

82 

80 

Wilmington 

94 

81 

79 

.  Fargo 

105 

.  Cincinnati 

106 

81 

78 

Cleveland 

101 

79 

76 

.  Tulsa 

106 

79 

77 

.  Portland 

99 

70 

68 

.  Bellefonte 

96 

78 

75 

Pittsburgh 

98 

79 

74 

.  Charleston 

98 

82 

80 

.  Huron 

106 

76 

74 

Rapid  City 

103 

71 

66 

.  Knoxville 

100 

79 

76 

Memphis 

103 

83 

80 

Amarillo 

101 

75 

70 

Brownsville 

96 

80 

79 

Dallas 

105 

80 

76 

El  Paso 

101 

72 

69 

Houston 

100 

81 

79 

San  Antonio 

102 

83 

82 

Modena 

97 

66 

61 

Salt  Lake  City 

102 

68 

64 

Seattle 

86 

70 

67 

Spokane 

106 

68 

58 

Green  Bay 

99 

79 

75 

La  Crosse 

100 

83 

81 

Rock  Springs 

91 

62 

58 

State 


North  Carolina. 


North  Dakota . 
Ohio . 


Oklahoma 

Oregon . 

Pennsylvania . 


South  Carolina . 
South  Dakota . . 


1  ennessee . 


Texas. 


Utah. 


Washington 


Wisconsin . 


Max 

recorded 

wind 

velocity, 

mph 


45 

53 

58 

54 
60 

43 

56 

81 

56 

59 

58 
65 
80 
63 

60 
63 
56 

53 

59 
41 
53 
69 


Wyoming. 

*  Courtesy  the  Marley  Company. 

mg  a  14-year  period  the  wet-bulb  temperature  in  New  York-  r;t  i 
tw.ce  exceeded  80°F  for  7  hr  duration  or  more  On  one *  °’ * 

able  maximum  of  81°F  CnnlinJ .  en  *  and  the  reason- 

stand  a  wind  velocity  of  100  mnh  wi-6fS.are  usua^y  designed  to  with- 

y  1  100  mPh'  whlch  is  equivalent  to  30  lb/ft2. 
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In  the  study  of  cooling  towers  the  impression  sometimes  arises  that 
the  cooling  tower  cannot  operate  when  the  inlet  air  is  at  its  wet-bulb 
temperature.  This,  of  course,  is  not  so.  When  air  at  the  wet-bulb 
temperature  enters  the  tower,  it  receives  sensible  heat  from  the  hot  water, 
and  its  temperature  is  raised  thereby  so  that  it  is  no  longer  saturated. 
Water  then  evaporates  continuously  into  the  air  as  it  travels  upward  in 
the  tower. 

One  of  the  objectionable  characteristics  of  cooling  towers  is  known  as 
fogging.  When  the  hot  and  saturated  exit  air  discharges  into  a  cold 
atmosphere,  condensation  will  occur.  It  may  cause  a  dense  fog  to  fall 
over  a  portion  of  the  plant  with  attendant  safety  hazards.  If  provision 
is  made  during  the  initial  design,  condensation  can  be  reduced  by  any 
means  which  reduces  the  outlet  temperature  of  the  air.  If  it  is  desired 
to  maintain  a  fixed  range  for  the  cooling  water  in  coolers  and  condensers, 


fogging  can  be  reduced  by  the  recirculation  of  part  of  the  basin  water 
back  to  the  top  of  the  tower  where  it  combines  with  hot  water  from  the 
coolers  and  condensers.  This  reduces  the  temperature  of  the  water  to 
the  tower,  while  the  heat  load  is  unchanged.  The  principal  expense  of 
the  operation,  aside  from  initial  investment,  will  be  that  of  the  pumping 
power  for  the  recirculation  water,  which  does  not  enter  the  eooleis  and 

condensers.  .  , 

Humidification  Coefficients.  An  apparatus  in  which  air  and  water  can 

be  brought  into  intimate  contact  may  serve  as  a  cooling  tower  or  air 
humidifier.  Considerable  information  can  be  found  in  the  literature  on 
the  performance  of  a  variety  of  packing  and  fills.  Simpson  and  Sher¬ 
wood1  have  given  an  excellent  review  of  some  of  the  pertinent  data  in  the 
literature  as  well  as  some  original  data  on  fills  suitable  for  cooling  towers. 
Because  of  the  outgrowth  of  modern  diffusion  calculations  from  absorp- 
“ctices  in  the  chemical  industries,  much  of  the  data  in  the  literature 
is  represented  by  a  plot  of  K0a  vs.  G  for  systems  m  which  the  gas  film  is 
controlling.  This  method  now  appears  to  be  giving  way  to  plots  of  the 
HTU  vs  q  Colburn2  has  recalculated  much  of  the  early  data  on  this 

basis.  The  relation  between  the  HTl  and  KGa  is 


HTU  = 


Z  V 
Kad  G 


where  Z  is  the  total  height  containing  n,  transfer  units.  Both  calcula- 

ul « — « *■»  “  - 
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water  transferred  and  a  driving  potential  in  humidity  units  are  so  con¬ 
venient.  No  data  have  appeared  in  the  literature  so  far  in  which  HDU, 
the  height  of  a  diffusion  unit,  is  plotted  against  G  for  the  humidification 
of  air,  but  data  have  appeared  with  Kxa  plotted  against  G.  The  relation 
between  the  HDU  and  Kxa  is 

HDU  -  3 h  r  <17-84> 

and  the  relation  between  the  Kxa  and  KGa  can  be  obtained  from  Eq. 
(17.40).  The  HDU  or  Kxa  are  the  performance  characteristics  of  the 
given  fill,  or  packing,  and  nd  is  the  size  of  the  job  required  for  the  fulfill¬ 
ment  of  process  conditions.  In  the  case  of  packed  towers  containing 
small  objects  it  is  possible  to  report  the  data  over  wide  ranges  by  an 
equation  of  the  form 

Kxa  =  C  &  (17.85) 

If  the  value  of  Kxa  is  multiplied  by  the  ratio  V  /L,  the  number  of  diffusion 
units  in  a  given  height  can  be  obtained,  since  V  =  1 Z. 

If  a  tower  is  in  operation  and  it  is  desired  to  determine  its  performance 
characteristics  such  as  the  HDU  or  Kxa,  the  number  of  diffusion  units 
being  performed  must  be  calculated  first  from  the  observed  inlet  and 
outlet  temperatures,  humidities,  and  flow  rates.  The  total  packed,  or 

•  6  +Keigr/  mVldm  bu  thf  Va,Ue  °f  Hd  calculated  from  observed  data  will 
give  the  HDU.  Of  the  data  available  in  the  literature  only  those  for 

Raschig  rings  and  Berl  saddles  are  given  here,  since  other  types  of  pack¬ 
ings  and  fill  are  less  standardized  and  in  some  instances  difficult  to  renro- 
uce  The  data  in  Table  1 7.5  have  been  published  in  part  by  McAdams 1 
from  tests  by  Parekh2  and  have  been  made  available  throughthe  courtesy 

,  represented  quite  so  readily  as  film-type  packings  since  the  tnt»l 
droplet  surface  changes  greatly  with  the  number  of  droplets  formed 
This  m  turn  is  influenced  by  the  liquid  loading  6d' 

on  small  packed  or  filled  h*  y  he  data  have  been  obtained 

small  cross  section.  A  problem  in°  thT  ,aboratory'scale  apparatus  of 
attainment  of  a  uniform  distriW'  f  k  n  ’-gn  °f  large  towers  is  th e 
cross  section  and  heigM  of  Se  Ze  t  ***  Water  0Ver  the  entire 

Parekh,  M.,  Sc.  D.  Report  in  Chem.  Eng.,  MIT,  (1941). 
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Table  17.5. 


Humidification  Characteristics:  Raschig  Rings  and  Berl  Saddles* 

Kxa  =  CiGy 

Where  gas  loading,  G  =  lb/(hr)  (ft2  ground  area) 

Liquid  loading,  L  =  lb /(hr)  (ft2  ground  area) 

Kxa  =  lb /(hr)  (ft3)  (lb /lb)  potential 


Packing,  in.f 

Depth, 

in.f 

L 

G 

7 

Kxa 

Ci 

1  Raschig . 

24 

500 

250 

0.50 

226 

14.3 

1500 

250 

0.50 

468 

29.6 

3000 

250 

0.50 

635 

40.2 

1^  Raschig.  .  . 

20.6 

500 

250 

0.43 

208 

19.4 

1500 

250 

0.55 

370 

17.9 

3000 

250 

0.60 

445 

16.4 

2  Raschig . 

19.1 

500 

250 

0.47 

190 

14.3 

1500 

250 

0.54 

301 

15 . 3 

3000 

250 

0.53 

351 

18.9 

Berl . 

15.5 

500 

250 

0.61 

320 

11.1 

1500 

250 

0.61 

468 

16.3 

3000 

250 

0.61 

595 

20.7 

1  Berl  . 

20.3 

500 

250 

0.42 

245 

24.2 

1500 

250 

0.50 

464 

29.4 

3000 

250 

0.69 

569 

12.7 

\}4  Berl . 

22 

500 

1500 

250 

250 

0.52 

0.52 

200 

305 

11.4 

17.4 

3000 

250 

0.52 

383 

21.8 

*  From  M.  D.  rareKn  rvepori,, 

f  ^-in.  Raschig  rings  do  not  follow  the  equation. 

usually  distributed  only  at  the  top,  the  tendency  for  more  and  more 
liquid  to  reach  and  descend  along  the  wall  and  by-pass  the  packing 
increases  with  the  height  of  the  tower.  A  tower  packed  to  a  heig 

20  ft  does  not  actually  deliyer  twice  as  many  diffusion  umtsj^to^r 
PTtye?ntl0arg^  packed  toTOrTtaYhe* i  ncreLed  opportunity  for  channeling. 

ss  i»  «.7. ..  •  rr 

tity  of  the  liquid  to  descend  through  a  another  note 

toii  "b“  to,™,  ,ffl  ...  b.  »  WtaU-  .( lb.  .v.,l.bl. 
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Consideration  must  also  be  given  to  the  fact  that  many  of  the  avail¬ 
able  data  have  been  reported  on  experiments  in  which  gas  and  liquid  load¬ 
ings  of  from  200  to  5000  lb/(hr)(ft2)  have  been  used.  The  twenty-five¬ 
fold  range  of  variables  provides  considerable  insight  into  the  influence 
of  these  variables  on  performance.  By  the  same  token  it  is  easier  to 
obtain  good  data  on  a  small  packed  height  in  which  the  approach  to 
equilibrium  is  not  very  close  and  in  which  the  precise  experimental 
determination  of  the  humidities  is  not  too  significant.  None  of  these 
should  be  considered  representative  of  the  ranges  employed  in  modern 
cooling  towers.  The  purpose  of  a  cooling  tower  is  solely  to  produce  cool¬ 
ing  water,  which,  next  to  air  itself,  is  the  cheapest  utility.  The  most 
important  operating  cost  is  that  of  the  fan  power  for  circulating  the  air. 
Accordingly  a  small  allowable  pressure  drop  of  less  than  2  in.  of  water  is 
the  standard  practice.  In  all  but  extraordinary  services  the  liquid 
loading  on  droplet-forming  fills  is  from  1  to  4  gpm/ft2  or  500  to  2000 
lb/ (hr) (ft2).  Gas  loadings  are  between  1300  and  1800  lb/(hr)(ft2),  cor¬ 
responding  to  gas  velocities  of  roughly  300  to  400  fpm. 

Another  factor  to  be  considered  is  that  of  flooding  the  fill  in  which  the 
orderly  counterflow  of  air  and  water  is  disrupted.  Lobo,  Friend,  et  al.1 
have  made  available  the  results  of  a  study  on  the  influence  of  liquid  and 
gas  loadings  on  the  flooding  points  of  packed  towers.  In  slat-fill  towers 
forming  droplets  there  are  two  flooding  points.  One  exceeds  about  15 
gpm/  ft  )  above  which  the  liquid  loading  is  so  great  that  the  water  falls 
in  curtains  thereby  reducing  the  production  of  water  droplets.  Another 

dTribiln  of’g  hridtl0adingS’ iS  the  true  floodinS  PO-t  in  which  the 
distribution  of  air  and  water  is  impaired.  The  liquid  loading  at  the  flood 

p  ts  is  not  independent  of  the  gas  loading.  At  the  other  extreme  of 

that  thU1fil  0admf  18  mcipient  wetting,  in  which  the  liquid  flow  is  so  small 

fill  t the  Mr  SUufaCe, may  n0t  be  entire'y  wetted.  In  the  case  of  the  slat 
tower  few  droplets  are  produced  under  these  conditions  and  the 
surface  is  principally  film  surface.  3  and  the 

Only  limited  performance  data  are  available  in  tl,o  r*  . 
commercial  cooling  towers.  This  is  n„t  i  ■  *he  literature  on 

usually  confidential  with  fabricators  and/’  6  SUCh, lnformation  is 

make  test  data  available.  By  eomparison  witbT  Y  °CCasionalIy 
the  values  of  K \a  or  IID TT  nht  tin  ri  •  i  experimental  towers 

M  gas  and  liquid  loading  o“  “ 

scale  data  have  been  reported  with  values  of  K  nr  manyf  aboiatory- 

ss  ,m 

'  ''  “d  "■  *-*  AKU, 
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The  Calculation  of  Cooling-tower  Performances.  Usually  operators 
buy  cooling  towers  rather  than  erect  them  themselves.  This  is  undoubt¬ 
edly  the  wisest  policy,  since  it  makes  available  to  the  operator  a  great 
deal  of  “ know-how”  in  a  field  in  which  it  is  of  great  value.  The  oper¬ 
ator  will  specify  the  quantity  or  water  and  the  temperature  range  he 
requires  for  his  process.  The  faoricator  will  propose  a  tower  which  will 
fulfill  the  conditions  furnished  by  the  operator  for  the  5  per  cent  wet  bulb 
in  the  locality  of  the  plant  and  guarantee  the  fan  power  with  which  it  will 
be  accomplished.  With  the  first  cost,  fan  power,  and  the  approximate 
height  of  the  pumping  head  the  operator  can  compute  the  cost  of  the 
cooling-tower  water  based  on  a  period  of  depreciation  of  about  twenty 
years. 

Assume  that  a  cooling  tower  has  been  erected  and  placed  in  operation 
on  this  basis.  An  acceptance  run  is  made  to  determine  whether  or  not 
the  cooling  tower  is  meeting  the  guarantee.  This  consists  of  a  wet-bulb 
determination  on  the  windward  side  of  the  tower  and  the  determination 
of  the  air  rate  by  velometer  or  other  pitot  arrangement.  The  air  leaving 
the  cooling  tower  is  always  assumed  to  be  saturated  at  its  outlet  tem¬ 


perature.  Tests  have  shown  it  to  be  anywhere  from  95  to  99  per  cent 
saturated. 

In  a  heat  exchanger  the  performance  is  satisfactory  if  the  measured 
overall  coefficient  during  initial  operation  at  the  process  conditions  equals 
or  exceeds  the  stipulated  clean  coefficient.  In  cooling  towers  the  basis 
for  design  is  one  which  is  very  rarely  present.  A  cooling  tower  designed 
for  a  given  approach  to  the  5  per  cent  wet  bulb  and  erected  in  the 
fall  of  the  year  will  probably  not  encounter  the  design  condition  for 
another  8  or  9  months.  On  the  basis  of  its  performance  in  autumn  will 
it  operate  at  the  design  conditions  when  they  eventually  return?  A  series 
of  calculations  answering  questions  of  this  nature  will  be  undertaken 

Each  performance  calculation  may  be  divided  into  two  parts:  (1)  Ho 
many  diffusion  units  correspond  to  the  process  requirement,  and  (2)  how 
many  diffusion  units  is  or  can  the  tower  actually  perform?  Obviously  at 
all  conditions  (2)  should  exceed  (1). 


PvarrmlP  17  2  Calculation  of  the  Number  of  Diffusion  Units.  A  plant  is  being 

laid  out  in  a  restricted-water  locality.  ^^^oca^ity^ias  a^^per'wnt 

processes  by  the  cooling  towei  is  ,  ,  ,  w:*j1  a  jo0  approach 

— 1^75°BeJ^  'ordinary  air  and  mineral  content  it  will 
c«rom  equipment  at  a  maximum  temperature  of  120‘F.  The  water  eqmvalent 

A  towerg24iSby5“  T L  been  erected  with  a  fan  capacity  of  187,000  cfm.  How 
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many  diffusion  units  must  the  tower  be  capable  of  performing  to  fulfill  the  process 
requirements? 

Determine  (a)  by  numerical  integration  and  ( b )  by  using  the  log  mean  enthalpy 
difference. 

Solution,  (a)  On  coordinates  of  enthalpy  vs.  water  temperature  such  as  Fig.  17.12 
plot  the  saturation  line  from  the  data  of  Table  17.2. 

Next  determine  the  enthalpy  of  the  inlet  air  which  is  one  terminal  of  the  operating 
line.  In  this  problem  it  corresponds  to  a  75°F  wet  bulb  or  air  saturated  at  75°F. 
From  Table  17.2  Hx  =  30.1  Btu/lb  dry  air  at  an  outlet  water  temperature  of  85°F. 
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I'm.  17.12.  Solution  of  Example  17.2. 

the  tower,  starting  es^bUsh  the  slope  of  the  operating  line  throughout 

divided  by  the  ground  area  The  ab  load'na  “  ' ^  hoU^  rate 

cfm  at  /5°F  wet  bulb.  The  density  of  th^H  ^  ^VGn  m  the  proPosal  as  187,000 
1/13.88  =  0.072  lb/ft*  from  Table  17  2  h  **  “  a  Cubic  foot  of  mixture  is 

Ground  area  =  24  X  24  =  576  ft*  ’  ' 
i  -  1500  x  5o^7(.  _  1302  Ib/(hr)(ft!) 

l  :  JST  X  °-072  X  -  >400  lb/ (hr) (ft*) 

G  1400 
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In  Fig.  17.12  from  Hi  =  39.1  draw  a  line  of  positive  slope  equal  to  0.93  or  calculate 
Hi  from  Eq.  (17.83)  and  draw  a  line  between  H\  and  Hi. 

Hi  =  Hi  +  (Ti  -  Ti)  «  39.1  +  0.93(120  -  85)  =  71.6  Btu 
G 

The  area  between  the  saturation  lint  md  the  operating  line  represents  the  potential 
for  heat  transfer.  It  can  be  determined  either  by  counting  squares,  in  which  case  a 
plot  of  \/{H'  —  H)  vs.  T  is  more  convenient,  or  by  numerical  integration.  The 
latter  is  employed  here: 


T 

H' 

H 

H'  -  H 

(H'  -  H) av 

dT(  =  5.0°F) 

(H'  -  HU 

85 

50.0 

39.1 

10.9 

90 

56.7 

43.7 

13.0 

11.45 

0.418 

95 

64.2 

48.4 

15.8 

14.4 

0.347 

100 

72.7 

53.1 

19.7 

17.7 

0.282 

105 

82.5 

57.7 

24.8 

22.2 

0.225 

110 

93.8 

62.4 

31.4 

28.1 

0.178 

115 

106.7 

67.0 

39.7 

35.55 

0.1405 

120 

121.5 

71.6 

49.9 

44.8 

0.1115 

Ud  : 

„  V 
=  Kxar 

=  f  d~ —  -  1.70 
)  W  -  H 

In  order  to  fulfill  process  requirements  the  tower  must  be  capable  of  performing  1.70 
diffusion  units.  But  to  perform  to  that  extent  under  process  requirements  it  must 
also  be  capable  of  that  much  performance  under  any  other  conditions. 

(b)  Using  the  log  mean  enthalpy  difference, 

At  the  top  of  the  tower  Hf2  —  H 2  =  49.9  Btu /lb 
At  the  bottom  of  the  tower  H[  -  Hi  =  10.9  Btu/lb 


49.9  -  10.9 

Log  mean  {Hr  -  H)  -  2.3  lbg  49.9/10.9 


=  25.8  Btu/lb 


a 


KxaV  _  dT  _  120 _ 85  __  vs  j  70 

nd  =  L  IP  -  H  25.8 

La  What  is  the  HDV  when  a  <U1  has  a  of 


115  lb /(hr)  (ft3)  (lb /lb)? 

Solution.  Height  of  fill: 

Since  the  loading  is  based  on  1  ft2  of  ground  area, 


Kxn{\Z) 
nd  =  - f— 


ndL  -  1  70  X  —  =  191  ft 
“  Jtxa  ~  l  X  115 
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The  height  of  a  diffusion  unit  is  Z /rid. 


HDU 


19.1 

1.70 


11.3  ft 


This  last  is  contrasted  to  values  of  3  ft  obtained  by  London,  Mason,  and  Boelter1  on  a 
streamline  shape  film  tower  of  known  surface  or  of  1^  ft  obtained  by  Parekh  (extra¬ 
polated)  for  Raschig  rings. 

Example  17.4.  Determination  of  a  Cooling-tower  Guarantee.  Under  steady 
atmospheric  conditions  during  an  autumn  test  the  24-  by  24-ft  tower  of  Example 
17^2  in  actual  operation  showed  a  steady  water  temperature  of  114.3°F  on  the  tower 
and  79.3  off  the  tower.  The  wet  bulb  determined  by  psychrometer  was  65°F  Air 
and  water  loadings  were  maintained  at  their  design  values 

we™ibhis  OT  be  Capable  °f  pr0ducing  1500  «Pra  of  120  85-F  water  when  the 

excentftha't  the  on"  bfed.  on  the  observed  d ata  and  is  the  same  as  before 

30.4  Btu/lb  l  g  lne  artlng  at  1,1  corresponds  to  the  65°F  wet  bulb  or 


T 

H' 

H 

H'  -  H 

-  H)&w 

dT 

(»'  -  H).. 

79.3 

85 

90 

95 

100 

105 

110 

114.3 

43.4 
50.0 

56.7 
64.2 

72.7 

82.5 

93.8 
103.3 

30.4 
35.7 

40.3 
45.0 
49.6 

54.3 

58.5 
62.9 

13.0 

14.3 

16.4 
19.2 

23.1 

28.2 

35.3 

40.4 

13.65 
15.35 
17.8 

21.5 

25.65 
31.75 
37.85 

0.417 

0.326 

0.281 

0.237 

0.195 

0.158 

0.113 

— ! 

nd 

=  1.72 

wdmjjo  d^uL^uXirn^trrbur^'r  tcr  must  b? capab,e  °f  p- 

crcmt  or  from  the  steam  rate  for  a  turbine  drive  mdePenden%  from  the  electric 

study  ^^effects°of^varkms<proce^,nh  “POn  DeSign’  14  is  rewardinS  to 
section  of  the  apparatus  or  the  c^Tof T®  the  height  and  ^oss 
ations  which  affect  the  size  of  the  tower  ?e™tlon-  Slx  °f  the  eonsider- 
are  analyzed  best  by  means  of  the  e  tb7 lndlcated m FiS-  17.13.  They 
the  area  between  the  saturation^  diagram-  since 

■  London.  A.  L  W  E  M  ,  ?  ^  ‘S  &  meaSUre  °f  the 

(I940)  .  E.  Mason,  and  L.  M.  K.  Boeiter.  Trans.  ASME,  62.  41-50 
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Water  temperature 
(cO-UNSATURATION 

Fig.  17.13.  Effect  of  design 


(b)-CLOSER  APPROACH 
variables  on  the  size  of  the  potential. 
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total  potential.  The  smaller  the  area  the  greater  the  height  of  tower 
required  for  fulfillment  of  the  process  conditions. 

a.  Unsaturation  of  the  Inlet  Air.  Heretofore  reference  has  been  made 
only  to  the  wet-bulb  temperature  of  the  inlet  air  and  not  to  its  dry  bulb. 
In  each  case  it  has  been  assumed  identical  with  the  wet  bulb,  i.e.,  adia- 
batically  saturated.  In  Example  17.2  the  enthalpy  of  tho  inlet  air  at 
the  75°F  wet  bulb  was  39.1  Btu/lb.  Suppose  the  air  is  at  a  dry  bulb  of 
85°F  when  the  wet  bulb  is  75°F.  The  air  will  be  unsaturated,  and  its 
enthalpy  will  be  41.7  Btu/lb  instead  of  39.1.  In  Fig.  17.13a  this  will  drop 
the  operating  line  insignificantly  from  H i  -  H2to(Hl )  -  (H2),  the  cross- 
hatch  area  representing  the  increase  in  potential.  Failure  to  correct  the 
enthalpy  for  the  dry  bulb  gives  results  which  are  slightly  on  the  safe  side, 
and  for  this  reason  it  is  customary  to  specify  only  the  wet  bulb. 

b.  Close  Approach.  Both  operating  lines  in  Fig.  17.136  have  the  same 
L/G  ratio  (same  slopes)  and  equal  ranges  of  35°F  for  the  removal  of  the 
same  process  heat  load.  The  operating  line  (H{)  -  (H2)  attempts  to 
do  the  same  cooling  as  Hx-  H2  and  with  the  same  inlet  air  but 
between  the  temperatures  of  1 15  and  80°F  instead  of  120  and  85°F.  The 
area  between  the  saturation  curve  and  the  operating  line  is  great lv 

ecreased  by  (H{)  -  (H2).  Similarly  it  might  be  desired  to  obtain  water 
from  120  to  85  F  with  80°  wet-bulb  instead  of  75°  wet-bulb  air.  This  will 
raise  the  operating  line  Hl  -  H2  vertically  and  also  decrease  the  potential 

c.  anging  t  e  L/G  Ratio.  If  the  ground  area  is  too  limited  such  as 
when  a  cooling  tower  is  erected  atop  a  building,  it  may  be  necessary  to 

decreased  potential  and  a  higher  tower  This  .g'  .  713c’  resu|t>ng  in  a 

Sr  -  *  *—  ~  skr-s-s 

range  from  105  to  70°F  Suddosp  it  !\  A*  ,S  sh°"’n  with  a 

.h. bu,  * u,ine 

impossible  with  the  same  I  /C  rotm  *  1  60  F'  lhls  would  be 

would  intersect  the  saturat^n  lme  oZ  ^  Hne  <*>  ~  (».) 

at  the  intersection  (//'),  since  the  potentil/8  7  transfer  wouId  stop 

A  considerably  lower  V /  t W°U,d  be  zero  at  that  point. 

means  more  air  must  be  circulated  foTth  ^  reqU]lred’  which  m  turn 
of  Btu.  circulated  for  the  removal  of  the  same  number 
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e.  Staging.  One  of  the  means  of  overcoming  the  small  L/G  ratio  in  the 
preceding  paragraph  can  be  accomplished  by  the  use  of  two  towers. 
This  is  staging.  The  water  at  the  top  of  the  first  tower  is  hot  and  con¬ 
tacts  air  of  enthalpy  H2  along  the  operating  line  Hi  —  H2  as  shown  in 
Fig.  17.13e.  The  water  is  removed  from  the  basin  at  temperature  T 3 
and  is  pumped  over  the  second  tc  ver,  which  also  uses  atmospheric  air  of 
enthalpy  Hi.  The  second  tower  operates  between  Hi  and  H3.  In  this 
way  both  operating  lines  may  have  large  slopes  without  intersecting  the 
saturation  line.  The  fixed  charges  and  operating  cost  of  two  towers 
increase  the  cost  of  water  considerably,  but  water  produced  in  this  man¬ 
ner  should  be  regarded  as  chilled  water,  and  its  cost  and  range  compared 
with  that  of  refrigerated  water. 

/.  Elevation.  Some  plants  are  located  at  high  elevations.  Should  this 
be  mentioned  in  the  process  conditions?  At  reduced  atmospheric  pres¬ 
sure,  as  seen  in  Fig.  17.13/,  the  saturation  line  is  higher,  which  in  turn 
increases  the  potential  and  reduces  the  required  size  of  tower  if  all  other 
conditions  are  the  same.  This  occurs  because  the  partial  pressure  of 
the  water  is  fixed  whereas  the  total  pressure  has  been  decreased.  The 
humidity  of  the  saturated  air  at  higher  elevation  is  also  greater. 

The  Influence  of  Operating  Variables.  Since  a  cooling  tower  uses 
the  atmosphere  as  a  cooling  medium,  it  is  also  subject  to  the  varia¬ 
tions  in  the  atmosphere.  When  operating  at  the  design  wet  bulb,  the 
tower  should  produce  water  of  the  range  and  at  the  temperature  specified 
in  the  guarantee.  When  the  wet  bulb  falls,  however,  it  is  the  same  as 
increasing  the  potential  in  the  tower.  If  the  heat  load  on  the  tower  and 
the  values  of  L  and  G  circulated  through  the  tower  are  all  to  be  kept 
constant,  the  water  still  undergoes  the  same  number  of  degrees  of  cooling 
in  it  but  the  inlet  and  outlet  temperatures  will  be  colder  than  guaranteed. 
The  cooling  tower  is  only  able  to  remove  the  same  heat  load  from  the 
water  by  automatically  reducing  the  potential  difference,  me  water 
temperatures  declining  accordingly  with  the  wet  bulb.  From  the  stand¬ 
point  of  operating  the  coolers  ai  d  condensers  employed  in  a  plant,  this 
arrangement  requires  the  simplest  instrumentation  When  a  cooler 
receives  water  at  a  constant  rate  which  is  colder  than  that  for  which  it  was 
rated,  the  hot  fluid  is  cooled  below  the  desired  outlet  temperature.  To 
prevent  this  from  occurring  in  a  cooler,  the  flow  rate  of  the  colder  water 
through  the  cooler  is  reduced  by  by-passing,  so  that  less  water  is  used 
vith  a  constant  design  outlet  temperature.  The  constan  -temper  tur 
outlet  water  is  then  recombined  with  the  by-pass  water  before  returning 
to  the  looting  tower.  In  this  way  all  coolers  or  condensers  designed  for 
later,  Say,  from  85  to  120°F  have  outlet-water  temperatures  of  1-0 
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the  year  around.  This  was,  in  fact,  the  basis  for  the  temperatures  in 
Example  17.4. 

If  the  water  and  air  loadings  on  a  tower  are  changed  in  any  way,  the 


number  of  diffusion  units  the  tower  is  capable  of  providing  are  also 


altered.  Ordinarily  the  loadings  on  a  single  cell  cannot  be  changed  very 
greatly.  In  fact  a  variation  of  20  per  cent  from  the  mean  of  the  design 
water  loading  is  the  maximum  which  may  be  anticipated,  since  the  drop¬ 
lets  are  produced  by  nozzles  which,  in  turn,  have  been  sized  for  a  given 
flow  rate  at  a  given  head.  The  maximum  discharge  capacity  will  be 
about  120  per  cent  of  design  and  when  less  than  80  per  cent  of  the  design 
water  rate  is  used,  the  dispersion  of  the  droplets  is  reduced  along  with  the 
total  quantity  of  water.  The  air  loading  can  be  regulated  by  varying 
the  pitch  of  the  fan  blades,  which  can  usually  be  rotated  to  a  plus  or  minus 
3°  position  from  the  mean.  In  summer  the  blades  will  be  in  a  +3° 
position  and  in  winter  at  -3°.  In  winter  the  -3°  position  of  the  fan 
delivers  about  80  per  cent  of  the  +3°  air  quantity,  but  the  power  saving 
is  40  per  cent.  If  requested,  the  cooling-tower  fabricator  will  specify 
the  temperature  range  assumed  by  the  cooling-tower  water  at  80  and 
120  per  cent  of  its  design  loading  when  the  design  air  quantity  is  at  the 
guarantee  wet  bulb.  Sometimes,  when  the  operating  wet  bulb  b,™,- 


is  dependent  only  upon  the  L/G  ratio  and  not  upon  eith 
arately.  This  is  a  useful  approximation  within  the  range  o 
operation  and  from  80  to  120  per  cent  of  design  capacity. 


x  wot  UU1D  ine  loiiowing  data  were  gi 


for  cooling  1500  gpm  from  120  to  85°F 
given  by  the  fabricator  for  overload  and 


•  In  the  guaran- 


underload 


Liquid  loading ,  %  Temperature  range,  °F 
120  122.2-87.2 


120 

100 

80 


120.0-85.0 

117.5-82.5 


610 


PROCESS  HEAT  TRANSFER 


For  1500  gpm,  L/G  =  0.93 

For  120  per  cent  of  design ,  L/G  =  1.20  X  0.93  =  1.115 
At  87.2°F,  H2  =  39.1  Btu 

At  122.2°F,  H2  =  39.1  +  1.115  X  35  =  78.1  Btu 


T 

H' 

l 

H 

H'  -  H 

(H'  -  HU 

dT 

(H'  -  HU 

87.2 

53.1 

39.1 

14.0 

90 

56.7 

42.0 

14.7 

14.35 

0.195 

95 

64.2 

47.6 

16.6 

15.65 

0.320 

100 

72.7 

53.3 

19.4 

18.0 

0.278 

105 

82.5 

58.8 

23.7 

21.55 

0.232 

110 

93.8 

64.3 

29.5 

26.6 

0.188 

115 

106.7 

70.0 

36.7 

33.25 

0.150 

120 

121.5 

75.6 

45.9 

41.3 

0.121 

122.2 

128.2 

78.1 

50.1 

48.0 

0.0458 

K xa  jr  =  1-53 

For  80  per  cent  of  design,  L/G  —  0.80  X  0.93  —  0.74 
At  82.5°F,  Hx  =  39.1 

At  117.5°F,  H2  =  39.1  +  0.74  X  35  =  G5.0  Btu 


T 

H' 

H 

H '  -  H 

( H '  -  HU 

dT 

(H'  -  HU 

82.5 

47.2 

39.1 

8.1 

85 

50.0 

40.8 

9.2 

8.7 

0.286 

90 

56.7 

44.6 

12.1 

10.7 

0.465 

95 

64.2 

48.3 

15.9 

14.0 

0.357 

100 

72.7 

52.0 

20.7 

18.3 

0.273 

105 

82.5 

55.6 

26.9 

23.8 

0.210 

110 

93.8 

59.  3 

34.5 

30.7 

0.163 

115 

106.7 

63.0 

43.7 

39.1 

0.128 

117.5 

121.5 

65.0 

56.5 

50.1 

0.050 

=1.92 

The  values  of  KxaV/L  vs.  L/G  are  plotted  in  Fig.  17.14. 

How  much  water  from  120  to  85»F  can  be  cirentoted  ora  ttc  tow^  when^h 
bulb  falls  to  70°F?  In  Fig.  17.14  both  the  ordinate  ii aY/L  and  the  abs  I 

contain  L,  which  in  turn  determines  the  desired  water  quantity  A value  of  L 
assumed/and  if  the  value  obtained  for  both  KzaV/l .and  LA?  fal^o, r^thec^,  ^ 
of  Fig.  17.14,  the  requirements  of  performance  will 
consequently  by  trial  and  error. 
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Trial  1.  Assume  L/G  =  1.10 
Hx  =  34.5 

H2  =  34.5  +  1.10  X  35  =  73.0 


T 

H’ 

H 

H'  -  H 

(Hf  -  HU 

dT 

(Hf  -  HU 

85 

50.0 

34.5 

15.5 

90 

56.7 

40.0 

16.7 

16.1 

0.309 

95 

64.2 

45.5 

18.7 

17.7 

0.282 

100 

72.7 

51.0 

21.7 

20.2 

0.247 

105 

82.5 

56.5 

26.0 

23.85 

0.210 

110 

93.8 

62.0 

31.8 

28.9 

0.173 

115 

106.7 

68.5 

38.2 

35.0 

0.143 

120 

121.5 

73.0 

48.5 

43.35 

0.115 

1.48 

From  Fig.  17.14,  for  KxaV/L  =  1.48,  L/G  =  1.19 
Assumed,  L/G  =  1.10  No  check 


Trial  2:  Assume  L/G  =  1.20 
H  i  =  34.5 

Hi  =  34.5  +  1.20  X  35  =  76.5 


T 

H’ 

H 

H'  -  H 

(Hf  -  HU 

85 

50.0 

34.5 

15.5 

90 

56.7 

40.5 

16.2 

15.9 

95 

64.2 

46.5 

17.7 

16.95 

100 

72.7 

52.5 

20.2 

18.95 

105 

82.5 

58.5 

24.0 

22  1 

110 

93.8 

64.5 

29.3 

26.65 

115 

106.7 

70.5 

36.2 

32.75 

120 

121.5 

76.5 

45.0 

40.6 

dT 


(# '  “  H)t 


0.313 

0.295 

0.264 

0.226 

0.188 

0.153 

0.123 


1.56 


a  ,  _  ’  1UI  ^xav  /l  =  1.56,  L/G  =  1  08 

Assumed,  L/G  =  1.20  No  check 

y  interpolation  the  conditions  are  satisfied  when  the  value  of  L/G  =  1  U  The  t  .  , 
-ter  Which  can  be  produced  with  an  85«F  temperature  win  be  ,500  X  ^  =  1840 

wifhtoM 'Ser" ts  °f  h0t  humid  air  cashing 

generally  carried  out  in  spray  AlthouKb  it  is 

thr°Ugh  *"  -  -  * 
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sider  humid  air  saturated  and  at  a  higher  temperature  than  the  cold-water 
spray.  The  humidity  or  partial  pressure  of  the  water  vapor  in  the  hot 
air  body  is  greater  than  the  saturation  humidity  in  the  air  film,  which,  in 
the  absence  of  a  liquid  film  resistance,  is  presumed  to  be  saturated  at  the 

water  temperature.  The  potential 


difference  for  mass  transfer  is  then 
in  the  direction  from  the  gas  body 
to  the  water  body,  the  reverse  of  the 
direction  of  humidification.  The 
enthalpy  at  every  point  in  the  air 
body  is  greater  than  the  correspond¬ 
ing  value  of  the  air  film.  This  is 
shown  graphically  in  Fig.  17.15. 
The  operating  line  again  has  the 
slope  of  L/Gy  but  it  is  above  the 
saturation  line. 

The  mass  transfer  of  the  water 
vapor  from  the  air  body  into  the 
liquid  is  a  mechanism  apart  from  condensation,  although  the  heat  of  the 
water  removed  by  mass  transfer  is  equal  to  the  latent  heat  of  vaporization. 
In  true  diffusion  the  mass  transfer  from  the  gas  body  to  the  liquid  is  treated 
as  a  molecular  phenomenon,  in  which  case  no  dew  is  assumed  to  form. 
Humidification  and  dehumidification  may 
be  considered  identical  except  in  the  direc¬ 
tion  of  the  mass  transfer.  Studies  indicate 
that  the  rate  of  dehumidification  equals  the 
rate  of  humidification,  the  same  Kxa  data 
being  applicable  to  either.  Thus  the  num¬ 
ber  of  diffusion  units  for  dehumidification 
can  likewise  be  determined  by  integrating 
the  area  between  the  upper  ope  ating  line 
and  the  saturation  line.  The  basic  equa¬ 
tion  for  the  case  of  dehumidification  where 
the  Lewis  number  is  unity  becomes 


nd 


=  K-x& 


V 


f  dT 

-  j  h^tf 


(17.86) 


tentials. 


''' HtatdTraLfermfrom  Gas'es^  AU  the^reSg  Ulustrations  have  been 

-2SSS. — ~  sr  »s”;,pr  “  ti i?  Sit 

1*.  *  -  h“t 
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transfer  coefficient  results.  This  is  particularly  true  where  the  static 
pressure  on  the  gas  is  developed  by  a  blower  or  fan.  The  same  hot  gas 
may  be  brought  into  contact  with  water  in  a  packed  or  filled  tower  with 
droplet  surface,  and  the  heat  transfer  will  be  accomplished  very  cheaply. 
In  many  instances  a  cylindrical  vessel  containing  a  few  feet  of  dumped 
packing  material  may  replace  a  large  tubular  exchanger.  The  applica¬ 
tion  of  direct-contact  heat  transfer  to  the  solution  of  gas-cooling  problems 
has  not  yet  received  the  widespread  acceptance  it  appears  to  merit. 

There  is  an  unfounded  prejudice  in  some  quarters  against  the  direct 
contact  of  water  with  high-temperature  gases.  It  is  sometimes  felt  that 
unpredictable  results  will  be  obtained  such  as  frothing  and  boiling. 
Consider  the  typical  cases  shown  in  Fig.  17.16.  In  Fig.  17.16a  a  hot  gas 
(air)  enters  a  tower  at  300°F  with  a  dew  point  of  120°F  and  leaves  at 
200 °F.  The  water  has  a  range  from  85  to  120°F.  What  will  happen  at 


Z=200%--j  t2=2oo%.^ 


fir 
7,=300°F- 
D.P.=‘I20°F 


4P=0 


4P 


AP 


r-J  L-*S&’F  7=300 F^  I 

'F  D.P.=85°F  Dp^~r  ^/2° 


2 

/20°F 


M  “>>  (c) 

Influence  of  the  inlet  dew  point  on  the  direction  of  mass  transfer. 


Fiq.  17.16. 

vvcuu  mass  iransier. 

pressure°of  ^  °f  ^  d<3W  P°int>  has  a  vaP<* 

the  same  vapor  pressure  C  mT”6  t0Wer  iS  at  12°°F  and  has 
Of  water  from  the  water 'ho  J  ?  lu  “°  P°teDtiaI  f°r  the  mass  transfer 
ization  C“  be  ™>  VaP- 

mass  transfer  is  established  solely  bv  the  d  ff  gaS  W  2000°F-  The 

of  the  inlet  gas  and  the  nnrf  i  ^  1  erence  between  the  dew  point 

temperature  M  a  dffferem  .TT  COrresPondin§  to  the  outlet  water 
ship  between  the  potentials  15^  *  the  tower  the  relation- 

than  the  gas  dew  point  and  wit  ^  'C  "ater  temPel'ature  is  lower 

to  the  water.  The  dlffusfon  nrli  StartS  t0  diffuse  from  the  gas 
top.  P  ss  contmues  up  to  the  gas  outlet  at  the 

point  so  that  the  dew 

of  the  outlet  cold  water  is  greater  than  th  t  t  +?  the  partlal  Pressure 

3ure  exerted  by  the  outlet  water  is  S  T  6q  **  gaS’  but  the  Pres‘ 

18  StlU  169  Ps,a-  “o  matter  how  high  the 


G14 


PROCESS  HEAT  TRANSFER 


gas  temperature  may  be.  This  case  is  somewhat  different  from  that  of  a 
cooling  tower,  since  the  gas  will  be  cooled  and  humidified  whereas  in  the 
cooling  tower  it  is  heated  and  humidified.  In  Fig.  17.16c  a  gas  enters 
with  a  higher  dew  point  than  that  of  the  water  and  the  movement  of  the 
vapor  is  from  the  gas  to  the  water  body  throughout.  Other  interesting 
arrangements  are  possible.  Ai  ilysis  shows  that  sensible-heat  transfer 
by  direct  contact  must  be  accompanied  by  some  mass  transfer.  When 
a  gas  is  to  be  cooled  over  a  great  range,  measured  in  hundreds  of  degrees, 
and  the  dew  point  corresponds  to  that  of  flue  gases  such  as  from  110  to 
130°F,  the  amount  of  mass  transfer  may  be  very  small. 

Calculations  without  a  Simplified  Lewis  Number.  In  the  derivation  of 
equations  for  the  performance  of  cooling  towers  or  other  air-water  humidi¬ 
fiers  and  dehumidifiers,  a  simple  expression  was  obtained.  This  was 
owing  very  largely  to  the  assumption  that  the  Lewis  number  for  air-water 
diffusion  is  nearly  unity.  It  thus  becomes  possible  to  eliminate  the  last 
term  of  Eq.  (17.75)  from  further  evaluation  in  cooling-tower  calculations. 
When  Le  j*  1.0,  Eq.  (17.75),  instead  of  reducing  to  Eq.  (17.81),  reduces  to 


„  V 

rid  =  Pi  xQ  y  — 


d  T 


(H1  -  H)  +  c(T  -  t)(Le  -  1)  (17  87) 

Equation  (17.87)  cannot  be  evaluated  in  a  simple,  straightforward  manner 
because  of  the  last  term  of  the  denominator.  In  Fig.  17 .4  the  Lewis  num¬ 
ber  for  air-water  has  a  value  of  1.0  at  600°F.  For  the  diffusion  of  water 
into  other  gases  such  as  H2  and  CO,  the  Lewis  number  is  about  2.0  and 

0.6,  respectively.  .  , 

In  the  case  of  gas  cooling  if  no  simplifying  assumption  can  be  made 

for  the  Lewis  number,  it  is  necessary  to  return  to  the  three  basic  equations 

for  humidification  and  dehumidification.  These  are 


dqr  =  h„  dV(T  -  i)  =  GcdT 
dq,i  =  Kxa  dV{X  -  X')  ~*dL 
L  dt  —  G  d!r 


(17.62) 
(17.67) 
(17.78) 

where  T  now  refers  to  the  hot  gas  and  t  to  the  cold  water.  These  equa¬ 
tions  are,  respectively,  the  convection,  diffusion  and  overall  heat  bal¬ 
ances  The  first  two  can  be  related  by  the  fact  that  ft  (Le)  x  • 
overall  heat  balance  given  by  Eq.  (17.78)  obviously  is  the  sum  of  Eqs 

(17Th2e)proWem  is?to  determine  [he  number  of  diffusion  units  correspond¬ 
ing  to  process  requirements  by  the  simultaneous  integration  of  aU  three 
equations.  This  calls  for  a  typical  trial-and-error  solution  S  pp 

hot  gas  as  in  Fig.  17. 16a  contacts  cold  water  ii i  a  cou "[erflo^  ‘  ‘  d  the 

Ipflve  two  unknowns:  the  outlet  air  numia  y 

o) "  £**  ™ «-  «»«■  *•  * 
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known,  the  outlet-air  enthalpy  cannot  be  calculated  until  its  humidity 
is  known.  Without  the  outlet  humidity  the  total  heat  to  be  removed 


G  dH  =  L  dt  cannot  be  calculated,  and  without  it  L  cannot  be  determined. 


The  number  of  diffusion  units  is  dependent  upon  the  L/G  ratio,  which 
cannot  be  set  without  knowing  L.  The  solution  of  a  gas-cooling  problem 
can  be  seen  to  hinge  entirely  upon  the  value  of  the  outlet-air  humidity. 
However,  by  assuming  the  outlet  humidity  for  a  required  gas-outlet 
temperature  the  enthalpy  can  be  determined,  the  heat  balance  closed,  and 
the  L/G  ratio  is  found. 

Neglecting  mechanical  problems  of  distribution,  the  required  height 
of  the  tower  is  proportional  to  the  number  of  diffusion  units  it  must  con¬ 
tain.  Having  obtained  L  by  assuming  the  gas-outlet  humidity,  the 
quantity  of  water  diffused  in  the  tower  and  the  quantity  of  heat  trans¬ 
ferred  can  be  determined  by  Kxa\  /L  or  haV/L,  both  of  which  are  related 
by  the  Lewis  number.  Starting  at  the  bottom  of  the  tower  at  the  gas 
inlet,  an  increment  Kxa  A  V/L  can  be  assumed  and  the  amount  of  mass 
and  heat  transfer  occurring  over  the  increment  calculated,  since  L  is 


now  known  and  K xa  A  V  is  the  actual  number  of  pounds  of  mass  transfer  for 

t  /\  « w  4-  rv I  'ITT  1  *  i  i  i  • 


the  interval.  Working  up  the  column  by  increments,  Eqs.  (17.62)  and 
(17.67)  can  be  integrated.  Since  Eq.  (17.78)  is  the  sum  of  Eqs.  (17.62) 
and  (17.67),  a  height  should  be  reached  in  the  tower  at  which  all  the  heat 
transferred  corresponds  to  Eq.  (17.78).  If  the  assumed  enthalpy  of  the 
outlet-gas  and  the  inlet-water  temperature  does  not  occur  at  the  same 
eight,  the  outlet  enthalpy  has  been  assumed  incorrectly  and  a  new 


assumption  must  be  made. 


method  outlined  above  may  be  simpler. 


atics  in  Chemical  Eneineer- 
1939. 
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(a)  Tower  fill  of  suspended  fiber  board  will  be  used.  Such  towers  can  easily  operate 
with  gas  velocities  of  450  fpm  with  reasonable  pressure  drops  and  drift  elimina¬ 
tion  because  they  are  film  type  towers.  If  the  gas  loading  is  assumed  to  be  1500 
lb/(hr)(ft2),  it  will  correspond  to  a  gas  velocity  at  the  average  temperature  of  the  gas 
of  450  fpm.  A  higher  gas  rate  cannot  be  justified,  and  a  lower  one  might  provide  a 
tower  of  unnecessarily  large  cross  section.  This  last  can  be  checked  only  by  a  pressure- 
drop  calculation  once  the  height  of  the  ower  has  been  determined. 

To  close  the  heat  balance  and  to  determine  the  total  heat  transfer  and  liquid  load¬ 
ing  it  is  necessary  to  assume  the  outlet-gas  humidity.  Assumption:  20  per  cent  of  the 
initial  vapor  content  of  the  gas  enters  the  water  body. 

At  the  gas  inlet  Xx  =  14  ■/  ^  X  =  0.0807  lb /lb 

G  =  1500  lb /hr 

Total  water  in  inlet  gas  =  1500  X  0.0807  =  121.05  lb /hr 

The  inlet  gas  is  at  300°F  and  a  120°F  dew  point.  Use  0.25  Btu/(lb)(°F)  for  the 
specific  heat  of  nitrogen 

H !  =  0.0807  X  120  +  0.0807  X  1025.8  +  0.45  X  0.0807(300  -  120)  +  0.25 

X  300  =  174.0  Btu/lb  dry  air  (17.55) 

20  per  cent  of  the  vapor  has  been  assumed  to  diffuse  into  the  water  body. 

^  v  121.05(1.0  -  0.20) 

Outlet  gas  humidity,  X2  = - 1500 -  =  ®‘®6456  lb /lb 

Dew  point  of  outlet  gas,  ^  X  =  0.06456 

pw  =  1.388  psia  c=  112.9°F  dew  point  (Table  7) 

The  outlet  gas  has  a  temperature  of  200°F  and  a  112.9°F  dew  point. 

Hi  =  0.06456  X  112.9  +  0.06456  X  1029.8  +  0.06456  X  0.45(200  -  112.9) 

+  0.25  X  200  =  126.4  Btu/lb  dry  air  (17.55) 
Total  heat  load,  q  =  G(HX  -  Hi)  =  1500(174.0  -  126.4)  =  71,500  Btu/hr 

Water  loading,  L  =  ^Jo’— ^85  =  16 /hr 

This  water  loading  corresponds  to  4.0  gpm/(ft2),  which  is  reasonable  for  this  type 
of  apparatus  as  explained  earlier. 


Interval  1: 


KxaT  A— :  0  to  0.05 

Lj 

From  Fig.  17.4  at  300°F,  Le  —  0.93 

C  =  0.25  +  0.45  X  0.0807  =  0.285  Btu/(lb)(°F) 


haV  =  Kxa^L(Le)C  =  0.05  X  2040  X  0.93  X  0.283 
=  26.9  Btu/(hr)(°F) 

qc  =  haV(T  -  t)  =  26.9(300  -  120)  =  4850  Btu/hr 
4,850 


AT  = 


=  11.4°F 


0.283  X  1500 

Since  thcfdew  point  of  the  gas  and  the  water  outlet  are  the  same  in  this  problem, 

£=“ =£  is  r  £&  ar 


4850 


O 
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The  temperatures  for  the  first  interval  are  shown  in  Fig.  17.17. 
KxaAV 


Interval  2: 


■:  0.05  to  0.15 


haV  =  0.10  X  2040  X  0.93  X  0.283  =  53.8  Btu/(hr)(°F) 
For  the  interval: 


qc  =  53.8(288.6  -  117.6)  =  9200  Btu/hr 
9200 


Tz=2 00  t,=88.0°F 


AT  = 


=  21.7°F 


0.283  X  1500 
77 16  =  288.6  -  21.7  =  266.9°F 


0.5375 

0.45 


^m.6°F  =  0.0748  lb /lb 


Lb  water  diffused  during  interval  =  KxaV 
(X  -  X ') 


KxaV  =  Kxa  j-  X  L  =  0.10  X  2040 


204.0 


0.35 


lb /(hr)  (lb /lb) 

KxaV(X  -  X')  =  204.0(0.0807  -  0.0748)  = 
1.203  lb /hr 

Lb  water  remaining  =  121.05  —  1  203  = 
119.85  lb /hr 

^m.6°F  =  1027  Btu/lb 

qa  =  1.203  X  1027  =  1235  Btu/hr 

q  =  9200  +  1235  =  10,435  Btu/hr 


0.25 


=  1M35  _ 

2040  5,12  F 


0.15 


to.it  =  (117.6  -  5.1)  =  112.5°F 

-^m.6°F  =  0.0640  lb  /lb 

v  119.85 

xu2.6°r  =  -Jc-qq  =  0.0798  lb/lb 


Interval  3:  *Lxa  AV.  0.15  to  0.25 


0.05 


Kxc<^=0.00 


x -0.0700  x'= 0.0352 


T=2I3.2°F 

1 1 


t=94.0°F 


x= 0.0744  x1  =0.0436 


T=229.6°F 


t=?00.56°F 


x= 0.0775 


'  < 

x-0.0533 


T=  247.4°  F  t  =  106.8°F 


x= 0.0798  x^O.0640 


T=266.9°F 

A 


t=H2.5°F 


x  =0.0807  x1- 0.0748 


T=288.6°F 

1  i 


t=H7.6°F 


haV  =  53.8  Btu/(hr)(°F) 
For  the  interval: 


x=  0.0807 
T|=300°F 


+2=I20°F 


qc  -  53.8(266.9  -  112.5)  =  8300  Btu/hr 
8300 


17-17-  Solution  of  Example 

17.0. 


AT  = 


=  19.5°F 


0.283  X  1500 
77  25  =  266.9  —  19.5  =  247.4°F 

Lb  water  diffused  during  interval  =  204.0(0.0798  -  0  0640)  =  3  29  lK/v, 
Lb  water  remaining  =  119.85  -  3.22  =  116.63  lb /hr  ^ 

^m.6°F  =  1030  Btu/lb 

<U  =  3.22  X  1030  =  3320  Btu/hr 
q  -  8300  +  3320  =  11,620  Btu/hr 

ai  11,620 

M  =  "2040”  "  5'70°F 
<0.26  =  112.5  -  5.7  =  106.8°F 
■^106.8^  =  0.0533  lb  /lb 
116.63 


10^  ~~im  =  0.0775  lb /lb 
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The  calculations  of  the  remaining  intervals  until  a  gas  temperature  of  200°F  is 
reached  are  shown  in  Fig.  17.17  from  the  summary  table  below. 


Interval 

*,4 

Lj 

T 

t 

H20 

diffused,  lb 

7= 

7  d 

0 

300 

120 

1 

0.05 

288.6 

117.6 

0 

4,850 

0 

O 

id 

0.15 

266.9 

112.5 

1.20 

9,200 

1,235 

3 

0.25 

247.4 

106.8 

3.22 

8,300 

3,320 

4 

0.35 

229.6 

100.6 

4.99 

7.560 

5,150 

5 

0.45 

213.2 

94.0 

6.29 

6,950 

6,520 

G 

0.538 

200.0 

88.0 

6.22 

5,640 

6,460 

21.92 

42,500 

22,685 

rid  =  0.538 

7 

=  65,185  Btu/hr 

Assumed  diffusion  =  20  per  cent 

Calculated  diffusion  =  21.92  X  ^2195  =  18-0  per  CGnt 

It  is  seen  that  the  above  summary  is  somewhat  off,  since  the  water  temperature 
ended  at  88°F  whereas  the  inlet  temperature  was  specified  to  be  at  85°F.  If  an 
answer  of  greater  accuracy  is  desired,  the  temperature  and  humidity  are  found  to 
check  when  the  diffusion  is  assumed  to  be  18%  Per  cent  an(^  6.55  diffusion  units  are 
obtained.  Plots  can  be  made  to  show  the  variation  of  T  and  t  with  height. 

(b)  The  following  smoothed  data  are  given  for  an  experimental  tower  with  vertical 

sheets  of  composition  board: 

Tower  cross  section:  41%  by  23%  in. 

Filled  height:  41%  in. 

Sheet  thickness:  %  in. 

Horizontal  spacing:  %-in.  centers 
Number  of  sprays:  18 


L, 

lb  water/(hr)(ftJ) 
882 

1178 

1473 


G, 

lb  air/ (hr)  (ft2) 


700 

1100 

1500 

700 

1100 

1500 

700 

1100 

1500 


Kxa 

A P, 

in.  H20 

190 

0.040 

258 

0.083 

312 

0.136 

200 

0.049 

290 

0.095 

373 

0.150 

206 

0.060 

315 

0.106 

420 

0.162 
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For  G  =  1500,  extrapolate  to  L  =  2040  on  logarithmic  coordinates. 


Tower  height,  Z  =  =  0.54  X 


2.16  ft 


Cross  section  = 


50,000 

1500 


33.3  ft2 


Kxa  =  510. 


Note  the  small  height.  Even  with  an  adequate  factor  for  safety  little  height  will 
be  required  to  cool  the  gas. 

The  extrapolated  pressure  drop  is  0.175  in.  H20  per  41%  in.  of  height. 


SENSIBLE-HEAT  TRANSFER 

Heating  and  Cooling  without  Mass  Transfer.  When  a  hot  gas  con¬ 
tacts  a  nonvolatile  cooling  medium,  the  mass  transfer  is  very  small.  In 
addition,  with  the  exception  of  water,  methanol,  and  ammonia,  the  latent 
heat  of  vaporization  is  also  small,  from  100  to  200  Btu/lb,  so  that  the 
diffusion  heat  load  is  insignificant.  In  such  case  it  is  possible  to  neglect 
the  mass  transfer  altogether  and  simplify  the  method  of  calculation  for 
gas  coolers. 

Most  performance  data  on  packed  towers  have  been  obtained  for  mass 
transfer,  but  convection  alone  can  be  computed  from  mass-transfer  data 
such  as  Kxa  or  HDU  by  the  simple  relationship  haV /L  =  ( Le)C(KxaV/L ). 
The  enthalpy  of  the  gas  where  there  is  no  mass  transfer  is  proportional 
to  its  'temperature,  and  the  potential  for  convection  is  the  difference 
between  the  temperature  of  the  gas  and  the  temperature  of  the  water  at 
any  cross  section  in  the  tower.  Accordingly,  haV/L  =  {  dt/{T  -  t),  and 
since  only  sensible-heat  changes  occur, 


haV 


-/ 


at 


LMTD 


(17.88) 


For  a  given  system  in  a  given  tower  if  II DU  is  known,  Eq.  (17  88)  can  in 
turn  be  converted  to  the  number  of  diffusion  units  by 


nd  =  (. Le ) 


Su 


dt 


haV 


MTD  ULe)C 


(17.89) 


in  Ther^  mf  d)earth  °f  information  °n  the  performance  of  different  pack 

which  cUKrlng  the' SatUration  of  with  oils  and  other  organt 

h  ch  are  suitable  as  nonvolatile  heat-transfer  mediums  for  hot  eases 

IS  is  also  true  for  the  Lewis  numbers  for  such  svstems  TLp  Sf  1 

aTnr°a“rtCoan  b!h°btained’  but  these  to  considerable^ 

20  per  cent  of  the^otal  heTtT^ 1f0n‘he?t  transfer  represents  only  about 
connection  ^ 

had  had  an  inlet  temperature  of  1000°E  a  ^  hedt  °ad*  If  the  gas 

V— W 
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with  a  dew  point  of  120  to  130°F  or  less  is  to  be  cooled  by  water  without 
a  close  approach,  diffusion  represents  a  small  portion  of  the  heat  load 
and  the  entire  problem  can  be  treated  as  one  of  sensible-heat  transfer. 
The  dew  points  referred  to  above  are  within  the  range  of  flue  gases.  Some 
allowance  must  be  made  in  the  beat  load  and  liquid  loading,  although  the 
height  of  the  tower  will  not  be  fleeted,  since  both  diffusion  and  convec¬ 
tion  will  occur  in  the  same  height.  The  use  of  this  short  method  is 
demonstrated  below. 


Example  17.7.  Approximate  Calculation  of  a  Gas  Cooler.  50,000  lb  /hr  of  the  gas 

in  Example  17.6  (dew  point  =  120°F)  is  to  be  cooled  from  an  initial  temperature  of 
500  to  200°F.  How  many  diffusion  units  of  any  type  of  tower  are  required? 
Solution.  Assume  that  C  for  the  mixture  is  0.28  Btu/(lb)(°F). 

Sensible-heat  load  =  50,000  X  0.28(500  -  200)  =  4,200,000 

From  Example  17.6  approximate  diffusion  =  X  22,685  =  758,000 


4,958,000  Btu/hr 

Actually,  an  allowance  as  high  as  30  per  cent  of  the  sensible  load  can  be  made  and  the 
excess  water  compensated  for  by  throttling  when  the  tower  is  in  operation. 


Total  water  quantity  =  ^  =  lb/hr 


If  the  maximum  liquid  loading  is  taken  as  2040  lb /(hr) (ft2),  the  required  tower 
cross  section  will  be 

142,000  _  go  7  ff2 
"204^  "  b9‘7 


The  new  gas  rate  will  be 


=  718  lb/(hr)(ft*) 

09./ 


Calculation  of  the  number  of  diffusion  units: 


ha 


w 


dt 


LMTD 


The  two  terminal  temperature  differences  are  (200  85)  and  (500 


(17.88) 

120). 


LMTD  = 

dt  = 
haV 
L 

nd  = 


(500  -  120)  -  (200  -  85)  =  222<,F 
In  (500  -  120)/ (200  -  85) 

120  -  85  =  35°F 
35 
222 
haV 
L{Le)C 
0.16 


0.16 


0.93  X  0.28 


_  =0.62  diffusion  unite 
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For  a  tower  employing  fill  as  in  Example  17.6: 

By  extrapolation  for  G  =  718  and  L  =  2040,  Kxa  =  215 


rid  —  Kxa 


0.62  =  215  X 


=  215  X 


1 Z 


2040  ''  2040 

Z  =  6.8  ft  high 

Ground  dimensions  =  (69.7) ^  ==  8%  X  8%  ft 
As  before,  the  pressure  drop  will  be  negligible. 

PROBLEMS 

17.1.  A  cooling  tower  30  by  30  ft  (Example  15.2)  has  been  designed  to  cool  1800  gpm 
of  water  from  1 10  to  85°F  when  the  5  per  cent  wet  bulb  is  75°F.  The  fans  are  capable 
of  delivering  275,000  cfm  of  air.  How  many  diffusion  units  are  required?  If  the 
5  per  cent  wet  bulb  was  80°F,  how  many  diffusion  units  would  be  required? 

17.2.  A  cooling  tower  30  by  24  ft  was  designed  to  deliver  1200  gpm  of  water  from 
105  to  85 °F  when  the  5  per  cent  wet  bulb  was  80°F.  Fans  are  capable  of  delivering 

30,000  cfm  of  air.  (a)  In  an  actual  test  at  full  loadings  when  the  wet  bulb  was  70°F 
the  water  range  was  from  77.0  to  97.0°F.  Was  the  tower  fulfilling  guarantee  condi- 

T7 1  t  }  ~  raf 1 ?  WaS  78‘° t0  98-°°F’  would  the  tower  guarantee  conditions? 

.3.  In  a  Texas  lube  plant  it  is  desired  to  install  a  water-cooled  heat  exchanger  for 

a  iqind  with  a  waxy  residue.  A  small  portion  of  the  cooling-tower  water  from  a  single 
&  available,  but  there  is  some  question  that  in  winter  the  entering  water  will  chill 

out  wax  and  disrupt  operation.  cnm 

•>tIsh»FtOWRLOPerat7in  SUmmer  at  an  80°F  wet  bulb  with  water  °"  a‘  120°F  and  off 
8f  Because  of  the  main  equipment  on  the  water  line  the  air  and  water  quanti- 

ato  fixed'  ^  6  thr°Ugh0Ut  the  year  at  an  L/°  =  0.86.  Similarly  the  load  is 

the1oawIrweh»th7w:fb^,"F  kn0W  the  tempcrature  «“  exchanger  and  on 

a  dry  bulb  of  85°F  and  a  75°F  wet  bulb  d  th  3600  cfni  of  air  havmg 

ES"  *''<«««  ■  —  “I  555  MWOTSS™ 

Jit, 'STi*  tSST mi" ; 

lififusion  units  are  required?  Un  m'er  is  required?  How  many 

NOMENCLATURE  FOR  CHAPTER  17 

Heat-transfer  surface,  ft2 
Surface  of  packing  or  fill,  ft2/ft3 
enry’s  law  constant,  (atm) (ft*) /mol 

°f  h0t  HqUM  ”  hUmid  bea‘  ^  gas,  Btu/(,b)rF) 
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[c] 

D 

9 

Gm 

G 

H ,  IP 
HTU 
HDU 
h 

ha,  hL 
hi ,  ho 
jd,  jh 

Ka 

Kl 

Kx 

k 

kd 

kG 

kL 

kx 

L 

LMTD 

Lo 

Le 

l 

M 

Ma 

Na 

n 

rid 

Tit 

V 

P' 

PUm 

Vt 

Pud 

Q 

9 

qc,  Q  d 

R 

S 

T 

To 

t 


Specific  heat  of  cold  liquid  or  humid  heat  of  cold  gas,  Btu/(lb)(°F) 
Concentration  in  liquid,  lb-mols/ft3 
Inside  diameter  of  tube,  ft. 

Acceleration  of  gravity,  ft/hr2 

Gas  rate,  lb-mols/(hr)(ft2  of  ground  area) 

Gas  rate,  lb/(hr)(ft2  cf  ground  area) 

Enthalpy  of  the  gas,  ituration  enthalpy  of  the  gas,  Btu/lb  dry  air 
Height  of  a  transfer  unit,  ft 
Height  of  a  diffusion  unit,  ft 

Overall  coefficient  of  heat  transfer  hG  or  hL  in  a  system  in  which  one 
film  actually  controls,  Btu/(hr)(ft2)(°F) 

Coefficient  of  heat  transfer  from  the  gas  to  the  gas-liquid  interface,  coef¬ 
ficient  from  the  liquid  to  the  gas-liquid  interface,  Btu/(hr)(ft2)(°F) 
Coefficient  of  heat  transfer  referred  to  the  inside  diameter  and  the  out¬ 
side  diameter  of  the  tube,  respectively,  Btu/(hr)(ft2)(°F) 

Factor  for  diffusion,  factor  for  heat  transfer,  respectively,  dimensionless 
Overall  coefficient  of  mass  transfer,  lb-mols/(hr)(ft2)(atm) 

Overall  coefficient  of  mass  transfer,  lb-mols/(hr)(ft2)(unit  concentra¬ 
tion) 

Overall  coefficient  of  mass  transfer,  lb/ (hr) (ft2) (lb/lb) 

Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Diffusivity,  ft2/hr 

Gas-film  coefficient,  lb-mol/(hr)(ft2)(atm) 

Liquid-film  coefficient,  lb-mol/(hr)(ft2)(unit  concentration) 

Gas-film  coefficient,  lb /(hr)  (ft2)  (lb /lb) 

Liquid  loading,  lb/(hr)(ft2  of  ground  area) 

Logarithmic  mean  temperature  difference,  °F 
Makeup  water,  lb /(hr)  (ft2  of  ground  area) 

Lewis  number,  ha/kxc  or  h/Kxc,  dimensionless 


Film  thickness,  ft 

Molecular  weight,  dimensionless 

Molecular  weight  of  water  and  air,  respectively,  dimensionless 
Gas  rate  of  diffusion,  lb-mol/hr 
Number  of  mols 


Number  of  diffusion  units,  dimensionless 

Number  of  transfer  units,  dimensionless 

Pressure  of  diffusing  :omponent  in  the  gas  body,  atm 

Equilibrium  pressure  of  the  diffusing  component,  atm 

Log  mean  pressure  of  inert  gas,  atm 

Total  pressure,  atm  or  psi 

Partial  pressure  of  water,  consistent  with  units  of  pt 


ITotal  heat  transfer,  Btu  /hr  s 

leat  transfer  based  on  1  ft2  of  ground  area,  Btu/(hr)  (ft  ground  area) 
leat  transfer  by  convection  and  diffusion,  respectively,  based  on 
of  ground  area,  Btu/(hr)(ft2  of  ground  area) 
las  constant,  1544  ft-lb/Btu 
Sntropy,  Btu/°F 
remperature  of  the  hot  fluid,  F 
Vlakeup  water,  temperature  F 
femperature  of  the  cold  fluid,  F 
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tDB,  twB,  top 

Uc 

u 

V 

V 

X ,  X' 
x 

y 

z 

z 

aAB 

7 

6 

6 

X 

Xn/> 

p 


Dry-bulb,  wet-bulb,  and  dew-point  temperatures,  respectively, 
Clean  overall  coefficient  of  heat  transfer,  Btu/(hr)(fta)(°F) 
Velocity,  ft  /hr 
Tower  volume,  ft3 
Specific  volume,  ft3/lb 

Humidity  of  the  gas,  saturation  humidity  of  the  gas,  lb  /lb 

Mol  fraction  of  diffusing  component  in  liquid  phase 

Mol  fraction  of  diffusing  component  in  gas  phase 

Height  of  tower,  ft 

Height  of  free  fall,  ft 

Proportionality  constant,  hr  /ft2 

Exponent  in  Eq.  (17.85) 

Molar  density,  lb-mols/ft3 
Time,  hr 

Average  latent  heat  of  vaporization,  Btu /lb 
Latent  heat  of  vaporization  at  the  dew  point,  Btu /lb 
Density,  lb /ft3 


Subscripts  (except  as  noted  above) 

Diffusing  component 


B 

1 

1 

2 


Inert  gas 
Gas-liquid  interface 
Inlet 
Outlet 


CHAPTER  18 

BATCH  AND  UNSTEADY-STATE  PROCESSES 

Introduction.  The  relationships  of  preceding  chapters  have  applied 
only  to  the  steady  state  in  which  the  heat  flow  and  source-temperature 
were  constant  with  time.  Unsteady-state  processes  are  those  in  which  the 
heat  flow,  the  temperature,  or  both  vary  with  time  at  a  fixed  point. 
Batch  heat-transfer  processes  are  typical  unsteady-state  processes  in 
which  discontinuous  heat  changes  occur  with  specific  quantities  of  mate¬ 
rial  as  when  heating  a  given  quantity  of  liquid  in  a  tank  or  when  a  cold 
furnace  is  started  up.  Still  other  common  problems  involve  the  rates  at 
which  heat  is  conducted  through  a  material  while  the  temperature  of  the 
heat  source  varies.  The  daily  periodic  variations  of  the  heat  of  the  sur 
on  various  objects  or  the  quenching  of  steel  in  an  oil  bath  are  examples 
of  the  latter.  Other  apparatuses  based  on  the  characteristics  of  the 
unsteady  state  are  the  regenerative  furnaces  used  in  the  steel  industry 
the  pebble  heater,  and  equipment  in  processes  employing  fixed  and  mov¬ 
ing-bed  catalysts. 

In  batch  processes  for  the  heating  of  liquids  the  time  requirement  foi 
heat  transfer  can  usually  be  modified  by  increasing  the  circulation  of  the 
batch  fluid,  the  heat  transfer  medium,  or  both.  The  reasons  for  using  a 
batch  rather  than  a  continuous  heat-transfer  operation  are  dictated  b> 
numerous  factors.  Some  of  the  common  reasons  are  (1)  the  liquid  being 
processed  is  not  continuously  available,  (2)  the  heating  or  cooling  medium 
is  not  continuously  available,  (3)  the  requirements  of  reaction  time  oi 
treating  time  necessitates  hfldup,  (4)  the  economics  of  intermittent^ 
processing  a  large  batch  justifies  the  accumulation  of  a  small  continuous 
stream,  (5)  cleaning  or  regeneration  is  a  significant  part  of  the  tota 
operating  period,  and  (6)  the  simplified  operation  of  most  batch  processes 

is  advantageous.  „  _  ,  .  ,  ,  , 

In  order  to  treat  the  commonest  applications  of  batch  and  unsteady- 

state  heat  transfer  systematically,  it  is  preferable  to  divide  processes 
between  liquid  (fluid)  heating  or  cooling  and  solid  heating  or  cooling 
The  commonest  examples  are  outlined  below. 

1 .  Heating  and  cooling  liquids 

a.  Liquid  batches 

b.  Batch  distillation 
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2.  Heating  and  cooling  solids 

a.  Constant  medium  temperature 

b.  Periodically  varying  temperature 

c.  Regenerators 

d.  Granular  material  in  beds 

HEATING  AND  COOLING  LIQUIDS 

la.  Liquid  Batches 

Introduction.  Bowman,  Mueller,  and  Nagle1  have  derived  an  expres¬ 
sion  foi  the  time  required  to  heat  an  agitated  batch  by  the  immersion  of 
a  heating  coil  when  the  temperature  difference  is  the  LMTD  for  counter¬ 
flow.  Fisher2  has  extended  the  batch  calculation  to  include  an  external 
counterflow  exchanger.  Chaddock  and  Sanders*  have  treated  agitated 
batches  heated  by  external  counterflow  exchangers  with  the  continuous 
addition  of  liquid  to  the  tank  and  have  also  taken  into  account  the  heat 
of  solution.  Some  of  the  derivations  which  follow  apply  to  coils  in  tanks 
an  jacketed  vessels,  although  the  method  of  obtaining  overall  coefficients 
of  heat  transfer  for  these  elements  is  deferred  until  Chap.  20 
It  is  not  always  possible  to  distinguish  between  the  presence  or  absence 
of  agitation  in  a  liquid  batch,  although  the  two  premises  lead  to  different 
requirements  for  the  accomplishment  of  a  batch  temperature  change  in 
a  given  period  of  time.  When  a  mechanical  agitator  is  installed  in  a 

flukl  i°r  T? 7  'ml?'  N’  there  ,s  no  need  t0  question  that  the  tank 
fluid  is  agitated.  W  hen  there  is  no  mechanical  agitator  but  the  liquid  is 

of  discretion  ""wheifth  ’  *e  .COncl“sion  that  the  batch  !■  agitated  is  one 

In  the  derivation  of  batch  equations  given  below  T  i  ,,  , 

batch  liquid  or  heating  medium  and  /reLs  to  hl’coW  bVch  r  H  ‘ 
cooling  medium.  The  following  cases  are  treated  here :  Q  °r 

Heating  and  cooling  agitated  batches,  counterflow 

0r  !a<te‘e<!  vesscl-  isothermal  medium 
Coil-in-tank  or  jacketed  vessel,  nonisothermal  medium 

External  exchanger,  isothermal  medium 
External  exchanger,  nonisothermal  medium 

e“  2S5  as  r  ;= 5  s  ss 

R ■  A  ’  A-  “d  W.  M.  Nagle,  Tran,  ^  62  283-294 

•Chaddock,  r’.  <*•«* 

’  M'  T-  SandCT3’  Tran*'  AIChE,  40,  203-2,0  (1944). 
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Heating  and  cooling  agitated  batches,  'parallel  flow-counterflow 
External  1-2  exchanger 

External  1-2  exchanger,  liquid  continuously  added  to  tank 


External  2-4  exchanger 

External  2-4  exchanger,  liquid  con  nuouslv  added  to  tank 

Heating  and  cooling  batches  without  agitation 

External  counterflow  exchanger,  isothermal  medium 
External  counterflow  exchanger,  nonisothermal  medium 
External  1-2  exchanger 
External  2-4  exchanger 


Heating  and  Cooling  Agitated  Batches.  There  are  several  ways  of 

considering  batch  heat-transfer  processes.  If  it 
is  desired  to  accomplish  a  certain  operation  in  a 
given  time,  the  surface  requirement  is  usually 
unknown.  If  the  heat-transfer  surface  is  known 
as  in  an  existing  installation,  the  time  required 
to  accomplish  the  operation  is  usually  unknown. 
A  third  possibility  arises  when  the  time  and 
surface  are  known  but  the  temperature  at  the 
conclusion  of  the  time  is  unknown.  The  follow¬ 
ing  assumptions  are  involved  in  the  derivations 
of  Eqs.  (18.1)  through  (18.23): 

1.  U  is  constant  for  the  process  and  over  the  entire  surface. 

2.  Liqu  d  flow  rates  are  constant. 

3.  Specific  heats  are  constant  for  the  process. 

4.  The  heating  or  cooling  medium  has  a  constant  inlet  temperature. 

5.  Agitation  produces  a  uniform  batch  fluid  temperature. 

6.  No  partial  phase  changes  occur. 

7.  Heat  losses  are  negligible. 


Fig.  18.1.  Agitated  batch. 


Heating  and  Cooling  Agitated  Batches:  Counterflow 

COIL-IN-TANK  OR  JACKETED  VESSEL,  ISOTHERMAL  HEATING  MEDIUM. 

Consider  the  arrangement  shown  in  Fig.  18.1  consisting 
vessel  containing  M  lb  of  liquid  with  specific  heat  c  and  ^tlaJr‘emp*r^ 
ture  tl  heated  by  a  condensing  medium  of  temperature  ^,  Jhe  “ch 
temperature  h  at  any  time  8  is  given  by  the  d.fferent.a  he* t  balance. 
If  Q'  is  the  total  number  of  Btu  transferred,  then  per  unit  of  time 

dQ’  _  Af,di  =  UA  At 


(18.1) 
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dt  _  U A 
dd  ~  Me  M 


Integrating  from  ti  to  t2  while  the  time  passes  from  0  to  d , 


ln  T\  —  t\  _  UA6 
Tx-tt"  Me 


(18.3) 

(18.4) 


(18.5) 


The  use  of  an  equation  such  as  Eq.  (18.5)  requires  the  independent  calcu¬ 
lation  of  U  for  the  coil  or  jacketed  vessel  as  given  in  Chap.  20.  With 

Q  and  A  fixed  by  process  conditions,  the  required  heating  time  can  be 
calculated. 

COIL-IN-TANK  OR  JACKETED  VESSEL,  ISOTHERMAL  COOLING  MEDIUM. 

Problems  of  this  type  usually  arise  in  low-temperature  processes  in  which 
the  cooling  medium  is  a  refrigerant  which  is  fed  to  the  cooling  element  at 
its  isothermal  boiling  temperature.  Conside  the  same  arrangement  as 
shown  in  Fig.  18.1  containing  M  lb  of  liquid  with  specific  heat  C  and 
initial  temperature  7’,  cooled  by  a  vaporizing  medium  of  temperature  h 
it  1  is  the  batch  temperature  at  any  time  6, 


In 


le  =  -MC^^UAAt 
u  =  ( T  -  <0 

Ti  -  h  _  UAo 
T,  -  t.  Me 


(18.6) 


(18.7) 


COIL-IN-TANK  OR  JACKETED  VESSEL,  NONISOTHERMAL  HEATING  MEDIUM 
temperature  rTbut  a  vlrfaMfou^et  tempTaturT  ^  ^  *  “dinlet 


(a) 


dQ'  ,  dt 

dd  dd 

A t  =  LMTD  = 


(b) 


(c) 


w  -  Mc  Te  =  wc(^  -  r.)  =  VA  At 


Ti  -  T , 


(18.8) 


Tt  =  t  + 


Ti  -  t 

gJA/WC 


1"  {Ti  —  t)7(T7^-T) 


Let  Ki  ff>A/wc  and  equate  ^  and  ^  of  ^ 


In  ?A~-h  =  WC(Ki  -  1\ 

Tv  -  Is  Me  \  K[  ) 


e 


(18.9) 
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COIL-IN-TANK,  NONISOTHERMAL  COOLING  MEDIUM: 


dO'  dT 

^  =  -MCjq  =  wc(t 2  -  h)  =  UA  At 


K2  =  eUA/wc 


(18.10) 

(18.11) 


EXTERNAL  HEAT  EXCHANGER, 


isothermal  heating  medium.  Con¬ 
sider  the  arrangement  in  Fig.  18.2  in 
which  the  fluid  in  the  tank  is  heated 
by  an  external  exchanger.  Since  the 
heating  medium  is  isothermal,  any 
type  of  exchanger  with  steam  in  the 
shell  or  tubes  will  be  applicable. 
The  advantages  of  forced  circulation 
on  both  streams  recommend  this 
arrangement. 

The  variable  temperature  out  of 
the  exchanger  t'  will  differ  from  the 
heat  balance  is  given  by 


Fig.  18.2.  Agitated  batch  with  external 
1-1  exchanger. 

variable  tank  temperature  t ,  and  the  differential 


dty 

dd 


t' 


(a)  (6)  (c) 

Me  =  wc(t'  —  t)  =  UA  At 


T1 


T\  -  t 

gU  A  fwc 


(18.12) 


Let 


In 


K2  =  eUA,wc 

Ti  —  ti  _  wc  /K2  -  l\ 
Tl  -  t2  ”  Mc\  K2  ) 


d 


(18.13) 


external  exchanger,  isothermal  cooling  medium: 


In 


Tl  -  tl  _  WC  ( Ki  -  1^  g 
Tt-h  MC\  K i  / 


(18.14) 


EXTERNAL  EXCHANGER,  NONISOTHERMAL  HEATING  MEDIUM.  The  diff 

ential  heat  balance  is  given  by 

(a)  ( b )  («>  (d) 

=  Me  —  =  wc(t'  -  t)  =  WC(Ti  -  T2)  =  UA  At  (18.15) 
dd  dd 
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There  are  two  variable  temperatures,  t'  and  T 2,  which  appear  in  the 
LMTD  and  which  must  first  be  eliminated.  Equating  Eq.  (18.15),  (a) 

and  (6), 

=  t  +  Mc<U 
T  wc  dO 


Equating  Eq.  (18.15),  (a)  and  (c), 


T-  Tl  i vc  de 

Let 

K3  =  eUA(wc~Wc) 

and 

In  111  ~  <1  _  ffs  -  1  wTFC 

Ti  -  4  M  {Kswc  -  WC)  6 
external  exchanger,  nonisothermal  cooling  medium: 


(18.16) 


K,  =  eUA(wc  w) 

In  -  <1  _  (Kt  ~  1)  Wwc 

T>  ~  h  M  (jc.irc  -  vk)  9  (18'17> 


EXTERNAL  EXCHANGER,  LIQUID 

thermal  heating  medium.  The 
elements  of  the  process  are  shown 
in  Fig.  18.3.  Liquid  is  contin¬ 
uously  added  to  the  tank  at  the 
rate  of  L0  lb/hr  and  at  the 
constant  temperature  to.  It  is 
assumed  that  no  chemical  heat 
effects  attend  the  addition  of  the 
make-up  liquid.  Since  M  is  the 
pounds  of  liquid  originally  in  the 
batch  and  L0  is  in  pounds  per  hour, 
the  total  liquid  at  any  time  is  M  + 
given  by 


CONTINUOUSLY  ADDED  TO  TANK,  ISO 


L,e.  The  differential  heat  balance  is 


{M  +  UB)  j-e  +  L„c(t  -  4)  =  wc(t'  _ 


and 


(18.18) 


where 


wc{?  —  <)  =  UA  At 


=  LMTD  = _ t  ~  t 

ln  (T,  -  t)/(T ,  -  f) 
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Solving  for  t', 


Substituting  in  Eq.  (18.18), 


(18.19) 


If  the  addition  of  liquid  to  the  tank  causes  an  average  endothermic  or 
exothermic  heat  of  solution,  ±qs  Btu/lb  of  make-up,  it  may  be  included 
by  adding  ±q»/co  to  both  the  numerator  and  denominator  of  the  left 
side.  The  subscript  0  refers  to  the  make-up. 


EXTERNAL  EXCHANGER,  LIQUID  CONTINUOUSLY  ADDED  TO  TANK,  ISO¬ 
THERMAL  COOLING  medium: 


(M  +  U0)c  ^  +  WC{T  -  V)  =  UC(T„  -  T)  (18.20) 


T  0  - 


In 


To  -  Tt 


T‘~z.  (~ir) (Ti  ~ 1,1 

-  '£  (--kt)  ,t'  ~  w 


AI  T  LoO 


(18.21) 


The  heat-of-solution  effects  can  be  included  by  adding  ±q,/Co  to  both 
the  numerator  and  denominator  of  the  left  sidte. 

external  exchanger,  liquid  continuously  added  to  tank,  non- 
isotherm  al  heating  medium.  The  heat  balance  is  identical  With  Eq. 
(18.18)  for  heating  except  that  At  is  written  for  the  inlet  and  outle 

temperatures  of  the  heating  medium. 


(To  -  0  -  {T i  -  f)  _  (t'  ~  0  ~  -  T 'A 

At  =  LMTD  =  ~  ln  ( T *  -  ~  1  ] 

(7,  _  T,)WC  =  (/'  -  t)wc  =  UA  At 
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Let 


UA 


to  ~  t\  + 


iu  =  ewc 
wWC(Kb  -  l)(Ti  -  tx) 


0-w) 


In 


Lo{KhWC 


wc ) 


^0  —  tl  T" 


wWC{Kb  -  1  )(Ti-  h) 


Lo(KbWC  -  wc) 

=  r  wWC(Ki  -  1) 


Lo(KbWc  —  wc) 


] 


+  l|ln  (18.22) 


The  heat-of-solution  effects  can  be  included  by  adding  ±  q,/cQ  to  both 
the  numerator  and  denominator  of  the  left  side. 

EXTERNAL  EXCHANGER,  LIQUID  CONTINUOUSLY  ADDED  TO  TANK,  NON- 
ISOTHERMAL  COOLING  MEDIUM.* 


UA 


To  -  Tx  - 


In 


K6  =  e  wc 
WwcjKp  -  l)(7Ti  -  u) 
Lq(K6wc  —  WC) 


i'-w£) 


To  -  T,- 


Wwc(K6  ~  1  )(Ti  -  h) 


L0(Kowc  -  WC) 

_  r  wwc(k6  —  i) 

"  lU{KoWc  -  WC) 


+  1 


i  M  ~j~  LoO 
ln~M  (18'23) 


ihe  heat-of-solution  effects  can  be  included  by  adding  +o,/C0  to  both 
the  numerator  and  denominator  of  the  left  side. 

//cafrns  and  Cooling  Agitated  Batches.  1-2  Parallel  flovy-Counterflow 
The  derivations  for  the  preceding  cases  included  assumption  7,  which 
quired  that  all  external  exchangers  operate  in  counterflow  With  non 
isothermal  cooling  and  heating  mediums  this  will  not  always  be  advanta 
geous  since  it  sacrifices  the  construction  and  performance  advantages 
of  multipass  apparatus  such  as  the  1-2  exchanger.  The  externa  M2 

bytq"  (7r37a)n  mClUded  by  USing  the  temperature  difference  as  died 


where 


UA 

wc 

R  = 


- —  in  2 +  i  -  Vr*  +  n 


VW+l  2  -  S(R  +  1  +  VlF+T) 


(7.37) 


Ti  -  T, 

t‘  -  t 


WC 

WC 


and 


S  = 


tr  -  t 


2  ~  S(R  +  1  -  \/R2  +  1)  _ * 

2  -  S(R  +  T+VW+T)  =  =  k7 

8  = -  2  (Kt  -  1) 


K,(R  + 1  + VW+ 1)  _  (b^:  j  _ 


i) 


(18.24) 
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and  so  S  as  well  as  R  is  a  constant  which  is  independent  of  the  exchanger 
outlet  temperatures. 

external  1-2  exchanger,  heating.  Using  the  same  heat  balance  as 
defined  by  Eq.  (18.15), 


Rearranging, 


=  <  +  -  ^ 
w  dO 


S  = 


t'  -  t 
T  i  -  t 


(M/w)(dt/dO) 
T X  -  t 


(18.25) 


wThere  £  is  defined  by  Eq.  (18.24). 


EXTERNAL  1-2  EXCHANGER,  COOLING: 


In 


T\  -  *1 

T<i  -  h 


Q  WC 

=  SMC6 


(18.26) 


where  S  is  defined  by  Eq.  (18.24). 


EXTERNAL  1-2  EXCHANGER,  LIQUID  CONTINUOUSLY  ADDED  TO  TANK. 

heating  : 


(M  +  Lod)c  j-d  =  wc(t'  -  t)  -  Loc(t  -  to) 


S  = 


( M  ,  LqO\  dt-  ,  Lo  ,t  _ 
'  —  t  \w  w  /  dO  w 


to) 


Simplifying 


t 

T\  -  t 
dt 


Tx  -  t 
dO 


STx  + 


£--(s+§) 


M  .  Lo0 

t  —  +  — 


w 


w 


In 


ST.+^l. 


(18.27) 


Sw  4-  Lo ,  (M  +  UP)  Qg28) 

- 7 - 7 - L\  ='~L7"ln  M 

STi  +  hU-{s-^)t, 

.  _  j  ,  i?,,  MR  241  The  heat-of-solution  effects  can  be 

included  by  addlng  ±*/*  to' the  numerator,  and  denominator  of  the 

left  side. 
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EXTERNAL  1-2  EXCHANGER,  LIQUID  CONTINUOUSLY  ADDED  TO  TANK, 

cooling: 

{M  +  U6)C ^  =  L0C(T0  -  T)  -  WC(T  -  T')  (18.29) 

1  ,  L0Te  +  WSRh  -  (L„  + 

U  +  IESE  LoTa  +  WSRh  -  (U  +  WSR)T2 

-rA^r1)  (18  *» 


where  S  is  defined  by  Eq.  (18.24).  The  heat-of-solution  effects  can  be 
included  by  adding  +q$/Co  to  the  numerator  and  denominator  of  the 
left  side. 

HEATING  AND  COOLING  AGITATED  BATCHES,  2-4  PARALLEL  FLOW- 
COUNTERFLOW.  Equation  (8.5)  gives  the  true  temperature  relations  for 
the  2-4  exchanger.  This  can  be  rearranged  in  terms  of  S  to  give 


and 


s  =  2(A'8  -  l)fl  +  V(1  -  £)(!  _ 

(K,  -  1  )(E  +  1)  +  (Kb  +  1)  V«F+=1 


(18.31) 


/V  8  —  6K  '  *JJVC)v  & 


r 


-M- 


t, 


V  xu.u^ ) 

Since  S  cannot  be  expressed  simply,  Eq.  (18.31)  can  be  solved  by  trial 
and  error  assuming  different  values  of  5  until  an  equality  is  reached. 

fm  the  Tp  0Mn  °r  heatmg  and  C°0Hng  are  the  same  as  those  developed 
or  the  1-2  exchanger  except  that  the  value  of  5  from  Eq.  (18  31)  replaces 

accounted  <  'T  **  ^  ^  heat-of-solution  effects  can  be 
accounted  for  in  the  same  manner  as 

for  the  1-2  exchanger. 

Heating  and  Cooling  without  Agita¬ 
tion.  It  will  be  seen  in  Chap.  20 
that  agitation  increases  the  film  coeffi¬ 
cient  and  thereby  decreases  the  time 
requirement  when  heating  or  cooling 
liquids  by  means  of  a  coil  in  tank, 
ith  external  exchangers  the  pres- 

ence  of  agitation,  either  intended  or  Fl°-  18-4-  Batch  without  agitation 

coouti^^^^Z  -ThT  the  time  required  t0  heat  or 

to  Fig.  18.4,  the  batch  with  Lid  tLLraZ'6  Refe™g 

external  exchanger  and  is  returned  to  th  LV  Passes  through  an 
layer  of  temperature  1,  Such  miaht  bZh  k  "'L*  H  bui,ds  «P  as  a 
lively  Viscous  or  the  vessel  tall  and  narrow"  Til  th  ^ 

exchanger  at  the  tank  temperature  ,  during  £££&££% 


J? 


Ik 


T 


O 
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emerges  with  a  temperature  t\  which  is  the  feed  temperature  to  the 
exchanger  on  the  next  recirculation.  With  agitation,  however,  the  first 
liquid  emerging  from  the  exchanger  mixes  with  the  batch  liquid  and 
immediately  raises  its  temperature  above  the  initial  temperature  t. 
This  in  turn  reduces  the  tempei  ture  difference  in  the  exchanger  and 
increases  the  time  required  for  a  given  heat  transfer. 

Suppose  the  initial  quantity  of  batch  liquid  is  M  lb  and  that  it  is  circu¬ 
lated  through  the  exchanger  at  the  rate  of  w  lb/hr.  Since  there  is  a  dis¬ 
crete  temperature  change  with  each  recirculation,  the  process  is  not 
described  by  a  differential  change.  If  the  number  of  circulations  required 
for  the  attainment  of  a  final  batch  temperature  is  N,  the  time  is  given  by 

6  =  NM/w. 

EXTERNAL  COUNTERFLOW  EXCHANGER,  ISOTHERMAL  HEATING  MEDIUM! 


\  TT  A  (<1  “  t) 

wc{h  -  0  =  UA  ln  (Tl  _  t)/(Tl  _  (7) 
For  the  initial  circulation 


1 


tl==  Ti~kI  {Tl  ~  l) 


For  the  first  recirculation 


<2  =  p,  -  A  (t,  - «,) 


In  terms  of  T\  and  t 


1 


U  =  Ti  -  Jq  (Ti  ~  0 


or 


1 


h  =  r.  -  k*  (Ti  -  0 

When  solved  for  N  circulations, 

NM 


o  = 


w 


(18.33) 


(18.34) 


Provision  can  be  made  for  the  continuous  addition  of  liquid  hy  comput- 
■  „  th  mix  temperature  to  the  exchanger  after  each  circulation.  I 
such  an  event  the  size  of  the  batch  itself  must  be  treated  as  mcreasmg 

with  each  circulation,  so  that  Eq.  (18.34)  does  notjP y  * 

increased  by  U9  pounds  during  the  recirculation.  The  total  time 
the  sum  of  the  individual  calculations  as  above. 

external  counterflow  exchanger,  isothermal  cooling  medium: 

r„  =  h  -  jpy  0.  -  D  (18-35) 
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EXTERNAL  COUNTERFLOW  EXCHANGER,  NONISOTHERMAL  HEATING 
medium.  The  outlet  temperature  of  the  batch  and  the  heating  medium 
after  each  recirculation  is  not  known.  This  case  does  not  factor  so  simply 
as  the  preceding  with  an  isothermal  medium.  Although  the  answer  can 
be  expressed  in  a  series  form,  it  is  tedious  to  evaluate  and  greater  speed 
can  be  attained  by  calculating  the  temperature  changes  after  each  recircu¬ 
lation.  The  temperature  relations  after  each  recirculation  can  be  defined 
when 

Q  _  K9  —  1  , 

‘  “  K,R  -  1  (18.36) 

Kg  =  C(JUA/wc)(-R~  1) 

h  =  t  +  S(Tt  -  t)  (18.37) 

U  =  h  +  S(Ti  -  h) 


Initial  circulation 
Recirculation 


Solve  for  each  circulation  by  introducing  the  temperature  from  the  Dre- 
ceding  circulation. 

me™A  C0T™  EXCHANGER-  nonisothermal  cooling 
medium.  After  each  recirculation, 


1  1 


\iU.00  ) 


EXTERNAL  1-2  EXCHANGER,  HEATING  AND  COOLING.  This  Case  Can  be 
Eo  HS  a6  Same  manner  aS  the  Preceding  but  using  S  as  defined  by 

S.2S  JXSgVS  "7““,ion  -  w  **£«  *  XX. 

roecK  cnart  m  T  ig.  7 .25  and  calculating  each  step  seDarafpl  v  tk 

rSTlt”  b*  '» '■  2 

EXTERNAL  2-4  EXCHANGER,  HEATING  AND  COOI  TNG  TL  •  .1 

as  the  preceding  except  that  S  is  defined  by  Eq.  (18.31) w 

pressure  at  300°F  ism^redTort  bat^eSrac^*8'  75°°  gal  °f  Hquid  benzene  under 
of  the  benzene  is  100*F.  Arable « a S—  Tbe  a<<»a*e  temperature 
stream  at  a  temperature  of  400°F  An  g  medium  is  a  10,000  lb  /hr  28°API  oil 

lating  40,000  lb /hr  of  benzenT  Avaible TrZ^16"  *°.  **“  tank  “  «*>•«•  of  chop 
exchanger  surface  which,  in  countrflow  stmal  ZT  T  °f  C'ean  double  P^ 
flow  rates  above.  ’  a  Uc  of  50  calculated  for  the 

flow  assembly?8  **  ^  *°  heat  the  agitated  batct  using  the  double  pipe  counter- 
S  H°W  10,18  WiU  *  *aka  a  2-4  exchanger  m4h  «!*  8Bme  SUrfa'e  aD<1  coefficie"t? 
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Solution: 

(a)  This  corresponds  to  Eq.  (18.16). 

Specific  gravity  of  benzene  =  0.88 
Specific  heat  of  benzene  =  0.48  Btu/(lb)(°F) 

M  =  7500  X  8.33  X  0.88  -  55,000  1 
wc  =  40,000  X  0.48  =  19,200  Btu/(hr)(°F) 

WC  =  10,000  X  0.60  =  6000  Btu/(hr)(°F) 

Ua(— — wc) 

Ki  =  e  ^  wc) 

__  50  *  400  ( 19,206  ”  6000" )  _  0.101 

Substitute  in  Eq.  (18.16). 

.  400  -  100  (0.101  -  1)  v  40,000  X  6000 _ Q 

ln  400  -  300  =  55,000  X  (0.101  X  6000  -  19,200) 

6  =  5.18  hr 


(b)  This  case  corresponds  to  Eq.  (18.25)  in  which 
9  by  Eq.  (18.25). 


_  wc  _  19,200  _ 
K  ~  WC  ~  6000 

K7  =  gJA/wc  +“ L 


3.20 


S  is  defined  by  Eq.  (18.24)  and 


50  X  400  /3 
=  e  19.200 


33.1 

2(33.1  -  1) 


S  33.1(1  +  3.20  +  V3.202  +  1)  -  0  +  3.20  - 
400  -  100  _  0.266  X  40,000  & 
ln  400  -  300  55,000 

0  =  5.63  hr 


V3.202  +  1) 


0.266 


(c)  Use  S  from  Eq.  (18.31) 

K » 


_  gt JA/tvcy/Ri  +  l 

100x200  /^qrt 

=  e2X  19.200 


5.75 


Solve  Eq.  (18.31)  by  trial  and  erro  : _ _ 

2(5.75  -  1)[1  +  V(!  -  g)(l  ~  3’20^  — 
S  =  (5  75  _  i)(3.2  +  1)  +  (5.75  +  D  V3-20*  +  I 

=  0.282 

400  -  100  __  0.282  X  40,000  x  Q 

ln  400^300  55,000 

0  =  5.33  hr 


(d)  Use  Eq.  (18.37)  and  5  from  Eq.  (18.36). 


K9 


eUA/u>c(R-l ) 

50  X  400  20-1) 

e  19,200 

K,  -  1 _ 


=  9.87 
9.87  -  1 


0.290 


BATCH  AND  UNSTEADY-STATE  PROCESSES 


637 


<1  =  t  +  S(Tx  -t)=  100  +  0.29(400  -  100)  =  187°F 
U  =  ti  +  S(Ti  -  h )  =  187  +  0.29(400  -  187)  =  249°F 

t3  =  U  +  S(Ti  -  t2)  =  249  +  0.29(400  -  249)  =  293°F 

U  =  U  +  S(Ti  -  t3)  =  293  +  0.29(400  -  293)  =  324°F 

Actually,  a  fractional  number  of  circulations  are  required.  If  the  problem  may  be 

treated  from  the  standpoint  of  total  heat  input  to  the  batch,  let 
x  =  fractional  circulation 
293(1  -  x)  +  324  =  300 
z  =  0.23 

Total  circulations  =  3  +  0.23  =  3.23 

9  - 323  444  hr 
This  value  compares  with  5.18  hr  for  the  agitated  batch. 

16.  Batch  Distillation 

Introduction.  Typical  arrangements  for  batch  distillation  are  shown 
m  Figs.  18.5  and  18.6.  The  still  pot  is  charged  with  a  batch  of  liquid, 


Fig.  18.6.  Coil-heated  batch  still. 


Fig.  18.6. 
reboiler. 


Batch  still  with  external 


of  the  residual  Iiquid  in  the  stil. 
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applies  to  the  condensate  except  when  the  still  has  been  charged  with  or 
forms  a  constant-boiling  mixture.  In  batch  distillation  it  is  possible  to 
obtain  an  initial  overhead  fraction  which  is  purer  than  that  obtainable 
with  the  same  reflux  by  continuous  distillation.  This  is  particularly  true 
when  the  overhead  product  is  sol<  in  different  grades  with  a  premium  for 
purity.  It  is  also  possible  by  constantly  varying  the  reflux  ratio  to  obtain 
a  nearly-uniform  overhead  composition  although  its  quantity  constantly 
decreases.  The  latter  is  usually  too  costly  to  be  general. 

The  composition  change  during  the  batch  distillation  of  a  binary  mix¬ 
ture  is  given  by  the  Rayleigh  equation. 

In  =  fX'  -At-  (18.39) 

L%  J  Xi  y  % 


where  L\  =  mols  liquid  charge  to  still 

L2  =  mols  residue  after  distillation 

xi  =  mol  fraction  of  volatile  component  in  charge  liquid 
x2  =  mol  fraction  of  volatile  component  in  residue 
y  =  mol  fraction  of  vapor  in  equilibrium  with  x 
The  temperature  must  be  obtained  from  a  boiling-point  curve  if  the  mix¬ 
ture  is  not  ideal  and  does  not  follow  Raoult’s  and  Henry’s  laws. 

The  Rayleigh  equation  does  not  contain  any  term  with  a  unit  of  time. 
The  time  allotted  to  the  distillation  is  therefore  independent  of  any  feed 
Quantity.  If  a  batch  represents  the  intermittent  accumulation  of  several 
hours’  flow  of  charge  stock,  the  rate  of  distillation  must  be  such  that  the 
still  pot  will  be  vacated  and  ready  to  receive  the  next  charge, 
distillation  occurs  infrequently,  the  rate  of  distillation  can  be  determined 
economically  from  the  optimum  relationship  between  fixed  and  operating 
charges  In  batch  distillation  the  cost  of  labor  is  particularly  large  and 
favors  a  rapid  distillation.  The  cost  of  the  equipment,  on  the  other  hand, 

^The  ^eboiler^and^  Condenser.  The  design  conditions  for  both  the 
reboiler  and  the  condenser  are  usually  based  upon  the  limiting  conditions 
of  ^operation.  Very  often  batch  distillation  is  controlled  — ticafiy 

by  a  program  or  elapsed-time  "°nt'e0l'"d(“jn  f  steady  increase  in  the 
in  tihe^tsboiler  foUowing  the  initi £ period  of  rapid  vapons^ion  whence 

distillation  progresses.  The  bo  6  ^  .  l  t  d  As  the  sensible 

quently  rises  as  the  volatile  components  are  depleted. 
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load  in  the  still  pot  increases,  the  weighted  heat  transfer  coefficient  to  the 
residue  decreases.  Suppose  steam  at  300°F  is  used  to  vaporize  a  charge 
having  an  initial  boiling  point  of  200°F  and  the  distillation  is  to  be  cut 
off  at  a  residue  composition  corresponding  to  a  boiling  point  of  250°F. 
A  distillation  curve  can  be  prepared  using  the  methods  of  Chaps.  13  and 
15.  Instantaneous  coefficients  can  be  computed  for  both  the  start  and 
the  finish  from  adjacent  intervals  of  heat  input.  At  the  start  when  the 
film  coefficient  and  heat  load  are  high,  the  temperature  difference  is 

300  -  200  =  100°F 


but  at  the  cutoff  temperature,  where  the  film  coefficient  and  heat  load 
are  low,  the  temperature  difference  is  only  300  —  250  =  50°F.  Both 

conditions  must  be  tested  for  U  and  At  to  determine  which  one  requires 
the  greater  suiface. 


The  factors  affecting  the  condenser  are  different.  The  water  rate  is 
usually  kept  constant.  At  the  start  of  distillation  the  temperature  of  the 
overhead  vapor  may  be  near  200°F  and  the  water,  with  a  range  from  85 

*°  ’oPX  “  LMTD  °f  96'2°F'  At  the  cutoff  the  overhead  may 
be  near  250  F,  corresponding  to  a  temperature  difference  of  150°F  or 

greater,  and  the  heat  load  and  water  range  will  be  smaller.  The  con¬ 
densing  coefficient  will  change  little  over  the  entire  run.  The  limiting 

the  m  °n  f°r  K  C?nden.ser  therefore  is  at  the  start  of  distillation,  where 
occur  togX.  miDimUm  temPerature  difference  usually 

A  common  practice  for  obtaining  the  heat  load  for  the  reboiler  and 
offbutp^ 

for  the  error  is  used  If  the  hpQr  i  surface  plus  some  allowance 
charge,  it  is  enthely^ikelt  tha  the"  TT  '*  ^  USed  *°  Preheat  the 

r..h«4y  Cl1?; Xir*;"*-  Th' 

tions  in  the  preceding  section.  '  batch  heatlnS  equa- 


heating  and  cooling  solids 

2a.  Constant  Medium  Temperature 

duction  oTheTt'  iu^liL  wTttracted  the  mteresT  andMt  7*  7  ^ 
1  Fourier  j  B  “Th ^  •  ,  .  nrerest  and  attention  of  manv 

’  Th&,rie  analytique  de  la  chaleur,”  1822. 
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leading  mathematicians  and  physicists.  It  is  possible  to  present  only 
some  of  the  simplest  and  most  representative  cases  here  and  to  suggest 
the  overall  nature  of  the  study.  The  reader  is  referred  to  the  excellent 
books  on  the  subject  listed  below.1  They  treat  the  subject  in  greater 
detail  and  provide  the  solutions  f(  a  number  of  specific  problems  as  well 
as  many  with  more  complex  geometry. 

In  the  treatment  of  unsteady-state  conduction  the  simplest  types  of 
problems  are  those  in  which  the  surface  of  the  solid  suddenly  attains 
a  new  temperature  which  is  maintained  constant.  This  can  happen  only 
when  the  film  coefficient  from  the  surface  to  some  isothermal  heat-transfer 
medium  is  infinite,  and  although  there  are  not  many  practical  applica¬ 
tions  of  this  type,  it  is  an  important  steppmgstone  to  the  solution  of  numer¬ 
ous  problems.  Ordinarily,  heating  or  cooling  involves  a  finite  film  coeffi¬ 
cient  or  else  a  contact  resistance  develops  between  the  medium  and  the 
surface  so  that  the  surface  never  attains  the  temperature  of  the  medium. 
Moreover,  the  temperature  of  the  surface  changes  continuously  as  the 
solid  is  heated  even  though  the  temperature  of  the  medium  remains  con¬ 
stant.  It  is  also  possible  that  the  temperature  of  the  medium  itself 
varies,  but  this  class  of  problem  will  be  treated  separately  mthe  next 
section.  The  cases  treated  in  this  section  include  those  with  fimte  film 
coefficients  or  contact  resistances  as  well  as  those  with  infinite  coefficients. 

The  following  are  considered : 

Sudden  change  of  the  surface  temperature  (infinite  coefficient) 

Wall  of  infinite  thickness  heated  on  one  side 

Wall  of  finite  thickness  heated  on  one  side 

Wall  of  finite  thickness  heated  on  both  sides  (slab) 


Square  bar,  cube, 
eter,  sphere 


cube,  cylinder  of  infinite  length,  cylinder  with  length  equal  to  its  diam- 
re 

M  K  V  H  Cherry,  H.  A.  Johnson,  and  R.'  C.  Martmelh,  ‘  Heat 
.  M.  K.,  v.  n.  ouw  n  .  _  iqaa  fW aw.  tL.  S.,  and 
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Changes  due  to  media  having  contact  resistances 
Wall  of  finite  thickness 

Cylinder  of  infinite  length,  sphere,  semiinfinite  solid 
Newman’s  method  for  common  and  composite  shapes 
Graphical  determination  of  the  time-temperature  distribution 

Wall  of  Infinite  Thickness  Heated  on  One  Side.  A  wall  of  infinite 
thickness  and  at  a  uniform  original  temperature  is  subjected  to  sur¬ 
roundings  with  constant  temperature  Ts.  It  is  assumed  that  there  is  no 
contact  resistance  between  the  medium  and  the  surface  it  contacts,  so 
that  the  face  temperature  of  the  wall  is  also  Ts.  This  differs  from  ordi¬ 
nary  quenching  in  which  there  is  a  very  definite  contact  resistance.  The 
general  equation  for  conduction  has  been  given  by  Eq.  (2.13).  For  a 
wall  of  infinite  thickness  it  reduces  to  unidirectional  heat  flow  as  given  by 
Eq.  (2.12).  The  group  k/cp  is  the  thermal  diffusivity  consisting  only  of 
the  properties  of  the  conducting  material.  Calling  this  group  a,  the  con¬ 
duction  may  be  represented  by 


dt 


dH 


dd  a  dx 2 


(2.12) 


Fourier  has  indicated  that  the  time-temperature-distance  relationship  for 
a  body  of  uniform  temperature  subjected  to  a  sudden  source  of  heat  will 
be  represented  by  the  exponential  e~^,  where  p  and  q  are  constants,  $ 
is  the  time  and  x  the  distance  from  the  surface.  With  this  as  the  start¬ 
ing  point  it  is  possible  to  set  up  a  number  of  equations  which  describe 
the  variation  of  the  temperature  with  time  and  distance  throughout  a 
solid  suddenly  subjected  to  a  heat  source  at  one  face.  It  is  requisite 
rnvever,  that  the  equation  containing  the  exponential  also  fulfill  all  the 

of  thfs”ypCe°  is  given  Ty^  °“  ^  ^  The  “°St  ^  «.on 

*  -  +  C*  +  C*r«e-  (18.40) 

which  'descri'bestim1  case3  in  "question  and  *  *>'  <»■«> 

ditions  is  given  by  SehTck  aT”  ^  “d  fl‘‘fillS  numerous  boundary  con- 

1  =  Ci  +  c2x  +  c~— L  [ 

2  ft  "ViLo  dz  (18'4» 

where  e~.<  dz  is  readily  recognized  ag  the  probabi]ity  ^ 

Gauss’s  error  integral  with  values  from  0  to  1  0  tk  i 

tions  for  an  infinite  wall  heated  on  ,T  ie  boundary  condi- 

9  -  0.  /  =  4  and,  when  x  =  0  and  e-  0  ?  When  *  =  * 

9  0-  1  "  T"  where  <„  is  the  initial 
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uniform  temperature  of  the  solid.  When  x  =  0  and  0  =  0,  t  =  T»  =  Cx 
in  which  T ,  is  the  temperature  of  the  face  of  the  slab  directly  upon  being 
brought  in  contact  with  surroundings  at  Ts.  When  x  —  x  and  0  =  0, 
the  temperature  of  the  slab  naturally  possesses  its  original  temperature 
to  or 

to*. o  —  C i  -f-  CiX  -f-  Cz  —  to  (18.42) 


This  can  be  valid,  however,  only  if  C2  =  0,  for  otherwise  to  would  have 
to  vary  with  x  whereas  it  was  assumed  to  be  uniform. 

Thus 

to  =  Ci  +  Cz 


or 


C  3  —  to  Ta 


Substituting  for  the  constants  in  Eq.  (18.41), 

.  2  f */2\/ ad 

l  =  T.  +  (U  -  T.)  /  e-  dz 

y/TT  Jo 

or  in  abbreviated  form 

<  =  r.  +  «o  -  T,)h 

where  fi{x/2  \A0)  denotes  the  value  of  the  error  integral  in  teims  of  the 


(18.43) 


Fig.  18.7.  Probability  integral. 


dimensionless  group  z/2  The  values  of  the  integral  are  plotted  in 

Fig.  18.7.  Equation  (18.43)  can  be  conveniently  written 

(18.44) 


Y  = 


T-H  -  *  Gvs) 


**ss£tS222mZ  »as« » 
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be  obtained  by  dimensional  analysis.  For  unit  area  the  heat  flow  can  be 
taken  from  Eq.  (2.5). 


dQ  _  ,  dt 
dA  dx 


(18.45) 


where  Q  is  the  heat  flow  Btu/hr.  To  obtain  dt/dx  from  the  expression 
for  t  in  Eq.  (18.44)  the  derivative  of  the  error  integral  becomes 


(3  f  x/2y/<x0  g-**/4  ad 

—  /  dz  =  - = 

dx  J  o  2  v  <*0 

and  Eq.  (18.45)  reduces  to 

Q  _  kiT.-h)  e_„/iae 

A  \/iraO 

Values  of  the  exponential  are  plotted  in  Fig.  18.8. 


(18.46) 


(18.47) 


The  heat  flow  through  the  surface  is  obtained  when  x  =  0  or 


Q  =  HT.  -  to) 

•-1  (18.48) 

“d '  h'““  h“>  . . .  „  1,„  th.  w„,  he 

J  -  “O'-  -  «  41  (18.49, 

where  Q'  is  the  number  of  Btu 


Example  18.2.  Heat  Flow  through  a  Wall  t+  •  j  •  , 

:  a.M'Fk:teel  r11  ^ bew  its  **  ^ the 

of  100  A  was  changed  by  suddenly  aDDlvimr  «  V  1  uniform  temperature 

How  much  heat  will  be  passing  into thewlh  ft 7"^  °f  1000°F  to  <”*  face, 
have  passed  into  the  wall?  '  hat  tlme>  and  how  much  will  already 
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Solution.  Using  Eq.  (18.44): 

Properties  of  steel :  Assume 

f.v  =  500°F 
c  =  0.12  Btu/(lb)(°F) 
k  =  24.0  Btu/ (hr)  (ft2)  (°F /ft) 
P  =  488  lb /ft3 


k  24.0 

“  ”  cP~  0.12  X  488 

x  =  41  2  “  0.333  ft 
0=4 

Ts  -  t 


=  0.41  ft2/hr 


0.333 


:)  = 


/i(0.130)  (18.44) 


xr  T,  —  t  _  f  f  __x _ \  =  f,  ( _ )Li 

Y  T,  -  to  1  \2  \/ra0)  \2V0.41X4 

From  Fig.  18.7,  for  x/2  V^e  =  0.130,  fi(x/2  V^d)  =  0.142. 

<  =  r.  +  «o  -  to/.  (rf=) 

t  =  1000  +  (100  -  1000)0.142  =  872-F 

The  heat  aow  crossing  a  plane  4  in.  from  the  surface  at  4  hr  after  applying  the  heat  is 
given  by  Eq.  (18.47). 


(18.43) 


Q  _  k(Ta  ~~  to) 

A  yj iraO 

Q  =  24(1000  -  100)  =  9525  Btu/(hr)(ft2) 
A  V^r  X  0.41  X  4 


(18.47) 


The  total  heat  which  flowed  through  a  square  foot  of  wall  in  the  4  hr  is  given  by 


QL 

A 


s  +  r*  (i8-49^ 

=  2 k(T.  -  to) 

=  2  X  24(1000  -  100)  “  *VX» 

w.u  *  W  Z  ZJtowZSZZ 

developed  in  the  preceding  s  ,  finite  thickness  If  the  finite 

applied  also  with  limitations  to  walls  oi :  fimte ^"s^  fw  a  short 

wall  is  relatively  thick,  the  tempera  ur  neariy  the  same  as  for  the 

period  after  the  heat  has  been  applied  wdl  be  neady  t  0f 

infinite  wall.  As  the  period  analyzed 

s-r  s: -  -  *  - 

1  Schack,  op.  cit. 
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in  an  infinite  wall  at  the  same  distance  from  the  hot  surface.  If  to  is  the 
temperature  at  the  remote  face  of  a  finite  wall  l  ft  thick,  the  heat  flow  per 
square  foot  from  the  remote  face  will  be 


Q  =  h{t  -  to)  (18.50 a) 

And  this  is  equal  to  the  heat  flow  in  an  infinite  wall  at  the  distance  x  =  l 
from  the  hot  face. 


Q 


s>—x*/laO 

k(T,  -  to) 

V  wad 


(18.506) 


By  equating  the  two  the  rate  of  heat  removal  required  to  reproduce  the 
distribution  of  an  infinite  wall  will  be 


h  = 


k(Ts  —  t0)e~ 


(t  —  to)  y/ wad 


(18.51) 


If  the  value  of  1/2  y/ ad  is  nearly  1.0,  the  temperature  increase  in  the 
remote  surface  will  be  very  small.  If  the  value  of  1/2  y/^d  exceeds  0.6, 
it  will  be  possible  for  most  industrial  applications  to  apply  Eq.  (18  44^ 
to  the  finite  wall  directly. 

Wall  of  Finite  Thickness  Heated  on  Both  Sides.  In  a  study  of  the 
ime-temperature  distribution  during  the  annealing  of  optical  glass 
lhamson  and  Adams1  developed  equations  for  obtaining  the  center’ 

mrf^lTVi°r  !>euterPlane  temPerature  of  a  number  of  shapes  whose 
surfaces  had  suddenly  been  exposed  to  a  heat  source  with  infinite  film 

coefficient.  Included  among  these  are  the  infinitely  wide  slab,  the  square 

bar,  the  cube,  the  cylinder  with  infinite  length,  the  cylinder  with  length 

equal  to  diameter,  and  the  sphere.  Since  only  in  the  slab  is  the  flow  of 

form<T  °qf  k  Smg  6  aX'S’  '*  may  be  exPected  that  equations  for  the  other 
forms  will  be  more  complex.  Where  the  flow  of  heat  is  symmetrical  it 

s  considerably  more  convenient  to  use  the  center  line  or  center  plane  as 


Y  = 


T,  -  t 
T.  -  t0 


4 

w 


i  O 


HaO 

•  6wx 
sin  — — 

V 


1  -25^V1^ 
+  ■=■  e  v2/  i* 
o 


5wx 

sm~  + 


•••] 


0.6  only  The^ firnttom  ^  at 

* w—  e-  °  -  -  -  h.  Adams,  ,rc  aI1  the 
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above  shapes  can  be  expressed  in  terms  of  a  series.  Williamson  and 
Adams  have  presented  their  calculations  in  the  simplified  form 


or 


(18.52) 

(18.52a) 


Thp  series  expression  is  presented  by /2(4 *6/1%  in  which  l  is  the  principal 

;ktz:.  »f  ««/!•)  * . .  to  «»'““» ■nd  Ad”'  “ 

have  been  plotted  in  Fig.  18.9. 
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after  its  surface  temperature  has  been  suddenly  changed  to  1000°F.  As  before,  a 
may  be  taken  as  0.41  ft2/hr. 


4«0  _  4  X  0.41  X  o 


/2 


From  Fig.  18.9  when  L  =  « 


(%)  = 


-  =  0.41 


/ 


From  Eq.  (18.52) 


•($0-* 


155 


t  =  1000  +  (100  -  1000)  x  0.155  =  860°F 


Wall  of  Finite  Thickness  Heated  by  a  Fluid  with  Contact  Resistance. 

This  practical  condition  has  been  treated  by  Grober*  along  with  the 
evaluation  of  the  functions  contained  in  the  final  equations.  This  cor¬ 
responds  to  quenching  in  that  it  considers  a  contact  resistance  between 
the  heating  or  cooling  medium  and  the  wall  face  or  both  faces  in  the  case 
o  an  infinitely  wide  slab  of  finite  thickness.  The  reciprocal  of  the  con¬ 
tact  resistance  is  the  coefficient  of  heat  transfer  between  the  liquid  and 
solid  and,  as  mentioned  earlier,  causes  the  surface  temperature^o  vary 

The  methgH  f6  TPeratUre  °f  the  heati"g  medium  remains  constant 
mltX  f  6Valu“tlng  the  film  coefficient  may  be  selected  approxi- 

y  iom  among  the  methods  of  earlier  chapters  or  those  in  Chap  20 


4-0  =  T.  +  «0  _  T,)f3  (t~, 

r  =  T>  - 1  (iae  hi\ 

T,  -  to  24/ 

The  temperature  of  the  center  plane  will  be 


(18.53) 

(18.53a) 


(18.54) 

(18.54a) 
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Grober  has  graphically  evaluated  the  functions 


4a  9  hl\ 


and  f\ 


4a0  hl\ 


P  ’  2  k) 


which  have  been  plotted  by  Schack  as  shown  in  tig.  18.10  and  18.11  for 
the  surface  and  centers  of  rectangular  shapes.  When  presented  m  this 
form  the  plots  are  referred  to  as  Schack  charts. 

Example  18.4.  Quenching :  The  Schack  Chart.  Iron  castings  in  the  form  of  large 
slabs  10  in.  thick  are  held  at  red  heat  (1100°F)  before  being  hung  vertically  in  7  0  F  air 

t0  It  is  desired  to  start  further  operations  on  them  after  4  hr  have  elapsed. 

(n\  What,  will  the  surface  temperature  be  after  4  hr? 


where  the  temperatures  are  in  °R. 

For  the  initial  coefficient  at  1100°F, 

0.70  X  0.173  X  10-8(15604  — _5300  _  q  Btu/(hr)(ft2)(°F) 
hr  =  - - ‘  1100  -W) 

From  Eq.  (10.10) 


Total  initial  coefficient  =6.9  +  1-' 
For  the  +hr  coefficient  at  SOO0! 


7  =  8.6  Btu/ (hr)  (ft2)  (°F) 


hr  =  2.2 

he  =  1-35 


Total  coefficient  after  4  hr  2. 


2.2  +  1.35  =  3.55  Btu/(hr)(ft2)(°F) 


Mean  coefficient,  h 
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From  the  Appendix,  k  =  27,  c  =  0.14,  and  p  =  490  (approximately) 

k  27 


4ad 


cP  0.14  X  490 
4  X  0.394  X  4 


=  0.394 


=  9.1 
0.094 


P  i'H*)2 

M  =  6.1  X  (%) 

2&  2  X  27 

-  r.  +  «o  -  r.)/,  (i^,  ^) 

=  70  +  (1100  -  70)/.  (9.1,  0.094)  (18.53) 

From  Fig.  18.10, /3(9.1,  0.094)  =  0.42 

^-0  =  70  +  (1100  -  70)0.42  =  502°F 
(b)  The  temperature  of  the  center  plane  is  given  by 

hn  =  T.  +  (to  -  T.)f,  ") 

=  70  +  (1100  -  70)/4(9.1,  0.094)  (18.54) 

From  Fig.  18.11,  /4(9.1,  0.094)  =  0.43 

**- o  =  70  +  (1100  -  70)0.43  =  512°F 

Finite  and  Semiinfinite  Shapes  Heated  by  a  Fluid  with  a  Contact 
Resistance.  Referring  to  Eq.  (18.52a)  or  (18.53a)  Gurney  and  Lurie* 
noted  that  the  relationships  for  heating  various  shapes  with  fluids  having 
finite  or  infinite  film  coefficients  could  be  represented  by  the  four  dimen¬ 
sionless  groups  4a9/P,  {T.  -  -  ?„),  2 k/hl,  and  L/l.  With  these 

shape.  Gurney-Lurie  charts,  however,  are  more  difficul  t  '  !  T6 
than  are  Schack  charts.  The  case  of  the  Z  difficulty  interpolate 

*«■  tt.  „.b  for  th,  ,h.„  h"2  £**  “““ 

the  center  plane  of  the  slab  Tho  ?  6  h  at  flow  has  reached 

the  solution  of  an  illustrative  plob'm  "  ^  “  dem°^ted  by 

12  ftloTg  initially  od  b  fSteel,  drcular  rods  8  in.  in  diameter  and 

tained  at  a  constant  temperatuTe  of  WF  btm  *  The  oil  is  *».»- 

avcrage  free  convection  coefficient  fromTn  g-L  Z?  oiI  ****•  The 

quench  oil  is  50  Btu/(hr)(ft2)(°F)  ^  P  o  an  oil  of  the  properties  of  the 

What  is  the  temperature  2  in.  bc.ow  the  surface  after  15  min? 

“'ney,  H.  P„  and  J.  Lurie,  Ini.  Eng.  Chem.,  16,  H70  (1923). 


Ts-to 
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k  =2,5  c  =  0.12  p  =  490 


k  _  25 _  =  0.425 

a  ~TP~  0.12  X  490 

4a0  4  X  0-45  X  1/60  =  1  01 

P  "  (K2)2 

2?  =  4  =  0.5 
l  8 

1  _  =  2  X  25_  =  15 

Nu  hi  50  X  Hi 
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From  Fig.  18.13 


Y  =  0.31  « 


T,  —  t 


T .  -  t0 

tx. 2  in.  =  400  +  0.31(200  -  400)  =  338°F 


0.06 

oa°5 


n 

> 


0.006 

0.005 

0.004 

0.003 


0.001 . . 

0  1  2  3  4 

4a0 
l2 

Fig.  18.13.  Gurney-Lurie  chart  for  cylinders. 

objec^whi^h^re^regularlv^biec^d^t^0111^08!/6  ShapeS‘  Many  of  the 

the  simple  shapes  dealt  with  so  far.  *  d°  n0t  Conform  with 

rectangular  bar  the  brink  (  f  suc  1  comihon  shapes  are  the 

cylinder  of  fin£  length  ’  To  ParallelePiped),  and  the  short 

length.  For  heat  flow  along  the  x  axis  alone  the  tern- 
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perature  of  the  object  is  defined  by  Y  or  Yx  =  (T*  —  t)/(T,  —  to),  where 
the  subscript  x  indicates  the  direction  of  the  heat  flow.  The  center  of 
the  object  is  taken  as  the  reference  point.  In  a  long  rectangular  bar 


Fia.  18.14.  Gurney-Lurie  chart  for  spheres. 

provwl  that  the  temperature  at  r>  bave  been  calculated 

ta  ti  How  of  hi t'touSh  .  hnite  alab.  Mt  f»  *  *h“ 

i  Newman,  A.  B.,  Trans.  AIChE,  27,  203  (1931). 
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cross  section  is  reckoned  by  x  and  y  the  temperature  at  any  point  can  be 
defined  by  (7',  —  t)/(T3  —  i0 )  =  YxYyYt}  where  the  value  of  Y ,  has  been 
determined  for  the  long  dimension  of  the  brick  as  a  slab  with  heat  flow 
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In  objects  of  finite  length  if  one  of  the  plane  faces  is  insulated  against 
the  flow  of  heat,  the  calculation  is  treated  as  above  except  that  the  zero 
axis  or  reference  point  is  moved  to  the  insulated  wall  instead  of  the  center 
and  the  distance  perpendicular  to  the  insulated  face  is  doubled  (l  instead 
of  1/2).  If  a  pair  of  parallel  fac  3  is  insulated  so  that  there  is  no  net  heat 
flow  in  the  x,  y,  or  z  direction,  the  entire  direction  is  omitted.  Similarly, 
it  is  possible  that  the  film  coefficient  to  the  different  faces  of  an  object 
may  not  be  identical  on  all  sides,  since  the  flow  of  fluid  may  be  mostly 
parallel  to  some  surfaces  and  perpendicular  to  others.  This  will  not 
interfere  with  the  solution  of  a  problem  for  objects  having  parallel  faces 
as  long  as  the  coefficient  on  any  two  parallel  faces  is  the  same  and  the 
heat-flow  symmetry  about  the  center  is  preserved.  The  values  of  Y 
for  these  shapes  can  be  obtained  from  Schack  or  Gurney-Lurie  charts 
for  the  finite  slab  or  infinite  cylinder  and  from  which  complex  shapes  can 
be  built  up  accordingly.  A  Schack  chart  for  the  infinite  cylinder  has  been 
prepared  by  Newman.1 

To  illustrate  this  method,  consider  a  brick  which  has  the  dimensions 
lXi  lyy  and  U  in  the  x,  y,  and  2  directions,  respectively.  The  extreme 
distances  of  the  faces  of  the  brick  reckoned  from  its  center  are  IJ 2,  IJ 2, 
and  In/ 2.  At  its  center  it  is  apparent  that  IJ 2  =  0,  IJ 2  =  0,  and 
lj 2  —  o.  For  the  cylinder,  at  the  circumference  the  dimension  is  IJ 2 

and  at  the  parallel  end  faces  IJ2. 

Example  18.6.  The  Application  of  Newman’s  Method  to  Heating  a  Brick.  This 
problem  uses  the  data  of  an  example  by  Newman  with  numerical  values  obtained  from 

G  T&ebrick  9by4.5  by  2.5  in.  initially  at  70°F  is  suspended  in  a  flue  through  which 
furnace  gases  at  300°F  are  traveling  at  such  a  rate  that  the  resulting  film  coefficient 
...  •  a  i  "Rtn  /fhrlfft*)  (°F)  Estimate  the  temperatures  at  the  following 

fthe nd  y  h /r  (a)  th  center  of  the  brick,  (6)  any  corner  of  the  brick  (c, 
bolter  Of  the  9-  by  4.5-in.  faces,  «*)  the  center  of  the  9-  by  2.5-m.  faces,  (e)  the 
center  of  the  4.5-  by  2.5-in.  faces,  (f)  the  middle  of  the  long  edges. 

The  following  data  are  supplied: 

k  =  0.3  Btu / (hr)  (ft2)  (°F /ft) 
p  =  103  lb /ft3 
c  =  0.25  Btu/(lb)(°F) 

Solution: 

_  k  =  0*  v  10  3  =  G.01164  ft2/hr 
“  "  Tp  0.25 

4 Old  _  4  X  0.01104  X  1.0  Q  0828 
(M2)2 

he  4  X  0.01164  Xi.0.nm  *  .  -  0JM 

(4.5/12)2 

4  X  0.01164  X  1.0 


lv 

4  ad 

T 


1.073 


2k 

2  X  0.3 

hU 

4.1  X  M2 

2k 

2  X  0.3 

hly  " 

4.1  X  4.5/12 

2k 

2  X  0.3 

=  0.702 


hU 


L  (2.5/12)* 

1  Newman,  A.  B„  Ini.  Eng.  Chem..  28,  545-548  (1936). 
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From  Fig.  18.12 


At  the  center  At  the  surface 


2x  _ 

T  =  0 


T  =  10 


Yx  =  0.98* 
Yv  =  0.75 
Yz  =  0.43 


Yx  =  0.325* 
Yv  =  0.29 
Yz  =  0.245 


For  all  cases, 


Y  = 


71,  -  t  300  —  t  300  -  t 


Ts  -  to  300  -  70 


230 


(a)  Center  of  brick  ( lx  =  0;  ly  =  0;  lz  =  0): 
3°^3~--*  =  0.98  X  0.75  X  0.43  =  0.316 


t  =  227.4°F 

( b )  Corner  of  brick  (lx/ 2,  ly/ 2,  Z,/2): 

QAA  _  / 

— — q— -  =  0.325  X  0.29  X  0.245  =  0.023 
l  =  294.7°F 

(c)  Center  of  9-  by  4.5-in.  face  (lx/ 2  =  0,  ly/2  =  0,  ltf 2): 


300 


-  =  0.98  X  0.75  X  0.245  =  0.18 


230 
t  =  258.5°F 

(d)  Center  of  9-  by  2.5-in.  face  (lx/ 2  =  0,  ly/2,  lz/2  =  0): 

QQA  _  f 

— 23Q-  =  0.98  X  0.29  X  0.43  =  0.122 
l  =  272°F 

(e)  Center  of  4.5-  by  2.5-in.  face  (lx/2,  lv/2  =  0,  lzf2  =  0): 
300  -  t 


=  0.325  X  0.75  X  0.43  =  0.105 


230 
t  =  275. 8°F 

(/)  Middle  of  long  edge  ( lx/2  =  0,  ly/2,  lz/ 2): 


300  —  t 

-  =  0.98  X  0.29  X  0.245  =  0.0695 


230 
t  =  284°F 


The  Graphical  Determination  of  the  Time -temperature  Distribution. 

The  time-temperature  distribution  for  many  practical  problems  has  not 
appeared  in  the  literature  because  their  solutions  are  lengthy  or  their 

rrmtripmatinc  la  _ i .  »  -  ,  &  J 


.  - - -  iciigtny  ur  ineir 

mathematics  is  extremely  complex.  A  useful  and  concise  method  of 

Teatmg  such  cases  graphically  has  been  developed  by  E  Schmidt  1 

Consider  a  slab  of  infinite  width  and  finite  thickness  in  which  the  heat 

flows  only  through  the  thickness.  As  before,  the  time-temperature  rela- 

tionship  can  be  obtained  by  solution  of  the  basic  conduction  equation 


dt 


dH 


do  a dx 2 


(2.12) 


*Th«,e  values  are  read  more  easily  from  Schack  charts. 

s™’ Berlin’ 
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The  temperature  in  the  slab  at  any  point  is  a  function  of  the  time  and 
distance.  Divide  the  slab  into  a  number  of  distance  increments  of  Ax  ft 
each,  and  consider  an  increment  of  time  Ad.  At  a  constant  distance  x 
from  one  face  of  the  slab  the  incremental  temperature  change  during  a 
finite  time  change  A 6  can  be  ino  cated  by  Ate.  For  a  constant  value  of  6 
the  variation  of  the  temperature  with  x  can  be  indicated  by  Atx.  Equa¬ 
tion  (2.12)  can  then  be  written 

to  A  B  C  D  E 


method. 


Ate  _  AHx 
Ad  a  Ax'2 


(18.55) 


or  rearranging. 

At,  =  a  ~  AH.  (18.56) 

Referring  to  Fig.  18.16  in  which  the  slab  is 
divided  into  distance  increments  Ax ,  let  tn,m 
represent  the  temperature  at  n  distance 
increments  from  the  origin  n  Ax  after  m 
time  increments,  m  Ad.  When  x  is  constant, 
the  change  of  temperature  with  time  in  the 
layer  m  Ax  from  the  surface  is 

Ate  =  tr.,m-\- 1  tn,m  (18.57) 


When  6  is  a  constant,  the  variation  of  the  temperature  with  distance  is 

Atx  ==  tn+l.m  tn.m  (18.58) 


and  for  the  second  change  or  difference  between  two  differences 

=  A(A  t.)  =  Un-ul,m  ln,m)  Un.m  fn-l.m)  (18.59) 

Substituting  these  in  Eq.  (18.51), 

_  t  =  a  A*  [(i„+1,„  -  -  «...  -  (18'60) 


tn.m-\- 1  bn.m  fay 


If  the  increments  of  distance  and  time  are  chosen  so  that 


Ad  _  1 
“  Ax2  2 


(18.61) 


Equation  (18.60)  reduces  to 

\// 1  .  /  ,  \  (18.62) 
tn.m+ 1  *  HRn+l.m  +  tn-l.m) 
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temperatures  at  +  and  —  Ax  during  the  preceding  time  increment 
Ad.  A  straight  line  drawn  through  the  values  of  the  temperatures  at 
(n  —  1)  Ax  and  (n  +  1)  Ax  intersects  the  vertical  median  at  the  arith¬ 
metic  mean  where  the  temperatures  at  (n  —  1)  Ax  and  (n  +  1)  Ax  were 
the  two  previous  temperatures. 

The  complete  method  is  illustrated  by  Fig.  18.16.  Consider  a  sym¬ 
metrical  object  such  as  an  infinite  slab  at  initial  temperature  to  suddenly 
subjected  at  both  faces  to  a  cooling  medium  with  zero  contact  resistance 
and  temperature  Ts.  The  heat  flow  is  along  the  x  axis.  Since  the  tem¬ 
perature  distribution  about  the  center  plane  is  symmetrical,  only  one-half 
of  the  slab  need  be  considered  and  the  half  of  the  slab  under  consideration 
is  broken  up  into  the  distance  increments  shown  by  the  vertical  lines. 
If  the  initial  temperature  upon  contact  is  Ta  at  0  and  the  temperature 
is  to  at  C,  then  at  the  time  increment  Ad  later  the  temperature  in  the  plane 
B-B’  will  be  the  arithmetic  mean  of  to  and  T8,  bu  Points  C,  D ,  and  E 
remain  unchanged  during  the  first  increment.  During  the  second  time 
increment  the  temperature  at  C  in  plane  C-C'  falls  to  c2,  D  and  E  remain¬ 
ing  unchanged.  During  the  third  time  increment  the  temperature  at  6, 
falls  to  63  and  the  temperature  at  D  falls  to  d*.  During  this  increment 
the  temperature  at  the  center  plane  does  not  change,  since  it  is  the  mean 
of  the  values  at  ±Ax  from  the  center  plane,  which  are  both  still  at  to 
During  the  fourth  increment  the  temperature  at  C  falls  from  c2  to  c4  but 

vaLraTrf  YYa  ‘f®  ““I61,  Plane  64  iS  the  mean  of  the  two  identical 

Iota  W3  Thp  u  Centf  P'ane  and  therefore  on  a  hori¬ 
zontal  line  The  procedure  can  be  continued  indefinitely  with  each 

horizontal  line  across  the  center  plane  representing  two  time  increments. 

Hon.  "Tlted ' IlabT20  in’ 'thfclTlId t"  W  ^  Time-TemPera‘ure  Distribu- 

subjected  to  a  temperature  of  100°F  ol  botitces’ Xt^W500"*  15  SUddenly 
bution  after  20  min  ?  '  ^  t  1S  tbe  temperature  distri- 

ap“'  For  simplicity  take  „  =  0.40  ff/hr.  Take  distance  increments  Ax  2 


in. 


Ax  =  yl2  =  0.1G7  ft 

From  the  conditions  of  Eq.  (18.61)  take  time  increments  such  that 


a  e  = 


0.167* 


2  X  0.40  9*635  hr  or  2.1  min 


Number  of  steps  required  =  20/2.1  =  9.5 

time  intervals  are^mwn^^Xtl^^e^  “cremente  ^  2  in.  and  the 

9  X  2.1  .  18.9  min,  the  temperature  at  the  ceL ?  mcrements  corresponding  to 
meats  or  23.1  min  it  is  383°F.  The  value  at  20  * -pl&ne  Jf  413°F-  Mter  H  incre- 
time- temperature  curve  for  the  center  plane  aW  ^  ohtained  b3r  plotting  a 

is  obtained.  pIane  alone  fr<>m  which  a  temperature  of  406°F 
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Time -Temperature  Distribution  with  Contact  Resistance.  The  in¬ 
stances  in  which  the  heat  source  is  applied  with  negligible  contact  resist¬ 
ance  are  exceedingly  rare.  A  graphical  method  was  developed  by 
Schmidt  for  a  slab  when  the  film  coefficient  to  it  was  finite.  Sherwood 
and  Reed1  have  given  an  exc  lent  presentation  of  the  method.  The 
presence  of  a  finite  film  coefficient  or  contact  resistance  indicates  that  a 
temperature  drop  occurs  between  the  bulk  temperature  of  the  surround¬ 


ing  medium  at  rl\  and  the  surface  of  the  slab  tf.  The  heat  balance  across 
the  surface  is  given  by 

(^)  =  h(T.  -  tf)  (18.63) 

\ax/  o 


k 


where  T»  is  again  the  temperature  of  the  surroundings  and  tf  is  the 
surface  temperature.  Accordingly,  the  temperature  gradient  across  the 

surface  is  given  by 

TB  -  tf 


(-)  = 

\dx/x-  o 


k/h 


(18.64) 


Any  line  cutting  the  surface  of  the  slab  on  <  vs  x  coordinates  such  as  m 
Fie.  18.16  must  consequently  have  a  numerical  slope  of  (T, 

Referring  to  Fig.  18.18,  a  slab  is  divided  into  distance  inciemen  s  , 
except  that  they  are  marked  off  such  that  the  surface  of  the  slab  cor¬ 
responds  to  the  middle  of  a  distance  increment  The  reason  v  ill 
apparent  as  the  construction  progresses.  Next  the  origin 
at  a  distance  k/h  ft  to  the  left  of  the  surface  and  at  the  temperatur  .. 

i  Sherwood  and  Reed,  <**.  €9* 


.0 
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The  slope  of  a  line  drawn  from  the  origin  0  through  the  surface  plane 
then  has  the  slope  (T,  -  tf)/{k/h).  By  constructing  the  vertical  at 
Ax/2  to  the  left  of  the  surface,  Schmidt’s  rule  can  be  applied  and  each 
alternate  time  increment  is  represented  by  a  line  crossing  the  surface  with 
the  appropriate  slope.  The  surface  is  thus  the  locus  of  values  of  tf. 
The  construction  is  carried  out  by  the  preceding  Schmidt  method  until 
the  center  plane  has  been  passed  by  a  line  drawn  to  Ax/2  at  the  right 
of  the  center  plane.  Since  the  distance  increments  are  displaced  by  the 
distance  Ax/2,  the  plane  at  Ax/2  to  the  right  of  the  center  plane  is  the 


Center 


mirror  image  of  that  at  Az/2  to  the  left  with  the  temperatures  drawn  to 

meTitsTt  mg  r/  °n,the  PUne  t0  the  right  Thus  for  alternate  incre- 
nents  of  time  the  line  slopes  up  and  down. 

Nonsymmetneal  cases  of  heat  flow  can  be  studied  by  this  annroximste 
method  when  mathematical  derivations  lead  to  in,L  ,1  1 

common  condition  is  that  in  which  the  faces  are  at  t wo  d  ff  t  +An°ther 

;r.  «*"*  «•*-  sr. 
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graphical  solutions  for  a  number  of  complex  problems  such  as  the  heat 
flow  through  layers  of  dissimilar  materials. 

2b.  Periodically  Varying  Temperature 

Periodic  Variation  of  the  Su  face  Temperature.  There  are  a  number 
of  instances  in  which  the  temperature  of  the  heating  medium  is  not  con¬ 
stant.  In  some,  the  medium  and  the  surface  temperatures  vary  har¬ 
monically.  Typical  examples  of  the  latter  are  the  temperature  of  the 
earth’s  surface  or  within  an  internal  combustion  cylinder,  although  there 
are  not  many  practical  applications.  Figure  18.19  shows  the  variation 
at  a  distance  £  in  a  wall  whose  surface  temperature  varies  as  a  sine  func¬ 
tion  with  time.  Inasmuch  as  the 
heat  must  travel  from  the  surface 
into  the  bulk  of  the  material  and  the 
thermal  diffusivity  is  finite,  there  is  a 
time  lag  before  the  temperature-time 
variations  at  the  surface  are  repro¬ 
duced  at  the  distance  x.  Naturally, 
the  maximum  amplitude  at  x  is  less 
than  that  at  the  surface,  and  it  is 
still  less  at  greater  distances.  It 
should  be  noted  that  Fig.  18.19  is  a 
plot  of  time  vs.  temperature  and  not 
distance  vs.  temperature,  so  that 
the  decline  in  the  amplitude  with 
distance  is  not  indicated.  If  /  is  the  number  of  complete  periodic  changes 
per  hour,  the  time  required  for  a  point  within  the  body  to  respond  to  a 
variation  at  the  surface  is  evidently  given  by 


at  surface  and  at  point  x  ft  below. 


1  ~  2  yjawf 


(18.65) 


where  x  is  the  distance  in  feet  from  the  surface  to  the  point.  If  the 
temperature  variation  is  single  harmonic,  the  surface  temperature  can 
be  defined  in  terms  of  the  maximum  surface  temperature  by 

Atx-0  =  Atou  sin  2» fe  (18.66) 

where  to«  is  the  maximum  temperature  at  the  surface  where  *  -  0. 
At  the  distance  x  the  temperature  has  the  same  period  bu  ags  '} 
(z/2)  hr,  the  time  initially  required  to  travel  from  the  surface 

to  x.  The  maximum  temperature  at  x  is  given  by 

=  A  (18.67) 


At 
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The  equation  for  the  variation  of  the  temperature  at  any  distance  in 
typical  problems  requires  the  solution  of  a  Fourier  series  which  is  beyond 
the  limitations  of  space  here.  If  the  variation  at  the  distance  x  at  any 
time  6  can  be  expressed  as  a  sine  function,  it  is  given  by 


Atx  —  AtoMd~x^'Kf/ct  sin  [2irfd  — 


0 


(18.68) 


If  the  variation  can  be  expressed  as  a  cosine  function  instead  of  a  sine 
function,  the  temperature  at  any  point  x  is  given  by 


Atx  =  AtoMe~x^H/cc  cog 


(18.69) 


The  flow  of  heat  through  a  flat  wall  for  a  half  period  can  be  determined 
from  the  basic  conduction  equation 

dQ'  =  kA  (E\  de 

\dx/x= o 

by  differentiating  Eq.  (18.68)  or  (18.69)  with  respect  tox,  from  which  the 
following  is  obtained  for  Q  for  a  half  period: 


Q  —  kA  A toM  *1 - 7. 

\  OCTJ 


(18.70) 

{(b)  Sri  “  tl!e  temperature  lag  6  in.  below  the  surface? 

(6)  What  is  the  amplitude  at  this  depth? 

S  "  ‘!;e  *e“P«ature  deviation  from  the  mean  after  2  hr? 

(d)  What  is  the  heat  flow  during  the  half  period? 

Solution: 


(a)  Temperature  lag  6  in.  below  the  surface: 


(b)  Amplitude: 


2  V  airf 

=  Kl  \fZ  i 

2  >6^1164^7  *  6  45  hr 

M  120  -  60 
Mom  =  - - -  =  3o°F 

Atx—x  —  AtoMe~  xy^TPa 

=  30.e~0-5^"^2^<FoTT64  =  5.8°F 


(18.65) 
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(c)  Temperature  deviation  after  2  hr: 


A  tx  =  AtoMO 


cy/  irf/a. 


COS 


(2 -  *  M?) 


(18.69) 


=  5.8  cos  (2  X  7T  X  ^4  X  2  -  1.635) 
=  5.8  cos  1.  0  =  2.6°F 


( d)  Heat  flow  during  the  half  period: 


^  =  k  AtoM  \  axj- 


=  0.3  X  30 


(18.70) 


011647r>2  4 


=  326  Btu/hr(ft2) 


c.  Regenerators 

Introduction.  A  regenerator  is  an  apparatus  in  which  heat  is  alter¬ 
nately  stored  and  removed.  The  broadest  applications  of  regeneration 
have  been  in  the  blast  and  open-hearth  furnaces  of  the  steel  industry. 
More  recently  regeneration  applications  have  been  extended  to  the 
il reversing  exchanger”  for  large-scale  air-separating  plants  in  the  Fischer- 
Tropsch  process  and  other  synthetic  processes.  A  type  of  reversing 
exchanger  which  was  popular  in  Germany  employed  Frankl  regenerator 
packing,  which  consists  of  metallic  ribbons  having  corrugations  at  an 
angle  of  45°.  Two  such  ribbons  are  wound  together  in  spirals  which  are 
then  packed  one  above  the  other.  Temperature  histories  and  coeffi¬ 
cients  have  been  reported  by  Lund  and  Dodge.1  Several  of  the  proposed 
designs  for  the  reversing  exchanger  also  included  the  storage  of  heat 
bv  means  of  extended  surfaces.  Schack2  presents  an  excellent  survey  of 
the  literature  on  regenerators  as  well  as  his  own  work  which  is  recom¬ 
mended  to  the  reader  who  is  undertaking  a  comprehensive  study  of 
regenerator  design.  As  treated  here  the  regenerator  is  cited  as  anothei 
aspect  of  the  unsteady  state  as  well  as  to  indicate  the  general  methods 
of  heat  storage  in  processes.  Actual  regenerators  require  additional 

refinements  in  assumptions  and  practices.  . 

Temperature  Variations  in  Regenerators.  The  open-hearth  furnace  is 

charged  with  molten  pig  iron  and  scrap  to  supply  the  oxygen  requirements 

ft  the  oxidation  of  impurities.  A  mixture  of  hot  fuel  gas  and  a,r  is 

burned  above  the  pool  of  molten  metal,  thereby  maintaming  *e  tempera- 

tore  and  removing  the  impurities  arising  from  the  p  .  P 

J  oxidalloa  «.  £ 

„hi„h  mi8U  profitably  b«  “id  tfiro.jl, 

ture.  When  the  waste  gases  leave  the  iurnace,  rney  a  v 

.  Lund.  G„  and  B.  F.  Dodge,  Ini.  Eng.  Chem.T  40,  1019-1032  (1948). 

2  Schack.  op.  cit. 
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a  cold  brick  checkervvork  to  which  they  give  up  a  large  portion  of  their 
heat.  In  a  matter  of  a  few  minutes  the  bricks  become  very  hot,  and  at 
some  optimum  surface  temperature  the  flow  of  waste  gases  is  replaced  by 
the  passage  of  cold  fuel-air  mixture  on  its  way  to  the  furnace.  This 
mixture  is  heated  while  cooling  the  brickwork  back  to  a  low  temperature. 
In  the  meantime  the  flow  of  the  waste  gases  continues  over  another 
brickwork  only  to  be  interrupted  by  the  flow  of  more  fuel-gas-air  mixture. 
By  employing  a  sufficient  number  of  brick  checkerworks  it  is  possible 
to  operate  on  a  continuous  basis  with  fuel-gas-air  mixtures  alternating 
with  the  waste  gases  in  the  transfer  of  heat. 

It  can  be  seen  that  the  inlet  temperature  of  either  the  waste  gases  or 
the  fuel-gas-air  mixture  to  the  checkerwork  is  substantially  constant  but 
the  outlet  temperatures  vary.  This  differs  from  preceding  time-tempera¬ 
ture  relationships.  The  cyclic  operation  of  a  regenerator  consists  of  two 
separate  periods.  During  the  heating  period  the  brickwork  absorbs 
heat,  and  during  the  cooling  period  the  heat  is  removed,  although  the 
periods  are  usually  of  unequal  duration.  To  simplify  regenerator  termi¬ 
nology  the  conventions  of  Schack  and  others  will  be  followed.  In  these 
gas  refers  to  the  hot  medium  (waste  gas)  and  air  to  the  cold  medium' 
Heilgenstadt1  has  shown  that  the  heat  transfer  in  a  generator  can  be 
represented  by  a  modified  form  of  the  Fourier  equation  for  1  ft2  of  surface 

31  =  H^T  ~  $  Btu/ (period) (ft2)  (18.71) 


where  g'  is  the  heat  transferred  during  the  period  from  the  gas  to  air 
whose  mean  temperatures  are  T  and  t,  respectivelv  Tf  u  t?  1  „ 
coefficient  of  heat  transfer  for  the  period,  Btu/^o^fft*^0^ 
dffiem  from  tf  in  the  unit  of  time.  Integrating,  s^e  ^ 


q'  H(~T  ~  0  Btu/ (period) (ft2)  (18.72) 

l  sing  g„  and  6C  to  indicate  the  duration  of  the  gas  and  air  half  •  ,i  • 
hours,  respectively,  the  heat  transferred  during8  the  half  pertds's  “ 

q  =  hH(T  -  t,)e„  =  hc(t.  -  t)0c  (18  73  J 

*7  T'k’  “  — «■ 

an  ideal  regenerator,  r  ^  B).  Solving  for 


tf  =  ,lHL  VH  fl-  tlctdr 

Heilgenstadt,  W„  MU,  ^  ^ 


(18.74) 
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From  Eqs.  (18.72)  and  (18.73) 

H(T  -  t)  =  hHTdH  -  hctdc  (18.75) 

The  value  of  H  in  Eq.  (18.72)  is  thus  the  value  for  the  ideal  regenerator 
or  Hid.  Substituting  in  Eq.  (1  73), 


_ 1 _ 

1  /hijQi{  T  1/hcdc 


(18.76) 


In  an  actual  regenerator  the  temperature  of  the  gas  decreases  several 
times  more  rapidly  than  the  air  is  heated.  If  Ta  is  the  mean  temperature 
of  the  surface  during  cooling  only  and  tg  the  mean  during  heating,  the 
solution  of  Eq.  (18.73)  gives 

H  =  Hu  (l  —  -f^i)  (18.77) 

Equation  (18.71)  can  also  be  expressed  in  terms  of  the  mean  temperature 
of  the  brickwork. 


dq'  =  hH(T  —  t„)  dA  dd  Btu/(period)(ft2)  (18.78) 

Considering  the  brick  as  a  slab  of  finite  thickness  whose  temperature 

varies  periodically  on  both  sides, 
Grober  has  defined  a  heat  storage 
factor  y  which  is  the  ratio  of  the  heat 
actually  stored  in  the  wall  to  that 
which  could  have  been  stored  if  the 
conductivity  of  the  wall  were  infinite  or 

q  ^/rnaxT 

where  y  is  fb(\<xd/l2).  \alues  of 
/6(4a0/Z2)  are  plotted  in  Fig.  18.20. 
In  terms  of  the  brick  material  the 
weight  of  the  brickwork  for  1  ft2  of 
heat-transfer  surface  is  M/A,  where 
the  depth  is  one-half  the  thickness  of 
Fiq.  18.20.  Heat  storage  factor.  ^e  brick.  If  c8  is  the  specific  heat  of 

the  solid,  the  heat'  absorbed  by  the  brickwork  is  then 

dq'  =  Mc.ydt.dA  Btu/ (period)  (ft2) 

Equating  (18.78)  and  (18.79), 

Me. 7  dt,  =  hn(T  —  t$)  dd 


(18.79) 


(18.80) 


dt. 

dd 


hu 

Me,  7 


(T  -  t.) 


or  rearranging, 
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Differentiating  with  respect  to  6, 


Solving  for  dT/dd, 


dHt  hit  dT  ha  dtt 

dO2  Mcsy  dd  Mcty  ~dQ 

dT  ^dt,  Mcsy  (dH\ 
dd  dd  hit  \dQ2 ) 


(18.81) 


from  which  it  will  be  seen  that  the  temperature  of  the  gas  is  not  only 
dependent  upon  the  temperature  of  the  wall  but  also  upon  its  rate  of 
change  with  time.  From  Eq.  (18.73)  and  based  on  1  ft2  of  surface, 

g  =  h„(T  -  t.)  Btu/hr 

differ -  !  "Til7  1  h?at  abS(fed  Per  hour  und-  the  potential 
Eq  (18  81)  Differentiating  with  respect  to  6  and  substituting  in 

^  ==  J (T  _  M  _L  d(T  -  t.) 

de  Mc.y  '■>  +  -  (18.82) 


Integrating  for  a  finite  heating  period  $, 


AT  —  i  1  / 

JHTy  +  Th  {q>  -  ?•) 


(18.83) 


S:  i,rrr£T,  ? ,h*  *r  -  ">* 

■“*  *“*'  «•  eenod  i,„ . . a" ** 


a 


and  after  d  hr 


WC  /m 
q°  =  ~A  (T'  ~  *V*-o) 


Btu/(hr)  (ft2) 


WC 

q,  =  -A  ^  -  T„_,) 
where  the  inlet  gas  temperature  7',  is  constant. 

WC 

q°  A  (T*'6-0  ~  T2, *_„)  Btu/ (hr)  (ft2) 
Substituting  in  Eq.  (18.83), 

A77  =  _ _ _ 

Mc.y  (l  - 

V  hgA ) 


(18.84) 


(18.85) 


(18.86) 


(18.87) 
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Although  data  are  available  on  the  heat-transfer  coefficients  to  actual 
regenerators,  they  can  be  found  roughly  from  Fig.  24  for  smooth  surfaces 
by  using  the  equivalent  diameter  defined  by  Eq.  (6.3)  in  place  of  D. 

2d.  Heat  Transfer  to  Granular  Materials  in  Beds 

This  case  is  of  particular  interest  in  processes  employing  fixed-  and 
moving-bed  catalysts.  It  can  also  be  used  to  obtain  coefficients  for  com¬ 
bination  with  regenerator  equations  when  using  granular  materials.  An 
excellent  review  of  the  literature  on  this  subject  has  been  given  by  Lof 
and  Hawley.1  Perhaps  the  most  ambitious  original  undertaking  in  this 
field  was  by  Schumann,2  who  formulated  and  solved  the  equations  for  the 
case  of  an  incompressible  fluid  flowing  through  a  bed  of  solids  with  infinite 
thermal  conductivity.  Schumann  assumed  that  (1)  any  given  particle 
could  be  considered  to  attain  a  uniform  temperature  throughout  at  any 
given  instant,  (2)  the  resistance  to  conduction  in  the  solid  itself  was 
negligible,  (3)  the  rate  of  heat  transfer  from  fluid  to  solid  at  any  point 
was  proportional  to  the  temperature  difference  between  the  two  at  the 
point,  (4)  the  change  in  the  volumes  of  fluid  and  solid  with  the  tempera¬ 
ture  variation  was  negligible,  and  (5)  thermal  properties  were  independ¬ 
ent  of  the  temperature  during  a  temperature-change  cycle.  Schumann 
calculated  temperature-time  curves  in  terms  of  the  groups 

T  —  to  h  x  hx  h  6  _  »/x 

To  C^'CV  c'tK  J  J 


where  . 

T  =  gas  temperature  at  any  time,  F 

Ti  =  inlet  gas  temperature,  °F 
t  =  solid  temperature  at  any  time,  °F 
t0  =  initial  temperature  of  the  solid  bed,  °F 

Cf  =  specific  heat  of  unit  volume  of  gas  at  constant  pressure,  Btu/(f  ) 
(°F) 

c'  =  specific  heat  of  unit  volume  of  solids,  Btu/(ft3)(°F) 
f  =  fraction  of  voids  in  the  solid  bed 
G  =  mass  velocity  of  fluid,  lb/(hr)(ft2) 

h ’  =  volumetric  heat-transfer  coefficient,  B*u((1\r)(ftJ,(.  A,  f  bed 
v  =  average  volumetric  fluid  rate  through  bed,  ft  /(hr)  (ft  of 

section) 

x  =  length  of  bed,  ft 

1  Lof,  G.  0.,  and  R.  W.  Hawley  'nd.  ^  (1948). 

a  Schumann,  T.  E.  W.,  J.  Franklin  Inst.,  208,  405  (19^. 
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Schumann’s  curves  were  later  extended  by  Furnas,1  and  the  data  of  both 
are  given  in  Fig.  18.21.  With  a  temperature-time  curve  of  this  form 
Furnas  experimentally  developed  the  equation  for  the  volumetric  heat- 
transfer  coefficient. 

^'(^0.7^40.3^00. 68-3. 56/'2 

-  (18.88) 


h 


/  _ 


D'e° 


.9 


where  7  —  average  of  the  inlet  air  and  initial  bed  temperature,  °F 
A'  =  constant 

D'e  =  equivalent  spherical  diameter  defined  by  Eq.  (18.89),  ft 
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=  /6  X  net  volume  of  particlesX^ 
V  7r  X  number  of  particles  / 
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equation  They  obtained  the  following  dimensional 

h'  =  0.79  fgr 

\Dj  (18.90) 

before,  Table  18.1,  c^iputed  hasnot  bePn  introduced 

particle  diameters  and  an  air  rate  of  50  t  X  ,'S  lnLC.luded  for  °-394  in. 
Per  square  foot,  an  inlet  temperature  of  200 Vj  f<3et  Per  minutc 

—s,  C.  c„  r™,  AIChB^  UU2  ZZ  ’T  n0rmal  VOids-  The 

)’  U  S'  Bur-  Mines  Bull.  361  (1932). 
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Table  18.1.  Solid  Bed  Coefficients 

Material  h',  Btu/(hr)(ft3)(°F) 


Iron  ores . 

Limestone . 

Coke . 

.  347 

Blast-furnace  c1  arge . 

.  260 

Coal . 

....  400 

Firebrick . 

.  534 

Iron  balls . 

.  668 

Gravel . 

.  399 

authors  suggest  that  Eq.  (18.90)  may  be  freely  extrapolated  to  higher 
temperatures  where  the  coefficient  is  increased  by  radiation. 

The  following  problem  has  been  adapted  from  Lof  and  Hawley. 

Example  18.9.  Calculation  of  the  Length  of  a  Bed.  A  bed  of  granitic-type  gravel 
consisting  of  1.0  in.  particles  has  45  per  cent  voids  and  is  initially  at  a  uniform  temper¬ 
ature  of  50°F.  60  lb/(hr)(ft2)  cross-sectional  area  of  hot  air  at  200°F  is  available  for 

periods  of  6  hr.  It  is  considered  wasteful  from  a  heat-recovery  standpoint  to  let  the 
exit  air  leave  the  bed  at  a  temperature  above  90°F.  How  long  a  bed  can  be  heated  by 
the  air  stream? 


Data: 

Specific  heat  of  gravel,  0.25  Btu/(lb)(°F)  or  41.3  Btu/(ft3)(  F) 
Actual  density  of  gravel  165  lb/ft3 
Specific  heat  of  air  0.0191  Btu/(ft3)(°F) 


Solution: 


From  Fig.  18.21, 


h' 


h'e  _  79.4  X  6 

c;(l  -/')  ”  41.3  X  0.55 
T  -  to  _  90  -  50 
Ti  —  to  ~  200  -  50 


79.4 


21.0 

0.267 


73  “  24  5 


x  =  24.5  X 


P  =  0.0807  lb/ft3  air 

0,0191  X  60  =  4  4  ft 
79.4  X  0.0807  ' 


PROBLEMS 

i  conn  «,1  of  liauid  toluene  is  to  be  cooled  from  300  to  150°F  using  water  from 

lurcfrvrrfou^y1eS,aal|eaffording  approximately  the  same  overall  coefficient  of 

^WHlwtogwm “take  to  cool  an  agitated  batch  using,  respectively,  a  double  pipe 
exchanger,  1-2  exchanger,  and  2-4  exchanger? 
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(b)  How  long  will  it  take  to  cool  a  nonagitated  batch  using  the  same  exchangers  as 
in  (a)? 

(c)  If  the  batch  is  cooled  to  120°F,  how  long  will  it  take  in  (a)  and  (6)? 

(<2)  If  the  pumping  rate  is  increased  to  40,000  lb /hr  and  the  coefficient  increased  to 
90,  how  long  will  it  take  in  (a)  and  (6)  ? 

18.2.  6000  gal  of  liquid  aniline  is  to  be  cooled  from  300  to  150°F  using  water  from 
85  to  120°F.  A  pump  in  the  tank  is  capable  of  circulating  30,000  lb /hr  of  aniline 
through  an  external  exchanger.  The  overall  clean  coefficient  is  40  Btu/(hr)(ft2)(°F). 

(а)  How  much  surface  is  required  to  accomplish  the  operation  in  2  hr  using  double 
pipe,  1-2  and  2-4  exchangers  with  both  agitated  and  nonagitated  batches? 

(б)  How  much  surface  is  required  for  (a)  if  the  time  is  reduced  to  1  hr? 

18.3.  Cylindrical  steel  objects  4  in.  long  by  6  in.  in  diameter  and  at  1000°F  are  to 
be  quenched  by  being  dropped  into  a  tank  filled  with  recirculating  water  at  a  constant 
temperature  of  100°F.  The  average  overall  coefficient  on  all  faces  will  be  about  75. 

(а)  How  long  will  it  take  for  the  center  of  the  cylinder  to  reach  a  temperature  of 
125°F? 

(б)  How  long  will  it  take  for  a  depth  1  in.  below  the  surface  on  the  long  axis  to  attain 
a  temperature  of  500°F? 

18  4-  A  water  main  at  50°F  passes  through  a  mass  of  concrete  at  the  same  tempera¬ 
ture,  the  whole  being  exposed  to  the  atmosphere.  The  main  is  located  24  in.  below 
the  surface  of  the  concrete.  If  the  temperature  were  to  fall  to  0°F,  how  long  would  it 
take  for  the  pipe  to  be  in  danger  of  freezing?  Use  k  =  0.65  Btu/(hr)(ft2)(°F) 
c  =  0.20,  and  p  =  140  lb /ft3. 

18.6.  A  steel  slab  30  in.  thick  and  at  an  initial  temperature  of  100°F  is  suddenly 
subjected  to  an  air  stream  with  a  temperature  of  300°F  on  both  sides  and  a  coefficient 
to  steel  of  5.0.  What  is  the  temperature  distribution  after  hr? 

18.6.  The  local  daily  range  of  temperatures  on  a  concrete  roof  is  between  80  and 
40  F.  Assume  that  the  roof  is  12  in.  thick  and  that  the  data  in  Example  18  4  apply. 

(a)  What  variations  occur  6  in.  below  the  surface? 

(b)  What  is  the  time  lag? 

(c)  What  is  the  temperature  4  hr  after  the  maximum  has  been  reached? 


A 

Co 

c 

Cl,  c2,  c3 

c 

Co 

C , 

C' 

/ 

C. 

/ 

r 

f j *2,  etc* 
// 
h 
hf 

hji,  he 


NOMENCLATURE  FOR  CHAPTER  18 

Heat-transfer  surface,  ft2 

Specific  heat  of  hot  fluid  added  to  batch,  Btu/(lb)(°F) 

Specific  heat  of  hot  fluid,  Btu/db)f°F) 

Constants 

Specific  heat  of  cold  fluid,  Btu/(lb)(°F) 

Specific  heat  of  cold  fluid  added  to  batch,  Btu/(lb)(°F) 

Specific  heat  of  solid,  Btu/(lb)(°F) 

Specific  heat  of  unit  volume  of  gas,  Btu/(ft3)(°F) 

Specific  heat  of  unit  volume  of  solids,  Btu/(ft3)(°F) 

Number  of  complete  periodic  temperature  changes  per  hour  1  /hr 
Fractmn  of  voids  in  solids,  dimensionless  P  ’  /hr 

Abbreviatrons  for  various  functions  by  which  Y  is  expressed 
HeaM  C°efficient  or  heat  transfer  per  period,  Btu/(period)(ftrif”Fl 

Heat-transfer  coefficient,  Btu/(hr)  (ft2)  (°F)  F 

olumetric  heat-transfer  coefficient,  Btu/(hr)(ft3)(°F) 

heating  and  cooUng  half  period8’  -pec- 
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he, 


K 


K i,  K 2,  etc. 
k 

U 

Li,  Z/2 
l 

M 

m 

N 

n 

Nu 

Q 

Q' 

q 

Q ' 

R 

s 

T 

To 

T. 

Th  T 2 
t 

t/ 

t. 

tn,  tm 

to 

toM 

At 

A tg,  Atx 

Atn,m 

u 

V 

w 

w 

x 

Xi,  Xo 

Y 

Yx,  Y v,  Ye 


y 

z 

a 

7 

€ 

9 


Heat-transfer  coefficient  by  convection  and  radiation,  respectively, 
Btu/ (hr)  (ft2)  (°F) 

Constants  in  batch  heating  and  cooling  equations,  dimensionless 
Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Rate  of  liquid  addition  to  a  batch,  lb  /hr 

Charge  and  residual  q\  ntities  of  liquid  in  batch  distillation,  mol 

Length  or  width  of  object  or  diameter  of  cylinder,  ft 

Weight  of  batch  liquid,  lb ;  weight  of  solid,  lb 

Number  of  time  increments,  A 9 

Number  of  circulations 

Number  of  distance  increments,  Ax 

Nusselt  number,  hi /2k 

Heat  flow,  Btu/hr 

Heat,  Btu 

Heat  flow  during  a  heating  or  cooling  period,  Btu/ (hr)  (ft2  of  regenerator 
surface) 

Heat  flow  during  a  heating  or  cooling  period,  Btu /(period)  (ft2  of  regen¬ 


erator  surface) 

Temperature  group  wc/WC  =  ( T\  —  T/)/(t2  *—  t\),  dimensionless 

Temperature  group  (U  —  t\)/(T\  —  t\),  dimensionless 

Temperature  of  hot  fluid  or  batch  at  any  temperature  or  time,  °F 

Temperature  of  hot  fluid  continuously  added  to  batch,  F 

Temperature  of  surrounding  medium,  °F 

Initial  and  final  temperatures  of  hot  fluid,  °F 

Temperature  of  cold  fluid,  batch  or  solid,  °F 

Temperature  of  solid  surface  in  the  Schmidt  method,  °F 

Temperature  of  brickwork  in  a  regenerator,  F 

Temperature  of  solid  after  n  distance  and  m  time  increments,  F 

Original  temperature  of  solid,  °F 

Maximum  surface  temperature,  °F 

True  temperature  difference,  °F  oi? 

Temperature  difference  after  time  9  and  distance  x,  respectively,^ 
Temperature  difference  after  n  distance  and  m  time  increments,  F 

Overall  coefficients  of  heat  transfer,  Btu/(hr)  (ft2)  (°F) 

Average  volumetric  fluid  rate  through  bed,  ftV(hr)(ft2  of  bed  cross 
section) 

Weight  flow  of  hot  flu  1,  lb /hr 

Weight  flow  of  cold  fluid,  lb /hr  .  . 

Mol  fraction  of  volatile  component  in  liquid,  dimensionless;  distance,  ft 
Initial  and  final  mol  fractions  of  volatile  component  in  liquid,  dimension- 

less 

Temperature  group  (T.  -  OUT.  -  (.),  dimensionless 

Temperature  group  Y  in  the  directions  z,  V,  and  r,  respectively,  d.men- 

MoHraction  of  volatile  component  in  vapor,  dimensionless;  distance,  ft 

Function  in  the  probability  integral;  distance,  ft 

Thermal  diffusivity,  k/cp,  ft2/hr 

Heat-storage  factor,  dimensionless 

Emissivity,  dimensionless 

Time,  hr 
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p  Density,  lb /ft 3 

<r  Radiation  constant,  0.173  X  10-8  Btu/(hr)(ft2)(°R4) 

Superscripts 
0 

P,  Q 
X,  y,  Z 

e 


and  Subscripts  (except  as  noted  above) 

Time  or  distance  at  start 

Constants 

Direction 

At  time  0 
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CH  IPTER  19 
FURNACE  CALCULATIONS 

by  John  B.  Dwyer1 


Introduction.  The  most  important  commercial  applications  of  radiant- 
heat-transfer  calculations  are  encountered  in  the  design  of  steam-generat¬ 
ing  boilers  and  petroleum-refinery  furnaces.  Since  the  art  of  the  con¬ 
struction  of  these  units  developed  before  the  theory,  empirical  methods 
were  evolved  for  the  calculation  of  radiant-heat  transfer  in  such  furnaces. 
Various  contributions2  to  the  literature  on  general  and  specific  radiant- 
heat  transfer  problems,  especially  those  of  H.  C.  Hottel,  have  made 
possible  a  more  fundamental  approach  to  furnace  design.  Several  semi- 
theoretical  methods  for  furnace  radiant-section  heat-transfer  calculations 
are  now  available.  Often  these  methods  can  be  adapted  to  the  rapid 
solution  of  problems  encountered  in  kilns,  ovens,  heat-treating  and  chem¬ 
ical  furnaces,  and  miscellaneous  equipment  in  which  radiant-heat  transfer 
is  of  importance. 

It  is  the  purpose  of  this  chapter  to  present  some  of  the  empirical  and 
semitheoretical  methods  of  furnace  radiant-section  calculation,  data  for 
their  use,  and  examples  of  their  application.  The  limitations  of  these 
methods  are  pointed  out,  and  their  adaptability  to  miscellaneous  heat- 
transfer  problems  indicated.  Included  is  a  brief  description  of  several 
types  of  boilers  and  oil  heaters  currently  in  use.  A  discussion  of  the 
theoretical  aspects  of  radiation  from  nonluminous  gases  is  presented  to 
illustrate  the  general  scope  of  the  problem,  and  the  simplifications  and 
assumptions  used  in  reducing  theories  to  practice  are  also  pointed  out. 

While  it  is  necessary  to  calculate  the  radiant-heat-transfer  flux  in 
order  to  design  a  furnace,  many  other  factors  often  influence  furnace 
arrangement,  such  as  the  permissible  flux  under  various  conditions  and 
the  extent  and  nature  of  boiler  tube  slagging  on  the  efficiency  of  the 
surface.  The  precautions  which  must  be  taken  to  avoid  the  deposition 


1  The  M.  W.  Kellogg  Company.  Acknowledgment  is  made  of  critical  suggestions 
by  W.  E.  Lobo  of  the  same  company. 

2  Perry  J.  H.,  “Chemical  Engineers'  Handbook,"  3d  ed.,  pp.  483-498,  McGra  - 
Hill  Book  Company,  Inc.,  New  York,  ,950.  McAdams,  W.  H„  Heat  T_ 
sion,"  Chap.  3  by  H.  C.  Ilottel,  McGraw-Hill  Book  Company,  Inc.,  New  \ork, 
1942  For  additional  references  see  McAdams,  op.  at.,  p.  430. 
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of  coke  in  oil-heating  or  vaporizing  furnaces  have  a  pronounced  effect  on 
the  actual  design  of  refinery  furnaces.  The  art  of  furnace  design,  in  fact, 
often  far  exceeds  the  importance  of  the  calculations. 

Steam-generating  Boilers.  There  are  two  general  types  of  steam¬ 
generating  boilers,  the  fire-tube  boiler  and  the  water-tube  boiler.  The 
former  consists  of  a  cylindrical  vessel  having  tubes  passing  through  it 
which  are  rolled  into  the  heads  at  each  end  of  the  vessel.  The  tube 
bundle  is  generally  horizontal,  and  the  upper  section  of  the  vessel  is  not 
tubed.  Combustion  gases  pass  through  the  tubes,  and  abater  level  is 
carried  in  the  vessel  to  immerse  the  tubes  completely  but  at  the  same 
time  allowing  disengaging  space  between  the  water  level  and  top  portion 
of  the  vessel.  In  occasional  vertical-tube  boilers  of  this  type,  the  tubes 
must  be  immersed  in  water  for  that  portion  of  their  length  required  to 
reduce  the  temperature  of  the  gases  sufficiently  to  avoid  overheating  the 
uncooled  upper  portion  of  the  tubes.  Some  of  the  water-cooled  parts 
such  as  shell  or  tube  sheets  can  be  subjected  to  radiation  from  the  com¬ 
bustion  gases,  since  these  parts  may  form  a  portion  of  the  enclosure  of  the 
combustion  chamber.  The  major  mechanism  of  heat  transfer  from  the 
gases  to  the  tubes  is  convection.  Fire-tube  boilers  seldom  exceed  8  ft 
in  diameter,  and  steam  pressure  is  generally  limited  to  100  to  150  psig. 


Fire-tube  boilers  are  used  for  low-capacity  services  up  to  15,000  to  20,000 


lb/hr  of  steam  production  for  domestic,  industrial,  and  process  heating 
and  for  small-scale  power  generation  as  in  locomotives,  etc.  ‘  Fuels 

employed  may  be  coal,  oil,  or  gas,  and  in  some  cases,  local  combustibles 
such  as  wood,  sludge,  etc.,  are  used. 

Water-tube  boilers,  as  their  name  implies,  have  water  within  their 
tubes.  Combustion  of  stoker  or  pulverized  coal  and  onkn  nr  nf  fro*  ™  ~;i 


T^iom rp  IQ  1  ~  ± _ •  i  i 


Inc.,  New  York,  1946. 


a  “water  wall”  by  means  of  which 
”  3d  ed->  McGraw-Hill  Book  Company, 


cover  the 
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the  temperature  of  the  refractory  walls  is  kept  down,  thus  decreasing 
their  maintenance.  Often  the  water  tubes  are  partially  embedded  in  the 
walls.  The  radiant-section  furnace  walls  sometimes  are  protected  from 
overheating  by  circulating  cooling  air  outside  them.  In  the  furnace 
shown,  water  is  fed  by  gravity  rom  the  upper  drums  to  headers  at  the 
bottom  end  of  the  water  wall  tubes  on  all  four  radiant  walls.  Circula- 


( 

— 

or 

- - MJ  ■ 

SUPERHEATER 


2y^  _  _ _  ( 

Fig.  19.1.  Pulverized-coal-fired  low-pressure  boiler.  ( Babcock  &  Wilcox  Company.) 

tion  is  upward  through  these  tubes,  and  the  steam  is  disengaged  from 
water  in  the  upper  drums,  then  passes  through  a  steam  separator  before 
being  superheated.  In  a  low-pressure  boiler,  the  convection  tubes  reduce 
the  flue  gas  temperature  sufficiently  that  they  proceed  directly  to  the 
air  preheater,  obviating  the  need  of  an  economizer  (feed-water  p reheate^ 
These  convection  tubes  are  the  bent  tubes  running  from  the  upper  drums 

Szjs,  ctawta  i» 

in  the  left  (cooler)  bank  and  upward  through  the  hotter  ban  . 

A  typical  power-generating  steam  boiler  is  shown  m i  Rg •  1J2.  i  h 
a  capimnty  of  450,000  lb/hr  of  900  psig  steam  delivered  at  F. 
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Fig.  19.2.  Pulverized-coal-fired  power-generation  radiant  boiler. 

Company.) 


6«W 

PULVERIZER 


( Babcock  &  Wilcox 
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the  saturation  temperature  at  900  psig  is  532°F,  considerable  superheat 
duty  is  required.  Very  little  boiler  convection  surface  can  be  placed 
between  the  radiant  boiler  and  the  superheater,  since  high-temperature 
combustion  gases  must  be  used  to  attain  the  required  superheat  tempera¬ 
ture  level  with  a  reasonable  amount  of  superheater  tube  surface.  Since 
feed  water  must  be  brought  et  ^entially  to  the  saturation  temperature 
before  it  is  admitted  to  the  boiler  drum,  considerable  heat  is  absorbed  in 
the  economizer  section  wherein  the  feed  water  is  preheated,  and  the 
thermal  efficiency  of  the  unit  is  further  increased  by  preheating  the  com¬ 
bustion  air  with  the  flue  gases  before  they  are  sent  to  the  stack. 

Petroleum-refinery  Furnaces.  In  atmospheric  and  vacuum  crude 
distillation,  thermal  cracking,  and  modern  high -temperature  gas  process¬ 
ing,  the  direct-fired  tubular  furnace  is  the  primary  factor  in  the  refinery 
unit.  Furnaces  also  are  widely  employed  in  various  heating,  treating, 
and  vaporizing  services.  Refinery  furnaces  of  various  types  are  required 
for  handling  fluids  at  temperatures  as  high  as  1500°F  and  at  a  combination 
temperature  and  pressure  as  severe  as  1100°F  and  1600  psig. 

Oil  or  gas  fuels  are  used  exclusively  in  these  furnaees,  although  in  the 
near  future  the  need  may  develop  for  firing  with  by-product  petroleum 
coke.  In  general  the  thermal  efficiency  of  refinery  furnaces  is  consider¬ 
ably  less  than  that  of  large  boilers,  since  in  many  cases  fuel  has  little 
worth  in  the  refinery.  With  the  trend  toward  utilization  of  a  greater 
percentage  of  the  crude  oil  produced,  fuel  is  becoming  scarcer  and  more 
valuable  and  refiners  are  recognizing  the  need  for  higher  thermal  efficien¬ 
cies.  It  is  expected  that  the  range  of  thermal  efficiencies  will  rise 
from  65  to  70  per  cent  employed  in  the  past  to  75  to  80  per  cent  in 


the  future. 

As  in  boilers,  refinery  furnaces  usually  contain  both  radiant-  and  con¬ 
vection-heat-transfer  surface.  Occasionally  only  radiant  surface  is 
employed  for  very  low-capacity  furnaces  with  duties  up  to  5,000,000 
Btu/hr.  Air  preheaters  have  b<  en  used  to  a  very  limited  extent  because 
of  the  relative  unimportance  of  fuel  efficiency ;  however,  even  at  moderate 
fuel  prices  their  use  generally  can  be  shown  to  be  economical. 

In  Fig.  19.3  is  shown  a  box-type  furnace  fired  from  the  end  walls  of  the 
radiant  section.  Furnaces  of  this  type  might  have  capacities  ranging 
from  25  000,000  to  100,000,000  Btu/hr  heat  input  to  the  oil.  Radiant 
tubes  cover  the  side  wall,  roof,  and  bridge-wall  (partition  between  radiant 
and  convection  section)  surfaces.  Oil  is  preheated  in  the  bottom  and  top 
rows  of  the  convection  bank,  then  passes  through  the  radiant  tubes_ 
After  reaching  an  elevated  temperature  (900  to  1000  F)  d  is  pass 
through  a  large  number  of  convection-section  tubes  "  erem 
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tained  at  a  high  temperature  for  sufficient  time  to  accomplish  the  desired 
degree  of  cracking.  These  convection  tubes  are  called  the  soaking  sec¬ 
tion.  The  particular  furnace  shown  employs  flue-gas  recirculation  which 
serves  to  increase  the  convection-section  duty  and  decrease  the  radiant- 
section  duty.  The  amount  of  flue  gas  recirculated  is  controlled  by  two 
factors,  namely,  (1)  limiting  the  radiant-section  flux  to  prevent  overheat¬ 
ing  the  tubes  and  causing  coke  deposition  within  them  and  (2)  controlling 
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the  temperature  gradient  through  the  convection  soaker  coil  'n, 
nearly  constant  the  oil  temperature  is  held  for 

the  greater  will  be  the  “soaking  factor”  and  extent  SSST 

,h'  ii!h“* «?  *■»»«- 

tion  in  which  the  oil  temperature  dror^  fr  ^  reSUlt  m  a  condi" 

a  temperature  drop  is  inadvisable  narf  °T  T**  •  ^  m  Gt  to  outlet*  Such 
since  polymers  formed  in  the  vmn  1CU  m  vaP°r'P^ase  cracking, 
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Figure  19.4  shows  a  De  Florez  type  furnace,  which  is  circular  in  cross 
section  and  employs  vertical  tubes.  All  the  radiant  tubes  are  equidistant 
from  the  burners,  ensuring  good  circumferential  heat  distribution,  but  the 
flux  may  vary  considerably  from  the  bottom  of  the  tubes  to  the  top. 
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vection  bank.  Such  an  arrangement  saves  on  duct  work  and  stack 
required  as  compared  with  a  “down-draft”  convection-bank  arrangement 
as  in  Figs.  19.3  and  19.5.  Figure  19.7  shows  a  somewhat  similar  furnace 
employing  “A”  frame  type  construction,  utilizing  an  inherently  stiff 
structural-steel  arrangement  tc  reduce  steel  costs. 

Figure  19.8  presents  a  modern  multiple  radiant-section  furnace.  The 
convection  bank  is  used  for  heating  two  separate  oil  streams.  Each  of 
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Fig.  19.7.  Oil-heating  “A”  frame  furnace.  {M.  W.  Kellogg  Co.) 

these  streams  is  identically  heated  in  one  of  the  outside  radiant  “heater” 
sections,  and  allowed  to  soak  in  one  of  the  middle  radiant  “soaker” 
sections.  Radiant  soakers  are  preferred  to  convection  soakers  because 
they  can  be  controlled  better  in  so  far  as  heat  input  is  concerned.  Fur¬ 
thermore,  since  the  tubes  can  be  seen  during  operation,  any  deformation 
of  the  tubes  can  be  noted  and  tube  failures  with  resultant  tires  avoided. 
Floor  firing  of  the  furnace  permits  the  use  of  a  large  number  of  sma 
burners  distributed  along  the  length  of  the  tubes,  ensuring  even  flux- 
distribution.  The  small  burners  can  be  located  close  to  the  side-w  all  or 
bridge-wall  tubes  without  danger  of  direct  impingement  of  the  burner 
flames  on  the  tubes.  As  a  result,  the  cross-sectional  dimensions  of  the 
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furnace  can  be  reduced  and  tubes  made  longer  than  in  a  furnace  fired 
from  the  end  walls  with  large  burners.  A  saving  in  the  number  of  expen¬ 
sive  return  bends  or  “headers”  employed  can  thus  be  realized. 
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,  ,Radif n‘;heat'tranSfer  Factors-  As  pointed  out  at  the  conclusion  of 
Chap.  4,  the  general  equation  for  radiant-heat  transfer  can  be  represented 

Q  =  FaF,A<t(T\  -  Ti)  (4  42) 

=  $aA'(T\  -  Tf)  (19.]) 

where  Q  =  heat  flow  by  radiation  alone  to  A',  Btu/hr 
T i  =  temperature  of  source,  °R 
T 2  =  temperature  of  sink,  °R 

5  =  factor  to  allow  for  both  the  geometry  of  the  system  and  the 

A'  =  r“aCk"VitieS °f  th®  h0t  and  Cold  b°dies,  dimensionless 
^  =  ectlv®  heat-transfer  surface  of  sink  or  cold  body,  ft2 
It  ;«  k  btefan-Boltzmann  constant,  0.173  X  10-*  Btu/(hr)(ft2)(°RB 
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It  will  be  helpful  to  develop  the  bases  for  those  simplifications  and 
indicate  the  assumptions. 

In  general,  the  furnace  consists  of  a  heat  receiver  or  sink,  a  heat  source, 
and  enclosing  surfaces  (the  last  being  made  up  in  some  part  by  the  sink 
and/or  source).  While  there  i"  complex  interaction  among  these  three 
essential  parts,  they  can  be  evaluated  best  in  the  order  given. 

Heat  Sink.  The  usual  heat  receiver  for  industrial  furnaces  is  composed 
of  a  multiplicity  of  tubes  disposed  over  the  walls,  roof,  or  floor  of  the 


90°  -  AS  -  A 20  -  A 3° 

OCA*  direct  —  " 

90°  -  Ni°  -  NS  -  NS  ~  NS 

OtN,  direct  =  qqo 

OCA,  direct  +  <*£■  direct  +  *  ‘  *  direct 

Odirect  —  '  ~ 

CK total  =  Odireot  “H  <*direot  (1.00  CTdireot) 

Note  that  ctA.  direct.  CXB.  direct,  etc.,  approach  equality  as  distance  between  radiating  plane  and 
tube  row  increases. 

furnace  or  located  more  centrally  in  the  firebox.  The  most  common  case 
is  the  one  in  which  bare  tubes  are  arranged  in  a  single  row  in  front  of  a 
refractory  wall.  Although  there  are  many  rather  arbitrary  means  of 
evaluating  the  effective  heat-transfer  surface  of  such  arrangements,  a 
rational  development  has  been  proposed  by  Hottel,1  which  now  is  used 
almost  exclusively.  It  already  has  been  stated  that  the  elements  of  the 
furnace  are  best  handled  individually,  and  in  evaluating  the  effective  or 
“seen”  surface  of  the  tube  rows,  the  assumption  is  made  that  the  heat 
source  is  a  radiating  plane  parallel  to  the  tube  row  End  effects  as 
described  in  Chap.  4  are  eliminated  by  assuming  both  the  plane  of  the 

1  Hottel,  H.  C.,  Trans.  ASME,  63,  265  (1931). 
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tubes  and  the  radiating  plane  to  be  infinite  in  extent.  All  surfaces  are 


assumed  to  be  black. 

In  Fig.  19.9  is  shown  a  method  of  evaluating  the  effectiveness  factor  a 
by  which  the  surface  of  a  plane  replacing  the  tube  row  with  assumed 
emissivity  of  1.0  must  be  multiplied  to  obtain  an  equivalent  (cold)  plane 
surface.  The  plane  replacing  the  tubes  Acp  is  equal  to  the  number  of 
tubes  times  length  times  center-to-center  spacing.  The  first  method 
shown  is  one  suggested  by  Hottel,1  which  is  simple  and  rapid.  It  is 
assumed  that  any  heat  loss  through  the  refractory  is  equal  to  the  heat 
transferred  to  the  refractory  by  convection;  hence  all  radiation  impinging 
on  the  wall  is  reradiated.  It  can  be  seen  that,  as  the  tubes  are  spread 
farther  apart,  the  fraction  of  the  radiation  originating  at  a  point  at  the 
source  which  will  be  intercepted  by  the  tubes  will  diminish,  hence  a  will 
decrease.  At  the  same  time  Acp  per  tube  is  increased.  The  net  effect 
is  an  increase  in  effective  surface  per  tube  but  a  decrease  in  effective 
surface  per  unit  surface  of  furnace  wall.  The  effectiveness  of  the  tube 
is  increased  because  a  greater  portion  of  its  circumferential  area  is 
irradiated.  The  radiation  not  intercepted  by  the  tubes  reaches  the 
refractory,  from  which  it  is  reradiated.  If  it  is  assumed  that  the  refrac¬ 
tory  is  at  a  uniform  temperature  (not  quite  true),  the  radiation  leaving 
the  refractory  will  be  intercepted  to  the  same  extent  as  the  radiation  from 
the  source.  Hence  the  total  radiation  absorbed  by  the  tube  row  will  be 
the  fraction  [afreet  c*direct(l  afreet)]  of  the  radiation  from  the  source 
The  illustration  shows  that  several  points  along  the  radiating  plane  must 
be  investigated  (covering  only  one-half  of  the  tube  center-to-center  dis¬ 
tance  because  of  the  symmetry  of  the  system)  to  obtain  the  average 
fraction  of  interception.  Also  by  symmetry,  only  the  angle  between  90 
and  180  need  be  investigated  at  each  point. 


A  better  understanding  of  the  distribution  of  the  radiant  rate  on  the 
tube  circumference  is  obtained  from  Fig.  19.10  in  which  the  values  are 
developed  from  the  standpoint  of  the  tube  surface.  The  point  on  a  tube 
which  is  located  on  the  diameter  perpendicular  to  the  radiating  plane 
and  on  the  side  of  the  tube  facing  the  plane  receives  radiation  through  an 
angle  of  180  ,  and  hence  the  a  value  for  this  point  is  1.00.  Other  points 
on  the  circumference  can  “see”  through  a  smaller  and  smaller  angle  as 
one  proceeds  to  the  rear  of  the  tube,  until  a  point  is  reached  at  which  no 
direct  radiation  from  the  plane  is  received.  The  effectiveness  of  each 
incremental  area  of  the  entire  circumferential  tube  surface  A  is  evaluated 
and  the  sum  of  these  effective  areas  must  be  divided  by  Acp  to  obtain  a 
.  gain  y  symmetry,  only  half  the  tube  circumference  need  be  investi- 


1  Hottel,  H.  C.,  Personal 


communication. 
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gated,  and  it  is  rathei  apparent  that  the  front  of  the  tube  absorbs  con¬ 
siderably  more  heat  than  at  other  points  on  its  circumference. 

The  interception  of  reradiation  can  be  evaluated  in  the  same  manner, 
recalling  that  the  intensity  of  the  reradiation  is  (1  —  a^ect)  times  the 
intensity  of  the  source.  The  ^otal  of  direct  radiation  plus  reradiation 
can  be  indicated  in  the  polar  coordinate  plot  to  show  the  actual  heat 
distribution.  It  is  important  to  note  the  poor  ratio  between  the  average 
and  the  maximum  value  of  a  for  the  various  points  on  the  tube  circum¬ 
ference.  For  a  normal  tube  spacing  of  about  1.8  times  outside  diameter 


/j  /2 


Fig.  19.10.  Evaluation  of  a  showing  flux  distribution  on  tube  circumference. 

in  oil-refinery  furnaces,  the  ratio  is  about  2.0,  indicating  that,  at  an  aver¬ 
age  flux  of  10,000  Btu/(hr)(ft2)  on  the  total  tube  surface  A,  the  maximum 
point  flux  (disregarding  factors  affecting  heat  distribution  other  than  a) 
will  be  20,000  Btu/(hr)(ft2)  on  the  front  face  of  the  tube.  The  greater 
the  ratio  of  center-to-center  distance  to  outside  diameter  the  lower  the 
ratio  of  maximum  rate  to  average  rate,  and  since  <w  in  all  cases  is  1.00, 
it  can  be  seen  readily  from  this  development  of  a  that  the  effective  surface 
of  the  tubes  increases.  Except  in  special  cases,  however,  the  cheapest 
furnace  results  when  tubes  are  spaced  as  close  together  as  the  physiea 
and  mechanical  limitations  of  return  bends  will  permit. 


FURNACE  CALCULATIONS 


687 


In  the  case  of  double  rows  of  tubes,  the  back  row  receives  about  one- 
quarter  of  the  total  heat  transfer.  It  is  again  also  important  to  note  that 
the  ratio  of  maximum  flux  to  the  average  flux  (circumferential)  for  both 
rows  of  tubes  becomes  much  worse  than  for  a  single  row.  The  ratio  can 
be  obtained  by  dividing  the  total  circumferential  surface  for  the  two  rows 
by  the  total  product  of  aAcp  for  the  two  rows.  Actually  the  tube  emissiv- 
ity  is  not  1.00  as  assumed,  and  there  will  actually  be  some  reflection  from 
one  tube  to  another.  The  net  effect  is  to  increase  the  effective  emissivity 
of  the  row  2  or  3  per  cent  which  is  neglected  in  design  practice. 

Figure  19.11  presents  values  of  a,  direct  and  total,  for  single  and  double 
rows  of  tubes  with  refractory  behind  them.  From  the  values  of  ^direct 
for  the  first  and  second  row,  it  can  be  seen  that  a  nest  of  tubes  more  than 
two  rows  deep  can  be  assumed  to  have  a  value  of  awi  equal  to  1.0.  For 
convection  banks  whose  tubes  are  radiated  directly  by  the  furnace  Acp 
is  merely  the  width  times  the  length  of  the  opening. 

In  boiler  furnaces  tubes  are  sometimes  half  imbedded  in  the  refractory, 
are  sometimes  finned,  and  occasionally  are  equipped  with  metal-  or 
refractory-faced  blocks.  For  a  more  detailed  development  of  a  values 
for  such  arrangements  reference  should  be  made  to  Hottel. 1  Still  another 
serious  complication  arises  in  boiler  furnaces  from  the  slagging  of  the 
tubes. 

A  method  of  evaluating  the  effective  radiant-heat-transfer  surface  for 
various  boiler  tubes  has  been  presented  by  Mullikin.2  For  slagged  tubes 
of  any  type,  the  effective  surface  is 


(aAcp)t  —  AcpaFcFsFt  (19.2) 

where  A CT  and  a  are  as  before  with  the  subscript  indicating  a  slagged 

where  Fc  =  conductivity  factor,  dimensionless 
F8  =  slag  factor,  dimensionless 
Ft  =  emissivity  factor,  dimensionless 
Note  that  the  tube  emissivity  is  introduced  into  the  evaluation  of  the 
effective  surface  in  this  case  while  previously  the  emissivity  was  con- 
si  ered  in  the  exchange  factor  a.  Actually  no  confusion  will  result  since 
in  the  only  method  discussed  here  in  which  (aA  )  is  Pmnl^  i  j?  • 

=.d u  mu,  pr,„,  „  S'  .  “A: 

*  Mullikin,  H.  F.,  Trans.  ASME,  67,  518  (1935). 
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factor  appears  to  be  ordinarily  about  0.8  to  0.9.  It  is  impossible  to  make 
generalizations  about  the  slagging,  which  may  occur  with  different  coals 
(and  some  oil  fuels)  and  with  varying  furnace  temperatures  and  the  slag 


.Ratio  Centerto  center  distance  of  tubes  in  row 
Oi  side  diameter  of  tubes 


( Courtesy  of  Hottel.) 


factor  in  such  cases  is  estimated  from  comparable  information.  A  boiler 
in  intermittent  service  tends  to  clean  itself,  while  one  in  continuous 
service  reaches  an  equilibrium  state  (steady  or  cyclic)  at  which  the 
effects  of  the  slag  do  not  vary  appreciably.  Apparently  there  is  consi  er- 
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able  difference  between  the  reduction  in  heat  absorption  due  to  dry  ash  on 
the  tubes  and  that  resulting  when  the  slag  is  molten  or  running.  A 
change  in  operating  conditions  may  change  the  slag  condition  and  cause 
variations  in  the  accuracy  of  any  equation  which  considered  heat-transfer 
principles  without  the  practical  factors. 

Heat  Source.  The  heat  to  a  furnace  is  provided  primarily  in  the  com¬ 
bustion  reaction  and  in  the  sensible  heat  of  the  combustion  air  if  it  has 
been  preheated.  Gas  fuels  generally  provide  nonluminous  flames.  Oil 
fuels  can  be  fired  to  provide  flames  of  varying  degrees  of  luminosity, 
depending  upon  burner  design,  extent  of  atomization,  and  percentage  of 
excess  air  used.  Pulverized  coal  burners  produce  a  flame  containing 
incandescent  solid  particles  and  of  a  greater  degree  of  luminosity  than 
the  minimum  obtainable  with  oil  burners.  Stoker  firing  provides  an 
incandescent  fuel  bed. 

The  differences  in  the  characteristics  of  the  flames  or  heat  patterns 
produced  in  the  conventional  firing  of  the  various  fuels  have  resulted  in 
the  development  of  methods  of  calculating  radiant-heat  transmission 
which  apply  on  the  one  hand  to  oil-  or  gas-fired  refinery  furnaces  and  on 
the  other  hand  to  coal-  (either  stoker  or  pulverized)  fired  units.  There 
is  no  simple,  universally  applicable  method  of  calculating  heat  absorption 
in  all  types  of  furnaces.  At  the  outset,  then,  the  calculations  must  differ¬ 
entiate  between  furnaces  fired  with  gas  or  oil  and  furnaces  fired  with 
solid  fuels.  It  is  justifiable  to  say  that  heat-absorption-calculation 
methods  are  further  advanced  in  refinery-furnace  design  than  in  boiler 
work.  Undoubtedly  this  is  due  at  least  in  part  to  the  greater  complexity 
of  the  heat  sources  and  sinks  of  boiler  furnaces.  While  methods  of  calcu¬ 
lation  for  coal-fired  furnaces  will  be  presented,  the  discussion  of  the  heat 
source  will  be  limited  mainly  to  furnaces  whose  fireboxes  are  filled  largely 
with  nonluminous  gases  and  whose  bounding  surfaces  are  not  part  of  the 
heat  source-as  opposed  to  the  case  of  a  stoker-fired  furnace.  Luminous- 
flame  calculations  require  information  obtained  either  from  experiment 
or  from  experience,  and  some  data  have  been  presented  by  Hottel.1 

Consider  for  the  moment  a  furnace  in  which  gaseous  fuel  is  fired  bv 
burners  producing  nonluminous  flames.  Further  consider  that  the  path 
°f  the  comburtion  products  through  the  furnace  is  very  short  compared 
wit  i  (lie  dimensions  of  the  plane  perpendicular  to  the  path.  In  such  a 

Book  Company.  Inc.,  New  “  ed"  PP’  493~496>  McGraw-Hill 
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uniform  in  temperature.  There  is  a  great  difference  in  the  emissivity  of 
various  gases  at  the  same  temperature.  The  diatomic  gases  such  as  O2, 
N2,  and  H2  have  very  poor  emissivities,  so  low  that  they  may  be  con¬ 
sidered  zero  in  furnace-design  work.  On  the  other  hand,  H20,  C02,  and 
SO 2  have  good  emissivities  (tb  ough  much  poorer  than  most  solid  mate- 
lials),  and  CO  has  a  fair  emisoivity.  The  sources  of  radiation  may  be 
referred  to  specifically  as  the  radiating  constituents  in  the  combustion 
products.  Ordinarily  H20  and  C02  are  the  only  radiating  constituents 
which  need  be  considered,  since  the  small  amount  of  sulfur  in  most  fuels 
is  negligible  and  furnaces  are  generally  operated  with  sufficient  excess  air 
to  eliminate  CO. 

The  total  radiation  from  a  gas  mass  containing  C02  and  H20  will 
depend  upon  the  temperature  of  the  gas  and  the  number  of  radiating 
molecules  present.  The  volume  of  the  gas  and  the  concentration  of 
radiating  molecules  per  unit  of  volume  are  therefore  a  measure  of  the 
radiation  to  be  anticipated  at  a  given  temperature.  In  actuality  the 
geometric  shape  of  the  gas  mass  must  also  be  considered  because  of  the 
angle  factor  involved  in  radiation. 

The  mean  beam  length,  L  ft,  is  the  average  depth  of  the  blanket  of  flue 
gas  in  all  directions  for  each  of  the  points  on  the  bounding  surface  of  the 
furnace  and  is  used  instead  of  a  cubical  measure  of  the  volume.  The  con¬ 
centration  of  the  radiating  molecules  is  measured  by  their  partial  pres¬ 
sures.  The  emissivity  of  the  gas  mass  in  a  furnace  is  a  function  of  the 
product  pL  atm-ft,  where  p  is  the  partial  pressure  of  the  radiating 
constituent.  If  more  than  one  radiating  constituent  is  present,  the 
emissivities  are  additive,  although  a  small  correction  must  be  made  for 
the  interference  of  one  type  of  molecule  with  the  radiation  from  the  other. 
In  calculating  the  emissivity  of  the  gas  mass,  allowance  must  be  made 
for  the  temperatures  of  both  the  source  and  the  sink.  For  heat  transfer 
to  a  black  body,  one  would  use  the  equation 


(19.3) 


where  Qb  =  duty  or  heat  transfer  to  the  black  body  by  radiation  from  gas, 
Btu/hr 

A'b  =  effective  heat-transfer  surface  of  black  body,  ft2 
aG  =  absorptivity  of  gas  at  Tb,  dimensionless 
FbA  =  factor  to  allow  for  the  geometry  of  a  system  with  a  black- 
body  sink,  dimensionless 
Tg  =  temperature  of  gas,  °R 
Tb  =  temperature  of  black  body,  °R 
eG  =  emissivity  of  gas  at  Tg ,  dimensionless 
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Practically,  a<?  can  be  replaced  by  e<?  evaluated  at  Tb.  When  two  radi¬ 
ating  constituents  are  present,  H20  and  C02,  the  equation  can  be  rewrit¬ 
ten  (neglecting  the  correction  factor  for  interference  between  the  dis^ 
similar  molecules) : 


Qb  =  0.17357, 


[ 


Uc  4“  € w)tq 


(ec  +  €w)n 


(19.4) 


where  (< ec  +  €w)t0  =  emissivity  of  gas  at  Ta 

ec  =  emissivity  of  C02  at  pc o2  *  L  and  To 
ew  =  emissivity  of  H20  at  pHz o  *  L  and  TG 
(ec  +  ew)n  =  emissivity  (substituted  for  absorptivity) 
ec  =  emissivity  of  C02  at  pc o2  *  L  and  Tb 
ew  =  emissivity  of  H20  at  pH2o  *  L  and  Tb 
It  should  be  noted  that  in  addition  to  the  correction  factor  which  should 
be  introduced  to  allow  for  interference,  the  emissivity  of  water  vapor 
has  been  found  by  Egbert1  to  be  a  function  of  its  partial  pressure.  Values 
of  L  for  furnaces  of  various  geometric  shapes  have  been  determined  by 
Hottel,  and  Table  19.1  presents  a  useful  digest  of  these  values  for  furnace 


of  Radiant  Beams  in  Various  Gas  Shapes 
Mean  length  L ,  ft 


Table  19.1.  Mean  Length 
Dimensional  ratio* 
Rectangular  furnaces: 

1.  1-1-1  to  1-1-3 
1-2-1  to  1-2-4 

2.  1-1-4  to  l-l-oo 

3.  1-2-5  to  1-2-8 

4.  1-3-3  to  l-oo  -00 
Cylindrical  Fuimaces: 

5 .  d  X  d 

6.  d  X  2d  to  d  X  °°d 
Tube  Banks: 

7.  As  in  convection  sections 

*  Length,  width,  height  in  any  order. 


%  -^Furnace  volume,  ft3 

1.0  X  smallest  dimension 
1.3  X  smallest  dimension 
1.8  X  smallest  dimension 

Vz  diameter 
1  X  diameter 

L  (ft)  =  0.4Pr  -  0.567  OD,  in. 


"■"V  ‘ndustnal-fumace  design  the  term  rate  is  used  synonymously 
'  ith  the  teim  flux  in  preceding  chapters  and  individual  film  coefficients 
are  not  considered.  It  is  convenient  to  have  charts  which  give  the  values 
of  the  radian t-heat-transfer  flux  q.  and  ff„  as  functions  of  pL  and  T  where 


Qc  =  0.173ec 


( 


ij  at  pCo2  •  L  and  T 


at  pHjo  *  L  and  T 


Qw  =  0.173eir 

Qb  =  0.173et  (~^  and  a  =  1.00 
'  Egbert,  R.  B„  Sc.  D.  Thesis  in  Chem.  Eng.,  MIT,  1941. 
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Such  charts  are  presented  in  Figs.  19.12  and  19.13  from  data  by  Hottel 
and  Egbert.  The  correction  for  interference  is  also  given  in  the  insert 
graphs  in  per  cent,  and  the  corrected  emissivity  is  equal  to 

(qc  +  gw)  Tp  —  (qc  +  gw)  Ts 

C 2b )  <,  -  ( qb)TS 

In  many  simple  cases  of  radiant-heat  transfer  from  gases  to  nonblack 
bodies  no  complications  of  angle  factors  need  be  introduced  and  the  heat- 
transfer  rate  can  be  calculated  simply  by 

q  —  =  *s[(qc  +  Qw)t0  —  (qc  +  qw)ra] - |qq— ^  (19.6) 


100  -  % 
100 


(19.5) 


where  the  subscript  S  refers  to  the  cold  surface  and  the  emissivity  of  the 
cold  surface  is  es.  Such  is  the  case  in  tube  bundles  as  in  furnace  convec¬ 
tion  sections  where  radiant-heat  transfer  is  often  quite  important.  In 
this  particular  case  the  tubes  are  surrounded  by  the  gas  and  no  angle 
factor  is  required.  The  surface  to  be  used  is  the  circumferential  tube 
area.  (For  banks  of  tubes  there  is  additional  radiant-heat  transfer  from 
the  refractory  side  walls  which  add  to  the  average  rate  or  flux.) 

Some  conclusions  may  be  drawn  from  the  dependency  of  the  gas  emis¬ 
sivity  upon  pL.  For  furnaces  of  the  same  physical  proportions  but  of 
differing  sizes,  one  would  expect  the  larger  to  have  a  higher  rate  of  heat 
transfer  with  a  given  gas  temperature  (because  of  the  greater  value  of  L). 
The  effect  of  increasing  excess  air  is  to  decrease  the  value  of  p,  hence 
the  emissivity,  and  the  radiant  rate  for  a  given  gas  temperature  is  thereby 
decreased.  Though  not  strictly  related  to  a  discussion  of  the  effects  of 
excess  air,  it  has  been  found  by  experience  that  refinery  furnaces  do  not 
operate  under  optimum  conditions  because  of  the  use  of  undue  amounts 
of  excess  air.  The  combustion  conditions  of  boilers  are  usually  controlled 
more  rigidly  than  refinery  furnaces,  because  of  the  greater  value  of  fuel  in 

boiler  plants.  ,  „  , 

Enclosing  Surfaces.  The  part  played  by  the  refractory  walls  arch 

floor  etc.,  of  the  furnace  in  transferring  heat  from  the  gas  to  the  cold 
surface  is  often  difficult  to  visualize.  The  gas  mass  radiates  in  all  direc¬ 
tions  The  emissivity  of  the  gas  evaluated  from  p  and  L,  as  discussed 
previously,  is  directional  in  that  it  denotes  the  radiation  impinging  on  a 
point  of  the  cold  surface  on  the  furnace  enclosure.  All  of  this  radiation 
Ts  directed  from  various  sections  of  the  gas  mass  toward  that  Particular 
point  However,  the  various  sections  of  the  gas  mass  also  ladia  e 
other  directions.  Some  of  this  radiation  may  be  directed  toward  refrac¬ 
tory  surface  (which  is  not  cold),  and  the  refractory  in  turn  rerad.ates 
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Iig.  19.12.  Radiation  due  to  carbon  dioxide.  ( Courtesy  of  Hottel.) 
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TEMPERATURE ,  F 

Fig.  19.13.  Radiation  due  to  water  vapor.  ( Courtesy  of  Hottel.) 
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reflects  the  impinging  radiation,  some  of  it  being  redirected  toward  the 
point  first  considered.  The  gas  mass  is  quite  transparent  to  the  reradia¬ 
tion  (more  so  than  to  the  reflection,  since  the  spectral  characteristics  of 
the  reradiation  depend  upon  the  characteristics  of  the  surface  of  the 
refractory) ;  hence  the  point  on  the  cold  surface  receives  more  radiation 
than  would  be  evaluated  from  the  emissivity  of  the  gas.  The  refractory 
is  somewhat  analogous  to  a  reflector  placed  behind  a  light  source. 

An  effective  means  of  illustrating  the  effect  of  the  refractory  is  to  start 
with  an  enclosure  containing  no  cold  surface.  It  contains  a  gas  of  a 
certain  emissivity  at  a  given  temperature.  If  a  small  aperture  is  made 
in  the  enclosure,  the  radiation  streaming  through  the  aperture  will  be 
equal  to  that  coming  from  a  black  body  at  the  gas  temperature,  no  matter 
what  the  emissivity  of  the  gas  may  be  but  provided  the  enclosure  walls 
are  well  insulated  and  the  system  has  reached  thermal  equilibrium. 
Now,  if  instead  of  the  aperture  one  places  a  small  section  of  cold  surface 


within  the  enclosure,  the  radiation  falling  upon  it  will  be  equal  to  that 
which  would  come  from  black  surroundings  at  the  gas  temperature.  The 
effect  of  a  very  high  ratio  of  refractory  surface  to  cold  surface  is  to  produce 
a  furnace  emissivity  of  1.0,  even  though  the  gas  emissivity  is  low. 

On  the  other  hand,  if  the  entire  enclosing  surface  is  cold  and  black,  each 
point  on  the  surface  will  receive  only  the  radiation  initially  directed 
toward  it,  since  radiation  in  other  directions  is  completely  absorbed  and 
the  furnace  emissivity  is  equal  to  the  gas  emissivity.  If  the  emissivity 
of  the  cold  surface  is  less  than  1,  some  of  the  radiation  will  be  reflected, 
and  though  the  net  effect  of  a  lower  cold  surface  emissivity  will  be  a 
decrease  in  heat  transfer  for  a  given  temperature  difference,  the  decrease 
will  not  be  proportional  to  the  decrease  in  emissivity.  The  reflections 
will  be  absorbed  only  partly  by  the  gas,  and  the  unabsorbed  portion 
will  be  added  to  the  primary  radiation  to  some  other  portion  of  the  cold 
surface  The  lower  the  gas  emissivity  (absorptivity)  the  less  will  be  the 
effect  of  a  change  in  the  emissivity  of  the  cold  surface.  It  might  be 
mentioned  that  m  a  fire-tube  boiler  the  radiant-heat  transfer  can  be 
eva  uated  by  application  of  these  principles,  and  it  is  undoubtedly  safe 
to  assume  that  the  emissivity  of  the  tube  surface  is  1.0. 

Qualitatively  it  has  been  demonstrated  that  the  net  u  + 

transmission  will  be  increased  for  a  given  gas  emissivitv  r 

r^ioS1Vfty’fandtSaS  and  cold'surface  temperatures  by  an  increased  the 
ratio  of  refractory  surface  to  cold  surface.  The  random  addO  , 

refractory  (in  the  form  of  a  partition  or  bridge  wall)  doe^of  u 

means  of  increasing  the  flux  without  increasing  the  furnace  e  6  * 

ture,  however  Whilo  t  f  s  iuinace  gas  tempera- 

be  increased,  it  is  in  eased  at  the  e  cold  ^rface  may  thus 

increased  at  the  expense  of  decreasing  the  mean  beam 
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length  for  the  furnace.  In  so-called  double  radiant-section  furnaces,  each 
section  is  best  handled  as  a  separate  furnace. 

Quantitatively  a  rigorous  evaluation  of  the  effect  of  the  refractory 
surface  is  very  difficult  and  beyond  the  range  of  practicability  for  most 
engineering  work.  Hottel  has  developed  an  equation  for  the  overall 
exchange  factor  which  is  includ  d  in  Eq.  (4.26). 


(1  Af)  +  (1/ €s)  —  1 


(19.7) 


in  which  €s  is  the  emissivity  of  the  cold  surface,  and  eF,  the  effective 
emissivity  of  the  furnace  cavity  (which  will  be  greater  than  to  if  any  por¬ 
tion  of  the  enclosure  is  not  cold).  Hottel  further  defines  eF  as  a  function 
of  the  gas  emissivity,  the  ratio  of  refractory  surface  to  cold  surface,  and 
an  angle  factor  accounting  for  the  geometrical  relationships  between 
various  sections  of  cold  and  refractory  surfaces. 

In  summary,  the  tube  surface  must  be  evaluated  as  equivalent  plane 
surface.  The  emissivity  of  the  gas  mass  is  a  function  of  its  temperature, 
the  temperature  of  the  cold  surface,  the  mean  beam  length  of  the  furnace, 
and  the  partial  pressures  of  the  radiating  constituents.  The  effective 
emissivity  of  the  furnace  is  a  function  of  the  gas  emissivity  and  the  ratio 
(and  relative  arrangement)  of  refractory  to  cold  surfaces.  The  overall 
exchange  factor  may  be  obtained  from  the  furnace  and  cold  surface 
emissivities  for  use  in  an  equation  of  the  Stefan-Boltzmann  type  for 
calculating  the  radiant  heat  transfer. 


Q  =  0.1735 


(la Y  -  (Il\ 
\100/  \100/ 


a  A 


cp 


(19.8) 


Theoretically  the  proper  average  value  of  Ta  must  be  used  or  the  calcu  a- 
tion  of  long  furnaces  must  be  carried  out  in  a  stepwise  manner.  Actu¬ 
ally  it  is  often  satisfactory  to  <  msider  the  temperature  of  the  gases  leav¬ 
ing  the  furnace  radiant  section  as  the  average  temperature  "hen  the 
degree  of  turbulence  of  the  gases  is  high  When  highly  luminous  flame 
or  stoker  firing  are  employed  additional  data  are  required.  It  should  be 
noted  that  methods  for  calculating  the  average  heat  transfer  rates  01 
fluxes  in  the  radiant  section  give  no  measure  of  the  uniformity  of  the  rate 
on  various  tubes.  Either  experience  or  highly  analytical  calculations  ar 

required  to  estimate  specific  rates. 
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1.  Method  of  Lobo  and  Evans.1  This  method  makes  use  of  the  overall 
exchange  factor  $7  and  a  Stefan-Boltzmann  type  equation.  It  has  a  good 
theoretical  basis  and  is  used  extensively  in  refinery-furnace  design  work. 
It  is  also  recommended  for  oil-  or  gas-fired  boilers.  The  average  devia¬ 
tion  between  the  predicted  and  observed  heat  absorption  for  85  tests  on 
19  different  refinery  furnaces  varying  widely  in  physical  and  operating 
characteristics  was  5.3  per  cent.  The  maximum  deviation  was  16  per 
cent.  This  method  is  illustrated  by  Example  19.1. 

2.  Method  of  Wilson,  Lobo,  and  Hottel.2  This  is  an  empirical  method 
which  can  be  used  for  box-type  furnaces  fired  with  oil  or  refinery  gas  when 
fluxes  lie  between  5000  and  30,000  Btu/(hr)(ft2)  of  circumferential  tube 
surface.  Other  limitations  are  that  the  percentage  of  excess  air  be  from 
5  to  80  per  cent  and  that  tube-surface  temperatures  be  at  least  400°F 
lower  than  the  radiant-section  exit-gas  temperature.  The  mean  beam 
length  should  not  be  less  than  15  ft.  This  method  is  widely  used  in 
industry  and  is  recommended  under  the  above  limitations  when  the 
accuracy  of  the  Lobo-Evans  equation  is  not  demanded.  For  most  of  the 
tests  referred  to  under  the  Lobo-Evans  method  the  average  deviation 
was  6  per  cent  and  the  maximum  deviation  33  per  cent.  This  method  is 
illustrated  by  Example  19.2. 

3.  The  Orrok -Hudson3  Equation.  This  is  an  early  empirical  equation 
for  calculating  heat  absorption  in  the  radiant  section  of  a  water-tube 
boiler  It  has  been  replaced  by  more  accurate  expressions  and  is  of 
muted  value  for  design  work.  It  can  be  used  to  estimate  the  effects  of 
changes  m  firing  rate  or  air-fuel  ratio  for  an  existing  boiler  fired  with  coal 
or  oi  if  it  is  known  that  there  will  be  no  appreciable  change  in  either  the 
character  or  extent  of  the  slagging  of  the  furnace  tubes.  In  such  applica¬ 
tions  it  may  be  necessary  to  adjust  the  constant  in  the  equation  to  suit 

L  Exa°mWpleT9e3  "  °  ‘"H"  ^  °f  **  6C>Uation  is 

r'o” ssstrr- 
-sat* » 

accuracy  was  obtained  in  furnaces  fired  with  pulverised  coah’ 

*  waMnWi)EwanwJR’ub^ns’  AIChE’ 36, 743  (I939)- 

‘Orrok,  G.  A.,  Trans.  ASME,'  47  ^  CW’  24,  480  <1932>- 

4  Wohlenberg  W  J  and  H  V  M  in  •  ’ 

and  H.  F.  Mullikin,  Trans.  ASME,  67,  531  (1935). 
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APPLICATIONS 

Method  of  Lobo  and  Evans.  The  equation  given  previously  for 
radiant-heat  transfer  to  the  cold  surface  was 


«-°-178ff[©4-©4 


aA 


cp 


(19.8) 


In  addition  some  heat  will  be  transferred  by  convection,  and  the  total 
heat  transfer  to  the  cold  surface  is 


2  Q  =  0.173ff 


y 

\10  (V  J 


ocepAep  4-  hcA(Ta  Ts )  (19.9) 


where  A  =  total  tube  surface,  ft'2 

Acp  =  equivalent  cold  plane  surface,  ft2 
$  =  overall  exchange  factor,  dimensionless 
hc  =  convection  coefficient,  Btu/  (hr)  (ft2)  (°F) 

2 Q  =  total  hourly  heat  transfer  to  the  cold  surface,  Btu/hr 
Tg  =  temperature  of  flue  gas  leaving  the  radiant  section,  °R 

Ts  =  tube  surface  temperature,  °R 
a  =  factor  by  which  Acp  must  be  reduced  to  obtain  effective  cold 

surface,  dimensionless 

The  convection  term  can  be  simplified  by  assuming  that  hc  =  2.0  and 
that  for  this  term  alone  A  is  approximately  2.0 aAcp.  Since  it  is  desired 
to  divide  all  terms  by  SF,  a  value  of  0.57  will  be  used  in  its  stead  when  the 
convection  term  is  considered.  Then 


3<2 


=  0.173 


\(JA'  -  (1±X 


boo) 


+  7 (Tg  -  Ts)  (19.10) 


"-‘'“LV100/ 

This  relationstiip  is  shown  graphically  in  Fig.  19.14.  In  addition  to  the 
above  flux  equation,  a  heat  ba  mce  is  necessary  for  the  solution  of 
heat-absorption  problem.  The  heat  balance  is  as  follows: 

Q  =  Qr  +  Qa  +  Qit  +  Qs  ~  Q*  ~  ^19'U) 

where  Q  =  total  radiant-section  duty,  Btu/hr  , 

Qa  =  sensible  heat  above  G0°F  in  combustion  air,  Btu/hr 
Qr  =  heat  liberated  by  fuel,  Btu/hr  (lower  heating  value) 

Qa  -  heat  leaving  the  furnace  radiant  sections  in  the  flue  gase  , 

Qr  =  feasible  heat  above  00°F  in  recirculated  flue  ga«., 

q]  =  sensible  heat  above  60°F  in  steam  used  for  oil  atomizatio  , 

Btu/hr 
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Qw  =  heat  loss  through  furnace  walls,  Btu/hr  (1  to  10  per  cent  of 
Qf,  depending  upon  the  size,  temperature,  and  construction 
of  the  furnace.  2  per  cent  is  a  good  design  figure) 

As  a  further  simplification  Qs  can  be  neglected,  and  the  net  heat  liberation 

is 

Qf  ~b  Qa  ~b  Qr  Qw  =  Qnot  (19.12) 

The  heat  leaving  in  the  flue  gases  at  the  exit-gas  temperature  TG  is 


Qg  =  W(1  +  G')C„(Ta  ~  520) 

T6=Flue  gas  temperature  over  bridgewall,deg.fahr. 


700 


PROCESS  HEAT  TRANSFER 


where  W  =  fuel  rate,  lb/hr 

(1  +  G')  =  ratio  of  flue  gas  leaving  the  radiant  section  to  fuel  fired,  lb/lb 
G'  =  ratio  of  air  to  fuel,  lb/lb 

Cav  =  average  specific  heat  of  flue  gases  between  TG° R  and  520°R, 
Btu/(lb)(°F) 

In  applying  the  equations,  the  equivalent  cold  plane  surface  is  evaluated 
with  the  aid  of  Fig.  19.11.  As  mentioned  earlier,  Acp  is  the  surface  of  a 
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.  Se= Overall  exchange  factor 
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&G  =  Flame  emissivity 
■  Ar  =  Effective  refractory  surface, ,sq  ft 
<x  A cd  Effective  co/d  surface^  ft 
Frc  Fraction  of  all  radiation  from  refractory 
r  reaching  effective  cold  surface 
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Fig.  19.15.  Overall  heat-exchange  factor  in  radiant  sections. 

plane  replacing  the  tube  row  and  corresponds  to  the  product  of  the  num¬ 
ber  of  tubes  times  their  exposed  length  in  feet  times  center-to-center 
spacing  in  feet.  When  the  convection  section  is  so  located  that  it 
receives  the  benefit  of  direct  radiation  from  the  radiant  section  it  shou 
be  included  in  the  equivalent  cold  plane  surface.  For  a  nest  of  tube 
more  than  two  rows  deep,  a  may  be  taken  as  1.0  and  aArp  is  mei  cly  h 
product  of  the  length  times  width  of  the  opening  of  the  convection  bank. 
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When  the  convection  bank  is  isolated  from  the  radiant  section,  it  is  not 
included  in  the  radiant-section  calculations. 

The  gas  emissivity  is  calculated  from  the  mean  beam  length,  partial 
pressures  of  the  radiating  constituents,  tube  temperature,  and  gas  tem¬ 
perature  (which  usually  has  to  be  assumed  in  the  first  trial  calculation). 
The  overall  exchange  factor  is  shown  in  Fig.  19.15  as  a  function  of  gas 
("flame”)  emissivity  and  the  ratio  of  effective  refractory  surface  AR, 


where 


Ar  —  At  —  otAcp 


(19.13; 


where  Ar  =  effective  refractory  surface,  ft2 

At  —  total  area  of  furnace  surfaces,  ft2 
aAcp  =  equivalent  cold  plane  surface,  ft2 
The  exit-gas  temperature  is  obtained  by  a  trial-and-error  calculation 
until  it  satisfies  both  the  heat-transfer  and  the  heat-balance  equation. 
To  lessen  the  amount  of  calculation  required  in  applying  the  method  of 
Lobo  and  Evans,  Fig.  19.14  gives  the  value  of  2Q/aArp$  for  various 
combinations  of  Ta  and  Ts. 


It  is  recommended  that,  in  furnaces  where  the  path  of  the  gas  is  more 
than  1.5  times  the  minimum  dimension  of  the  cross-sectional  area  for  gas 
flow,  a  stepwise  calculation  be  employed ;  typical  of  such  a  case  would  be  a 
vertically  fired,  vertical  cylindrical  furnace  whose  height  is  twice  its 
diameter.  The  top  and  bottom  halves  of  the  furnace  would  be  calculated 
as  separate  furnaces  except  that  the  flue  gases  from  the  lower  half  would 
provide  the  heat  liberation  to  the  second. 

In  practice  the  total  furnace  duty  is  calculated  first,  including  the 
sensible  heat,  heat  of  vaporization,  and  any  heat  of  reaction.  The 
efficiency  of  the  furnace  e  is  given  by 
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When  the  heat  liberation  has  been  determined,  the  design  of  a  petro¬ 
leum  furnace  is  then  established  on  the  basis  of  the  permissible  average 
radiant-section  rate  as  defined  in  Table  19.2  appearing  at  the  conclusion 
of  the  chapter.  The  tube  diameter  is  dependent  upon  consideration  of 
the  film  coefficient,  pressure  drco,  and  radiant  rate.  The  spacing  of  the 
tubes  depends  upon  the  characteristics  of  the  headers  or  return  bends. 
The  closest  possible  spacing  is  used  except  when  special  requirements 
arise  such  as  the  need  for  an  improved  uniformity  of  flux  on  the  tube 
circumference. 

The  most  economical  furnace  design  uses  the  maximum  tube  length 
which  is  compatible  with  the  furnace  cross  section  and  which  provides 
adequate  clearance  between  the  tubes  and  burners.  In  some  refinery 
units  tubes  60  ft  long  are  used,  although  40  ft  is  the  more  usual  limit. 
In  boilers  tube  lengths  may  even  be  longer. 


Example  19.1.  Calculation  of  a  Furnace  by  the  Method  of  Lobo  and  Evans.  A  fur¬ 
nace  is  to  be  designed  for  a  total  duty  of  50,000,000  Btu/hr.  The  overall  efficiency  is 
to  be  75  per  cent  (lower  heating  value  basis).  Oil  fuel  with  a  lower  heating  value  of 
17,130  Btu/lb  is  to  be  fired  with  25  per  cent  excess  air  (corresponding  to  17.44  lb  air/lb 
fuel),  and  the  air  preheated  to  400°F.  Steam  for  atomizing  the  fuel  is  0.3  lb /lb  of  oil. 
The  furnace  tubes  are  to  be  5  in.  OD  on  %y2-\n.  centers,  in  a  single-row  arrangement. 
The  exposed  tube  length  is  to  be  38'6".  The  average  tube  temperature  in  the  radiant 
section  is  estimated  to  be  800°F. 

Design  the  radiant  section  of  a  furnace  having  a  radiant-section  average  flux  of 
12,000  Btu/  (hr)  ft2. 

Solution.  As  in  all  trial-and-error  solutions,  a  starting  point  must  be  assumed  and 
checked.  With  experience,  the  first  choice  may  come  very  close  to  meeting  the  desired 
conditions.  For  orientation  purposes,  one  can  make  an  estimate  of  the  number  of 
tubes  required  in  the  radiant  section  by  assuming  that 


.  ^  -  =  2  X  average  flux  =  24,000  Btu/ (hr)  (ft2) 
aAcp 


If  the  overall  exchange  factor  is  0.57,  'LQ/aAcp<5  -  24,000/0.57  -  42,000;  from  Fig^ 
19  14  it  can  be  seen  that  with  a  tube  temperature  of  800°F,  an  exit-gas  temperature  o 
1730°F  will  be  required  to  effect  such  a  flux.  The  duty  in  cooling  the  furnace  gases  to 
1730°F  can  be  calculated,  and  from  it  the  required  number  of  tubes  determined  for  the 

first  approximation  of  the  design. 

Heat  liberated  by  the  fuel,  0,  =  =  66,670,000  Btu/hr 

Fuel  quantity  =  “  3890  lb/hr 

Air  required  =  3890  X  17.44  =  67,000  lb/hr 
Steam  for  atomizing  =  3890  X  0.3  —  1170  lb/  r 

Of  =  66,670,000  Btu/hr  /L  ,  .  rnol?t 

Oa  =  67  900  X  82  Btu/lb  at  400“F  =  5,500,000  Btu/hr  (above  60  F) 

Qs  =  negligible  (1170  X  0.5  X  190“  F)  Btu/hr 
Qv  ,  Q.  =  72,230,000  Btu/hr 

Qw  -2%  of  Qr  =  1,330,000  Btu/hr 

=  Qf  +  Qa  -  Qr 


70^900^000  Btu/hr 
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Heat  out  in  gases  a,t  1730°F,  25  per  cent  excess  air,  476  Btu/lb  of  flue  gas, 

Qo  =  476(3890  +  67,900  +  1170)  =  34,500,000 

Q  =  Qnet  -  Qo  -  70,900,000  -  34,500,000  =  36,400,000  Btu/hr  (first  estimate) 
The  surface/tube,  A  =  38.5  ft  X  ir  X  ^2  =  50.4  ft2 

_  ,  __  .  Ar  36,400,000  - 

The  estimated  number  of  tubes  Nt  is  A  t  =  12  000  X  50^4  _ 

Try  60  tubes. 

The  layout  of  the  cross  section  of  the  furnace  may  be  as  shown  in  Fig.  19.16. 

Assumed  f/mif  of 
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Fig.  19.16.  Furnace  of  Examples  19.1  and  19.2. 
Equivalent  cold  plane  surface  Acp : 

Center-to-center  distance  -  8%  in. 

Acp  per  tube  =  ^  in.  X  38.5  =  25.7  ft2 
Total  a  to  a  single  row,  refractory  backed,  from  Fig.  19.11: 

a  =  0.937 


Ratio  of  center-to-center /OD  =  8^/5  =  1.7 
a^cp/tube  =  25.7  X  0.937  =  25  ft2 
<*Acp  =  60  X  25  =  1500  ft2 


(Fig.  19.11) 


Refractory  surface: 


End  walls  =  2  X  20.46  X  14.92  =  611  ft2 

Side  wall  =  14.92  X  38.5  =  575  ft2 

Bridge  wall  =  9.79  x  38  5  =  377  ft2 

Floor  and  arch  =  2  X  20.46  X  38.5  =  1575  ft2 

A  T  =  3138  ft2 

Ar  1638 


Ar  =  At  -  a Acp  =  1638 


a  A 


ep 


1500 


=  1.09 
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Mean  beam  length: 


Dimension  ratio  =  38.5  X  20.46  X  14.92  =  3:2:1  (approximately) 

L  =  V%  -^volume  =  %  ^38.5  X  20.46  X  14.92 
L  =  15  ft 

Gas  emissivity:  From  the  analysis  of  the  fuel,  the  steam  quantity,  and  the  assumption 
that  the  humidity  of  the  air  is  50  pei  jent  of  saturation  at  60°F,  the  partial  pressures 
of  CO2  and  H20  in  the  combustion  gases  with  25  per  cent  excess  air  are 


pcos  =  0.1084  pHjo  =  0.1248  pCosL  =  0.1084  X  15  =  1.63  pUioL  =  1.87 
From  Fig.  19.12  and  19.13,  the  emissivity  of  the  gas  can  be  evaluated. 

_  j~  (<?co2  at  PcotE  +  ffmo  at  P H20E)  To  —  (gcot  at  PcoiL  +  gmo  at  pmoL)Ts 


€G  = 


%  correction  at 


PCOt 


(Qb)ro 

0.1084 


(76) 


TS 


pcoi  +  PH20  0.2332 
pco2L  4-  pHioL  =  3.56 
%  correction  =8%  (estimated) 


=  0.465 


to 

eo  =  0.489 


r(6500  4-  14,500)  -  (650  +  1950)1 

/100  -  8.0\ 

39,000  -  4400  J 

V  ioo  ) 

!] 


100  -  % 
100 


(19.5) 


Overall  exchange  factor  ff: 


iJ  at  e<?  .=  0.496  and  =  1.09 

J±cp 

$  =  0.635  from  Fig.  19.15 


Check  of  gas  temperature  required  to  effect  assumed  duty  on  assumed  surface: 


SQ  =  36,400,000  Btu/hr  assumed  aAcp  =  1500  ft2  assumed 

2(3  _  36,400,000  _  ^  200 

~  1500  X  0.635 

To  required  (at  Ts  =  800°)  =  1670°F  compared  with  1730°F  assumed  m  heat 
balance) 


The  trial  indicates  that  more  duty  than  36,400,000  Btu/hr  will  be  performed,  since 
this  duty  cools  the  flue  gases  to  only  1730°F,  while  the  flux  corresponding  to  this  duty 
could  be  effected  by  a  gas  temperature  of  1670°^  Actually  ^  is  a  air^cte 
check,  and  the  number  of  tubes  in  the  furnace  need  not  be  changed  *efaj 

balance  will  be  struck  at  about  1700°F  for  the  assumed  furnace.  The  duty  would  be 
37  050  000  Btu/hr  at  this  exit  temperature,  and  assuming  that  5  does  not  change 
«  wuVgo  up  slightly)  =  39,000,  requiring  a  “driving”  temperature  of 

1695°F,  which  is  a  close  enough  approximation.  The  circumferentml  Aux^ill  be 
37,050,000/60  X  50.4  =  12,280  Btu/(hr)(ft’)  as  compared  with  the  12,000 

snecified.  Such  a  difference  is  negligible.  .  ,  ,  .  . 

In  general  if  the  gas  temperature  required  to  effect  the  duty  use  m  , 

ance  falls  below  the  temperature  shown  by  the  heat  balance,  the  number  of  tubes 
assumed  is  too  few  or  the  actual  flux  wiU  be  higher  than  the  assumed  rate 
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Method  of  Wilson,  Lobo,  and  Hottel.  The  limitations  of  this  method 
have  been  pointed  out.  In  the  original  publication  several  equations 
were  presented,  but  the  most  useful  is  the  following: 

Q  _  _ 1 _  (  1  Q  15^ 

Qf  1  +  (G' / 4200)  VQf/cxAcp 

where  again  G'  =  lb  air/lb  fuel  and  the  other  nomenclature  is  similar  to 
that  given  for  the  Lobo  and  Evans  method.  While  the  cold  surface  is 
properly  evaluated  so  that  the  equation  is  applicable  to  furnaces  having 
double  as  well  as  single  rows  of  tubes,  the  effect  of  refractory  surfaces  is 
neglected.  The  effect  of  excess  air  on  the  radiant-section  efficiency  is 
measured  only  by  G',  the  air-fuel  ratio,  and  consequently  the  equation 
does  not  hold  for  fuels  having  heating  values  which  are  either  very  low 
or  very  high.  The  equation  is  recommended  for  rapid  calculation  (within 
its  limitations)  and  for  predicting  the  effects  of  changes  in  furnace  oper¬ 
ating  conditions. 


Example  19.2.  Calculation  of  a  Furnace  by  the  Method  of  Wilson,  Lobo,  and  Hottel. 

The  furnace  of  Example  19.1  is  to  be  fired  with  cracked  gas  fuel  at  40  per  cent  excess 
air,  using  no  air  preheat.  If  the  capacity  of  the  burners  limits  the  heat  liberation  to 
50,000,000  Btu/hr,  what  will  be  the  radiant-section  duty?  (The  air-fuel  ratio  is 
22.36  lb  air/lb  fuel.) 

Solution: 

Q  =  50,000,000  X - - — 1  (191s, 

1  +  (22.36/4200)  v/50^00, 000/1500  J 

=  25,300,000  Btu/hr 


The  radiant-section 
temperature  1540°F 


average  rate  will  be  8350  Btu/(hr)(ft»),  and  the  exit-flue-gas 
by  heat  balance. 


Wohlenberg  Simplified  Method.  While  this  method  is  an  empirical 
method,  its  derivation  is  of  interest.  Wohlenberg-  developed  a  complex 
theoretical  method  for  evaluating  the  heat  absorption  in  boiler  furnaces 
which  took  into  account  the  many  variables  already  discussed  and  in 
addition  those  factors  unique  to  coal  firing.  The  simplified  method  how¬ 
ever  relates  the  radiant-section  absorption  efficiency  of  any  boiler  furnace 
te  a  base  or  standard  design  by  means  of  factors  which  correct  for  th“ 
d  ^enCeS  m  a  of  the  characteristics  between  the  two 

The  base  design  is  as  follows: 

Furnace  volume  =  8000  ft3 

Release  rate  =  25,000  Btu/ft*  for  pulverised  coal  firing 
-  40,000  Btu/ft3  for  stoker  firing 
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Excess  air  =  20  per  cent  for  pulverized  coal  firing 
=  40  per  cent  for  stoker  firing 
Coal  =  Illinois  bituminous 
Fineness  =  75  per  cent  through  200  mesh 
Fraction  cold  =  unity 

The  fraction  cold  is  defined  as  ti  3  effective  exposed  radiant-heating  sur¬ 
face  in  the  furnace  divided  by  the  total  exposed  furnace  surface  (exclusive 
of  the  grate  in  stoker  firing).  The  evaluation  of  the  effective  heating 
surface  is  by  the  method  of  Mullikin  discussed  previously.  The  absorp¬ 
tion  efficiency  of  the  base  furnace  is  0.452  for  pulverized  fuel  firing  and 
0.311  for  stoker  firing;  the  absorption  efficiency  e  of  any  furnace  is  the 
ratio  of  heat  absorbed  to  the  heat  liberated  by  the  fuel  (higher  heating 
value)  plus  the  heat  in  the  combustion  air. 

Wohlenberg’s  equation  is 

e  =  FK1K2K3K,KhK6K7K&  +  C'  (19.16) 


where  the  various  factors  have  the  following  significance:  F  is  chosen 
according  to  type  of  firing,  pulverized  coal  or  stoker,  and  the  influences 
of  the  other  factors  are 


A  i 
AT 
A3 

a4 

A5 

A6 

A7 

As 

C' 


furnace  volume 
heat  liberation  rate,  Btu/ft3 
fraction  cold 
excess  air 

heating  value  of  coal  (HHV) 
pulverizing  fineness 
furnace  volume  beyond  Ai 
heat  liberation  rate  beyond  A2 
air  preheat 

The  equation  does  not  apply  to  gas-  or  oil-fired  boilers,  although  the 
methods  proposed  by  Mullikin  or  Lobo  and  Evans  may  be  used.  The 
application  of  the  simplified  equation  is  straightforward  and  gives  values 
which  are  in  good  agreement  whh  the  more  complex  method  of  Wohlen- 
berg.  It  has  been  mentioned  several  times  that  the  ash  or  slag  on  the 
boiler  surfaces  presents  problems  beyond  those  of  ordinary  heat-transfer 
calculations.  Accordingly  a  basis  of  evaluating  the  influence  of  ash  or 
slag  under  operating  conditions  must  be  established  before  these  methods 

can  be  applied  to  rational  design.  .  ,  ,,rl 

Orrok-Hudson  Equation.  This  is  very  similar  in  form  to  the  Wilson, 

Lobo  and  Hottel  equation,  and  as  already  pointed  out,  its  greatest  use 
is  for* comparing  furnace  performance  under  various  operating  conditions. 

The  fractional  heat  absorption  is 

Q_  =  1 

Qf  1  -f -  G'  \/ Or/ 2) 


(19.17) 
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where  G',  Q,  and  QF  are  defined  as  before  and  CR  is  the  pounds  of  fuel  per 
hour  per  square  foot  of  projected  radiant-heating  surface.  For  one  tube, 
CR  =  (OD  in./12)  X  exposed  length. 

Example  19.3.  Calculation  of  Performance  by  the  Orrok-Hudson  Equation. 

What  per  cent  increase  in  the  radiant-section  heat  absorption  may  be  expected  in  a 
boiler  when  the  firing  rate  is  increased  50  per  cent? 

The  initial  ratio  of  absorption  to  liberation  is  0.38,  and  the  excess  air  is  expected  tc. 
increase  from  25  to  40  per  cent  as  a  result  of  the  increased  firing  rate. 


Solution: 


Qfi 

Qfi 


1.50 

G[ 


Cr  2 

cR1 

140 


=  1.5 


125 


Q2/Q1  is  to  be  determined. 


(h  =  1 

Qfi  1  +  G'  VC^ 727 


0.38 


1  =  0.38  +  0.38G;  VCW 27 

G[  M  =  ££  =  1.63 

,,  /C^  _  140  IT 
2  \  27  125  \ 


5  Cr, 
27 


=  1.12  X  1.223 G 


G*  =  1.37  X  1.63  =  2.23 


r'  l^Rl 
1  \  27 


q2 

0_2 

Qv 


- r+hs  - °-31^ 

031Qf,  _  0.31  X  1.5 QFl  .  _ 
0.38  QFl  0.38  QFl  ~  1,22 


Hence  the  radiant  absorption  will  be  increased  only  22  per  cent  for  an  increase  of 
50  per  cent  in  the  heat  liberated.  In  such  a  case  the  effects  of  the  higher  exit-flue-eas 
temperature  on  superheater  tubes  would  have  to  be  investigated. 

Miscellaneous  Applications.  Radiant-heat  transfer  is  of  importance 
in  sections  of  a  furnace  other  than  the  radiant  section  proper  Radiant- 
heat  transfer  to  the  “shield”  tubes  (top  two  rows)  of  the  convectfon  bant 

methlTTr  TK  ^  ~at  8h0Wn  in  Fig-  1916  may  be  evaluated  by  the 
f  tu  °,  ^°b°  and  Evans-  The  Procedure  is  the  same  as  in  the  case 
of  the  calculations  of  the  radiant  section  proper  with  the  exception  that 

the  gas  temperature  to  be  used  is  that  of  the  gases  coming  over  the  bridee 
wall.  One  would  expect  that  the  temperature  to  use  would  be  the  eal 
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transfer,  since  the  radiant-section  exit  temperature  is  already  known. 
It  should  be  noted  that,  since  the  convection-heat  transfer  to  the  shield 
tubes  will  be  evaluated  independently,  the  value  of  2Q/aAcp$  correspond¬ 
ing  to  the  gas  temperature  and  the  shield-tube-metal  temperature  should 
be  reduced  by  the  amount  7 (TG  —  Ts ). 

Once  the  gases  have  actually  i  ade  their  entrance  into  the  rows  of  tubes, 
they  will  continue  to  lose  heat  by  radiation,  and  in  spite  of  the  rather 
small  mean  beam  length  this  radiation  may  account  for  5  to  30  per  cent 
of  the  total  heat  transfer  in  the  entire  convection  section.  This  radiation 
can  be  evaluated  by  the  equation 


Qxc  0.173  [(100)  (ioo)  J  A  (1  /to)  +  (l/cs)  -  1  (19-18) 


where  QRC  =  radiant-heat  flow  at  a  point  in  the  convection  section  in 
Btu  per  hour.  Other  terms  were  defined  in  the  Lobo  and  Evans  method. 
It  should  be  noted  that  no  correction  for  reradiation  from  the  refractory 
side  "walls  is  made.  (It  is  more  convenient  instead  to  use  the  method  of 
Monrad1  to  apply  a  correction  factor  to  the  combined  heat-transfer 
coefficient  for  convection  and  radiation.)  With  negligible  loss  in  accuracy 
the  last  term  can  be  rewritten 


_ 1 _ 

(l  A<0  +  (i/€*s)  —  i 


(19.19) 


and  the  equation  becomes,  with  further  substitution, 

=  €s[(#c  +  Qw)t0  —  (qc  +  ?Tr)rs]  ^  |[qq  ^  (19.20) 


The  use  of  this  equation  is  illustrated  by  Example  19.4.  Another  type 
of  problem  frequently  encountered  is  one  in  wrhich  a  kettle  or  tank  is  to 
be  used  for  boiling  a  liquid  and  the  vessel  either  is  direct-fired  or  is  heated 
by  waste  flue  gases  from  another  unit.  It  can  be  calculated  by  applying 
some  of  the  principles  already  illustrated.  Example  19.5  shows  such 

an  application. 


Example  19.4.  Calculation  of  the  Equivalent  Radiant  Coefficient.  In  the  convec- 
tion  section  of  a  refinery  furnace,  tubes  are  5  in.  OD  on  8M  in.  centers,  spaced  on 
equilateral  triangular  pitch.  The  flue  gases  at  the  row  of  tubes  under  “"^erat.on 
are  at  1500”F;  the  tube  temperature  is  650°F.  The  flue  gases  contain  10.84%  CO, 
and  12  48%  H,0  by  volume.  Calculate  the  radiant-heat  transfer  between  the  gas 
and  tubes  in  terms  o'f  a  coefficient  which  can  be  added  to  the  convection-heat-transfer 

coefficient. 

i  Monrad,  C.  C.,  Ind.  Eng.  Chem.,  24,  505  (1932). 
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Solution: 


es  =  0.90  (assumed) 

L  =  0.4  (center  to  center)  —  0.567  (OD)  (from  7  in  Table  19.1) 
=  0.4  (8.5)  -  0.567  (5)  =  3.400  -  2.835 
=  0.565  ft 

Ph2o£/  =  0.1248  X  0.565  =  0.0704  atm-ft 
Pco2L  =  0.1084  X  0.565  =  0.0611  atm-ft 

9h2o  at  Tg  =  1050  #h2o  at  Ts  —  165 

qco2  at  Tg  =  1700  ?co2  at  Ts  =  160 

2750  325 

Qrc 


Pc  02 


=  0.9(2750  -  325) 
0.1084 


Pco2  +  Ph2o  0.1084  +  0.1248 
PcoiL  -f-  PhioL  =  0.1315 
%  correction  =2% 

Qrc 


=  0.465 


=  0.9  X  2425  X  0.98  =  2140 


The  equivalent  radiation  coefficient  is,  then, 

Qrc  2140 


K  = 


A  AT  1500  -  650  2,51  Btu/(hr)(ft2)(°F) 


which  is  a  very  appreciable  part  of  the  total  coefficient.  To  correct  the  total  coeffi¬ 
cient  he  +  hr  for  radiation  from  the  walls  of  the  convection  bank  the  method  of  Monrad 
mentioned  previously  is  recommended. 

Example  19.5.  Calculation  of  a  Heated 
Vessel.  Design  a  simple  vessel  for  con¬ 
tinuously  concentrating  a  solution  whose 
boiling  point  is  480°F.  The  duty  required 
is  500,000  Btu/hr.  The  source  of  heat 
available  is  3050  lb/hr  of  flue  gas  at 
1500°F.  A  quantity  of  48  in.  OD  pipe 
formerly  used  in  some  discarded  vessels 
is  available. 

Solution.  The  required  unit  might  take 
the  shape  of  that  shown  in  Fig.  19.17. 

Flue  gases  flow  parallel  to  the  axis  of  the 
vessel  in  a  tunnel  beneath  it.  Although 
the  cold  surface  is  segregated  from  the 
refractory  surface  to  a  greater  extent  than 
in  a  furnace  radiant  section,  the  Lobo  and 
Evans  exchange  factor  can  be  used  with¬ 
out  affecting  the  accuracy  of  the  solution 
nearly  so  much  as  the  poor  choice  of  a 
mean  gas  temperature. 


Simple  concentrator  of  Exam- 


Fig.  19.17. 
pie  19.5. 


flue**,  path,  a  step^aStionfsMicated  un^\t  3""^  ““  °f 
be  evaluated  properly.  In  a  stepwise  calculation  u  +  n  gas  temperature  can 

sections  of  varying  length,  each  having  the  same  £  thfhTatT^ 
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fer  is  predominantly  radiant  and  the  cold  surface  is  at  a  constant  temperature,  an 
adequate  mean  temperature  is  defined  by 

To  =  y/n.i  jTZ,  (19.21) 

The  solution  is  worked  on  this  basis.  Assuming  that  overall  heat  losses  equal 
10  per  cent  of  the  duty,  the  exit-flue  ;as  temperature  is  found  to  be  900°F.  The  cold 
surface  is  assumed  to  have  an  emissivity  of  0.9  and  temperature  of  500°F.  The  flue 
gases  contain  7.1%  COj  and  14.3%  H«0.  The  gas  emissivity  is  found  to  be  0.259 
at  the  hot  end  and  0.27  at  the  cold  end;  hence  an  average  value  of  0.265  can  be  used. 
Calculation  of  the  gas  emissivity  was  illustrated  in  Example  19.1.  The  equivalent 
surface  per  foot  of  length  obviously  lies  between  the  values  corresponding  to  the  arc 
and  the  chord  of  the  heated  portion  of  the  circumference;  hence 

M  +  "Ky  x » x  4.0  _  3  85  ftVft 

3.0  +  3.6  +  3.0  =  9.6  ft2/ft 

Arbitrarily  neglecting  end  walls  and  also  the  side  wall  refractory  over  3'0"  above  the 
floor, 

Ar  9-6  _  2.49 
aACp  3.85 

3?  =  0.56  at  eG  =  0.265  and  =  2.49 

a/lcp 

— 9. —  =  15.300  Btu/(hr)(ft2)  at  Tc  =  1174°F  and  Ts  =  500°F 

aAcpS 

However,  the  convection  coefficient  is  small,  1.0  ±  Btu/(hr)(ft2)(°F),  and  A/aAtf  is 
not  2.0  as  in  the  assumptions  for  the  Bobo  and  Evans  equation. 


aACp 

“ft" 

Ar 

ft 


— — —  {i.e..  radiation  only)  =  15,300  —  7(71r;  T  s)  —  10,610  Btu/(hr)(ft  ) 
aAcpi F 


Q  -  =  10,610  X  0.56  =  5940  Btu/(hr)(ft2)  of  aAcP 
a  Arp 

Convection  rate  basis,  aAcp: 


aA 


0^  =  ]  0  X  (1174  -  500)  X  Arr  =  640 


—  CP 

■  =  5940  +  640  =  6580  Btu/(hr)(ft2) 

aAcp 


3.85 


«A„  required  =  =  76.0  ff 


•  i  76.0  _  in  7 
Length  required  =  g-gg  —  u.t  n 


be  made  to  control  the  heat  transfer  either  by  means  of  a  flue-gas  by-pass  or  by  admit 

ting  tempering  air  at  the  inlet  to  the  unit. 

Some  Practical  Aspects  of  Refinery  Furnaces.  While  heat-transfer 
dome  irracu  f  desien  of  refinery  furnaces,  some  of 

calculations  are  very  important  m  the  design 
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the  other  factors  which  enter  into  their  design  (and  operation)  require 
mention.  The  furnace  must  be  designed  around  the  burners.  If  the 
furnace  is  fired  from  the  end  wall  so  that  the  flames  travel  parallel  to  the 
tubes,  the  cross  section  of  the  furnace  must  be  great  enough  to  provide 
adequate  clearance  between  the  burners  and  the  tubes.  When  such 
clearance  is  not  provided,  flames  impinge  on  the  tubes  and  may  cause 
failures  even  when  moderate  pressures  and  temperatures  are  employed 
in  the  tubes. 

When  the  burners  are  placed  in  the  floor,  side  wall,  or  roof  of  a  box-type 
furnace,  a  large  number  of  small  burners  may  be  used  and  the  clearances 
need  not  be  so  great.  Since  the  space  for  locating  the  burners  increases 
with  the  tube  length,  the  maximum  practical  tube  length  may  be  used 
thereby  decreasing  the  required  number  of  return  bends.  Tube  length 
is  limited  by  the  capacity  of  modern  tube  mills  unless  butt-welded  tubes 
are  used.  The  method  of  cleaning  the  tubes  by  turbining  or  the  steam- 
air  decoking  method  may  also  be  a  factor  in  determining  the  tube  length. 
Ordinarily  the  design  of  the  convection  section  requiring  a  reasonable 
flue-gas  velocity  for  a  good  convection  coefficient  determines  the  tube 
length  when  the  burner  spacing  is  not  controlling.  The  distribution 
of  flue-gas  flow  in  the  convection  section  becomes  more  difficult  when 
long  tubes  are  used,  and  for  furnaces  with  50-  to  60-ft  tubes  at  least  two 
flue-gas  take-offs  from  the  convection  section  should  be  provided.  The 
care  and  operation  of  the  burners  and  allied  equipment  have  a  pro¬ 
nounced  effect  on  the  cost  of  operating  and  maintaining  the  furnace  A 
furnace  having  a  duty  of  100,000,000  Btu/hr  will  burn  in  the  neighbor¬ 
hood  of  a  quarter  of  a  million  dollars  worth  of  fuel  per  year,  and  such  a 
furnace  will  use  from  5,000,000  to  15,000,000  lb/year  of  steam  for  atom- 
izmg  oil  fuel  depending  upon  whether  or  not  the  steam-oil  ratio  is  carefully 
con  rolled  Oil  burners  should  function  properly  when  atomizing  with 
0.3  lb  of  steam  per  pound  of  oil. 

Most  burners  require  a  certain  amount  of  secondary  air  which  is 
admitted  through  the  burner  register.  It  should  be  pointed  out  that  i„ 
general  the  burner  register  should  be  used  to  control  the  air-fuel  ratio 
per  cent  excess  a,r)  while  the  stack  damper  should  be  used  to  control 
he  draft  at  the  top  of  the  furnace.  A  slight  draft  (0.01  to  0  05  in  H  Of 
hould  be  maintained  at  that  point  at  all  times,  so  that  leakage  through 

h*fTaCe  i00  °r  '?"S  iS  iDWard-  0u«  ^kage  of  fluegasesdam 
ages  the  castings  and  steel  supporting  the  brickwm-L-  8  I 

and  explosion  doors,  and  damages  the 2^  d°°rS 

conrion  in  to  g„rE 

-of  tile  may  be  a  guide.  Dark  lines 
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indicate  an  infiltration  of  air;  bright  lines  indicate  outward  flow  of  flue 
gases. 

The  use  of  more  excess  air  than  necessary  may  often  make  it  impossible 
to  maintain  the  proper  draft  at  the  top  of  the  furnace.  Furthermore 
the  higher  the  excess  air  the  greater  will  be  the  fuel  requirement  for  a 
given  duty,  and  Orsat  analyses  f  the  flue  gases  should  be  made  a  part  of 
the  routine  operation  to  ensure  economical  furnace  performance.  Excess 
oxygen  in  the  flue  gases  increases  the  rate  of  oxidation  of  the  tubes  and 
tube  supports.  In  some  types  of  furnaces  (depending  upon  the  ratio  of 
radiant-  to  convection-section  surface)  higher  excess  air  results  in  a 
higher  temperature  of  the  flue  gases  entering  the  convection  section  and 
may  cause  premature  failure  of  the  tube  sheets  in  the  convection  section. 

The  higher  the  radiant  flux  the  lower  the  first  cost  of  a  furnace  for  a 
given  duty.  At  average  fluxes  above  15,000  Btu/(hr)(ft2),  however,  the 
savings  diminish  rapidly,-  and  the  problems  of  control  and  maintenance 
of  the  furnace  increase  disproportionately.  The  larger  the  furnace  and 
the  greater  the  ratio  of  refractory  to  cold  surface,  however,  the  lower 
will  be  the  radiant-section  flue-gas  temperature  for  a  given  radiant  flux. 
The  average  radiant  flux  permissible  in  a  furnace  depends  upon  the 
charge  stock,  extent  of  cracking,  the  heat-transfer  coefficient  within  the 
tube,  the  ratio  of  A/otACp  (which  is  the  ratio  of  the  rate  on  the  face  of  the 
tube  to  the  circumferential  rate),  and  the  distribution  of  fluxes  along 
the  length  of  the  tubes  and  for  tubes  in  various  locations.  All  these 
details  require  consideration,  and  in  Table  19.2  are  presented  some 
representative  values  of  permissible  average  rates. 


Table  19.2.  Permissible 

Type  of  f  urnace 

Crude . 

Vacuum . 

Naphtha  reforming.  .  . 
Gas  oil  cracking 

Heating . 

Soaking . 

Visbreaking . 


Average  Radiant  Rates 
Allowable  rate ,  Btu/Qir)(Jtl 
of  circumferential  tube  area ) 

.  10,000-16,000 

.  5,000-10,000 

.  1,000-18,000 

.  10,000-15,000 

.  10,000 

.  10,000-12,000 


It  should  be  realized  that  average  permissible  rates  are  rule-of-thumb 
affairs  and  that,  actually,  the  maximum  point  rate  on  a  tube  or  tubes 
iZ  basic  factor  which  should  be  prescribed  for  given  condition* 
Accordingly,  the  average  permissible  rate  may  be  mcreased  when  tubes 
are  spaced  farther  apart  than  normal,  when  the  tubes  are  fired  from  bo  h 
sides  or  when  any  other  specific  steps  are  taken  to  impiove  le  ra 
distribution.  Tubes  are  generally  spaced  from  one  to  one  and  on  ^ 
tube  diameters  from  the  face  of  a  wall  to  the  center  line  of  the  tube  . 
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One  diameter  is  preferable  from  a  practical  standpoint,  since  it  decreases 
the  weight  of  the  intermediate  tube  supports. 

In  the  past,  air  preheaters  have  not  been  used  so  widely  on  refinery 
furnaces  as  on  boiler  furnaces.  The  use  of  air  preheat  is  particularly 
desirable  vrhen  the  inlet  temperature  of  the  oil  to  be  heated  is  quite  high. 
When  air  preheat  is  employed,  a  greater  proportion  of  the  furnace  duty 
is  done  in  the  radiant  section  than  when  the  air  is  not  preheated  if  a  given 
radiant  rate  is  to  be  maintained. 

In  furnace  test  work  flue-gas  temperatures  should  be  determined  with 
a  high-velocity  thermocouple,  preferably  of  the  multishielded  type. 
Tube-metal  temperatures  can  be  measured  by  means  of  an  optical  pyrom¬ 
eter  or  by  tube-skin  thermocouples.  It  should  be  noted  that  the  optical 
pyrometer  may  indicate  temperatures  higher  than  the  true  skin  tempera¬ 
ture;  this  is  particularly  true  when  the  refractory  surfaces  are  much 
hotter  than  the  tubes,  in  which  case  some  of  the  radiation  received  by  the 
pyrometer  consists  of  reflected  radiation  originating  at  the  higher  temper¬ 
ature  refractory. 

PROBLEMS 


19.1.  Using  the  Orrok-Hudson  equation,  calculate  the  efficiency  of  a  boiler  radiant 
furnace  firing  1.0  ton/hr  of  coal  at  an  air  /fuel  ratio  of  16.0  lb  air /lb  fuel.  The  circum¬ 
ferential  area  of  the  boiler  tubes  is  7000  ft2. 

19.2.  Calculate  the  maximum  radiant  rate  on  the  circumference  of  a  tube  in  the 
back  (second)  row  of  a  group  of  double-row  tubes  in  front  of  a  furnace  wall.  The 
average  circumferential  rate  on  a  tube  in  the  front  row  is  10,000  Btu/(hr)(ft2).  All 
tubes  are  4  in.  OD  on  7-in.  centers,  spaced  on  equilateral  triangular  pitch. 

19.3.  Using  the  Wilson,  Lobo,  and  Hottel  equation  for  a  box-type  heater,  calculate 
the  average  circumferential  heat-transfer  rate  in  a  furnace  radiant  section  when 
(°)  eat  liberation  is  142,000,000  Btu/hr,  excess  air  =  30  per  cent  (20.75  lb  air /lb 
fuel)  cni,  =  1970  ft*  4  =  4710  ft*,  (6)  as  in  (a)  except  60  per  cent  excels  air  (c)  as 
in  (a)  except  tubes  (same  outside  dimension  and  C-C)  are  added  to  make  A  =  6000  ft* 
(d)  as  m  (a)  except  heat  liberation  is  100,000,000  Btu/hr. 

19.4.  Using  the  Lobo-Evans  method,  calculate  the  fuel  required  (pounds  per  hourl 

12  wwwm  /  0  °"’!ng  ^“‘eristics  if  an  average  radiant-section  rate  of 
1^5,000  Btu/(hr) (ft2)  of  circumferential  tube  area  is  to  be  developed: 


Dimension  of  combustion  chamber. 

Tube  OD . 

Tube  center-to-center  spacing . 

Number  of  tubes  (arranged  in  single  row) 

Circumferential  tube  surface . 

Total  wall  area  At . 

Fuel  oil . 

Atomization  medium. 

Heating  value  of  fuel  (LH  V) 

Excess  air . 

Lb  air /lb  fuel . 

Estimated  tube  temperature. 


•  15  by  30  by  40  ft. 

.  5  in. 

.  10  in. 

.  90 

.  4710  ft2 

•  4300  ft2 
.  Oil 

0.3  lb  steam /lb  oil 

17,130  Btu/lb 

•  25% 

.  17.44 
.  1000°F 
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Note.  Assume  the  average  specific  heat  [Btu/(lb)(°F)]  of  flue  gases  to  be  0.28 
between  60°F  (H20  as  vapor)  and  the  exit  flue-gas  temperature.  For  water-vapor 
and  C02  concentrations  in  the  flue  gases,  see  Example  19.1. 

19.6.  Calculate  the  fuel  requirement  for  a  furnace  in  which  2000  lb /hr  of  aluminum 
chips  are  to  be  melted  continuously.  The  chips  are  charged  at  60°F.  The  furnace  is 
12  by  12  ft  inside  cross-sectional  dimensions.  The  height  between  the  level  of  the 
molten  aluminum  and  the  roof  is  9  f  The  emissivity  of  the  mass  of  aluminum  may 
be  taken  as  0.30.  Fuel  oil  is  fired  as  in  Prob.  19.4  with  17.44  lb  air /lb  fuel  and  0.3  lb 
steam /lb  fuel.  Assume  same  average  specific  heat  for  flue  gas  as  in  Problem  19.4. 

Note.  Use  the  Lobo-Evans  equation,  correcting  from  a  tube  emissivity  of  0.9  used 
in  the  derivation  of  the  overall  exchanger  factor  to  an  emissivity  of  0.3.  The  value  of 
Fe  is  found  using  the  chart.  tF  is  found  by  substituting  0.9  for  es  in  Eq.  (19.7). 


A 

ACp 

Ar 

At 

A' 

dG 

C 

Cr 

C' 

e 

F 

5 

5b  A 

Fc 

F. 

Ft 

G' 

he 

hr 

Kh  K2 
L 
Nt 
V 

Pt 

Q 

Qrc 

Qs 

Qw 

ZQ 

? 

Ts 

T 1 

Tt 

W 


NOMENCLATURE  FOR  CHAPTER  19 

Heat-transfer  surface  for  convection,  ft2 

Area  of  a  cold  plane  replacing  a  bank  of  tubes,  ft2 

Area  of  effective  refractory  surfaces,  ft2 

Total  area  of  furnace  surfaces,  ft2 

Effective  or  “seen”  heat-transfer  area  of  sink  or  cold  body,  ft2 
Absorptivity  of  gas,  dimensionless 
Specific  heat,  Btu/(lb)(°F) 

Lb  fuel/(hr)(ft2  projected  radiant-heating  surface) 

Influence  of  air  preheat,  dimensionless 
Furnace  efficiency  defined  by  Eq.  (19.14),  per  cent 
Factor  for  type  of  coal  firing,  dimensionless 

The  overall  exchange  factor  to  allow  for  the  geometry  and  emissivities, 
dimensionless 

Factor  to  allow  for  the  geometry  of  a  system  with  a  black-body  sink,  dimen¬ 
sionless 

Conductivity  factor,  dimensionless 
Slag  factor,  dimensionless 
Emissivity  factor,  dimensionless 

Ratio  of  air  to  fuel,  lb/lb;  (1  +  <?'),  ratio  flue  gas  to  fuel,  lb/lb 
Convection  coefficient,  Btu/(hr)(ft-)(  F) 

Equivalent  radiation  coefficient,  Btu/(hr)(ft2)(  F) 

Constants 

Mean  length  of  beam,  ft 
Number  of  tubes 
Pressure,  atm 

Tube  pitch  or  center-to-center  distance,  in. 

Radiant-heat  flow,  Btu/hr  ^  n 

Radiant-heat  flow  at  a  point  in  the  convection  section,  Btu/hr 

Sensible-heat  flow,  Btu/hr 

Heat  loss  through  furnace  wall,  Btu/hr 

Combined  radiation  and  convection  heat  flow,  Btu/hr 

Heat  flux,  Btu/(hr)(ft2) 

Mean  temperature  of  receiver,  F 
Temperature  of  source,  R 
Temperature  of  receiver,  °R 
Fuel  rate,  lb  /hr 
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a  Effectiveness  factor,  dimensionless 

0  Angle,  deg 

e  Emissivity,  dimensionless 

Effective  emissivity  of  the  furnace  cavity,  dimensionless 
a  Stefan-Boltzmann  constant,  0.173  X  10~8  Btu/(hr)(ft2)(°R4) 

Subscripts  (except  as  noted  above) 

A  Air 

b  Black  body 

C  Carbon  dioxide 

F  Fuel 

G  Gas 

R  Recirculated 

S  Surface 

W  Water 


CHAPTER  20 

ADDITIONAL  APPLICATIONS 


Introduction.  There  are  a  number  of  collateral  uses  for  heat-transfer 
equipment  which  have  not  appeared  in  any  of  the  preceding  chapters. 
Some  of  these  include  the  commonest  and  least  expensive  forms  of  heat- 
transfer  surface  such  as  coils,  submerged  pipes  in  boxes,  and  trombone 
coolers.  For  the  most  part  the  heat-transfer  elements  treated  here  are 
not  very  closely  related  to  those  discussed  in  earlier  chapters,  nor  can 
their  performances  be  calculated  with  equal  accuracy.  This  is  an 
important  limitation  when  attempting  to  calculate  the  surface  require¬ 
ments  for  a  close  temperature  approach.  The  following  are  treated  here: 


1.  Jacketed  vessels 

2.  Coils 

3.  Submerged-pipe  coil 

4.  Trombone  cooler 

5.  Atmospheric  cooler 

6.  Evaporative  condenser 

7.  Bayonet 

8.  Falling-film  exchanger 

9.  Granular  materials  in  tubes 

10.  Electric  resistance  heaters 


1.  JACKETED  VESSELS 

Vessels  without  Agitation.  Few  data  are  available  in  the  literature 
for  predicting  coefficients  within  a  jacket  or  between  a  jacket  and  a 
liquid  inside  a  vertical  cylindri'  al  vessel  in  which  no  mechanical  agitation 
occurs.  During  heating,  the  latter  rely  upon  free  convection  which  has 
not  been  correlated  except  as  given  in  Chap.  10.  Free  convection-heat¬ 
ing  coefficients  can  be  approximated  for  vessels  of  large  diameter  by  Eqs. 
(10.8)  through  (10.11).  No  consistent  data  are  available  for  cooling  by 
free  convection,  although  the  coefficients  are  undoubtedly  lower. 

Colburn1  has  tabulated  the  results  of  a  number  of  studies  from  which 
several  broad  generalizations  can  be  drawn.  For  the  transfer  of  heat 
from  steam  condensing  in  a  jacket  to  water  boiling  within  the  vessel  the 
clean  overall  coefficient  is  about  250  Btu/(hr)  (ft*)  (°F)  for  a  copper  vessel 

1  Perry,  J.  H.,  “Chemical  Engineers’  Handbook,”  3d  ed.,  pp.  481-182,  McGraw-Hill 
Book  Company,  Inc.,  New  \ork,  1950. 
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and  175  for  a  steel  vessel.  The  difference  is  due  to  the  conductivities 
and  equivalent  structural  thicknesses  of  the  two  metals,  respectively. 
The  same  coefficients  might  also  be  expected  for  boiling  dilute  aqueous 
solutions.  For  water-to-water  heating  or  cooling,  an  overall  coefficient 
of  100  Btu/(hr)  (ft2)  (°F)‘  appears  to  be  in  order  provided  neither  stream 
is  refrigerated.  The  coefficient  is  perhaps  between  75  and  80  for  aqueous 
solutions  whose  properties  do  not  differ  greatly  from  those  of  pure  water. 
For  heating  or  cooling  nonviscous  hydrocarbons  the  overall  coefficient 


should  be  reduced  to  about  50.  For  fluids  classified  as  medium  organics 
in  Table  8  a  more  probable  range  of  coefficients  is  from  10  to  20.  The 
jacket  of  a  vessel  may  be  baffled  helically  to  assure  positive  circulation. 

A  heat-transfer  coefficient  selected  from  the  groups  above  cannot  be 
incorporated  into  the  Fourier  equation  Q  =  U A  At  except  when  the  vessel 
operates  under  steady  state.  A  jacketed  vessel  can  be  adapted  for  oper¬ 
ation  under  steady-state  conditions  when  there  is  a  continuous  influx 
and  removal  of  the  liquid  entering  it.  Since  a  jacketed  vessel  is  primarily 
a  batch  vessel,  the  temperature  difference  during  batch  heating  or  cooling 
is  not  constant.  The  coefficient  must  consequently  be  substituted  into  a 
suitable  unsteady- state  equation,  such  as  Eqs.  (18.5),  (18.7),  (18.9),  or 
(18.11),  which  takes  into  account  the  time  required  to  change  the  temper¬ 
ature  of  the  batch  while  employing  a  tempera¬ 
ture  difference  which  varies  with  time. 

Mechanically  Agitated  Vessels.  Chilton, 

Drew,  and  Jebens1  have  published  an  excellent 
correlation  on  both  jacketed  vessels  and  coils 
under  batch  and  steady-state  conditions  and 
employing  the  Sieder-Tate  heat-transfer  factor 
3  with  a  Reynolds  number  modified  for 
mechanical  agitation.  They  employed  a  flat 

paddle.  Although  much  of  the  work  was  Fig.  20.1.  Jacketed  vessel, 
earned  out  on  a  vessel  1  ft  in  diameter,  checks  were  also  obtained  on 
vessels  flve  times  those  of  the  experimental  setup.  The  deviations  on 
runs  with  water  were  the  highest  for  the  fluids  tested,  which  included  lube 
oils  and  glycerol,  and  were  in  some  instances  off  by  17.5  per  cent.  Addi¬ 
tional  applications  of  this  method  have  been  discussed  by  Mack  and  Uhl2 
along  with  calculations.  In  jacketed  vessels  it  was  found  that  the  corre¬ 
lation  held  up  to  the  agitator  rate  at  which  air  was  beaten  into  the  liquid 
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assembly  is  shown.  It  consists  of  a  vessel  and  jacket  with  suitable  means 
for  circulating  the  jacket  fluid  and  a  flat  two-bladed  paddle  agitator. 

The  dimensions  essential  to  the  calculation  are  the  height  of  the 
wetted  portion  of  the  vessel  z,  the  diameter  of  the  vessel  Z)„  the  length 
of  the  paddle  L,  and  the  height  of  the  bottom  of  the  paddle  above  the 
bottom  of  the  vessel  B.  Studie  made  by  White  and  coworkers1  indicate 
that  power  requirements  can  be  determined  as  a  function  of  the  modified 
Reynolds  number,  Rcj  =  L2Np/p ,  where  L  is  the  length  of  the  paddle  in 


feet,  N  the  number  of  revolutions  per  hour,  p  the  average  density,  and  p 
the  ’viscosity  of  the  liquid.  C’  ilton,  Drew,  and  Jebens  have  employed 
the  same  modified  Reynolds  number  for  heat  transfer.  Their  results  are 

given  by  the  consistent  equation 


Equation  (20.1)  is  plotted  as  the  lower  line  in  Fig.  20.2.  It  is  seen  that 
to  scale  up  from  pilot  to  plant  size  the  change  in  the  coefficient  is  given  } 


i  White,  A.  M.,  E.  Brenner, 
585  (1934). 


-©"(ft) 


(20.2) 


t.  Phillips,  and  M.  S.  Morrison,  Trans.  AIChE,  30, 
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The  power  requirements  are  given  by  the  dimensional  equation  of  White 
and  coworkers. 


hp  =  1.29  X  l0-AD}1L2-72N'2  S6y°‘3zQ  6n'0'1*p0  S6  (20.3) 


where  y  =  width  of  the  agitator,  ft 
Nf  =  speed,  rps 
p!  =  the  viscosity,  lb/ft  X  sec 

These  equations  hold  for  paddle  agitators  centrally  located  with  L  >  0.3 D, 
and  with  a  height  <  L/6.  The  coefficient  in  the  jacket  itself  has  not 
been  determined,  although  it  can  be  readily  estimated  for  both  steam 
and  water.  The  use  of  this  method  for  the  solution  of  a  typical  problem 
is  given  below. 

Example  20.1.  Calculation  of  a  Jacketed  Vessel.  A  jacketed  vessel  has  the  follow¬ 
ing  dimensions:  A  12-in.  IPS  pipe  is  jacketed  by  a  14-in.  IPS  pipe  both  having  dished 
bottoms.  It  is  equipped  with  a  paddle  agitator  7.2  in.  long  and  1.2  in.  high  located 
at  a  distance  of  1.8  in.  from  the  bottom.  The  drive  speed  is  125  rpm.  It  is  to  be 
filled  to  a  height  of  10  in.  with  a  batch  of  aqueous  reacting  liquor  at  150°F  which 
requires  the  addition  of  32,600  Btu/hr  to  supply  the  endothermic  heat  of  reaction  and 
maintain  temperature.  A  dirt  factor  of  0.005  should  be  provided.  At  what  temper¬ 
ature  must  steam  be  available  for  the  jacket? 

Solution.  This  may  be  regarded  as  a  steady-state  problem,  since  A t  is  constant. 


7  2 

L  =  ~  =  0.6  ft 


N  -  125  X  60  =  7500  rev /hr 
p  =  62.5  lb/ft3  (approximately) 


At  150°F,  p  =  0.44  X  2.42  =  1.06  lb/(ft)(hr) 


(Fig.  14) 
(Table  4) 


k  =  0.38  Btu/(hr)(ft2)(°F/ft) 
c  =  1.0  Btu/(lb)(°F) 


(Fig.  20.2) 


may  be  regarded  as  1.0  for  water. 


(Table  11) 


0  38 

=  1100  X  E01  X  141  X  1.0  =  588  Btu / (hr)  (f  tJ)(°F) 

For  the  steam  in  the  iacket  referred  to  the  inside  diameter  of  the  vessel, 


hoi  =  1500  Btu/(hr)  (ft2)  (°F) 
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Using  the  inside  surface  as  reference, 

hjhoi  588  X  1500 

~  588  +  1500  "  422  BW(hr)(ff)(°F) 


Uc  = 


hj  -(-  h 
Ra  =*  0.005 
1  1 


(6.38) 


h  _  1  _  1 
d  Rd  0.005 


=  200 


UD  Uc 


4-  Ri 


or 


UD  = 


Uch0 


422  X  200 


=  136 


Uc  +  hd  422  +  200 
For  calculation  of  the  heat-transfer  surface  consider  the  bottom  to  be  a  flat  plate 
or  use  tables  giving  the  surface  as  a  function  of  diameter  for  elliptical  heads. 


A  =  7.  X  1.01  X  0.83  f^X  1.012  =  3.43  ft2 


The  temperature  difference  is  the  LMTD,  since  both  streams  are  isothermal. 

Q  —  U dA  At 

At  =  =  70°F 


136  X  3.43 


Since  the  reaction  occurs  at  150°F,  the  temperature  of  the  steam  must  be 

T»  =  150  +  70  =  220°F 


Note:  If  a  higher  temperature  of  steam  were  required,  the  jacket  wall  temperature 
must  be  checked  by  Eq.  (6.8)  to  assure  that  it  is  not  higher  than  the  boiling  tempera¬ 
ture  of  the  vessel  fluid.  If  vapor  bubbles  form  at  the  inside  surface,  the  film  coefficient 
may  be  reduced  by  an  unpredictable  amount. 


2.  COILS 

Introduction.  Tube  coils  afford  one  of  the  cheapest  means  of  obtaining 
heat-transfer  surface.  They  are  usually  made  by  rolling  lengths  of  cop¬ 
per,  steel,  or  alloy  tubing  into  helixes  or  double  helical  coils  in  which  the 
inlet  and  exit  are  conveniently  located  side  by  side.  Helical  coils  of 
either  type  are  frequently  installed  in  vertical  cylindrical  vessels  with  or 
without  an  agitator,  although  free  space  is  provided  between  the  coil 
and  the  vessel  wall  for  circulation.  When  such  coils  are  used  with 
mechanical  agitation,  the  vertical  axis  of  the  agitator  usually  corresponds 
to  the  vertical  axis  of  the  cylinder.  Double  helical  coils  may  be  installed 
in  shells  with  the  coil  connections  passing  through  the  shell  or  shell  cover. 
Such  an  apparatus  is  similar  to  a  tubular  exchanger,  although  limited  to 
smaller  surfaces.  Another  type  of  coil  is  the  pancake  coil,whic  is  a 
spiral  rolled  in  a  single  plane  so  as  to  lie  horizontally  near  the  bott°m  “  » 
vessel  to  transfer  heat  by  free  convection.  Examples  of  the  single  he 
and  pancake  are  shown  in  Fig.  20.3.  The  rolling  of  coils,  particularly 
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with  diameters  above  1  in.,  requires  a  special  winding  technique  to  pre¬ 
vent  the  tube  from  flattening  into  an  elliptical  cross  section,  since  dis¬ 
tortion  reduces  the  flow  area. 

Tube-side  Coefficients.  Because  of  the  increased  turbulence  it  is  to  be 
expected  that  the  tube-side  coefficients  for  a  coiled  tube  will  be  greater 
for  a  given  weight  flow  than  that  for  a  straight  tube.  For  a  double  pipe 
helical  water-to-water  exchanger  Richter1  obtained  overall  coefficients 
which  are  about  20  per  cent  greater  than  those  computed  for  straight 
pipes  using  similar  flow  velocities.  Jeschke2  obtained  data  on  the  cooling 
of  air  in  lj^-in.  steel  coiled  tubing.  For  ordinary  use  McAdams3  sug¬ 
gests  that  straight  tube  data  such  as  Eqs.  (6.1)  and  (6.2)  or  Fig.  24  can 
be  used  when  the  value  of  h  so  obtained 
is  multiplied  by  1  -f-  3 .5(D/DH),  where 
D  is  the  inside  diameter  of  the  tube  in 
feet  and  DH  is  the  diameter  of  the  helix  in 
feet.  McAdams  also  suggests  that  in  the 
absence  of  data  on  specific  liquids  the 
same  correction  can  be  applied  to  them. 

Precise  corrections  are  not  important, 
since  in  most  instances  it  is  customary  to 
use  either  cold  water  or  steam  in  the  tube, 
neither  of  which  is  controlling.  For 
water  flowing  in  the  tubes  it  is  suggested 
that  the  uncorrected  coefficients  be 
obtained  from  Fig.  25. 

Outside  Coefficients  to  Fluids  without  Mechanical  Agitation.  There  is 
a  dearth  of  data  in  the  literature  on  the  transfer  of  heat  to  helical  coils  by 
free  convection.  Colburn4  has  prepared  a  table  of  the  available  overall 
coefficients.  The  vertical  helical  coil  is  poorly  adapted  for  free-convec- 
tion  heating,  since  the  same  liquid  rises  from  the  lowest  to  the  highest 
turns  successively,  thereby  reducing  the  effectiveness  of  the  upper  turns. 
Coefficients  for  pancake  coils  can  be  approximated  from  Eq.  (10.7)  or 
(10.H)^  To  date,  however,  no  standard  method  has  appeared  for  calcu¬ 
lating  film  coefficients  for  the  outside  of  a  single  or  double  helical  shell- 

and-coi!  type  of  exchanger.  When  employed  for  cooling  fluids  in  vessels 
the  effect  of  free  convection  is  small. 

>  Richter,  G.  A.,  Trans.  AIChE,  12,  Part  II,  147-185  (1919). 

Jeschke,  D.,  Z.  Ver.  deut.  Ing .,  69,  1526  (1925V  7  Vpt  rioi.i  t  ™ 

24,  1  (1925).  ^  Ver'  ®eM*’  Erganzungheft, 

McAdams,  W.  H.,  “Heat  Transmission/’  2d  ed  pp  177  i«4  Mop  Tni 

Book  Company,  Inc.,  New  York,  1942.  ’  PP'  ’  84’  McGraw-Hill 

4  Colburn,  A.  P.,  in  Perry,  op.  cit.,  p.  481. 


(a)-SINGLE  HELIX 
Fig.  20.3. 


(b)- PANCAKE 
Types  of  tube  coils. 
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Outside  Coefficients  to  Fluids  with  Mechanical  Agitation.  Chilton, 
Drew,  and  Jebens1  also  obtained  a  correlation  for  heat  transfer  to  fluids  in 
vessels  with  mechanical  agitation  heated  or  cooled  by  submerged  tube 
coils  as  shown  in  Fig.  20.4./  Their  equation  for  the  coil  is  similar  to  that 
for  the  jacketed  vessel  with  the  same  deviation  and  is  given  by 


hcDj 

k 


(20.4) 


Equation  (20.4)  is  represented  by  the  upper  line  in  Fig.  20.2.  Its  use  is 
also  similar.  As  with  jacketed  vessels,  caution  is  again  directed  to  the 
fact  that  for  batch  applications  the  value  of  hc  cannqt  be  used  with  the 
Fourier  equation.  Instead,  an  appropriate  equation  must  again  be 
selected  from  Chap.  18.  However,  if  the  vessel  is  operated  with  continu¬ 
ous  feed  and  continuous  overflow,  the  value  of  hc  and 
Ud  obtained  from  Eq.  (20.4)  can  be  substituted  into 
the  Fourier  equation.  If  possible,  the  dirt  factor 
should  be  made  the  limiting  resistance. 

Outside  Coefficients  Using  Vertical  Pipes.  One  of 
the  disadvantages  resulting  from  the  use  of  a  paddle- 
agitator  and  helical-coil  arrangement  is  its  low  mixing 
efficiency.  For  good  mixing  and  correspondingly 
higher  transfer  coefficients  the  agitator  must  impart 
Fig.  20.4.  Tube  vertical  as  well  as  horizontal  flow  lines.  When  using 
coil  in  a  vessel.  an  agitator  of  the  paddle  or  vertical-blade  turbine 

types  and  radial  tube  banks  with  tubes  arranged  vertically  in  the  vessel, 
the  tubes  act  as  baffles.  Rushton,  Lichtmann,  and  Mahony2  investi¬ 
gated  this  type  of  arrangement  employing  a  4-ft  tank  and  a  liquid  level 
4  ft  high.  Four  banks  of  four  1-in.  IPS  vertical  pipes  were  arranged  at 
right  angles  about  both  a  16-in.  six-blade  turbine  and  a  12-in.  four-blade 
turbine.  The  maximum  coefficients  were  obtained  when  the  mixing 


turbine  was  located  at  a  height  L  ft  above  the  bottom.  Iheheat-tiansfei 
coefficients  have  been  reported  for  water  as  functions  of  the  Reynolds 


number  by  the  following  dimensional  equations. 
For  the  16-in.  six-blade  turbine: 


Heating:  hc 


0.00285 


LWp 

At 


(20.5  a) 


Cooling:  hc 


0.00265 


LWp 

At 


(20.56) 


i  Chilton,  T.  H.,  T.  B.  Drew,  and  R.  H.  Jebens,  loc.  cit. 

,  Rushton,  J.  H.,  R.  S.  Lichtmann,  and  L.  H.  Mahony,  Ind.  En„.  Chem.,  40,  1082- 


1087  (1948). 
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For  the  12-in.  four-blade  turbine: 

„  / L2Np\0'7 

Heating:  hc  =  0.00235  ( — - — ) 
Cooling:  hc  =  0.00220  ( — 


(20.6a) 

(20.66) 


where  L  is  the  diameter  of  the  turbine. 


Example  20.2.  Calculation  of  a  Tube  Coil.  The  thermal  conditions  of  Example 
20.1  will  be  used.  32,600  Btu/hr  will  be  introduced  into  an  isothermal  liquid  at  150°F 
using  steam  at  220°F.  The  coils  will  consist  of  turns  of  K  in-  OD  copper  tubing  with 
a  mean  coil  diameter  of  9.6  in.  How  many  turns  are  required? 


Solution: 

L  =  0.6  ft  N  =  7500  rev/hr 
k  =  0.38  Btu /(hr)  (ft2)  (°F/ft) 

Res  =  =  160,000 


p  =  62.5  ft3/lb  M  =  1.06  lb/(ft)(hr) 
c  =  1.0  Btu/(lb)(°F) 


j  =  1700  (upper  line,  Fig.  20.2) 

- 1 01 (?)"■'■<'.  (£>' '  - 

0  38 

=  1700  X  roT  X  141  *  900  Btu/(hr)(ft2)(°F) 
For  steam, 


1.0  for  water 


h0i  =  1500 


Uc  = 


hX 


hc  +  h0, 
Rd  ■-=  0.005 
U  chd 


900  +  1500  ~  562  Btu/ (hr)  (ft2)  (°F) 


hd  = 


1 


UD 


0.005 
562  X  200 


=  200 


=  147.5 


A  = 


Ue  +  hd  562  +  200 
Q  _  32,600 

UD  A t  147.5  X  (220  -  150)  ~  316  ft* 
External  surface /lin  ft  =  0.1309  ft2/ft 
Per  turn  =  T  X  0.8  X  0.1309  =  0.328  ft2 
3.16 


(Table  }0) 


Turns  = 


0.328 


=  9.6 


3.  SUBMERGED-PIPE  COIL 

Infraction.  This  is  one  of  the-  simplest  and  cheapest  methods  or 
obtaining  both  cooling  and  condensing  surface.  A  series  of  pipes  are 
connected  by  standard  fittings  and  are  submerged  in  a  concrete  or  wood 
trough  with  water  circulating  about  the  pipes  as  shown  in  Fig  20  5 
Coolers  of  this  type  are  of  considerable  value  when  the  hot  fluid  is  cor' 
rosive  or  erosive  such  as  when  carrying  suspended  abrasive +a  tide 
The  calculations  of  the  trough  side  are  naturally  only  approximate  but 
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since  water  flows  in  the  trough,  it  is  not  the  limiting  resistance  except 
when  the  coil  is  employed  to  condense  steam. 

Temperature  Difference  in  the  Submerged-pipe  Coil  Cooler.  Since 
the  flow  of  water  outside  the  coil  is  mostly  along  the  axes  of  the  tubes,  the 
true  temperature  difference  denends  upon  the  arrangement  of  the  tube 
passes.  The  trough  is  usually  arranged  for  one  pass.  If  the  pipes  are 
connected  by  a  header  at  each  end  with  a  single  pass  so  that  the  pipe  fluid 
is  in  counterflow  with  the  water,  the  true  temperature  difference  is  given 
by  the  LMTD.  If  the  pipes  are  connected  by  return  elbows  in  a  multi¬ 
pass  arrangement,  the  flow  pattern  may  be  treated  as  parallel  flow- 
counterflow,  with  the  1-2  exchanger  correction  applying  provided  the 
trough  liquid  is  reasonably  mixed  at  every  point  along  the  length  of 
the  pipes.  For  crossflow  arrangements  a  corresponding  correction  can 


Hot  fluid 


Fio.  20.5.  Submerged-pipe  coil. 


be  obtained  from  Fig.  16.17  or  20.76  in  the  event  that  any  of  these  flow 
patterns  apply.  Coefficients  for  the  pipe  side  can  be  obtained  from 

Fig.  24. 

Trough  Heat-transfer  Coefficients.  Trough  heat-transfer  coefficients 
are  usually  difficult  to  evaluate.  There  are  no  conventional  arrange¬ 
ments  and  few  published  date  for  this  type  of  equipment.  In  instal¬ 
lations  with  little  or  no  baffling,  a  large  portion  of  the  cooling  water 
by-passes  the  surface  between  the  coil  and  the  trough  enclosure.  Owing 
to  the  low  water  velocities  usually  encountered,  pipe  coils  tend  to  foul 
at  a  rapid  rate  because  of  the  growth  of  algae  slime  and  other  scales. 
The  use  of  large  fouling  factors  is  requisite  not  only  from  the  standpoint 
of  dirt  but  as  a  means  of  providing  additional  design  safety.  Fouling 
factors  of  less  than  0.01  should  be  avoided,  in  which  case  the  maximum 
value  of  the  overall  design  coefficient  will  be  less  than  100. 

Ordinarily  there  is  considerable  free  space  in  the  cross  section  of.  the 
trough  so  that  the  actual  linear  velocity  of  the  water  over  the  coil  may 
be  ^extremely  small.  At  the  extreme  of  low  velocities  the  trough-sid 
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coefficient  will  approach  the  free  convection  coefficient  from  a  pipe  to 
water.  To  estimate  the  minimum  possible  coefficient  Fig.  10.4  can  be 
used.  However,  if  there  is  any  sort  of  distribution  of  the  water,  there 
need  be  no  hesitancy  in  using  some  multiple  of  the  values  obtained  from 


Fig.  10.4. 

Slurries  and  Suspensions.  Pipe  coils  are  becoming  increasingly 
common  in  modern  catalytic  processes.  The  catalyst  is  often  a  finely 
divided  dust  which  forms  a  slurry  or  a  suspension  with  the  carrying- 
liquid.  Because  of  the  possibility  that  the  solid  will  settle,  slurries  flow 
with  high  velocities  to  maintain  turbulence,  and  the  possibility  of  solids 
being  thrown  out  of  the  liquid  at  elbows  can  be  lessened  by  using  stream¬ 
line  fittings.  Many  slurries  are  extremely  erosive,  the  solids  having  an 
abrasive  action  on  the  metal,  and  in  this  respect  the  pipe  coil  is  ideally 
suited,  since  it  is  possible  to  use  extra  heavy  or  double  extra  heavy  steel 
pipe  in  assembling  the  coil.  If  the  continuous  erosion  causes  serious 
contamination  to  the  product  or  poisons  the  catalyst,  it  is  possible  to 
resort  to  harder  alloy  pipes  fabricated  to  IPS  dimensions. 

Very  often  data  are  available  separately  on  the  carrying  liquid  and 
the  solid  and  not  on  the  combined  slurry  dispersion.  With  a  slurry  it  is 
fairly  common  to  consider  the  controlling  film  coefficient  to  be  that  which 
exists  between  the  liquid  and  the  tube  wall.  The  transfer  of  heat  from 


the  liquid  to  the  catalyst  particles  is  not  considered  to  offer  an  appreciable 
resistance.  The  film  coefficient  can  consequently  be  calculated  for  the 
combined  heat  load  in  the  conventional  manner  using  Eq.  (6.2)  or  Fig.  24 
and  based  upon  the  properties  of  the  liquid  alone  except  for  the  viscosity. 
The  presence  of  the  solid  changes  the  viscosity  of  the  liquid  to  an  unpre¬ 
dictable  extent,  since  at  low  concentrations  some  fine  dusts  tend  to 
adsorb  large  quantities  of  liquid  and  greatly  increase  the  viscosity 
Other  solids  appear  to  be  only  superficially  wetted  and  do  not  change  the 
viscosity  significantly.  Using  clays  and  similar  catalysts  it  may  be 
assumed  that  a  concentration  of  2  or  3  lb  of  solid  per  gallon  of  mixture 
oes  not  increase  the  viscosity  of  the  liquid  by  more  than  100  per  cent  and 
thisMgher  value  is  suggested  in  the  absence  of  actual  viscosity  data’on  a 


Example  20.3.  Calculation  of  a  Submerged-oioe  Coil  r  ,  * 

catalyst  comes  from  a  catalytic  reaction  vessel  as  a  slurry  cSperseTin  tnlT  if ^ 
properties  correspond  to  28°API  eas  oil  Tho  r>i  •  j-  p  "ed  ln  an  oh  whose 

“  entera  a  Emerged  pipe  coil  at  6757and  klZTat  2W»F  7?“*  * 

tat 3  7,tipoi8es'  The  krnilZ 

lenci  d???  wfrom  12°—  & 

wnat  will  be  the  size  of  the  pipe  coil?  6 
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Solution : 


T*v  =  K(675  +  200)  =  437. 5°F  c  =  0.64  Btu/lb 
Oil,  Q  =  33,100  X  0.64(675  -  200)  =  10,200,000  Btu/hr* 

Water,  Q  =  510,000  X  1.0(140  -  120)  =  10,200,000  Btu/hr 

At:  It  may  be  assumed  that  o  3  stream  carries  all  of  the  pipe  liquid.  Whether 

in  crossflow  or  parallel  flow-counterflow  the  true  temperature-difference 
relations  have  not  beep  derived.  A  case  closely  allied  to  the  pipe  coil  will  be 
treated  for  the  two-  (or  more)  pass  trombone  cooler.  In  any  event  the 
true  temperature  difference  will  be  very  nearly  the  same  as  the  LMTD,  since 
the  outlet  temperatures  of  both  streams  do  not  approach  each  other  closely 
and  the  average  temperatures  are  far  apart. 

LMTD  =  230°F  (5.14) 

Te  and  tc:  The  use  of  average  temperatures  will  be  satisfactory,  since  the  outside 
coefficient  cannot  be  determined  very  accurately. 


Hot  fluid:  tube  side,  oil 
at  —  6.61  in.2/pipe  [Table  11] 

Try  all  pipes  in  series. 

Flow  area,  at  =  6.61/144  =  0.0458  ft2 
Mass  vel,  Gt  =  W /at 

=  33,100/0.0458  =  723,000  lb/(hr)  (ft2) 
The  viscosity  is  given  at  400°F,  which  is 
near  enough  for  this  calculation. 

M  =  2.3  X  2.42  =  5.56  lb/(ft)(hr) 

D  =  2.9/12  =  0.242  ft  [Table  11] 

Ret  —  DGt/p 

=  0.242  X  723,000/5.56  =  31,300 
jii  —  100 

k(cfjt/k )**  =  0.245  Btu/(hr)(ft-A°F/ft) 

[Fig.  16] 

hi  =  jH[k{cu/k)yi)/D  [Eq.  (6.15)] 

=  100  X  0.245/0.242  =  101 
OD  =  3.5  in.  [Table  11] 

hio  =  hi  X  ID/OD  =  101  X  2. 9/3. 5 

=  83.7  Btu/ (hr)(ft2)(°F)  [Eq.  (6.5)] 


Cold  fluid:  trough  side,  water 
Assume  poor  circulation  and  a  minimum 
coefficient. 

For  a  trial  assume  h0  =  150  Btu/(hr)(ft2) 

(°F) 

tw  —  t*v  +  T -  ,  1  (Tav  t*v) 

hio  i  ho 

[Eq.  (6  8)] 

- 130  +  ra  <437-5  -  130) 

=  240°F 

tf  —  }^{tw  +  tav) 

=  K(240  +  130)  =  185°F 
Refer  to  Fig.  10.4: 

At  =  240  -  130  =  H0°F 
d0  =  3.5  in. 

{At /do)  =  110/3.5  =31.4 
h,  =  150  (trial  checks) 


_  kohio  =  150  X  jT7  =  53  g  Btu/(hr)(ft)(°F) 
Uc  “  ho  +  hio  150  +  83.7 

Rd  =  0.010  hd  =  =  100 


TT  Uchd  _  53.8  X  100  =  35  Q 
Ud  ~  Uc  +  hd  53.8  +  100 

Q  _  10,200,000  _  1265  £t2 

ITa t  35.0  X  230 


A  = 


External  surface /lin  ft  —  0.917  ft2/ft 

.  ,  1265  _  KQ 

Pipe  lengths  required  —  24 


*  This  is  safe,  since  the  specific  heat  of  the  solids  is 
and  33,100  Ib/hr  represents  the  combined  flow. 


(Table  11) 


only  about  0.2  Btu/(lb)  (  F) 
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These  must  be  arranged  in  series  either  in  a  single  helical  stack  29  tubes  high  or,  if 
headroom  is  not  available,  in  several  lower  stacks.  Actually  some  boiling  occurs  out¬ 
side  part  of  the  pipe  surface  where  tw  >  212°F  so  as  greatly  to  increase  the  trough 
coefficient. 

4.  TROMBONE  COOLERS 

Introduction.  Trombone  coolers  are  sometimes  called  trickle  coolers , 
cascade  coolers ,  horizontal-film  coolers ,  S-type  coolers ,  and  serpentine  coolers. 
A  sketch  is  shown  in  Fig.  20.6.  Trombone  coolers  consist  of  a  bank  of 
standard  pipes  one  above  the  other  in  series  and  over  which  water  trickles 
downward,  partly  evaporating  as  it  travels.  They  have  been  used 
extensively  in  the  heavy  chemical,  brewing,  coke,  petroleum,  and  ice¬ 
making  industries.  They  are  frequently  made  of  ceramic  materials  for 
cooling  corrosive  gases  at  atmos¬ 
pheric  pressure,  such  as  IIC1  and 
N02.  When  calculating  heat  flow 
through  ceramics  the  resistance  of 
the  pipe  wall  must  be  included. 

The  trombone  cooler  presents  two 
problems:  (1)  the  evaluation  of  the 
outside  film  coefficient  and  (2) 
calculation  of  the  crossflow  true 
temperature  difference. 


Water  • 
Out*- 


\  I 


& 


0 

r\ 


w 


C 


— 0  - — In  Q 
1  i  — .Vl/ 


i'IG.  20.6.  Trombone  cooler. 


Temperature  Difference  in  the  Trombone  Cooler.  The  flow  arrange- 

™  I.lt  °f  Fig’.  ln  cr°ssflow  differs  from  any  of  the  cases  in  Fig.  16.17  in 
hat  the  flu, d  flowing  outside  the  multipass  pipes  is  not  mixed  over  the 
emg  h  of  the  pipes  whereas  the  multipass  pipe  fluid  is  mixed.  Bowman 

’  and  *agle  have  Prepared  correction  factors  VT  by  which  the 
true  temperature  difference  At  can  be  obtained  as  the  product 

Ft  X  LMTD 

for  both  the  return-bend  and  helical  tvne«  of  im„i 

These  are  given  in  Fig  20  7a  ,  H T„  I  trombone  arrangement. 

following:  ?  “d  are  based>  respectively,  on  the 

Return  bend  arrangement: 

1 

T^R  ~  ^[cosh  KtR  +  (1  -  Kl)  sinh  KrffiJ 
where  K\  ==  1  —  e-s/ 200 

Helical  arrangement: 

1 

T rrjt  =  «*»*(«*«*  -f  k\R) 

Bowman,  Mueller,  and  Nagle,  Trans.  ASME,  62,  291  (1940). 
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where  again  Kx  =  1  —  e-s/2(r)  and 


K  = 


T\  -  T2 

T\  —  tx 


R  = 


Tx  -  T2 
tt-h’ 


(r) 


LMTD 

Ti  -  ti 


S  = 


ti  —  t\ 

T\  t\ 


While  these  apply  specifically  1  j  units  having  but  two  pipe  passes  only, 
a  small  error  arises  when  the  corrections  are  applied  to  units  having  a 
greater  number  of  pipe  passes. 


Fig.  20.7 a.  Mean-temperature-difference  correction  factor  for  two-pass  trombone. 


-T, 


't  *  |  ii  ■ 

'O.l  .0.2  0.3  0.4  0.5  0.6  0.1  0.8  0.9  1.0 


c_t2-b 

F.o.  20.76.  Mean-temperature-difference  correction  factor  for  two-pass  helical  trombone. 
( Bowman ,  Mueller,  and  Nagle ,  Transa>  ions  A. 5.  •) 

Outside  Film  Coefficients.  The  main  published  work  on  this  type  of 
apparatus  was  carried  out  by  McAdams  and  coworkers  at  M  T 
summarized  by  McAdams,  Drew,  and  Bays.*  (D  It  »  assume 1  that 

rr^sr  fr;?  ? — -  sr-*ss& pr 

flow  is  a  Reynolds  number,  4G  / m,  oi  less  inan 

.  McAdams,  W.  H,  T.  B.  Drew,  and  G.  S.  Bays,  Jr.,  Trans.  ASME,  62,  627-631 
(1940). 
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w  is  the  water  rate  in  pounds  per  hour,  and  L  is  the  length  of  each  pipe 
in  the  bank  in  feet.  The.  equation  for  the  transfer  coefficients  within 
±  25  per  cent  is  given  by  the  dimensional  equation 


h 


(20.7) 


where  D0  is  the  outside  diameter  of  the  pipe  in  feet.  When  the  value 
of  the  Reynolds  number  exceeds  2100,  it  is  to  be  expected  that  the  rates 
will  be  somewhat  higher.  Any  appreciable  evaporation  will  also  increase 
the  film  coefficient.  Large  fouling  factors  and  low  outlet-water  tempera¬ 
tures  are  recommended,  particularly  when  the  water  has  a  large  mineral 
content. 


Example  20.4.  Calculation  of  a  Trombone  SO  2  Cooler.  3360  lb  /hr  of  S02  gas  issues 
from  a  sulfur  burner  at  450°F  and  is  to  be  precooled  to  150°F  in  a  high-conductivity 
pipe-trombone  cooler.  3-in.  IPS  pipes  will  be  used.  Owing  to  space  limitations  the 
straight  length  of  the  pipe  may  not  exceed  8'0".  Cooling  water  is  available  at  85 °F 
and  should  not  be  heated  above  100°F  because  of  scale  and  corrosion  from  the  outside. 

How  many  pipe  lengths  are  required  for  the  bank  when  the  overall  fouling  factor  is 


Solution: 


T*v  —  300°F  C  =  0.165  Btu/(lb)(°F) 

S02,  Q  =  3360  X  0.165(450  -  150)  =  166,500  Btu/hr 
Water,  Q  =  11,100  X  1.0(100  -  85)  =  166,500  Btu/hr 


H°t  Fluid  Cold  Fluid 


450 

Higher  Temp 

100 

350 

150 

Lower  Temp 

85 

65 

300 

Differences 

15 

285 

LMTD  =  169°F 

R  will  be  »o  _  20.0,  which  is  beyond  the  values  plotted  in  Fie  20 
graph  can  be  used  by  replacing  Rhvl/R  and  X  hv  n"  ,  °  76-  The 

streams  without  affecting  the  temperature  relattnshipf.'  th«  *"» 

R  =  20  g  -  0.05 
S  =  h)  _  15 

T\  -  <i  “  365  =  0  0412  RS  =  20  X  0.0412  =  0.824 
Ft  =  0.98 

A 1  ~  0.98  X  169  =  166T1 
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Tc  and  tc:  Average  values  of  the  temperatures  will  suffice  since  the  gas-film  coefficient 
does  not  vary  greatly  from  inlet  to  outlet.  rav  =  300°F  and  =  92.5°F. 


Hot  fluid:  tube  side,  SO2 
at  =  7.38  in.2  [Table  11] 

All  pipes  will  be  in  series. 

Flow  area,  at  =  7.38/144  =  0.0512  fi 
Gt  =  W/at 

=  3360/0.0512  =  65,600 
D  =  3.068/12  =  0.256  ft  [Table  11] 
At  Ta  =  300°F, 

M  =  0.017  X  2.42  =  0.041  lb/(ft)(hr) 

[Fig.  15] 

Ret  =  DGt/ix 

=  0.256  X  65,600/0.041  =  410,000 
j  h  =  790 

k  =  0.0069  (nearest  value  available  in 
Table  5) 

(cm/AO H  =  (0-165  X  0.041 /0.0069)K 

=  0.99 


Cold  fluid  outside,  water 
G  =  w/2L 

=  11,100/2  X  8  =  694  lb/(hr)  (ft) 

At  ta  =  92.5°F, 

m  =  0.80  X  2.42  =  1.94  lb/(ft)(hr) 
Re  =  4G'/n 

=  4  X  694/1.94  =  1430  (streamline) 
D0  =  3.5/12  =  0.292  ft 
h0  =  65  (G'/D„)H 

=  65(694/0.292)^ 

=  868  Btu/ (hr)(ft2)(°F) 


,  .  k  /cM 

hi  Ju  D\k 


r 


[Eq.  (6.15)] 


=  790  x  x  °"  - 211 

hi0  =  hi  X  ID/OD 
=  21.1  X  3.068/3.50 

=  18.5  Btu/ (hr)  (ft2) (°F) 


^  =  m:  =  S  - 18J  Btu/(hr)(ft’)(°F) 

Rd  =  0.010  hi  =  =  100 

Uchd  _  18.1  X  100  —  153 

Ud  -  V^+Td  18-1  +  100 


Q  166,500 

A  =  U  At  ~  15.3  X  169 


65.6  ft2 


External  surface /lin  ft  =  0.917 

Number  of  pipe  lengths  =  '0  917  x'  g  =  8'95  (U8G  9) 


6.  ATMOSPHERIC  COOLERS 

Introduction.  The  atmospheric  cooler  is  an  improvement  over  the 
trombone  cooler  particularly  for  large  services  Atmosphenc  coolers 
located  in  cooling  towers  beneath  the  fill  (see  Chap.  17).  T  y 
known  as  spray  coolers ,  bare-tube  coolers,  and  open  or  atmosphenc  cooler 
Ld  provide"  tubular  heat-transfer  surface  for  certain  -mces  at  abou 

arrangement  in  an  Mm***  £%££ 

Perhaps  the  broadest  use  of  atmospheric  coolers  lies  in  coo  g 
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jacket  water  of  internal-combustion  engines.  In  a  survey  of  106  plants 
in  the  natural  gasoline  industry,  Kallam1  found  the  atmospheric  cooler 
to  be  the  most  widely  used  type,  accounting  for  44.5  per  cent  of  all 
installations.  Other  methods  of  jacket- water  cooling  are  the  direct 
circulation  of  the  jacket  water  over  the  cooling  tower,  induced-draft 
air-cooled  extended-surface  units,  and  the  use  of  a  conventional  exchanger 
between  the  cold  recirculated  cooling  tower  water  and  the  jacket  water. 
Calculations  applicable  to  these  methods  have  already  been  discussed. 

When  piped  directly  from  the  atmospheric  cooler  to  the  water  jacket, 
the  water  travels  in  a  closed  circuit  and  the  same  water  is  continuously 
heated  and  cooled.  Naturally  this  minimizes  corrosion  and  the  deposi¬ 
tion  of  slime  in  both  the  jacket  and  the  tube  bundle.  Since  jacket  water 
is  usually  recirculated  over  a  short  temperature  range  of  10  to  20°F  and 


A/r  out 


at  a  temperature  to  the  cooler  above  120°F,  the  advantages  of  the  closed 
circuit  are  important. 

Other  methods  of  cooling  jacket  water  are  less  advantageous.  The 
high  temperature  of  the  recirculated  jacket  water  prohibits  its  direct 
circulation  over  the  cooling-tower  fill  without  an  atmospheric  cooler 
ecause  the  air-saturation  loss  would  be  very  great.  When  jacket  water 
is  cooled  by  cooling-tower  water  in  an  external  exchanger  the  pumpimr 
cost  of  the  cooling-tower  water  is  increased  by  the  added ’pressure  drop 

St  yr*- ™ 

Kallam,  F.  L.,  Petroleum  Refiner ,  27,  371-378  (1948). 
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cooler  is  then  called  an  evaporative  condenser.  This  modification  will  be 
discussed  in  the  next  section. 

An  atmospheric  cooler  is  a  bank  of  tubes  in  a  supported  frame  between 
two  cast  headers  with  removable  bolted  covers.  A  sketch  including 
alternate  nozzle  connections  is  shown  in  Fig.  20.9.  The  headers  are 
usually  cast  in  one  piece  including  the  nozzles.  They  vary  in  length  and 
width  to  conform  with  the  internal  structure  dimensions  of  the  cooling- 
tower  supporting  structure.  Generally  the  tubes  are  from  8  to  20  ft 
long  with  cooler  widths  of  3  to  6  ft.  The  width  is  small,  so  that  the 
major  tower-supporting  beams  can  be  erected  between  adjoining  cooler 


^7  1 

9  0 

i  i 

II  ' 

$  Crl  ® 

>  I 

II  *  ! 

$  <(  e 

iii  ^ 

>  ? 

$  Uj  $ 

9  X  e 

>  i 

I  »  | 

s»  t;  <8 

9  o  ® 

)i  i  6 

Support  frame 


Fig.  20.9.  Atmospheric  cooler  with  alternate  nozzle  arrangements.  ( Foster  Wheeler 
Corporation.) 

sections.  Thus  a  24-  by  24-ft  cooling  tower  might  be  equipped  with  four 
sections  having  20-ft  tube  lengths  and  5-ft  widths.  The  tubes  are  rolled 
directly  into  the  headers  and  can  be  replaced  when  corroded  by  simply 
unbolting  the  header  covers  and  reaming  out  the  corroded  tube.  The 
outside  structural  framework  rf  the  cooler  also  supports  the  tubes.  If 
the  headers  are  of  a  weldable  material,  the  framework  is  welded  directly 
to  them.  If  the  material  cannot  be  welded,  the  framework  is  bolted  to 

the  headers.  .  .  .  x  ,,  , 

The  tubes  are  laid  out  in  horizontal  rows  with  about  three  to  seven 

superimposed  horizontal  rows  per  header.  The  vertical  pitch  between 

the  horizontal  rows  is  usually  less  than  the  horizontal  pitch,  since  an 

adequate  water-flow  area  must  be  provided  to  permit  the  free  drainag 

of  water  into  the  basin.  Where  a  larger  number  of  rows  is  required  it  is 

customary  to  use  two  sections  one  above  the  other.  Tube  passes  may 

orientated  in  any  convenient  manner. 

The  advantages  of  the  atmospheric  cooler  are  lower  first  cost  and 
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pumping  cost.  The  great  disadvantage  lies  in  the  rapid  rate  of  scale 
formation  on  the  outside  of  the  tubes  due  to  evaporation.  The  rate  is 
such  that  succeeding  horizontal  rows  are  always  superimposed  rather 
than  staggered  for  accessibility  during  cleaning  and  scale  removal.  While 
scale  may  be  loosened  by  thermal  shock,  the  shock  does  not  necessarily 
cause  it  to  drop  off  the  tubes  and  waters  of  different  mineral  contents  pre¬ 
sent  separate  scale  problems.  Scale  removal  by  scraping  is  often  the  only 
solution,  and  the  number  of  horizontal  tube  rows  per  section  is  kept 
small  in  anticipation  of  the  scale.  Notwithstanding  these  precautions, 
pieces  of  scale  frequently  fall  from  the  upper  tube  rows  and  lie  across  the 
lower  rows,  interfering  with  the  even  distribution  of  water  over  the  tubes. 


D0-OD  of  tubes,  ft I  [  [  I 

E-7»  of  total  heat  removed  by  evaporation 
M- Lb  spray /min  sq  ft  projected  tube  area 
PH  "  Horizontal  tube  pitch ,  ft  _ 

tav.  -Mean  temperature  of  water  on  and  off  cooler 
y-  Ph-Do - 


400  600  800  1000  1200  1400  1600  1800  2000  2200  2400  2600  2800  3000 

Fig.  20.10.  Atmospheric  coolers:  Heat  removed  by  evaporation.  ( Kallam ,  Refiner.) 

Kallam  recommends  fouling  factors  for  design  which  are  identical  with 
those  of  Table  12  although  the  service  period  is  very  much  shorter 
The  Calculation  of  Atmospheric  Coolers.  The  method  of  calculation 
employed  here  is  based  on  the  correlation  of  Kallam. 1  While  this  method 
as  been  cited  by  Nelson,2  the  original  article  presents  results  without 
experimental  data.  Kallam  states  that  45  tests  were  run  on  three  coolers 
embracing  the  foUowing  variations:  cooling  water  rate,  3  to  38  lb/(min) 
(ft  of  projected  tube  surface) ;  water  velocity  in  tubes,  2  to  14  fps  -  wind 
velomty  at  cooling  tower,  10  to  1000  fpm;  temperature  of  cooling  Jater 
to  atmospheric  cooler  (off  the  fill)  60  tn  7&°TT-  ±  r 

water  off  cooler  88  to  Jp  /i  u  V  8  F’  temPerat^re  of  cooling 

109  to  153°F-  tPTto  +  °  t0  basin)>‘  temPerature  of  water  to  tubes 
109  to  153  F,  temperature  of  water  from  tubes,  90  to  141°F;  dry-bulb 

2  Sa!lam'  Z'r  L '»  Pe}roleum  Refiner,  19,  371-382  (1940} 

Nelson,  W.  L.,  “Petroleum  Refinery  Engineering-  ”  3H  up 
Company,  Inc.,  New  York,  1949.  7  g  e^g»  3d  ed  >  McGraw-Hill  Book 
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temperature,  60  to  76°F ;  wet-bulb  temperature,  54  to  66°F;  heat  removed 
by  evaporation  of  cooling  water,  0.4  to  50.0  per  cent.  No  deviations 
have  been  given,  and  Kallam  states  that  the  relative  humidity  of  the  air 
above  the  atmospheric  cooler  did  not  influence  the  percentage  of  evapora¬ 
tion  off  the  cooler.  While  the  method  is  entirely  empirical,  the  author 
knows  of  two  instances  in  whicu  coolers  calculated  by  Kallam’s  method 
proved  to  be  satisfactory  in  practice.  In  order  to  set  the  temperature 
range  for  the  cooling-tower  water  over  the  cooler,  an  economic  balance 
must  be  carried  out  between  the  cost  of  both  the  cooling  tower  and  the 
atmospheric  cooler  for  several  temperatures  to  determine  the  economic 
optimum. 

For  the  outside  film  coefficient  Kallam  employs  two  dimensionless  con¬ 
figuration  terms,  Y  =  {P  h  —  D0)/D0  and  Z  =  (P h  —  D0)/PH,  where  PH 


20  30  40  60  80  100 


200  300  400  600  1000  2000 

ho/N00S 

Fig.  20.11.  Atmospheric  coolers:  Outside  film  coefficients.  ( Kallam ,  Refiner.) 


is  the  horizontal  pitch  and  D0  is  the  outside  diameter  of  the  tubes.  Calcu¬ 
lation  curves  are  given  in  Figs.  20.10  and  20.11,  although  the  actual 
groups  employed  are  both  arbitrary  and  dimensional.  There  are,  m 
addition  two  flow  terms  which  are  based  on  different  cooler  outside  areas. 
These  are  the  projected  tube  ar,  2  of  a  horizontal  row  used  for  computing 
the  water  spray  M  in  pounds  per  minute  per  square  foot  of  Projeeted 
tube  area  and  the  overall  ground  area  of  the  section  calculated  as  the 
product  of  the  tube  length  L  and  the  distance  between  the  outer  sides 
of  the  two  extreme  tubes  in  a  horizontal  row  B.  The  latter  is  us 

demonstrated  in  the  following  illustration: 
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Suppose  that  it  is  desired  to  remove  1,000,000  Btu/hr  from  a  bare  tube 
cooler  consisting  of  two  sections  with  20  ft  long  tubes  and  a  4  ft  wide 
bundle  and  that  the  design  of  the  cooling  tower  is  such  that  the  water 
temperature  will  rise  from  70  to  80°F.  Assume  1  in.  OD  tubes  with 
2-in.  horizontal  pitch  and  1%-in.  vertical  pitch.  If  no  evaporation 
occurred,  it  would  be  necessary  to  circulate  100,000  lb/hr  or  200  gpm. 
To  determine  the  quantity  of  spray  with  evaporation: 

4  X  12 

Number  of  tubes  per  horizontal  row  =  — ^ —  =  24 

Projected  area  per  tube  =  H2  X  20  =  1.67  ft2 
Total  projected  area  =  2  X  24  X  1.67  =  80  ft2 
Do  =  V12  =  0.0833  ft 
Ph  =  2A 2  =  0.167  ft 
Y  _Ph  ~  D0  _  0.167  -  0.0833 

D0  0.0833  1,0 

7  _Ph  -  D0  _  0.167  -  0.0833  n  _ 

z  _  - 067 —  =  05 

(DoYZ)0A  =  (0.0833  X  1.0  X  0.5)  =  0.7278 
Since  the  average  water  temperature  over  the  bundle  is  75°F,  Mhv  =  75 M. 
It  is  now  necessary  to  assume  values  of  the  percentage  evaporated  A'  as  a 
function  of  the  spray  loading,  both  of  which  determine  the  heat  load. 

Trial  1: 


Assume  E  =  20  per  cent. 


E  _  0.20 
(DoYZ)0A  0.7278  ~  0,275 

From  Fig.  20.10 

Mt*v  =  1040 

M  =  104^5  =  13  9  Ib/(min)(ft») 

Heat  removed  from  cooler  sensibly  =  13.9  X  80  X  CO  X  10  =  667,000 

-L>LU 


Evaporation  =  _ 667,000 

1,000,000  X  100  -  33% 

va^eof027„Uere,!pe?PO  4ti0n  °f  33  P6F  Cent  d°eS  not  check  th«  assumed 

18,  °; 

removed  sensibly  will  be  818,000  Btu/hr,  and  the  spray  to  be  Icu.ated 


818,000 

8.33  X  60  ~  163  0  RPm 
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compared  with  a  total  of  200  gpm  when  vaporization  is  not  considered. 
The  outside  film  coefficient  can  be  obtained  from  Fig.  20.11  or  the  dimen¬ 
sional  equation 


h0=  190A005 


(20.8) 


where  Pv  =  vertical  pitch,  ft 
m  =  w/LB, 

w  =  total  hourly  flow  over  the  section 
n  =  viscosity,  lb/(ft)(hr) 

N  =  number  of  horizontal  rows 

Temperature  Difference  in  the  Atmospheric  Cooler.  The  correct 
evaluation  of  the  true  temperature  difference  is  extremely  important  in 
this  type  of  apparatus,  since  the  approach  of  both  outlet  streams  is  usu¬ 
ally  quite  close.  As  an  example  of  crossflow  it  is  necessary  to  decide 
whether  the  spray  liquid  is  mixed  or  unmixed  in  accordance  with  the 
derivations  covered  by  Eqs.  (16.71)  through  (16.103).  The  spray  fluid 
in  commercial  towers  can  usually  be  considered  unmixed,  and  the  true 
temperature  difference  can  be  obtained  through  the  use  of  Fig.  16.176. 


Example  20.5.  Calculation  of  an  Atmospheric  Jacket  Water  Cooler.  295  gpm  of 

jacket  water  from  a  diesel  compressor  are  to  be  cooled  from  143°  to  130°F.  It  is 
possible  to  convert  a  12  X  16  ft  cooling  tower  to  permit  the  insertion  of  two  atmos¬ 
pheric  sections  side-by-side  consisting  of  1  in.  OD  X  16  BWG  tubes  12  0"  long  on 
1  %-in.  horizontal  pitch  and  1  ^-in.  vertical  pitch.  The  distance  between  the  extreme 

horizontal  tubes  in  each  section  will  be  4'0". 

Individual  dirt  factors  of  0.003  for  the  cooling  tower  water  and  0.001  for  the  jacket 

water  should  be  provided.  . , 

What  will  the  spray  requirement  be  and  how  many  horizontal  rows  of  tubes  should 

be  provided  in  the  sections? 


Solution: 

Outside  film  coefficient: 

Number  of  tubes  per  row/section  =  4  X  12/1.875  =  25.6  (say  25) 
Total  projected  area  =  2(^2  X  1  X  25)  =  50  ft2 

Assume  a  spray  of  28  lb /(min)  (ft2)  _  inn°T? 

Average  temperature  over  section  =  K(90  +  110)  -  UHJ 
MUv  =  100  X  28  =  2800 
From  Fig.  20.10 

E  —  o  171 

(DoYZ)0A 


Do  =  Jr,  =  0.0833  ft  Pa  = 
Y  =  0.1562  -  0.0833  =  0  874 


1.875 


0.1562  ft 


Z  = 


0.0833 
0.1562  —  0.0833  _  ^ 
0T562~ 
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(. D0YZ )0-1  =  (0.0339) 0,1  =  0.712 

E  =  0.171  X  0.712  =0.12%  evaporation 

Heat  load  =  295  X  500(143  -  130)  =  1,920,000  Btu/hr 

Sensible  heat  =  1.920,000(1  -  0.12)  =  1,690,000  Btu/hr 

Final  spray  temperature:  1,690,000  =  28  X  60  X  50(^2  —  90) 

t2  =  110°F  Checks  for  28  lb/(min)(ft2) 

Total  spray  =  28  X  60  X  50  =  84,000  lb /hr 


w  84,000 
m  ~  LB  ~  2  X  4  X  12 
m0-3  =  7.62 
Mwater  =  0.76  Cp 


875  lb/(hr)(ft2) 


m«  *D0YZ  7.62  X  0.0339 
uPv  2.42  X  0.76  X  0.125 


1.12 


From  Figure  20.11, 


ho 

jyo.05 


300 


Assume  three  horizontal  rows  /section 


N  008  =  30  06  =  1.057 

h0  =  300  X  1.057  =  317  Btu/(hr)(ft2)(°F) 

Tube-side  coefficient 


Assume  an  even  number  of  passes  (using  vertical  partitions)  arranged  to  give  a 
tube-side  velocity  of  about  8  fps.  Try  four  tube  passes  per  section  or  eight  total 
passes. 


Flow  area/pass,  at  =  3  X  25  X  =  0.0775  ft2 

4  X  144 

W  500 

Mass  velocity,  Gt  =  —  =  295  X  =  1,900,000  lb/(hr)(ft2) 


Velocity  = 


Gt 

3600p 


1,900,000 
3600  X  62.5 


=  8.45  fps 


ID  =  0.87  in. 


hi  =  2300  X  0.93  =  2140  Btu/(hr)(ft2)(°F) 
*<•  -  hi  X  =  2140  X  =  1860 


(Fig.  25) 
(6.5) 


Overall  coefficients: 

TT  _  hohio  317  X  1860  „  _ 

Uc  ~  KTh^o  =  3l7~+  I860  =  271  BW(hr)(ft2)(°F) 

External  surface/lin  ft  =  0.2618  ft2 /ft 

Total  surface  =  2(3  X  25  X  12  X  0.2618)  =  471  ft2 


H°t  Fluid  Cold  Fluid 


143 

Higher  Temp 

110 

33 

130 

Lower  Temp 

90 

40 

13 

Differences 

20 

7 

(Table  11) 
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LMTD  =  36.7°F 


R  =  1Ho  =  0.65  S  20/53  =  0.377 
Ft  =  0.97 


At  —  Fr  X  LMTD  =  0.97  X  36.7  =  35.6°F 


V 


d  — 


Q  _  1,920,000 
"  A  At  471  X  35.6 


=  114.5 


(5.14) 
(Fig.  16.176) 


Dirt  factor: 

“  if^rni  -  0  0051  o»><w)CF)/Bta 

The  assumption  of  three  horizontal  rows  is  satisfactoiy,  since  a  dirt  factor  of  0.004 
was  required. 

The  pressure  drop  on  the  tube  side  can  be  computed  from  Eqs.  (7.45)  through 
(7.47).  The  characteristics  which  the  cooling  tower  must  possess  to  permit  the  heat 
removal  from  the  cooling  tower  wrater  can  be  determined  by  the  methods  of  Chap.  17. 

6.  EVAPORATIVE  CONDENSERS 

Atmospheric  coolers  were  formerly  used  for  the  condensation  of  steam 
from  turbines  and  noncondensing  steam  engines.  They  are  less  fre¬ 
quently  used  for  this  purpose  now.  Although  Kallam’s  method  is 
probably  satisfactory  for  the  condensation  of  organic  vapors  where  the 
condensing  coefficient  is  small  by  comparison,  it  is  unsatisfactory  in  the 
case  of  steam  condensation.  The  condensation  of  steam  requires  the  use 
of  high  liquid  loadings  in  the  cooling  tower  because  of  the  large  heat  flux 
associated  with  the  condensation  of  a  pound  of  steam.  In  this  range 
the  outside  coefficients  predicted  from  Fig.  20.11  are  probably  unreliable. 
It  is  safer  to  employ  a  conventional  clean  value  for  the  overall  coefficient 
than  to  attempt  its  calculation.  A  value  of  U c  of  from  350  to  450 
Btu/(hr)(ft2)(°F)  should  give  a  reasonable  condenser. 

7.  BAYONET  EXCHANGERS 

Introduction.  A  bayonet  consists  of  a  pair  of  concentric  tubes,  the 
outer  of  which  has  one  end  sealed  as  shown  in  Fig.  20.12.  Bayonets  were 
formerly  known  as  field  tubes.  Both  the  outer  and  inner  tubes  extend 
from  separate  stationary  tube  sheets  and  extend  either  into  shells  or 
directly  into  vessels.  The  surface  of  the  outer  tube  is  the  principal  heat- 
transfer  surface.  Bayonet  exchangers  are  excellently  adapted  to  the 
condensation  of  vapors  under  moderate  and  very  low  vacuum,  outside 
the  bayonets  and  in  exchanger  shells,  since  the  tubes  are  larger  and 
heavier,  usually  1  in.  OD  inside  2  in.  OD,  and  the  individual  bayonets 
are  generally  self-supporting  without  the  use  of  support  plates  These 
qualities  combine  to  cause  a  negligible  pressure  drop  to  the  flow  of  vapors 
under  vacuum  outside  bayonets.  An  example  of  a  vacuum  condenser 
arrangement  is  shown  in  Fig.  20.13,  while  the  exchanger  shown  in  Fig. 
20.14  is  known  as  a  suction  heater  or  suction  tank  heater. 
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Suction  heaters  are  installed  in  tanks  used  for  the  storage  of  viscous 
liquids  and  semiplastics  such  as  molasses,  heavy  lube  oils,  fuel  oils,  and 
asphalt.  If  a  liquid  is  viscous,  it  would  be  necessary  to  maintain  all 
the  liquid  in  the  tank  at  a  temperature  corresponding  to  a  feasible  pump- 


Fig.  20.12.  Section  through  a  bayonet  (suction-type)  exchanger. 


ing  viscosity.  This  could  be  achieved  by  means  of  a  steam  coil,  which 
would  be  required  to  supply  sufficient  heat  to  offset  the  tank  losses. 
Since  viscous  fluids  afford  little  free  convection,  the  coil  would  probably 
be  supplemented  by  continuous  agitation  and  if  the  stored  material  should 


Fig  20.14.  Tank  suction  heater  with  bayo¬ 
net  tubes. 


Droblem  mP  temp"e’  lts  ult,mate  re™val  might  cause  a  serious 
problem.  When  a  suct.on  heater  is  installed  as  shown  in  Fig.  20  14  heat 

need  be  supplied  only  while  the  pumps  are  operating.  As  hot  liquid  1 

removed  by  the  pump,  it  is  replaced  by  the  hydrostatic  pressure  of  the 

iqui  remaining  in  the  tank.  Bayonets  are  extremely  effective  for  this 

•yp.  .1  »™.,  but  they  „„  rather  ettpeu™,  j.S 
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can  be  accomplished  more  cheaply  by  substituting  an  unbaffled  U-tube 
bundle  for  the  bayonets. 

Temperature  Difference  in  the  Bayonet  Exchanger.  Bayonet  ex¬ 
changers  introduce  some  interesting  temperature  differences  which  have 

-■  ■  ■  ■ 


— *  ...  tl 

- ")  ' 

i  ) 

FI — i v 

Tube  ,  . 

sheets 

|J  - - 

■ _ _ _ : - 

—  t* 

■  Pm—  ■  \  .  t '  ' 

IT 


E 

(b) 


1 1 


t* 


— x- 


n 

(C) 


n 


3) 


— x- 


(d) 


Fig.  20.15.  Arrangements  of  parallel  flow  and  counterflow  in  bayonet  exchangers. 

not  been  encountered  in  any  of  the  flow  patterns  discussed  thus  far. 
Consider  the  single  bayonet  shown  in  Fig.  20.15a  with  hot  fluid  on  the 
shell  side  traveling  in  the  direction  shown.  The  temperature  diagram  is 
shown  in  Fig.  20.16.  Cold  liquid  flows  into  the  bayonet  by  the  inner 

tube  and  is  rejected  through  the  annulus  in  the 
opposite  direction.  There  is  a  film  coefficient 
on  the  shell  side  of  the  bayonet  and  a  coeffi¬ 
cient  on  the  inside  of  the  outer  tube  yielding 
the  overall  coefficient  XJC .  There  is  additional 
heat  transfer  between  the  cold  medium  enter¬ 
ing  the  inner  tube  and  the  heated  cold  medium 
in  counterflow  with  it  in  the  annulus.  The 
flow  f’reas  of  the  inner  tube  and  annulus  differ, 
although  the  weight  flow  is  the  same  in  each 
and  the  bayonet  fluid  has  different  film  coeffi¬ 
cients  in  the  inner  tube  and  in  the  annulus. 
These  two  coefficients  produce  a  second  over¬ 
all  coefficient  u.  The  temperature  distribution 
in  Fig.  20.15a  is  but  one  of  four  possibilities. 

The  remainder  are  shown  in  Fig.  20.156,  c,  and  d.  The  true 
difference  is  seen  to  be  related  not  only  to  the  flow  pattern  but  also  to  the 

ratio  of  the  two  overall  coefficients  U  and  u.  .  , 

The  derivation  employed  here  is  that  of  Hurd‘  and  agrees  w.th  an 

i  Hurd,  N.  L.,  Ind.  Eng.  Chem .,  38,  1266-1271  (1946). 


Fig.  20.16.  Temperature  dia¬ 
gram  for  Case  I.  (Hurd,  In¬ 
dustrial  Engineering  Chemistry .) 
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unpublished  derivation  of  K.  A.  Gardner.  As  reference  surfaces  the 
outside  diameters  of  the  outer  and  inner  tubes  are  used  to  define  the 
cylindrical  areas.  The  area  at  the  sealed  end  itself  is  neglected.  Letting 
P  be  the  perimeter  of  the  outer  tube  and  p  the  perimeter  of  the  inner  tube, 
the  differential  heat  balance  on  each  tube-side  stream  gives 


Adding 

and 


U(T  —  tll)P  dx  —  u(tu  —  tl)p  dx  —  —  wc  dtIy 

up(tn  —  tl)  dx  =  wc  dtl 

UP(T  —  tu)  dx  =  wc(dt 1  —  dtn) 


wc(tn  -  t1)  =  WC(Ti  -  T) 
Taking  a  heat  balance  on  the  right-hand  end, 


(20.9) 

(20.10) 

(20.11) 

(20.12) 


dx  WC^T  *IP)  (20.13) 

Differentiating 

rPT  UP  (dT  _  dtn\ 

dx 2  WC\dx  dx)  (20'14) 

Differentiating  Eq.  (20.12)  with  respect  to  x  and  rearranging, 

dtP  =  dP  _  WC  dT 

dx  dx  wc  dx  (20.15) 

From  Eqs.  (20.10)  and  (20.12) 

dT  _  up  WC  , 

dx  wc  wc  1  (20.16) 


Substituting  Eqs.  (20.15)  and  (20.16)  in  Eq.  (20.14)  and  letting 

(T,  -  T)  =  r, 

_  dV  /  UP  _  UP\  dr  UPup 

dx>  ^  wc)dTx+  Jmy  T  =  0  (20-17) 

Substituting  dr/dx  =  X  and  factoring, 


—  A2  + 

Solving  the  quadratic 


UPup 

(wc)2 


=  0 


(20.18) 


1  UP 

2  WC 


wc 


± 


(20.19) 
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Designate  the  radical  by  the  letter  \f/,  and  calling  the  plus  and  minus 
solutions  X\  and  X2,  respectively, 


y  1  UP 

1  2  WC 

(l  +  WC  +  *) 

\  WC  ) 

(20.20) 

Y  1  IP 
A  2  2  WC 

(i  +  wc-i) 

\  WC  ) 

(20.21) 

Equation  (20.17)  is  a  second-order  differential  equation  whose  solution  is 

r  =  Tx-  T 

=  Cicx'x  4-  C2ex*x 

(20.22) 

From  the  terminal  conditions 

e-. 

ii 

when  x  =  L 

and 

II 

S-4 

when  x  =  0 

from  which 

r  (T i  -  Tt)e** 

^  eXiL  —  CXl^J 

and  Ci  =  (4  7  Tl)xT 

(20.23) 

Differentiating  Eq.  (20.22)  with  respect  to  x  and  substituting  in  Eq. 
(20.13), 

UP  (T  -  tn)  (20.24) 


CiXie*'*  +  C2X2e*=*  = 
Evaluated  at  z  =  0  it  becomes 


WC 


UP 


C,Xx  +  C2X2  =  -  ^  {Tt  -  U) 

Substituting  Eqs.  (20.20),  (20.21),  and  (20.23)  in  Eq.  (20.25), 


(20.25) 


\  (A  -  A) 


1  + 


WC  ,  (ex'L  +  _  T 

we  *\ex'1  -  e*'L)\ 


(20.26) 


Solving  for  eXlL/eXiL  and  taking  logarithms 

(Xi  —  X2)L 

TFC\ 


=  In 


(A  -  h)  +  \  (A  -  A)  (l  +  ^)  +  \  iKA  A) 
\  (A  -  A)  (l  +  S)  -  \  w A  -  A) 


(20.27) 


Eliminating  X,  and  X2  by  Eq.  (20.20)  and  eliminating  L  by  introduction 
of  the  Fourier  equation  WC(T i  -  A)  =  UPL  A(,  where  At  .s  the  tn.e 
temperature  difference  between  the  shell  side  and  tube  side, 
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At  = 


(Tl  -  T2)i 


In 


(Ti 


«  +  5  ^  -  T «)  (‘  +  S)  +  3  *(r‘ 


«+J(r,-ro(i+^-i#(rl-r,) 


(20.28) 


Substituting  the  value  of  \ p  and  eliminating  wc/WC  by  introducing  its 
equivalent  (T i  —  T2)/(t2  —  ti), 


At  = 


^( Ti  —  T2  +  ti  —  t\)~  +  4  jjp  (t2  —  ti)‘ 


In 


t2 


Ti-k  +  Ti-  h  +  A(T  i  -  T2  +  k~  UY  +  4^  (<2  -  <,)■ 

+  ri  -  h  -  ^(Tt  -Tt  +  h-  uy  +  4  ^  «2  -  <o2 

(20.29) 

which  gives  the  true  temperature  difference  in  terms  of  the  terminal 
differences.  In  order  to  establish  a  graphical  representation,  dimension— 
less  parameters  will  again  be  used. 

T'  ~  T*  y  =  I  (Tl  +T2-tl-  t2\ 

2  \  t2  t\  ) 


R  = 


^2  —  ti 


WC 

wc 


where  V  is  the  arithmetic  mean  temperature  difference  per  unit  tempera¬ 
ture  change  in  the  tube  fluid. 


F  = 


up 

Up 


where  F  is  the  ratio  of  the  conductances  per  unit  of  tube  length  and  the 

^e_te~tUre,differenCe  Per  Unit  Change  in  tube  side  temperature  is 
AtD  -  At/{t2  ti).  Using  these  ratios  Eq.  (20.29)  can  be  written 


A  to  == 


V(lt  +  l)2  +  4F 


ln  I" +  y/(R  +  l)2  +~4 F 
12V  - 


(20.30) 


V(K  +  l)2  +  4f] 

1  his  equation  also  expresses  AtD  for  Case  IV  in  Fie  20  1  v;  t?„,.  I .  TT 
and  III  the  equivalents  of  Eqs.  (20.29)  and  (20  lo^re  ?  " 


At  = 


JU-  Tt  - 


<2  +  <1  )2  +  4  yp(k-  k) 


In 


Ti  k  +  2\  -h  +  J(Ti  -  Tt  - 


Ti  ~k  +  Ti 


-k-  yj(T,  -  Tt- 


k  +  k y  +  ijjp  (k  -  uy 


t2  -f-  ti)2  -j-  4  U ^ 


Up  (h  ~  ti)'2 

(20.31) 
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and 


A  tn  — 


V(R  ~  l)2  +  4F 


In 


2V  +  V(R  -  l)2  +  4 F 
12V  -  ~  l)2  +  4 F. 

Equations  (20.30)  and  (20.32)  c  ,n  be  rearranged  to  the  form 


(20.32) 


A  to  _  2  (E/V) 

V 


(20.33) 


where  for  Cases  I  and  IV 

E  =  y2  V{R  +  l)2  +  4 F  (20.34) 

and  where  for  Cases  II  and  III 

E  =  y2  V(R  -  l)2  +  4 F  (20.35) 

The  solution  of  Eq.  (20.33)  is  given 

in  Fig.  20.17,  and  the  solution  for 

Eqs.  (20.34)  and  (20.35)  is  given 

by  Fig.  20.18a  and  b,  respectively. 

T.  o  w  /oa  nn\  ( tjurri  Because  this  method  of  obtaining 

Fig.  20.17.  Solution  of  Eq.  (20.33).  {Hurd, 

Industrial  Engineering  Chemistry.)  the  true  temperature  difference 

differs  so  greatly  from  the  methods  of  preceding  chapters,  the  procedure 
is  summarized. 


F.o.  20. 18.  Solution*"  Eqs.  (20.34)  and  (20.35).  (Hurd. Induetrud  Engineerin',  Cheery.) 

1.  Determine  R  and  V,  and  after  having  determined  U  and  u,  deter- 
mine  F. 


(b) 
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2.  From  R  and  F  determine  E  in  Fig.  20.18a  or  b  for  the  arrangement 
identified  in  Fig.  20.15.  If  V  is  equal  to  or  greater  than  3 E,  proceed 
directly  to  step  4,  using  V  as  identical  with  the  A tD. 

3.  Calculate  E/V,  and  read  A tD/V  from  Fig.  20.17.  Multiply  by  V  to 
obtain  A tD. 

4.  Multiply  A tD  by  ( t2  —  ti)  to  obtain  At  for  use  in  the  Fourier  equation. 

Example  20.6.  Calculation  of  the  True  Temperature  Difference.  1000  lb  /hr  of 

fluid  of  0.5  specific  heat  is  to  be  heated  from  50  to  100°F  by  means  of  250  Ib/hr  of  hot 
water  in  the  shell  which  will  be  cooled  from  200  to  100°F.  The  bayonet  consists  of 
1  in.  OD  tubes  within  2  in.  OD  tubes.  U  and  u  are  60  and  120  Btu/(hr)  (ft2)(°F) 
as  computed  by  methods  described  below.  Assume  the  arrangement  of  Case  III. 


R  = 


100  -  50 

-  50  -  100 


100  -  50 


In  Fig.  20.186  for  R  =  2.0  and  F  =  1.0,  the  abscissa  and  ordinate  intersect  at  E  =  1.10. 
Thus  E/V  =  1.10/1.50  =  0.739,  and  from  Fig.  20.17  A tD/V  =  0.783  and 


A tD  =  0.783  X  1.50  =  1.175. 


Md  =  -  tl  At  =  1-175  X  50  =  58.8°F 

The  LMTD  is  72°F  for  counterflow. 


Bayonet-exchanger  Heat-transfer  Coefficients.  The  bayonet  ex¬ 
changer  presents  no  new  problem  in  the  calculation  of  overall  heat-trans¬ 
fer  coefficients.  The  overall  coefficient  u  for  the  outside  diameter  of  the 
inner  tube  is  found  in  the  same  manner  employed  for  the  double  pipe 
exchanger  m  Chap.  6.  The  equivalent  diameter  for  the  annulus  is  based 
on  the  perimeter  at  the  outside  diameter  of  the  inner  tube  and  rnnsPlo^l 
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8.  FALLING-FILM  EXCHANGERS 

The  falling-film  exchanger  is  usually  a  conventional  1-1  exchanger 
designed  to  operate  vertically  as  shown  in  Fig.  20.19a.  Liquid  enters 
the  channel  at  the  top  at  such  a  rate  that  the  tubes  do  not  flow  full  of 
liquid,  but  instead,  liquid  descei  Is  by  gravity  along  the  inner  walls  of  the 


tubes  as  a  thin  film.  Obviously  this  produces  a  much  greater  linear 
velocity  for  a  given  weight  flow  than  could  be  obtained  if  the  tube  flowed 
full.  The  vertical  tubes  could  be  made  to  flow  full  if  desired  by  feeding 
the  liquid  upward  or  through  the  use  of  a  loop  seal  as  discussed  in  Chap. 
15.  McAdams'  quotes  Bays2  and  coworkers  as  having  determined  the 
coefficients  for  heating  water  in  film  flow  in  1.5  to  2.5  in.  ID  pipes  0.  o 

1  McAdams,  op.  cit.,  p.  203. 

*  McAdams,  Drew,  and  Bays,  loc.  cit. 


ADDITIONAL  APPLICATIONS 


747 


6.08  ft  long.  The  coefficients  are  given  within  +18  per  cent  by  the 
dimensional  equation 

*  =  120  fe)(J  (2036) 

For  other  liquids  McAdams  cites  a  dimensionless  empirical  equation 
attributed  to  T.  B.  Drew  for  turbulent  flow 


“  [(?)(£)]"  l20■37, 
where  G'  =  w/ttD  and  nf  is  evaluated  at  the  average  film  temperature. 
For  streamline  flow  where  the  Reynolds  number  4 G'/n/  is  less  than  2000, 
Bays  and  McAdams1  give 


(20.38) 


Very  often  a  swirl  is  imparted  to  the  falling  film  by  means  of  overflow 
pieces  having  nearly  tangential  notches  which  protrude  above  the  upper 
tube  sheet.  A  typical  weir  is  shown  in  Fig.  20.196. 

The  shell-side  coefficient  can  be  computed  in  the  usual  manner,  using 
Fig.  28  for  sensible  coefficients  or  by  the  methods  of  Chaps.  12  or  15  for 
condensation  or  evaporation. 


9.  GRANULAR  MATERIALS  IN  TUBES 

The  transfer  of  heat  to  or  from  fluidized  solids  has  become  increasingly 
important  in  modern  catalytic  and  adsorptive  processes.  The  transfer 
of  heat  to  gtanular  materials  in  beds  was  discussed  as  an  unsteady-state 
problem  in  Chap.  18.  When  a  dry  granular  material  travels  through  a 
vertical  or  horizontal  tube,  the  flow  mechanism  is  akin  to  rodlike  flow  as 
discussed  in  Chap.  3.  Based  upon  an  earlier  derivation  of  Graetz  2 
Drew3  established  the  theoretical  equation  for  a  fluid  in  rodlike  flow  to  be 


ti  t\ 

T,  —  t\ 


-  0.692e 


5  7gir*L 
wc 


0.131c 


30.4 


nkL 

WC 


0.0536e 


wc 


(20.39) 


where  T9  =  constant  temperature  of  the  wall 
w  =  granular  flow  rate,  lb/hr 

For  vaiues  of  (f2  -  <0/ (T,  -  t,)  greater  than  0.55  only  the  first  term 
of  the  series  need  be  considered.  Equation  (20.39)  reduces  to 


f  2  ^1 

Ts  -  ty 


1  —  0.692e~6*78,r(*L/«"c) 


(20.40) 


1  Bays,  G.  S.,  and  W.  II.  McAdams,  Ind.  Eng.  Chem. 

Graetz,  L.,  Ann.  Physik,  26,  337  (1885) 

3  Drew,  T.  B.,  Trans.  AIChE,  26,  26-80  (1931). 


29,  1240-1246  (1937). 
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or 


T. 
T . 


ti 

~  ii 


0.692e-B-78T^u,c) 


(20.41) 


In  a  study  of  heat  transfer  to  sand,  Brinn  and  coworkers1  experimentally 
verified  the  rodlike  nature  of  tl  }  flow  of  several  granular  materials  in 
tubes.  They  also  made  the  following  additional  observations: 

1.  The  transfer  of  heat  to  a  fluid  in  rodlike  flow  is  identical  with  the 
unsteady-state  heating  of  an  infinitely  long  cylinder  with  negligible 
resistance  between  the  heat  source  and  the  cylinder  as  defined  by  an  equa¬ 
tion  of  the  form  of  Eq.  (18.52).  The  series  expression  for  the  infinitely 
long  cylinder  and  Eq.  (18.52)  can  be  shown  to  be  equivalent  when  the 
values  of  the  exponents  in  the  infinite  series  of  Eq.  (20.39)  are  identical. 
This  requires  that  the  Graetz  number  wc/kL  and  the  group  4 ad/D2*  be 
equal.  In  these  groups  a  is  the  thermal  diffusivity,  0  the  time  in  hours, 
and  D  the  inside  diameter  of  the  cylinder  in  feet.  Since  the  linear  veloc¬ 
ity  of  the  material  in  the  tubes  is  given  by 


V  = 


4w 
pirD 2 


ft/hr 


and  the  volume  of  granular  material  by 

va 

The  time  is 

e 

The  transformation  is  given  by 

4 ad  _  /  4fc  \  / tD2L\  _  7r kL 
~D2  ~  \cpD2)  \iw/pj  wc 

2.  For  a  given  weight  flow  th  ough  the  tube  the  temperature  change 
is  independent  of  the  diameter.  This  leads  to  the  interesting  point  that 
a  desired  value  can  be  obtained  for  the  heat-transfer  coefficient  by  chang¬ 
ing  the  tube  diameter. 

3.  If  there  are  other  resistances  in  series  with  the  rodlike  flow,  it  is 
not  possible  to  obtain  the  overall  resistance  and  hence  U  by  the  arith¬ 
metic  addition  of  the  resistances.  The  solutions  for  such  cases  are  given 

graphically  in  Fig.  20.20. 

i  Brinn,  M.  S.,  S.  J.  Friedman,  F.  A.  Guckert,  and  R.  L.  Pigford,  Ind.  Eng.  Chem., 

40,1050-1061  (1948).  ,  ..  ,  not2) 

*  The  inside  diameter  of  the  tube  D  here  replaces  the  general  length  l  in  Eq.  (18.52), 

since  only  cylinders  are  under  consideration. 


ADDITIONAL  APPLICATIONS 


749 


4.  It  is  not  necessary  to  obtain  the  film  coefficient  hi  for  the  granular 
material  flowing  inside  the  tube  in  calculating  the  size  or  performance 
of  the  system.  It  may  be  obtained  as  a  matter  of  interest,  however,  from 
Eq.  (20.41)  and  the  following,  which  defines  the  arithmetic  mean  film 
coefficient, 


1  —  (T,  —  t2)/(T8  -  ti)  wc 
1  ~b  {Ta  —  t<>)/{Ts  —  t\) _  kL 


(20.42) 


While  the  preceding  has  applied  to  granular  materials  in  rodlike  flow 
in  which  the  temperature  of  the  wall  is  uniform,  Brinn  et  dl.  have  also 
solved  the  equations  and  given  charts  for  the  cases  in  which  the  tempera¬ 
ture  of  the  medium  in  the  tube  jacket  is  not  uniform  and  also  for  the 
cases  where  the  film  coefficient  from  the  jacket  fluid  to  the  tube  is  finite 
and  infinite.  To  this  extent  they  have  employed  the  two  temperature 
parameters  R'  and  S'  as  an  index  of  the  temperature  variation  of  both 
the  rodlike  and  jacket  flow  and  a  parameter  0  which  is  the  reciprocal  of 
the  Nusselt  number,  so  that 


R'  = 


wc 

WC 


S'  = 


ti 


T  i  t\ 


P  = 


2k 

hoiD 


where  hoi  is  the  jacket  coefficient  referred  to  the  inside  diameter  of  the 
tube.  R  is  replaced  by  R'  and  S  by  S',  since  wc,  fa  and  fa  always  refer 
to  the  granular  material  whether  or  not  it  is  the  colder  of  the  two.  Obvi¬ 
ously  when  R'  =  0,  it  is  equivalent  to  a  constant  jacket  temperature, 
and  when  (3  =  0,  it  corresponds  to  a  negligible  contact  resistance  between 
the  tube  and  the  jacket  fluid  or  an  infinite  value  of  hoi.  Graphs  for  values 
=  0  and  with  *'  =  0,  0.5,  and  1.5  are  shown  in  Fig.  20  20a,  \  c  and 

d-  _Jhe  reciProcals  of  these  graphs  correspond  to  the  Gurney-Lurie  chart 
of  Fig.  18.13. 

Data  are  usually  lacking  on  the  thermal  conductivity  of  the  granular 
material.  Its  value  differs  from  the  thermal  conductivity  of  the  solid 
since  the  conduction  of  heat  is  obviously  affected  by  granulation.  Brinn 
et  al  have  found  an  excellent  agreement  in  the  value  of  the  thermal 
conductivity  for  a  granular  solid  when  determined  by  heating  or  cooling  a 
stationary  bed  similar  to  that  of  Chap.  18  or  heating  or  cooling  a  granular 

101  ..Hi  103  lb/lt.  to,  Ih,  0.to„  STZ  HotlflK  to,1 

ore,  although  the  rlen *\Ur  .  and  108  for  the  dmemte 

movement.  Specific  heats 
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Fig.  20.20.  Theoretical  curves  for  heat  transfer  to  fluids  m  rodhke  flow  ir 
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several  materials,  and  these  are  somewhat  higher  than  those  of  the 
solid.  For  quartz,  silica,  and  Ottawa  sand  they  range  from  0.175  to 
0-20  Btu/(lb)(°F).  Examples  given  below  have  been  taken  from  the 
original  reference. 


Example  20.7.  Calculation  of  Sa  d  Cooling  with  Negligible  Resistance.  A  sand 
has  a  specific  heat  0.20  Btu/(lb)(°F)  and  a  thermal  conductivity  of  0.15  Btu/(hr)(ft*) 
(°F/ft).  It  is  to  be  cooled  from  284  to  104°F  at  the  rate  of  1000  lb  /hr  by  water  from 
86  to  104°F.  A  bundle  will  consist  of  vertical  tubes  10'0"  long  and  with  inside 
diameters  of  2.0  in. 

(а)  How  many  tubes  are  required? 

(б)  How  many  tubes  are  required  if  air  from  86  to  104°F  is  the  cooling  medium? 

Solution,  (a)  Assume  Ki  for  water  is  500  Btu/(hr)(ft2)(°F). 


2k  2  X  1.05 

P  hoiD  500  X 


0.0036 


(nearly  zero) 


The  water  cooling  rate  is 

1000  X  0.2(284  -  104) 
104  -  86 

nt  _  wc  _  1000  X  0.2 
WC  ~  2000  X  1 
104  -  284 
6  T  i  -  h  86  -  284 

From  Fig.  20.206 

/3  =  0  R'  =  0.1  S' 


2000  lb  /hr 
0.1 
0.91 

=  0.91 


wc 

kL 

w 


8.33 

8.33  X  0.15  X  10 

0.20 


62.5  lb /hr 


This  is  the  rate  per  tube. 

Total  number  of  tubes 


1000 

62.5 


16 


(6)  For  air,  assume  h0i  =9. 


/S  =  0.2 


The  air  rate  using  0.25  for  the  specific  heat  of  air  is 

1000  X  0-2(284  -  104)  =  lb/hr 
0.25(104  -  86) 

Interpolating  between  Fig.  20.206  and  c, 

0  =  0.2  R'  =  0.1  S'  =  0.91 

TT  =  5.23 
kL 


and  26  tubes  are 
cent. 


w  =  39  lb/hr 

needed.  The  film  resistance  increases  the  size  of  the  unit  by  62  per 
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10.  ELECTRIC -RESISTANCE  HEATING 
.Introduction.  The  transformation  of  fuel  energy  into  work  (and  then 
into  electricity)  is  an  inefficient  process,  only  a  portion  of  the  fuel  energy 


Meta!  sheath 


Threaded  collar- ^  Terminal 


J  Nickel  chromium  resistor 

s - ‘ - / - 1(] 

t  ) 

Magnesium  oxide  ”  / 

Low-resistance  terminal 

Sealing  compound 


Cutaway  view  of  a  two-terminal  (single  heat) 
immersion  heater 
(a)-IMMERSION  HEATER 


(b)- STRIP  HEATER 


Approx.  S  fins  per  inch 


Fio.  20.21. 
poration .) 


(c)- FINNED  STRIP  HEATER 

Common  process  resistance  heating  elements.  (Westinghouse  Electric  Cor- 


finally  being  available  as  work.  The  transformation  of  fuel  energy  into 
steam  can  be  accomplished  theoretically  with  100  per  cent  efficiency 

COS  teTt  fifteraCt;Cal  dedUCti°  uS  °f  Ca™ot  ^  electricity 

served  bv  hvd  nein  f  “  M  Steam  in  Iocalitie«  which  are  not 

ing  has  not  been  1  a  "T*'  F°r  tWs  reason  eIectric  resistance  heat- 

onsidered  a  part  of  process  heat  transfer,  although  the 
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comparison  of  the  cost  of  electricity  and  coal  need  not  necessarily  preclude 
its  use.  There  are  innumerable  applications  in  which  electric-resistance 
heating  can  be  made  to  operate  more  effectively  than  fluid  heat  transfer 
particularly  in  batch  operations.  There  are  still  other  advantages  which 
may  be  derived  from  the  compactness  of  the  standard  types  of  electric 
heating  elements:  the  ease  with  which  they  provide  high  temperatures, 
the  elimination  of  combustion  hazards,  and  their  ready  application  to 
automatic  regulation  and  control.  It  is  fairly  safe  to  conclude,  however, 
that  most  of  the  applications  of  electric-resistance  heating  are  small  com¬ 
pared  with  those  of  the  majority  of  industrial  processes. 

The  three  commonest  resistance  heating  elements  are  the  immersion 
heater ,  the  strip  heater ,  and  the  finned-strip  heater.  These  are  shown  in 
Fig.  20.21.  Others  are  available  such  as  the  cartridge  heater  which  are 
treated  by  the  same  general  method.  Electric  heaters  consist  of  resistance 
wires  embedded  in  a  refractory  which  is  then  encased  in  a  metal  sheath. 
Immersion  heaters  are  used  for  direct  introduction  into  liquids  and  are 
made  with  copper  sheathing  for  water  heating  and  steel  sheathing  for  oil 
and  organics.  The  temperature  of  the  copper  sheathing  may  not  exceed 
350°F,  while  the  steel-sheathed  heaters  may  operate  at  a  maximum  tem¬ 
perature  of  750°F.  The  strip  heater  is  used  most  for  the  conduction  heat¬ 
ing  of  solids,  and  it  can  also  be  used  for  heating  air  and  gases.  Strip 
heaters  are  available  with  two  maximum  operating  temperatures:  750°F 
for  steel-sheathed  heaters  and  1200°F  for  chrome-steel-sheathed  heaters. 
By  far  the  best  suited  for  air  and  gas  heating  is  the  finned-strip  heater 
combining  electric  heating  and  extended  surface  and  available  with  maxi¬ 
mum  operating  temperatures  of  750  and  950°F. 

The  technique  of  handling  electric-heating  calculations  has  been 
developed  by  the  electrical  industry  and  is  not  identical  with  the  methods 
employed  in  either  the  mechanical  or  chemical  industries.  This  is  doubt¬ 
less  due  to  the  greater  standardization  of  electric  equipment. 

The  laws  governing  electric-  esistance  heating,  neglecting  the  effect 
of  the  resistance  on  the  circuit,  are  among  the  simplest  in  elementary 
physics.  These  are  Ohm’s  law,  /  =  E/Ra  and  Joule’s  law,  F  =  El, 
where  I  is  the  current  in  amperes,  E  the  voltage,  Ra  the  resistance  in 
ohms,  and  P  the  power  in  watts.  The  rate  at  which  electrical  energy 
is  converted  into  heat  is  given  by  PR".  The  rate  of  energy  delivery  is 
the  watt  or  kilowatt,  and  this  is  equivalent  to  the  Btu  per  hour.  Similarly 
the  total  quantity  of  energy  is  the  kilowatt-hour  or  watt-hour ,  and  this  is 

equivalent  to  Btu  without  a  time  unit. 

In  electric-resistance  heating  the  element  is  capable  of  attaining  a  very 
high  temperature.  The  ultimate  temperature  attained  by  a  resistance 
heater  is  that  which  causes  the  heat  energy  to  be  dissipated  at  the  same 
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rate  as  it  is  produced.  To  prevent  the  element  from  burning  out,  the 
cold  fluid  or  solid  must  be  capable  of  receiving  the  heat  at  a  sufficiently 
rapid  rate  to  keep  the  sheath  from  exceeding  its  maximum  allowable 


Table  20.1.  Immersion  Heaters 


Water  heaters,  copper  sheath, 
max  temp  350°F 


Oil  heaters,  steel  sheath, 
max  temp  750°F 


Watts 

Watts/ 
in.2  im¬ 
mersion 

Im¬ 

mersed 

length, 

in. 

Collar, 

in. 

IPS 

No. 

heats 

No. 

tubes 

W  atts 

Watts/ 
in.2  im¬ 
mersion 

Im¬ 

mersed 

length, 

in. 

Collar, 

in. 

IPS 

No. 

heats 

No. 

tubes 

1,000 

35 

8 

Vi 

1 

1 

1000 

20 

9 

V4 

1 

1 

2,000 

35 

10 

2 

3 

2 

2000 

20 

17 

2 

3 

2 

3,000 

35 

15 

2 

3 

2 

3000 

20 

25 

2 

3 

2 

4,000 

35 

20 

2 

3 

2 

4000 

20 

34 

2 

3 

2 

5,000 

35 

24 

2 

3 

2 

5000 

20 

41 

2 

3 

2 

7,500 

35 

30 

2 

3 

4 

10,000 

35 

35 

2 

3 

4 

Forced  Circulation 

5000* 

35 

25 

2 

3 

2 

0000* 

35 

30 

2 

3 

2 

_ 

8000* 

30 

33 

2 

3 

4 

*  230  volts  only.  All  others  115  or  230  volts. 


Table  20.2.  Strip  Heaters 


Steel  sheath,  max  surface  temp  750°F 


Watts 

Watts/ 

in. 

Total 

length, 

in. 

Heated 

length, 

in. 

150 

37 

8 

4 

250 

31 

12 

8 

350 

25 

18 

14 

500 

25 

24 

20 

750 

28 

31 

27 

1000 

31 

36 

32 

1250 

32 

43 

39 

Chrome  steel  sheath,  max  surface  temp 
1200°F 


Watts 

Watts  / 
in. 

Total 

length, 

in. 

Heated 

length, 

in. 

250 

62 

8 

4 

350 

44 

12 

8 

500 

36 

18 

14 

750 

37 

24 

20 

1000 

38 

31 

27 

1500 

38 

43 

39 

bvThefln?'  °‘her  T'tS’  the  design  0f  electric  eleraents  is  dictated 
the  H  r  ki  1Ith  mUSt  be  d‘»sipated  to  the  cold  material.  The  flux  is 
the  deliverable  energy  in  Btu  per  hour  per  square  foot  of  surface.  '  Jn 
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electrical  units  it  is  expressed  in  watts  per  square  inch  of  element  surface 
or  watts  per  linear  inch  of  element  corresponding  to  watts  per  square 
inch  for  elements  of  uniform  surface  per  inch  of  length. 

Flux  data  for  the  various  types  of  heater  are  given  in  Tables  20.1 
through  20.4.  The  wattage  ind;cates  the  output  of  the  element  but  does 


Table  20.3.  Finned-strip  Heaters 


Steel  sheath,  max 

surface  temp  750°F 

Chrome  steel  sheath,  max  surface  temp 
950°F 

Watts 

Watts/ 

in. 

Total 

length, 

in. 

Heated 

length, 

in. 

Watts 

Watts/ 

in. 

Total 

length 

in. 

Heated 

length, 

in. 

250 

31 

12 

8 

250 

62 

8 

4 

350 

25 

18 

14 

350 

44 

12 

8 

500 

25 

24 

30 

500 

36 

18 

14 

750 

25 

31 

27 

750 

37 

24 

30 

1000 

31 

36 

32 

1000 

38 

31 

27 

1250 

32 

43 

39 

1500 

47 

36 

32 

Table  20.4.  Strip  Heaters 


Clamp-on  service  watts  per  square  inch  of  contact  surface 


Steel  sheath,  max  surface 
temp  750°F 

Chrome  steel  sheath, 
max  surface  temp  1200°F 

Total 
length,  in. 

Watts  /in. 2 

Total 
length,  in. 

Watts/in. 

12* 

21 

8* 

42 

18 

16 

12 

29 

24 

16 

18 

24 

31 

19 

24 

25 

36 

21 

31 

25 

43 

22 

43 

26 

*  Passes. 


not  indicate  its  temperature  in  so  doing.  Included  is  the  watts  per  square 
inch  or  watts  per  inch  which  the  various  elements  may  dissipate  to  the 
cold  fluid  or  solid.  For  finned-  and  ordinary  strip  heaters  the  watts  per 
inch  removed  by  air  as  a  function  of  the  air  velocity  and  initial  tempera¬ 
ture  are  given  in  Figs.  20.22  and  20.23.  At  low  air  velocities  it  is  seen 
that  there  is  little  advantage  to  the  use  of  finned-strip  heaters ;  in  pre  - 
erence  to  bare-strip  heaters.  Since  the  outlet-a.r  temperature  also  affects 


ADDITIONAL  APPLICATIONS 


757 


the  sheath  temperature,  Fig.  20.24  relates  the  surface  temperature  of 
strip  heaters  as  a  function  of  the  flux  and  the  ambient-air  temperature. 
When  dealing  with  elements  operating  at  such  high  temperatures,  the 
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(a)-  750°F  SHEATH  TEMPERATURE 


Fio.  20.23. 


5  6  1  8  9  10  11  12 

Feet  per  second  air  velocity 
(bH200#F  SHEATH  TEMPERATURE 

Strip-heater  air-heating  curves.  (Weetinghcme  Electric  Corporation.) 

Example  20.8a.  Immersion  Water  Heater.  A  tank  2  by  3  by  2  ft  high  is  filled  with 
water  to  a  height  of  18  in.  It  is  required  to  heat  the  water  from  a  tap 
50°F  to  a  demand  temperature  of  150°F  within  2  hr.  Therea  , 
supply  8  gal/hr  of  water  at  150  F. 

What  immersion  elements  are  required? 


Solution: 


Unsteady  state . 

Lb  water  =  2  X  3  X  X  62.5  =  562  lb 
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Q'  =  562.5(150  -  50)1.0  =  56,250  Btu 
Q  -  -  28,125  Btu /hr  - 

Losses: 


8.25  kwhr 


From  surface  of  water  (Fig.  20.25c)  =  2  X  3  X  260  =  1.56  kwhr 

From  sides  of  vessel  (Fig.  20.25c)  =  5.5(2  X2X2+2X2  X  3)/1000  =  0.11 
From  bottom  =  negligible 

Total  losses  =  1.67  kwhr 

Total  requirement  =  8.25  +  1.67  =  9.92  kwhr 


300  400  500  600  700'  800  900  1000  1100  1200  1300 
Surface  femperafure+F 

Hon.)20'24'  temperatUre  VS*  flux  for  8triP  Wers.  (Westinghouse  Electric  Corpora. 

Steady  state:  This  is  the  same  as  heating  8  gal/hr  of  water. 

?  "  8  X  8.33(150  -  50)1.0  =  6670  Btu /hr  or  1.95  kwhr 
losses  -  Utf 

Total  requirement  =  3.62  kwhr 

the  sheath  temperature  although  the  same  rule’k  'S  ’‘n*6  "eed  ever  to  check 

Example  20.8b.  Strip  Heater  for  Air  Hpati  a  mversall3'  true  for  organics. 
100  lb  of  steel  which  is  air  dried  at  370°F  bv  m  **  ?  °^en  *S  cllarge<^  hourly  with 

Four  air  changes  per  hour  are  rluirtd  ^  °  StnP  heaterS  located  ^ide  it 

3  by  4  by  2  ^insulated  with  2^“  woTTh  f  The  oven  is 

What  arrangement  of  strip  heaters  is  required?  ^  ^  and  ^  &Te  at  70°F- 
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Fig.  20.25a.  Heat  losses  through  insulated  oven  walls.  Curve  based  on  an  insulation 
1  in.  thick  of  standard  high-grade  material,  such  as  85  per  cent  magnesia,  rock  wool,  I1  ilinsul, 
etc.  If  insulation  is  2  in.  thick,  divide  curve  values  by  2;  if  4  in.  thick,  divide  by  4,  etc. 
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Solution: 

Heat  to  steel  charge  =  100  X  0.12(370  —  70)  =  3600  Btu/hr 

Heat  toair=  4  X  2  X  3  X  4  X  0.075  X  0.25(370  -  70)  =  540 

Total  =4140  Btu/hr  or  1.22  k\v 

Losses : 

From  Fig.  20.25a  for  52  ft2  of  oven  outside  surface  and  a  temperature  rise 
of  300°F  the  loss  is  5  kw  for  1  in.  thick  insulations.  For  2  in.  thick  insula¬ 
tion  the  loss  is  %  =2.50 

Total  3.72  kw 
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Example  20.8c.  Finned -strip  Heater.  Determine  the  number  of  finned-strip 
heaters  required  to  raise  the  temperature  of  270  cfm  of  air  flowing  in  an  18-  by  18-in. 
duct  from  70  to  120°F.  Density  of  air  at  70°F  is  0.075  lb /ft8. 

Q  =  270  X  0.075  X  60  X  0.25(120  -  70)  =  15,200  Btu/hr  at  4.47  kw 

Velocity  =  270/1.5  X  1.5  X  60  =  2.0  fps 

Refer  to  Fig.  20.22a.  The  air  is  ^pable  of  removing  33  watts /in  which  is  the 
maximum  dissipation  which  may  be  e.  pected.  Any  group  of  heaters  providing  5  kw 
which  do  not  require  a  dissipation  of  more  than  33  watts/in.  and  which  will  fit  into 
the  duct  will  be  satisfactory.  Thus  in  Table  20.3  elements  of  350  watts  with  a  total 
length  each  of  18  in.  each  are  satisfactory. 

Consider  the  same  service  handled  by  conventional  strip  heaters  without  fins. 
From  Fig.  20.23a  the  air  will  remove  26  watt/in.  of  heated  length.  From  Table 
20.2  the  18  in.  long  element  with  350  watts  capacity  will  also  be  satisfactory  and 
cheaper. 


Clamp-on  Applications.  One  of  the  best  examples  of  the  versatility 
of  the  strip  heater  is  the  ease  with  which  it  can  be  clamped-on  or  bound 
to  various  vessels.  When  used  in  clamp-on  services,  it  has  been  found 
that  the  temperature  drop  across  the  surface-to-surface  contact  is  14  to 
19°F  per  unit  of  flux. 


Example  20.8d.  Clamp-on  Plastic  Heating.  It  is  desired  to  heat  a  cast-iron  plate 
26  by  12  by  1  in.  at  70°F  on  which  a  plastic  with  specific  heat  of  0.22  Btu/(lb)(°F) 
is  to  be  softened.  It  is  necessary  that  one  70-lb  batch  of  the  plastic  be  heated  on  the 
plate  after  it  has  attained  a  steady  state  rate  from  70  to  300  F  in  1  hr.  The  plate 
will  be  heated  on  its  underside  by  clamp-on  strip  heaters  in  1  hr.  How  many  are 


required? 

Solution.  The  specific  gravity  of  cast  iron  is  7.2, 
Btu/(lb)(°F). 


and  its  specific  heat  is  0.13 


Unsteady  state: 

Weight  of  plate  -  26  X  12  X  1  X  62.5  X  7.2/1728  =  81  lb 
Q  =  81(300  -  70)0.13  =  2400  Btu/hr  or  0.705  kw 

Losses  •  From  Figure  20.256  for  a  black  body  the  radiation  is  1.5  watts /m.  .  Ine 
ralation  from  the  top  is  actually  110  per  cent  of  this  value,  and  from  the  bottom 
of  the  plate  it  is  55  per  cent  for  an  average  of  82.5  per  cent 
Total  radiation  loss  =  2  X  26  X  1  X  1.5  X  0.825/1000  -  0.80  kw 
Total  requirement  =  0.70  +  0.80  =  1.50  kw 

Steady  state:  Input  required  to  plate 

O  -  70  X  0  22(300  -  70)  =  3550  Btu/hr  or  1.04  kw 
7  0.80 

Total  requirement  =  1.84  kw 

heSra^^^h^aheat^temp^aturrntmt^now'^be'rfieck^ed^^nc^thejto^Mn^^ 

£££  The  totaI  temperature 
drop  is  the  product  of  the  two. 

At  =  16.5  X  16  =  264°F 
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The  sheath  temperature  is  then  300  +  264  =  564°F,  which  is  satisfactory  for  steel' 
sheathed  elements  with  a  750°F  maximum. 


A 

B 

C 

Ch  C, 

D 

Di 

D0 

E 

F 

G 

G' 


g 

h 

hi ,  K 


hoi ,  hio 

I 

3 

K 

Ki,  K, 

k 

L 

LMTD 

M 

m 

N 

N' 

P 

Ph,  Py 

V 

Q 

Q ' 

R 

R' 

Rd 

R<* 

(r) 

S 

S' 

T 

Th  T2 

T. 

t 


NOMENCLATURE  FOR  CHAPTER  20 

Heat-transfer  surface,  ft2 

Height  of  agitator  above  vessel  bottom,  ft;  width  of  an  atmospheric  cooler,  ft 
Specific  heat  of  hot  fluid,  Btu/(lb)(°F) 

Constants 

Inside  diameter  of  pipe  or  tube,  ft 
Diameter  of  inside  of  vessel,  ft 
Outside  diameter  of  pipe  or  tube,  ft 

Temperature  group  defined  by  Eq.  (20.34)  or  (20.35),  dimensionless;  volt¬ 
age;  evaporation,  per  cent 
The  ratio  up /UP,  dimensionless 
Mass  velocity,  lb/(hr)(ft2) 

Liquid  loading  for  trombone  coolers  w/2L,  lb/(hr)(ft);  for  falling  films 
w/irD,  lb/(hr)(ft) 

Acceleration  of  gravity,  ft /hr 2 
Heat-transfer  coefficient,  Btu/(hr)(ft2)(°F) 

Heat-transfer  coefficient  referred  to  the  inside  diameter  and  outside  diameter 
of  pipe  or  tube,  Btu/(hr)(ft2)(°F) 

h0  referred  to  the  inside  diameter;  hi  referred  to  the  outside  diameter 
Btu/(hr)(ft2)(°F) 

Current,  amp 

F actor  for  heat  transfer,  dimensionless 

Temperature  group  in  crossflow  ( T ,  -  T,)/(Tt  -  (,),  dimensionless 
Constants 

Thermal  conductivity,  Btu/(hr)(ft2)(°F/ft) 

Tube  length,  ft;  length  of  agitator  paddle,  ft 
Log  mean  temperature  difference,  °F 
Spray,  lb/(min)(ft2  projected  tube  area) 

Spray,  lb/(hr)(ft2  cooler  cross-sectional  area) 

Agitator  speed,  rev/hr;  number  of  horizontal  tube  rows 
Agitator  speed,  rpm 

Perimeter  of  large  pipe  or  tube,  ft;  power,  watts 
Horizontal  tube  pitch,  ft;  vertical  tube  pitch,  ft 
Perimeter  of  smaller  pipe  or  tube,  ft; 

Heat  flow,  Btu/hr 
Heat,  Btu 

Temperature  group  (r,  -  T,)/(t,  -  (,),  dimension^ 

Temperature  group  in  rodlike  flow,  dimensionless 
Dirt  factor,  (hr)  (ft2)  (°F) /Btu 
Resistance,  ohms 

Temperature  group  LMTD/(r,  -  (,),  dimension^* 

Temperature  group  ((,  -  dimensionl( 

Temperature  group  in  rodlike  flow,  dimensionless 
Temperature  of  the  hot  fluid  in  general,  °F 
n  et  and  outlet  temperatures  of  the  hot  fluid  °F 
Constant  hot-fluid  temperature  °F 
Temperature  of  the  cold  fluid  hi  general,  °F 


3SS 


less 

less 
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t 


/> 

K  h 

M 
A  tD 

u 

Ud, 

u 

V 
vt 
W 
w 
X 
x 

V 

V 

z 

z 

a 

0 

e 

p 


Temperature  of  the  film,  temperature  of  the  wall,  °F 
Inlet  and  outlet  temperature  of  the  cold  fluid,  °F 
True  temperature  difference,  °F 
Temperature  group  A t/{U  —  t\),  dimensionless 
Overall  coefficient  of  heat  transfer,  Btu/(hr)(ft2)(°F) 

Uc  Overall  design  coefficient;  o'  ?rall  clean  coefficient,  Btu/(hr)(ft*)(°F) 
Overall  coefficient  of  heat  ti..nsfer,  Btu/(hr)(ft2)(°F) 

Velocity,  fps;  temperature  group,  dimensionless 

Volume  of  granular  material,  ft3 

Weight  flow  of  hot  fluid,  lb/hr 

Weight  flow  of  cold  fluid,  lb /hr 

A  function 

Distance,  ft 

Space  group  (Ph  -  D0)/Ph,  dimensionless 

Thickness  of  agitator,  ft 

Space  group  (Ph  —  D0)/D0,  dimensionless 

Height  of  liquid  in  vessel,  ft 

Thermal  diffusivity,  ft2/hr 

Dimensionless  group,  2k/h0iD 

Time,  hr 

Viscosity,  lb/(ft)(hr) 

Density,  lb/ft3 
A  function 
A  function 


Subscripts  (except  as  noted  above) 


c 

3 


Coil 

Jacket 


CHAPTER  21 


THE  CONTROL  OF  TEMPERATURE  AND 
RELATED  PROCESS  VARIABLES 

Introduction.  The  even  operation  of  a  process  is  dependent  upon  the 
control  of  the  process  variables.  These  are  defined  as  conditions  in  the 
process  materials  or  apparatuses  which  are  subject  to  change.  Because 
there  may  be  several  materials  and  several  pertinent  operating  factors 
which  may  change  in  the  simplest  of  processes,  the  maintenance  of  con¬ 
trol  over  an  entire  process  is  an  important  aspect  of  process  design. 
Many  of  the  advances  in  processing  technology  during  recent  years  have 
been  due  in  part  to  the  widespread  use  of  automatic-control  mechanisms. 
Naturally  a  comprehensive  study  of  so  broad  a  field  of  endeavor  is  beyond 
the  scope  of  this  text,  and  it  is  the  intention  here  to  introduce  in  a  prac¬ 
tical  way  only  the  most  elementary  principles  of  process  control. 

Process  Variables.  When  the  flow  sheet  is  laid  out  for  a  process,  the 
temperatures,  pressures,  and  fluid-flow  quantities  are  theoretically  fixed 
in  accordance  with  heat,  pressure,  and  material  balances.  The  transla¬ 
tion  of  the  flow  sheet  into  an  operable  plant  requires  that  special  provision 
be  made  to  assure  the  relative  constancy  of  the  various  quantities  and 
qualities.  It  is  impossible  to  achieve  absolute  constancy  in  even  the 
simplest  of  industrial  operations  and  these  do  not  include  the  multitude 
of  complex  operations  which  are  normally  encountered.  Take  the 
simple  case  of  a  storage  tank  to  which  one  pump  continuously  supplies 
liquid  and  an  identical  pump  continuously  removes  liquid.  Because  of 
differences  in  suction  and  discharge,  both  pumps,  acting  independently 

pump  at  different  rates  and  the  liquid  level  in  the  storage  tank  cannot  be 
expected  to  remain  constant. 

Similar  factors  influence  nearly  every  other  steady-state  condition 
Consider  the  utilities  alone  such  as  high-  and  low-pressure  ctPam  r 
water,  electricity,  compressed  air,  and  fuel  supply  When  anv  si  ^ 
unit  process  in  a  plant  is  either  shut  down  or  started  un  it  m  l 
supply  of  the  utilities  to  the  other  unit  processes.  Furthermore*5  when 
the  furnaces  in  a  powerhouse  are  periodically  refired  th*  +  ;  Ahen 

-  -  -  -  - — ;  !=?  £= 

7b5 
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speed  variation  to  affect  the  performance  of  turbine-driven  pumps,  com¬ 
pressors,  and  generators  including  their  discharge  rates  and  pressures. 
Or  the  temperature  of  cooling-tower  water,  varying  with  atmospheric 
conditions,  might  affect  the  total  heat  transfer  at  critical  points  in  the 
process.  Add  to  these  the  variations  resulting  from  changes  in  the  com¬ 
position  of  the  feed  materials  s  ch  as  boiling  points,  specific  heats,  or 
viscosities,  and  additional  fluctuations  may  be  anticipated  in  the  pres¬ 
sure,  temperature,  and  fluid  flow  of  the  process  streams. 

Automatic  control  is  employed  to  measure,  suppress,  correct,  and 
modify  changes  of  the  four  principal  types  of  process  variation : 

1.  Temperature  control 

2.  Pressure  control 

3.  Flow  control 

4.  Level  control 

There  are,  in  addition,  other1  controllable  variables  such  as  specific 
gravity,  thermal  conductivity,  speed,  and  composition.  Because  of  its 

importance  to  heat  transfer  particular 
attention  is  given  in  the  following  pages 
to  temperature  control  and  its  relation¬ 
ship  to  the  other  principal  process 
variables. 

Self-acting  and  Pilot-acting  Con¬ 
trollers.  It  is  the  object  of  all  controllers 
to  regulate  the  process  variables,  and  to 
do  so  they  must  be  capable  of  first  measur¬ 
ing  the  variables.  Some  instruments  are 
equipped  to  indicate  the  variable  in  a 
continuously  readable  form,  and  others, 
recorders,  are  equipped  with  pen  and  ink 
on  a  traveling  chart  calibrated  for  time. 
These  are  not  essential  parts  of  the 
control  but  additional  conveniences. 

Controllers  or  regulators  are  either 
self-acting  or  pilot-acting.  A  self-acting 


Fig.  21.1 

controller 


Self-acting  temperature 


temperature  controller  is  shown  in  Fig.  21.1.  A  bulb  fi  led  with 
a  fluid  having  a  favorable  coefficient  of  thermal  expansion  is  placed  n  » 
stream  or  vessel  at  the  point  where  the  temperature  is  to  be  controHed. 
The  bulb  is  connected  to  the  controller  by  means  of  a  capillary  tube  A* 
an  example  of  its  operation  suppose  that  the  temperature  of  a  stream 
_  TP  r  T  H  “Chemical  Engineers’  Handbook,”  3d  ed.,  pp.  1263-1340  b> 
R.  wepir°tereand  D.  M.  Considine,  McGraw-Hill  Book  Company,  Inc.,  New  York, 
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leaving  the  shell  of  a  heater  is  to  be  controlled  by  adjusting  the  flow  of 
steam  to  the  tubes  of  the  heater.  Any  increase  in  the  temperature  of 
the  stream  causes  an  increase  in  the  pressure  of  the  bulb  fluid,  which  is 
transmitted  in  turn  to  the  bellows  of  the  regulator  assembly.  The  larger 
area  of  the  bellows  amplifies  the  force  acting  against  the  spring  and  causes 
the  valve  to  move  in  a  direction  which  decreases  the  flow  of  steam.  If 
the  same  type  of  regulator  were  used  to  control  the  flow  of  cooling  water 
instead  of  steam,  the  valve  would  be  arranged  to  open  when  the  bulb 
pressure  increased.  The  control  points  of  self-acting  controllers  can  be 
varied  by  means  of  adjusting  nuts,  which  change  the  tension  on  the 
spring. 

In  general  the  temperature-sensitive  element  consists  of  a  bulb  and 
capillary  filled  or  partly  filled  with  a  volatile  fluid,  an  inert  gas,  or  an 
expanding  liquid.  Thermocouple  and  thermal-expansion  elements  also 
find  wide  application  in  temperature  control.  With  the  exception  of  the 
liquid-filled  bulb  the  total  amount  of  fluid  contained  in  the  capillary  is 
very  small  compared  with  the  amount  confined  in  the  bulb.  If  the 
capillary  were  accidentally  to  lie  across  a  steam  pipe,  it  would  not 
materially  affect  the  measurement  of  the  instrument,  since  the  amount 
of  fluid  present  wiiere  the  capillary  contacts  the  pipe  is  exceedingly  small. 
Under  certain  conditions  compensation  must  be  included  for  variations 
in  the  ambient  temperature  at  the  point  where  the  variation  is  registered 

From  a  mechanical  standpoint  self-acting  types  of  instruments  are 
the  simplest.  Most  of  these  fall  into  the  regulator  rather  than  the  instru¬ 
ment  class,  because  the  regulator  does  not  actually  measure  the  variable 
but  acts  upon  deviations  from  the  set  control  point.  Many  involve  no 
calibration  in  their  manufacture  whatever  but  are  adjusted  to  produce  the 
desired  effect  in  the  field.  Typical  of  this  class  are  weight-loaded  reduc¬ 
ing  or  back-pressure  valves,  spring-loaded  diaphragm  valves  for  reducing 

or  back-pressure  regulation,  and  the  temperature  regulator  discussed 
above. 

The  seccmd  class  of  instruments  are  the  pilot-acting  controllers  in 
which  the  detection  of  a  small  variation  actuates  a  more  powerful  force 
by  which  the  variable  is  corrected.  This  class  is  capable  of  a  greater 
egree  of  sensitivity  than  the  regulators  because  they  eliminate  some  of 

the  W^f  ChlW°Uld  ‘T  inlTnt  ^  Self-actin8  ^chanisms  actuated  by 

e  force  of  a  large  volume  of  fluid.  Most  pilot-acting  instruments  use 

compressed  air  to  effect  the  larger  controls,  while  some  employ  electr 
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between  two  fluids,  one  being  controlled  and  another  which  adds  or 
removes  heat  to  or  from  the  fluid  being  controlled.  In  Fig.  21.2  com¬ 
pressed  air  at  15  to  20  psig  enters  the  control  head,  part  passing  to  a 


diaphragm  valve  and  part  through  the  reducer.  The  discharge  air  from 
the  reducer  is  at  a  low  pressure  and  continuously  escapes  through  the 
nozzle  by  impinging  against  a  flat  flapper.  While  air  escapes  through  the 
nozzle,  the  diaphragm  spring  is  contracted,  since  it  is  also  affected  by 
Cnmnr^J vir  the  escaPe  of  air  through  the  nozzle.  This 

holds  the  valve  in  the  control  head  against  the 
left  end  of  the  control  head.  When  a  change 
occurs  in  the  temperature  of  the  fluid  being 
controlled  a  capillary  spiral  or  capillary  helix 
connected  to  a  temperature-sensitive  element 
such  as  a  bulb  is  displaced  in  response  to  the 
temperature  change.  The  movement  is  used 
to  bring  the  flapper  toward  the  nozzle.,  thereby 
obstructing  the  escape  of  air  and  expanding 
the  diaphragm  spring.  This  may  in  turn  be 
used  to  relieve  the  air  pressure  on  a  dia¬ 
phragm  valve  effecting  the  control,  thereby 
permitting  it  to  close.  A  movement  of  the 
flapper  of  0.002  in.  is  sufficient  to  actuate  the 
control.  A  typical  diaphragm  valve  is  shown 
in  Fig.  21.3,  although  diaphragm  valves  are 


“^'instrumentation  would  pose  no  problem  if  only  a  single , 

to  be  controlled.  Usually,  however,  the  regulation  of  a  p 
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requires  the  control  of  pressures,  temperatures,  and  flow  rates  and  the 
maintenance  of  adequate  liquid  levels  to  assure  flow  continuity.  The 
greatest  impediment  to  precise  control  results  from  a  series  of  time  lags 
between  the  measurement  of  a  variation  and  its  correction.  These  are 
inherent  in  all  automatic  control  systems.  Haigler1  has  presented  a 
visual  picture  of  the  time  lags  in  a  simple  heat-transfer  system  from 
which  Fig.  21.4  has  been  taken.  Starting  with  the  measurement  of  the 
variable  at  a,  the  lags  may  be  traced  alphabetically. 


a,  Measuring  lag 

/,  Velocity  distance  /ag 


& 
«o  £ 

Healing  or 
cooling — 
fluid 


b 

LCT 


C,  Controller 
lag 


e.  Velocity-distance  lag 


I 

& 

<$  1! 

1 

J 


h.  Deman  d 
capacity 
lag 

g.  Transfer 


lag 

t  Supply 
capacity 
lag 


Controlled 

fluid 


Fig.  21.4.  Sources  of  lags  in  automatic  control. 


a.  Measuring  lag 

b.  Signal  transfer  from  sensitive  element  to  instrument 

c.  Controller  operation  lag 

d.  Signal  transfer  from  controller  to  regulator 

e.  Velocity-distance  lag  until  adjusted  stream  reaches  apparatus 
/.  Capacity  lag  until  the  supply  side  fluid  is  adjusted 

g.  Transfer  lag  through  tubing  from  supply  to  demand  side 

h.  Capacity  lag  until  the  demand  side  is  corrected 

i.  Velocity-distance  lag  until  the  measuring  element  detects  the 
correction 


All  these  lags  are  not  of  equal  importance,  but  they  do  present  dif¬ 
ficulties  in  the  accomplishment  of  close  control  such  as  is  required 
by  modern  high-temperature,  high-pressure,  and  catalytic  processes 
Numerous  questions  arise  in  automatic  control  such  as  the  extent  to 
which  the  regulating  valve  on  the  correcting  fluid  should  be  opened  and 
whether  or  not  the  opening  should  vary  with  the  size  of  the  deviation 
measured.  How  fast  should  it  open?  How  much  of  the  time-tempera- 
ure  reiations  ipof  the  response  of  the  correction  should  an  instrument 

Droces!  IT  ,  J*1®86  are  partlcular|y  important  in  the  larger 

p  ocesses  in  which  all  the  process  variables  must  be  controlled  simul- 

JS’S'i  wouM  ih* opw*1”  «< 

1  Haigler,  E.  D.,  Trans.  ASME ,  60,  633-640  (1938). 
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Automatic -control  Mechanisms.  For  a  general  background  and  mathe¬ 
matical  development  the  literature  on  instrumentation  should  be  con¬ 
sulted.  Available  to  deal  with  the  lags  inherent  in  process  control  are 
four  basic  mechanisms.  These  are 

1.  Two-position  control  (also  called  on-and-off  or  open-and-shut ),  in 
which  the  overall  flow  of  fluids,  I  L/u,  watts,  etc.,  is  limited  to  predeter¬ 
mined  maximum  and  minimum  values  or  completely  turned  on  or  off 
when  the  measured  variable  exceeds  or  falls  below  the  control  point 
setting. 

2.  Proportional  control  (also  throttling ),  in  which  the  magnitude  of  the 
corrective  action  taken  by  the  instrument  is  proportional  to  the  extent 
of  the  deviation  of  the  measured  variable  from  the  control  point  setting. 

3.  Floating  control,  in  which  the  rate  of  corrective  action  taken  by  an 
instrument  is  proportional  to  the  extent  of  the  deviation  of  the  measured 
variable  from  the  control-point  setting. 

4.  Proportional  control  and  automatic  reset,  in  which  the  corrective 
action  taken  by  an  instrument  is  a  combination  of  proportional  control 
plus  a  corrective  action  which  is  proportional  to  the  rate  of  the  deviation 
and  the  duration  of  that  deviation  from  the  control-point  setting. 
Another  basic  mechanism,  the  derivative  function,  is  one  which  applies 
a  correction  which  is  proportional  to  the  rate  of  the  deviation  and  which 
is  unaffected  by  the  amount  or  duration  of  the  deviation. 

An  example  of  two-position  control  may  be  found  in  the  simple  con¬ 
stant-temperature  bath.  When  the  temperature  falls  below  a  fixed 
minimum,  heat  is  supplied  until  the  bath  reaches  a  fixed  maximum 
temperature.  The  heat  supply  is  then  turned  off  until  the  bath  again 
reaches  the  minimum  whence  heat  is  again  supplied  (on  and  off).  For 
proportional  control  consider  a  vessel  of  small  capacity  containing  a 
heating  element.  Cold  water  continuously  enters  and  hot  water  leaves 
the  vessel.  The  control-point  temperature  has  been  fixed.  Suppose 
the  temperature  of  the  cold-water  supply  suddenly  drops  very  much. 
For  each  degree  that  the  water  in  the  vessel  deviates  from  the  control 
point,  a  greater  amount  of  heat  will  be  supplied.  In  floating  control,  the 
rate  at  which  the  valve  moves  is  proportional  to  the  deviation  of  the 
temperature  from  the  control  setting.  If  the  temperature  is  below  the 
control  point,  the  valve  opens  at  a  constant  rate  or  a  rate  which  increases 
with  the  extent  of  deviation.  As  the  control  point  is  reached,  the  valve 
closes  but  at  a  rate  in  proportion  to  the  deviation.  Floating  control  is 
not  well  suited  to  operations  requiring  rapid  temperature  control,  since 
the  correction  in  the  temperature  near  the  control  point  (narrow  band)  is 
slow  and  cyclical.  Some  floating-control  mechanisms  are  modified  to 
give  a  rapid  action  outside  a  fixed  narrow  band  of  deviations  and  a  slow 
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action  inside  the  narrow  band.  A  combination  of  floating  and  pro¬ 
portional  control  will  make  the  action  more  rapid.  Proportional  control 
and  automatic  reset  correct  the  action  of  proportional  control  when  a 
major  deviation  may  continue  with  additional  minor  deviations  in  the 
same  variable.  Suppose  a  major  demand  change  occurs.  In  propor¬ 
tional  control  the  valve  position  is  fixed 
by  the  magnitude  of  the  deviation.  If 
the  valve  is  correcting  for  a  large  deviation 
while  an  additional  minor  deviation 
occurs,  the  correction  for  the  minor  devia¬ 
tions  would  be  made  with  a  valve  which 
is  open  primarily  to  the  extent  of  the 
major  deviation.  The  reset  shifts  the 
proportioning  band  so  that  the  minor 
corrections  can  be  made  as  if  the  major 
deviation  were  the  control  point  and  not 
in  proportion  to  the  total  deviation  from 
the  control  point.  Fig-  21-5-  OriG.ce  taps. 

Flow  Control.  The  temperature  control  of  a  fluid  can  be  accomplished 
by  changing  the  flow  of  a  heating  or  cooling  medium.  In  many  instances, 
however,  the  control  of  flow  may  be  of  greater  importance  than  the  con¬ 
trol  of  temperature,  and  the  methods  of  automatically  maintaining  flow 
warrant  preliminary  consideration.  Unlike  the  expansion  of  a  bulb,  flow 
variations  are  detected  by  means  of  the  differential  pressures  they  cause 


Air  tine  to  controller 


acr°SS  an  orifice.  Usually  the  flange  and  orifice  assembly  shown  in 

Fig.  21.5  is  tapped  and  fitted  with  tubes  leading  to  a  capillary  helix  or 

other  device  which  is  sensitive  to  the  differential  pressure  A^displacc 

ment  changes  the  position  of  the  flapper,  and  the  remainder  of  the  control 
is  Similar  to  that  shown  in  Fig.  21.2.  control 

The  simplest  arrangement  of  flow  control  is  shown  in  Fig.  21.6.  The 
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flow  of  compressed  air  to  the  pilot  controller  mechanism  is  usually 
assumed  to  be  present  without  being  indicated,  and  very  often  the  con¬ 
troller  may  also  record  the  variations,  thus  being  &  flow-recorder  controller. 
In  establishing  the  primary  flow  control  for  a  process  it  is  important  to 
consider  whether  the  pumps  will  be  of  the  reciprocating  or  centrifugal 


Fig.  21.7.  Flow  control  with  centrifugal  pump. 


types.  If  a  centrifugal  pump  is  employed,  flow  control  can  be  effected 
by  throttling  against  the  pump  pressure  as  shown  in  Fig.  21.7.  In  the 
pilot  shown  in  Fig.  21.2  the  compressed  air  leaving  the  control  head  kept 
the  diaphragm  valve  open.  About  70  per  cent  of  the  controllers  are  of 
this  type,  and  about  30  per  cent  open  if  the  air  fails.  The  latter  type  is 

particularly  useful  when  controll 


Fig.  21.8. 
pump 


Flow  control  with  reciprocating 


ing  the  flow  of  reflux  to  distilling 
towers.  The  use  of  a  by-pass 
around  the  controller  is  a  standard 
practice  which  permits  the  con¬ 
tinued  operation  of  the  process 
with  manual  control  if  the  con¬ 
troller  or  its  air  supply  should  fail. 
When  using  reciprocating  pumps, 
throttling  against  the  displace¬ 
ment  of  the  pump  may  cause 
destructive  pressures  to  be  built  up. 
The  flow  controller  in  these  cases 


is  installed  in  a  by-pass,  returning  to  the  reciprocating  pump  suction  “ 
shown  in  Fig.  21.8.  In  this  manner  constant  discharge  is  maintai  y 
Ml  u»  »»»..  .1  by-passing.  Tb.  = U»  M; 
ing  but  a  single  valve  allows  manual  by-passing  when  both  the  valv 
adjoining  the  diaphragm  valve  must  be  closed  because  of  controller 

air  failure. 
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When  using  automatic  controllers,  the  flow  may  be  intentionally 
divided  so  that  the  bulk  of  the  fluid  flows  through  a  continual  by-pass 
and  only  a  small  amount  through  the  controlling  line.  This  reduces  the 
cost  of  the  controller  by  reducing  its  size.  However,  the  use  of  a  con¬ 
tinual  by-pass  as  an  integral  part  of  the  flow-control  system  introduces 
several  unfavorable  factors  in  the  maintenance  of  uniform  control. 
Except  where  the  flow  lines  are  extremely  large  and  the  control  valve  is 
expensive,  it  is  undesirable  to  use  a  continual  by-pass.  Like  temperature 
control,  pressure  and  level  control  are  often  intimately  associated  with 
the  control  of  flow. 

TEMPERATURE  CONTROL 

Instrumentation  Symbols.  Most  of  the  common  arrangements  of 
process  apparatus  require  several  interrelated  instruments  to  assure 
reasonable  control.  To  simplify  representation,  the  instrumentation 
flow-plan  symbols  employed  here  are  those  suggested  in  a  survey  question¬ 
naire  by  a  symbols  subcommittee  of  the  Instrument  Society  of  America. 
The  legend  for  a  number  of  the  common  symbols  is  given  in  Fig.  21.9. 
The  first  letters  which  appear  as  instrument  designations  are 
F  =  flow 
L  =  level 
P  =  pressure 
T  =  temperature 


The  second  or  third  letters  are 


C  =  controller 
G  =  glass  (as  LG) 
I  =  indicator 
R  =  recorder 
S  =  safety 
V  =  valve 
W  =  well 


Often  it  is  desirable  to  assemble  all  the  instruments  at  a  single  point 
away  from  the  locality  at  which  the  measurement  and  control  actually 

tTf  r6  r  eiTed  t0  “  5oarrf'mol-mted  instruments  as  different^ 
ated  from  locally  mounted  instruments  and  are  designated  by  a  hori¬ 
zontal  line  through  the  instrument.  Often  the  instruments  on  a  single 
control  board  are  at  some  distance  from  the  point  of  measurement  Tn 
such  cases  the  response  is  amplified  by  a  pneumatic  transmitter  This  is 

K  ’  the  M  «»u.  •* . 


-  “  SS5&  Sir: 
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omitted.  Except  where  necessary  to  manual  control,  the  indicating  or 
recording  features,  have  also  been  omitted,  although  they  are  essential 
to  the  instrumentation  of  the  process  as  a  whole. 

Whenever  a  control  valve  is  installed  directly  in  the  inlet  or  outlet 
line  of  an  exchanger,  cooler,  or  heater,  the  fluid  passing  through  the 


Piping 


Air  lines  -#■ 


-S>-  -S— 


Manual 

valve 

7©" 

Displacement- 

type 

flow  meter 


Diaphragm  Electrically 
valve  Operated 
valve 


Safety 

valve 


©  © 
Differential*  Row- recorder 
type  mechanical 
flow  indicator  transmission 


FR 


Flow- 

recorder 

rotameter 


Electric  connections - 

Integral  Pneumatic  connection 

regulatinq  to  diaphragm  valve 

valve 


© 


Board-  Pneumatic  transmitter 

mounted  with  board-mounted 
instrument  instrument  (receiver) 


Flow  recorder  with  Flow  recorder  controller 
pneumatic  transmission  with  pneumatic  transmission 


Temperature  Temperature 
well  indicator 


Level  controller 
internal  type 


-© 


Gage  glass 


Reset 

- r¥~ 


FRC 


Temperature-recorder 
controller  resetting 
flow- recorder  controller 

Fio.  21.9.  Typical  instrument  symbols.  Instrument  lines  are  usually  lighter  than  piping 
or  equipment. 

apparatus  must  still  retain  sufficient  available  pressure  so  that  when 
operating,  the  control  valve  is  capable  of  increasing  or  decreasing  the  flow 
of  the  line.  Thus  an  exchanger  which  at  design  flow  utilizes  near  y  a 
of  the  available  static  pressure  on  a  line  has  little  pressure  available  fo 
overcoming  the  effect  of  the  control  valve.  An  instrument  is  useless 
which  operates  under  such  conditions  that  the  control  valve  is  wide  open 
and  unable  to  open  farther  to  effect  control.  Thus  when  selecting 

te  l! process  the  total  head  must  be  not  only  sufficient  to  overcome 
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the  sum  of  the  static  heads  and  pressure  drops  of  the  equipment  but  also 
enough  to  overcome  the  drop  through  the  control  valve. 

Coolers.  Figures  21.10  to  21.12  show  three  methods  of  providing  con¬ 
trol  for  coolers.  Figure  21.10  is  used  where  the  maximum  possible  cool¬ 
ing  is  desired  or  where  there  is  an  abundance  of  cooling  water.  When  an 
overhead  volatile  product  from  a  distilling  column  passes  through  an 
aftercooler  and  is  to  be  sent  to  stor¬ 


age,  it  is  cooled  as  low  as  possible, 
since  any  decrease  in  the  evapora¬ 
tion  and  vent  loss  may  constitute  a 
significant  economy.  In  such  cases 
only  a  manual  throttling  valve  is 
provided  on  the  outlet-water  line. 
If  water  is  abundant,  the  manual 
valve  is  left  completely  open.  The 
only  instrumentation  suggested  is  an 


Hot  fluid  in 


— »• 

^ — ft 

■P  , 

,J9> 

c 

Coo  ter 

Ouf 

't™> 

Water 

Fig.  21.10.  Simple  cooler. 


industrial  thermometer  or  temperature  indicator  on  the  hot-fluid  outlet. 
This  enables  the  operator  to  make  routine  checks  to  ascertain  that  the 
temperature  of  the  liquid  is  well  below  the  maximum  allowable  storage 
temperature.  Thermometers  are  useful  at  the  other  nozzles  but  only 
when  checking  the  performance  of  the  cooler  or  other  apparatus  Ther 
mometer  wells  are  usually  provided  for  this  purpose  as  plugged  bosses 
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controlled  independently  by  the  flow  controller.  The  cooling  water  is 
assumed  to  have  a  relatively  constant  temperature,  so  that  the  hot-fluid 
outlet  temperature  is  controlled  by  the  quantity  of  cooling  water.  The 
temperature  of  the  hot-fluid  discharge  is  measured  by  a  temperature- 
sensitive  element  at  a  and  transferred  to  the  temperature  controller  which 
actuates  an  air-operated  valve  o  the  cold-water  discharge  at  b.  If  the 
temperature  at  a  varies,  the  valve  at  b  opens  or  closes  accordingly.  This 
same  arrangement  can  be  used  for  gases  provided  a  sufficiently  sensitive 
element  is  used. 

In  Fig.  21.12  an  arrangement  is  shown  for  cooling  gases  below  their 
dew  points  such  as  occurs  in  compressor  aftercoolers.  The  gas  is  cooled 


and  its  temperature  is  measured  it  a  and  controlled  at  the  water  discharge 
6.  The  cooled  gas  and  condensate  pass  into  the  knockout  drum,  where  a 
liquid  level  is  continuously  maintained  by  the  level  controller, 
simplest  type  of  level  controUer  consists  of  an  external  float  who 
vertical  movement  actuates  the  control.  When  the  level  rises  above  the 
control  point  or  range  of  the  level  controller,  it  opens  the  valve  at  c  and 
lets  the  liquid  run  out.  The  purpose  of  the  level  controller  is  to  mamta 

a  liquid  seal  which  prevents  the  escape  of  gas  from ““tshell  The 
and  also  prevents  the  condensate  from  backing  up  into  the  shefl^  1 

liquid  level. 
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Exchangers.  Exchangers  do  not  always  require  special  temperature 
control.  Since  their  purpose  in  a  process  is  to  provide  the  maximum 
recovery  of  heat,  there  is  no  reason  to  restrict  their  performance  by  the 
use  of  controls.  It  will  ordinarily  suffice  to  use  manual  valves  which 
are  kept  wide  open.  The  principal  controls  are  usually  provided  on  both 
the  cooler  and  heater  which  are  adjacent  to  the  exchanger.  For  example, 
when  a  stream  is  to  serve  as  the  feed  to  a  distilling  column,  it  may  enter 
the  system  through  a  bottoms-to-feed  exchanger  as  in  Fig.  11.1  and  then 
through  a  feed  preheater.  The  temperature  control  of  the  stream  will  be 
effected  in  the  preheater  by  a  flow  adjustment  of  the  steam  entering  .the 
preheater.  Similarly,  when  a  fluid  is  cooled  in  an  exchanger,  it  usually 
passes  through  a  cooler  and  its  temperature  is  controlled  by  a  flow  adjust¬ 
ment  of  the  water.  It  is  not  possible  to  control  both  the  flow  quantities 
and  outlet  temperatures  of  both  streams  passing  through  an  exchanger 
at  the  exchanger  itself,  since  one  adjustable  quality  must  always  be 
present.  Thus,  if  the  outlet  temperatures  of  both  streams  are  to  be  con¬ 
trolled  and  the  flow  or  temperature  of  one  stream  may  vary,  the  flow  or 
outlet  temperature  of  the  other  stream  must  also  vary. 

There  are,  however,  a  number  of  instances  in  which  the  outlet  tempera¬ 
ture  of  one  of  the  streams  must  be  controlled,  and  such  cases  are  treated 
here.  Most  of  the  problems  of  exchanger  instrumentation  are  encoun¬ 
tered  when  the  two  streams  are  of  unequal  size,  the  one  being  very  much 
larger  than  the  other.  By  the  same  token  the  larger  stream  possesses  a 
short  temperature  range  and  the  smaller  stream  a  very  large  temperature 
range.  Figures  21.13  and  21.14  are  typical  of  this  application.  In  Fig. 
21.13  the  hot  fluid  is  considered  the  large  stream  and  the  cold  fluid  the 
small  stream.  The  hot  fluid  is  to  be  flow-  and  temperature-controlled, 
and  its  inlet  temperature  is  assumed  to  be  subject  to  small  variations. 
The  cold  fluid  is  flow-controlled,  and  its  outlet  temperature  is  assumed 
to  be  reasonably  constant.  The  net  Btu  removal  or  injection  in  this  case 
can  best  be  effected  on  only  a  portion  of  the  large  stream,  and  to  this  end 
the  by-pass  is  provided  for  temperature  control.  It  will  be  seen,  how¬ 
ever,  that  the  flow  control  of  the  hot  fluid  is  carried  out  on  the  entire 
stream.  This  arrangement  provides  flexible  temperature  control,  allow¬ 
ing  any  proportion  to  be  by-passed.  It  also  permits  the  elimination  of 
any  problems  of  excessive  pressure  drop  which  might  result  if  the  entire 
large  stream  were  passed  through  the  exchanger.  It  is  also  advantageous 
where  an  exchanger  is  repeatedly  used  for  several  different  services.  As 
an  example,  a  particular  distilling  column  and  its  auxiliaries  may  be  used 
for  a  time  with  one  feed  stock  and  then  changed  to  another  stock  for 
another  period.  The  controls  shown  in  Fig.  21.13  will  enable  the 
exchange  of  a  fairly  uniform  heat  load  in  the  exchanger  for  the  several 
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stocks.  The  pressure-control  valve  permits  a  constant  controlled  flow 
of  the  fluid  being  temperature-controlled,  and  the  only  varying  qualities 
are  the  inlet  temperature  of  the  temperature-controlled  fluid  and  the 
outlet  temperature  of  the  secondary  fluid. 


Fig.  21.13.  Exchanger  with  temperature-controlled  large  stream. 

Heaters.  Few  types  of  apparatus  cause  greater  difficulty  than  heaters 
using  low-pressure  steam  with  temperature  control  on  the  cold-fluid  outlet 
temperature.  The  difficulty  can  be  eliminated,  however,  when  proper 
means  for  removing  the  condensate  and  air  are  provided.  All  heaters 


■using  steam  at  superatmospheric  pressures  should  be  equipped  with  air 
vents  at  the  highest  accessible  points.  Heaters  operating  with  a  cold- 
fluid  outlet  temperature  exceeding  212°F  as  in  Fig.  21.15  genera  yoe 
little  difficulty,  because  the  condensate  is  not  subcooled  below  the  pressure 

necessary  to  force  it  through  the  outlet  trap. 
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In  practice,  heaters  are  often  designed  for  small  temperature  differ¬ 
ences.  Added  to  this  is  the  fact  that  they  are  usually  overdesigned,  par¬ 
ticularly  when  clean,  so  that  the  cold-fluid  outlet  temperature  and  the 
steam  condensate  temperature  are  nearly  the  same.  The  cold  fluid  and 
the  condensate  may  both  have  outlet  temperatures  below  212°F  (cor¬ 
responding  to  0  psig)  indicating  that  more  heat  is  being  removed  from  the 
steam  than  is  desired  thereby  subcooling  the  condensate  to  vacuum. 
Without  temperature  control  a  condensate  level  may  build  up  in  the 
heater  to  cover  a  portion  of  the  tubes,  reduce  the  available  surface  and 
the  transferred  heat  load,  and  reduce  the  outlet  temperature  on  the  hot 


Iio.  21.15.  Heater  for  high  cold-fluid  outlet  temperature. 


fluid.  If  the  corrosive  action  resulting  when  a  condensate  level  is  main¬ 
tained  in  the  tubes  is  not  excessive,  the  steam  flow  can  be  controlled 
manually  or  by  a  self-regulating  flow  controller  with  a  simple  trap  for 
condensate  removal  provided  the  heat  demand  does  not  vary  too  fre¬ 
quently  or  rapidly  for  manual  adjustment. 

With  temperature  control  a  system  for  the  removal  of  low-pressure 
steam  embodying  the  principles  shown  in  Fig.  21.16  must  be  employed 
However,  a  pressure-control  valve  may  be  used  to  maintain  the  pressure 
in  the  heater.  When  the  pressure-control  valve  is  installed  in  the  con¬ 
densate  outlet  line,  the  temperature-control  valve  then  varies  the  con¬ 
densate  level  in  the  heater  to  compensate  for  varying  heat  loads  Very 
often  an  arrangement  like  that  shown  in  Fig.  21.15  is  unsuited  for  heaters 
providing  a  low  cold-fluid  outlet  temperature.  Without  condensate 
covering  some  of  the  tubes,  the  total  surface,  containing  some  excess  is 
always  exposed  and  the  steam  has  to  condense  at  subatmospheric  pre 
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sure  in  order  to  reduce  the  LMTD  and  provide  the  desired  cold-fluid 
outlet  temperature.  On  attaining  an  abnormally  high  fluid  outlet 
tomperature,  the  temperature-control  valve  throttles  the  steam  until  a 
condensate  level  builds  up  inside  the  heater.  By  the  time  the  cold-fluid 
outlet  temperature  has  decreased  to  normal,  condensate  covers  the  tubes, 
causing  the  condensate  in  the  lo'  er  portion  to  be  subcooled  and  a  result¬ 
ant  vacuum  within  the  heater.  When  the  temperature  controller  next 
detects  a  subnormal  cold-fluid  outlet  temperature,  it  must  a^mit  enough 
steam  to  raise  the  pressure  sufficiently  to  remove  all  the  subcooled 
condensate  and  decrease  the  condensate  level  in  the  heater.  In  doing 
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Fig.  21.16.  Heater  using  low-pressure  steam. 


this  too  many  tubes  may  be  uncovered  by  the  steam  pressure,  causing 
the  cold-fluid  outlet  temperature  to  rise  above  the  control  point.  This 
procedure  causes  cycling  and  a  virtually  uncontrolled  cold-fluid  outlet 
temperature.  The  arrangement  in  Fig.  21.15  is  suitable  for  heaters  using 
high-pressure  steam  in  which  the  condensing  temperature  and  pressure, 
after  passing  through  the  control  valve,  is  sufficiently  high  to  blow  the 

condensate  out. 

Total  Condensers.  Figure  21.17  shows  the  arrangement  for  a  con¬ 
denser  with  gravity  flow  of  reflux.  The  principal  disadvantage  to  the 
use  of  gravity  flow  lies  in  the  fact  that  the  condenser  and  accumulator 
must  be  elevated  above  the  tower,  requiring  additional  structural  support- 
The  overhead  condensate  drains  into  the  accumulator,  which  is  provided 
with  a  manual  vent  for  continuous  bleeding  if  the  operation  is  at  elevated 
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Fio.  21.18.  Condenser  with  pumped  reflux. 
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pressure  oi  left  wide  open  if  operation  is  at  atmospheric  pressure.  If 
there  is  any  tendency  for  noncondensables  to  enter  the  system,  it  may  be 
necessary  to  bleed  them  at  the  top  of  the  condenser.  The  condensate 
builds  up  a  level  in  the  accumulator,  and  reflux  is  regulated  by  the  level 
controller.  The  overhead  product  is  removed  at  a  fixed  rate  by  the  flow 
controller.  It  is  seen  that  there  .s  no  positive  temperature  control  other 
than  manual  in  the  event  that  the  reflux  temperature  should  fall  appreci¬ 
ably  below  that  of  the  top  tray.  This  may  be  compensated  for,  how¬ 


ever,  by  introducing  a  temperature  controller  at  one  of  the  intermediate 
trays  of  the  column  which  operates  on  the  steam  line  going  to  the  reboiler 
at  the  bottom  of  the  column. 

Figure  21.18  is  a  typical  example  of  a  condenser  operating  with 
pumped-back  reflux.  The  reflux  pump  is  often  at  the  ground  level,  and 
the  condenser  and  the  accumulator  are  immediately  above  it.  In  this 
particular  application,  the  reflux  rate  is  set  by  the  flow  controller  and  the 
overhead  product  flow  is  set  by  the  level  controller.  The  reversal  of  the 
method  of  overhead  product  flow  control  between  Figs.  21.17  and  21.18 
is  due  to  the  smaller  liquid  head  in  the  gravity-flow  system.  Figure  21. 1U 
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shows  an  arrangement  for  the  condensation  of  a  pure  volatile  product 
which  must  be  subcooled  in  an  aftercooler  to  prevent  the  flashing  of  the 
overhead  product  when  its  liquid  pressure  is  relieved.  A  particular 
feature  of  this  type  of  arrangement  is  the  use  of  a  pressure  controller  for 
the  control  of  temperature  by  direct  connection  between  the  water  outlet 
flow  and  the  tower  pressure.  When  the  system  contains  noncondensables 

this  arrangement  cannot  be  employed. 

Figure  21.20  shows  an  arrangement  for  a  system  having  noncondens¬ 
ables.  The  instruments  used  here  differ  in  the  manner  by  which  they 


effect  control.  First,  the  noncondensables  are  prevented  from  building 
up  in  the  system  by  means  of  the  pressure  controller  on  the  accumulator 
which  provides  a  continuous  automatic  vent  to  the  atmosphere  or  to  the 
next  step  in  the  process  if  the  saturated  noncondensables  are  subjected 
to  further  treatment.  The  tower  overhead  temperature  is  maintained 
by  the  control  er  adjusting  the  rate  of  water  flow  to  the  condenser  and 

pfXt  purity  6  reflUX  temperature  t0  maintain  the  overhead 

“  C°"d*nSerf.- ,  A  partial  cond«^  arrangement  is  shown  in 
21;21.  The  par‘lal  condenser  is  used  for  volatile  materials  to  enable 
reflux  to  be  pumped  back  to  the  tower  at  substantially  the  top  tray 
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temperature  while  the  remainder  of  the  overhead  is  condensed  and  cooled 
so  as  to  prevent  reflashing  when  the  pressure  is  released  in  the  storage 
tank.  The  elements  of  the  control  can  be  identified  by  comparison  with 
Figs.  21.19  and  21.20. 


Pump-through  Reboilers.  A  reboiler  can  be  critical  in  a  distillation 
process,  and  its  control  is  extremely  important.  Furthermore,  steam- 
heated  reboilers  are  subject  to  the  same  operating  difficulties  encountered 
with  heaters.  Because  pump-through  reboilers  are  used  only  for  small 
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services,  the  requirements  of  control  are  usually  more  sensitive  than 
those  for  larger  operations. 

Figure  21.22  shows  the  arrangement  for  a  pump-through  reboiler  where 
the  amount  of  bottom  product  is  small  compared  with  the  total  flow' 
through  the  reboiler.  Figure  21.23  shows  the  arrangement  for  cases 
where  the  bottom  product  is  an  appreciable  part  of  the  total  flow.  In 
this  case  the  bottom  product  rate  is  set  separately  by  the  level  controller 


Fig.  21.23.  Pump-through  reboiler  with  high  bottoms  rate. 


Fig.  21.24.  Pump-through  reboiler  with  pure  bottoms  or  constant-boiling  mixture. 


so  as  not  to  interfere  with  the  reboiler  operation.  In  both  Figs.  21.22 
and  21.23  it  has  been  assumed  that  the  liquids  have  appreciable  boiling 
ranges  so  as  to  make  the  use  of  a  temperature  controller  effective.  If  the 
bottom  product  is  substantially  pure  or  a  constant  boiling  mixture,  as  in 
Fig.  21.24,  the  use  of  temperature  control  is  impractical,  since  the 
temperature  will  remain  constant  independently  of  the  steam  supply 
Only  the  flow  rate  changes,  and  to  overcome  this  limitation  the  flow  of 
steam  is  adjusted  by  the  level  controller.  The  reset  permits  partial 
response  of  the  flow  controller  so  as  to  increase  the  level  controller  range. 


786 


PROCESS  HEAT  TRANSFER 


Natural-circulation  Reboilers  and  Evaporators.  Because  of  their 
similarity  the  chiller-  and  kettle-type  reboiler  are  included  in  this  classi¬ 
fication.  The  instrumentation  for  the  chiller  is  shown  in  Fig.  21.25. 
The  valve  on  the  temperature  controller  should  be  sized  for  a  small 


pressure  drop  so  as  not  to  reduce  the  compressor  suction  or  unnecessarily 
increase  the  power  cost.  Figure  21.26  shows  the  instrumentation  for  the 
kettle  reboiler.  The  functions  of  the  level  control  are  evident.  The 
horizontal  thermosyphon  is  shown  in  Fig.  21.27  with  once-through  flow 
as  compared  with  a  recirculating  arrangement.  The  arrangements  ot 
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Figs.  21.26  and  21.27  may  also  serve  as  the  basis  for  the  instrumentation 

of  horizontal  and  vertical  evaporators. 

Batch  Processes.  Batch  processes  are  usually  very  simple  to  control. 
Most  batch  processes  do  not  require  automatic  control  of  any  sort. 


Batch  distillation  presents  several  interesting  problems  which  are  shown 
in  big.  21.28.  During  batch  distillation  the  still  and  possibly  the  over- 

Hil,t„PwTU,arIy  PTrry’  ivH'CChem’Cal  Englneers’  Handbook,”  3d  ed.,  McGraw- 
nui  Book  Company,  Inc.,  New  York,  1950. 
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head  temperatures  change  continuously  as  material  is  taken  off  overhead 
and  the  related  problem  is  then  the  control  of  temperature  and  pressure. 
Instead  of  using  a  temperature  controller,  an  elapsed  time-temperature 
controller  or  program  controller  is  used.  It  sets  a  time  period  for  the 
distillation  temperatures  and  thr  ittles  the  steam  while  the  still  tempera- 


B of  tom 
product 

Fio.  21.29.  Automatic  control  of  a  distillation  process  with  feed  containing  some  non 


condensable  gas. 

ture  rises  through  a  timed  cycle  of  temperature  rises.  The  pressure  con¬ 
trol  is  maintained  simply  by  a  back-pressure  regulator  (pressure-control 
valve)  on  the  assumption  that  there  is  some  small  amount  of  volatiles  or 
noncondensables.  The  reflux  is  flow-controlled  during  the  entire 

operation.  .  . 

Continuous  Distillation.  Figure  21.29  shows  the  instrumentation  lot 
a  continuous  distillation  charged  with  a  feed  having  noncondensables. 
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With  the  exception  of  steam  distillation  which  closely  resembles  it,  other 
types  of  feed  permit  the  instrumentation  to  be  simplified.  Included  in 
Fig.  21.29  are  the  by-passes  about  the  instrument  controllers  and  the 
safety  or  relief  valves  on  the  exchangers.  Safety  valves  are  of  the  expan¬ 
sion-spring  type.  If  it  is  possible  in  any  way  for  the  flow  of  the  cold 
liquid  to  be  halted  because  a  valve  has  been  accidentally  turned  off  or  the 
instrument  control  fails,  a  safety  valve  is  placed  on  the  inlet  side  of  the 
cold  fluid.  It  permits  the  expansion  of  the  halted  cold  liquid  to  be 
relieved  inasmuch  as  the  hot  fluid  may  continue  to  flow  and  prevents 
destructively  large  pressures  from  being  built  up  in  the  liquid  lines. 
After  the  small  amount  of  liquid  expansion  has  been  relieved,  the  valve 
reseats  itself.  Attention  should  also  be  focused  on  the  hook-up  of  the 
reboiler.  Instead  of  the  overflow  going  to  the  product  outlet,  as  in  the 
recirculating  hook-up,  the  overflow  is  used  to  equalize  the  liquid  level  on 
a  once-through  arrangement.  This  is  preferable  in  the  event  that  the 
reboiler  is  overdesigned  and  more  than  the  required  amount  o  vaporiza¬ 
tion  may  occur.  The  temperature  indicators  shown  in  the  column  are 
multiple  thermocouples  connected  usually  to  a  single  indicating  instru¬ 
ment.  The  instruments  which  would  make  a  convenient  panel  board 
for  the  control  of  the  process  are  shown  by  a  horizontal  line  for  board 
mounting. 

Conclusion.  The  elements  of  process  control  presented  here  have  been 
among  the  simplest.  The  steppingstones  by  which  an*  overall  modern 
process  can  be  controlled  involve  far  more  than  the  combination  of  several 
single  effects.  For  these  complex  applications  the  many  compound 
instruments  of  particular  manufacturers  are  required  to  amplify  the 

measurements  or  surpress  the  lags  resulting  from  a  large  number  of 
controls. 
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Table  1.  Conversion  Factors  and  Constants 

Energy  and  power: 

Btu  =  0.252  kg-cal 
Btu  =  0.293  watt-hr 

Btu  =  0.555  pcu  (pound  centigrade  unit) 

Btu  =  778  ft-lb 
Btu  /min  =  0.236  hp 
Hp  =  42.4  Btu/min 
Hp  =  33,000  ft-lb/min 
Hp  =  0.7457  kw 
Hp-hr  =  2543  Btu 
Kw  =  1.3415  hp 
Watt-hr  =  3.415  Btu 

Fluid  flow: 

Bbl/hr  =  0.0936  cfm 
Bbl/hr  =  0.700  gpm 
Bbl/day  =  0.0292  gpm 
Bbl/day  =  0.0039  cfm 
am  =  10.686  bbl/hr 
Gpm  =  1.429  bbl/hr 
Gpm  =  34.3  bbl/day 

Gpm  X  s  (specific  gravity)  =  500  X  s  lb /hr 
Heat-transfer  coefficients: 

Btu/(hr)(ft*)(°F)  =  1.0  pcu/(hr)(ft2)(°C) 

Btu /(hr) (ft2)  (°F)  =  4.88  kg-cal/(hr)(m2)(°C) 

Btu /(hr)  (ft2)  (°F)  =  0.00204  watts /(in.2)  (°F) 

Length ,  area,  and  volume: 

Bbl  =  42  gal 
Bbl  =  5.615  ft3 
Cm  =  0.3937  in. 

Ft3  =  0.1781  bbl 

Ft3  =  7.48  gal 

Ft3  =  0.0283  m3 

M3  =  6.290  bbl 

M3  =  35.314  ft3 

Ft  =  30.48  cm 

Ft  =  0.3048  m 

Gal  =  0.02381  bbl 

Gal  =  0.1337  ft3 

Gal  =  3.785  liter 

Gal  =  0.8327  gal  (Imperial) 

In.  =  2.54  cm 
Liter  =  0.2642  gal 
Liter  =  1.0567  qt 
M  -  3.281  ft 
Ft2  =  0.0929  m2 
M*  <=  10.76  ft* 
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Pressure: 

Atm  =  33.93  ft  of  water  at  60°F 

Atm  =  29.92  in.  Hg  at  32°F 

Atm  =  760  mm  Hg  at  32°F 

Atm  =  14.696  psi 

Atm  =  2116.8  lb  /ft2 

Atm  =  1.033  kg/cm2 

Ft  of  water  at  60°F  =  0.4331  psi 

In.  of  water  at  60°F  =  0.0361  psi 

Kg/cm1  =  14.223  psi 

Psi  =  2.309  Ft  of  water  at  60°F 

Temperature: 

Temperature  °C  =  *H)(°F  —  32) 

Temperature  °F  =  %(°C  +  32) 

Temperature  °F  absolute  (°R)  =  °F  +  460 
Temperature  °C  absolute  (°K)  =  °C  -f  273 

Thermal  conductivity: 

Btu /(hr)  (ft2)  (°F /ft)  =  12  Btu/(hr)(ft2)(°F/in.) 

Btu /(hr)  (ft2)  (°F /ft)  =  1.49  kg-cal/(hr)(m2)(°C/m) 
Btu /(hr) (ft2)  (°F /ft)  =  0.0173  watts/(cm2)(°C/cm) 

Viscosity  (additional  factors  are  contained  in  Fig.  13): 

Poise  =  1  g/(cm)(sec) 

Centi  poise  =  0.01  poise 
Centipoise  =  2.42  lb/(ft)(hr) 

Weight: 

Lb  -  0.4636  kg 
Lb  =  7000  grains 
Ton  (short  or  net)  =  2000  lb 
Ton  Gong)  =  2240  lb 
Ton  (metric)  =  2205  lb 
Ton  (metric)  =  1000  kg 

Constants: 

Acceleration  of  gravity  =  32.2  ft/sec2 
Acceleration  of  gravity  =  4.18  X  108  ft/hr2 
Density  of  a  cubic  foot  of  water  =  62.5  lb /ft 
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Table  2.  Thermal  Conductivities  of  Some  Building  and  Insulating 

Materials* 
k  =  Btu/(hr)  (ft*)  (°F  /ft) 


Apparent 

density 

p,  lb/ft3 

°F  . 

k 

at  room 

temperature 

8.5 

248 

0.013 

554 

0.026 

120 

68 

0.43 

55.5 

124 

0.096 

112 

32 

0.087 

112 

140 

0.114 

29.3 

-328 

0.043 

29.3 

32 

0.090 

36 

32 

0.087 

36 

212 

0.111 

36 

392 

0.120 

36 

752 

0.129 

43.5 

-328 

0.090 

43.5 

32 

0.135 

0.2 

100 

0.025 

351 

0.038 

32-212 

0.041 

132 

68 

0.43 

801 

1.8 

2399 

2.7 

115 

1472 

0.62 

115 

2012 

0.63 

68 

0.4 

200 

392 

0.67 

200 

1202 

0.85 

200 

2399 

1.0 

27.7 

399 

0.051 

27.7 

1600 

0.077 

27.7 

399 

0.081 

27  7 

1600 

0.106 

38 

399 

0.14 

38 

1600 

0.18 

42.3 

399 

0.14 

42.3 

1600 

0.19 

37 

392 

0.13 

37 

1832 

0.34 

Material 


Aerogel,  silica,  opacified 

Asbestos-cement  boards. 

Asbestos  sheets . 

Asbestos  slate . 


Asbestos . 


Aluminum  foil,  7  air  spaces  per  2.5  in 


Ashes,  wood . 

Asphalt . 

Boiler  scale  (ref.  364) . 

Bricks 

Alumina  (92-99%  A12Oj  by  weight)  fused. . 

Alumina  (64-65%  A1203  by  weight) . 

(See  also  Bricks,  fire  clay) . 


Building  brickwork . 

Chrome  brick  (32%  Cr203  by  weight) 


Diatomaceous  earth,  natural,  across  strata 

Diatomaceous,  natural,  parallel  to  strata 

Diatomaceous  earth,  molded  and  fired . 

Diatomaceous  earth  and  clay,  molded  and 
fired . 

Diatomaceous  earth,  high  bum,  large 
pores .  6 
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Table  2.  Thermal  Conductivities  of  Some  Building  and  Insulating 

Materials.  * — ( Continued ) 


Apparent 
density 
p,  lb /ft3 
at  room 
temperature 

°F 

k 

392 

0.58 

1112 

0.85 

1832 

0.95 

2552 

1.02 

27 

932 

0.15 

27 

2102 

0.26 

19 

392 

0.050 

19 

1400 

0.113 

158 

399 

2.2 

158 

1202 

1.6 

158 

2192 

1.1 

129 

1112 

10.7 

129 

1472 

9.2 

129 

1832 

8.0 

129 

2192 

7.0 

129 

2552 

6.3 

162 

86 

1.3 

1.7 

96 

0.4 

84.6 

104 

0.22 

132 

167 

0.43 

77.9 

77 

0.25 

100 

0.09 

32-212 

2.0 

0.037 

87.3 

86 

0.12 

11.9 

176 

0.043 

15 

176 

0.051 

32-1292 

0.27 

212 

3.4 

932 

2.9 

32-212 

0.11 

0.20 

0.44 

0.54 

5 

86 

0.024 

10 

86 

0.025 

9.4 

86 

0.025 

8.1 

86 

0.026 

Material 


Bricks:  ( Continued ) 
Fire  clay,  Missouri. 


Kaolin  insulating  brick  .  .  . 
Kaolin  insulating  firebrick 


Magnesite  (86.8%  MgO,  6.3%  Fe2Oj,  3% 
CaO,  2.6,%  Si02  by  weight) . 


Silicon  carbide  brick,  recrystallized 


Calcium  carbonate,  natural . 

White  marble . 

Chalk . 

Calcium  sulphate  (4H20),  artificial., 

Plaster,  artificial . 

Building . 

Cambric,  varnished . 

Carbon,  gas . 

Cardboard,  corrugated . 

Celluloid . 

Charcoal  flakes . 

Clinker,  granular . 

Coke,  petroleum . 

Coke,  powdered . 

Concrete,  cinder . 

1 : 4  dry . 

Stone . 

Cotton  wool . 

Cork  board . 

Cork,  ground . 

Regranulated . 
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Table  2.  Thermal  Conductivities  of  Some  Building  and  Insulating 

Materials.  * — ( Continued ) 


Material 

Apparent 

density 
p,  lb/ft* 
at  room 
temperature 

°F 

20.0 

20.0 

17.2 

17.2 

26.0 

26.0 

61.8 

61.8 

167 

100 

1600 

399 

1600 

399 

1600 

399 

1600 

122 

Fine  . 

Molded  DiDe  covering . 

4  vol.  calcined  earth  and  1  vol.  cement, 
poured  and  fired . 

Dolomite . 

Ebonite . 

Enamel,  silicate . 

38 

20.6 

14.8 

80.5 

Felt,  wool . 

86 

70 

68 

68-207 

32-212 

Fiber  insulating  board . 

Fiber,  red . 

With  binder,  baked . 

Gas  carbon . 

Glass . 

Boro-silicate  type . 

139 

86-167 

Soda  glass . 

Window  glass . 

Granite . 

Graphite,  dense,  commercial . 

32 

104 

68 

86 

32 

68 

104 

Powdered,  through  100  mesh. . . . 

30 

78 

17 

57.5 

0.88 

10 

62.4 

103 

Gypsum,  molded  and  dry . 

Hair,  felt,  perpendicular  to  fibers . 

Ice . 

Infusorial  earth  (see  Diatomaceous  earth) 
Kapok . 

Lampblack . 

Lava . 

Leather,  sole . 

Limestone  (15.3  vol  %  H20). 

75 

86 

117 

70 

68 

Linen . 

Magnesia,  powdered. . . 

49.7 

19 

49.9 

Magnesia,  light  carbonate 

Magnesium  oxide,  compressed 

Marble . 

0.036 

0.082 

0.040 

0.074 

0.051 

0.088 

0.16 

0.23 

1.0 

0.10 

0.5-0.75 

0.03 

0.028 

0.27 

0.097 

2.0 

0.2-0.73 

0.63 

0.3-0.44 
0.3-0.61 
1.0-2. 3 
86.7 
0.104 
0.25 
0.021 
1.3 

0.020 

0.038 

0.49 

0.092 

0.54 

0.05 

0.35 

0.04 

0.32 

1.2-1. 7 
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Table  2.  Thermal  Conductivities  of  Some  Building  and  Insulating 

Materials.  * — ( Continued ) 


Material 

Apparent 

density 

P,  lb/ft3 

°F 

k 

at  room 
temperature 

Mica,  perpendicular  to  planes . 

122 

0.25 

0.033-0.05 

0.0225 

0.024 

Mill  shavings . 

Mineral  wool . 

9  4 

86 

86 

19.7 

Paper . 

0  075 

Paraffin  wax . 

32 

0.14 

3.4 

Petroleum  coke . 

212 

Porcelain . 

932 

392 

2.9 

0.88 

Portland  cement  (see  Concrete) . 

194 

0.17 

Pumice  stone . 

70-151 

0.14 

Pyroxylin  plastics . 

0.075 

Rubber,  hard . 

74.8 

32 

0.087 

Para  . 

70 

0.109 

Soft  . 

70 

0.075-0.092 

Sa.nd.  drv  . 

94.6 

68 

0.19 

Sandstone  . 

140 

104 

1.06 

Sfl.wd  l  i  st,  . 

12 

70 

0.03 

Sea  Ip  (ref  864)  . 

Silk  . 

6.3 

0.026 

VornicsViPfl  . 

100 

0.096 

<31  o  rr  Viloat.  fnrnnpp  . 

75-261 

0.064 

SI  q  ct  wool 

12 

86 

0.022 

201 

0.86 

34.7 

32 

0.27 

212 

0.09-0.097 

70 

0.16 

inanla+.inrr  t.vnP  . 

14.8 

70 

0.028 

V v  o/llDUciru.,  vjr  p'- . 

43 

86 

0.04 

waiiooara,  swu  . 

8.8 

86 

0.034 

Wood,  across  grain 

7-8 

86 

0.025-0.03 

dalf  . 

51.5 

59 

0.12 

44.7 

122 

0.11 

34.0 

59 

0.087 

40.0 

59 

0.10 

28.1 

140 

0.062 

Wood,  parallel  to  grain 

34.4 

70 

0.20 

6.9 

86 

0.021 

.F,om  L.  S.  Marks.  ••Mechanic..  Engineer.'  Handbook.”  MeGraw-HU.  Book Company.  Inc.. 

York.  mi. 
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Table  3.  Thermal  Conductivities,  Specific  Heats,  Specific  Gravities  of 

Metals  and  Alloys 
k  *  Btu/(hr) (ft*) (°F /ft) 


Substance 

Temp,  °F 

k* 

Specific  heat,f 
Btu/(lb)(°F) 

Specific 

gravity 

Aluminum 

32 

117 

0.183 

2.55-7.8 

Aluminum 

212 

119 

0.1824 

Aluminum 

932 

155 

0.1872 

Antimony 

32 

10.6 

0.0493 

Antimony 

212 

9.7 

0.0508 

Bismuth 

64 

4.7 

0.0294 

9.8 

Bismuth 

212 

3.9 

0.0304 

Brass  (70-30) 

32 

56 

0.1315* 

8. 4-8. 7 

Brass 

212 

60 

0.1488* 

Brass 

752 

67 

0.2015* 

Copper 

32 

224 

0.1487 

8.8-8.95 

Copper 

212 

218 

0.1712 

Copper 

932 

207 

0.2634 

Cadmium 

64 

53.7 

0.0550 

8.65 

Cadmium 

212 

52.2 

0.0567 

Gold 

64 

169.0 

0.030 

19.25-19.35 

Gold 

212 

170.8 

0.031 

Iron,  cast 

32 

32 

0.1064 

7.03-7.13 

Iron,  cast 

212 

30 

0.1178 

Iron,  cast 

752 

25 

0.1519 

Iron,  wrought 

64 

34.6 

See  Iron 

7. 6-7. 9 

Iron,  wrought 

212 

27.6 

See  Iron 

Lead 

32 

20 

0.0306 

11.34 

Lead 

212 

19 

0.0315 

Lead 

572 

18 

0.0335 

Magnesium 

32-212 

92 

0.255 

1.74 

Mercury 

32 

4.8 

0.0329 

13.6 

Nickel 

32 

36 

0.1050 

8.9 

Nickel 

212 

34 

0.1170 

Nickel 

572 

32 

0.1408 

Silver 

32 

242 

0.0557 

10.4-10.6 

Silver 

212 

238 

0.0571 

Steel 

32 

26 

See  Iron 

7.83 

Steel 

212 

26 

See  Iron 

Steel 

1112 

21 

See  Iron 

Tantalum 

64 

32 

0.0342 

16  6 

Zinc 

Zinc 

32 

212 

65 

64 

0.0917 

0.0958 

6. 9-7. 2 

Zinc 

752 

54 

0.1082 

York,  1941. 

t  From  K.  K.  Kolley,  U.S.  Bur.  Mine  Bull.  371  (1939). 
^  ^sighted  value  for  copper  and  zinc. 


800 


PROCESS  HEAT  TRANSFER 


Table  4.  Thermal  Conductivities  of  Liquids* 

k  =  Btu/ (hr)  (ft*)  (°F  /ft) 

A  linear  variation  with  temperature  may  be  assumed.  The  extreme  values  given 
constitute  also  the  temperature  limits  over  which  the  data  are  recommended. 


Liquid 


T 


Acetic  acid  100% 

50% . 

Acetone . 

Allyl  alcohol . 

Ammonia . 

Ammonia,  aqueous  26  % 

Amyl  acetate . 

Alcohol  (n-) . 


Aniline 


68 

0 

099 

68 

0 

2< 

86 

0 

11  . 

167 

0 

095 

77-86 

0 

104 

5-86 

0 

29 

68 

0 

261 

140 

0 

29 

50 

0 

083 

86 

0 

094 

212 

0 

089 

86 

0 

088 

167 

0 

087 

32-68 

0 

100 

Benzene . 

Bromobenzene. . . . 

Butyl  acetate  (n-) 
Alcohol  ( n -) _ 

(iso-) . . 


86 

140 

86 

212 

77-86 

86 

167 

50 


0.092 
0.087 
0.074 
0  070 
0.085 
0.097 
0.095 
0.091 


Liquid 

Heptyl  alcohol  (n-) . . 

Hexyl  alcohol  (n-) . . . 


Kerosene 


Laurie  acid . 

Mercury . 

Methyl  aclohol  100  % 
80% 
60% 
40% 
20% 
100% 

Chloride . 


Nitrobenzene. 

Nitromethane 


Calcium  chloride  brine  30  % 

15% 

Carbon  disulphide . 

Tetrachloride . 

Chlorobenzene . 

Chloroform . 

Cymene  (para) . .  .  . . 


86 

86 

86 

167 

32 

154 

50 

86 

86 

140 


0.32 

0.34 

0.093 

0.088 

0. 107 

0.094 

0.083 

0.080 

0.078 

0.079 


Nonane  (n-) 

Octane  (n-) . 
Oils 

Castor. . . 

Olive . 

Oleic  acid. . . 


Decane  (n-) . 

Dichlorodifluoromethane 


Dichloroethane. . 
Dichloromethane 


Ethyl  acetate . . . 
Alcohol  100  % 
80% 
60% 
40% 
20% 
100% 
Benzene . 

Bromide . 

Ether . 

Iodide . 


Ethylene  glycol 

Gasoline . 

Glycerol  100%. 

80%. 

60%. 

40%. 

20%. 

100%. 


86 

140 

20 

60 

100 

140 

180 

122 

5 

86 

68 

68 

68 

68 

68 

68 

122 

86 

140 

68 

86 

167 

104 

167 

32 

86 

68 

68 

68 

68 

68 

212 


0.085 

0.083 

0.057 

0.053 

0.048 

0.043 

0.038 

0.082 

0.111 

0.096 

0.101 
0.105 
0.137 
0.176 
0.224 
0.281 
0.037 
0.0  6 
0. 0o2 
0.070 
0.080 
0.078 
0.064 
0.063 
0.153 

0.078 

0.164 

0.189 

0.220 

0.259 

0.278 

0.164 


Palmitic  acid . 

Paraldehyde . 

Pentane  (n-) . 

Perchloroethylene . 
Petroleum  ether.  . . 

Propyl  alcohol  (n-) 

Alcohol  (iso-) . . . 


Sodium . 

Sodium  chloride  brine  25.0  % 

12.5  % 

Stearic  acid . 

Sulfuric  acid  90  % . 

60  % . 

30% . 

Sulfur  dioxide . 


Toluene . 

0-trichloroethane . 
Trichloroethylene 
Turpentine . 

Vaseline . 

Water . 


Heptane  (n-) 
Hexane  (n-). 


86 

140 

86 

140 


0.081 
0  079 
0.080 
0.078 


Xylene  (ortho-) 
(meta-) 


*  From  Perry,  J.  H.,  “Chemical  Engineers’  Handbook,” 

New  York,  1950. 


3d  ed.,  McGraw-Hill 


— JE — 

86 

0.094 

167 

0.091 

86 

0.093 

167 

0.090 

68 

0.086 

167 

0.081 

212 

0.102 

82 

4.83 

68 

0. 124 

68 

0.154 

68 

0.190 

68 

0.234 

68 

0.284 

122 

0.114 

5 

0.111 

86 

0.089 

86 

0  095 

212 

0.088 

86 

0.125 

140 

0.120 

86 

0.084 

140 

0.082 

86 

0.083 

140 

0.081 

68 

0.104 

212 

0.100 

68 

0.097 

212 

0.095 

212 

0.0925 

212 

0.0835 

86 

0.084 

212 

0.078 

86 

0.078 

167 

0.074 

122 

0.092 

86 

0.075 

167 

0.073 

86 

0.099 

167 

0.095 

86 

0  091 

140 

0.090 

212 

49 

410 

46 

86 

0.33 

86 

0.34 

212 

0.0786 

86 

0.21 

86 

0.25 

86 

0.30 

5 

0.128 

86 

o.in 

86 

0.086 

167 

0.084 

122 

0.077 

122 

0.080 

59 

0.074 

59 

0.106 

32 

0.330 

86 

0  356 

140 

0.381 

176 

0.398 

68 

0  090 

68 

0  090 

Book  Company,  Inc., 


appendix  of  calculation  data 


Table  5.  Thermal  Conductivities  of  Gases  and  Vapors* 

k  =  Btu/(hr)  (ft2)  (°F  /ft) 

The  extreme  temperature  values  given  constitute  the  experimental  range.  For 
extrapolation  to  other  temperatures,  it  is  suggested  that  the  data  given  be  plotted  as 
log  k  vs.  log  T  or  that  use  be  made  of  the  assumption  that  the  ratio  cn/k  is  practically 
independent  of  temperature  (or  of  pressure,  within  moderate  limits). 


Substance 

°F 

k 

Substance 

°F 

Acetone  . 

32 

0 . 0057 

Dichlorodifluoromethane . 

32 

115 

0 . 0074 

122 

212 

0.0099 

212 

363 

0.0147 

302 

Acetylene . 

-103 

0 . 0068 

Ethane . 

-94 

32 

0.0108 

-29 

122 

0.0140 

32 

212 

0.0172 

212 

Air . 

-148 

0 . 0095 

Ethyl  acetate 

115 

32 

0.0140 

212 

212 

0.0183 

363 

392 

0.0226 

Alcohol . 

68 

572 

0.0265 

212 

Ammonia . 

-76 

0 . 0095 

Chloride 

32 

32 

0.0128 

212 

122 

0.0157 

363 

212 

0.0185 

413 

Ether . 

32 

Benzene . 

32 

0.0052 

115 

115 

0.0073 

212 

212 

0.0103 

363 

363 

0.0152 

413 

413 

0.0176 

Ethylene . 

—  96 

Butane  (n-) . 

32 

0.0078 

32 

212 

0.0135 

122 

(«o-) . 

32 

0.0080 

212 

212 

0.0139 

Carbon  dioxide . 

-58 

0.0068 

Heptane  (n-) . 

392 

32 

0.0085 

212 

212 

0.0133 

Hexane  (n-) . . . 

32 

392 

0.0181 

68 

572 

0.0228 

Hexene .... 

Disulphide. . .  . 

32 

0 . 0040 

64 

212 

45 

0 . 0042 

Hydrogen . 

-148 

—  312 
-294 

0.0041 

0.0046 

-58 

09 

32 

0.0135 

64 

Tetrachloride. 

115 

0.0041 

122 

' 

212 

0 . 0052 

212 

Chlorine. . 

363 

0.0065 

Hydrogen  and  carbon  dioxide 

572 

32 

Chloroform. 

32 

32 

0.0043 

n  OHQQ 

0%  H, . 

115 

0.0046 

20% . 

40% . 

212 

0  0058 

60  % . 

Cyclohexane 

363 

0 . 0077 

80% . 

216 

0.0095 

100  % .  | 

1  . 

0  0048 
0 . 0064 
0.0080 
0 . 0097 


0 

0 

0 

0 

0 

0 

0 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0. 

0 

0. 

0. 


.0066 

.0086 

.0106 

.0175 

.0072 

.0096 

.0141 

.0089 

.0124 

.0055 

.0095 

.0135 

.0152 

.0077 

.0099 

0131 

0189 

0209 

0064 

0101 

0131 

0161 

0112 

0103 

0072 

0080 

0061 

0109 

065 

083 

100 

115 

129 

178 

0083 

0165 

0270 

0410 

0620 

10 
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Table  5.  Thermal  Conductivities  of  Gases  and  Vapors.*—  (Continued) 


Substance 

Op 

k 

Substance 

°F 

Jfc 

Hydrogen  and  nitrogen . 

32 

Nitric  oxide 

Q4 

n  mn? 

0%  Hi . 

o.oir 

32 

U . U lUo 

0.0138 

20  % . 

0.021- 

Nitrogen 

1  lift 

40% . 

0.0313 

32 

v/ ,  I/Uyu 

0.0140 

60  % . 

0.0438 

122 

0.0160 

80  % . 

0.0635 

212 

0.0180 

Hydrogen  and  nitrous  oxide . 

32 

Nitrous  oxide . 

-98 

0  0067 

0%  Hi . 

0.0002 

32 

0.0087 

20  % . 

0  0170 

212 

0.0128 

40% . 

0 . 0270 

60  % . 

0.0410 

Oxygen . 

— 148 

n 

80  % . .• . 

0  0650 

—  58 

n  ni io 

Hydrogen  sulphide . 

32 

0.0076 

32 

0.0142 

122 

0.0164 

Mercury . 

392 

0.0197 

212 

0.0185 

Methane . 

-148 

0.0100 

-58 

0.0145 

Pentane  ( n -) . 

32 

0.0074 

32 

0.0175 

68 

0.0083 

122 

0.0215 

(iso-) . 

32 

0.0072 

Methyl  alcohol . 

32 

0 . 0083 

212 

0.0127 

212 

0.0128 

Propane . 

32 

0.0087 

Acetate . 

32 

0 . 0059 

212 

0.0151 

68 

0 . 0068 

32 

0.0053 

Sulphur  dioxide . 

32 

0 . 0050 

115 

0.0072 

212 

0.0069 

212 

0.0094 

363 

0.0130 

Water  vapor . 

115 

0.0120 

413 

0.0148 

212 

0.0137 

Methylene  chloride . 

32 

0 . 0039 

392 

0.0187 

115 

0.0049 

572 

0.0248 

212 

0 . 0063 

752 

0.0315 

413 

0.0095 

... 

932 

0.0441 

*  From  Perry,  J.  H.,  "Chemical  Engineers’  Handbook,”  3d  ed.,  McGraw-Hill  Book  Company,  Inc., 
New  York,  1950. 


Thermal  conductivity  k,Btu/hr(ft)2  (°F/ft) 
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Specific  heat=  Btu/(lt>.)(Deg. F.) 


No. 

Liquid 

Range  Deg.F. 

29 

Acetic  Acid  100% 

32-176 

32 

Acetone 

68-122 

52 

Ammonio 

-94-122 

37 

Amyl  Alcohol 

-58  -  77 

Deg.  F. 

26 

Amyl  Acetate 

32-212 

30 

Aniline 

32-266 

400  - - 

23 

Benzene 

50-176 

27 

Benzyl  Alcohol 

-4  -  86 

10 

Benzyl  Chloride 

-22-  86 

49 

Brine,  25%  CaClg 

-40-  68 

— 

51 

Brine,  25%  NoCI 

-40  -  68 

44 

Butyl  Alcohol 

32-212 

2 

Carbon  Disulfide 

-148  -  77 

3 

Carbon  Tetrachloride 

50-140 

8 

Chlorobenzene 

32-212 

4 

Chloroform 

32  -  122 

21 

Decane 

-112  -  77 

300  - 

6A 

Dichloroethone 

-22  -  140 

5 

Dichloromethone 

-40-  122 

15 

Diphenyl 

176  -  248  . 

22 

Diphenylmethane 

86-212 

16 

Diphenyl  Oxide 

32  -  392 

16 

Dowtherm  A 

32  -  392 

24 

Ethyl  Acetate 

-58-  77 

42 

"  Alcohol  100% 

86  -  176 

46 

«  '•  95% 

68  -  176 

50 

'•  ••  50% 

68  -  176 

200  — z 

25 

1 

••  Benzene 
•  Bromide 

32  -  20 

4  1  -  75 

1  3 

m  Chloride 

-22  -  104 

36 

■  Ether 

-148  -  7  7 

7 

••  Iodide 

32  -  21  2 

39 

Ethylene  Glycol 

-40-392 

I  00 


-100  — 


Specific 

Heot 


7 

O 


60 

7A 

O 

08 


2A 

3  rP 
O  03A 

40  o4A 

50 

06A 

l°'° 


ICC 


2C  — 


No. 


2A 

6 

4  A 
7  A 
3A 
38 
28 
35 
48 
41 
43 
47 
31 
40 
I3A 
14 
12 
34 
33 
3 
45 
20 
9 
1 1 
23 
53 
19 
18 
17 


Liquid 


41 

42  8 

CD  44 
43 

46°  047 

Range  Deg-F 


45 

O 


2o7 

28o 

3<S 


29C®>03U4 

3208)35 

33  o 


38 

CO 


46 

O 


,39 

O 

40 


36 


Freon-llfCCIjF) 

••  “l2(CCIe  F^) 

«  -2l(CHCIen 
'•  -22(CHCIF2) 

<i  ."IlSfCCIgf"- ccif^) 
Glycerol 
Hepfone 
Hexone 

Hydrochloric  Acid,  30% 
Isoomyl  Alcohol 
Isobutyl  Alcohol 
Isopropyl  Alcohol 
Isopropyl  Ether 
Methyl  Alcohol 
Methyl  Chloride 
Naphthalene 
Nitrobenzene 
Nonane 
Octane 

Perchlorefhylene 
Propyl  Alcohol 
Pyridine 

Sulfuric  Acid  98% 
Sulfur  Dioxide 
Toluene 
Water 

Xylene  Ortho 
7  n  Me  to 
Para 


-4- 
-40- 
-4- 
-4  • 
-4- 
-40- 
32  ■ 
-112- 
68- 
SO¬ 
S':' 
-4- 
-112- 
-40- 
-112 
194 
32 
-58 
-58 
-22 
-4 
-58 
50 
-4- 
32 
50 
32 
32 
32 


1  58 
59 

158 

140 

158 

68 

140 

68 

212 

2  I  2 
2  12 
122 

68 
68 
68 
392 
2  12 
77 
•  77 
284 

2  I  2 
77 

1  I  3 
212 
140 

3  92 

2  I  2 
2  I  2 
2  12 


049 


050 


51  O 


s 


—  0.4 


"°  013 A 

l4Cbl5  13 

220  o  17  19  024 

*»°23  026 


■0.2 


0.3 


—  0.5 


•0.6 


-0.7 


-0.8 


-0.9 


-1.0 


I  j  «  Para  _  o c.-  c.\  c. 

-  "  77  7  777/77  Cnlhnm  and  Vernon,  based  mainly  on  data  from 

***-"•  H“ndb°°kr  u 

Hill  Book  Company,  Inc.,  New  York,  1950.) 
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2 

O 


C 


p-4.° 

I  = 

Cf 

—  3.0 


Deg.  F 
0— 

200 — 

400  — 


C  =  Specific  heat  =  Btu  /  ( lb)  ( deg.  F) 


2.0 


600 — 

800  — 

1000— 

1200— - 

1400  — 

1600  — 

1800  — 

2000  — 

2200  — 
2400  — 
2600— 


3 

48 


No. 


Gos 


Ronae-DeaF 


10 

15 

16 
27 
12 
14 
18 
24 
26 

32 

34 

3 
9 
8 

4 
II 
13 

I7B 

I7C 

I7A 

I7D 

1 

2 

35 

30 
20 

36 
19 
21 

5 

6 
7 

25 
28 

26 
23 
29 

33 
22 

31 
17 


Acetylene 


Air 

Ammonia 

11 

Carbon  Dioxide 

n  m 

Carbon  Monoxide 
Chlorine 

M 

Ethane 


32-  390 


Ethylene 


Freon- 11  (CCUF) 

••  -21  (CHClj  F) 

"  -22(CHCI  F,) 

■  *II3(CCI2F-CCIF2) 
Hydrogen 


Hydrogen 


Methane 


8romide 

Chloride 

Fluoride 

Iodide 

Sulfide 


Nitric  Oxide 

II  II 

Nitrogen 

Oxygen 


Sulfur 

Sulfur 

N 

Water 


Dioxide 


390 
750 
32 
32 
1110 
32 
750 
32 
32 
390- 
32- 
390- 
1110- 
32- 
390- 
1110- 
32- 
32- 
32- 
32- 
32- 
II  10- 
32- 
32- 
32- 
32- 
32- 
1290- 
32- 
570- 
1290- 
32- 
1290- 
32- 
32- 
930- 
570- 
32- 
750- 
32- 


-  750 
-2550 
-2550 
-1110 
-2550 

-  750 
-2550 
-2550 

-  390 
-2550 

-  390 

-  1110 
-2550 

-  390 
-1110 
-2550 

-  300 

-  300 

-  300 

-  300 
-1110 
-2550 
-2550 
-2550 
-2550 
-2550 
-1290 
-2550 

-  570 
1290 
2500 
1290 
2550 
2550 

930 
2550 
2550 
750 
2550 
2550 


6 

O 

II 


100  0 


12 

O 

o 

15 


I7A 

I7B°  O 
17  D 


18 

O 


22 

O 


7 

O 

80 


— 1.0 

—  0.9 

—  0.8 

—  0.7 


016 

017 


—  0.6 


—  0.5 


19 

O 

230 


20 
O 

21 

°24 
O  26 

25°  {$>8 


28 


29 


Q4 

0.3 


32  ^ 
O 


30 

8 

31 


-0.2 


33 

O 

340 


35 

O 


—  0.1 
— 0.09 


36 

O 


—  0.08 
— 0.07 
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<N 

05 


»o 

C5 

50 

•» 

■>* 

CO 


<u 

•« 

o 

cs 

s 

-« 

e 

© 

1 

0 

rO 

s 

o 

o 

it! 


w 

T3 

3 

O' 


o 

o 

& 

u 

c3 

u 

o 

(H 

~0 

>> 


cj 

05 

X 

O 

ya 

•  H 

o 

45 

a 

co 


d 

M 

P"H 


a 

W 


(do)(9"l)/nia  1V3H  01  JI03dS 


characterization  factor. 
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Table  6.  Specific  Gravities  and  Molecular  Weights  of  Liquids 


Compound 


Acetaldehyde . 

Acetic  acid,  100  % .  .  . . 

Acetic  acid,  70  % . 

Acetic  anhydride . 

Acetone . 

Allyl  alcohol . 

Ammonia,  100% . 

Ammonia,  26  % . 

Amyl  acetate . 

Amyl  alcohol . 

Aniline . 

Anisole . 

Arsenic  trichloride.  . 

Benzene . 

Brine,  CaCls  25  %. .  . 
Brine,  NaCl  25  % ...  . 
Bromotoluene,  ortho. 
Bromotoluene,  meta. 
Bromotoluene,  para. 

n-Butane . 

»-Butane . 

Butyl  acetate . 

n-Butyl  alcohol . 

i-Butyl  alcohol . 

n-Butyric  acid . 

*-Butyric  acid . 

Carbon  dioxide . 

Carbon  disulfide . 

Carbon  tetrachloride. 

Chlorobenzene . 

Chloroform . 

Chlorosulfonic  acid.. 
Chlorotoluene,  ortho 
Chlorotoluene,  meta. 
Chlorotoluene,  para. 

Cresol,  meta . 

Cyclohexanol . 

Dibromo  methane. 

Dichloro  ethane . 

Dichloro  methane. 

Diethyl  oxalate . 

Dimethyl  oxalate.  .  . 

Diphenyl . 

Dipropyl  oxalate. . . . 

Ethyl  acetate . 

Ethyl  alcohol,  100%. 
Ethyl  alcohol,  95%.. 
Ethyl  alcohol,  40  % . 

Ethyl  benzene . 

Ethyl  bromide 
Ethyl  chloride 

Ethyl  ether . 

Ethyl  formate . 


*  At  approximately  68°F. 
neering  problems. 


Mol. 

wt. 

Compound 

Mol. 

wt. 

s* 

44.1 

0  78 

Ethyl  iodide . 

155  9 

1.93 

1.04 

1.22 

1  26 

60.1 

1  05 

Ethyl  glycol . 

88.1 
46  0 

1.07 

Formic  acid . 

102.1 

1.08 

Glycerol,  100% . 

92.1 

58.1 

0.79 

Glvcerol,  50% . 

1  13 

58.1 

0.86 

n-Heptane . 

100  2 

0  68 

17.0 

0.61 

n-IIexane . 

86  1 

0.66 
0  79 

0.91 

Isopropyl  alcohol .  . 

60  1 

130.2 

0.88 

Mercury . 

200.6 

13.55 

88.2 

0.81 

Methanol,  100% . 

32.5 

0.79 

93.1 

1.02 

Methanol,  90  % . 

0.82 

108. 1 

0.99 

Methanol,  40  % . 

0.94 

181.3 

2.16 

Methyl  acetate . 

74.9 

0.93 

78.1 

0.88 

Methyl  chloride . 

50.5 

0.92 

1.23 

Methyl  ethyl  ketone . 

72.1 

0.81 

1.19 

Naphthalene . 

128.1 

1.14 

171.0 

171.0 

171.0 

58.1 

58.1 
116.2 

74.1 

74.1 

88.1 
88.1 
44.0 

76.1 
153.8 
112.6 

119.4 

116.5 

126.6 
126.6 
126.6 

108.1 
100.2 

1  42 

Nitrie  arid,  95  % 

1.50 

1  41 

Nit  nr.  arid,  60  % 

1.38 

1  39 

Nitrobenzene . 

123.1 

1.20 

0  60 

Nitrotoluene,  ortho . 

137.1 

1.16 

0  60 

Nitrotoluene,  meta . 

137.1 

1.16 

0  88 

Nitrotoluene,  para . 

137.1 

1.29 

0  81 

n-Octane . 

114.2 

0.70 

0.82 
0.96 
0.96 
1.29 
1.26 
1.60 
1  11 

Octyl  alcohol . 

130.23 

0.82 

Pentachloroetbane . 

202.3 

1.67 

n-Pentane . .  .  . 

72.1 

0.63 

Phenol . 

94.1 

1.07 

Phosphorus  tribromide . 

270.8 

2.85 

137.4 

1.57 

Propane . 

44.1 

0  59 

1.49 
1.77 
1.08 
1.07 
1.07 
1.03 
n  oa 

Propionir,  arid . 

74.1 

0.99 

60.1 

0.80 

r?-Prnnvl  bromide . 

123.0 

1.35 

n-Prnnvl  rhloride . 

78.5 

0.89 

170.0 

1.75 

23.0 

0.97 

1.53 

u .  yo 

2.09 
1.17 
1 .34 

1  AQ 

260.5 

2.23 

lot  .  y 

no  rt 

64.1 

1.38 

yy .  u 

98.1 

1.83 

so.  y 

146.1 

118.1 
154.2 
174.1 

88.1 

46.1 

1.84 

Jl.vo 

1.50 

1 

0.99 
1.02 
n  on 

Sulfuryl  chloride . 

135.0 

167.9 

1.67 

1.60 

165.9 

1.63 

u.  yu 

0.79 
n  si 

189.7 

1.73 

92.1 

0.87 

0.94 

Trichloroethylene . 

131.4 

1.46 

106.1 

86.1 

0.93 

U .  o# 

1  A  Q 

18.0 

1.0 

108.9 

64.5 

1  ,4u 

106.1 

0.87 

u. 

106.1 

0  86 

74.1 

74.1 

0.71 

106.1 

0.86 

u.y^ 

A.yien“»  . 

These  values  will  be  satisfactory,  without  extrapolation,  for  most  engi 
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i  l  i  ,  n-T'i  ,  i  .  i  ■  i  ii  m  i  i  ii  '  i  i1  ■  tm  i  m-r 

SPECIFIC  GRAVITY  vs  TEMPERATURE 
FOR  PETROLEUM  OILS 

Data  from  Kansas  City  Test.  Loib.  Bulletin ; 
No.25,  P. 301  a  612;  also  Natural  Gasoline 
;'n.  1936  Bulletin, P.  31 


Fig.  6. 


Specific  gravities  of  hydrocarbons. 
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Fig.  7.  Equilibrium  constants  for  hydrocarbons.  [Scheibd  and  Jenny,  Ind.  Eng. 
37,  81  (1945).] 
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Temperature  ,°F 

Fig.  8.  Vapor  pressures  of  hydrocarbons. 
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(1945).] 


Tempera  ture.°F 
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Average  molecular  weight  of  mixture 
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Fig.  10. 
(1945).] 
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Average  molecular  weight 
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Enthalpies  of  light  hydrocarbons. 


Average  molecular 
weight  of  vapor 

[Scheibel  and  Jenny,  Ind.  Eng.  Chern.,  37,  993 


Temperature. 
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Enthalpies  of  petroleum  fractions.  [Scheibel  and  Jenny,  Ind.  Eng.  Chem.,  37, 
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1500  — 
1300  — 


1100  — 

1000  — 
900  — 

800  — 
700  — 
600  — 
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- 

400  — 


300  -= 


200  — 
-1 180  — 

-^160  — 

130  — 

100  — 
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70  — 

60  - 
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18  - 

Fig.  12. 

Vernon,  \ 


LIQUID 

°F 

Range 
tc-t  »F 

X 

Y 

Acetic  acid 

609 

212-392 

5.6 

11.9 

Acetone 

455 

284-464 

4.0 

10.3 

Ammonia 

272 

176-392 

3.2 

3.8 

Amyl  alcohol (-iso) 

S8S 

392-572 

6.0 

9.4 

Benzene 

SS2 

50-S72 

3  6 

12.5 

Butane  (-n) 

J07 

104-  156 

2.6 

11.6 

158-  392 

3-6 

11.7 

Butane(-iso) 

273 

167-345 

3.4 

12.1 

Butyl  alcohol  (-n) 

548 

337-572 

2.0 

9.8 

Butyl  alcohol  (-iso) 

u  »» 

508 

302- 392 
392-517 

1.7 

6.9 

9.7 

7.7 

Butyl  alcohol  (-sec) 

508 

337-517 

5.6 

8.8 

Butyl  alcohol  (- tert ) 

455 

302-  392 

3.9 

9.5 

Carbon  dioxide 

91 

50-212 

3.3 

11.1 

Carbon  disulfide 

522 

284-  527 

3.5 

13.7 

Carbon  tetrachloride 

542 

SO- 572 

3.6 

17.3 

Chlorme 

291 

212-392 

1.5 

14.5 

Chloroform 

506 

345-508 

3.7 

15.7 

Dichloroethylene  (-cis) 

468 

392-572 

9.4 

13.3 

Dimethyl  amine 

329 

256-392 

4.8 

8.8 

Diphenyl 

982 

50*  90 

2.2 

15.2 

90-302 

3.8 

15? 

M 

302-  752 

0.8 

17.8 

Diphenyl  oxide 

952 

176-643 

3.1 

IS. 5 

»#  *• 

643-932 

6.2 

14.5 

Ethane 

89.5 

50-266 

4.0 

9.8 

Ethyl  alcohol 

470 

50-284 

3.1 

7.0 

»•  » 

285-  462 

4.7 

6.3 

Ethyl  amine 

362 

266-446 

3.9 

9.0 

Ethyl  chloride 

369 

302-446 

4.1 

12.2 

Ethylene 

50 

SO-  122 

3.0 

9.3 

122- 256 

4.0 

9.6 

Ethyl  ether 

382 

59- 266 

3.1 

12.7 

it  tt 

266-464 

1.8 

12.7 

“Freon  11"  (CCIjF) 

388 

158- 482 

3.6 

17.3 

'Freon  I2"(CCIzF2) 

232 

140-302 

3.9 

17.2 

'Freon  2l"lCHClzF) 

352 

176-427 

3.3 

15.4 

"Freon  22,,<CHCIF2) 

205 

122-  320 

4.0 

15.1 

"Freon  1 13”(CCt2  FCCl  Fz ) 
"Freon  II4''(CCIF2CC1F2) 

417 

194-482 

3.5 

18.7 

293 

113-392 

3.5 

18.7 

Heptane  (-n) 

512 

50-517 

3.4 

13.5 

Hexane  (-n> 

456 

131-464 

3.4 

13.2 

Methane 

-116 

50-  194 

5.2 

8.3 

Methyl  alcohol 

464 

68-  285 

3.3 

5.3 

It  t 

283-464 

3.6 

4.7 

Methyl  amine 

315 

212-392 

4.1 

6.5 

Methyl  chloride 

289 

61-230 

2.6 

11.1 

•»  » 

230-247 

5.2 

11.2 

Methyl  formate 

417 

302-  482 

1.9 

11.3 

Methylene  chloride 

421 

302-482 

1.0 

13.7 

Nitrous  oxide 

97 

43-  77 

1.2 

9.2 

t«  % 

77- 256 

5  6 

12.3 

Octane(-n) 

565 

61-572 

3.6 

13  8 

Pentane  (-n) 

386 

59-  48? 

3.3 

12.7 

Pentane  l-iso) 

370 

50-392 

3.2 

12.7 

Propane 

205 

59-  482 

4.3 

1 1.0 

Propyl  alcohol  (-n) 

507 

77-517 

2.1 

8.8 

Propyl  alcohol  (-iso) 

456 

302-482 

3.5 

8.3 

Pyridine 

652 

446*661 

2.3 

12.5 

Sulfur  dioxide 

314 

212-392 

2.0 

12.3 

Toluene 

611 

212-572 

1.5 

13  7 

Trichloroethylene 

520 

355- S82 

6.0 

is.q 

Water 

707 

50-275 

3.3 

1.4 

It 

275-715 

4.2 

0.9 

Example: -For  water  at  2l2°F,tc-t  =  707-212  =  495  and  the 
latent  heat  per  lb  is  970  Btu 


=~40 


— 60 


— 70 
-80 
-90 
-100 

-110 

-130 

-160 

-180 

-200 


-300 

—400 

-500 

-600 

-700 

-800 

7-900 

-1000 

-1100 

-1300 

-1500 


Latent  heats  of  vaporization.  [Reprodiu 
oersonal  communication  ( revised )  1947.] 


by  permission 


1 — 1800 

of  Chilton,  Colburn,  and 


Latent  heat,  Btu/lb 


81G 


PROCESS  HEAT  TRANSFER 


Table  7.  Thermodynamic  Properties  of  Steam 

Dry  saturated  steam:  pressure  table* 


Abs 

Temp, 

Specific  volume 

press, 

psi 

Sat. 

Sat. 

liquid 

vapor 

P 

t 

Vf 

Vg 

•  1.0 

101.74 

0.01614 

333 . 6 

2.0 

126.08 

0.01623 

173.73 

3.0 

141.48 

0.01630 

118.71 

4.0 

152.97 

0.01636 

90.63 

5.0 

162.24 

0.01640 

73.52 

6.0 

170.06 

0.01645 

61.98 

7.0 

176.85 

0.01649 

53.64 

8.0 

182.86 

0.01653 

47.34 

9.0 

188.28 

0.01656 

42.40 

10 

193.21 

0.01659 

38.42 

14.696 

212.00 

0.01672 

26.80 

15 

213.03 

0.01672 

26.29 

20 

227. 9G 

0.01683 

20 . 089 

25 

240 . 07 

0.01692 

16.303 

30 

250.33 

0.01701 

13.746 

35 

259.28 

0.01708 

11.898 

40 

267.25 

0.01715 

10.498 

45 

50 

55 

60 

65 

70 

75 

80 

85 

90 

95 

100 

110 

120 

130 

140 

150 

160 

170 

180 

190 

200 

250 

300 

350 

400 

450 

500 

550 

600 

650 

700 

750 

800 

850 

900 

950 

1000 

1100 

1200 

1300 

1400 

1500 

2000 

2500 

3000 

3206. 


274. 

281. 

287 

292 

297 

302 

307 

312 


44  0.01721 
01  0.01727 
07  0. 01732 

710. 01738 
97|0. 01743 
9210.01748 
GO  O  .  01753 
03  0.01757 


316.25 

320.27 
324.12 
327.81 
334.77 

341.25 

347.32 
353.02 
358.42 
363 . 53 

368.41 
373 . 06 
377.51 
381.79 
400.95 

417.33 
431.72 
444 . 59 

456.28 
467.01 


476. 

486. 

494. 

503. 

510. 

518. 

525. 

531. 

538. 

544. 

556. 

567. 

577. 

587. 

596. 

635. 

668. 

695 

705 


94 

21 

90 

10 

86 

23 

26 

98 

43 

61 

31 

22 

46 

10 

23 

82 

13 

36 

40 


0.01761 

0.01766 

0.01770 

0.01774 

0.01782 

0.01789 

0.01796 

0.01802 

0.01809 

0.01815 

0.01822 

0.01827 

0.01833 

0.01839 

0.01865 

0.01890 

0.01913 

0.0193 

0.0195 

0.0197 


0199 

0201 

0203 

0205 

0207 

0209 

0210 

0212 

0214 

0216 

0220 

0223 

0227 

0231 

0235 

0257 

0287 

0346 

0503 


9.401 

8.515 

7.787 

7.175 
6 . 655 
6.206 
5.816 
5.472 

5. 168 
4.896 
4.652 
4.432 
4.049 

3.728 

3.455 

3.220 

3.015 

2.834 

2.675 
2.532 
2.404 
2.288 
1 . 8438 

1 . 5433 
1.3260 
1.1613 
1 . 0320 
0.9278 

0.8424 

0.7698 

0.7083 

0.6554 

0.6092 

0.5687 

0.5327 

0.5006 

0.4717 

0.4456 

0.4001 

0.3619 

0.3293 

0.3012 

0.2765 

0.1878 
0.1307 
0.0858 
0 . 0503 


Enthalpy 


Entropy 


Sat. 

liquid 

hf 

Evap 

hf 

Sat. 

vapor 

hg 

Sat. 

liquid 

Sf 

Evap 

Sfg 

Sat. 

vapor 

Sg 

Sat. 

liquid 

Uf 

69  JO 

1036 . 3 

1106.0 

0.1326 

1.8456 

1 . 9782 

69.70 

93.99 

1022.2 

1116.2 

0.1749 

1.7451 

1.9200 

93.98 

109.37 

1013.2 

1122.6 

0.2008 

1 . 6855 

1 . 8863 

109.36 

120.86 

1006.4 

1127.3 

0.2198 

1 . 6427 

1 . 8625 

120.85 

130.13 

1001.0 

1131.1 

0.2347 

1.6094 

1.8441 

130.12 

137.96 

996.2 

1134.2 

0.2472 

1 . 5820 

1 . 8292 

137.94 

144.76 

992.1 

1136.9 

0.2581 

1 . 5586 

1.8167 

144.74 

150.79 

988.5 

1139.3 

0.2674 

1 . 5383 

1.8057 

150.77 

156.22 

985.2 

1141.4 

0.2759 

1 . 5203 

1.7962 

156.19 

161.17 

982.1 

1143.3 

0.2835 

1.5041 

1.7876 

161.14 

180.07 

970.3 

1150.4 

0.3120 

1.4446 

1.7566 

180.02 

181.11 

969.7 

1150.8 

0.3135 

1.4415 

1.7549 

181.06 

196 

960.1 

1156.3 

0.3356 

1 . 3962 

1.7319 

196.10 

208.42 

052-.'l 

11G0.6 

0.3533 

1.3606 

1.7139 

208.34 

218.82 

945.3 

1164.1 

0.3680 

1.3313 

1.6993 

218.73 

227.91 

939.2 

1167.1 

0.3807 

1.3063 

1 . 6870 

227.80 

236.03 

933.7 

1169.7 

0.3919 

1.2844 

1.6763 

235.90 

243.36 

928.6 

1172.0 

0.4019 

1.2650 

1.6669 

243.22 

250.09 

924.0 

1174.1 

0.4110 

1.2474 

1.6585 

249.93 

256.30 

919.6 

1175.9 

0.4193 

1.2316 

1.6509 

256.12 

262.09 

915.5 

1177.6 

0.4270 

1.2168 

1.6438 

261.90 

267.50 

911.6 

1179.1 

0.4342 

1.2032 

1.6374 

267 . 29 

272.61 

907.9 

1180.6 

0 . 4409 

1.1906 

1.6315 

272.38 

277.43 

904.5 

1181.1 

0.4472 

1.1787 

1.6259 

277.19 

282 . 02 

901.1 

1183.  J. 

0.4531 

1.1676 

1.6207 

281.76 

286.39 

897.8 

1184.2 

0.4587 

1.1571 

1.6158 

286.11 

290.56 

894.7 

1185.3 

0.1641 

1.1471 

1.6112 

290.27 

294 . 56 

891.7 

1186.2 

0.4692 

1.1376 

1 . 6068 

294.25 

298.40 

888.8 

1187.2 

0.4740 

1.1286 

1 . 6026 

298.08 

305.66 

883.2 

1188.9 

0.4832 

1.1117 

1.5948 

305.30 

312.44 

877.9 

1190.4 

0.4916 

1.0962 

1 . 5878 

312.05 

318.81 

879.9 

1191.7 

0.4995 

1.0817 

1.5812 

318.38 

324.82 

868.2 

1193.0  0.5069 

1.0682 

1.5751 

324.35 

330.51 

863.6 

1194.1  0.5138 

1.0556 

1 . 5694 

330.01 

335.93 

859.2 

1195.1,0.5204 

1.0436 

1 . 5640 

335.39 

341.09 

854.9 

1 196. 0'0. 5266 

1.0324 

1 . 5590 

340.52 

346.03 

850.8 

1196.910.5325 

1.0217 

1.5542 

345.42 

350.79 

846.8 

1197. 6,0. 5381 

1.0116 

1 . 5497 

350.15 

355.36 

843.0 

1198.4 

0.5435 

1.0018 

1 . 5453 

354.68 

376.00 

825.1 

1201.1 

0.5675 

0.9588 

1 . 5263 

375.14 

393.84 

809.0 

1202.8 

0.5879 

0.9225 

1.5104 

392.79 

409 . 69 

794.2 

1203.9 

0.6056 

0.8910 

1.4966 

408.45 

424.0 

780.5 

1204.5 

0.6214 

0.8630 

1.4844 

422.6 

437.2 

767.4 

1204.6 

0.6356 

0.8378 

1.4734 

435.5 

449.4 

755.0 

1204.4 

0.6487 

0.8147 

1.4634 

447.6 

460.8 

74:  1 

1203.9 

0.6608 

0.7934 

1.4542 

458.8 

471.6 

731.6 

1203 . 2 

0.6720 

0.7734 

1 . 4454 

469.4 

481.8 

720.5 

1202.3 

0 . 6826 

0.7548 

1.4374 

479.4 

491.5 

709.7 

1201.2 

0.6925 

0.7371 

1.4296 

488.8 

500.8 

699.2 

1200.0 

0.7019 

0.7204 

1.4223 

598.0 

509.7 

688.9 

1198.6 

0.7108 

0.7045 

1.4153 

506.6 

518.3 

678.8 

1197.1 

0.7194 

0.6891 

1.4085 

515.0 

526.6 

668.8 

1195.4 

0.7275 

0.6744 

1.4020 

523 . 1 

534  6 

659.1 

1193.7 

0.7355 

0.6602 

1.3957 

530.9 

542.4 

649.4 

1191.8 

0.7430 

0.6467 

1.3897 

538. 4 

630  4 

1187.8 

0.7576 

0.6205 

1.3780 

552.9 

571  7 

611.7 

1183.4 

0.7711 

0.5956 

1 . 3667 

566.7 

585  4 

593.2 

1178.6 

0.7840 

0.5719 

1.3559 

580 .  U 

598  7 

574.7 

1173.4 

0.7963 

0.5491 

1.3454 

592.7 

611.6 

556.3 

1167.9 

0.8082 

0.5269 

1.3351 

605. 1 

671  7 

463.4 

1135.1 

0.8619 

0.4230 

1 . 2849 

662.2 

730  6 

360.5 

1091.1 

0.9126 

0.3197 

1.2322 

/ 17 . 3 

802  5 

217.8 

1020.3 

0.9731, 

0.1885 

1.1615 

783.4 

902^7 

0 

902.7 

1 . 0580 

0 

1 . 0580 

872.9 

Internal 

energy 


Sat. 

vapor 

ua 


1044.3 
1051.9 

1056.7 
1060.2 

1063.1 

1065.4 

1067.4 

1069.2 

1070.8 

1072.2 

1077 . 5 

1077.8 

1081.9 

1085.1 

1087.8 

1090.1 
1092.0 

1093 . 7 

1095.3 

1096.7 

1097.9 

1099.1 

1100.2 
1101.2 
1102.1 

1102.9 

1103.7 

1104.5 

1105.2 

1106.5 

1107.6 

1108.6 

1109.6 

1110.5 

1111.2 

1111.9 

1112.5 

1113.1 

1113.7 

1115.8 

1117.1 
1118.0 

1118.5 

1118.7 

1118.6 

1118.2 

1117.7 

1117.1 

1116.3 

1115.4 

1114.4 

1113.3 

1112.1 

1110.8 

1109.4 

1106.4 
1103.0 

1099.4 

1095.4 
1091.2 

1065.6 

1030.6 
972.7 
872.9 


Abs 

press., 

psi 


1.0 

2.0 

3.0 

4.0 

5.0 

6.0 

7.0 

8.0 

9.0 

10 

14.696 

16 

20 

26 

30 

35 

40 

46 

60 

66 

60 

66 

70 

76 

80 

86 

90 

95 

100 

110 

120 

130 

140 

150 

160 

170 

180 

190 

200 

250 

300 

350 

400 

450 

600 

550 

600 

650 

700 

750 

800 
850 
900 
950 
1000 
1100 
1200 
1300 
1400 
1500 
2000 
2500 
3000 
3206.2 


*  Abridged  “  Thermodynamic  Properties 

lohn  Wiley  &  Sons,  Inc.,  New  York,  1937. 


of  Steam’ 


APPENDIX  OF  CALCULATION  DATA 

Table  7.  Thermodynamic  Properties  of  Steam. — ( Continued ) 
Dry  saturated  steam:  temperature  table* 


817 


Temp., 

op 


32 

35 

40 

45 

50 

60 

70 

80 

90 

100 

110 

120 

130 

140 

150 

160 

170 

180 

190 

200 

210 

212 

220 

230 

240 

250 

260 

270 

280 

290 

300 

310 

320 

330 

340 

350 

360 

370 

380 

390 

400 

410 

420 

430 

440 

450 

460 

470 

480 

490 

500 

520 

540 

560 

580 

600 

620 

640 

660 

680 

700 

705.4 


Abs 

press.,  psi 


0.08854 

0.09995 

0.12170 

0.14752 

0.17811 

0.2563 

0.3631 

0.5069 

0.6982 

0.9492 

1.2748 
1 . 6924 
2.2225 
2.8886 
3.718 

4.741 

5.992 

7.510 

9.339 

11.526 

14.123 
14 . 696 
17.186 
20.780 
24.969 

29 . 825 
35.429 
41.858 
49.203 
57.556 

67.013 
77.68 
89.66 
103.06 
118.01 

134.63 
153.04 

173.37 
195.77 

220.37 

247.31 
276.75 
308.83 
343.72 
381.59 

422.6 
466.9 

514.7 
566.1 

621.4 

680.8 

812.4 

962.5 

1133.1  . 

1325.8 

1542.9 
1786.6 
2059. 

2365. 

2708.1 

3093. 

3206 . 


.7 

.4 


.7 

.2 


Specific  volume 


Sat. 

liquid 

v/ 


0.01602 

0.01602 

0.01602 

0.01602 

0.01603 

0.01604 

0.01606 

0.01608 

0.01610 

0.01613 

0.01617 

0.01620 

0.01625 

0.01629 

0.01634 

0.01639 

0.01645 

0.01651 

0.01657 

0.01663 

0.01670 

0.01672 

0.01677 

0.01684 

0.01692 

0.01700 

0.01709 

0.01717 

0.01726 

0.01735 

0.01745 

0.01755 

0.01765 

0.01776 

0.01787 

0.01799 

0.01811 

0.01823 

0.01836 

0.01850 

0.01864 

0.01878 

0.01894 

0.01910 

0.01926 

0.0194 
0.0196 
0.0198 
0 . 0200 
0.0202 

0.0204 

0.0209 

0.0215 

0.0221 

0.0228 

0.0236 
0.0247 
0 . 0260 
0.0278 
0.0305 

0.0369 

0.0503 


Enthalpy 


*  Abridged  from 

Reyes,  John  Wiley 


Evap. 

Vfg 

Sat. 

vapor 

Vo 

Sat. 

liquid 

hf 

3306 

3306 

0.00 

2947 

2947 

3.02 

2444 

2444 

8.05 

2036 . 4 

2036.4 

13.06 

1703.2 

1703.2 

18.07 

1206.6 

1206.7 

28.06 

867.8 

867.9 

38.04 

633.1 

633. 1 

48.02 

468.0 

468.0 

57.99 

350.3 

350.4 

67.97 

265.3 

265.4 

77.94 

203.25 

203 . 27 

87.92 

157.32 

157.34 

97.90 

122.99 

123.01 

107.89 

98.06 

97.07 

117.89 

77.27 

77.29 

127.89 

62.04 

62.06 

137.90 

50.21 

50.23 

147.92 

40.94 

40.96 

157.95 

33.62 

33.64 

167.99 

27.80 

27.82 

178.05 

26.78 

26.80 

180.07 

23.13 

23.15 

188. 13 

19.365 

19.382 

198.23 

16.306 

16.323 

208.34 

13.804 

13.821 

216.48 

11.746 

11.763 

228.64 

10.044 

10.061 

238.84 

8.628 

8.645 

249.06 

7.444 

7.461 

259.31 

6.449 

6.466 

269 . 59 

5.609 

5.626 

279.92 

4.896 

4.914 

290.28 

4.289 

4.307 

300.68 

3.770 

3.788 

311.13 

3.324 

3.342 

321.63 

2 . 939 

2.957 

332.18 

2.606 

2.625 

342.79 

2.317 

2.335 

353.45 

2.0651 

2.0836 

364.17 

1.8447 

1 . 8633 

374.97 

1.6512 

1 . 6700 

385 . 83 

1.4811 

1 . 5000 

396.77 

1 . 3308 

1 . 3499 

407.79 

1.1979 

1.2171 

418.90 

1.0799 

1.0993 

430.1 

0.9748 

0.9944 

441.4 

0.8811 

0 . 9009 

452.8 

0.7972 

0.8172 

464.4 

0.7221 

0.7423 

476.0 

0.6545 

0.6749 

487.8 

0.5385 

0. 5594 

511.9 

0.4434 

0.4649 

536.6 

0.3647 

0.3868 

562 . 2 

0.2989 

0.3217 

588.9 

0.2432 

0.2668! 

617.0 

0.1955 

0.2201 

646.7 

0.1538 

0.1798 

678.6 

0.1165 

0.1442 

714.2 

0.0810 

0.1115 

757.3 

0.0392 

0.0761 

823.3 

0 

0 . 0503 

902.7 

“  Thermody 
&  Sons,  Inc. 


Entropy 


aamic  Properties  of  Steam 
,  New  York. 


Evap. 

hfg 

Sat. 

vapor 

h.g 

Sat. 

liquid 

«/ 

Evap. 

s/g 

Sat. 

vapor 

Sg 

°F 

t 

1075.8 

1075.8 

0 . 0000 

2.1877 

2.1877 

32 

1074.1 

1077.1 

0.0061 

2.1709 

2.1770 

35 

1071.3 

1079 . 3 

0.0162 

2.1435 

2.1597 

40 

1068.4 

1081.5 

0.0262 

2.1167 

2.1429 

45 

1065.6 

1083.7 

0.0361 

2 . 0903 

2.1264 

60 

1059.9 

1088.0 

0.0555 

2 . 0393 

2 . 0948 

60 

1054.3 

1092.3 

0.0745 

1 . 9902 

2 . 0647 

70 

1048.6 

1096.6 

0.0932 

1.9428 

2 . 0360 

80 

1042.9 

1100.9 

0.1115 

1.8972 

2 . 0087 

90 

1037.2 

1105.2 

0.1295 

1.8531 

1.9826 

100 

1031.6 

1109.5 

0.1471 

1.8106 

1 . 9577 

110 

1025.8 

1113.7 

0.1645 

1.7694 

1.9339 

120 

1020.0 

1117.9 

0. 1816 

1 . 7296 

1.9112 

130 

1014.1 

1122,0 

0.1984 

1.6910 

1 . 8894 

140 

1008.2 

1126.1 

0.2149 

1 . 6537 

1 . 8685 

160 

1002.3 

1130.2 

0.2311 

1.6174 

1.8485 

160 

996.3 

1134.2 

0.2472 

1 . 5822 

1 . 8293 

170 

990.2 

1138.1 

0 . 2630 

1 . 5480 

1.8109 

180 

984.1 

1142.0 

0.2785 

1.5147 

1 . 7932 

190 

977.9 

1145.9 

0.2938 

1.4824 

1 . 7762 

200 

971.6 

1149.7 

0.3090 

1.4508 

1.7598 

210 

970.3 

1150.4 

0.3120 

1.4446 

1.7566 

212 

965.2 

1153.4 

0.3239 

1.4201 

1.7440 

220 

958.8 

1157.0 

0.3387 

1.3901 

1 . 7288 

230 

952.2 

1160.5 

0.3531 

1 . 3609 

1.7140 

240 

945.5 

1164.0 

0.3675 

1.3323 

1 . 6998 

250 

938.7 

1167.3 

0.3817 

1 . 3043 

1 . 6860 

260 

931.8 

1170.6 

0.3958 

1 . 2769 

1 . 6727 

270 

924.7 

1173.8 

0.4096 

1.2501 

1 . 6597 

280 

917.5 

1176.8 

0.4234 

1.2238 

1 . 6472 

290 

910.1 

1179.7 

0.4369 

1 . 1980 

1 . 6350 

300 

902.6 

1182.5 

0.4504 

1.1727 

1.6231 

310 

894 . 9 

1185.2 

0.4637 

1.1478 

1.6115 

320 

887.0 

1187.7 

0.4769 

1.1233 

1 . 6002 

330 

879.0 

1190.1 

0.4900 

1.0992 

1.5891 

340 

870.7 

1192.3 

0.5029 

1 . 0754 

1 . 5783 

360 

862.2 

1194.4 

0.5158 

1.0519 

1 . 5677 

360 

853.5 

1196.3 

0.5286 

1 . 0287 

1 . 5573 

370 

844.6 

1198.1 

0.5413 

1.0059 

1.5471 

380 

835.4 

1199.6 

0.5539 

0.9832 

1.5371 

390 

826.0 

1201.0 

0.5664 

0 . 9608 

1 . 5272 

400 

816.3 

1202.1 

0.5788 

0.9386 

1.5174 

410 

806.3 

1203.1 

0.5912 

0.9166 

1 . 5078 

420 

796.0 

1203.8 

0.6035 

0.8947 

1.4982 

430 

785.4 

1204.3 

0.6158 

0.8730 

1.4887 

440 

774.5 

1204.6 

0.6280 

0.8513 

1 . 4793 

450 

763.2 

1204.6 

0.6402 

0.8298 

1.4700 

460 

751.5 

1204.3 

0.6523 

0 . 8083 

1 . 4606 

470 

739.4 

1203.7 

0.6645 

0.7868 

1.4513 

480 

726.8 

1202.8 

0.6766 

0.7653 

1.4419 

490 

713.9 

1201.7 

0.6887 

0.7438 

1.4325 

500 

686.4 

1198.2 

0.7130 

0.7006 

1.4136 

520 

656 . 6 

1193.2 

0.7374 

0 . 6568 

1.3942 

540 

624.2 

1186.410.7621 

0.6121 

1.3742 

560 

588.4 

1177.3.0.7872,0.5659 

1.3532 

580 

548.5 

1165.5  0.8131  0.5176 

1 . 3307 

600 

o03 . 6 

1150.3 

0.8398  0.4664 

1.3062 

620 

4o2 .  (J 

1130. 5i 

0.8679  0.4110 

1.2789 

640 

390.2 

1104.4 

0.8987 '0.3485 

1.2472 

660 

309.9 

1067.2, 

0.935lj0.2719 

1.2071 

680 

172.1 

995. 4i 

0.9905  0.1484 

1 . 1389 

700 

0 

902.7| 

1 .05801 

0 

1.0580 

705. 

Temp., 
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Table  7.  Thermodynamic  Properties  of  Steam. — ( Continued ) 
Properties  of  superheated  steam  * 


Abs  press.,  psi 


(sat  temp) 

200 

300 

400 

V . 

392.6 
1150.4 
2.0512 

78.16 

1148.8 

1.8718 

38.85 

1146.6 
1.7927 

452.3 

1195.8 
2.1153 

90.25 

1195.0 

1.9370 

45.00 

1193.9 
1.8595 

30.53 

1192.8 
1.8160 

22.36 

1191.6 

I. 7808 

II. 040 

1186.8 
1.6994 

7.259 

1181.6 
1.6492 

512.0 

1241.7 

2.1720 

102.26 

1241.2 
1.9942 

51.04 

1240.6 

1.9172 

34.68 

1239.9 

1.8743 

25.43 
1239  2 
1.8396 

12.628 

1236.5 
1.7608 

8.357 

1233.6 
1.7135 

6.220 

1230.7 
1.6791 

4.937 

1227.6 
1.6518 

4.081 

1224.4 
1.6287 

3.468 

1221.1 

1.6087 

3  008 

1217.6 
1.5908 

2.649 

1214.0 

1.5745 

2.361 

1210.3 
1.5594 

2.125 

1206.5 
1.5453 

1  9276 

1202.5 
1.5219 

1  h . 

(101.74)  s . 

V . 

5  h . 

(162.24)  « . 

V . 

10  h . 

(193.21)  s . 

V . 

14.696  h . 

(212.00)  s . 

V . 

20  h . 

(B27.96)  s . 

V . 

40  h . 

(267.25)  s . 

V . 

60  h . 

(292.71)  * . 

u  . 

80  h 

(312.03)  s . 

v . 

100  h 

(327  81)  « 

v  . 

120  h 

(341  25)  s 

140  h  . 

(353  02)  * 

too  h 

RX\  a 

180  h  . 

nciit  a  . 

200  h  . 

7Q^  a  . 

V 

220  h 

V 

h 

(%Q7  Z7)  8 

ocn  h 

/*  •  • 

(A f\A  42^  * 

2  SO  h . 

mu  nm  a 

A 

(A  17  VA\  * 

«UI  A 

(A*X  1  79^  « 

An/i  h 

(444.59)  * . 

Temp,  °F 


500 

600 

700 

800 

900 

1000 

1100 

1200 

1400 

1600 

571.6 

631.2 

690.8 

750.4 

809.9 

869.5 

929.1 

988.7 

1107.8 

1227.0 

1288.3 

135.7 

1383.8 

1432.8 

1482.7 

1533.5 

1585.2 

1637.7 

1745.7 

1857.5 

2.2233 

2702 

2.3137 

2.3542 

2.3923 

2.4283 

2.4625 

2.4952 

2.5566 

2.6137 

114.22 

126.16 

138.10 

150.03 

161.95 

173.87 

185.79 

197.71 

221.6 

245.4 

1288.0 

1335.4 

1383.6 

1432.7 

1482.6 

1533.4 

1585.1 

1637.7 

1745.7 

1857.4 

2.0456 

2.0927 

2.1361 

2.1767 

2.2148 

2.2509 

2.2851 

2.3178 

2.3792 

2.4363 

57.05 

63.03 

69.01 

74.98 

80.95 

86.92 

92.88 

98.84 

110.77 

122.69 

1287.5 

1335.1 

1383.4 

1432.5 

1482.4 

1533.2 

1585.0 

1637.6 

1745.6 

1857.3 

1.9689 

2.0160 

2.0596 

2.1002 

2.1383 

2.1744 

2.2086 

2.2413 

2.3028 

2.3598 

38.78 

42.86 

46.94 

51  00 

55.07 

59.13 

63.19 

67.25 

75.37 

83.48 

1287.1 

1334.8 

1383.2 

1432.3 

1482.3 

1533.1 

1584.8 

1637.5 

1745.5 

1857.3 

1.9261 

1.9734 

2.0170 

2.0576 

2.0958 

2.1319 

2.1662 

2.1989 

2.2603 

2.3174 

28.46 

31.47 

34.47 

37.46 

40.45 

43.44 

46.42 

49.41 

55  37 

61.34 

1286.6 

1334.4 

1382.9 

1432.1 

1482.1 

1533.0 

1584.7 

1637.4 

1745.4 

1857.2 

1.8918 

1.9392 

1.9829 

2.0235 

2.0618 

2.0978 

2.1321 

2.1648 

2.2263 

2.2834 

14.168 

15.688 

17.198 

18.702 

20.20 

21.70 

23.20 

24.69 

27.68 

30.66 

1284.8 

1333.1 

1381.9 

1431.3 

1481.4 

1532.4 

1584.3 

1637.0 

1745.1 

1857.0 

1.8140 

1.8619 

1.9058 

1.9467 

1.9850 

2.0212 

2.0555 

2.0883 

2.1498 

2.2069 

9.403 

10.427 

11.441 

12.449 

13.452 

14.454 

15.453 

16.451 

18.446 

20.44 

1283.0 

1331.8 

1380.9 

1430.5 

1480.8 

1531.9 

1583.8 

1636  6 

1744.8 

1856.7 

1.7678 

1.8162 

1.8605 

1.9015 

1.9400 

1.9762 

2.0106 

2.0434 

2.1049 

2.1621 

7.020 

7.797 

8.562 

9.322 

10.077 

10.830 

11.582 

12.332 

13.830 

15.325 

1281.1 

1330.5 

1379.9 

1429.7 

1480.1 

1531.3 

1583.4 

1636.2 

1744.5 

1856.5 

1.7346 

1.7836 

1.8281 

1.8694 

1.9079 

1.9442 

1.9787 

2.0115 

2.0731 

2.1303 

5.589 

6.218 

6.835 

7.446 

8.052 

8.656 

9.259 

9.860 

11.060 

12.258 

1279.1 

1329.1 

1378  9 

1428.9 

1479.5 

1530  8 

1582.9 

1635.7 

1744.2 

1856.2 

1.7085 

1.7581 

1.8029 

1.8443 

1.8829 

1.9193 

1.9538 

1.9867 

2.0484 

2.1056 

4.636 

5.165 

5.683 

6.195 

6.702 

7.207 

7.710 

8.212 

9.214 

10.213 

1277.2 

1327.7 

1377.8 

1428.1 

1478.8 

1530.2 

1582.4 

1635.3 

1743.9 

1856.0 

1.6869 

1.7370 

1.7822 

1.8237 

1.8625 

1.8990 

1.9335 

1.9664 

2.0281 

2.0854 

3.954 

4.413 

4.861 

5.301 

5.738 

6.172 

6.604 

7.035 

7.895 

8.752 

1275.2 

1326.4 

1376  8 

1427.3 

1478.2 

1529.7 

1581.9 

1634.9 

1743.5 

1865.7 

1.6683 

1.7190 

1.7645 

1.8063 

1.8451 

1.8817 

1.9163 

1.9493 

2.0110 

2.0683 

3.443 

3.849 

4.244 

4.631 

5.015 

5.396 

5.775 

6.152 

6.906 

7.656 

1273.1 

1325.0 

1375.7 

1426.4 

1477.5 

1529.1 

1581.4 

1634.5 

1743.2 

1865.5 

1.6519 

1.7033 

1.7491 

1.7911 

1.8301 

1.8667 

1.9014 

1.9344 

1.9962 

2.0535 

3.044 

3.411 

3.764 

4.110 

4.452 

4.792 

5.129 

5.466 

6.136 

6.804 

1271.0 

1323.5 

1374.7 

1425  6 

1476.8 

1528.6 

1581.0 

1634.1 

1742.9 

1855.2 

1.6373 

1.6894 

1.7355 

1.7776 

1.8167 

1.8534 

1.8882 

1.9212 

1.9831 

2.0404 

2.726 

3.060 

3.380 

3.693 

4.002 

4.309 

4.613 

4.917 

5.521 

6.123 

1268.9 

1322.1 

1373.6 

1424.8 

1476.2 

1528.0 

1580.5 

1633.7 

1742.6 

1855.0 

1.6240 

1.6767 

1.7232 

1.7655 

1.8048 

1.8415 

1.8763 

1.9094 

1.9713 

2 . 0287 

2  465 

2.772 

3.066 

3.352 

3.634 

3.913 

4.191 

4.467 

5.017 

5.565 

1266.7 

1320.7 

1372.0 

1424.0 

1475.5 

1527.5 

1580.0 

1633.3 

1742.3 

1854.7 

1.6117 

1.6652 

1.7120 

1.7545 

1.7939 

1.8308 

1.8656 

1.8987 

1.9607 

2.0181 

2  247 

2.533 

2.804 

3.068 

3.327 

3.584 

3.839 

4.093 

4.597 

5.100 

1264  5 

-319.2 

1371.5 

1423.2 

1474.8 

1526.9 

1579.6 

1632.9 

1742.0 

1854.5 

1.6003 

1.6546 

1.7017 

1.7444 

1.7839 

1.8209 

1.8558 

1.8889 

1.9510 

2.0084 

2  063 

2.330 

2.582 

2.827 

3.067 

3.305 

3.541 

3.776 

4.242 

4.707 

1262  3 

1317.7 

1370.4 

1422.3 

1474.2 

1526.3 

1579.1 

1632  5 

1741 .7 

1854 . 2 

1.5897 

1.6447 

1.6922 

1.7352 

1.7748 

1.8118 

1.8467 

1.8799 

1.9420 

1 . 9995 

1  9047 

2  156 

2.392 

2.621 

2.845 

3.066 

3.286 

3  504 

3.938 

4.370 

1260  0 

1316.2 

1369.4 

1421.5 

1473.5 

1525  8 

1578.6 

1632.1 

1741.4 

1854.0 

1.5796 

1.6354 

1.6834 

1.7265 

1.7662 

1.8033 

1.8383 

1.8716 

1.9337 

1.991* 

1  7675 

2  005 

2.227 

2.442 

2.652 

2.859 

3.065 

3.269 

3.674 

4.078 

1257  6 

1314.7 

1368.3 

1420.6 

1472.8 

1525.2 

1578.1 

1631.7 

1741 .0 

185o.7 

1.5701 

1 . 6268 

1.6751 

1.7184 

1.7582 

1.7954 

1.8305 

1.8638 

1.9260 

1 .vooD 

1.4923 
1251  5 
1.5481 

1.7036 

1310.9 

1.6070 

1 . 8980 
1365  5 
1.6563 

2.084 

1418.5 

1.7002 

2.266 

1471.1 

1.7403 

2  445 
1523  8 
1.7777 

2.622 

1577.0 

1.8130 

2.798 

1630.7 

1.8463 

3.147 
1740  3 
1.9086 

3.493 

1853.1 

1.9663 

1.2851 
1245  1 
1.5281 

1.4770 

1306.9 

1.5894 

1.6508 
1362  7 
1 . 6398 

1.8161 
1416.4 
1 . 6842 

1.9767 

1469.4 

1.7247 

2.134 
1522  4 
1.7623 

2.290 

1575.8 

1.7977 

2  445 
1629.6 
1.8311 

2.751 
1739  5 
1 . 8936 

3.055 

1852.5 

1  9513 

'Abridged  from  "Thermodynamic  Properties  of  Steam, 
k  Sons.  Inc.,  New  York,  1937. 
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Table  7.  Thermodynamic  Properties  of  Steam. — ( Continued ) 
Properties  of  superheated  steam* 

"  ”  Temp, 


Ahs  Press.,  psi 
(sat  temp) 


450 

(456.28) 

500 

(467.01) 

550 

(476.94) 

600 

(486.21) 

#. 

700  A. 

(503.10)  «. 


1200 

(567.22) 

1400 

(587.10) 

1600 

(604.90) 

1800 

(621.03) 

2000 

(635.82) 

2500 

(668.13) 

3000 

(695.36) 

3206.2 

(705.40) 

3500 


v. . 

A.  , 

*.. 


800 

(518.23) 

900 

(531.98) 

«. 

1000  A. 

(544.61)  «. 

v. 

1100  A. 

(556.31)  s. 

». 

A. 
s. 


4000 

4500 

5000 

5500 

*  Abridj 
Sons,  Inc., 


500 


1.1231 

1238.4 

1.5095 

0.9927 

1231.3 

1.4919 

0.8852 

1223.7 
1.4751 

0.7947 

1215.7 
1.4586 


550 


1.2155 

1272.0 

1.5437 

1.0800 

1266.8 

1.5280 

0.9686 

1261.2 

1.5131 

0.8753 

1255.5 

1.4990 

0.7277 

1243.2 
1.4722 

0.6154 

1229.8 

1.4467 

0.5264 

1215.0 

1.4216 

0.4533 

1198.3 
1.3961 


600 


1.3005 

1302.8 
1.5735 

1.1591 

1298.6 
1.5588 
1.0431 
1294.3 
1.5451 

0.9463 

1289.9 
1.5323 

0.7934 

1280.6 
1.5084 

0.6779 

1270.7 
1.4863 

0.5873 

1260.1 

1.4653 

0.5140 

1248.8 
1.4450 

0.4532 

1236.7 

1.4251 

0.4016 

1223.5 

1.4052 

0.3174 
1193  0 
1.3639 


620 


1.3332 

1314.6 
1.5845 

1.1893 

1310.7 
1.5701 
1.0714 

1303.8 
1.5568 

0.9729 

1302.7 
1.5443 

0.8177 

1294.3 
1.5212 

0.7006 

1285.4 
1.5000 

0.6089 

1275.9 
1.4800 

0.5350 

1265.9 
1.4610 

0.4738 

1255.3 
1.4425 
0.4222 

1243.9 
1.4243 

0.3390 

1218.4 
1.3877 
0.2733 

1187.8 
1.3489 


640 


1.3652 
1326 
1.5951 
1.2188 
1322 
1.5810 

1.0989 

1318.9 
1.5680 

0.9988 

1315.2 
1.5558 
0.8411 

1307.5 
1.5333 

0.7223 

1299.4 
1.5129 

0.6294 

1290.9 
1.4938 

0.5546 

1281.9 
1.4757 

0.4929 

1272.4 
1.4583 

0.4410 

1262.4 
1.4413 

0.3580 

1240.4 
1.4079 

0.2936 

1215.2 
1.3741 

0.2407 

1185.1 

1.3377 

0.1936 

1145.6 
1.2945 


:ed  from 


660 


1.3967 

1337.5 

1.6054 

1.2478 

1334.2 
1.5915 
1.1259 

1330.8 
1.5787 
1.0241 

1327.4 
1.5667 

0.8639 

1320.3 
1.5449 

0.7433 

1312.9 
1.5250 

0.6491 

1305.1 

1.5066 

0.5733 

1297.0 

1.4893 

0.5110 

1288.5 
1.4728 

0.4586 

1279.6 
1.4568 
0.3753 

1260.3 
1.4258 
0.3112 

1238.7 
1.3952 

0.2597 

1214.0 

1.3638 

0.2161 

1184.9 
1.3300 


680 


1.4278 

1348.8 

1.6153 

1.2763 

1345.7 
1.6016 
1.1523 
1342.5 
1.5890 

1.0489 

1339.3 
1.5773 

0.8860 

1332.8 
1.5559 

0.7635 

1325.9 
1.6366 

0.6680 

1318.8 

1.5187 

0.5912 

1311.4 
1.5021 
0.5281 

1303.7 
1.4862 

0.4752 

1295.7 
1.4710 
0.3912 

1278.5 
1.4419 
0.3271 

1259.6 
1.4137 

0.2760 

1238.5 

1.3855 

0.2337 

1214.8 
1.3564 

0.1484 

1132.3 

1.2687 


700 


1.4584 

1359.9 

1.6250 

1.3044 
1357  0 
1.6115 
1.1783 
1354.0 
1.5991 

1.0732 

1351.1 
1.5875 

0.9077 

1345.0 

1.5665 

0.7833 

1338.6 
1.5476 

0.6863 

1332.1 
1.5303 

0.6084 

1325.3 
1.5141 

0.5445 

1318.3 
1.4989 

0.4909 

1311.0 

1.4843 

0.4062 
1295  5 
4567 

0.3417 

1278.7 
1.4303 

0.2907 

1260.3 
1.4044 

0.2489 

1240.0 

1.3783 

0.1686 

1176.8 
1.3073 
0.0984 
1060.7 
1.1966 


0.0306 

780.5 
0.9515 

0.0287 

763.8 

0.9347 

0.0276 

753.5 
0.9235 

'.0268 

746.4 

0.9152 

0.0262 
741  3 
0.9090 


4ew 


Pr°P"ti'8  Sl“m”  Joseph  H.  Ke,™  Frofcrick 


800 

900 

1000 

1200 

1400 

1600 

1.6074 

1.7516 

1.8928 

2.170 

2  443 

2.714 

1414.3 

1467.7 

1521.0 

1628.6 

1738.7 

1851.9 

1.6699 

1.7108 

1.7486 

1.8177 

1.8803 

1.9381 

1.4405 

1.5715 

1.6996 

1.9504 

2.197 

2.442 

1412.1 

1466.0 

1519.6 

1627 .6 

1737  9 

1851.3 

1.6571 

1.6982 

1.7363 

1.8056 

1.8683 

1.9262 

1.3038 

1.4241 

1.5414 

1.7706 

1.9957 

2.219 

1409.9 

1464.3 

1618.2 

1626.6 

1737.1 

1850.6 

1.6452 

1.6868 

1.7250 

1.7946 

1.8575 

1.9155 

1.1899 

1.3013 

1.4096 

1.6208 

1.8279 

2.033 

1407.7 

1462.5 

1516.7 

1625.5 

1736.3 

1850.0 

1.6343 

1.6762 

1.7147 

1.7846 

1.8476 

1.9066 

1.0108 

1 . 1082 

1.2024 

1.3853 

1.5641 

1.7405 

1403.2 

1459.0 

1515.9 

1623.5 

1734.8 

1848.8 

1.6147 

1.6573 

1.6963 

1.7666 

1.8299 

1.8881 

0.8763 

0.9633 

1.0470 

1.2088 

1.3662 

1.5214 

1398.6 

1455.4 

1511.0 

1621.4 

1733.2 

1847.5 

1.5972 

1.6407 

1.6801 

1.7510 

1.8146 

1.8729 

0.7716 

0.8506 

0.9262 

1.0714 

1.2124 

1  3509 

1393.9 

1451.8 

1508.1 

1619.3 

1731.6 

1846.3 

1.5814 

1.6257 

1.6656 

1.7371 

1.8009 

1.8595 

0.6878 

0.7604 

0.8294 

0.9615 

1.0893 

1.2146 

1389.2 

1448.2 

1505.1 

1617.3 

1730.0 

1845  0 

1.5670 

1.6121 

1 . 6525 

1.7245 

1.7886 

1.8474 

0.6191 

0.6866 

0  7503 

0.8716 

0.9885 

1.1031 

1384.3 

1444  5 

1502.2 

1615  2 

1728.4 

1843.8 

1.5535 

1.5995 

1.6405 

1.7130 

1.7775 

1.8363 

0.5617 

0.6250 

0.6843 

0.7967 

0  9046 

1.0101 

1379  3 

1440.7 

1499.2 

1613.1 

1726  9 

1842.5 

1.5409 

1.5879 

1 . 6293 

1.7025 

1.7672 

1.8263 

0.4714 

0.5281 

0.5805 

0.6789 

0.7727 

0.8640 

1369  1 

1433.1 

1493.2 

1608  9 

1723.7 

1840.0 

1.5177 

1.5666 

1 . 6093 

1.6886 

1.7489 

1.8083 

0.4034 

0.4553 

0  5027 

0.5906 

0  6738 

0.7545 

1358.4 

1425.3 

1487.0 

1604.6 

1720  5 

1837.5 

1.4964 

1.5476 

1.5914 

1.6669 

1.7328 

1.7926 

0.3502 

0.3986 

0.4421 

0.5218 

0.5968 

0  6693 

1347.2 

1417.4 

1480.8 

1600.4 

1717.3 

1835  0 

1.4765 

1.5301 

1.5752 

1.6520 

1.7185 

1.7786 

0.3074 

0.3532 

0.3935 

0.4668 

0  5352 

0  6011 

1335.5 

1409.2 

1474.5 

1596  1 

1714  1 

1832  5 

1.4576 

1.5139 

1.5603 

1.6384 

1.7055 

1.7666 

0  2294 

0.2710 

0.3061 

0.3678 

0.4244 

0  4784 

1303.6 

1387.8 

1458.4 

1585  3 

1706.1 

1826.2 

1.4127 

1.4772 

1.5273 

1.6088 

1.6775 

1 . 7389 

0  1760 

0.2159 

0.2476 

0.3018 

0  3505 

0  3966 

1267.2 

1365.0 

1441.8 

1574  3 

1698.0 

1819  9 

1.3690 

1.4439 

1.4984 

1.5837 

1.6540 

1.7163 

0  1583 

0.1981 

0.2288 

0.2806 

0.3267 

0  3703 

1250.5 

1355.2 

1434.7 

1569 . 8 

1694  6 

1817.2 

1.3508 

1.4309 

1.4874 

1.5742 

1.6452 

1.7080 

0.1364 

0.1762 

0.2058 

0.2546 

0.2977 

0  3381 

1224.9 

1340.7 

1424  5 

1563  3 

1689.8 

1813.6 

1.3241 

1.4127 

1.4723 

1.5615 

1.6336 

1.6968 

0.1052 

0.1462 

0.1743 

0.2192 

0.2581 

0  2943 

1174.8 

1314.4 

1406.8 

1552.1 

1681.7 

1807  2 

1.2757 

1.3827 

1.4482 

1.5417 

1.6154 

1.6795 

0  0798 

0.1226 

0.1500 

0.1917 

0  2273 

0  2602 

1113.9 

1286.5 

1388  4 

1540.8 

1673  5 

1800  9 

1 . 2204 

1.3529 

1.4253 

1.5235 

1.5990 

1.6040 

0.0593 

0.1036 

0  1303 

0.1696 

0.2027 

0  2329 

1047.1 

1266.5 

1369.6 

1529  5 

1665.3 

1704  5 

1.1622 

1.3231 

1.4034 

1.5066 

1.5839 

1.6499 

0  0463 

0.0880 

0.1143 

0.1516 

0.1825 

0.2106 

985.0 

1224.1 

1349  3 

1518.2 

1657.0 

1788  1 

1 . 1093 

1.2930 

1.3821 

1.4908 

1.5699 

1.6360 

Keyes,  John  Wiley  4 
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TIME  IN  SECONOS-SAYBOLT  (UNIVERSAL  A  FUROU*  REDWOOD  KoitaL  ENGLER  TIME 

Fig.  13a.  Viscosity  conversion  chart. 


20  30 

Reduced  pressure,  pR=  f-cr;tic0ll 

Fio.  136.  Viscosity  correction  chart  for  gases  at  different  pressures.  [Coming  and  Eyly, 
Ind.  Eng.  Chem.,  32,  715  (1940).] 
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Viscosities  of  Petroleum  Fractions 
For  temperature  ranges  employed  in  the  text 
Coordinates  to  be  used  with  Fig.  14 


X 

Y 

7fi°APT  notirrnl  crn.soline  . 

14.4 

6.4 

*lfi0APT  trfl.snline  . 

14.0 

10.5 

49° APT  Irernsene  . 

11.6 

16.0 

35° APT  distillate  . 

10.0 

20.0 

94°APT  mid-enntinent  crude . 

10.3 

21.3 

28° APT  PSA  oil  . 

10.0 

23.6 

Viscosities  of  Animal  and  Vegetable  Oils* 


Acid 

No. 

Sp  gr, 
20/4°C 

X 

Y 

Almond . 

2.85 

0.9188 

6.9 

28.2 

Coconut . 

0.01 

0.9226 

6.9 

26.9 

Cod  liver . 

0.9138 

7.7 

27.7 

Cottonseed . 

14.24 

0.9187 

7.0 

28.0 

Lard . 

3.39 

0.9138 

7.0 

28.2 

Linseed . 

3.42 

0.9297 

6.8 

27.5 

Mustard . 

0.9237 

7.0 

28.5 

Neatsfoot . 

13.35 

0.9158 

6.5 

28.0 

Olive . 

0  9158 

6  6 

28  3 

Palm  kernel . 

9.0 

0.9190 

7.0 

26.9 

Perilla,  raw . 

1.36 

0.9297 

8.1 

27.2 

Rapeseed . 

0.34 

0.9114 

7.0 

28.8 

Sardine . 

0.57 

0.9384 

7.7 

27.3 

Soybean . 

3.50 

0.9228 

8.3 

27.5 

Sperm . 

0.80 

0.8829 

7.7 

26.3 

Sunflower . 

2.76 

0 . 9207 

7.5 

27.6 

Whale,  refined . 

0.73 

0 . 9227 

7.5 

27.5 

*  Based  on  data  at  100  and  210°F  of  A.  R.  Rescorla  and  F.  L.  Carnahan.  Ind.  Eng.  Chem.,  28,  1212- 


V iscosities  of  Commercial  Fatty  Acids* 
250  to  400°F 


Sp  gr 
at  300 °F 

X 

Y 

Laurie . . 

0.792 

10.1 

23.1 

Oleic .... 

0.799 

10.0 

25  2 

Palmitic . . 

0.786 

9.2 

25  9 

Stearic .  . 

0.789 

10.5 

25.5 

*  From  data  of  D.  Q.  Kern  and  W.  Van  Noatrand, 


Ind.  Eng.  Chem..  41.  2209  (1949). 
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Viscosities  of  Liquids* 
Coordinates  to  be  used  with  Fig.  14 


Liquid 

X 

Y 

Acetaldehyde . 

15  2 

4  8 

Acetic  acid,  100% . 

12.1 

U  2. 

Acetic  acid,  70% . 

9.5 

17  .0 

Acetic  anhydride . 

12.7 

12.8 

Acetone,  100% . 

14.5 

7.2 

Acetone,  35% . 

7.9 

15.0 

Allyl  alcohol . 

10.2 

14.3 

Ammonia,  100% . 

12.6 

2.0 

Ammonia,  26% . 

10.1 

13.9 

Amyl  acetate . 

11.8 

12.5 

Amyl  alcohcl . 

7.5 

18.4 

Aniline . 

8.1 

18.7 

Anisole . 

12.3 

13.5 

Arsenic  trichloride . 

13.9 

14.5 

Benzene . 

12.5 

10.9 

Brine,  CaCL,  25% . 

6.6 

15.9 

Brine,  NaCl,  25% . 

10.2 

16.6 

Bromine . 

14.2 

13.2 

Bromotoluene . 

20.0 

15.9 

n-Butane . . 

15.3 

3.3 

Isobutane . 

14.5 

3.7 

Butvl  acetate  . 

12.3 

11.0 

Rnt.vl  alcohol . 

8.6 

17.2 

Rntvric  acid . 

12.1 

15.3 

Carbon  dioxide . 

11.6 

0.3 

Carbon  disulfide . 

16.1 

7.5 

Carbon  tetrachloride . 

12.7 

13.1 

Chloroben  zene  . 

12.3 

12.4 

Chloroform  . 

14.4 

10.2 

Chlnrnsnlfonie  acid . 

11.2 

18.1 

f^hlnrnf.nliiene  ortho  . 

13.0 

13.3 

f^bl  nrnf.nl  11  an  e  mfitfl . 

13.3 

12.5 

rHilnrnt.nlupnP  Tiara . 

13.3 

12.5 

I~!rasnl  m  at, a  . 

•2.5 

20.8 

PvplnliPYflnol  . 

2.9 

24.3 

T^ihrnmnpt.hfiTlP  . 

12.7 

15.8 

"Flir>Vilnrnpfhn.ne  . 

13.2 

12.2 

Hif>klnrnrript,hanfi  . 

14.6 

8.9 

T^iofhvl  oval ate  . 

11.0 

16.4 

T^irrwatVlvl  OYfllato  . 

12.3 

If  .8 

TlinVionvl  . 

12.0 

18.3 

Di] 

Et 

Etl 

Etl 

Etl 

Et] 

Etl 

Etl 

Et 

Ffl 

rnYinvl  nY»lfl.tft  . . 

10.3 

17.7 

q  ppt.at.p  . 

13.7 

9.1 

10.5 

13.8 

9.8 

14.3 

6.5 

16.6 

kirl  kpn7.PPP  . 

13.2 

11.5 

kvl  krnmiHp  . 

14.5 

8.1 

kxrl  rlilnrinP  . 

14.8 

6.0 

k^irl  pf.Vi  pr  . 

14.5 

5.3 

kxrl  fnrmfit.P  . 

14.2 

8.4 

Etl 

Etl 

Fo 

14.7 

10.3 

6.0 

23.6 

lyiciic  . 

10.7 

15.8 

14.4 

9.0 

16.8 

5.6 

Liquid 


/O 


*  From  Perry,  J.  H.,  “Chemical  Engineers' 

New  York,  19W. 


Isobutyric  acid . 

Isopropyl  alcohol . 

Mercury . 

Methanol,  100% . 

Methanol,  90% . 

Methanol,  40% . 

Methyl  acetate . 

Methyl  chloride . 

Methyl  ethyl  ketone ... 

Naphthalene . 

Nitric  acid,  95% . 

Nitric  acid,  60% . 

Nitrobenzene . 

Nitrotoluene . 

Octane . 

Octyl  alcohol . 

Pentachloroethane . 

Pentane . 

Phenol . 

Phosphorus  tribromide. 

Phosphorus  trichloride . 

Propane . 

Propionic  acid . 

Propyl  alcohol . 

Propyl  bromide . 

Propyl  chloride . 

Propyl  iodide . 

Sodium . 

Sodium  hydroxide,  50% 

Stannic  chloride . 

Sulfur  dioxide . 

Sulfuric  acid,  110%. . . . 

Sulfuric  acid,  98% . 

Sulfuric  acid,  60% . 

Sulfuryl  chloride . 

Tetrachloroethane . 

Tetrachloroethylene . . . . 

Titanium  tetrachloride . 

Toluene . 

Trichloroethylene . 

Turpentine . 

Vinyl  acetate . 

Water . 

Xylene,  ortho 
Xylene,  meta 
Xylene,  para. 

3d  ed..  McGraw-Hill  Book  Company,  Inc., 


15 

17 
12 
14 

2 

6 

14 

14 

13 

7 
12 

8 

18 
12 
12 

7 

14 

15 
13 

7 

12 

10 

10 

11 

13 
6 

10 

14 
6 

13 

16 

15 
12 

9 

14 
14 

14 

16 
3 

13 

15 
7 
7 

10 

15 

11 

14 
14 

13 

14 
11 
14 

10 
13 
13 
13 


.8 

.2 

.3 

.8 

.1 

.5 

.4 

.1 

.4 

.2 

.5 

.2 

.2 

0 

.2 

2 

.9 

.2 

.4 

.7 

.8 

.5 

.0 


7.5 

4.7 

11.4 

8.3 
30.0 

19.6 

8.4 
7.0 

16.6 
18.0 

14.4 
16.0 

16.4 

10.5 
11.8 

15.5 

8.2 

3.8 

8.6 
18.1 

13.8 
17.0 
16.2 
17.0 
10.0 
21.1 

17.3 
5.2 

20.8 

16.7 
10.9 

1.0 

13.8 

16.5 
9.6 

7.5 

11.6 

13.9 

25.8 

12.8 
7.1 

27.4 

24.8 

21.3 

12.4 

15.7 

12.7 

12.3 

10.4 

10.5 

14.9 
8.8 

13.0 

12.1 

10.6 

10.9 
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Temperolure 
OegC.  Deg.F. 


Viscosity 

Centipoises 


200 
190  — 
180 


390 

-  380 

-  370 

-  360 

-  350 


170 

160 


340 

330 

320 


150 
140 
130 
12  0 
I  I  0 

100 

90 


310 
~  —  300 
290 
280 
270 
260 
250 
--  240 
--  230 
--  220 
210 

"  —  200 
190 


80 

70 


180 

170 

160 

150 


60 


140 


50 

40 


130 

120 

110 

too 


30 


20 


90 

80 

70 

60 


10 


50 


0  — 


40 

30 


-10 


20 

10 


-20 

-30 


O 

-10 

-20 


rz —  100 
—  90 


_  60 
—  50 

40 


■§-  30 

—  20 


10 

9 

8 

7 

6 

5 

4 

3 


2 


I 

0.9 

0.8 

0.7 

0j6 

0.5 

0.4 

0.3 


02 


«« Enainem’ 


»> 
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Viscosities  of  Gases* 
Coordinates  to  be  used  with  Fig.  15 


Gas 

X 

Y 

Acetic  acid . 

7.7 

14  3 

Acetone . 

8.9 

13.0 

Acetylene . 

9.8 

14.9 

Air . 

11.0 

20.0 

Ammonia . 

8.4 

16.0 

Argon . 

10.5 

22.4 

Benzene  . 

8.5 

13.2 

Bromine . 

8.9 

19.2 

Butene  . 

9.2 

13.7 

Butvlene  . 

8.9 

13.0 

Carbon  dioxide . 

9.5 

18.7 

Farhnn  disulfide  . 

8.0 

16.0 

dnrhrm  monoxide . 

11.0 

20.0 

dhlnrine  . 

9.0 

18.4 

riViloroform  . 

8.9 

15.7 

Fvnnncren  .  ... 

9.2 

15.2 

riimlnViPYnne  . 

9.2 

12.0 

F  thane  . 

9.1 

14.5 

F.tlivl  . 

8.5 

13.2 

TT.flvvl  ftlp.nbol  . 

9.2 

14.2 

Tr.tVivl  phlnriHft . 

8.5 

15.6 

T?thvl  ether  . 

8.9 

13.0 

Fthvlene  . . 

9.5 

15.1 

TTlnnrine  . 

7.3 

23.8 

10.6 

15.1 

11.1 

16.0 

10.8 

15.3 

Freon -22 

10.1 

17.0 

11.3 

14.0 

10.9 

20.5 

8.6 

11.8 

11.2 

12.4 

XI  y  U.I  . . 

on  i  IV,  . 

11.2 

17.2 

Oil 2  1  All  2  •  •  •  •  *# 

8.8 

20.9 

8.8 

18.7 

nyarogen  biiivutic . 

9.8 

14.9 

jtiyarogen  bjamuc . 

9.0 

21.3 

xiyarogen  iuumc . 

8.6 

18.0 

nyarogen  duha'-^ . 

9.0 

18.4 

5.3 

22.9 

9.9 

15.5 

8.5 

15.6 

ivieinyi  aiwiiui . 

10.9 

10.6 

20.5 

20.0 

8.0 

17.6 

iNitrosyi  cxiiuiiAii- . 

8.8 

19.0 

IN  urous  oxivic . 

11.0 

21.3 

oxygen . 

7.0 

12.8 

9.7 

12.9 

8.4 

13.4 

Jrrupyi  aibvttui  • 

9.0 

13.8 

9.6 

17.0 

bultur  . . 

8.6 

12.4 

l  oiuene . •  •  ■ •  •  •  • 

9.5 

10 . 5 

2,  3,  o- 1 rimetnyiouuaxn' . 

8.0 

16.0 

9.3 

23.0 

'i _ xi;n 

*  From  Perry,  J.  H„  “Chemical  Engineers’  Handbook,’ 
New  York,  1950. 
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Temperature 
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Viscosity,  cen+ipoises 

FiU.  16.  Values  of  k(cn/k)'A  for  hydrocarbons. 
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17.  The  caloric  temperature  factor  Fc.  (Standards  of  Tubular  Exchanger  Manufacturers  Association ,  2 d  ed.,  New  York,  1949.) 
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Fig.  21.  LMTD  correction  factors  for  4-8  exchangers.  ( Standards  of  Tubular  Exchanger  Manufacturers  Association,  2d  ed.. 

New  York,  1949.) 
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Fig.  23.  LMTD  correction  factors  for  6-12  exchangers.  ( Standards  of  Tubular  Exchanger  Manufacturers  Association,  2d  ed 
New  York,  1949.) 
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4000 


2  3  t*  5 

Vla  ,,  T  .  . .  Velocity  through  tubes,  ft/sec 

R»y-  Soc..  A127,  540  a^“t',rr'n*r  curve-  I  Adapted  from  Eagle  and  Ferguson,  Proc. 
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Fig.  26.  Tube-side  friction  factors.  ( Standards  of  Tubular  Exchanger  Manufacturers  Association,  2 d  ed..  New  York,  1949.) 
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Fig.  27.  Tube-side  return  pressure  loss. 
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Fig.  28.  Shell-side  heat-transfer  curve  for  bundles  with  25%  cut  segmental  baffles. 
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Table  8.  Approximate  Overall  Design  Coefficients 
Values  include  total  dirt  factors  of  0.003  and  allowable  pressure  drops  of  5  to  10  psi  on 

the  controlling  stream 
Coolers 


Hot  fluid 

^old  fluid 

Overall  Ud 

Water 

Water 

250-500 § 

Methanol 

Water 

250-500 § 

Ammonia 

Water 

250-500 § 

Aqueous  solutions 

Water 

250-500 § 

Light  organics* 

Water 

75-150 

Medium  organics  f 

Water 

50-125 

Heavy  organics  t 

Water 

5-75|| 

Gases 

Water 

2-50  H 

Water 

Brine 

100-200 

Light  organics 

Brine 

40-100 

Heaters 


Hot  fluid 

Cold  fluid 

Overall  Ud 

Steam 

Water 

200-700 § 

Steam 

Methanol 

200-700 § 

Steam 

Ammonia 

200-700 § 

Steam 

Aqueous  solutions: 

Steam 

Less  than  2.0  cp 

200-700 

Steam 

More  than  2.0  cp 

1 00-500 § 

Steam 

Light  organics 

100-200 

Steam 

Medium  organics 

50-100 

Steam 

Heavy  organics 

6-60 

Steam 

Gases 

5-50  H 

Exchangers 


Hot  fluid 

Cold  fluid 

Overall  Ud 

Water 

Water 

250-500 § 

Aqueous  solutions 

Aque  us  solutions 

250-500 § 

Light  organics 

Light  organics 

40-75 

Medium  organics 

Medium  organics 

20-60 

Heavy  organics 

Heavy  organics 

10-40 

Heavy  organics 

Light  organics 

30-60 

Light  organics 

Heavy  organics 

10-40 

. 

*  Light  organics  are  Hums  wun  ^  - - -  * 

—  -•  -  -  A 

above  1.0  cen.lpose  .„d  inc.ua,  cold  ...  «...  .«be  oiU. 

reduced  crude  oils,  tars,  and  asphalts. 

§  Dirt  factor  0.001. 

II  Pressure  drop  20  to  30  psi. 

These  rates  are  greatly  influenced  by  the  operating  pressure. 
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Table  9.  Tube-sheet  Layouts  (Tube  Counts) 

Square  Pitch 


842 
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Table  9.  Tube-sheet  Layouts  (Tube  Counts). — ( Continued ) 

Triangular  Pitch 


%  in.  OD  tubes  on  1^4g-in.  triangular 

pitch 

%  in.  OD  tubes  on  1-in.  triangular 
pitch 

Shell 

ID,  in. 

1-P 

2-P 

4-P 

6-P 

8-P 

Shell 

ID,  in. 

1-P 

2-P 

4-P 

6-P 

8-P 

8 

10 

12 

13  M 
1534 

17  M 
1934 
2134 
2334 

25 

27 

29 

31 

33 

35 

37 

39 

36 

62 

109 

127 

170 

239 

301 

361 

442 

532 

637 

721 

847 

974 

1102 

1240 

1377 

32 

56 

98 

114 

160 

224 

282 

342 

420 

506 

602 

692 

822 

938 

1068 

1200 

1330 

26 

47 

86 

96 

140 

194 

252 

314 

386 

468 

550 

640 

766 

878 

1004 

1144 

1258 

24 

42 

82 

90 

136 

188 

244 

306 

378 

446 

536 

620 

722 

852 

988 

1104 

1248 

1 

36 

78 

86 

128 

178 

234 

290 

364 

434 

524 

594 

720 

826 

958 

1072 

1212 

8 

10 

12 

13K 

15K 

17tf 

1934 

2134 

2334 

25 

27 

29 

31 

33 

35 

37 

39 

37 

61 

92 

109 

151 

203 

262 

316 

384 

470 

559 

630 

745 

856 

970 

1074 

1206 

30 

52 

82 

106 

138 

196 

250 

302 

376 

452 

534 

604 

728 

830 

938 

1044 

1176 

24 

40 

76 

86 

122 

178 

226 

278 

352 

422 

488 

556 

678 

774 

882 

1012 

1128 

24 

36 

74 

82 

118 

172 

216 

272 

342 

394 

474 

538 

666 

760 

864 

986 

1100 

70 

74 

110 

166 

210 

260 

328 

382 

464 

508 

640 

732 

848 

870 

1078 

1  in.  OD  tubes  on  134-in.  triangular  pitch 

1 34  in.  OD  tubes  on  triangular 

pitch 

8 

10 

12 

1334 

1534 

1734 

1934 

2134 

2334 

25 

27 

29 

31 

33 

35 

37 

39 

21 

32 

55 

68 

91 

131 

163 

199 

241 

294 

349 

397 

472 

538 

608 

674 

766 

16 

32 

52 

66 

86 

118 

152 

188 

232 

282 

334 

376 

454 

522 

592 

664 

736 

16 

26 

48 

58 

80 

106 

140 

170 

212 

256 

302 

338 

430 

486 

562 

632 

700 

14 

24 

46 

54 

74 

104 

136 

164 

212 

252 

296 

334 

424 

470 

546 

614 

688 

44 

50 

72 

94 

128 

160 

202 

242 

286 

316 

400 

454 

532 

598 

672 

10 

12 

1334 

1534 

1734 

1934 

2134 

2334 

25 

27 

29 

31 

33 

35 

37 

39 

20 

32 

38 

54 

69 

95 

117 

140 

170 

202 

235 

275 

315 

357 

407 

449 

18 

30 

36 

51 

66 

91 

112 

136 

164 

196 

228 

270 

305 

348 

390 

436 

14 

26 

32 

45 

62 

86 

105 

130 

155 

185 

217 

255 

297 

335 

380 

425 

22 

28 

42 

58 

78 

101 

123 

150 

179 

212 

245 

288 

327 

374 

419 

20 

26 

38 

54 

69 

95 

117 

140 

170 

202 

235 

275 

315 

357 

407 

134  in.  OD  tubes  on  1%-in.  triangula  ' 
pitch 

12 

1334 

1534 

1734 

1934 

2134 

2334 

25 

27 

29 

31 

33 

35 

37 

39 

18 

27 

36 

48 

61 

76 

95 

115 

136 

160 

184 

215 

246 

275 

307 

14 

22 

34 

44 

58 

72 

91 

110 

131 

154 

177 

206 

238 

268 

299 

14 

18 

32 

42 

55 

70 

86 

105 

125 

147 

172 

200 

230 

260 

290 

12 

16 

30 

38 

51 

66 

80 

98 

118 

141 

165 

190 

220 

252 

284 

12 

14 

27 

36 

48 

61 

76 

95 

115 

136 

160 

184 

215 

246 

275 
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Table  10.  Heat  Exchanger  and  Condenser  Tube  Data 


Tube 
OD,  in. 

BWG 

Wall 
thick¬ 
ness,  in. 

ID,  in. 

}i 

12 

0.109 

0.282 

14 

0.083 

0.334 

16 

0.065 

0.370 

18 

0.049 

0.402 

20 

0.035 

0.430 

X 

10 

0.134 

0.482 

11 

0.120 

0.510 

12 

0.109 

0.532 

13 

0.095 

0.560 

14 

0.083 

0.584 

15 

072" 

0/606 

16 

0.065 

0.620 

17 

0.058 

0.634 

18 

0.049 

0.652* 

l 

8 

0.165 

0.670 

9 

0.148 

0.704 

10 

0.134 

0.732 

11 

0.120 

0.760 

12 

0.109 

0.782 

13 

0.095 

0.810 

14 

0.083 

0.834 

15 

0.072 

0.856 

16 

0.065 

0.870 

17 

0.058 

0.884 

18 

0.049 

0.902 

IX 

8 

0.165 

0.920 

9 

0.148 

0.954 

10 

0.134 

0.982 

11 

0.120 

1.01 

12 

0.109 

1.03 

13 

0.095 

1.06 

14 

0.083 

1.08 

15 

0.072 

1.11 

16 

0.065 

1.12 

17 

0.058 

1.13 

18 

0.049 

1.15 

1M 

8 

0.165 

1.17 

9 

0.148 

1.20 

10 

0.134 

1.23 

11 

0.120 

1.26 

12 

0.109 

1.28 

13 

0.095 

1.31 

14 

0.083 

1.33 

15 

0.072 

1.36 

16 

0.065 

1.37 

17 

0.058 

1.38 

18 

0.049 

1.40 

per  tube, 


in.J 


0.0625 

0.0876 

0.1076 

0.127 

0.145 

0.182 
0.204 
0.223 
0.247 
0.268 
0.289 
0.302  . 
0.314 
0.334 

0.355 

0.389 

0.421 

0.455 

0.479 

0.515 

0.546 

0.576 

0.594 

0.613 

0.639 

0.665 

0.714 

0.757 

0.800 

0.836 

0.884 

0.923 

0.960 

0.985 

1.01 

1.04 

1.075 

1.14 

1.19 

1.25 

1.29 

1.35 

1.40 

1.44 

1.47 

1.50 

1.54 


Surface  per  lin  ft,  ft2 
i 

Weight 
per  lin  ft 
lb  steel 

Outside 

Inside 

0.1309 

0.0748 

0.493 

0.0874 

0.403 

0.0969 

0.329 

0.1052 

0.258 

0.1125 

0.190 

0.1963 

0.1263 

0.965 

1 

0.1335 

0.884 

0.1393 

0.817 

0.1466 

0.727 

0.1529 

0.647 

0.1587 

0.571 

0.1623 

0.520 

0.1660 

0.469 

0.1707 

0.401 

0.2618 

0.1754 

1.61 

0.1843 

1.47 

0.1916 

1.36 

0.1990 

1.23 

0 . 2048 

1.14 

0.2121 

1.00 

0.2183 

0.890 

0.2241 

0.781 

0.2277 

0.710 

0.2314 

0.639 

0.2361 

0.545 

0.3271 

0 . 2409 

2.09 

0 . 2498 

1.91 

0.2572 

1.75 

0 . 2644 

1.58 

0.2701 

1.45 

0.2775 

1.28 

0.2839 

1.13 

0.2896 

0.991 

0 . 2932 

0.900 

0 . 2969 

0.808 

0.3015 

0.688 

0.3925 

0 . 3063 

2.57 

0.3152 

2.34 

0.3225 

2.14 

0 . 3299 

1.98 

0 . 3356 

1.77 

0.3430 

1.56 

0.3492 

1.37 

0 . 3555 

1.20 

0.3587 

1 .09 

0.3623 

0.978 

0.3670 

0.831 
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Table  11.  Dimensions  of  Steel  Pipe  (IPS) 


Nominal 
pipe  size, 
IPS,  in. 

OD,  in. 

schedule 

ID,  in. 

Flow  area 
per  pipe,  - 
in.2 

Surface  per  lin  ft, 

ft.2/ft. 

Weight 
per  lin  ft, 
lb  steel 

No. 

Outside 

Inside 

\PO 

r^\ 

0.405 

40* 

80  f 

0.269 

0.215 

0.058 

0.036 

0.106 

0.070 

0.056 

0.25 

0.32 

K 

0.540 

40* 

80  f 

0.364 

0.302 

0.104 

0.072 

0.141 

0.095 

0.079 

0.43 

0.54 

H 

0.675 

40* 

80  f 

0.493 

0.423 

0.192 

0.141 

0.177 

0.129 

0.111 

0.57 

0.74 

K 

0.840 

40* 

80 1 

0.622 

0.546 

0.304 

0.235 

0.220 

0.163 

0.143 

0.85 

1.09 

% 

1.05 

40* 

80  f 

0.824 

0.742 

0.534 

0.432 

0.275 

0.216 

0.194 

1.13 

1.48 

i 

1.32 

40* 

80  f 

1.049 

0.957 

0.864 

0.718 

0.344 

0.274 

0.250 

1.68 

2.17 

IK 

1.66 

40* 

80 1 

1.380 

1.278 

1.50 

1.28 

0.435 

0.362 

0.335 

2.28 

3.00 

IK 

1.90 

40* 

80  f 

1.610 

1.500 

2.04 

1.76 

0.498 

0.422 

0.393 

2.72 

3.64 

2 

2.38  - 

40* 

80 1 

2.067  ' 
1.939 

3.35 

2.95 

0.622 

0.542 

0.508 

3.66 

5.03 

2  H 

2.88 

40* 

80 1 

2.469 

2.323 

4.79 

4.23 

0.753 

0.647 

0.609 

5.80 

7.67 

3 

3.50 

40* 

80 1 

3.068 

2.900 

7.38 

6.61 

0.917 

0.804 

0.760 

7.58 

10.3 

4 

4.50 

40* 

80 1 

4.026 

3.826 

12.7 

11.5 

1.178 

1.055 

1.002 

10  8 
15.0 

6 

6.625 

40* 

80  f 

6.065 

5.761 

28.9 

26.1 

1.734 

1.590 

1.510 

19.0 

28.6 

8 

8.625 

40* 

80 1 

7.981 

7.625 

50.0 

45.7 

2.258 

2.090 

2.000 

28.6 

43.4 

10 

10.75 

40* 

60 

10.02 

9.75 

78.8 

74.6 

2.814 

2.62 

2.55 

40.5 

54.8 

12 

14 

16 

18 

20 

22 

24 

12.75 

14.0 

16.0 

18.0 

20.0 

22.0 

24.0 

30 

30 

30 

20  % 
20 

20  \ 
20 

12.09  ‘ 

13.25 

15.25 

19.25 

21.25 

23.25 

115 

138 

183 

234 

291 

355 

425 

3.338 

3.665 

4.189 

4.712 

5.236 

5.747 

6.283 

3.17  ^ 

3.47 

4.00 

4.52 

5.05 

5.56 

6.09 

43.8 

54.6 

62.6 
72.7 

78.6 
84.0 

94.7 

*  Commonly  known  as  standard. 

|  Commonly  known  as  extra  heavy. 
$  Approximately. 


APPENDIX  OF  CALCULATION  DATA 


845 


Table  12.  Fouling  Factors* 


Temperature  of  heating  medium . 

Up  to  240°F 

240-400°Ft 

Temperature  of  water . 

125°F  or  less 

Over  125°F 

■ 

Water  velocity, 

Water  velocity. 

Water 

fps 

fps 

3  ft 

Over 

3  ft 

Over 

and  less 

3  ft 

and  less 

3  ft 

Sea  water . 

0.0005 

0.0005 

0.001 

0.001 

Brackish  water . 

0.002 

0.001 

0.003 

0.002 

Cooling  tower  and  artificial  spray  pond : 

Treated  make-up . 

0.001 

0.001 

0.002 

0.002 

Untreated . 

0.003 

0.003 

0.005 

0.004 

City  or  well  water  (such  as  Great  Lakes) . 

0.001 

0.001 

0.002 

0.002 

Great  Lakes . 

0.001 

0.001 

0.002 

0.002 

River  water: 

Minimum . 

0.002 

0.001 

0.003 

0.022 

Mississippi . 

0.003 

0.002 

0.004 

0.003 

Delaware,  Schuylkill . 

0.003 

0.002 

0.004 

0.003 

East  River  and  New  York  Bay . 

0.003 

0.002 

0.004 

0.003 

Chicago  sanitary  canal . 

0.008 

0.006 

0.010 

0.008 

Muddy  or  silty . 

0.003 

0.002 

0.004 

0.003 

Hard  (over  15  grains /gal) . 

0.003 

0.003 

0.005 

0.005 

Engine  jacket . 

0.001 

0.001 

0.001 

0.001 

Distilled . 

0.0005 

0.0005 

0.0005 

0.0005 

Treated  boiler  feedwater 

0.001 

0.0005 

p.ooi 

0.001 

Boiler  blowdown . 

0.002 

0.002 

0.002 

0.002 

.  - - -  “  rcmpeiaiure  ui  me  nearing  meuium  oi  24U  to  400°F 

If  the  heating  medium  temperature  is  over  400°F,  and  the  cooling  medium  is  known  to  scale  these 
ratings  should  be  modified  accordingly. 


Oils  (industrial): 

Fueloil.. .  0.005 

Clean  recirculating  oil .  0 . 001 

Machinery  and  transformer  oils  0 . 001 

Quenching  oil .  0 . 004 

Vegetable  oils .  0 . 003 

Gases,  vapors  (industrial): 

Coke-oven  gas,  manufactured 

8as  ••  •• .  0.01 

Diesel-engine  exhaust  gas .  0.01 

Organic  vapors .  0 . 0005 

Steam  (non-oil  bearing) .  0  0 

Alcohol  vapors .  0  0 

Steam,  exhaust  (oil  bearing 
from  reciprocating  engines)  0.001 
Refrigerating  vapors  (condens¬ 
ing  from  reciprocating  com¬ 
pressors) .  0.002 

.  0.002 


Air. 


Petroleum  Fractions 

Liquids  (industrial): 

Organic . 

Refrigerating  liquids,  heating, 

cooling,  or  evaporating . 

Brine  (cooling) . 

Atmospheric  distillation  units: 
Residual  bottoms,  less  than 

25°API . 

Distillate  bottoms,  25°API  or 

above . 

Atmospheric  distillation  units : 
Overhead  untreated  vapors 

Overhead  treated  vapors . 

Side-stream  cuts . 

Vacuum  distillation  units: 
Overhead  vapors  to  oil : 

From  bubble  tower  (partial 
condenser) . 


0.001 

0.001 

0.001 


0.005 

0.002 

0.0013 

0.003 

0.0013 


From  flash  pot  (no  appreci- 
able  reflux) . 

andardt  *  T^ar  Manu/aclurer,  ^  ^  ^  ^ 


0.001 

0.003 
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Table  12.  Fouling  Factors.* — ( Continued ) 


Overhead  vapors  in  water- 
cooled  condensers: 

From  bubble  tower  (final 

condenser) .  0.001 

From  flash  pot .  0.04 

Side  stream: 

To  oil .  0.001 

To  water .  0 . 002 

Residual  bottoms,  less  than 

20° API .  0.005 

Distillate  bottoms,  over 

20° API .  0.002 

Natural  gasoline  stabilizer  units: 

Feed .  0.0005 

O.H.  vapors .  0.0005 

Product  coolers  and  exchangers  0 . 0005 
Product  reboilers .  0.001 

H2S  Removal  Units: 

For  overhead  vapors .  0.001 

Solution  exchanger  coolers. . . .  0.0016 
Reboiler .  0.0016 

Cracking  units: 

Gas  oil  feed: 

Under  500°F .  0.002 

500°F  and  over .  0 . 003 

Naphtha  feed: 

Under  500°F .  0.002 

500°F  and  over .  0 . 004 

Separator  vapors  (vapors  from 
separator,  flash  pot,  and 

vaporizer) .  0.006 

Bubble-tower  vapors .  0 . 002 

Residuum .  ® 

Absorption  units: 

Gas .  0.00L 

Fat  oil .  0.002 

X  Precautions  must  be  taken  against  deposition  of  wax. 


Lean  oil . 

Overhead  vapors 
Gasoline . . 


0.002 

0.001 

0.0005 


Debutanizer,  Depropanizer,  De¬ 
pentanizer,  and  Alkylation 


Units : 

Feed . 

.  0.001 

Overhead  vapors . 

.  0.001 

Product  coolers . 

.  0.001 

Product  reboilers . 

.  0.002 

Reactor  feed . 

.  0.002 

Lube  treating  units: 

Solvent  oil  mixed  feed . 

.  0.002 

Overhead  vapors . 

.  0.001 

Refined  oil . 

.  0.001 

Refined  oil  heat  exchangers 

water  cooled  X . 

.  0.003 

Gums  and  tars: 

Oil-cooled  and  steam  gener- 

ators . 

.  0.005 

Water-cooled . 

.  0.003 

Solvent . 

.  0.001 

Deasphaltizing  units : 

Feed  oil . 

.  0.002 

Solvent . 

.  0.001 

Asphalt  and  resin: 

Oil-cooled  and  steam  gener- 

ators . 

.  0.005 

Water-cooled . 

.0.003 

Solvent  vapors . 

.  0.001 

Refined  oil . 

.  0.001 

Refined  oil  water  cooled . 

.  0.003 

Dewaxing  units: 

.  0.001 

.  0.001 

Oil  wax  mix  heating . 

.  0.001 

Oil  wax  mix  cooling  t . 

0.003 

Crude  Oil  Streams 


0-199°F 

20( 

)-299° 

F 

300-499°F 

500°F  and  over 

Velocity,  fps 

Under 
2  ft 

2-4 

ft 

4  ft 
and 

over 

Under 
2  ft 

2-4 

ft. 

4  ft 
and 

over 

Under 
2  ft 

2-4 

ft 

4  ft 

and 

over 

Under 
2  ft 

2-4 

ft 

4  ft 

and 

over 

r\  fWYJ 

Dry.. 

Salt§ 

.0.003 

.0.003 

0.002 

0.002 

0.002 

0.002 

0.003 
0  005 

0.002 

0,004 

0.002 

0.004 

0.004 
0  006 

0.003 
0  005 

0.002 

0,004 

0.005 
0  007 

0.004 
0  006 

U .  UvO 

0,005 

utS  -  - - — - 

t  Refer,  to  «  wet  crude-aoy  crude  that  ha.  not  been  dehydrated. 
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SUBJECT  INDEX 

(The  principal  tables,  graphs,  and  equations  are  shown  in  boldface  type) 


A 

Absolute  pressure  in  surface  condensers,  305 

Absolute  temperature,  3,  5,  74,  192 

Absolute  viscosity,  28 

Absorbents,  222,  341 

Absorbers,  222 

Absorption,  341 

in  gasoline  recovery,  222 
of  luminous  flames,  690 
Absorption  oil,  4,  235 
Absorptivity,  definition  of,  67 
Acceleration  head  loss,  486 
Acetic  acid,  185 
Acetone,  185,  470 

Adiabatic  compression,  192,  196,  197 
Adiabatic  humidification,  571-573 
Adiabatic  temperature,  192 
Adsorptive  processes,  747 
After  condensers,  394,  395,  397 
jet,  394,  564 
surface,  395,  397 

Aftercoolers  and  aftercooling,  192-195 
Agitation  in  vessels,  effect  of,  on  coefficient,  717- 
719,  721-733 
on  transfer  time,  725-733 
Agitators,  paddle,  717,  722 
turbine,  722 
Air,  191,  196 

atmospheric,  reasonable  maximum  tempera¬ 
tures  of,  596 

summer  wet-bulb  temperatures  of,  594-596 
compression  of,  192,  195 
dissolved  in  water,  154,  302 
enthalpies  for,  585 
over  finned  strip  heaters,  757 
over  finned  tubes,  535,  543 
friction  factors  for,  191,  836,  839 
heat-tiansfer  coefficients  in,  192 
humid  heat  of,  588 
humidities  of,  585,  586 
as  steam  contaminant,  302,  397 
over  strip  heaters,  756 
(See  also  Gas;  Gases) 

Air  compressors,  195 
Air  conditioning,  544,  611 
Air  gap,  resistance  of,  15 
Air  jet  pump,  305,  306,  394 
(See  also  Ejector) 

-Air  leakage  in  surface  condensers,  306,  397 
Air  preheaters,  678,  680,  701 


Alcohol  heater,  calculation  of,  241 
Algae,  154,  724 

Allowable  pressure  drop,  in  condensers,  272 
in  exchangers,  108 
Alloys,  properties  of,  799 

American  Petroleum  Institute  (API),  degrees 
API,  definition  of,  4 

American  Society  for  Testing  Materials  (ASTM), 
353 

Ammonia,  193,  619 

Analogies,  between  electrical  and  heat  conduc¬ 
tion,  12,  527 

between  heat  transfer,  and  fluid  friction,  54-57, 
564,  574 

between  heat  transfer  and  mass  transfer,  340, 
564,  574 

Analysis  of  performance,  in  cooling  towers,  602 
in  double  pipe  exchangers,  110 
in  1-2  exchangers,  148 
in  2-4  exchangers,  181 
Aniline,  217 
Annealing,  645 

Annual  fixed  charges,  21,  158,  159,  222,  224 
in  distillation,  325 
in  evaporators,  386,  389 
Annual  operating  hours,  158 
Annuli,  in  bayonets,  745 
in  condensing  films,  264 
in  core  tubes,  210 
in  double  pipes,  104-106 
API  (see  American  Petroleum  Institute) 

Apparent  overall  coefficients,  399 
Apparent  temperature  drop,  399 
Approach  temperature,  in  barometric  con¬ 
densers,  396 
in  cooling  towers,  594 
in  exchangers,  85 

in  parallel  flow-counterflow  exchangers,  146 
Aqueous  solutions,  398,  453 

heat-transfer  coefficients  of,  in  pipes  and  tubes, 
103 

properties  of,  161 

(See  also  specific  chemical  names) 

Area,  crossflow,  in  shell-and-tube  exchangers,  138 
effective,  in  radiant  heat  transfer,  78-82  683 
684,  686 

for  heat  transfer  in  cylindrical  resistances,  16 
in  tubular  equipment,  129,  306 
Asphalt,  739 
ASTM  distillation,  353 
calculations  using,  356-367 
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Atmospheric  coolers,  581,  594,  730-738 
Atomic  energy,  515 
Atomic  volumes,  table  of,  344 
Automatic  control,  766 
Automatic-control  mechanisms,  771 
Automatic  reset,  770 

Average  fluid  temperature  ( see  Caloric  temr  ra- 
ture) 

B 

Back-pressure  regulators,  767,  776 
BafBe  pitch,  129,  227 
Baffle  spacers,  129 
Baffles,  129-131 
dam,  294,  331 
disc  and  doughnut,  130 
helical,  in  jackets,  717 

longitudinal,  in  divided  flow  exchangers,  478 
in  2-4  exchangers,  175,  176,  179 
orifice,  131 
segmental,  130 

horizontally  and  vertically  cut,  180 
maximum  and  minimum  spacing  for,  129, 
226,  227 

for  side-to-side  flow,  130 
split  segmental,  180 
for  up-and-down  flow,  130 
Balanced  pressure  drop,  280,  294 
Bare  pipes,  heat  losses  from,  17-21 
Bare  tube  coolers,  581,  594,  730-738 
Barometric  condensers,  394,  396,  425,  427 
water  requirements  in,  396 
Batch  cooling  and  heating,  of  liquids,  625,  659 
agitated,  calculation  of  time  for,  635-636 
coefficients  for,  627 
by  coils,  626-628 

by  counterflow  exchangers,  628—631 
by  1-2  exchangers,  631-633 
by  2-4  exchangers,  633 
by  jackets,  626-628 

without  agitation,  calculation  of  time  for, 
636-637 
by  coils,  633 

by  counterflow  exchangers,  633-635 
by  1-2  exchangers,  635 
by  2-4  exchangers,  635 
by  jackets,  633 

of  solids  (see  Conduction,  unsteady) 

Batch  processes,  624 

vs.  continuous  processes,  624 
instrumentation  for,  787 
Batch  stills,  637 
Bayonet  exchangers,  738-746 
Beam  length,  689 
Beattie-Bridgman  equation,  191 
Benzene,  113,  338,  502,  635 

Berl  saddles,  humidification  characteristics  of,  600 
Bessel  functions,  539 
Biot  number,  37 

Birmingham  wire  gage  (BWG),  128 
Black  ash,  426 
Black  body,  66 


Black  liquor,  426 
Blanketing  in  vaporization,  376 
Blast  furnace,  664 

Blast-furnace  charge,  heat  transfer  to,  670 
Bleed  heater,  388 
Bleed  steam,  387,  417 
Blowdown,  381,  384,  393,  454 
Bohr,  63 
Boil-up  rate,  298 
Boiler  feed  water,  302 
Boilers,  definition  of,  378 
steam-generating,  675 
efficiency  of,  678,  701 
fire-tube,  675,  695 
water-tube,  675 
Boiling,  375 

film  and  nuclear,  377 

(See  also  Evaporation;  Vaporization) 

Boiling  point  vs.  bubble  point,  322 
Boiling-point  elevation,  400 
Boiling-point  rise  (BPR),  399,  400 
Boiling  range  in  multicomponent  mixtures,  322. 
468 

Boltzmann,  3,  74 
Booster-ejectors,  393-395,  443 

steam  consumption  in,  graphs,  444 
Bottoms  product,  255 
Boundary  layer,  54-57 
Breathing  in  reboilers,  485 
Brine,  433,  473 

specific  gravity  of,  808 
specific  heat  of,  804 
thermal  conductivities  of,  800 
viscosities  of,  822 
Brix,  definition  of,  418 
Bubble  caps,  254 

Bubble  point,  vs.  boiling  point,  322 
definition  of,  322 

Bubble-point  mixtures,  multicomponent,  calcula¬ 
tion  of,  322-325 

using  equilibrium  constants,  324 
using  relative  volatilities,  325 
Buffer  layer,  57 

Building  materials,  thermal  conductivities  of,  795 

Bulk  temperature,  206,  215 

Bundle,  135,  217,  229 

Butane,  285,  316,  317,  331,  464 

Butane  vapor-pressure  curve,  321 

By-passing,  772,  773 

By-product  power,  391 

C 

Calcium  scale,  380 
Calcium  sulfite,  426 

Calculation,  of  desuperheater-condensers,  283- 

289 

of  double  pipe  exchangers,  110 
of  double  pipe  extended-surface  exchangers,  530 
of  1-2  exchangers,  148 
in  series,  184 
of  2-4  exchangers,  181 
of  1-2  extended-surface  exchangers,  534 
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Calculation,  of  1-2  horizontal  condensers,  274- 
277 

of  surface  condensers,  307 
trial-and-error,  19,  231 
of  1-2  vertical  condensers,  277—280 
(See  also  Index  to  Principal  Apparatus  Calcula¬ 
tions) 

Calming  sections,  44 
Caloric  fraction,  96 
Caloric  temperature,  93-97 
calculation  of,  97 

Caloric-temperature  factor,  96,  827 

Caramalizing,  420 

Carbon  dioxide,  344,  690 

Carbon  disulfide,  299 

Carnot  cycle,  301 

Cartridge  heaters,  754 

Cascade  coolers,  727 

Catalysts,  fixed  and  moving  bed,  624,  668 
Catalytic  processes,  725,  747,  769 
Catchalls,  403,  425 
Caustic  embrittlement,  433 
Caustic  soda  ( see  Sodium  hydroxide) 

Cell  liquor,  438 
Centipoise,  28 
Centistokes,  28 

Centrifugal  pumps,  flow  control  in,  772 
Ceramics,  727 
Channels,  129,  133,  305 
flow  area  in,  202 
Characterization  factor,  5 
Chemical  evaporators,  378,  400—449 
Chemical  furnaces,  674 
Chemical  reaction,  298 
Chiller,  459,  472-475 
instrumentation  for,  786 
Chlorbenzene,  338 
Clausius-Clapeyron  equation,  400 
Clean  overall  coefficient,  106 
Cleaning  lanes,  128 
Cleaning  transfer  surface,  108 
Cleanliness  factor,  307 
Clearance  between  tubes,  128 
Coal,  as  fuel,  675,  678,  689,  705 
heat  transfer  to,  670 

Coefficient  of  heat  transfer  (see  Heat-transfer 
coefficient) 

Coils,  pancake,  721 

pipe,  submerged,  723-725 
vertical,  722 

in  tanks,  time  for  heating  with,  626-628 
tube,  helical,  720 
calculation  of,  723 
Coke,  heat  transfer  to,  670 
Coke  deposits,  675,  679 
Colloidal  dispersions,  properties  of,  161 
Combustion,  689-692 
Components  in  phase  rule,  315 
Composition  of  vapor  mixture,  313 
calculation  of,  323-327 

between  dew  point  and  bubble  point,  327,  362 
Compression,  adiabatic,  192 
polytropic,  192 


Compressor  aftercoolers,  192-195 
temperature  control  for,  776 
Compressors,  single  and  multistage,  192,  195 
Condensate,  pumped  return  of,  273 
Condensate  depression  in  surface  condensers, 
305 

Condensate  loading  (see  Condensation) 
Condensate  return  pump,  273 
Condensation,  252-312,  313—374 
dropwise,  252,  338 
film,  252 

in  bayonet  exchangers,  738 
coefficients  of,  graph,  267 
with  condensable  impurities,  281 
dimensional  analysis  of,  253 
of  exhaust  steam,  268,  397 
graphical  analysis  of,  308 
heat  load  vs,  temperature  in,  313 
in  horizontal  tubes,  condensate  loading  of, 
269 

on  horizontal  tubes,  261 

coefficients  of,  equaton,  266 
condensate  loading  in,  265,  266 
horizontal  vs.  vertical,  268 
on  inclined  surfaces,  260 
isothermal,  252 

with  noncondensable  impurities,  281,  397 
nonisothermal,  281 
Nusselt’s  theory  of,  256-263 
recommended  curves  for,  267,  270 
recommended  equation,  266,  267 
of  single  vapors,  252-312 
of  steam,  equations,  266 
presence  of  air  in,  281 
in  surface  condensers,  301-309 
nomenclature,  305 
of  superheated  vapor,  281 
vapor-loading,  265 
variation  of,  with  temperature,  313 
on  vertical  surfaces,  257-260 
coefficients  of,  equation,  266 
condensate  loading  in,  265 
flow  transition  height  of,  270 
working  equations  for,  264-266 
in  vertical  tubes,  semiempirical  coefficients 
of,  270 

zone  of,  282,  289 

Condensation  of  mixed  vapors,  313-370 
binary  mixture,  318 
condensing  curve  for,  319 
calculation  of,  329 

condensing  range  of,  by  phase  rule,  317 
differential,  328 

immiscibles  from  noncondensable  gas  in  352— 
372 

miscibles  from  immiscible  in,  337 
multicomponent  mixture  in,  319-337 
from  noncondensable  gas,  313,  317,  564 
phase-rule  applications  in,  315 
of  two  miscible  vapors,  317,  318 
of  steam  from  air,  343 
from  noncondensable  gas,  339,  367 
calculation  of,  346-351 
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Condenser  tubes,  128 
dimensions  of,  843 

Condenser  vacuum,  in  surface  condensers;  305 
Condensers,  air-cooled,  545 

barometric,  394,  396,  425,  427,  432 
for  batch  distillation,  639 
calculation  types  of,  271 
definition  of,  102 
and  dephlegmators,  280 
evaporative,  732,  738 
instrumentation  for,  780-783 
low-level,  396 

operating  pressure  of,  325,  577 
partial,  280,  318 

instrumentation  for,  783 
reflux,  288 

shell-and-tube,  condenser-subcooler,  calcula¬ 
tion  of,  290-293 
1-1,  282,  289,  299 

1-2,  271,  274,  277,  280,  281,  283,  285,  289, 
290,  295,  325,  332,  345 
desuperheater,  calculation  of,  285-289 
divided-flow,  246 
horizontal,  268,  269 

with  gravity  reflux,  268 
n-propanol-water,  calculation  of,  274-277 
split-flow,  274 
horizontal  vs.  vertical,  269 
knock-back,  298 

multicomponent-mixture,  calculation  of,  335 
partial,  280 
reflux-type,  298 

calculation  of,  299-301 
steam-CC>2,  calculation  of,  346 
surface,  for  steam,  255,  301-309,  427,  433 
calculation  of,  308 
crossflow  in,  304 
dissolved  air,  in,  302 
pressure  drop  in,  302 
vertical,  268 

condenser-subcooler,  calculation  of,  289- 
293 

n-propanol-water,  calculation  of,  277—280 
with  single  tube  pass,  271 
vacuum,  274,  738 

(See  also  Aftercondensers;  Condensation;  Oe- 
superheater-condensers;  Intercondensers) 
Condensing  curve,  319,  329 

influence  of  components  on,  352 
for  multicomponent  mixture,  calculation  of, 
332,  366 

Condensing  range  for  multicomponent  mixture, 
calculation  of,  332 
Condensing  zone,  282,  289,  295,  331 
for  mixed  vapors,  331 
Conditioning  of  air,  544,  611 
Conductance,  definition  of,  6 
unit,  definition  of,  17 

Conduction,  Fourier’s  general  equation  of,  11 
periodic,  624,  662—664 
steady,  2,  6-23 

through  composite  wall,  14 
through  composite  pipe  wall,  16 


Conduction,  steady,  through  condensate  film 
263 

in  extended  surfaces  (see  Extended  surfaces) 
in  fins  (see  Extended  surfaces) 
through  fluids,  8 
through  granular  materials,  747 
graphical  solution  of,  21 
through  insulation,  17,  20 
through  metals,  12 
through  nonmetal  solids,  7 
through  pipe  wall,  15 
through  resistances  in  series,  14 
with  ribs,  22 
through  solids,  8 
temperature  gradient  in,  2,  10 
three-dimensional,  11 
through  wall,  13 
unsteady,  824,  639-670 
annealing,  645 

with  constant  environment  temperature,  in 
brick  shape,  653,  656—657 
with  contact  resistance,  641,  647-657 
without  contact  resistance,  640-647 
in  cube,  645,  646,  651 
in  cylinders,  645,  646,  651 
with  constant  environment  temperature,  in 
finitely  thick  wall,  644,  647,  651,  657 
graphical  solution  of,  657-662 
Gurney-Lurie  charts  for,  652-665 
in  infinitely  thick  wall,  641 
in  infinitely  wide  slab,  645,  646,  651 
Newman’s  method  for,  653-657 
in  rectangular  shapes,  648 
Schack  charts  for,  649,  650 
Schmidt  method  for,  657-662 
in  spheres,  645,  646,  651 
in  square  bars,  645,  646,  651 
time-temperature-distance  in,  641,  657-662 
and  Frankl  regenerators,  664 
to  granular  materials,  668-670 
with  heat-source  variations,  624 
heat-storage  factor  in,  666 
in  infinitely  thick  wall,  calculation  of,  643 
with  periodic  temperatures,  624,  662-664 
in  regenerators,  625,  664-668 
in  reversing  exchangers,  515,  664 
Conductivity  (see  Thermal  conductivity;  Elec¬ 
trical  conductivity) 

Conductors,  definition  of,  8 
Configuration  factor,  555 
Consistent  units,  37 

Constant  boiling  mixture,  281,  318,  319,  6o8 
Constant  pressure  in  condensers,  316,  322 
Constants,  794 

Contact  resistance,  9,  640,  647 
Continuity  equation,  31,  567 
Continuous  vs.  batch  processes,  624 
Contraction  head  loss,  108,  112,  148,  273,  487 
Control  process,  automatic,  766 
manual,  772 

Controllers,  pilot-acting,  767 
self-acting,  766 

Controlling  film  coefficient,  87,  96 
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Convection,  2,  25—27 

in  cooling  towers,  586—590 
forced,  2,  25-27 

in  annuli,  double  pipe  exchangers,  105 
with  extended  surface,  524 
in  batch  cooling  and  heating,  626-637 
in  batch  operations,  625-659 
in  condensate  films,  270 
in  pipes  and  tubes,  correlation  of,  46-51 
experimental  determination  of,  43-46 
for  liquids,  103 
recommended  equations,  103 
for  solutions,  166 
for  water,  155,  835 
in  shells,  136-140 
for  gases,  192 
for  liquids,  136,  166,  838 
recommended  equation,  137,  838 
for  solutions,  166 
for  water,  155 

and  simultaneous  diffusion,  586—590 
free,  3 

from  coils,  721 
dimensional  analysis  of,  206 
in  evaporators,  375,  400 
for  gases,  215 
heater  calculation  of,  217 
in  jacketed  vessels,  716 
in  pipes  and  tubes,  horizontal,  205 
vertical,  206 

outside  pipes  and  tubes,  214 
recommended  equation,  215 
from  planes,  215 
and  radiation,  18,  218 
recommended  equations,  216,  217 
and  streamline  flow,  206 
in  furnaces,  675 
natural  (see  Convection,  free) 

Conversion  factors,  793,  794 
force  to  mass,  34 
kinetic  energy  to  heat,  34 
Coolers,  102 

atmospheric,  581,  594,  730-738 
cascade,  727 
direct-contact,  614-621 
drip,  727 

horizontal-film,  727 
instrumentation  for,  775 
open,  730 
S-type,  727 
serpentine,  727 
spray,  730 

submerged-pipe  coil,  723-727 
trickle,  727 
trombone,  727-730 

temperature  difference  in,  727-728 
(See  also  Exchangers) 

Cooling  towers,  563,  570,  576-611 
air  enthalpies  for,  585 
air  loading  in,  584,  601 
approach  temperature  in,  594,  606 


Cooling  towers,  atmospheric,  577,  578 
wind  velocities  for,  580 

calculation  of  diffusion  units  of,  591,  602-605. 

609-611 

crossflow  in,  579 
as  dehumidifiers,  611,  613,  614 
depreciation  in,  602 

design  conditions  for,  594—598,  601,  602,  607 
diffusion  unit  in,  591,  602—604,  612 
diffusion  units  vs.  performance,  591 
drift  loss  in,  578,  583 
droplet  surface  in,  582 
elevation  of,  above  sea  level  of,  606 
enthalpies  for,  585 
above  sea  level,  686 
enthalpy-temperature  plot  for,  591 
equations  for,  588 
fans  for,  609,  613 
fill  in,  581-583,  590 
film  surface  in,  582 
flooding  in,  601 
fogging  from,  598 
forced  draft  in,  577 
graphical  integration  in,  591 
guarantees  for,  602,  605,  608-611 
heat  balance  in,  583-585,  614 
induced  draft  in,  577 
liquid  film  resistance  in,  593 
loading  in,  584,  601 
loading  variations  in,  609 
log  mean  enthalpy  difference  in.  592,  603 
make-up  in,  584 
mechanical  draft  in,  577 
natural  circulation  in,  577,  57&-581 
natural  draft  in,  577,  579 
number  of  diffusion  units  in,  590 
numerical  integration  in,  591 
operating  range  in,  607 
performance  calculations  of,  602-605 
performance  characteristics  of,  599 
performance  curves  of,  609—611 
pressure  drop  in,  601 
process  conditions  for,  594-598 
process  conditions  affecting  size  of,  605-608 
recirculation  in,  578 
seasonal  variations  in,  608 
without  simplified  Lewis  numbers,  614 
staging  in,  608 
summer  wet-bulb,  595 
unsaturation  of  inlet  air,  607 
Cooling-tower  water  in  evaporator-condensers.  390 
Core  tubes,  209 

Correlation  of  experimental  data  on  fluid  friction 
51-54 

on  heat  transfer,  to  extended  surfaces,  526 
in  pipes,  46-51 
Cosine  law,  79 
Cosmic  rays,  62 

Cost,  of  cooling  water,  154,  159 
of  exchangers,  installed,  223 
minimum  annual,  225 
in  relation  to  size,  224 
tube  diameter,  228 
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Cost,  minimum,  of  insulation,  21 
of  steam,  165 

Countercurrent  (see  Counterflow) 

Counterflow,  definition  of,  85 
heat  recovery  in,  92 
methods  of  approximating,  184 
temperature  difference  in,  87 
Cox  chart,  356 
Cracking,  thermal,  678,  679 
Critical  radius,  20 

Critical  temperature  difference,  376,  377,  400 
Critical  velocity,  53 
Crossflow,  545 

in  surface  condensers,  304,  307 
temperature  difference  in,  546-553,  727-728 
Crossflow  area  in  shell-and-tube  exchangers,  138 
Crude  oil,  4,  121,  151,  203 
utilization  of,  678 
Cube,  conduction  in,  645,  646,  651 
Curvilinear  squares,  22 
Cycle  efficiency,  303 
Cycles,  Carnot,  301 
power,  301,  388,  391 

Cylinders,  free  convection  from,  214,  216 
radiation  from,  77 
unsteady  conduction  in,  645 

D 

Dalton’s  law,  320 
Dam  baffle,  294,  331 
Deaeration  of  feedwater,  302 
Defecation  of  sugar,  418 
Degree  of  freedom,  315 
Dehumidification,  576,  611,  613,  614 
Dephlegmator,  280 
Derivative  function,  770 
Design,  thermal,  of  exchangers, 
method  for,  225-229 
outline  of,  229-231 
Design  overall  coefficient,  106 
Desuperheater-condensers,  282-285 
Desuperheaters,  198 
Desuperheating,  271,  281,  454 
Desuperheating  zone,  282,  331 
Dew  point,  195,  316,  339 

of  multicomponent  mixtures,  316,  322 
calculation  of,  322-325 

using  equilibrium  constants,  324 
using  relative  volatilities,  326 
of  vapor-gas  mixtures,  195 
calculation  of,  196,  361 
Dew-point  vs.  wet-bulb  temperature,  573 
Dew  points,  systems  with  two,  352 
Diameter,  equivalent, 
in  annuli,  104,  745 
in  core  tubes,  210 
in  shells,  138,  167,  535,  838 
spherical,  for  solids,  669 
Diameters,  of  pipes,  844 
of  tubes,  843 
Diaphragm  valves,  768 
Differential  condensation,  328 


Diffusion,  253,  281,  318,  339,  367,  564-570 
613 

film  thickness  in,  576 
height  of  transfer  unit  of,  570 
rate  of,  341,  343 

and  simultaneous  convection,  586-590 
transfer  unit  for,  570 
two-film  theory  of,  565 
of  vapor  through  gas,  303,  339 
(See  also  Cooling  towers;  Direct-contact  trans¬ 
fer) 

Diffusion  coefficient,  341,  572 
Diffusion  unit,  591,  602-604,  612 
Diffusional  heat  transfer,  340 
Diffusivity,  343,  567 
calculation  of,  344 
(See  also  Thermal  diffusivity) 

Digesters,  426 
Dimensional  analysis,  30-41 
of  condensation,  253 
evaluation  of  equations  from,  44 
of  fluid  friction,  34 

of  forced  convection,  streamline  flow,  40 
turbulent  flow,  35 
of  free  convection,  206 
by  Pi  theorem,  38-40 
problems  in,  57 
theory  of  models  in,  38 
of  unsteady  conduction,  643 
Dimensionless  constants,  31 
Dimensionless  groups,  36 
names  of  common,  37 

Dimensions,  of  common  variables,  table, 

33 

consistent,  37 
derived,  30 
fundamental,  30 
six-dimension  system  of,  32 
Direct-contact  transfer,  564-621 

calculation  of  gas  cooler  for,  615—619,  620 
channeling  in,  600 
for  cooling  gases,  612-614 
dehumidifiers  in,  611,  613,  614 
flooding  in,  601 
heat  balances  in,  614 
height  of  transfer  unit  in,  570 
humidification  characteristics  of  packings  in, 
599,  600 

with  liquid  film  resistances,  593 
without  mass  transfer,  619 
packed  towers  for,  598-601,  619 
humidification  coefficients,  698-601 
sensible-heat  transfer  in,  619-621 
theory  of,  565-570 
transfer  unit  in,  570 
(See  also  Cooling  towers) 

Direct-contact  vs.  tubular  equipment,  563 

Direct-fired  kettle,  708 

Direct-fired  still,  637 

Direct-fired  tank,  708 

Direct-fired  tubular  furnace,  678 

Dirt  factors  (see  Fouling  factors) 

Dirty  overall  coefficient,  106 
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Disengagement,  in  chemical  evaporators,  404 
in  power-plant  evaporators,  379,  380,  454 
in  vaporizers,  454 
Disengaging  drums,  455,  456 
Distillate,  255 

Distillation,  batch,  624,  637—639 
instrumentation  for,  787 
Rayleigh  equation  for,  638 
continuous,  253—255,  281,  289,  338,  353,  453, 
491-502,  777 
ASTM,  353 
of  crudes,  678 
flash  reference  line  for,  354 
in  gasoline  recovery,  222 
instrumentation  for,  788 
minimum  reflux  for,  499 
nomenclature  for,  254 
operating  pressure  of,  325 
processes  of,  491-502 
reference  line  for,  354 
reflux  control  of,  772 
steam,  222,  337,  352 

instrumentation  for,  789 
theoretical  plate,  498 
trapout,  457 

true  boiling  point  (TBP),  353 
Distillery  waste,  418 
Distilling  columns,  222 

condenser  arrangements  for,  268,  271,  274,  290 
operating  pressure  of,  325 
Divided  flow,  246,  274,  478 
Double  pipe  exchangers  (see  Exchangers) 
Downcomer,  255 
Drag  in  fluid  flow,  55 
Drip  coolers,  727 
Dropwise  condensation,  252 
Dry  gases,  coolers  for,  192 
Duhring’s  rule,  399 

E 

Economic  (see  Optimum) 

Economizers,  192,  544,  554,  677,  678 
EF  curve,  355 

(see  also  Equilibrium  flash) 

Effective  temperature  difference  (see  Temperature 
difference) 

Efficiency  of  exchanger,  170 
Ejectors,  305,  306,  394,  443,  457 
calculation  of,  445 

steam  consumption  in  boosters,  graph,  444 
Elapsed-time  controller,  788 
Electric  resistance  heating,  753-763 
Electrical  conductivity,  12 
Electrolytic  decomposition,  433 
Electrolytic  solutions,  320 
Electromagnetic  theory,  62 
Emissive  power,  65 
Emissivity,  3,  68 

of  diatomic  gases,  690 
of  metals  and  their  oxides,  70-72 
of  miscellaneous  materials,  72 
Emissivity  factor,  82,  687 


Emulsions,  properties  of,  161 
Endothermic  reaction,  679 
Energy,  conversion  factors  for,  793 
spectral,  64 

Engines,  internal-combustion,  731 
steam,  165,  301,  390,  397 
Enlargement  head  loss,  112,  148,  273,  487 
Enthalpy,  of  air,  saturated,  685,  586 
of  light  hydrocarbons,  813 
of  petroleum  fractions,  814 
of  pure  hydrocarbons,  812 
of  steam,  816-819 
Enthalpy  change,  in  turbines,  301 
Entrance  head  loss,  112,  148,  273,  487 
Equilibrium,  in  phase  rule,  314 
Equilibrium  constants,  321,  810 
Equilibrium  flash,  354 
Equilibrium  temperature,  252 
Equivalent  diameters,  in  annuli,  104,  745 
in  core  tubes,  210 
shell-side  crossflow,  138,  838 
spherical,  for  solids,  669 
volumetric,  in  crossflow,  555 
Ethyl  alcohol,  241,  470 
Evaporation,  375-449 
blanketing  in,  377,  378 
bubble  formation  in,  375 
chemical,  378,  400-409 

flashing  in  forward-feed,  408,  411 
free,  409 

mixed  feed  in,  408 
parallel  feed  in,  408 
solids  distribution  in,  427 
(See  also  Evaporators) 
critical  temperature  difference  in,  376 
effect  of  pressure  and  properties  on,  377 
factors  affecting,  377 
heat  flux  in,  allowable,  384 
definition  of,  377 
Kelvin  theory  of,  375 
maximum  attainable  flux  in,  377 
mechanism  of,  375-377 
multiple-effect,  382-390,  408 
with  parallel  feed,  385,  389,  408 
from  pools,  375-398,  459 
power-plant  processes  of,  386-393 
pressure  correction  for,  377 
for  pure  water  375-397 
roughness  of  surface  in,  375 
surface  tension  in,  375 
vacuum,  390 

vapor  binding  in,  377,  378 
(See  also  Vaporization) 

Evaporative  condensers,  738 
Evaporator-condensers,  387,  388 
Evaporators,  chemical,  absence  of  blowdown  in 
398 

accepted  heat  fluxes  for  sugar  solutions  in, 
421,  425 

accepted  overall  coefficients  in,  379,  412  414 
453 

for  soda  waste  liquor,  429 
for  sugar  solutions,  421,  425 
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Evaporators,  chemical,  algebraic  calculations  of, 
409-413 

apparent  temperature  difference  in,  383 
apparent  temperature  drop  in,  399 
backward-feed,  399,  409 
outline  of,  411-412 
operation  difficulty  in,  416 
boiling-point  rise  in,  399,  400 
calculation  of,  409-449 
calculation  of  sugar,  418-426 
calculation  of  triple-effect  backward-feed, 
414,  416 

calculation  of  triple-effect  forward-feed,  412, 
414 

catchalls  for,  403,  425 
crystallization  in,  401 
economy  in,  definition  of,  413 
extrapolated  evaporation  in,  422 
forced-circulation,  400,  405,  406,  457 
caustic  soda  in,  calculation  of,  433-442 
1-2  exchangers  as,  470 
inside  vertical  element  in,  405 
outside  horizontal  element  in,  406 
outside  vertical  element  in,  406 
velocities  in,  440 
forward-feed,  398,  408 
outline  of,  409-411 
hydrostatic  head  in,  417,  426 
industrial  problems  of,  418-449 
minimum  initial  cost  of,  412 
minimum  surface  for,  412 
multiple-effect,  398,  408 
natural-circulation,  400-405 
basket-type,  401,  403,  453 
calandria  vertical-tube,  401—403 
horizontal- tube,  401,  453 
long-tube  vertical,  401—404,  425,  426,  459, 
486,  491 

soda  liquor  in,  calculation  of,  426—433 
standard,  403 

sugar,  calculation  of,  418-426,  447-449 
(See  also  Reboilers,  natural-circulation, 
vertical  thermosyphon) 
nonalgebraic  calculation  of,  413-449 
optimum  number  of  effects  for,  416 
parallel  feed  in,  408 
pressure  distribution  in,  413 
quadruple-effect,  398 
sextuple-effect,  427 
single-effect,  400 

standard  number  of  effects  for,  416 
steam  cost  in,  409 
steam  economy  in,  413 
supersaturation  in,  408 
temperature  distribution  in,  415,  421,  427 
thermocompression,  418,  442—447 

sugar  solutions  in,  calculation  of,  447-449 
( See  also  Evaporation,  chemical) 
definition  of,  102,  378,  453 
design  methods  in,  379 
disengagement  in,  379 
function  of,  378 
instrumentation  for,  787 


Evaporators,  power-plant,  378-397,  453 
bent-tube,  382 
blowdown  in,  381 
descaling,  381 
distillers  in,  386 

double-effect,  384,  386,  388,  389 
evaporator-condensers  with,  387,  388 
heat  flux  in,  384 
heat  head  in,  383 

heat  transformers  in,  386,  390-392 
make-up  of,  386-389 
multiple-effect,  384-386,  389 
pressure  distribution  in,  390 
vacuum  in,  389 

overall  coefficients  for,  382,  383 
process  for,  386,  389 
quadruple-effect,  389 
reducing  valve  in,  392 
salt-water  distillers  for,  386,  392 
separators  for,  380 
serpentine-tube,  382 
shocking,  382 
single-effect,  386 
temperature  head  of,  383 
triple-effect,  386,  388,  389 
types  of  scale  in,  381 
water  treatment  for,  380-382 
Exchanger  performance,  148 
Exchanger  rating,  148 

Exchangers,  approach  temperature  in,  85,  146. 
175 

bayonet,  738-746 
cleaning  of,  108 
definition  of,  102 
double  pipe,  102-123 

calculation  for  series,  113-115 
calculation  outline  for,  110-112 
calculation  for  series-parallel,  121-123 
condensation  in,  269 

with  extended  surfaces  ( see  Extended  sur¬ 
faces) 

flow  areas  and  equivalent  diameters  of,  110 
series-parallel  arrangements  in,  115 
series-parallel  calculation  of,  121 
standard  fittings  for,  103 
true  temperature  difference  in,  120 
with  viscosity  correction,  120 
efficiency  of,  170 
guarantees  for,  775 
instrumentation  for,  777 
with  longitudinal  fins,  523,  534 
shell-and-tube,  annual  fixed  charges  for,  222, 
224 

cost  of,  in  relation  to  size,  224 
in  relation  to  tube  diameter,  228 
in  relation  to  tube  length,  229 
1-1,  187 

for  batch  heating,  628-632 
with  extended  surfaces,  534,  544 
as  vaporizers,  457,  488 
1-2,  aqueous  solution  in,  calculation  of,  161- 
163,  167 

without  baffles,  166 
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Exchangers,  shell-and-tube,  1-2,  for  batch  heat¬ 
ing,  626 

calculation  of,  151-153 
calculation  outline  of,  149-151 
condensation  in  shells  of,  266 
as  condensers,  271 
as  coolers,  154,  161,  238 
core  tubes  for,  206 
definition  of,  145 
double-tube  sheets,  135 
efficiency  of,  170 
with  extended  surfaces,  534 
with  fixed  tube  sheets,  132 
with  floating  head,  133 
as  gas  aftercooler,  calculation  of,  193-195 
as  heaters,  164,  241 
calculation  of,  167 

oil-to-oil,  calculation  of,  151-153,  231-235 
outlet  temperatures  of  clean,  170 
with  packed  floating  head,  135 
with  pull-through  floating  head,  132 
in  series,  176,  184 

calculation  of,  184-187 
shell-side  flow  area  of,  138 
shell-side  friction  factors,  838 
shell-side  mass  velocity,  137 
shell-side  pressure  drop,  147,  838 
with  split-ring  floating  head,  133 
with  streamline  flow,  203,  207 
U-bend,  135 

as  vaporizers  (see  Vaporizers) 
water-to-water,  calculation  of,  155-158 

2-2,  176 

2- 4,  for  batch  heating,  626 
calculation  of,  181 
definition  of,  175 

with  extended  surfaces,  534 
oil-to-oil,  calculation  of,  235 
oil-to- water,  calculation  of,  181-184 
in  series,  calculation  of,  235 
with  removable-baffle  floating  head,  179 
with  welded-baffle  floating  head,  179 

3- 6,  177,  235 

4- 8,  178,  184 

oil-to-oil,  calculation  of,  235 
with  extended  surfaces  (see  Extended  sur¬ 
faces,  shell-and-tube  exchangers) 
falling-film,  746 
optimum,  224 
optimum  velocities  in,  227 
mass  velocities  in,  227 
rating  of,  148,  149,  225 
return  pressure  loss  in,  148 
shell-side  pressure  drop  for,  147,  838 
split-flow,  245 

calculation  of,  246-250 
with  stationary  tube  sheets,  129,  131 
with  tube  coils,  720 
tube-side  pressure  drop  in,  148,  836 
with  solutions,  160 
with  streamline  flow,  202 
temperature  cross  in,  146,  175 
temperature-cross  increase  in,  175 


Exchangers,  with  transverse  fins,  544 
vaporizing,  378.  453,  458 
Exhaust  steam,  165 
Exhaust  temperature,  301 
Exit  head  loss,  112,  148,  273,  487 
Exothermic  reactions,  heat  removal,  245 
Expansion  head  loss,  112,  148,  273,  487 
Expansion  joints,  131 

Experimental  evaluation  of  convection  coeffi¬ 
cients,  43-51 

Extended  surfaces,  192,  512-562 
air-cooled,  545,  731 
double  pipe  exchangers,  514.  523 
calculation  of,  530-534 
common  sizes  of,  524 
efficiency  curves  for,  524 
heat-transfer  coefficients  for,  525 
pressure  drops  in,  525 
temperature  difference  in,  524 
fins,  classification  of,  514 
discontinuous,  515,  554 
effectiveness  of,  619 
ideal,  544 

longitudinal,  514,  538 

efficiency  calculation  of,  522 
efficiency  curves  of,  543 
efficiency  derivation  of,  515-519,  538, 
541 

weighted-efficiency  calculation  of,  522 
transverse,  514,  538-546,  553-662 
disc,  514,  554 
efficiency  curves  for,  542 
efficiency  derivation  of,  538-541 
heat-transfer  coefficients  for,  553,  556 
helical,  514,  554 
pressure  drop  for,  555 
star,  514 

weighted  efficiency  of,  541 
wall  temperature  of,  527-530 
weighted  efficiency  of,  519,  524 
pegs,  515,  559 

efficiency  curves  of,  543 
shell-and-tube  exchangers,  514,  534 
calculation  of,  535-538 
spines,  515,  541,  559 
efficiency  curves  of,  543 
Extrapolated  evaporation,  422 

F 

Falling-film  exchangers,  746 
Fanning  equation,  62 
for  annuli,  104 
friction  factors  for,  53 
Fatty  acids,  properties  of  ( see  Liquids) 
specific  gravity  of,  821 
viscosity  of,  821 
Feed  water,  deaeration  of,  302 
Fermentation  of  sulfite  liquors,  427 
Ferrules,  127,  402 
Fictitious  compounds,  356 
Field  tubes,  738 
Film  boiling,  377 
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Film  coefficients,  25,  26 
control  of,  87 

(See  also  Heat-transfer  coefficients) 

Film  resistance,  25 

Film  temperature,  in  condensation,  260 
in  forced  convection,  99 
in  free  convection,  215 
Film  theory,  26 
Filmwise  condensation,  252 
Finned  strip  heaters,  754,  756,  757,  762 
Fins  (see  Extended  surfaces; 

Firebrick,  heat  transfer  to,  670 
Fixed  charges,  21,  158,  159,  222,  224 
Fixed-tube-sheet  exchangers,  129,  131 
Flared  nozzle,  271 
Flash  evaporation,  409,  416,  435 
Flash  reference  line,  354 
Flash  tanks,  387 
Flash  vaporization  curve,  355 
Floating  control,  770 
Floating  head,  132 
flow  area  in,  202 
split,  180 

Floating-head  cover,  132 
Floating-tube  sheet,  132 
Flow,  side-to-side,  in  condensers,  272 
in  exchangers,  130 
Flow  control,  771 
Flow  of  fluids  (see  Fluid  flow) 

Flue  gas,  246 

Fluid  flow,  conversion  factors  for,  793 
dimensional  analysis  of,  34 
drag  in,  55 

pressure  drop  in,  34,  109 

streamline,  29,  40,  201 

transition  velocity  in,  53 

turbulent,  29,  35 

velocity  distribution  in,  29 

( See  also  Friction  factors;  Pressure  drop) 

Fluid  friction,  34 

( See  also  Friction  factors;  Pressure  drop) 

Fluid  shear,  27 
Foaming,  381,  400 
in  soda  process,  426 

Forced  circulation,  in  evaporators,  405,  406 
in  vaporizers,  454 
Forced  convection  (see  Convection) 

Fouling  factors,  106,  845 

in  water-to-water  exchangers,  155 
Fourier  equation,  87,  106,  107,  110,  201,  225 
for  parallel-counterflow  exchangers,  144,  177 
Fourier  general  equation,  11,  86 
Fourier  number,  37 
Fourier  series,  645,  663 
Fractional  distillation,  493-502 
Fractions  from  crude  oil,  4 
Free  convection  (see  Convection) 
and  radiation,  18,  218 
and  streamline  flow,  206 
Frequency  of  radiation,  62 

Friction,  analogy  of,  to  heat  transfer,  54-67,  564, 
574 

Friction  factors,  52 


Friction  factors,  for  Fanning  equation,  58 
for  fluids,  in  shells,  839 
in  tubes,  836 
baffled,  839 
unbaffled,  167 
(See  also  Pressure  drop) 

Fronts,  in  multicomponent  mixtures,  329,  333 
Fuel  oil,  4,  675,  678,  689 
Fugacity,  320 

Furnaces,  air  preheaters  for,  678,  680,  701 
atomizing  steam  for,  698,  711 
average  flux  in,  687,  696 
blast,  664 

calculations  of,  Lobo  and  Evans  method,  697, 
698-705 

Orrok-Hudson  equation,  697,  706,  707 
Wilson,  Lobo,  and  Hottel  method,  697,  705 
Wohlenberg  simplified  method,  697,  705 
chemical,  674 
coking  in,  675,  679 
conductivity  factor  for,  687 
design  methods  for,  696-708 
with  double  tube  rows,  687 
dry  ash  in,  689 

effective  refractory  surface  for,  701 

effectiveness  factors  for,  685,  687 

emissivity  factors  for,  82,  687 

enclosing  surfaces  for,  684,  692-696 

equivalent  cold  plane,  685 

excess  air  in,  689,  690,  701,  706,  711 

fuels  for,  675 

gas  vs.  coal-firing,  689 

heat  balances  in,  698 

heat  sinks  for,  684-689 

heat  sources  for,  684,  689-692 

heat-treating,  674 

kilns,  674 

maximum  flux  in,  687 
mean  beam  length,  690-692 
oil  vs.  coal-firing,  689 
open-hearth,  664 
Orsat  analysis  of,  712 
ovens  for,  674 

permissible  flux  in,  674,  702,  712 
petroleum-refinery,  678-683 
“A”  frame,  682 
average  flux  in,  686,  696 
box-type,  678 
bridgewalls  for,  678 
convection  surface  in,  678 
De  Florez,  680 
double-radiant  box-type,  680 
down-draft  convection-bank,  682 

efficiency  of,  678,  701 
maximum  flux  in,  686 
multiple  radiant-section,  682 
overhead  convection-bank,  680 
polymers  in,  679 
radiant  surface  in,  678 
soaking  section  in,  679 
tube  spacing  in,  686 
pulverized-coal-firing,  689,  706 
radiant-rate  distribution,  685 
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Furnaces,  regenerative,  624 
reradiation  in,  685 
shield  tubes  in,  707 
slag  factor,  687,  68$ 
slagging  in,  674,  687 
stoker-firing,  689,  706 
tube  cleaning  in,  711 
tube-skin  temperature,  713 

(See  also  Boilers,  steam-generating;  Radiation) 

G 

Gases,  absorption  of,  222 
compression  of,  192,  195 
cooling  by  direct  contact,  614—621 
corrosive,  727 
direct-contact  transfer,  564 
in  exchangers,  190-198,  245,  246-250 

ammonia  cooler  for,  calculation  of,  193—195 
coolers  for,  192,  246-250 
wet,  calculation  of,  197 
flue,  246 

free  convection  to,  216 
friction  factors  for,  191,  836,  839 
as  fuels,  675,  678,  689 
heat-transfer  coefficients  of,  192 
lean,  222 
natural,  222 

noncondensable,  in  vapor  mixtures,  302,  313, 
339-352 

nonluminous,  674,  689 

Prandtl  numbers  for,  191 

properties  of,  compared  with  liquids,  190 

radiating,  690 

reactor,  285 

rich,  222 

specific  heat  of,  805 
thermal  conductivity  of,  801 
under  vacuum,  191,  195 
viscosity  of,  825 
viscosity  correction  for,  820 
wet,  coolers  for,  195 
Gas-turbine  cycles,  515 
Gas  oil,  4,  46,  209,  482,  530 
Gasoline,  4,  222,  476 
Gauss’s  error  integral,  641 
Gibbs’  phase  rule,  313-318 
Gilliland  formula,  344,  568 
Graetz  number,  37,  202,  748 
Granular  materials,  in  beds,  625,  668-670 
in  tubes,  747-752 

Graphical  solution,  of  conduction,  21 
of  process  temperatures,  224 
of  steam-condensing  coefficients,  309 
Grashof  number,  37,  206,  215,  400,  405 
Gravel,  heat  transfer  to,  670 
Gurney-Lurie  charts,  651-655 

H 

h,  individual  heat-transfer  coefficient,  definition 
of,  26 

Hairpin,  102,  523 

HDU,  height  of  diffusion  unit,  591 


Heat,  mechanical  equivalent  of,  34 
of  reaction,  679 
of  solution,  625,  630,  631 
total  (see  Enthalpy) 
of  vaporization,  815 
Heat  capacity  ( see  Specific  heat) 

Heat  economizers,  192 
Heat-exchanger  tubes,  128,  843 
Heat  exchangers  (see  Exchangers) 

Heat  flow  (see  Conduction) 

Heat  head  in  surface  condensers,  305 
Heat  interchangers  (see  Exchangers) 

Heat  loss  from  pipe,  17 
to  air,  coefficients  of,  18 
Heat  recovery,  in  counterflow,  92 
in  1-2  exchangers,  169,  170,  177 
in  2-4  exchangers,  177,  178,  179 
instrumentation  for,  777 
lack  of,  in  exchangers,  175 
in  parallel  flow,  93 
of  waste  heat,  192 
Heat  regenerators,  625,  664-668 
Heat  transfer,  definition  of,  1 
Heat-transfer  coefficients,  in  annuli,  105 
with  extended  surfaces,  525 
for  atmospheric  coolers,  734,  736 
for  bayonet  exchangers,  745 
for  coils,  718,  721-723 
condensation,  of  binary  mixtures,  319 
graph  of,  267 

of  miscible-immiscible  mixtures,  338 
of  miscibles  and  immiscibles  from  noncon¬ 
densable,  352,  367 
of  multicomponent  mixtures,  330 
of  steam,  266 

in  surface  condensers,  306 
in  steam  distillation,  338 
in  tube,  horizontal,  269 
vertical,  equation,  265 
on  tube,  horizontal,  equation,  265 
on  tubes,  horizontal,  equation,  266 
vertical,  equation,  265 
controlling,  87 
conversion  factors  for,  793 
definition  of,  3,  18 
desuperheating,  calculation  of,  286 
evaporation,  accepted  overall,  379,  412,  414 
453 

apparent  overall,  399 
effect  of  pressure  on,  378 
of  soda  waste  liquor,  429 
of  sodium  hydroxide,  441,  442 
of  sugar  solutions,  421 
of  water  from  pools,  382 
extended  surfaces,  double  pipe  exchangers,  526 
longitudinal  fins,  525,  535 
transverse  fins,  555 
in  falling-film  exchangers,  747 
forced  convection,  for  gases  (vapors),  192 
in  pipes  and  tubes,  834 
in  shells,  838 

for  liquids,  in  pipes  and  tubes,  103,  834 
in  shells,  838 
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Heat-transfer  coefficients,  forced  convection,  for 
water  in  pipes  and  tubes,  835 
free  convection,  from  miscellaneous  shapes,  216 
from  pipes,  to  gases,  215,  216 
to  liquids,  216,  217 
for  granular  materials  in  beds,  670 
individual,  26 

in  surface  condensers,  308 
in  jacketed  vessels,  716-719 
overall,  86 

approximate,  840 
arithmetic  mean,  94 
clean,  106 
definition  of,  106 
dirty,  design,  106 

in  evaporators,  power-plant,  382i  383 
in  surface  condensers,  306 
true  mean,  94 

in  vapor-noncondensable  systems,  343 
periodic,  665 
from  pipes  to  air,  18 
from  pipes  to  gases,  214,  216 
in  pipes  and  tubes,  834 
water,  835 
for  radiation,  77 
for  reboilers,  474 
in  shells,  baffled,  136-139.  838 
unbaffled,  166 
for  slurries,  725 
for  solids,  670 

for  solids  in  rodlike  flow,  749 
for  steam  as  heating  medium,  164 
effect  of  dissolved  air  on,  302 
for  steam  from  noncondensables,  367 
for  suspensions,  725 
in  tubes,  103 

gases  and  liquids,  834 
water,  835 

for  unsteady  state,  717,  722 

vaporization,  forced-circulation,  isothermal 
boiling,  461 

maximum  allowable,  460 
nonisothermal  boiling,  469 
in  shells,  461 
in  tubes,  470 
natural-circulation,  474 
in  chillers,  472,  474 
in  horizontal  thermosyphons,  479 
in  kettle  reboilers,  474 
maximum  allowable,  460 
in  vertical  thermosyphons,  488 
weighted,  480 

of  vapors  from  noncondensables,  367 
for  vertical  condenser-subcoolers,  289 
volumetric,  668,  669 
for  water,  in  shells,  137 
in  tubes,  155 

weighted  clean  overall,  in  desuperheater-con¬ 
densers,  284 
for  mixed  vapors,  331 

for  vapor  from  noncondcnsable  gas,  calcula¬ 
tion  of,  351 

weighted  trial  overall,  285 


Heat-transfer  factor  ju,  50,  104,  Ill 
Heat-transfer  factor  /*,  192 
Heat-treating  furnaces,  674 
Heaters,  bleed,  388 
definition  of,  102 
instrumentation  for,  778-780 
stage,  388 

sugar-juice,  422,  425 
(See  also  Exchangers) 

Height  of  diffusion  unit  (HDU),  591 

Height  of  transfer  Unit  (HTU),  570,  590 

Henry’s  law,  569,  638 

n-Heptane,  282 

t-Hexane,  355 

n-Hexane,  322,  331 

vapor-pressure  curve  of,  321 
Holdup,  in  batch  processes,  624 
in  distillation,  478 

Horizontal  condensers  (see  Condensers,  shell-and- 
tube) 

Horizontal  condenser-subcooler,  294 
calculation  of,  295-297 
Horizontal  film  coolers,  727 

Horizontal  vs.  vertical  condenser-subcoolers,  298 
Hot  well,  305 

HTU,  height  of  transfer  unit,  570,  590 
Humid  heat,  588 

Humidification,  563,  570-577,  613,  614 
Humidification  coefficients,  598—601 
Humidifiers,  589,  614 
Hydraulic  radius,  104,  138 
in  condensate  films,  264 

Hydrocarbon  gases  and  vapors,  specific  heat  of, 

807 

thermal  conductivity  of,  801 
Hydrocarbon  liquids,  equilibrium  constants  for, 

810 

molecular  weights  of,  360 
Prandtl  numbers  for,  826 
specific  gravity  of,  809 
specific  heat  of,  806 
thermal  conductivity  of,  803 
vapor  pressures  of,  811 

Hydrocarbons,  heat-transfer  (see  Heat-transfer 
coefficients) 

light,  enthalpies  of,  813 
pure,  enthalpies  of,  812 
Hydrogen,  190,  690 
Hydrogen  chloride,  727 
Hydrostatic  head,  in  evaporators,  408 
for  reflux  return,  272 
Hyperbolic  tangents,  521 

I 

IBP  (see  Initial  boiling  point) 

Ideal  solutions,  319,  495 
Ideality,  criteria  of,  320 

Individual  film  coefficients  (see  Heat-transfer 
coefficients) 

Ilmenite,  749 

Immersion  heaters,  754,  755,  758 
Immiscible  mixtures,  314 
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Incinerators,  rotary,  426 
Infinite  series,  747 
Infrared,  near  and  far,  65 
Initial  boiling  point  (IBP),  4,  353 
Instrument  Society  of  America,  773 
Instrumentation  symbols,  773 
Instruments,  767 

Insulating  materials,  thermal  conductivity  of,  795 
Insulation,  maximum  heat  loss  through  pipe,  20 
optimum  thickness  of,  21 
Insulator,  definition  of,  2,  8 
Intensity  of  radiation,  64 
Intercondensers,  397 
Intercoolers,  192,  195,  197,  198,  339 
calculation  of  heat  load  in,  196 
Ionic  solutions,  320 
IPS  (see  Iron  pipe  size) 

Iron  balls,  heat  transfer  to,  670 
Iron  ores,  heat  transfer  to,  670 
Iron  pipe  dimensions,  844 
Iron  pipe  size  (IPS),  843 

J 

jb,  jk  (see  Heat-transfer  factor) 

Jacket  water  cooling,  731 
Jacketed  vessels,  625,  716 

heat-transfer  coefficients  for,  716-719 
time  for  heating,  626—628 
Jet  condenser,  394,  564 
Jet  propulsion,  515 
Joule’s  law,  754 

K 

Kelvin  evaporation  theory,  375 
Kerosene,  4,  151,  207 
Kettle,  direct-fired,  708 

Kettle  reboilers  (see  Reboilers,  natural  circulation) 
Kilns,  674 

Kinematic  viscosity,  28 
Kirchhoff’s  law,  67 
Kleinschmidt  still,  442 
Knock-back  condensers,  298 
Knockout  drums,  776 

L 

Laminar  flow  (see  Streamline  flow) 

Laminar  layer,  54—57 
Latent  heat  of  vaporization,  816 
Lean  oil,  222,  235 
Level  control,  766,  776 
Lewis  number,  574,  612 
Ligament  between  tubes,  128 
Lignin,  426 
Lime,  418,  433 
Lime-soda  process,  381 
Limestone,  heat  transfer  to,  670 
Liquid-level  control,  766,  776 

Liquids,  cooling  and  heating  (see  Heat-transfer 
coefficients) 
specific  gravity  of,  808 


Liquids,  specific  heat  of,  804 
thermal  conductivity  of,  800 
viscosity  of,  823 

LMTD  (see  Logarithmic  mean  temperature 
difference) 

Loading,  in  cooling  towers,  584,  601 
in  surface  condensers,  300 
Logarithmic  mean  temperature  difference 
(LMTD),  42 

Loop  seal,  on  horizontal  condenser-subcoolers, 
294,  331 

on  vertical  condenser-subcoolers,  289 
Low-level  condensers,  396 
Lube  oil,  4,  121 

M 

Magnesium  bisulfite,  427 
Magnesium  scale,  380 
Magnesium  sulfite,  426 
Mass-diffusion  coefficient,  341 
Mass  transfer,  339,  564,  612,  614 
Mass  velocity,  35 
in  shells,  137 
in  tube  bundles,  150 
Material  transfer  (see  Mass  transfer) 

Maxwell’s  electromagnetic  theory,  62 

Mean  beam  length,  690-692 

Mean  temperature,  201 

Mechanical  equivalent  of  heat,  34 

Metals,  properties  of,  799 

Methyl  alcohol,  619 

Micron,  definition  of,  62 

Mineral  oils  (see  Hydrocarbons,  Petroleum) 

Minimum  annual  cost  of  exchanger,  225 

Miscible  mixtures,  314 

Mixing,  in  streamline  flow,  202 

in  temperature-difference  assumptions,  140,  547 
Models,  theory  of,  38 
Mol  fraction,  320 
Molasses,  739 
Molecular  volume,  344 
Momentum  transfer,  54,  342 
Monochromatic  properties,  65 
Multicomponent  mixtures,  319-329 
empirical  solution  of,  353 
fictitious  compounds  of,  356 
modified  by  immiscibles  and  noncondensables, 
352 

reboiler  duty  for,  505 

Multipass  exchangers  (see  Exchangers,  1-2) 
Multiple-effect  evaporation,  384,  389,  408 

N 

Naphtha,  4,  231,  482 

Natural  circulation,  in  evaporators,  400-405 
in  vaporizers,  454 

Natural  convection  (see  Convection,  free) 

Natural  gas,  222 
Natural  gasoline  industry,  731 
Newton’s  law  of  cooling,  3 
Newton’s  r  V,  27 
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Newton’s  second  law,  30 
Nickel,  438 
Nitric  oxide,  727 
Nitrogen,  615,  690 

Nomenclature  ( see  conclusion  of  each  chapter) 
Noncondensable  gas  (see  Gases) 

Noncondensing  turbines  and  engines,  165 

Nonideal  solutions,  320 

Nonluminous  gases,  674 

Normal  total  emisivity,  table,  70-73 

Nozzle,  flared,  271 

Nozzle  entry  allowances,  134 

Nuclear  boiling,  377 

Number  of  transfer  units,  570,  590 

Nusselt  number,  37 

Nusselt’s  theory,  256-263 

O 

Ohm’s  law,  6,  12,  754 
Oils,  as  fuels,  675,  678,  689 
petroleum,  classification  of,  4 
degree  API  of,  4 
enthalpies  of,  812-814 
equilibrium  constants  of,  810 
friction  factors  of  ( see  Friction  factors;  Pres¬ 
sure  drop) 

heat  transfer  to  ( see  Heat-transfer  coeffi¬ 
cients) 

molecular  weights  of,  360 
pressure  drop  in  (see  Friction  factors;  Pres¬ 
sure  drop) 

specify  gravity  of  liquid,  809 
specific  heat,  of  liquid,  806 
of  vapors  from,  807 
thermal  conductivity,  of  liquid,  803 
of  vapors  from,  801 
vapor  pressures  of,  811 
viscosity  of,  821 
(See  also  Specific  names  of  oils) 

On-and-off  control,  770 
Open  coolers,  730 
Open-hearth  furnace,  664 
Open-and-shut  control,  770 
Operating  pressure,  of  condenser,  325,  577 
influence  of,  on  gas  heaters  and  coolers,  191 
Optical  glass,  annealing,  645 

Optimum  atmospheric-cooler  temperature,  734 
Optimum  effects  in  evaporation,  416 
Optimum  efficiency  of  cycles,  387 
Optimum  exchanger,  224 
Optimum  outlet-water  temperature,  158 
Optimum  pressure  in  distillation,  325 
Optimum  process  conditions,  221 
Optimum  recovery  temperature,  224 
Optimum  reflux  ratio,  499 
Optimum  thermal  fin,  544 
Optimum  thickness  of  insulation,  21 
Optimum  use  of  exhaust  and  process  steam, 

165 

Optimum  velocities,  225 
Organic  fluids,  heat  transfer  of,  103,  840 
(See  also  Heat-transfer  coefficients) 


Organic  solutions,  properties  of,  161 
Ottawa  sand,  749 
Outer  tube  limit,  134 
Ovens,  674 

Overall  coefficients  of  heat  transfer  (see  Heat- 
transfer  coefficients) 
approximate  values  of,  840 
graphical  analysis  of,  308 
Overhead  product,  255 
Oxygen,  535,  690 

dissolved  in  water,  306 

P 

Packed  floating-head  exchangers,  135 
Packed  towers  (see  Direct-contact  transfer) 
Paper-pulp  processes,  426 
Paper-pulp  waste  liquors,  426 
Parabolic  velocity  distribution,  40,  201 
Parallel-counterflow,  139 
Parallel  feed  in  evaporators,  384 
Parallel  flow,  85 
heat  recovery  in,  93 
temperature  difference  in,  90 
Parallel  flow-counterflow,  139 
Partial  condensers,  280,  318 
Partial  phase  change,  283 
Partial  pressure,  321 
Pebble  heaters,  624 
Peclet  number,  37 
t-Pentane,  290 

7i-Pentane,  290,  314,  316,  317,  331 
vapor  pressure  curve  of,  321 
Perfect  gas  law,  191,  192 
Performance,  of  cooling  tower,  602 
of  exchanger,  148 

Periodic  heat-transfer  coefficient,  665 
Petroleum  coke,  as  fuel,  678 
Petroleum  fractions,  classification  of,  4 
light  ends,  4 

Petroleum  industry,  4,  353 
Petroleum  oils  (see  Oils) 

Petroleum-refinery  furnaces  (see  Furnaces) 

Phase,  definition  of,  313 
Phase  changes,  partial,  283 
Phase  equilibrium,  314,  321 
Phase  rule,  252,  313-318,  564 
Phosphate  solution  cooler,  161 
Pi  theorem,  38 

forced  convection  by,  39 
Pipe  stills  (see  Furnaces,  petroleum-refinery) 
Pipes,  dimensions  of,  843 

friction  in  (see  Friction  factors;  Pressure 

drop) 

heat  losses  from,  17-21 
Pipe-wall  temperature,  97 
Pitch,  baffle,  129 
tube,  128 
Planck,  63 
Planck’s  law,  66,  69 
Plate  in  distillation,  254 
Poise,  28 
Poiseuille,  28 
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Polytropic  compression,  192 
Potential,  definition  of,  6 
Power,  by-product  of,  391 
conversion  factors  for,  793 
Power  cycles,  301 
Power-plant  evaporators,  378—397 
(See  also  Evaporators) 

Power  series,  31 
Prandtl  analogy,  57 
Prandtl  number,  37,  50,  215 
Prandtl  numbers  for  gases,  table,  191 
Precondensers,  395,  397 
Preheaters,  in  batch  distillation,  639 
in  continuous  distillation,  221 
with  make-up  evaporators,  387 
Pressure,  constant,  in  distillation,  271 
conversion  factors  of,  794 
effect  of,  on  boiling  coefficient,  378,  382 
on  thermal  conductivity,  8 
on  viscosity,  820 
Pressure  booster,  390 
Pressure-control  valve,  767,  776 
Pressure  distribution  in  evaporators,  413 
Pressure  drop,  34 

allowable,  in  compressor  intercoolers,  195 
in  condensers,  272 
in  cooling  towers,  601 
in  exchangers,  108 
in  annuli,  109 

balanced,  in  subcoolers,  280,  294 
in  chillers,  475 
of  condensing  vapors,  273 

in  double  pipe  exchangers,  entrance  and  exit 
losses,  109 

on  extended  surfaces,  longitudinal  fins,  525 
transverse  fins,  555 
in  horizontal  thermosyphons,  480 
instrumentation  for  low,  777 
in  kettle  reboilers,  475 
in  partial  condensers,  280 
in  pipes  and  tubes,  148,  202,  836 
of  condensing  steam,  165 
of  condensing  vapors,  273 
deviation  of,  34 
equations  for,  52 
friction  factors  of,  53,  836 
of  gases,  191 
of  liquids,  148 

over  pipes  and  tubes,  in  crossflow,  554 
in  reboilers,  natural-circulation,  469 
in  relation  to  heat  transfer,  54-57 
in  shells,  147,  839 

balanced,  in  condensation,  280,  294 
of  condensing  steam,  165 
of  condensing  vapors,  273 
of  gases,  191 
split-flow,  245 
of  steam,  165 
unbaffled,  166 
in  surface  condensers,  307 
in  tubes,  friction  factors  for,  836 
return  losses  for,  148,  837 
W  dliams  and  Hazen  equation,  307 


Pressure  drop,  in  vaporizers,  natural-circulation, 
461,  469 

Pressure-drop  allowance,  108 
in  compressor  intercoolers,  195 
in  condensers,  272 
Pressure  gradient,  34 

Pressure-volume-temperature  relationships,  320 
Priming  in  evaporators,  381 
Probability  integral,  641 
Process  conditions,  110,  229 
optimum,  221 
Process  heat  transfer,  3 
Process  lags,  768 
Process  steam,  165 

vs.  exhaust  steam,  165 
Process  temperatures,  85 
Process  variables,  765 
Program  controllers,  788 
n-Propanol,  274 

Properties,  of  liquid  solutions,  161 
of  saturated  steam,  816,  817 
of  superheated  steam,  818,  819 
Proportional  control,  770 
and  reset,  770 
Propyl  alcohol,  274 
Psychrometric  charts,  584 
Pull-through  floating-head  exchangers,  132 
Pumps,  selection  of,  774 

Q 

Quantum  theory,  63 
Quenching,  641,  647,  653 

R 

Radiant  energy  ( see  Radiation) 

Radiant-heat  flux,  674 
Radiant-heat  transfer,  78-82 
(See  also  Radiation) 

Radiant-heat-transfer  factors,  683-696 
Radiation,  62-84,  674-715 
absorptivity  of,  67 
between  any  source  and  receiver,  78 
black-body,  66 
characteristics  of,  62 
coefficient  of  heat-transfer,  77 
to  completely  absorbing  receiver,  77 
between  concentric  cylinders,  77 
between  concentric  spheres,  77 
constant,  74 
cosine  law  of,  74 
definition  of,  3,  62 
distribution  of,  64 
emission  of,  63 
emissive  power  of,  65 

influence  of  temperature  on,  69 
emissivity  of,  3,  68 
experimental  determination  of,  68 
normal  total,  69 
table  of,  70-73 
and  free  convection.  18  218 
frequency  of,  62 
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Radiation,  of  furnaces  (see  Furnaces) 
geometric  factor  of,  80 
heat-transfer  coefficient  of,  77 
incidence  of,  66 
intensity  of,  64 
Kirchhoff's  law  of,  67 
from  luminous  flames,  689 
monochromatic  properties  of,  65 
from  nonluminous  gases,  674,  689 
carbon  dioxide,  690,  693 
carbon  monoxide,  690 
sulfur  dioxide,  690 
temperature  over  bridgewall,  699 
water-vapor,  690,  694 
origin  of,  63 
oscillating  field  of,  62 
oscillator,  63,  64 

overall  heat-exchange  factor  of,  700 

between  parallel  planes,  74 

between  perpendicular  planes,  81 

between  pipe  and  duct,  82 

Planck  equation  for,  66 

between  planes  of  different  emissivity,  74 

between  plate  and  plane,  81 

quantum  theory  of,  63,  66 

reflectivity  of,  67 

Stefan-Boltzmann  law  of,  69 

and  temperature  of  sun,  66 

total  emissive  power  of,  65 

transmissivity  of,  67 

ultraviolet,  66 

velocity  of  propagation  of,  62 
wave  velocity  of,  62 
wave  length  of,  62 
Wien’s  displacement  law  of,  66 
Radio  waves,  62 
Raoult’s  law,  320,  638 

Raschig  rings,  humidification  characteristics  of, 
600 

Rating  an  exchanger,  148 
outline  of,  149 
Rayleigh  equation,  638 
Reaction  time,  624 

Reboilers,  102,  255,  378,  453,  454,  459 
for  batch  stills,  637 
divided-flow,  246 
effect  of  column  pressure  on,  325 
forced-circulation,  for  aqueous  solutions,  470 
film  coefficients  for,  461 
instrumentation  for,  784 
maximum  allowable  flux  for,  459 
maximum  coefficient  for,  460 
pressure  drop  in,  461—463 
pump-through,  457,  458,  464-470 
specific  gravities  in,  461-463 
with  vapors  in  tubes,  470,  471 
heat  balances  for,  491 
heat-flux  limitations  in,  459 
influence  of  feed  on,  500 

natural-circulation,  baffled  thermosyphon,  485 
bundle-in-column,  459,  478 
horizontal  thermosyphon,  459,  478-482,  485 
calculation  of,  482-485 


Reboilers,  natural-ciroulation,  instrumentation 
for,  786 
kettle,  459,  471 

calculation  of,  475-477 
maximum  allowable  flux  for,  459 
maximum  coefficient  for,  460 
once-through,  458,  479,  480 
overdesign  in,  485 
recirculating,  458,  479,  480,  482 
vertical  thermosyphon,  459,  482,  486-488 
calculation  of,  488-491 
temperature-difference  limitations  of,  459 
vaporization  curves  of,  469 
Receiver,  definition  of,  1 
Reciprocating  pumps,  flow  control  with,  772 
Recirculation  rate,  482 
Recirculation  ratio,  482,  486-488 
Recorders,  766,  772 

Recovery  of  gasoline  from  natural  gas,  222 
(See  also  Heat  recovery) 

Reference  line,  distillation,  354 
Reflectivity,  67 
Reflux,  255 

flow  control  of,  772 
gravity  return  of,  268,  271,  272 
instrumentation  for  return  of,  781 
(See  also  Distillation) 

Reflux  condensers,  298 

Refrigerants,  627 

Refrigeration  cycles,  472 

Regenerators,  625,  664-668 

Regulators,  767 

Reheater,  392 

Reheating,  176 

Relative  volatilities,  325 

Relief  valves,  789 

Removable  bundle  exchangers,  ’32 

Resin,  426 

Resistance,  contact,  9,  640 
definition  of,  6 
to  electricity  flow,  6,  13 
to  fluid  flow,  6 
to  heat  flow,  6 

unit,  definition  of,  18 
Resistance  heating,  753-763 
Resistances  in  series,  14 
Resistivity,  electrical,  12 
Return  pressure  drop,  148,  202,  837 
Reversing  exchanger,  515,  664 
Reynolds  analogy,  54-57 
applied,  to  diffusion,  342 
to  distillation,  343 
Reynolds  number,  29 
critical  value,  53 
modified  for  agitation,  718 
variation  of,  in  streamline  flow,  202 
Ribs,  conduction  in,  22 
Rich  oil,  222,  235 

Rodlike  flow,  in  fluids  ( see  Streamline  flow) 
in  solids,  747 

Rotated  square  pitch,  128 
Roughness,  effect  of,  on  fluid  friction,  53 
on  heat  transfer,  104 
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s 

S-type  coolers,  727 
Safety  valves,  789 
Salt  solutions,  properties,  161 
Saturation  temperature,  252 
Saybolt  Seconds  Universal  (SSU),  29 
conversion  factors  for,  820 
Saybolt  viscometer,  29 
Scale,  calcium  and  magnesium,  380 
in  evaporators,  379—382,  400 
impurities  causing,  301 
removal  of,  by  shock,  382,  733 
Scale  factors  (see  Fouling  factors) 

Schack  charts  for  rectangular  shapes,  649,  G50 
Schmidt  method,  657-662 
Schmidt  number,  37,  342 
Sea  water,  392 
Self-diffusion,  564 
Semiplastics,  739 
Separators,  380,  454,  457 
steam,  380,  455 
Series,  Fourier,  645,  663 
infinite,  747 
power,  31 

Serpentine  coolers,  727 
Shear  stress  in  fluids,  27 
Shell-and-tube  condensers  (see  Condensers) 
Shell-and-tube  exchangers  (see  Exchangers) 
Shell-side  film  coefficients  (see  Heat-transfer 
coefficients) 

Shell-side  equivalent  diameters,  crossflow,  137,  838 
Shell-side  flow  area,  138 
Shell-side  mass  velocity,  137 
Shell  sizes,  129 

Shocking  for  scale  removal,  382 
Sieder-Tate  equation,  103,  206 
Sieder-Tate  heat-transfer  factor,  104 
Skin  friction,  55,  342 
Slabs,  unsteady  conduction  in,  645,  657 
Slag  in  boilers,  674 
Sludge  as  fuel,  675 
Slurries,  725-727 
Soaking  in  cracking,  679,  682 
Soap  in  water  conditioning,  380 
Soda  ash,  433 
Soda  process,  426 
Soda  waste  liquor,  BPR  of,  430 
evaporation  of,  426-433 
specific  heat  of,  429 
Sodium  carbonate,  426 
Sodium  chloride,  398 

number  of  effects  for,  416 
Sodium  hydroxide,  161,  398,  399,  426 

boiling  point  vs.  pressure  relations  of,  435 
cooler  for,  calculation  of,  238 
corrosion  by,  438 
evaporation  of,  433-442 
number  of  effects  for,  416 
relative  heat  contents  of,  438 
specific-gravity  curve  of,  436 
specific-heat  curve  of,  437 
Sodium  sulfide,  426 


Sodium  zeolite,  381 
Solids,  specific  heat  of,  799 

thermal  conductivity  of,  795-799 
Solids  in  beds,  668—670 
Solution  exchangers,  160 
Solutions,  ideal,  319,  495 
nonideal,  320,  324 
Source,  definition  of,  1 
Specific  gravity,  of  alloys,  799 
of  hydrocarbons,  809 
of  liquids,  808 
of  petroleum  fractions,  809 
of  metals.  799 
Specific  heat,  of  alloys,  799 
of  gases,  190,  805 

correction  for  pressure,  191 
of  granular  solids,  750 
of  hydrocarbon  liquids,  806 
of  hydrocarbon  vapors,  807 
of  liquids,  804 
of  liquid  solutions,  161 
of  metals,  799 
of  petroleum  fractions,  806 
of  vapors,  807 
Spectral  energy,  64 
Spheres,  radiation  from,  77 
unsteady  conduction  in,  645 
Split  flow,  245,  274 
Split-ring  assembly,  133 
Split- ring  floating-head  exchangers,  133 
Spray  coolers,  730 
Spray  driers,  576 
Spray  ponds,  576,  579,  581 
Spray  towers,  576,  579,  581,  600 
Spray  washers,  570,  611 
Square  pitch,  128 
rotated,  128 

SSU  (see  Saybolt  Seconds  Universal) 

Stage  heater,  388 
Stanton  number,  37 

Stationary  tube-sheet  exchangers,  129,  131 
Steady  state,  definition  of,  1 1 
Steam,  bleed,  387 
condensation  of,  253 

economy  of,  in  evaporators,  384,  413,  416 
as  heating  medium,  163,  167,  203,  207,  211,  242, 
464 

optimum  use  of  exhaust  and  process,  165 
superheated,  386 

as  heating  medium,  164,  198 
Steam  boilers,  675 
Steam  distillation,  222,  337,  352 
Steam  engines,  165,  301,  390,  397 
Steam  generator,  unfired,  457,  48G 
Steam  heater,  calculation  of,  167 
Steam  load  in  surface  condensers,  305 
Steam  loading  in  surface  condensers,  306 
Steam  motive  in  ejectors,  395,  446 
Steam  pressure  drop  in  shells  and  tubes,  165 
Steam  tables,  816-819 

Steam  turbines,  165,  301,  386,  390,  397 
Steel  industry,  624,  664 
Steel  pipe  dimensions,  843 
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Stefan-Boltzmann  constant,  74 
Stefan-Boltzmann  law,  69 
Stokes,  28 

Storage  tanks,  free-con vection  heaters  for,  217 
Straw  oil,  4,  46,  231 

Streamline  flow,  in  condensate  films,  256 
transition  from,  270 
definition  of,  29 
dimensional  analysis  of,  40 
m  1-2  exchangers,  mixed,  calculation  of,  203 
unmixed,  calculation  of,  207 
fouling  factors  for,  214 
parabolic  velocity  distribution  in,  40,  201 
in  pipes  and  tubes,  core  tubes  for,  209 
correction  of,  for  free  convection,  206 
heat-transfer  equation  for,  103 
highest  attainable  temperature  in,  201 
in  shells,  214 

variation  of  Reynolds  number  in,  202 
Streamline  flow  and  free  convection,  206 
Streamline  shapes,  605 
Strip  heaters,  754-756,  759 
Stripping  ( see  Distillation,  steam) 

Subcooling,  269,  280,  282,  289-298 
in  surface  condensers,  305 
Subcooling  zone,  horizontal,  294,  331 
vertical,  289 

Submerged  pipe  coil,  723-725 
Submergence  in  condenser-subcoolers,  289,  294 
Sucrose  (see  Sugar) 

Suction  pressure,  305 
Suction  tank  heater,  738 
Sugar,  398,  401,  417-426 
Sugar  solution  heater,  167 
Sugar  solutions,  BPR  for,  420 
evaporation  of,  418-427,  447-449 
number  of  effects  of,  416 
specific  heats  of,  420 
Sulfate  process,  426 
Sulfite  liquor  fermentation,  427 
Sufite  process,  426 
Sulfur  dioxide,  690,  729 
Superheat,  252 

in  distilling  column,  454 
in  steam  vs.  organics,  281 
Superheated  steam,  281,  818 
Superheated  vapor,  281,  283,  454 
Superheaters,  in  furnaces,  675 
Surface,  effective,  in  radiant-heat  transfer,  78-82, 
083,  684,  686 

in  tubular  equipment,  129,  306 
Surface  coefficient  of  heat  transfer,  18 
Surface  condensers,  301-309,  427,  433 
coefficients  for,  306 
dual-bank,  304 

Surface  tension  of  organics  and  water,  376,  381 
Suspensions,  725 
Sutherland  constant,  9 

T 

Table  salt,  398 

production  of,  number  of  effects  for,  416 


Tails  in  multicomponent  mixtures,  329,  333 
Tank  suction  heater,  738 
TBP  (see  True  boiling  point) 

Temperature,  absolute,  3,  5,  74,  192 
in  adiabatic  compression,  192 
arithmetic  mean,  46 
bulk,  206,  215 
caloric,  93-97 
conversion  factors  for,  794 
cut-off,  639 
dry-bulb,  571 
film,  in  condensation,  260 
in  forced  convection,  99 
in  free  convection,  215 
mean,  201 

periodically  varying,  625 
pipe-wall,  97 
tube-skin,  713 
wet-bulb,  570-573 

Temperature  approach,  in  barometric  condensers 
396 

in  cooling  towers,  594,  607 
in  exchangers,  146 
Temperature  control,  765-789 
Temperature  cross,  146,  175 
in  desuperheater-condensers,  284 
increase  of,  in  exchangers,  175 
Temperature  difference,  85 
arithmetic  mean,  201 
critical,  in  evaporation,  376,  377 
in  vaporization,  460 
in  desuperheating,  282 

effective  (see  Temperature  difference,  true, 
weighted) 

between  fluid  and  pipe,  41 
logarithmic  mean,  42 
calculation  of,  90-93 

correction  factors  in,  for  1-2  exchangers,  828 
derivation  of,  144 

correction  in,  for  2-4  exchangers,  829 
for  3-6  exchangers,  830 
for  4-8  exchangers,  831 
for  5-10  exchangers,  832 
for  6-12  exchangers,  833 
for  R  greater  than  20,  729 
counterflow  derivation  of,  87 
parallel-flow  derivation  of,  90 
mean,  201 

optimum,  in  coolers,  158-160 
in  heaters,  166 

with  partial  phase  changes  (see  Temperature 
difference,  weighted) 
in  power-plant  evaporators,  383 
in  submerged  pipe  coils,  724 
true  (see  Temperature  difference,  weighted) 
from  ASTM  curve,  354 
in  atmospheric  coolers,  736 
in  bayonet  exchangers,  740—745 
comparison  of,  between  1-2  and  2-4  exchang 
ers,  177 

in  condensation,  of  binary  mixtures,  319 
of  vapor  from  noncondensable  gas,  343 
in  condenser-subcoolers,  vertical,  295 
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Temperature  difference,  true,  in  condensing  mix¬ 
tures,  314 

in  counterflow,  97,  553 
in  crossflow,  546-553,  727-728 
crossflow  correction  curves  in,  549 
crossflow  vs.  parallel-counterflow,  547,  553 

in  desuperheater-condensers,  283 

in  divided  flow,  479 
in  1-2  exchangers,  139-147,  828 
in  2-4  exchangers,  176-179,  829 
in  horizontal  thermosyphons,  479 
for  R  greater  than  20,  729 
in  series-parallel  counterflow,  117-120 
in  split-flow  exchangers,  245 
from  TBP  curve,  354 
in  trombone  coolers,  727—728 
vs.  tube  length,  86 

weighted,  in  condensation,  of  miscibles  and 
immiscibles  from  noncondensable,  356 
of  multicomponent  mixture,  329,  332 
in  condenser-subcoolers,  horizontal,  295 
vertical,  290,  291 
in  condensers,  batch,  639 
in  desuperheater-condensers,  283 
calculation  of,  286 
in  preheater-vaporizers,  461,  465 
Temperature-difference  correction  for  R  greater 
than  20,  729 

Temperature  distribution,  vs.  heat  load,  in  con¬ 
densation,  282,  313 
in  counterflow,  42 
in  moving  fluids,  202,  747-751 
in  moving  solids,  748 

vs.  tube  length,  in  1-2  condensers,  isothermal 
condensation  of,  283 
in  counterflow,  86 

in  1-2  desuperheater-condensers,  283 
in  1-2  exchangers,  140,  145,  176 
in  2-4  exchangers,  176 
in  parallel  flow,  86 
in  split  flow,  245 

Temperature  effect  on  thermal  conductivity,  8 
Temperature-entropy  plot,  574 
Temperature  gradient,  2 

in  petroleum  soaking,  679,  682 
in  streamline  flow,  202 
Temperature  range,  85 

in  condensation,  281,  285,  313,  314 
in  desuperheating,  285 
Temperature  rise  in  surface  condensers,  305 
Tempering  coils,  544 
Terminal-temperature  difference,  306 
Theory  of  models,  38 
Thermal  conductivity,  of  alloys,  799 

of  building  and  insulating  materials,  795-798 
conversion  factors  for,  794 
from  electrical  conductivities,  12 
experimental  determination  of,  for  liquids  and 
gases,  8 

for  nonmetal  solids,  7 
of  gases,  190 
and  vapors,  801 


Thermal  conductivity,  of  granular  solids,  749 
of  hydrocarbon  liquids,  803 
influence  of  temperature  and  pressure  on,  8 
of  liquid  solutions,  161 
of  liquids,  800 
of  metals,  799 
of  petroleum  fractions,  803 
units  of,  7 

Thermal  cracking,  678,  679 
Thermal  diffusivity,  11,  641,  662 
Thermal-expansion  elements,  767 
Thermal  shock  for  scale  removal.  382,  733 
Thermocompression,  418,  442-447 
steam  economy  of,  444 
steam  requirement  for,  graphs,  443 
sugar  evaporation  by,  447-451 
Thermocompression  evaporation,  447—449 
Thermocouples,  767 
Thermodynamics,  definition  of,  1 
Thermometer  wells,  775 

Thermosyphons  (see  Reboilers,  natural-circula¬ 
tion) 

Time  of  cooling  and  heating  batches,  calculation 
of,  635-637 

w'ith  coil-in-tank,  625-628 

with  counterflow  exchangers,  625,  628-631, 
633-635 

with  1-2  exchangers,  626,  631-633,  635 
with  2-4  exchangers,  633,  635 
with  jacketed  vessels,  625—628 
Time  of  cooling  and  heating  solids,  639—662 
(See  also  Conduction,  unsteady) 

Time  of  reaction,  624 
Toluene,  113,  338,  502 
Total  emissive  power,  65 

Towers  (see  Direct-contact  transfer;  Distilling 
column) 

Transfer  unit,  570,  590 
Transition  region,  52,  103 
Transition  velocity,  53 
Trapout,  457 
Treating,  chemical,  298 
Triangular  pitch,  128 
Trickle  coolers,  727 
Trombone  coolers,  727-730 

temperature  difference  in,  727-728 
Trouton’s  rule,  495 
True  boiling  point  (TBP),  353 
True  temperature  difference  (see  Temperature 
difference) 

Tube  bank  (see  Tube  bundle) 

Tube  bundle,  135,  217,  229 
Tube  coils,  625 

Tube  counts,  134,  226,  840,  841 
reduction  of,  for  extra  passes,  248 
Tube  diameters,  common,  228 
Tube  expanding,  127 
Tube  lengths,  common,  228 
Tube  passes,  131,  227 
Tube  pitch,  common,  128 
radial,  305,  307 
staggered,  272 

Tube  resistance  to  heat  transfer,  309 
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Tube  rolling,  127 

Tube-sheet  layouts,  128,  133,  840,  841 
Tube  sheets,  127 
Tube  standards,  228 

Tube  stills  ( see  Furnaces,  petroleum-refinery) 
Tubes,  bent,  382 

common  sizes  of,  128 
field,  738 
serpentine,  382 

Tubular  equipment  ( see  Exchangers,  shell-and- 
tube) 

Tubular  Exchanger  Manufacturers  Association, 
Standards  of  the,  137,  148,  828-834,  837,  845 
Turbines,  165,  301,  386,  390 
Turbulent  flow,  in  condensate  films,  270 
definition  of,  29 
Two-position  control,  770 

U 

U,  overall  coefficient  of  heat  transfer,  86 
U-bend  exchangers,  135 
double-tube  sheet,  135 
as  suction  heaters,  740 
Ultraviolet,  66 

Unit  resistance,  definition  of,  18 

Units,  consistent,  37 

Unsteady  conduction  (see  Conduction) 

Unsteady  state,  624 

V 

Vacuum,  in  evaporation  processes,  393 
gases  under,  191 
in  surface  condensers,  305 
Vacuum  processes,  390 

water  temperatures  for,  594 
Valves,  regulating,  767 
Van  der  Waals’  equation,  191 
Vapor,  saturated,  282,  289 
superheated,  281 
Vapor  belt,  271 
Vapor  binding,  376,  378 
Vapor-diffusion  (see  Diffusion) 

Vapor-liquid  equilibria  in  phase  rule,  313 
Vapor-liquid  relationships,  of  binary  mil  ures, 
318 

of  multicomponent  mixture,  319-329 
of  vapor  and  noncondensable  gas,  339 
Vapor  mixtures  (see  Condensation  of  mixed 
vapors;  Vaporization) 
common  types  of,  315 
compositions  of,  313 
Vapor  pressure,  of  hydrocarbons,  811 
of  water,  816 

Vapor-recovery  system,  222 
Vaporization,  252,  322,  326,  375,  400 
blanketing  in,  458 
from  clean  surfaces,  459 
maximum  coefficients  for,  459 
from  pools,  459 

(See  also  Evaporation;  Evaporators;  Vapor¬ 
izers;  Reboilers) 


Vaporizers,  102,  378,  453,  458,  459 
1-2  exchangers  as,  459,  461 
forced-circulation,  454 
calculation  of,  464-468 
as  evaporators,  470 
film  coefficients  for,  461 
isothermal  boiling,  461 
maximum  allowable  flux,  459 
maximum  coefficient,  460 
nonisothermal  boiling,  468 
pressure  drop  in,  461-463 
pump  problems  in,  457 
specific  gravities  in,  461-463 
vapors  in  tubes  of,  470,  471 
forced-  vs.  natural-circulation,  457 
fouling  in,  455 
natural-circulation,  456 
hydrostatic  head  in,  456 
maximum  allowable  flux  in,  459 
preheating  in,  461 
recirculation  in,  455,  456 
Vaporizing  equipment,  classification  of,  378 
Vaporizing  exchangers,  378,  453,  458 
Vaporizing  processes,  453,  465 
Velocity,  of  drainage,  256 
of  water,  in  coolers,  155 
in  surface  condensers,  306 
Velocity  distribution,  parabolic,  40,  201 
Velocity  gradient,  27 

Vertical  condensers  (see  Condensers,  shell-and 
tube) 

Vertical  condenser-subcooler,  289 
calculation  of,  290-293 
Vessels,  with  coils,  time  for  heating,  626-628 
•  direct-fired,  709 

jacketed,  heat-transfer  coefficients  for,  716-719 
time  for  heating,  626-628 
Viscosity,  27 

of  animal  and  vegetable  oils,  821 
conversion  chart  for,  820 
conversion  factors  for,  794 
of  fatty  acids,  821 
of  gases,  190,  824,  825 
of  liquids,  822,  823 
of  liquid  solutions,  161 
of  petroleum  fractions,  821 
pound-force,  28,  258 
pound-mass,  28,  258 
Viscosity  correction,  for  gases,  820 
foi;  nonisothermal  flow,  99,  120 
Viscous  flow  ( see  Streamline  flow) 

Volumetric  equivalent  diameter,  555 
Volumetric  heat-transfer  coefficient,  668,  669 

W 

Waste  heat  recovery,  192 
Waste  liquor,  sulfate,  426 
Water,  algae  in,  154,  724 

as  cooling  medium,  154,  161,  193,  594 
distilled,  155,  384,  443 
evaporation  of  (see  Evaporation) 
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Water,  hard  and  soft,  380 

optimum  outlet  temperature  of,  in  exchangers, 

158 

calculation  of,  159 

I  in  power  cycles,  301 
raw,  155 
sea,  392 

in  shells,  heat-transfer  coefficients  of,  137 

treatment  of  boiler-feed,  380-382 

in  tubes,  heat-transfer  coefficients  of,  155, 

835 

velocity  of,  in  coolers,  155 
in  surface  condensers,  306 
well,  285 

Water  conditioning,  380—382 
Water  boxes,  129-133,  305 


Water  reuse,  577 
Wavelength,  4 

"Weighted  temperature  difference  (see  Tempera¬ 
ture  difference) 

Well  water,  285 

Wet-bulb  temperature,  570-573 
vs.  dew-point,  573 
Wet  gases,  coolers  for,  195 
Wien’s  displacement  law,  66 
W’ind,  maximum  velocities  of,  597 
summer  data  on,  582 
Wood  as  fuel,  675 

Z 

Zeolite  process,  381 
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